L ICE N T IAT E T H E S I S

Development of Low-cost Ionic Liquids
Based Technology for CO2 Separation

Chunyan Ma

Energy Engineering

Licentiate Thesis

Development of Low-cost Ionic Liquids
Based Technology for CO2 Separation

Chunyan Ma

April 2019
Division of Energy Science
Department of Engineering Sciences and Mathematics
Luleå University of technology

Printed by Luleå University of Technology, Graphic Production 2019
ISSN 1402-1757
ISBN 978-91 7790-300-0 (print)
ISBN 978-91-7790-301-7 (pdf)
Luleå 2019
www.ltu.se

Abstract
CO2 separation plays an important role to mitigate the CO2 emissions due to burning of fossil
fuels, and it is also of importance in biofuel production (e.g. biogas upgrading and bio-syngas
purification and conditioning). The solvent-based absorption is the state-of-art technology for
CO2 separation, where various solvents, e.g. amine solutions, Selexol (i.e. dimethyl ethers of
polyethylene glycol), and propylene carbonate, have been introduced. However, these solventbased technologies meet challenges such as high solvent degradation, high corrosion rate to
equipment, high construction cost, high energy demand for solvent regeneration and high
solvent make-up rate. Therefore, the development of novel solvents to overcome the challenges
of the currently available solvents is essential.
Recently, ionic liquids (ILs) have gained great interest as new potential solvents for CO2
separation, mainly due to their very low vapor pressure and relatively high CO2 solubility. In
addition, ILs have lower corrosive characteristic, lower degradation rate and lower energy
requirement for solvent regeneration compared with the conventional organic solvents.
However, the main challenge of the application of ILs is their higher viscosity than the
conventional solvents, which can be solved by adding co-solvents such as water.
The overall objective of this thesis work was to develop low-cost IL based technologies for CO2
separation. To achieve this objective, the deep eutectic solvent (DES) of choline chloride
(ChCl)/Urea with molar ratio 1:2 as a new type of IL was selected as an absorbent and H2O was
used as co-solvent for CO2 separation from biogas. The conceptual process was developed and
simulated based on Aspen Plus, and the effect of water content on the performance of
ChCl/Urea for CO2 separation was evaluated. It was found that the optimal proportion of
aqueous ChCl/Urea was around 50 wt% (percentage by weight) of water with the lowest energy
usage and environmental effect.
The performance of aqueous ChCl/Urea was further compared with the commercial organic
solvents in this thesis work. The rate-based process simulation was carried out to compare the
energy usage and the cost for CO2 separation from biogas. It was found that aqueous ChCl/Urea
achieved the lowest cost and energy usage compared with other commercial solvents except
propylene carbonate. The performance comparison proved that CO2 solubility, selectivity and
viscosity were three important parameters which can be used as criteria in the development of
novel physical solvents for CO2 separation.
ILs with acetate anions normally show high CO2 solubility and selectivity, and the ILs with
alkylmorpholinium as cations have low toxicity leading to lower environmental effect.
i

Therefore, in this thesis work, a series of N-alkyl-N-methylmorpholinium-based ILs with
acetate as counterpart anion were investigated, and water was added as co-solvent to adjust the
viscosity. The CO2 solubility in these aqueous ILs was measured at different temperatures and
pressures. It was found that the increase of alkyl chain length in the cation led to an increase of
CO2 solubility of the ILs with the same anion. Aqueous N-butyl-N-methylmorpholinium
acetate ([Bmmorp][OAc]) had the highest CO2 solubility, and it was selected to further carry
out thermodynamic modeling and process simulation. The energy usage and the size of
equipment of using aqueous [Bmmorp][OAc], aqueous ChCl/Urea, water, Selexol, and
propylene carbonate for CO2 separation from biogas were compared. It was found that this
novel IL mixing with water had better performance, that is, with lower energy usage and smaller
size of equipment than the other solvents. This result suggests that using this aqueous
[Bmmorp][OAc] has the potential to decrease the cost of CO2 separation.
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1. Introduction
1.1 Background
The emission of Greenhouse gases (GHGs) are believed to be the most significant driver of the
observed climate change since the middle 20th century, and the key GHGs at the global scale
are carbon dioxide (CO2), methane (CH4), nitrous oxide (N2O) and fluorinated gases (F-gases).
CO2 accounts for 76% of the total anthropogenic GHG emissions as we can see from Fig. 1.1
according to the report from Intergovernmental Panel on Climate Change (IPCC) in 2014

[1]

.

The awareness of climate change and its subsequent influences has triggered a global effort to
mitigate GHG emissions, especially for CO2.

CH4 16%
Other
76%
N2O 6%

CO2 (forestry and
other land use)
11%

CO2 (fossil
fuel and
industrial
processes)
65%

F-gases 2%
Fig. 1.1 The global GHG emissions by a group of gases reported by IPCC in 2014 [1].
CO2 emission released in the energy supply sector, e.g. electricity and heat production in fossilfuel power station, and in industry as well as in transportation contributes around 65% of total
GHG emissions as reported by IPCC [1]. To mitigate CO2 emissions from the power station or
industrial process, CO2 separation from the flue-gases plays an important role. To mitigate CO2
emission from the transportation sector, utilizing renewable fuels such as biogas and biofuels
is one of the pathways. The use of upgraded biogas (i.e. biomethane) as a vehicle fuel is
considered as one of the most efficient means of utilizing renewable fuels to reduce GHG
emissions from the transportation sector [2], while the biogas via anaerobic digestion of organic
feedstock in digesters or landfills contains 30-50 vol% (percentage by volume) CO2 [3], and thus
CO2 separation from biogas (i.e. biogas upgrading) is needed. Biofuel production via thermal
gasification of biomass can be used to replace fossil-derived transportation fuels, where CO2
separation from the synthetic gas (shortly: syngas), i.e. the gas that is generated in gasification
for further conversion to produce biofuels, is needed in order to increase the production yield
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and enhance the process efficiency. All in all, CO2 separation is of importance.
The currently available technologies for CO2 separation mainly include solvent-based
absorption (absorption), adsorption, membrane and cryogenic separation

[4]

. Among them,

absorption is the most widely studied and commercially applied technology because it is easy
to operate and scale up. According to the interaction between CO2 and solvent, absorption can
be chemical and physical solvent-based, and the choice of a suitable solvent depends on the
characteristics of the gas stream. For the CO2 separation from a large stream with low partial
pressure of CO2, the chemical absorption offers distinct advantages over physical absorption,
for instance, the higher CO2 separation rate, smaller size of equipment and higher capture
efficiency. For separating CO2 from a stream with high partial pressure of CO2, the physical
absorption is recommended considering the lower operational cost and lower energy demand.
For example, the most mature technology for CO2 separation from the flue gas with a typical
CO2 concentration less than 15% is the amine solution-based chemical absorption [5]. The most
applied technology for CO2 separation from the raw biogas is the high-pressure water scrubbing
process

[3]

, which is the cheapest compared with other available technologies including

chemical absorption, physical absorption using organic solvents, adsorption, membrane and
cryogenic separation.
Although the solvent-based absorption is the most commercially-ready technology for CO2
separation, there is still room for improvement. For example, for the amine-based process, the
challenges are high corrosion rate to equipment, high solvent degradation, high solvent makeup rate and high energy demand for solvent regeneration contributing 70% of total operating
cost [5]. While for the high-pressure water scrubbing process, the main challenges are the low
absorption capacity and low mass-transfer rate, leading to a large amount of solvent required,
high-pressure operation and large size of equipment. For other physical absorption using
organic solvents, the main problems are the low selectivity of CO2 and the air pollution resulting
from the discharge of volatile organic compounds (VOCs). Therefore, it is critical to develop
an energy-efficient and cost-effective technology for CO2 separation, where new process
development involving process intensification, new solvent development and a combination of
both can be the possible pathways to reach the goal, while this thesis work only focused on the
solvent development.
The following figure (Fig. 1.2) shows the specific steps for developing a new-solvent-based
technology for CO2 separation. Step (1), solvent screening to find suitable solvents, where the
synthesis of new solvents is needed; step (2), lab testing to obtain the properties of the novel
solvents including thermophysical properties (such as density and viscosity), the CO2 solubility,
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and the solubility of other gases than CO2; step (3), thermodynamic modeling based on the
experimental data from the lab testing or from the literature in order that the model parameters
can be embedded into the commercial software, e.g. Aspen Plus; step (4) process simulation
according to the real industry process (e.g. biogas upgrading); step (5) process evaluation to
investigate the economic feasibility; and step (6) pilot testing to validate the simulation results
and to evaluate the feasibility of the process before a full-scale research project.

1

2

(2) Lab
testing

(1) Solvent
screening
No
Full scale

Yes

(6) Pilot test

A new-solvent-based
technology for CO2
(5) Process
(3) Thermodynamic
separation
evaluation
modeling

5

3

Validation

4

(4) Process
simulation

Fig. 1.2 The specific steps for developing a new-solvent-based technology for CO2 separation.
New solvents with a high CO2 loading (absorption capacity) and can overcome the challenges
of the currently available solvents are necessary. Nowadays, ionic liquids (ILs) have been paid
a lot of attention as a green solvent with negligible vapor pressure, low flammability, low
corrosive characteristic, and low degradation rate. Blanchard et al.[6] first reported the use of
ILs as promising absorbents for CO2 separation in 1999. Since then, developing ILs for CO2
separation has become an intense research area because of the significant solubility of CO2 in
these solvents and their high selectivity as well as the low energy demand for solvent
regeneration compared with the current aqueous amine-based technologies. Besides the
conventional ILs, a new class of ILs or IL analogues, i.e. deep eutectic solvents (DESs) have
also been widely developed for CO2 separation

[7]

because of other additional appealing

properties compared with the conventional ILs, such as low cost, biodegradability and simple
preparation processes. Some developed ILs and DESs have exhibited high physisorption
capacities

[8]

, and by further introducing CO2-philic functional groups the functionalized ILs

can be as efficient as the amine solution in terms of CO2 solubility while being much more
energy-efficient [9]. However, the CO2 absorption rate of ILs/DESs is generally low because of
their high viscosities, and the cost associated with manufacturing of these substances is still too
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high, which are still impediments to further development and implementation [10].
Adding suitable co-solvents has been proposed as one of the most promising options for
developing IL/DES-based processes. Among the potential co-solvents, H2O is environmentally
friendly and has low viscosity. H2O is also a common impurity in various CO2-enriched gas
streams and has been used as a physical absorbent for the removal of CO2 from biogas during
biogas upgrading

[11]

. The addition of H2O could, therefore, be a viable approach to develop

IL/DES-based technologies for practical applications [12].
Even though, a lot of ILs/DESs have been developed for CO2 separation, the evaluation and the
comparison with the current technologies are still limited. For the solvents showing different
behaviors with respect to the CO2 solubility and selectivity as well as other properties such as
viscosity, surface tension and density, it is hard to tell which solvent will perform better for
CO2 separation based on these properties only, and it is still unclear which properties are more
important. Process simulation is a way to design, develop, analyze and optimize the technical
process, where the models with approximations and assumptions are used to describe properties
over a wide range of temperatures and pressures based on the experimental data. However, the
available work on process simulation is only for pure ILs, while the work on IL/DES with cosolvent is still limited [13-17]. The reason most probably is on the lack of the experimental data
for these new solvents and the difficulty in describing the properties and phase equilibria for
these complex systems with thermodynamic models.

1.2 The aim of the research
The overall objective of this thesis work is to develop the low-cost IL/DES-based technologies
for CO2 separation, where H2O will be used as co-solvent to adjust the viscosity. The specific
objectives of this thesis work include the following parts:
(1) To evaluate the performances of CO2 separation from biogas by adding water as a cosolvent in a novel IL/DES from the energy and environmental aspects.
(2) To compare the performances of the IL/DES-H2O mixed solvent and the commercial
organic solvents for CO2 separation from biogas from the energy and economic aspects.
(3) To develop novel solvents (i.e. N-alkyl-N-methylmorpholinium-based ILs with acetate
anions) for CO2 separation by lab testing, thermodynamic modeling as well as process
simulation and evaluation.

4

1.3 Outline of the thesis
This thesis work summarizes and discusses the findings of the appended papers. Fig. 1.3 is a
graphical overview of the connections between the topics of the appended papers.
Potential solvents from literature

Promising DES

Commercial physical solvents

Modeling and simulation of
aqueous DES

Comparison with
commercial solvents

Energy usage & environmental effect

Energy usage & cost

(Paper I)

(Paper II, III)

Promising novel ILs
Lab testing of new
synthetic ILs

Thermodynamic modeling and process
simulation for aqueous ILs

CO2 capacity, viscosity

Energy usage & size of equipment

(Paper III)

(Paper III)

Fig. 1.3 The overview of the contents of this thesis and the connections between the topics of
the appended papers
It began with studying the effect of co-solvent (i.e. H2O) added into a promising DES (i.e.
choline chloride (ChCl) /Urea with molar ratio 1:2) on the performance of CO2 separation from
biogas (Paper I). This paper provided a common process from thermodynamic modeling to
process simulation in order to evaluate the performance of an aqueous DES-based process, and
the energy and environmental effects were considered for evaluating the performance of using
aqueous ChCl/Urea with different water amount. The conclusions from this paper suggested
that the optimal proportion of aqueous ChCl/Urea was around 50 wt% (percentage by weight)
of water with the lowest energy usage and environmental effect. In addition, the rate-based
simulation matches the real industrial data better. In Paper II, the rate-based process simulation
was carried out to further compare the performance including energy usage and cost for the
CO2 separation from biogas using aqueous ChCl/Urea and several commercial organic solvents.
The results showed that aqueous ChCl/Urea achieved the lowest cost and lowest energy usage
compared with other commercial solvents except propylene carbonate. The performance
comparison reveals that the CO2 solubility, selectivity and viscosity are three important
parameters which can be used as criteria in the development of novel physical solvents for CO2
separation. Because ILs with acetate anions normally show high CO2 solubility and selectivity,
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and the ILs with alkylmorpholinium as cations have low toxicity leading to low environmental
effect, in Paper III, four kinds of N-alkyl-N-methylmorpholinium-based ILs with acetate as
counterpart anion were investigated including the lab testing of CO2 solubility, thermodynamic
modeling as well as process simulation and evaluation, in which water was used as the cosolvent. It was found that the CO2 solubility increased with the increase of alkyl chain length
in the cation, and the CO2 solubility in aqueous N-butyl-N-methylmorpholinium acetate
([Bmmorp][OAc]) was the highest. From the aspects of energy usage and the size of equipment,
the performances of aqueous [Bmmorp][OAc], aqueous ChCl/Urea, water, Selexol, and
propylene carbonate for CO2 separation were compared. It was found that this novel IL
([Bmmorp][OAc]) mixing with water had lower energy usage and smaller size of equipment
than the other solvents, showing the potential to decrease the cost of CO2 separation.

6

2. Methodology
This chapter presents the theories and methods used in this thesis work. The work presented in
this thesis is based on the specific steps for developing a new-solvent-based technology for CO2
separation as mentioned in Section 1 (Fig. 1.2). Fig. 2.1 presents an overview of the theories
and methods used in this thesis work, in which lab testing, thermodynamic modeling as well as
process simulation and evaluation are the three main steps included in this thesis work.

2.2 Thermodynamic
modeling

• Process simulation
• Evaluation: energy, cost
and environmental
impact

• Gas-liquid phase
equilibria
• Phase equilibria
for solvents

• Gas solubility
in DES/IL
based solvent

2.3 Process simulation
and evaluation

2.1 Lab testing

Fig. 2.1 The overview of the theories and methods used in this thesis work

2.1 Lab testing of gas-liquid phase equilibria
As illustrated in Fig. 2.2, the apparatus used for measuring gas solubility consists of two main
parts, which are the equilibrium cell (EC) with a magnetic stirrer (65.6 mL) and the gas reservoir
(GR) (141.2 mL) [18]. Both the equilibrium cell and gas reservoir were placed in the water bath
to keep the temperature stable.

P

P

gas

water

T
Monitor

Water bath

Magnetic stirring
Equilibrium cell

Gas reservoir

Fig. 2.2 Schematic diagram of the experimental apparatus
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During the process, the pressures of equilibrium cell and gas reservoir were recorded by
computer from the signal transferred by a pressure transducer. Once the pressures remained a
constant with the increase of time, it was considered to achieve equilibrium state. These
pressures were used to calculate the amount of gas (i) dissolved in the precisely known amount
of solvents as shown in Eq. (2.1):

ni =

p 0,GRVGR p eq ,GRVGR ( p eq , EC − p s )(VEC − VL − Vr )
−
−
Z1 RT
Z 2 RT
Z3 RT

(2.1)

where p0,GR is the initial pressure of the gas reservoir, peq,GR and peq,EC are the pressures of gas
reservoir and equilibrium cell at equilibrium, respectively, ps is the saturated vapor pressure of
the solvents at temperature T, R is the gas constant, Z1, Z2 and Z3 are the compressibility factors
of gas i corresponding to the pressures of p0,GR, peq,GR and (peq,EC - ps), VGR, VEC and Vr are
denoted to the volumes of gas reservoir, equilibrium cell and magnetic rotor, respectively, and
VL represents the volume of solvents.
It should be mentioned that for the non-volatile ILs/DESs, their vapor pressure was negligible,
and thus ILs/DESs were assumed to be non-existence in the vapor phase. The gas solubility
was obtained from the amount of gas i and the precisely known amount of solvents (VL). The
uncertainty of the gas solubility measurement consists of the system errors including pressure,
temperature, and the volumes of the absorber, buffer tank and pipeline. The uncertainties of
pressure, temperature and volume were 0.002 MPa, 0.1 K and 0.5 mL, respectively, and the
overall uncertainty for the measured gas solubility was within ±1.5%.

2.2 Theory of thermodynamic modeling
Thermodynamics provides the mathematical language that enables us to obtain an abstract
solution of the phase-equilibrium problem. In this thesis work, the Non-Random Two-Liquid
(NRTL) model and the Redlich-Kwong (RK) equation of state were used to describe the phase
equilibria, and the parameters needed were obtained from the fitting of the experimental data.
2.2.1 Gas-liquid phase equilibria
The solubility of gas (i) in a solvent follows the Henry’s law and can be expressed as [18]:

pyiiv = Hi xi i*
ln  i* = ln  i − lim ln  i = ln  i − ln  i
xi →0

(2.2)
(2.3)

where p is the system pressure, yi is the mole fraction in the vapor phase, φiv is the fugacity
coefficient in the vapor phase, Hi is the Henry’s constant of gas i in the solvent, xi is the mole
fraction in the liquid phase, i is the activity coefficient in the liquid phase, i* is the asymmetric
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activity coefficient in the liquid phase, and i∞ is the activity coefficient at infinite dilution in
the liquid phase.
In this thesis, the RK equation of state was used to calculate φiv for the gaseous components [18].
 a / R 2T 2.5 
ln iv = Z − 1 − ln( Z − bp / RT ) − 
 ln(1 + bp / ZRT )
 b / RT 

RT
a

 p = V − b − T 0.5V (V + b)
m
m
m

 Z = pVm / RT

R 2Tci2.5

a =  yi y j ai j , ai j = ai a j , ai = 0.42748 p
i
j
ci


RTci
b =  yi bi , bi = 0.08664 p
i
ci


(2.4)

(2.5)

where Vm is the molar volume, ai is a constant that corrects for attractive potential of pure
component i, bi is a constant that corrects for volume of pure component i, Z is the
compressibility factor of a gas, Tci represents the critical temperature of gas i, and pci is the
critical pressure of gas i.
The NRTL model was used to calculate the activity coefficient i in the liquid phase by the
following equation:
m

ln  i =


j =1
m

ji

G ji x j

G x
l =1

li l

m


xr rj Grj 


Gij x j
 ij − r =1m

+ m
j =1
Glj xl 
Glj xl 




l =1
l =1
m

Gij = exp ( −cij ij ) , G ji = exp ( −c ji ji )

(2.6)

 ij = aij + bij / T ,  ji = a ji + b ji / T , cij = c ji (i  j )
where m is the number of components, τij is a NRTL binary interaction energy parameter, and
cij is the non-randomness factor and it was fixed to be 0.2 in this thesis work.
The Henry’s constant for gas i in the pure solvent j was calculated by the following equations:
 Vij p 
H ij (T , p ) = H ij (T ) exp 
 RT 



ln Hi j (T ) = Aij + Bij / T + Cij ln T + DijT

(2.7)
(2.8)

where Hij (T, p) is the Henry’s constant of gas i in the pure solvent j at the system temperature
and pressure, Hij (T) is the Henry’s constant of gas i in the pure solvent j at zero pressure, Vij∞
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is the infinite dilution partial volume of gas i in the pure solvent j calculated from the BrelviO’Connell model

[19]

with the characteristic volumes for the gas i (ViBO) and solvent j (VjBO),

respectively. The general form of the Brelvi-O’Connell model is:
Vij = fcn (Vi BO ,V jBO ,V jl ) = v1 + v2  T

(2.9)

where Vj l is the liquid molar volume of solvent j.
The Henry’s constant of gas i in the mixed solvent (Hi, mix ) was calculated from those in the
pure solvents [20]:

ln(

H i ,mix

 i,mix

 H ij (T , p ) 
) =  w j ln 


 ij
j



x j (Vcj )

wj =



k

2/3

xk (Vck )

(2.10)

2/3

where ∞i,mix is the infinite dilution activity coefficient of gas i in the mixed solvent, ∞i,j is the
infinite dilution activity coefficient of gas i in the pure solvent j, and wj is the weighting factor.
Vcj was set to be the critical volume of the solvent j.
2.2.2 Phase equilibria for solvents
(1) IL/DES
Due to the extremely low vapor pressure of IL/DES, it can be assumed that IL/DES only exists
in the liquid phase. Thus, no phase equilibrium for IL/DES. In the liquid phase, the non-ideal
behavior of IL/DES was described by the activity coefficient IL/DES.
(2) Co-solvent
The co-solvent was used to decrease the viscosity of IL/DES. In this thesis, H2O was selected
as the co-solvent. H2O is involved in the vapor-liquid phase equilibrium that can be expressed
as:

pywwv = pws xw w

(2.11)

where ps is the vapor pressure of the pure solvent at a particular temperature, and the subscript
w represents H2O.
In modeling, the available experimental data of gas solubility in a pure solvent at low pressure
(i.e. under 1 MPa) and at different temperatures were used to obtain the parameters in Eq. (2.8)
by setting the NRTL binary interaction parameters as zero and neglecting the effect of pressure.
For the experimental data at high pressure (i.e. above 1 MPa), Vij∞ in Eq. (2.9) or Vij∞ together
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with NRTL binary interaction parameters τij in Eq. (2.6) were set to be the adjustable parameters
to describe the gas solubility at relatively high pressures. To model the gas solubility in IL/DES
with co-solvent, based on the parameters obtained from the gas solubility in the pure solvent
with Eqs. (2.7), (2.8) and (2.9), the Henry’s constant of gas i in the IL/DES with co-solvent was
calculated according to Eqs. (2.10) and (2.6), and the NRTL binary parameters (τij) in Eq. (2.6)
between IL/DES and co-solvent were set to be the adjustable parameters and fitted to the gas
solubility in the aqueous IL/DES solutions.

2.3 Process simulation and evaluation
2.3.1 Process simulation
In this thesis work, process simulation was based on CO2 separation from biogas (biogas
upgrading). The following scheme (Fig. 2.3) is a typical biogas upgrading process with the
physical absorption, which is based on the real industrial process and includes three main parts,
i.e. (1) CO2 absorption, (2) Flash, and (3) Solvent regeneration.
(1) CO2 absorption. The biogas is pressurized to around 8 bars with a multistage-compressor
(blocks COMP1 and COMP2) and injected into the bottom of the absorption column (block
ABSORBER), while the liquid solvent is sprayed from the top of the absorber or scrubber. The
gas leaving from the top of the scrubber is around 97 vol% CH4.
(2) Flash. The CO2-enriched solvent (leaving from the bottom of the absorber) enters a flash
tank (block FLASH) where the pressure is decreased in order to improve the recovery of CH4.
The vapor phase released from the flash tank is mixed with the raw biogas and recirculated to
the multistage-compressor.
(3) Solvent regeneration. The liquid phase leaving from the flash tank is sent to the desorption
column (block DESORBER) and regenerated by decreasing the pressure to the atmosphere with
an aeration of air using a blower.

Fig. 2.3 Schematic of the CO2 separation from biogas.
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The parameters obtained from the thermodynamic modeling were embedded in the commercial
software, i.e. Aspen Plus to describe the phase equilibria. In the rate-based calculation [21], twofilm theory was used. This film-theory was first propounded by Nernst
developed to the two-film theory by Whitman

[23]

[22]

, and then it was

who suggested that there is a stagnant film in

both sides of the gas and liquid phases and the resistance to transfer in each phase can be
assumed lying in this thin film close to the interface. The transfer across these films is regarded
as a steady state process of molecular diffusion, and the gas and liquid at the interface between
these two films are in equilibrium. This theory gives expressions that can be used to correlate
experimental data reasonably, and, for this reason, it is still the most useful concept.
Interface
pA, int
(pAi)

pA, bulk
(pAG)

CA, int
(CAi)

CA, bulk
(CAL)
Bulk of the gas

Gas film

Liquid film

Bulk of the liquid

Fig. 2.4 Two-film theory in physical absorption
In this thesis work, only physical absorption was considered. In the physical absorption (i.e. the
absence of chemical reaction in the system) (Fig. 2.4)

[21]

, the concentration profiles were

regarded as constant and linear in the bulk and film regions, respectively. In a steady-state
process of absorption, the transfer rate of material through the gas film is the same as that
through the liquid film, and the general equation for mass transfer of a component A is written
as [24]:

N A = kG ( pAG − pAi ) = kL ( C Ai − C AL )

(2.12)

where NA’ is the mass transfer flux, pAG is the partial pressure in the bulk of the gas, CAL is the
concentration in the bulk of the liquid, pAi and CAi are the values of the pressure and
concentration at the interface, respectively, where equilibrium conditions are assumed to exist,
kL is the liquid-film mass-transfer coefficient, and kG is the gas-film mass-transfer coefficient.
Considering that the concentration at the interface can only be obtained in very special
circumstances, considerable work has been conducted based on two overall mass-transfer
coefficients KG and KL defined by [24]:
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N A = KG ( p AG − p Ae ) = K L ( C Ae − C AL )
(2.13)

1
1
1
1
= +
=
K L k L H A kG H A K G

where pAe represents a partial pressure in the gas phase in equilibrium with CAL in the liquid,
CAe is a concentration in the liquid in equilibrium with pAG in the gas, and HA is the Henery’s
constant of gas A.
For the physical absorption in this thesis work, the gas-phase resistance was negligible, and the
mass transfer resistance was assumed mainly in the liquid film controlling the absorption rate.
In this case, the overall KL was approximately equal to kL. The widely used correlation of liquidfilm mass-transfer coefficient kL was proposed by Onda et al.[25] as given in Eqs. (2.14) and
(2.15) for the random packing. In this thesis work, they were used to obtain the kL in the ratebased process simulation.

 L 
k L = 0.0051 m 
 ae  L 

0.67


 
ae
= 1 − exp  −1.45  c 
aP

L 

 L 


  L Di ,L 

0.75

−0.5

0.1

 L 


 L g 

 Lm   L2m a P 

  2 
 aP L    L g 

−0.33

−0.05

( aP d P )

0.4

 L2m 


  L La P 

(2.14)
0.2





(2.15)

where Lm is molar liquid flow-rate per unit cross-sectional area, ae and aP are the wetted surface
area and the total surface area, respectively, provided by the packing to mass transfer, σc is the
critical surface tension of packing materials, σL is the liquid surface tension, ρL is the density of
liquid, Di,L is the diffusivity of gas i in the liquid phase, μL is the viscosity of liquid, and dp is
the diameter of packing.
2.3.2 Process evaluation
In this thesis work, the process evaluation for the performances of CO2 separation from biogas
was from the aspects of energy, cost and/or environmental impact.
a. Energy analysis
The total energy usage included the electrical power and heat duty. The electrical power
included the power for operating the solvent pump (WP), compressor (WC) and blower (WB). In
the simulation, isentropic efficiency of 75% was assumed for the gas compression

[26]

, while

the mechanical efficiency was assumed to be 85% due to the losses from the seals and valves
in the compressor. The efficiency of the pump was assumed to be 80%

[27]

, while the driver

efficiency was assumed to be 85%. In addition, the heat duty for cooling the compressed biogas
(QC), the heat duty of the flash tank (QF) and the duty used for transferring the solution from
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the flash tank (QH) to the desorber were also considered in estimating the total energy usage.
The “kWth” and “kWe” are the units of heat duty and electricity power, respectively. The energy
usage arising from CH4 loss (ECH4 loss) was also considered in this thesis work.
For a better comparison, when calculating the total energy usage, the contributions from the
heat/cooling duty and the CH4 loss were converted to electrical power. For the heating duty, the
conversion efficiency of heat to electricity was assumed to be 0.3 [28]. For the cooling duty, it
was converted to the electricity of a refrigerator, and the efficiency of a refrigerator, that is
called the coefficient of performance (COP = Q/W, where Q and W represent the heat duty and
electricity, respectively), was assumed to be 4 [29]. For accounting the energy usage caused by
the CH4 loss , the electricity equivalent of 1 tonne of natural gas was assumed to be 12547 kWeh
[30]

.

b.

Cost estimation

The total annual cost (TAC), which is a summation of the annual capital cost (ACC) and the
operation and maintenance cost (O&MC), was estimated according to the method reported by
Scholz et al. [31]. The annual capital cost (ACC) was converted from the total capital cost (TCC)
according to Eq. (2.16):

ACC = TCC 

i (1 + i )

(1 + i )

n

n

(2.16)

−1

where n and i were assumed to be 15 and 0.09, which correspond to the economic life of the
equipment and the interest rate, respectively.
The total capital cost (TCC) can be calculated using the method based on the percentage of
equipment cost (EC) as summarized in our previous work [32]. The Guthrie’s method was used
to estimate the equipment cost (EC), which can be calculated as Eq. (2.17) [31]:

EC = PEC  ( f mp + f m − 1)

(2.17)

where fmp is the material and pressure correction factor, fm is the module factor taking the size
of the equipment into account, and PEC is the bare purchased equipment cost.
The parameters fmp and fm vary with equipment, and the recommended values for the equipment
were adapted from Scholz et al. [31]. The Eq. (2.18a) was used to obtain the purchased cost for
the equipment (PEC) such as absorber, desorber and flash vessels, in which the height (l) and
the diameter (d) of the equipment are needed. While for the equipment such as compressors,
pumps and heat exchangers, Eq. (2.18b) was used, and the parameters S
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[31]

required to

characterize the size of the equipment were obtained through Aspen Plus simulation.


l d 
PEC = C0    
 l0   d 0 



(2.18a)



S
PEC = C0  
 S0 

(2.18b)

where C0 is the reference cost, and S0, l0 and d0 are the reference size characteristic values for
the equipment.
Table 2.1 General cost estimation for the total capital cost as well as operation and maintenance
cost [32].
Annual operation and maintenance cost
(O&MC)
Fixed charge (FC)
local taxes
1% of FCI
insurance
1% of FCI
total fixed charge (TFC)
Direct production Cost (DPC)
maintenance (Ma)
3% of FCI
operating labour (OL) a
supervision (Su)
15% of OL
operating supplies
15% of M
laboratory changes
15% of OL
plant overhead
15% of (Ma + OL +Su)
electricity
total direct production cost (TDPC)
General expenses (GE)
administrative cost
15% of OL
distribution
and 2% of OMC
marketing
R&D cost
2% of OMC
total general expenses (TGE)

Total capital investment cost (TCC)
Direct cost (DC)
equipment cost (EC)
equipment installation
instrumentation and control
piping
electrical
building and building services
yard improvement
service facilities
total direct cost (TDC)
Indirect cost (IC)
engineering
construction expenses
legal costs
contractor's fee
contingency

% of EC
100
47
36
68
11
18
10
70
360
% of EC
33
41
4
22
44

total indirect cost (TIC)
144
fixed capital invests (FCI)=TDC 504
+TIC
working capital, 15% of TIC

solvent replacement
cost
IL cost
depreciation expense
Total capital cost (TCC)= TDC+TIC+
Operation and maintenance cost (O&MC) =
working capital +solvent cost
TFC+TDPC+TGE + solvent replacement cost +
depreciation expense
a
1500 man-hour per year was assumed for the given plant capacity according to the results of the
industrial plants

The detail information on how to estimate TCC and O&MC based on the equipment cost was
summarized in more detail in Table 2.1

[31]

. In addition, in the O&MC estimation, an annual
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operation of 8600 h was used when calculating the operation cost. The electricity price was set
to be 0.10 $ kWh-1, and the hourly wage of operating labor (hourly personnel cost) was set to
be 42 $ h-1 [32], corresponding to the results of the actual plant.
c.

Environmental impact

A variety of quantitative methods for the design of environmentally friendly chemical processes
have been proposed [33]. Recently, Zhang et al. [34] developed a new assessing method (Green
degree, GD), in which an integrated index with nine environmental impact categories (including
global, air, water, and toxicological effects) was used. This method has been applied to analyze
and assess the chemical [34,35] and biogas upgrading processes [28]. In this thesis work, the GD
method was used to evaluate the environmental impact of the biogas upgrading process.
For the biogas upgrading, neither new material nor energy is produced, and the change of GD
for a process can be simplified as the following formula [35]:
GD P =  GD Material-Out −  GD Material-In −  GD Energy

where ΔGD is the green degree of the process, GD
P

Material-Out

(2.19)

Material-In

and GD

represent the

Energy-In

GD values of the materials into and out of the process, respectively, and GD

represents

the GD value of the energy into the process.
For calculating the GD of biogas upgrading process, the biogas produced via digestion from
the low-grade biomass was considered as sustainable resources. Water is also sustainable
resources, and thus the GDs of biogas and water were set to be zero. The loss of IL/DES in
this process was negligible due to its extremely low vapor pressure and thermal stability,
therefore, ΔGDP contributing from IL/DES was zero. The unit values of GD for the other
materials and energy were taken from the work by Zhang et al.[34] Because the process is to
produce biomethane as the product that can be used to replace fossil fuels, the GD of the
process should always be higher than zero.
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3. Results and Discussion
This chapter presents the major results from different appended papers with respect to the
objectives stated in Section 1.2. More detail information can be found in the appended papers.

3.1 The performance of aqueous ChCl/Urea for CO2 separation from biogas
(Paper I&II)
3.1.1 The effect of water added as a co-solvent in ChCl/Urea (Paper I)
Among the synthesized DESs, choline-based ILs (or DESs) are considered as a type of
promising solvents to achieve large-scale applications because of their high acid gas solubility,
low production cost, low toxicity, biodegradability and easy synthesis

[7,18,36]

. In particular,

ChCl/Urea is made of urea (a common fertilizer) and choline chloride (a vitamin B4 precursor),
and both are relatively benign in terms of bio-toxicity. Moreover, the price of ChCl/Urea is
relatively cheap, which is only 4-9% of the conventional ILs [37] and acceptable compared with
the commercial physical solvents. However, the main challenge is the relatively high viscosity
of ChCl/Urea (> 500 mPa s at 303 K) [18,38,39].
The addition of water as a co-solvent can significantly decrease the viscosity of ChCl/Urea.
Specifically, when the water content is up to 30 wt%, the viscosity of the solvent decreases
greatly from 513 to 6 mPa s at 303.15 K, making the solvent suitable for the process operation
in practice. However, the CO2 solubility also decreases with the increase of water amount [18].
In order to study the performance of ChCl/Urea with water as a co-solvent for CO2 separation
from biogas, the properties of aqueous ChCl/Urea were studied, and thermodynamic molding
was carried out, after that the model parameters were embedded into Aspen Plus to conduct
process simulation.
Firstly, the CO2 solubility and the selectivity of aqueous ChCl/Urea for CO2 and CH4 were
studied. Here, the selectivity of a solvent was referred to the solubility of CO2 divided by that
of CH4 for gas mixture (54 vol% CH4, 46 vol% CO2) under the operating conditions (0.8 MPa,
293.15 K). As we can see from Fig. 3.1, with increasing the content of water, the selectivity of
aqueous ChCl/Urea of CO2 over CH4 increased slightly, while the solubility decreased
dramatically. Specifically, when the water content was increased from 50 to 90 wt%, i.e. the
content of ChCl/Urea from 50 to 10 wt%, the solubility of CO2 decreased to about 25%, while
the selectivity for CO2 and CH4 increased by about 4%. This result hints that there may be a
proportion to achieve an optimal performance.
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To conduct process simulation, thermodynamic modeling was carried out with the model
described in Section 2.2, and the obtained model parameters were embedded in Aspen Plus.
After that, process simulation was carried out based on the process described Section 2.3.1,
where the plant capacity, temperature and working pressure were set as those from literature
[11,40,41]

. The H2S in biogas was assumed to be removed completely before entering the biogas

upgrading process. In addition, H2 was not considered due to the low content in the raw biogas.
The effective composition and the operating conditions were set to be the same for different
solvents as listed in Table 3.1. To evaluate the process, the targets were set to obtain the product
gas with 96.7 vol% CH4, and at the same time the loss of CH4 was lower than 1%.

Fig. 3.1 Selectivity of CO2 over CH4, and the CO2 solubility for the gas mixture in
ChCl/Urea-H2O system at 293.15 K.
Table 3.1 The parameters for process simulation.
Parameter
CH4/CO2
N2/O2

Units
mol%
mol%
Operating conditions

pabsorber
pdesorber
Tabsorber/Tdesorber
Plant capacity (Raw biogas feed)

MPa
MPa
K
m3 h-1

Biogas
53.69/45.19
0.93/0.19
0.8
0.1
293.15/293.15
242.3 (STP)

a. Energy usage
The energy usage from different units for CO2 separation from biogas with aqueous ChCl/Urea
is shown in Fig. 3.2. As we can see from this figure, the energy usage from the compressor WC
contributed to the major part of the energy usage and was almost unchanged because of the
same amount raw biogas and the same operating conditions used. For the electrical power
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converted from the heat duty, it contributed a small part to the energy usage and changed
slightly. The energy usage from the solvent pump WP affected greatly on the energy usage, and
it increased with the increase of water content.

Fig. 3.2 Summary of energy usage from different units using different aqueous ChCl/Urea.
In addition, energy usage caused by the CH4 loss (ECH4 loss) was investigated and included in
the total energy usage. Fig. 3.3 shows the total energy usage including the sum of energy usage
from different units and ECH4 loss. With the increase of water content, the total energy usage from
different units increased, while ECH4 loss decreased. The addition of water into ChCl/Urea made
the total energy usage decrease first and then increase, which meant that there was an optimal
proportion of water and ChCl/Urea. Specifically, the total energy usage of using 50 wt% water
decreased dramatically by 16% compared with that of pure water. Further decreasing the
content of water led to a slight increase of total energy usage, that is, when the content of water
decreased from 50 to 30 wt%, the total energy usage increased by 4%. The main reason is that,
at low water content, ECH4 loss contributed more on the total energy usage compared to other
parts. When the content of water is 30 wt%, ECH4 loss contributed more than 19% on the total
energy usage, while, for the solvent with 70 wt% water, ECH4 loss contributed only 9%, leading
to the change of the trend of energy usage. Compared the results of Fig 3.2 and Fig. 3.3, we
can conclude that the consideration of ECH4 loss is of importance to estimate the total energy
usage.
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Fig. 3.3 The total energy usage and ECH4 loss with aqueous ChCl/Urea.
b. Environmental impact
Fig. 3.4 shows the green degree ΔGDP for the CO2 separation from biogas using aqueous
ChCl/Urea. In general, as shown in Fig. 3.4, the ΔGDP was higher than zero for the process
using aqueous ChCl/Urea as absorbents, and it reached the highest value (518.5 gd h-1) for the
process using aqueous ChCl/Urea with 50 wt% of water, indicating that the process based on
this solvent is the most environmentally benign. In addition, compared to the water scrubbing
process (i.e. 100 wt% water in Fig. 3.4), ΔGDP for the process with aqueous ChCl/Urea is
always higher, which means that the process with aqueous ChCl/Urea is more environmentally
benign than that with pure water.

Fig. 3.4 The green degree (ΔGDP) with aqueous ChCl/Urea.
All in all, from the energy and environmental aspects, the results suggested that the optimal
proportion of aqueous ChCl/Urea was around 50 wt% of water with the lowest energy usage
and environmental effect.
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3.1.2 Comparison of aqueous ChCl/Urea and commercial organic solvents (Paper II)
Based on the study from Section 3.1.1, the performance of aqueous ChCl/Urea with 50 and 60
wt% ChCl/Urea, i.e. AQ50wt%DES and AQ60wt%DES for CO2 separation from biogas were chosen
for further evaluation and comparison with those of physical solvents including water, Selexol
or dimethyl ether of polyethylene glycol (DEPG) and propylene carbonate (PC) from energy
and economic aspects. DEPG has high viscosity at room temperature, which is about 10 times
higher than that of water under the same condition. By increasing the temperature to 333.15 K,
the viscosity of DEPG can decrease to the same level as other organic solvents (2.8 mPa s). In
order to see the effect of viscosity, the process using DEPG operating at high temperature
(DEPGHigh-T) was also included in the investigation.
In practice, there are two options to study the biogas upgrading in biogas plant: one is to
establish a new upgrading process according to the requirement of the biogas capacity, and the
other is a retrofit to an existing upgrading process that can accommodate the increase in biogas
production capacity. Therefore, herein, two scenarios were studied: one was for the biogas
upgrading process using different solvents but with a same raw biogas capacity (new biogas
upgrading plant), and the other was for the process with a same size of equipment but using
different solvents (a retrofit to an existing upgrading process).
Scenario 1: the case based on the same plant capacity
The raw biogas was set to be a mixture of 65 vol% CH4 and 35 vol% CO2 with a plant capacity
of 250 Nm3 h-1. The composition of raw biogas was different from Section 3.1.1 and set to be
the same as that from the biogas upgrading plant in Boden, Sweden. The CO2 removal efficiency
and the CH4 loss were set to be 96.2% and 0.5%, respectively. The rate-based approach was
used for comparison because it matches the real industrial data better. During the simulation,
the height of packing materials in the absorber was set to be 9 m for all these solvents.
a. Energy usage
Fig. 3.5 shows the specific energy usage including ECH4 loss. It should be mentioned that, for the
process using DEPG at 333.15 K (DEPGHigh-T), the energy used to increase the temperature was
also considered in estimating the energy usage.
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Fig. 3.5 Comparison of different solvents in terms of the specific energy usage.
The process using PC, AQ50wt%DES, AQ60wt%DES, DEPGHigh-T and DEPG was with 11%, 11%,
11%, -40% and -80% energy-saving, respectively compared with that using water. The negative
values meant that more energy usage was required, that is, energy usages using DEPGHigh-T and
DEPG increased by 40% and 80% compared with that using water. The performances of PC,
AQ50wt%DES and AQ60wt%DES were similar, and they were better than those of water and DEPG.
In addition, the increase of the weight percentage of DES from 50 to 60 wt% almost showed no
effect on the energy usage.
By increasing the temperature from 293.15 to 333.15 K, the viscosity of DEPG decreased from
7.58 to 2.8 mPa s, which means that its viscosity decreased from around 10 times to 3 times
higher than that of water. Meanwhile, the selectivity of DEPG increased to 1.3 times, but the
solubility decreased to 45% by increasing the temperature from 293.15 to 333.15 K. In this case,
the energy usage of DEPGHigh-T decreased by 22% than that of DEPG. This result implied that
the viscosity had a greater effect on the process performance than the CO2 solubility and
selectivity when the viscosity was relatively high (more than 7 mPa s). Besides viscosity, the
density and surface tension are also related to the mass transfer rate as can been seen from Eqs.
(2.14) and (2.15). For these solvents, their densities did not vary too much, and thus their
influences on the process performance were insignificant. The surface tension of AQ50wt%DES
was around 1.7 times higher than those of PC and DEPGHigh-T, but the viscosity of these three
solvents were the same. When compared with their performance, it followed the same order as
that of the solubility and selectivity. It implied that the surface tension had little effect on the
process performance.
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The performance comparison proved that CO2 solubility, selectivity and viscosity were three
important parameters which can be used as criteria in the development of novel physical
solvents for CO2 separation.
b. Economic evaluation
Table 3.2 lists the results related to cost. As we can see from this table, to achieve the required
CO2 removal efficiency and CH4 loss, the pressure of the flash tank (pF) needed to be adjusted
to reach the same CH4 loss, and the amount of the absorption solvent required in this process
followed the order: AQ60wt%DES < AQ50wt%DES < PC < DEPGHigh-T < water < DEPG. The
simulation results showed that using AQ60wt%DES as the absorption solvent, the diameters of the
absorber and desorber (Dab and Dde) were lowest, followed by using AQ50wt%DES, PC, water,
DEPGHigh-T, and DEPG. In addition, according to the rate-based approach, the height of the
packing materials required in the desorber (Hdesorber) affecting the capital cost was obtained. As
we can see from Table 3.2, the value of Hdesorber followed: DEPG > AQ60wt%DES > AQ50wt%DES >
DEPGHigh-T > PC > water.
When calculating the cost, the prices of water, DEPG, and PC were estimated to be 0.5, 3500
[42]

and 2000 [43] $ per tonne, respectively. It should be mentioned that the price of ChCl/Urea

was estimated based on the assumption that the price of choline chloride-based DES was 10%
of the price of conventional ILs
around 6000 $ per tonne

[44]

. The widely accepted price for the conventional ILs is

[16,32]

. Therefore, the price of ChCl/Urea was estimated to be 600 $ per

tonne in this thesis work.
Table 3.2 Simulation results with different physical solvents based on rate-based approach
Parameters
Solvent / tonne h-1
pF/ bar
Dab /m
Dde /m
Hdesorber / m
Energy usage excluding
ECH4 loss / kWe
ECH4 loss / kWe

Water
46.5
3
0.58
0.76
2.31
54.9

AQ50wt%DES
14.7
2.6
0.37
0.55
9.17
48.9

AQ60wt%DES
10.8
2.5
0.34
0.52
17.08
48.9

PC
18.7
2.7
0.38
0.55
4.53
48.7

DEPG
53.6
1
0.67
0.84
19.51
98.4

DEPGHigh-T
45.5
1.8
0.62
0.80
8.90
76.8

7.3

7.1

7.3

7.1

8.0

7.4

As we can see from Fig. 3.6a, using PC led to the lowest equipment cost (EC) value, followed
by AQ50wt%DES, water, AQ60wt%DES, DEPGHigh-T and DEPG. When comparing the energy usage
as illustrated in Fig. 3.5, we can see that increasing the amount of DES showed slight effects
on the energy usage, but the equipment cost increased due to the higher height of packing
materials to desorb CO2 from the higher concentrated DES solutions. In addition, the cost of
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compressors contributes almost 50% of the total EC and did not vary too much except DEPG.
The main reason was that the low selectivity of DEPG led to a low operating pressure for the
flash tank in order to achieve the same loss of CH4, and thus a large amount of gas was
recirculated into the compressor. The four solvents, i.e. AQ50wt%DES, AQ60wt%DES, PC and water,
had similar energy usage (Fig. 3.5) but with a large difference on EC (Fig. 3.6a). The main
reason leading to the higher EC cost for water was the larger size of flash tank as water is easy
to evaporate into the air. For the aqueous ChCl/Urea, the cost of desorber was dominated.
TAC consists of two parts, i.e. O&MC and ACC. Fig. 3.6b shows the results of O&MC and
ACC for these solvents. As we can see from Fig. 3.6b, TAC showed the following order: DEPG >
DEPGHigh-T > AQ60wt%DES > water > AQ50wt%DES ≈ PC. Because of the higher price of PC
resulting in higher O&MC, its TAC per Nm3 CH4 was almost the same as that of AQ50wt%DES
even though its capital cost was lower.
The results from this scenario showed that the performances of propylene carbonate and
aqueous ChCl/Urea for CO2 separation from biogas were the same and with the lowest energy
usage and cost compared with those of the other solvents investigated in this part.

Fig. 3.6 Comparison of different solvents in terms of the specific cost. (a) Equipment cost
(EC); (b) O&MC and ACC
Scenario 2: the case based on the same size of equipment
According to the analysis in Section 3.1.2, AQ50wt%DES showed better performance than
AQ60wt%DES, and thus AQ60wt%DES was not considered in this part. In addition, using DEPG at
higher temperature (i.e. DEPGHigh-T) was also not considered in this part. The operating
parameters for the absorber and desorber were set to be the values from the biogas upgrading
plant in Boden, Sweden (using water as the solvent), as listed in Table 3.3. The biogas capacity
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was adjusted to fulfil the requirement of 96.2% CO2 removal efficiency, and, at the same time,
the flash pressure was varied to control the loss of CH4 to around 1%. In addition, the usage
efficiencies of the absorber and desorber were kept the same as that using water, which means
that EC should be almost the same with the assumption that the pump and compressor still can
be used.
Table 3.3 The operating parameters for the biogas upgrading process
Parameters
Diameter of absorber / m
Height of packing materials in
absorber / m
Absorption pressure / bar (a)
Diameter of desorber / m
Height of packing materials in
desorber / m
Desorption pressure / bar (a)
Packing materials

Values
0.712
3.968

Parameters
liquid temperature / K
Recirculated solvent / tonne h-1

Values
284.15
21

9
1.008
3.700

Temperature of compressed biogas / K
Temperature of gas out from flash tank / K

315.15
294.15

CH4 /CO2content in biogas/ vol%

65/35

0.996

Temperature of air / K
Plastic pall ring (25 mm)

291.15

Economic evaluation
The specific TAC including ACC and O&MC and the raw biogas capacity for different solvents
were estimated with the results shown in Fig. 3.7a. The annual and specific retrofit costs using
different solvents are displayed in Fig. 3.7b. The retrofit costs consisted of O&MC and initial
solvent cost.

Fig. 3.7. Comparison of different solvents based on the same size of equipment. (a) Specific
TAC and raw biogas capacity; (b) Annual retrofit cost and specific retrofit cost
As we can see from Fig. 3.7a, the specific TAC showed the following order: DEPG > water >
AQ50wt%DES > PC, which meant that, compared to water, DEPG was the worst and could not
satisfy the requirement of the increased biogas production capacity, while the other two solvents
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can accommodate the requirements. The specific TAC of DEPG was about 2.8 times higher
than that of water. The reason may result from the high viscosity of DEPG (about 10 times
higher than water), leading to a slow mass transfer rate. Another reason may be the solvent
regeneration efficiency. The regeneration efficiency of DEPG was only 73%, while that of
water was higher than 99% under the same condition. The results of specific TAC of using
AQ50wt%DES and PC decreased by about 30% and 45% than that of using water (Fig. 3.7a),
respectively. In addition, the biogas capacity for these four different solvents using the same
size of equipment is also shown in Fig. 3.7a, and those of using AQ50wt%DES and PC increased
up to 1.5 and 2 times higher than that of using water, respectively. It means that by changing
the solvents, it is possible to increase the capacity of raw biogas to more than 1.5 times with the
current water-scrubbing equipment.
As we can see from Fig. 3.7b, the cost of the initial solvent only contributed a very small part
in the total cost. From the specific retrofit cost, it can be concluded that DEPG should not be
used as an alternative. While, when using PC and AQ50wt%DES, although the annual retrofit costs
were higher than that of water, the specific retrofit costs decreased by 40% and 25% than water,
respectively, because of the increase of the raw biogas capacity. Aqueous ChCl/Urea achieved
the lowest specific retrofit cost compared with other commercial solvents except propylene
carbonate.

3.2 The development of alkylmorpholinium ILs-based solvents for CO2
separation from biogas (Paper III)
3.2.1 Lab testing CO2 capacity
A series of aqueous N-alkyl-N-methylmorpholinium-based ILs with acetate as counterpart
anion were investigated in this thesis work as listed in Table 3.4. These ILs were prepared by
the research group of Prof. Jyri-Pekka Mikkola in the department of chemistry at Umeå
University [45]. The name, abbreviation, and structure of these ILs are shown in Table 3.4.
Table 3.4 ILs investigated in this thesis work
Name

Abbreviation

N-allyl-N-methylmorpholinium acetate

[Ammorp][OAc]

N-ethyl-N-methylmorpholinium acetate

[Emmorp][OAc]

N-propyl-N-methylmorpholinium acetate

[Pmmorp][OAc]

N-butyl-N-methylmorpholinium acetate

[Bmmorp][OAc]
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Structure

CO2 absorption capacity was measured with the methods described in Section 2.1. As we can
see from Fig. 3.8, the CO2 absorption capacity for these aqueous ILs with different alkyl chains
in cations followed the order: [Bmmorp][OAc] > [Pmmorp][OAc] > [Ammorp][OAc] >
[Emmorp][OAc], indicating that the decrease of alkyl chain length in the cation led to a decrease
of CO2 absorption capacity of the ILs with the same anion. In addition, the CO2 absorption
capacity of [Ammorp][OAc] was slightly lower than that of [Pmmorp][OAc], implying that the
‘C=C’ had a negative effect on the gas absorption capacity but not significantly. All these
phenomena may prove that the structure of ILs has a great effect on the gas capacity even in
the aqueous ILs.

Fig. 3.8 CO2 absorption capacity of these four IL-water binary systems with the same water
amount (40 wt%). mCO2 is the molality of CO2, mole CO2 per kg aqueous ILs solutions. P is
the pressure of CO2. Lines: a guide for the eye

Fig. 3.9 1H-(a) and 13C-NMR (b) spectra using D2O as a solvent for aqueous ILs before and
after absorbing CO2. The values of δ are the proton chemical shifts.
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The 13C and 1H NMR spectra of these aqueous ILs before and after absorbing CO2 were studied.
In the 13C and 1H spectra (Fig. 3.9), no new peak was observed after absorbing CO2, and this
meant that no new species were generated, that is, for these aqueous ILs, theses CO2 absorption
processes were physical absorption. Compared with the physical absorbents in literatures

[46]

,

the CO2 molalities of aqueous [Bmmorp][OAc], [Pmmorp][OAc] and [Ammorp][OAc] at
298.15 K and 1 MPa were higher than the typical value of the commercial physical absorbents,
i.e. 1.1 mol kg-1 (red dot in Fig. 3.8).
Aqueous [Bmmorp][OAc] had the highest CO2 absorption capacity among these ILs and thus
it was selected to study the effect of water content and temperature on the CO2 absorption
capacity. The results are shown in Fig. 3.10.

Fig. 3.10 CO2 absorption capacity of [Bmmorp][OAc]-H2O binary system at different
temperatures (298.15, 308.15 and 317.15 K) with different water contents of 20 and 40 wt%.
Symbols, experimental data; Curves, model correlation.
Specifically, the CO2 absorption capacity decreased with the increases of temperature and water
content. Moreover, the change of water content had a more significant influence on the CO2
absorption capacity compared to the effect of temperature. When the water content decreased
from 40 to 20 wt%, the molality mCO2 at 1.0 MPa and 298.15 K increased around 2 times, i.e.
mCO2 increased from 1.30 to 2.48 mol kg-1 in the aqueous [Bmmorp][OAc]. For the aqueous
[Bmmorp][OAc] solution with a water content of 20 wt%, by increasing the temperature from
298.15 to 317.15 K, the values of mCO2 at 1.0 MPa decreased by 14%, showing that increasing
temperature had a slightly negative effect on CO2 absorption capacity. This means that the
temperature swing absorption/desorption is unsuitable for this solvent.
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3.2.2 Thermodynamic modeling
The methods described in Section 2.2 were used to perform thermodynamic modeling for
aqueous [Bmmorp][OAc] because of the relatively high CO2 absorption capacity compared to
the other 3 studied [OAc]-based ILs. It should be added that, due to the high viscosity of pure
IL, the solubilities of CO2 and CH4 in the pure IL were predicted with COSMOthermX[17,47]
and used to get parameters for the Henry’s constant by setting the NRTL binary interaction
parameters as zero. The experimental data of CO2 solubility in aqueous [Bmmorp][OAc] at
different temperatures (298.15, 308.15 and 317.15 K) with different water contents of 20 wt%
and 40 wt% were used to fit the NRTL binary parameters (τij) in Eq. (2.6) between
[Bmmorp][OAc] and H2O. Obviously, the model results agreed well with the experimental
results as we can see from Fig. 3.10. All the parameters were embedded into Aspen Plus.
Based on the parameters obtained from thermodynamic modeling, the solubilities of CH4 and
CO2 in the aqueous [Bmmorp][OAc] at 298.15 K under 1 MPa as well as the selectivity of this
solvent were predicted with Aspen Plus. Here, the selectivity of a solvent was obtained by the
solubility of CO2 divided by that of CH4 for gas mixture (50 vol% CH4, 50 vol% CO2) under
the operating conditions (0.8 MPa, 298.15 K). The results are illustrated in Fig. 3.11. The CO2
absorption capacity based on molality (mCO2) decreased dramatically with the increase of water
content as we can see from Fig. 3.11. The selectivity increased gradually with the increase of
water content, which meant that water had a positive effect on the selectivity of this IL solution.

Fig. 3.11 The effect of water on gas solubility and selectivity of CO2 over CH4 for
[Bmmorp][OAc]-H2O binary system
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3.2.3 Process simulation and evaluation
The high viscosity leads to a slow mass transfer rate, therefore, the solutions with 35 and 40
wt% water (i.e. 65 and 60 wt% [Bmmorp][OAc]) with the viscosity of 10 times of water were
selected to study their performance for CO2 separation from biogas. The operating conditions,
the CO2 removal efficiency and the CH4 loss in process simulation were set to be the same as
those in Section 3.1.2. The energy usage as well as the diameters of absorber and desorber for
the process using 65 and 60 wt% [Bmmorp][OAc] were compared with those for the process
with the solvents of water, DEPG, PC and 50 wt% ChCl/Urea. The results are shown in Fig.
3.12.

Fig. 3.12 Energy usage (a) and diameter of the absorber/desorbed (b) for different solvents
As we can see from Fig. 3.12a, the energy usage with water was the highest followed by DEPG,
50 wt% ChCl/Urea, 60 wt% [Bmmorp][OAc], 65 wt% [Bmmorp][OAc] and PC. The energy
usage of using aqueous [Bmmorp][OAc] was higher than that of using PC, but lower than those
of using the other solvents. Specifically, using aqueous [Bmmorp][OAc] greatly decreased the
energy usage from the solvent pump, however, the energy usage from the compressor was still
high which was related to the selectivity of the solvent. The increase of the amount of
[Bmmorp][OAc] from 60 to 65 wt% led to a slight change of the energy usage.
For these six solvents, the diameters of absorber and desorber using 65 wt% [Bmmorp][OAc]
were the smallest than those using other solvents as we can see from Fig. 3.12b. Specifically,
the diameter of absorber using 65 wt% [Bmmorp][OAc] was 5%, 11%, 14%, 30% and 43%
smaller than those using 60 wt% [Bmmorp][OAc], PC, 50 wt% ChCl/Urea, DEPG and water,
respectively. While the diameter of the desorber using 65 wt% [Bmmorp][OAc] was 4%, 9%,
11%, 25% and 35% smaller than those using 60 wt% [Bmmorp][OAc], PC, 50 wt% ChCl/Urea,
DEPG and water, respectively. It meant that choosing 65 and 60 wt% [Bmmorp][OAc] for CO2
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separation from biogas could decrease the size of the absorber and desorber, resulting in the
decreased capital cost of absorber and desorber. This result suggests that using the aqueous
[Bmmorp][OAc] has the potential to decrease the cost of CO2 separation considering that the
cost of desorber is dominated in the total cost of CO2 separation from biogas.
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4. Conclusions and Future Work
4.1 Conclusions
A framework from thermodynamic modeling to process simulation was built up in order to
evaluate the performance of an aqueous DES (i.e. ChCl/Urea) based process for CO2 separation.
The properties and phase equilibria required for carrying out the process simulation with a new
component (i.e. ChCl/Urea) with special properties (e.g. negligible vapor pressure) were
thoroughly studied. After that, the models were used to represent the properties and phase
equilibria with the available and reliable experimental data, and then the fitted parameters were
implemented into Aspen Plus. Furthermore, the energy and environmental effects were chosen
for further evaluating the performance of using aqueous ChCl/Urea with different water content.
The energy usage arising from CH4 loss was proposed to be considered to estimate the total
energy usage. It was found that the optimal proportion of aqueous ChCl/Urea was around 50
wt% of water with the lowest energy usage and environmental effect.
The performance of aqueous ChCl/Urea for CO2 separation from biogas was further compared
with commercial organic solvents including water, Selexol and propylene carbonate. The
performance comparison proved that CO2 solubility, selectivity and viscosity were three
important parameters which can be used as criteria in the development of novel physical
solvents for CO2 separation. Two scenarios were further chosen to study biogas upgrading in
biogas plant: one was for the biogas upgrading process using different solvents but with a same
raw biogas capacity (for building a new biogas upgrading plant), and the other was for the
process with a same size of equipment but using different solvents (a retrofit to an existing
upgrading process). In the former scenario, the performance of propylene carbonate and
aqueous ChCl/Urea for CO2 separation from biogas were the same and with the lowest energy
usage and cost. In the later scenario, aqueous ChCl/Urea achieved the lowest specific retrofit
cost compared with other commercial solvents except propylene carbonate.
N-alkyl-N-methylmorpholinium-based ILs with acetate as counterpart anion were developed
for CO2 separation by lab testing, thermodynamic modeling as well as process simulation and
evaluation. It was found that the increase of alkyl chain length in the cation led to an increase
of CO2 solubility of the ILs with the same anion. Aqueous [Bmmorp][OAc] with the highest
CO2 solubility was selected to further carry out thermodynamic modeling and process
simulation. The energy usage and the size of equipment of using aqueous [Bmmorp][OAc],
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aqueous ChCl/Urea, water, Selexol, and propylene carbonate for CO2 separation from biogas
were compared. It was found that this novel IL mixing with water had lower energy usage and
smaller size of equipment than the other solvents. The result suggests that using this aqueous
[Bmmorp][OAc] has the potential to decrease the cost of CO2 separation.

4.2 Future work
A universal process from lab testing the properties including CO2 absorption capacity to process
evaluation of DES/IL-based CO2 separation was built up. However, these studies were focused
on the CO2 separation from biogas, and the comparison was among physical solvents. Using
water as co-solvent can overcome the challenge of high viscosity, but at the same time, the CO2
absorption capacity decreases. In order to compete with the commercial solvents, finding a
solvent with higher solubility and lower viscosity should be further investigated. By introducing
the functional groups into DESs/ILs to improve CO2 absorption capacity will be studied in the
future experimental work as we can see from Fig. 4.1.
Once the functional groups are introduced into DESs/ILs, new chemical reactions may be
involved, and the current used thermodynamic models need to be improved. New models for
more complicated systems will be development based on experimental data and the mechanism
reported from literature.
The process evaluation and comparison with different gas streams using physical and chemical
solvents will be investigated in the future work of process simulation.
Comparison with
chemical solvents

Commercial
chemical solvents

Potential solvents from
literature

Energy usage & cost

The enhancement of
current DESs/ILs by
introducing new
functional group
New model
development for more
complicated systems
Literature review of
IL/DES-H2O systems

Commercial
physical solvents

Promising DES
Modeling and simulation
of aqueous DES
Energy usage &
environmental effect

Comparison with
commercial solvents
Energy usage & cost
(Paper II, III)

(Paper I)
Promising novel ILs

Thermodynamic modeling
and process simulation for
aqueous ILs
Energy usage & size of
equipment

Lab testing of new
synthetic ILs
CO2 capacity,
viscosity
(Paper III)

(Paper III)

Current work

Future work

Fig. 4.1 The future work
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