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CO2 separation plays a vital role in reducing CO2 emissions to combat climate change, in which 

solvent-based absorption is widely considered the most promising technology. Many 

conventional chemical and physical solvents have been introduced for CO2 separation, still 

facing challenges. The critical challenges for the absorption process based on conventional 

chemical solvents are the volatility, corrosivity, and degradation of the solvents and high 

regeneration energy demand in solvent regeneration. For the absorption process based on 

conventional physical solvents, the main challenges are the absorption capacity at low CO2 

partial pressure, selectivity of the solvents, and the discharge of volatile organic compounds. 

Therefore, it is critical to develop an energy-efficient, cost-effective, and environmentally 

benign technology for CO2 separation based on new solvents. Ionic liquid/deep eutectic solvent 

(IL/DES) has drawn significant attention as a “green” alternative to conventional solvents in 

CO2 separation. The reason is that they are relatively nonvolatile, nonflammable, 

environmentally benign, tunable, and can exhibit good thermal stability and high CO2 solubility. 

But the main drawback of ILs/DESs is their much higher viscosity than conventional solvents. 

Several research works have proved that adding cosolvents in ILs/DESs to form hybrid solvents 

can overcome the disadvantage of the high viscosity of pure IL/DES. However, most work 

focuses on studying the physicochemical properties, and the research to develop hybrid solvents 

for CO2 separation covering the whole chain from properties to process is very limited.  

This thesis aims to develop hybrid solvents based on ILs/DESs for CO2 separation and 

study their potential from energy and economic perspectives, where cosolvents were used to 

adjust the high viscosity of IL/DES. A systematic methodology of IL-/DES-based hybrid 

solvents for CO2 separation spanning from properties determining, thermodynamic modeling 

to process design and evaluation, was built up. Several specific DESs/ILs that interacted with 

CO2 chemically and/or physically aiming for the gas streams with different CO2 concentrations 

(biogas or flue gas) were studied in this thesis work. A detailed comparison of the performances 

of IL-/DES-based hybrid solvents in terms of energy and cost with respect to conventional 

solvents was provided to evaluate their potential as alternatives. Thermodynamic models play 

an important role to precisely describe and predict the properties of the hybrid solvents. 

Therefore, the model development considering the micro mechanism was carried out. The main 

results are summarized below. 

The cosolvent (water) greatly affects the properties, energy usage, and environmental 

impact in the study of using aqueous DES (choline chloride/urea, ChCl/Urea) solution for CO2 
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separation from biogas, and this aqueous ChCl/Urea with 50 wt.% water shows the lowest 

energy usage and environmental impact. Compared to three other conventional physical 

solvents, aqueous ChCl/Urea achieves the lowest cost and energy usage in the scenario of 

building up a new process for CO2 separation. At the same time, aqueous ChCl/Urea shows the 

second-lowest cost and energy usage in the scenario of retrofitting an existing process. The 

solvent properties, including CO2 solubility, selectivity, and viscosity, are the three key 

properties in developing novel physical solvents for CO2 separation.   

The investigation of a series of novel N-alkyl-N-methylmorpholinium-based ILs with 

acetate as counterpart anion for CO2 separation shows that their CO2 solubilities increase with 

the increase of alkyl chain length in the cation, even in their aqueous solutions. The use of this 

novel aqueous N-butyl-N-methylmorpholinium acetate IL solution for CO2 separation from 

biogas shows the lowest energy usage and the smallest equipment size compared to other 

conventional physical solvents. The water acting as a cosolvent decreases the viscosity 

significantly, leading to a comparable mass transfer rate to the low viscous solvent. The 

modified process using this novel aqueous IL exhibits a 24.7% lower cost than the original 

water scrubbing. A new solvent screening index linking solvent properties and the cost is further 

formulated, providing a fast and quantitative criterion to screen solvent for CO2 separation from 

biogas, free from the steps of process simulation and cost estimation.   

The hybrid solvents formed by IL (1-butyl-3-methylimidazolium acetate) and cosolvents 

were investigated in CO2 capture from post-combustion flue gas and compared with the amine-

based process. The techno-economic analysis of the new IL-based process integrated with waste 

heat recovery, when the CO2 capture rate is 90% and the CO2 purity in the recovered gas reaches 

94%, shows that, compared with the aqueous amine solution, this new process exhibits a 45% 

decrease in utility cost and a 10% reduction in the total CO2 capture cost.  

In the model development, the model based on excess Gibbs free energy was developed 

to describe the macro properties of IL-H2O systems (enthalpy of mixing, osmotic coefficient) 

and interpret their microstructures (real ionic strength, IL-dissociation, ionic hydration). This 

study clarifies the role of association and hydration in model development. The model reflecting 

the intrinsic mechanism of dissociation and hydration competition gives the best modeling 

results, and the predicted real ionic strength can be used to reliably estimate the electrical 

conductivities.  

Keywords: CO2 separation, Ionic liquids, Deep eutectic solvents, Cosolvent, Thermodynamic 

modeling, Process simulation and evaluation
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1.1  Background 

Global climate change is underway because of increasing greenhouse gases (GHGs) emissions 

dominated by carbon dioxide (CO2) [1]. According to the Keeling Curve, the daily mean 

concentration of CO2 in the atmosphere measured at Mauna Loa, Hawaii, surpassed 415 parts 

per million (ppm) or 48% above pre-industrial levels (280 ppm [2]) in January 2021 [3]. These 

increases reinforce the greenhouse effect, cause global warming, and threaten the exceeding of 

critical planetary boundaries [4]. The world’s leaders, therefore, agreed under the Paris 

Agreement [5] to hold the increase in the global average temperature to well below 2 °C above 

pre-industrial levels, which calls for a worldwide effort to mitigate GHG emissions, especially 

for CO2. The emission of CO2 from fossil fuel combustion and industrial processes contributes 

65% of total GHGs emissions, accounting for 86% of total CO2 emissions (in 2010) [6]. 

Mitigation of CO2 emissions calls for the use of climate-neutral renewables and the 

decarbonization of energy conversion processes, as well as a better balance between positive 

and negative CO2 emissions [7-9].   

CO2 separation plays an essential role in mitigating CO2 emissions. On the one hand, to 

reduce CO2 emissions from current fossil fuel-based energy conversion or industrial process, 

CO2 capture from the flue gases from pre-and post-combustion is of great importance. On the 

other hand, CO2 separation is needed to use renewable fuels, such as biogas and bio-syngas, 

efficiently. For instance, in order to use biogas as vehicle fuels or injection into the natural gas 

grid, CO2 removal from raw biogas (i.e., biogas upgrading) is needed to lower its CO2 content 

from 30–50 vol.% [10, 11] to less than 2–6 vol.% [12, 13]. The synthetic gas via thermal 

gasification of biomass (shortly: bio-syngas) can be used to replace fossil-derived fuels, which 

is an essential pathway for CO2 mitigation. CO2 removal from the CO2-rich bio-syngas to the 

CO-rich bio-syngas is needed to enhance the product yield and process efficiency in its 

following up biofuel synthesis process. Besides, technologies towards negative carbon 

emissions by applying carbon capture, utilization and/or storage (CCUS) in energy conversion 

processes are of large interest [14-18], for example, the bioenergy using forest-based biomass 

in energy conversion processes in combination with CCUS (Bio-CCUS). CO2 capture is also 

the key step in bio-CCUS towards negative carbon emissions.  

Currently, the available technologies for CO2 separation mainly include solvent-based 

absorption (absorption), adsorption, membrane, and cryogenic separation [19]. Among them, 
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absorption is the most widely studied and commercially applied technology. According to the 

interaction between CO2 and solvent, absorption can be chemical absorption and physical 

absorption, and the choice depends on the characteristics of the gas stream. For CO2 separation 

from a large gas stream with a low partial pressure of CO2, chemical absorption offers distinct 

advantages over physical absorption, such as high CO2 absorption capacity, fast CO2 

absorption rate, small equipment size, and high capture efficiency. Therefore, for CO2 capture 

from the post-combustion flue gas (large stream, CO2 < 15 vol.%), the state-of-the-art 

technology is amine-based chemical absorption [16]. For separating CO2 from a stream with a 

high concentration of CO2, physical absorption at high pressures and low temperatures is 

recommended considering the lower operating cost and lower energy demand compared with 

chemical absorption. One typical example is the high-pressure water scrubbing (HPWS) 

process [20], which is the most applied technology for CO2 separation from biogas (small 

stream, CO2: 30-50 vol.%). It is also the simplest and cheapest compared with other available 

technologies, such as chemical absorption, adsorption, and membrane.  

Although solvent-based absorption is the most commercially ready technology for CO2 

separation, there is still room for improvement. For example, for the amine-based process, the 

challenges are the high corrosion rate to equipment, high solvent degradation, high solvent 

make-up rate, and high energy demand for solvent regeneration contributing 70% of total 

operating cost [16]. The main challenge for the high-pressure water scrubbing process is the 

low absorption capacity, leading to a large amount of circulated solvent, high-pressure 

operation, and large equipment size. For physical absorption using organic solvents, the main 

problems are the low selectivity of CO2 and the air pollution resulting from the discharge of 

volatile organic compounds (VOCs). Therefore, it is critical to develop a new energy-efficient 

and cost-effective technology or process for CO2 separation. The process intensification, new 

solvent development, and a combination of both are the possible pathways.  

Generally, to develop a new-solvent-based technology for CO2 separation, the specific 

steps depicting in Figure 1.1 are needed. In detail, step (1) is solvent screening to find suitable 

solvents, where the synthesis of new solvents may be needed. After that, step (2) is lab-scale 

testing to obtain properties of the novel solvents, including physical properties (such as density 

and viscosity), CO2 solubility, and gas solubility other than CO2. And then, step (3) is 

thermodynamic modeling based on the experimental data from step (2) in order to obtain the 

model parameters. These parameters will be used as the input in step (4), which is process 

design and simulation using the commercial software, e.g., Aspen Plus. In this step (4), the 

CO2 separation process is built up, and its operating conditions are optimized to meet the 
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requirement of the separation targets. After that, step (5) is process evaluation for estimating 

energy usage and cost in order to compare with the current conventional technologies. Step (6) 

is pilot-scale testing to validate the simulation results, evaluate the feasibility of the process, 

and provide knowledge for the design of the full-scale process. 

 

 

As the first step of developing a new-solvent-based technology for CO2 separation, new 

solvents that have high CO2 loading (absorption capacity) and meanwhile can overcome the 

drawbacks of currently available solvents are necessary. In the recent two decades, ionic liquids 

(ILs) have drawn significant attention as a green substitute in many applications because they 

are relatively nonvolatile, nonflammable, environmentally benign, and can exhibit high 

thermal stability. Moreover, their chemical and physical properties are tunable, making it 

possible to design an energy-efficient liquid absorbent for CO2 capture. Developing ILs for 

CO2 capture has become an intense research area because of the high CO2 solubility in these 

solvents, negligible solvent loss, and the low solvent-regeneration energy demand. Besides the 

conventional ILs, a new class of ILs or IL analogues, i.e., deep eutectic solvents (DESs), have 

also been widely studied for CO2 absorption because of their similar properties to the 

conventional ILs and other additional appealing properties, such as their simple preparation 

processes, low cost, biodegradability, and environmentally friendly starting materials.  

However, the high viscosity of pure IL/DES (>100 mPa∙s) makes it impossible to use 

pure IL/DES in the traditional mass transfer units, such as absorber. Their high viscosity can 

be adjusted by choosing an appropriate combination of cation and anion or adding cosolvents. 

It has shown that a drastic decrease in viscosity could be achieved by adding a tiny amount of 

low viscous cosolvent (e.g., water or organic solvents). Water is a green cosolvent with low 

Figure 1.1  The specific steps for developing a new-

solvent-based technology for CO2 separation. 
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viscosity, which has been used as a physical absorbent to remove CO2 from biogas [21]. Some 

research works on different IL-water systems show that the addition of water leads to a 

reduction in viscosity but also weakens the CO2 absorption capacity to a different extent [22-

24]. Other work [25] reports that low water content not only decreases the viscosity of IL but 

also slightly enhances the CO2 solubility. Besides water, commercial organic solvents that have 

been developed for CO2 separation can also be selected as cosolvents. For example, the 

dimethyl ethers of polyethylene glycol (DEPG) in the Selexol™ process and propylene 

carbonate (PC) in the Fluor™ process, which have low vapor pressure and high CO2 solubility 

(at high CO2 partial pressures), are the potential cosolvents. The hybrid solvents formed by 

mixing IL/DES with a cosolvent could be a promising solution to overcome the high viscosity 

of pure IL/DES, and different cosolvents may lead to various contributions. The CO2 separation 

process with IL/DES-based hybrid solvents is of great potential, and the comprehensive study 

of using these hybrid solvents for CO2 separation from the different gas streams is of great 

interest for different applications.   

1.2  Research questions  

Even though many ILs/DESs have been developed for CO2 separation, the study is mainly on 

the properties and gas solubilities, while the process development and evaluation are still 

limited. These solvents show different properties concerning the CO2 solubility, selectivity, 

and other characteristics, such as viscosity, surface tension, and density. Therefore, it is hard 

to tell which solvent will perform better for CO2 separation based on these properties only, and 

it is still unclear which properties are more important and how to screen solvents.  

Process simulation is a way to develop and optimize the process. It relies on the models 

that can accurately describe the properties of components over a wide range of temperatures 

and pressures. However, most reported work on process simulation is about pure IL, and the 

work on IL/DES with cosolvent is still limited. The lack of experimental data for these new 

solvents and the difficulty describing the properties and phase equilibria for these complex 

systems with thermodynamic models are the main reasons. As a result, whether it is promising 

to use IL-/DES-based hybrid solvents from the techno-economic aspect compared with 

conventional physical solvents is still unknown.  

ILs/DESs are unique for their properties, but their viscosity is relatively high. Water 

(H2O) is often chosen as the most primary cosolvent, and it may exit as an impurity in the 

process. Therefore, the effect of H2O on the physical properties of ILs is highly important in 
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engineering design. Meanwhile, ILs/DESs possess the characterizations of both conventional 

solvents (dielectric constant can be higher than water) and electrolytes (with cations and 

anions). Are the IL/DES-H2O binary liquid mixtures similar to ordinary binary solvent 

mixtures or aqueous electrolyte solutions? How does H2O affect the properties and 

microstructure of IL/DES? These questions are also important for model development, while 

no attempts have been made to systematically find answers.  

Developing thermodynamic models to quantitatively describe the properties of the IL-

H2O systems in the whole compositional range and interpret their microstructures is of great 

importance for both scientific research and technology development. In the modeling process, 

IL was either considered as a molecule or completely dissociated ions, while from the 

mechanism study, both ions and ion-pair may exist in IL-H2O systems. Also, ionic hydration, 

especially for the small size anion, has been proved by molecular simulations. Therefore, to 

model the IL-water system considering dissociation and hydration is of great interest.  

The research questions of this thesis include: 

(Q1.) Is it feasible to use IL/DES-cosolvent for CO2 separation from the energy and economic 

aspects compared with conventional solvents? (Paper I, II, III, V) 

(Q2.) Which properties of absorbents are more important in CO2 separation?  (Paper II) 

(Q3.) How to screen solvents among numerous candidates for CO2 separation? (Paper IV) 

(Q4.) How does H2O affect the macro properties and microstructure in IL/DES-H2O systems, 

and how to model these systems? (Paper VI, VII) 

1.3  Outline of the thesis  

The overall objectives of this thesis are to develop hybrid solvents based on ILs/DESs for CO2 

separation from gas mixtures, including biogas and flue gas, and to study their performance in 

terms of energy usage and cost compared with conventional solvents. The outline of this thesis 

is depicted in Figure 1.2. 

The specific work focuses on three parts: (1) Aqueous DES/IL for CO2 separation from 

biogas, (2) IL-cosolvent for CO2 capture from post-combustion flue gas, and (3) Modeling IL-

H2O systems. In part (1), firstly, a typical DES (i.e., choline chloride/Urea (ChCl/Urea) with 

molar ratio 1:2) with good CO2 solubility was selected to study its potential for CO2 separation 

from biogas (Paper I). Water was used as a cosolvent to form aqueous DES solutions with low 
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viscosity. The effects of water content on properties, energy usage, and environmental impact 

were studied. After that, the aqueous ChCl/Urea with optimal water content selecting from 

Paper I was used for CO2 separation from biogas in two scenarios, and their energy usage and 

cost were compared with several commercial physical solvents (Paper II). Scenario 1 was about 

building up a new biogas upgrading plant, and Scenario 2 was to retrofit an existing upgrading 

process. The effects of solvent properties on energy usage and cost were further discussed to 

identify the key properties in the development of novel-solvent-based technology for CO2 

separation. A series of novel N-alkyl-N-methylmorpholinium-based ILs with acetate as 

counterpart anion were further investigated for CO2 separation from biogas (Paper III), and 

their performances were compared with the solvents mentioned in Paper II. A new solvent 

screening index was proposed in Paper Ⅳ from the techno-economic analysis of 48 pseudo-

solvents with diverse properties. The link between properties and cost was formulated. 

 

 

Figure 1.2  The overview of the contents of this thesis work and the connections between 

the topics of the appended papers 
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In part (2), the techno-economic feasibility of 1-butyl-3-methylimidazolium acetate 

formulated hybrid solvents for CO2 capture from flue gas was studied (Paper V). Three 

different cosolvents were selected to form IL-based hybrid solvents with both chemical and 

physical absorption features to explore the effects of cosolvents on CO2 absorption capacity. 

The contributions from physical and chemical absorption were quantitatively distinguished. 

The gas solubility with pure gas and simulated flue gas as an inlet gas was investigated. The 

total energy usage and capture cost were compared with those of the aqueous amine process.  

In part (3), firstly, to determine the conceptual scheme and framework of modeling the 

IL-H2O system over the entire compositional range, a comprehensive review (Paper VI) was 

carried out. This review covered the summary of both experimental and mechanistic studies 

concerning various types of ILs/DESs. After that, the model development (Paper VII) was 

carried out based on the mechanism summarized in Paper VI. The excess Gibbs free energy 

(GE) models, i.e., non-random two-liquid (NRTL) model, electrolyte NRTL model, and 

electrolyte NRTL model, including new strategies (association or hydration), were used to 

describe the macro properties and interpret the microstructure (such as real ionic strength and 

IL-dissociation). The enthalpy of mixing of three typical IL-H2O systems containing the same 

cation (1-hexyl-3-methylimidazolium) but different sizes of anions, i.e., Cl−, Br−, and I−, was 

measured to provide systematic data for model development. Based on the newly measured 

data and those from the literature, the models were developed and evaluated.  
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This chapter summarizes the research progress of CO2 separation with IL/DES-based solvents.  

2.1  CO2 separation with IL/DES in solvent-based technology  

Ionic liquids (ILs) are molten salts with melting temperature below 100 ℃, which are evolved 

from traditional high-temperature molten salts [26]. The room-temperature ILs [27] are the 

ones in the liquid state at room temperature (with melting points below room temperature). In 

this chapter, these room-temperature ILs are the subject, and ILs mentioned here are the room-

temperature ILs. Since the end of the last century, ILs have been studied extensively in different 

research areas because of their negligible vapor pressure, large liquid range, high thermal 

stability, large electrochemical window, tunability, etc. [27-33].  

Blanchard et al. [28] firstly reported that CO2 could be very soluble in an IL 1-butyl-3-

methylimidazolium hexafluorophosphate ([Bmim][PF6]). After that, the research of CO2 

absorption using IL is booming, leading to a rapid increase in scientific work. Until now, many 

works have been conducted regarding CO2 absorption in different conventional ILs, such as 

imidazolium-, pyridinium-, pyrrolidinium-, and phosphonium-based ILs. These ILs usually 

physically dissolve CO2, which binds CO2 at high partial pressures. But their CO2 absorption 

capacity at low CO2 partial pressure cannot compete with the chemical solvents such as 

aqueous amine solutions. Thus, many efforts have been put to enhance CO2 uptake, mostly by 

tuning IL in cations or anions or both. Bates et al.[34] firstly proposed the task-specific ILs by 

adding amino groups to functionalize IL for improving CO2 absorption capacity. This work 

initiated scientific studies on synthesizing amino-functionalized ILs to further increase CO2 

absorption capacity [35]. However, these functionalized ILs are quite viscous, and their 

viscosity is further increased upon the reaction of the IL with CO2. The superbase-derived task-

specific ILs have recently received much attention for their strong alkaline nature (i.e., 

enhancing CO2 absorption capacity) and low viscosity [36]. Even though CO2 absorption 

capacity can be greatly enhanced, the limitations such as the relatively high heat of reaction 

(and subsequent relatively high heat required for regeneration) and the high viscosity after CO2 

absorption (even phase changed and transformed into a gelatinous state [36]) lead to the 

difficulties in traditional mass transfer units, especially for the solvent-based absorber.  
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Deep eutectic solvents (DESs) identified as either a new class of ILs or IL analogues 

have received a lot of attention [37, 38]. It is typically formed with a hydrogen-bond acceptor 

(HBA), for example, a quaternary ammonium halide salt and a hydrogen-bond donor (HBD), 

which can be a variety of species. DESs share many characteristics and properties with ILs, 

although these two are different types of solvents based on their molecular structures [37]. 

DESs maintain most of the favorable characteristics of ILs but avoid the economic and 

environmental problems due to their low cost, easy preparation, and environmentally friendly 

starting materials [39], which are considered as a type of promising solvents to achieve large-

scale applications. Since Li et al.[40] determined CO2 solubility in a choline chloride 

(ChCl)/urea DES at different molar ratios, temperatures, and pressures, subsequent research 

has focused on the solubility of CO2 in DESs (especially for choline chloride-based DESs) and 

the properties of DESs and DES-molecular solvent systems. Recently, the functionalized DESs 

have also been widely studied to further enhance their CO2 absorption capacity [41, 42]. As 

noticed by Abbott et al.[38], the synthesized DES can be very viscous (higher than 500 mPa∙s 

at 303.15). The chemical reaction of the functionalized DES and CO2 may further increase the 

viscosity. The characteristic of high viscosity in DESs limits the industrialization of pure DESs 

in mass transfer units.  

In summary, pure IL/DES usually shows high viscosity, making it impossible to be used 

in the traditional mass transfer process. In order to overcome the drawback of high viscosity, 

different pathways can be chosen, such as searching for low viscous IL/DES by tuning cations 

and anions, adding low viscous solvent to decrease the viscosity, or immobilization of ILs on 

solid materials. In the first two pathways, solvents can still be applied to the solvent-based 

absorption, while the last pathway involving solid materials whose application changes towards 

adsorption or membrane separation. In this thesis work, the pathway adding cosolvent is the 

focus.  

Adding cosolvents is also the most common method in the solvent-development process. 

For example, water is added as a cosolvent in primary alkanolamine (MEA) to overcome the 

high viscosity upon the reaction of MEA and CO2. Water as a green solvent has been widely 

studied to mix with IL/DES to cope with their high viscosity. Bermejo et al.[25] reported the 

influence of water on the CO2 solubility in two ILs: 1-Butyl-3-methylimidazolium nitrate 

([Bmim][NO3]) and 1-Hydroxy-1-propyl-3-methylimidazolium nitrate ([Hopmim][NO3]). It 

concluded that low water content decreased the viscosity of ILs and slightly enhanced the CO2 

solubility. In contrast, a higher level of water content resulted in a lower CO2 solubility. Sarmad 

et al.[43] studied water effect of the viscosity and CO2 solubility of DES BTMA-GLY(1:2), 
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finding that a small amount (0.11 mol) of water had a significant reduction in viscosity and a 

considerable increase in CO2 solubility. It has been reported that the addition of water 

significantly decreased the viscosity of the DES ChCl/Urea [44-46], but the CO2 solubility also 

decreased. Other research on different IL-water systems also showed the addition of water led 

to a reduction in viscosity but weakened the CO2 absorption capacity [22-24]. Besides water, 

commercial organic solvents such as polyethylene glycol (PEG), ethylene glycol (EG), DEPG, 

etc., have also been selected as cosolvents. According to the results of Li et al.[47], the addition 

of PEG 200 in IL (2-hydroxyethyl)-trimethyl-ammonium (S)-2-pyrrolidine carboxylic acid salt 

([Choline][Pro]) enhanced the absorption and desorption rate of CO2 significantly. Liu et al.[48] 

found that the addition of a certain amount of PEG to aqueous choline-glycine IL ([Cho][Gly]) 

solution not only decreased the viscosity but also enhanced the CO2 solubility, as well as 

decreased the desorption enthalpy. Yan et al. [36] reported that mixing EG with the IL named 

1,8-diazabicyclo [5,4,0] undec-7-ene imidazole ([HDBU][IM]) could form IL-based deep 

eutectic solvents, which decreased the viscosity after CO2 absorption. The results of Lepre et 

al.[49] showed that adding DEPG with molecular weight less than 1000 as a cosolvent greatly 

decreased the viscosity of the butyl trimethylammonium bis (trifluoromethyl sulfonyl) imide 

([N4111][Tf2N]) IL, meanwhile, increased its CO2 solubility.  

All these studies have proved that mixing IL/DES with cosolvents such as water or 

organic solvents can be a promising solution to overcome high viscosity, and different 

cosolvents may lead to different results. Therefore, it is interesting to study the effect of the 

types and content of cosolvents in IL-cosolvent hybrid solvents on the CO2 absorption capacity, 

physical properties, and performance (energy and cost) of the CO2 separation process.  

2.2  Modeling and simulation of CO2 separation with IL/DES-based solvents 

With more and more ILs/DESs or ILs/DESs-cosolvent systems explored at the laboratory stage 

for CO2 separation, the study of energy usage and investment cost of the IL/DES-based process 

is of great importance. Process simulation and evaluation play an important role in developing 

new processes or technologies. The comparison of different processes or technologies about 

the cost and energy usage is important to indicate which process or technology is more 

promising. The bases of process simulation are the thermodynamic models, which can describe 

the phase equilibria and thermodynamic properties. To conduct process simulation and 

assessment for the CO2 capture with ILs as liquid absorbents, thermodynamic models such as 

the Peng–Robinson equation of state [50, 51], NRTL model [52, 53], NRTL-RK model [54-
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57], UNIFAC model [58] and COSMO-SAC model [59-61] have been used to describe the 

vapor–liquid equilibria in thermodynamic modeling step.  

Several works to find an energy-efficient IL-based alternative to aqueous amine solution 

for CO2 capture from flue gas have been carried out based on process simulation. Shiflett et al. 

[55] simulated a CO2 capture process from flue gas using pure 1-butyl-3-methylimidazolium 

acetate ([Bmim][OAc]). They claimed a 16% reduction in energy usage and an 11% reduction 

in investment cost than aqueous amine scrubbing. Based on the parameters from Shiflett et al. 

[55], Nguyen et al.[53] developed a complete [Bmim][OAc]-based CO2 capture process from 

dehydration and CO2 capture to compression steps. Compared to the MEA process, 

[Bmim][OAc]-based processes are only quite economical at high flue gas flow rates and high 

CO2 contents. Khonkaen et al. [62] simulated a pure 1-Ethyl-3-methylimidazolium acetate 

([Emim][OAc]) absorption process to capture CO2 from post-combustion flue gas, with 13.5% 

energy usage lower than the MEA process. However, the investment cost of the IL-based 

process doubled compared to the MEA-based process. Basha et al. [50, 51] developed a 

conceptual process for selective capture of CO2 from a shifted warm fuel gas stream (>500 K) 

using 1-hexyl-3-methylimidazolium bis [(trifluoromethyl)-sulfonyl] imide ([Hmim][Tf2N]) 

and TEGO ILs as physical absorbents for CO2 capture with high efficiency. Ma et al. [56] 

studied ILs ([Bmim][BF4] and [Bmim][PF6]) based CO2 capture process from flue gas, with 

24 - 27% lower energy usage than that in MEA-based process. The results from Ma et al. [63] 

showed 1-butyl-3-methylimidazolium bis- (trifluoromethyl sulfonyl)imide ([Bmim][Tf2N]) 

process led to 30% savings on energy usage and 30% savings on the primary cost compared 

with the MEA-based process.  

Besides CO2 capture from flue gas, several works have also been conducted to develop 

ILs for CO2 separation from biogas based on process simulation. Xie et al. [54] compared the 

energy usage of three imidazolium-based ILs ([Hmim][Tf2N], [Bmim][Tf2N], and Bmim][PF6]) 

for CO2 separation from biogas, showing [Bmim][Tf2N] with the lowest energy usage. In 

addition, the energy usage was further decreased by 20% when the absorbent changed from 

[Bmim][Tf2N] to aqueous ChCl/Urea solution [54]. Xu et al. [64] also evaluated the 

performance of [Bmim][Tf2N]. They compared [Bmim][Tf2N]-based process with HPWS and 

amine scrubbing, demonstrating that this IL-based process had lower energy usage and was 

more environmentally friendly. The results of Xie et al. [65] showed that compared to the 

values for the simulated water scrubbing process, the operating and maintenance cost of the 

process using the aqueous 1-allyl-3 methyl imidazole formate ([Amim][HCOO]) decreases by 

10%, while the electrical power decreases by around 35%.  
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These simulation results of the pure IL-based CO2 capture process show the great 

potential of energy saving in CO2 separation and more environmentally friendly because of 

less evaporation. Therefore, some research about adding physisorption IL (physically 

interacted with CO2) into conventional amine solution to partially replace water has been 

investigated to decrease the heat duty of solvent regeneration resulted from the water 

evaporation [66, 67]. For example, Huang et al.[66] simulated the CO2 capture process using 

IL-amine hybrid solvents and concluded that IL-based solvent combined with process 

modification could realize an energy-efficient and cost-effective carbon capture by 

significantly decreasing the steam consumption. However, the heat of the reaction (and 

subsequent heat required for regeneration) would be fixed by the conventional amine solution 

and could not be tuned to minimize the energy load [68].  

The CO2 chemisorption IL with low heat of reaction has the potential to further reduce 

the heat required for regeneration. However, these chemisorption ILs in the pure state usually 

have higher viscosity (>100 mPa∙s at room temperature) compared with the aqueous amine 

solution or other commercial organic solvents, which becomes a great barrier to their CO2 

absorption applications. De Riva et al. [69] investigated the post-combustion CO2 chemical 

capture using two aprotic-heterocyclic-anion ILs with Tetraethylene glycol dimethyl ether 

(Tetraglyme) as a cosolvent. Their results showed this hybrid solvent descended the energy 

demand to only 1.4 GJ per ton CO2 captured. Therefore, mixing CO2 physisorption solvent (as 

the cosolvent)  and CO2 chemisorption IL with the low heat of reaction (such as [Bmim][OAc], 

-35.12 kJ∙mol-1) is a more interesting combination for CO2 capture from flue gas with low CO2 

concentration.  

On the other hand, for CO2 separation from biogas with high CO2 concentration, physical 

absorption is recommended considering the lower operating cost and lower energy demand 

than other separation technologies. The IL-based solvents have shown great potential in further 

reducing energy usage compared with conventional physical solvents. However, the research 

work about process evaluation of CO2 separation using DESs/ILs in terms of energy usage and 

cost has seldom been reported. The high viscosity characteristic of pure DESs/ILs requires 

them to be mixed with cosolvent to form a low viscous DES/IL-cosolvent system. Therefore, 

it is of great interest to study the DES/IL-cosolvent system for CO2 separation from biogas and 

to compare their performance with conventional physical solvents.  
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This chapter presents a systematic methodology including theories and methods used in this 

thesis. Figure 3.1 shows this methodology in which data determining, thermodynamic 

modeling, process simulation, and process evaluation are the four main steps.  

 

 

3.1  Data determining 

The data determining includes obtaining data from experimental measurement, data survey and 

collection from literature, and theoretical estimation. The data here include the properties of 

pure solvent and hybrid solvents, such as critical properties, density, viscosity, and gas 

solubilities. These data are required to carry out thermodynamic modeling, providing model 

parameters to conduct process simulation.  

3.1.1  Properties of pure solvent and hybrid solvents 

The scalar properties of pure components, such as critical temperature (TC), critical pressure 

(PC), critical molar volume (VC), boiling point (Tb), acentric factors, and molecular weight 

(MW), are required as inputs to define a new component in the process simulation. These 

properties are vital in estimating other temperature-dependent properties when no experimental 

data is available. In this thesis work, when these properties are available in the literature or in 

the Aspen databank, these reported data were taken directly from the literature or used. 

Otherwise, they were estimated with the group contribution method, which is a determination 

of a component property by summing up the contributions from all functional groups [70, 71].  

For pure solvents, the experimental data of the temperature-dependent properties, such 

as density, viscosity, surface tension, and heat capacity, are necessary to determine the 

parameters in modeling accurately. Firstly, a literature survey was carried out to collect the 

Figure 3.1  The methodology of investigating IL-/DES-based technology for CO2 separation 
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available data in the literature. For the properties unavailable in the literature, experimental 

measuring or theoretical estimating was performed. Occasionally, new measurements were 

also conducted to verify the available data. For hybrid solvents, their temperature-dependent 

properties are also needed to get the adjustable parameters in modeling the excess properties 

of the mixed solvents.  

3.1.2  Gas solubility or absorption capacity  

The gas solubility or absorption capacity can be obtained from both the lab-scale experimental 

measurements using vapor-liquid-equilibrium (VLE) apparatus and theoretical calculations. In 

this thesis work, the theoretical calculation was used when the data could not be measured 

reliably with the VLE apparatus, for example, when the solvents have a high viscosity (> 100 

mPa∙s).  

(1) Lab-scale experiment  (VLE setup) 

As illustrated in Figure 3.2, the apparatus used for measuring gas solubility consists of two 

main parts, which are the equilibrium cell (ECl) with a magnetic stirrer (65.6 mL) and the gas 

reservoir  (GR) (141.2 mL) [45]. Both the equilibrium cell and gas reservoir were placed in the 

water bath to keep the temperature stable during the experiment.  

 

 

During the measurement, the pressures of the equilibrium cell and gas reservoir were 

recorded by the computer from the signal transferred by a pressure transducer. Once the 

pressure was kept constant with time, the equilibrium state was achieved. The uncertainty of 

the gas solubility measurement consists of the system errors, including pressure, temperature, 

and the volumes of the apparatus (equilibrium cell, gas reservoir, and pipeline). The 

uncertainties of pressure, temperature, and volume from the system errors are 0.001 MPa, 0.1 

K, and 0.5 mL, respectively. Based on all these above uncertainties, the overall uncertainty for 

Figure 3.2  Schematic diagram of the experimental apparatus. 
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the measured gas solubility is within ±1.5%. All the measurements were repeated at least three 

times, and the average value was reported. 

Due to the negligible vapor pressure of IL/DES, it was assumed that the IL/DES only 

existed in the liquid phase. In the vapor phase, the vapor pressure of the cosolvent was 

considered. Following this, for pure gas i (CO2, CH4, or N2), the amount of gas dissolved in the 

precisely known mass of solvents was calculated by Eq. (3.1):  

 

where p0,GR is the initial pressure of the gas reservoir, peq,GR and peq,ECl are the pressures of the 

gas reservoir and equilibrium cell at equilibrium state, respectively, ps is the vapor pressure of 

the cosolvent at temperature T, which is estimated from its saturated vapor pressure and its 

corresponding initial concentration in the liquid phase, Z1, Z2, and Z3 are the compressibility 

factors of gas i corresponding to the pressures of p0,GR, peq,GR, and (peq,ECl - ps), respectively,  

VGR, VECl, and Vr are denoted to the volumes of the gas reservoir, equilibrium cell, and magnetic 

rotor, respectively, VL represents the volume of the solvent, T is the temperature in Kelvin, and 

R is the gas constant, 8.314 J∙mol-1 K-1.  

For the gas mixture, when it reached equilibrium with the liquid phase, the gas sample in 

the vapor phase from the equilibrium cell was collected to analyze the gas composition by a 

micro-GC (Varian 490 GC, equipped with molecular sieve 5A, PoraPlot U columns, and TCD 

detectors). The amount of gas (i) dissolved in the precisely known mass of solvents was 

calculated by its mole fraction in the vapor phase detected by micro-GC and the corresponding 

pressures, as shown in Eq. (3.2). For the low operating pressure, the gas was considered as an 

ideal gas, i.e., Z = 1, when calculating the gas absorption capacity.  

where Yi is the mole fraction of gas i in the inlet gas, and yi is the mole fraction of gas i in the 

vapor phase at equilibrium state detected by micro-GC.  

(2)  Theoretical calculation by COSMOthermX 

For the newly synthesized IL ([Bmmorp][OAc]), due to its high viscosity, the solubilities of 

CO2 and CH4 in this pure IL were predicted with COSMOthermX in this thesis work. The 

COSMO-RS theory-based methods [72, 73] have shown a very promising and priori predictive 

power for various properties of ILs without any adjustable parameters [74-76]. The [C+A] 

model treating each IL as equimolar mixtures of one cation and one anion, i.e., with an 
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independent cation and anion, was used to define the structure of the IL. The geometry of all 

compounds was optimized at the B3LYP/6-31++G** computational level using the software 

Turbomole7.3 [56], which was also used to produce the COSMO files. After that, the software 

COSMOthermX (version C30, Release 18.0) [77, 78] using the COSMO files as an input was 

used to estimate the gas absorption capacity and the physical properties, such as density, 

viscosity, surface tension, and heat capacity.  

3.2  Theories and modeling 

The theories used in thermodynamic modeling and the parameterizing procedures are 

summarized in the following sections.   

3.2.1  Theories of CO2 separation with IL-cosolvent  

(a) Gas-liquid phase equilibria 

In this thesis work, three gases (CO2, CH4, and N2) were involved. CO2 physically and/or 

chemically interacted with DES/IL, while there are only physical interactions between CO2 and 

the investigated cosolvents. For the other gases (N2 and CH4), the extremely low absorption 

capacities under atmospheric pressure in both DES/IL and the cosolvents investigated in this 

thesis imply that there are only physical interactions. In summary, there are two schematics of 

gas-liquid equilibria, that is, with/without chemical interaction, as depicted in Figure 3.3.   

For the system without the chemical reaction (Figure 3.3a), the gas absorption capacity 

depends on physical interactions and generally follows Henry’s law. For the system with the 

chemical reaction, besides the physical interactions, the chemical reaction between CO2 and 

DES/IL also contributes to the CO2 absorption capacity.  

The contribution of chemical absorption was determined by the chemical equilibrium 

shown in Figure 3.3b. The chemical equilibrium constant Keq is expressed in Eq. (3.3). 

 

where a is the activity of the component in the liquid phase, Keq is the chemical equilibrium 

constant (related to temperature), k1 and k2 are the adjustable parameters, and n is the moles of 

IL chemically reacting with one mole of CO2. 
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The contribution of physical absorption in both systems with/without chemical 

interaction follows Henry’s law, and the phase equilibrium of gas i can be expressed as 

 

where p is the system pressure, xi is the mole fraction of gas i in the liquid phase, φi
v is the 

fugacity coefficient of gas i in the vapor phase, Hi (T, p) is the Henry’s constant of gas i in the 

solvent (pure solvent or mixed solvents) at the temperature T and pressure p, and i
∞ is the 

activity coefficient of gas i at infinite dilution in the liquid phase.  

The Henry’s constant for gas i in the pure solvent j was calculated by the following 

equation: 

 

where Hij (T, p) is the Henry’s constant of gas i in the pure solvent j at the system temperature 

T and pressure p, Hij (T) is the Henry’s constant of gas i in the pure solvent j at zero pressure, 

and Vij
∞ is the infinite dilution partial volume of gas i in the pure solvent j. 

The Hij (T) is temperature-dependent as expressed as Eq. (3.6): 

 

where  Aij, Bij, and Cij are the adjustable parameters.   

The infinite dilution partial volume Vij
∞ in Eq. (3.5) is calculated from the Brelvi-

O’Connell model [79] with the characteristic volumes for the gas i (Vi
BO) and solvent j (Vj

BO) 

as well as the liquid molar volume of solvent j (Vj
l). The general form of the Brelvi-O’Connell 

model is: 

Figure 3.3  Schematic diagram of gas-liquid phase equilibria 
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where v1 and v2 are the adjustable parameters.   

The Henry’s constant of gas i in the mixed solvents (Hi, mix) was calculated from those in 

the pure solvents: 

 

where i,mix
∞ and ij

∞ are the infinite dilution activity coefficient of gas i in the mixed solvents 

and the pure solvent j, respectively, wj is the weighting factor, and Vcj or Vck was set to be the 

critical volume of the solvent j or k.  

(b)  Vapor-liquid phase equilibria for solvents  

(1) Nonvolatile IL/DES 

Due to the extremely low vapor pressure of IL/DES, it can be assumed that IL/DES only exists 

in the liquid phase. As shown in Figure 3.3, for the system without chemical reaction, different 

species coexist in the liquid phase. The physical interactions between different species result 

in non-ideal mixing, which reflects in the activity coefficient. On the other hand, for the system 

with a chemical reaction, besides the physical interactions, the reaction between CO2 and 

IL/DES results in the formation of a new product. The vapor pressure of the formed product is 

not considered in this thesis work, while the interactions between the formed product and gases 

are considered.   

(2) Volatile cosolvent   

The cosolvent used to tune the properties of IL/DES is involved in the vapor-liquid phase 

equilibrium, which can be expressed as Eq. (3.9). The saturated vapor pressures ps
w of 

cosolvents were taken from the literature or Aspen databank (Aspen Plus V10, Aspen Tech, 

USA). 

 

where the subscript w represents cosolvent. 
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(c) Selectivity  

The selectivity of IL/DES-cosolvent hybrid solvents is also an important property in the CO2 

separation process. In this thesis work, two types of selectivity, i.e., ideal selectivity and real 

selectivity, were used. The ideal selectivity was defined as Eq. (3.10). 

 

where Hi and HCO2 are the Henry’s constants of other gas and CO2, respectively. 

The real selectivity was based on the mole fraction in the liquid phase under certain 

operating temperature, pressure, and inlet gas composition. In order to obtain real selectivity, 

a flash unit was simulated based on Aspen Plus under certain operating conditions to obtain 

the mole fractions of species in the gas and liquid phases. The obtained mole fractions were 

used to calculate the selectivity based on Eq. (3.11). 

 

where xCO2
* is the total mole fraction of CO2 absorbed in the liquid phase, including physical 

and chemical contributions. 

3.2.2  Model parameterizing for CO2 separation with IL-cosolvent  

In order to calculate gas solubility, the fugacity coefficient φi
v of gas i in the gas phase, the 

activity coefficient of gas i in the liquid phase, Hi (T, p), and chemical equilibrium constant Keq 

are needed as mentioned in Section 3.2.1.  

(1) The fugacity coefficient φi
v 

The fugacity coefficient φi
v of gas i in a pure gas or gas mixture was calculated by the Redlich-

Kwong (RK) equation of state as shown in Eq. (3.12) with the parameters taken from the Aspen 

databank. 
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where ai and a are the constants of a pure gas i and gas mixture, respectively, which correct for 

the attractive potential of molecules, b and bi are the constants of a gas mixture and pure gas i, 

respectively, which correct for volume, and TCi and pCi are the critical temperatures and 

pressures for gas i, respectively.  

(2) The activity coefficient  

The non-random two-liquid (NRTL) model in Eq. (3.13) was used to calculate the activity 

coefficient i in the liquid phase.  

 

where τij is the binary interaction parameters, cij is the non-randomness factor and set to be 0.2, 

and m is the number of species.  

 

The expression in Eq. (3.14) was used to get the adjustable parameters (aij, bij) for τij, 

which is used in Aspen Plus for describing the NRTL model.  

(3) The parameters for obtaining Henry’s constant Hi (T, p) and chemical equilibrium 

constant Keq  

To obtain Henry’s constant of gas i in the IL/DES- cosolvent mixtures Hi, mix, Henry’s constants 

of gas i in pure cosolvent and IL/DES, VC of pure cosolvent and IL/DES, and i
∞ of gas i in the 
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mixed solvents and pure solvent are needed as shown in Eq. (3.8). The i
∞ was calculated by 

the NRTL model in Eq. (3.13) with the binary interaction parameters.  

For the systems where IL/DES physically interacts with gas (Figure 3.3a), the gas 

solubility data in pure solvent (pure cosolvent and pure IL/DES) at different temperatures was 

measured or estimated theoretically or taken from literature. The experimental data of gas 

solubility in a pure solvent at low pressures (i.e., under 1 MPa) and different temperatures were 

used to obtain the parameters (Aij, Bij, and Cij) in Eq. (3.6) by setting the NRTL binary 

interaction parameters to be zero and neglecting the effect of pressure. After that, the obtained 

parameters (Aij, Bij, and Cij) in Eq. (3.6) were set as fixed values, and NRTL binary parameters 

between gas and pure solvent (τij) in Eq. (3.14) were set to be the adjustable parameters to fit 

the solubility data at relatively high pressures (i.e., above 1 MPa) based on Eq. (3.4), Eq. (3.12), 

and Eq. (3.13).  

Once Henry’s constant of pure cosolvent and pure IL/DES were determined, the above-

obtained parameters (Aij, Bij and Cij) for calculating Henry’s constants of gas in pure cosolvent 

and pure IL/DES, and VC of pure cosolvent and IL/DES were set as the fixed values during the 

next step of modeling gas absorption capacities in IL/DES-cosolvent mixtures. Meanwhile, the 

parameters (aij, bij) in Eq. (3.14) for determining NRTL binary parameters (τij) between IL/DES 

and cosolvent were set as the adjustable parameters to fit the experimental data of gas 

absorption capacities in IL/DES-cosolvent mixtures with different mass ratios at different 

temperatures based on Eq. (3.8).  

For the systems where IL chemically interacts with CO2 (Figure 3.3b), Keq is another 

important parameter. In this thesis, the IL [Bmim][OAc] chemically reacts with CO2. Herein, 

for [Bmim][OAc], the parameters (k1, k2) for calculating Keq in Eq. (3.3) were directly taken 

from in literature and set as a fixed value. Meanwhile, the parameters (Aij, Bij and Cij) for 

calculating Henry’s constant between CO2 and [Bmim][OAc] were obtained by regression of 

the CO2 solubility data in pure [Bmim][OAc].  

After that, the parameters (aij, bij) in Eq. (3.14) for determining NRTL binary parameters 

(τij) between IL/DES and cosolvent were set as adjustable parameters by regression of the 

experimental data of gas absorption capacities in IL-cosolvent mixtures with different mass 

ratios at different temperatures. At the same time, the previously obtained parameters, 

including (Aij, Bij, and Cij) in Eq. (3.6) for calculating Henry’s constants of CO2 in pure 

cosolvent and IL, (k1, k2) in Eq. (3.3) for calculating Keq of the chemical reaction between CO2 

and IL, and VC of pure cosolvent and IL, were set as the fixed values.  
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3.3  Process simulation  

In this thesis work, both physical and chemical absorptions were involved. For the gas mixture 

stream with high CO2 concentration (i.e., biogas with 30-50 vol.% CO2), physical absorption 

under a certain absorption pressure was used. For the gas stream with a large flow rate and low 

CO2 concentration (i.e., flue gas with 10-25 vol.% CO2), chemical absorption was the focus.  

The software Aspen Plus V10/V11 (Aspen Tech, USA) was used to conduct the process 

simulation for CO2 separation. Both equilibrium and rate-based approaches were used in this 

thesis work. For the components available in the Aspen databank (Aspen Plus V10/V11), their 

parameters were taken directly from the databank. For the new components, e.g., IL and DES, 

they were defined as pseudo components, and their critical properties (TC, PC, and VC), normal 

boiling temperature (Tb), and acentric factor (w) estimated by the group contribution method 

or taken from the literature were used as the necessary inputs to define a non-databank 

component. The NRTL-RK model was chosen in process simulation. The binary interaction 

parameters in the NRTL model, the parameters for determining Henry’s constants, and the 

chemical reaction equilibrium constants Keq were obtained as described in Section 3.2.2.  

3.3.1  Simulation of the physical absorption process 

Figure 3.4 shows a conceptual process of CO2 separation from biogas (biogas upgrading) with 

physical absorption, which includes three main parts, i.e., (1) Absorber, (2) Flash, and (3) 

Desorber.  

(1) Absorber. The biogas is pressurized to around 0.8 MPa with a two stage-compressor 

(blocks COMP1 and COMP2) and injected into the bottom of the absorption column (block 

Absorber), while the solvent is sprayed from the top of the absorber or scrubber. CO2 is 

absorbed in the liquid phase, and the gas leaving from the top of the absorber contains around 

97 vol.% CH4.  

(2) Flash. The CO2-enriched solvent (leaving from the bottom of the absorber) enters a 

flash tank (block Flash) where the pressure is decreased (0.2-0.4 MPa) to improve the recovery 

of CH4. The vapor phase released from the flash tank is recirculated to the second stage of the 

two stage-compressor to mix with raw biogas and enters the absorber. This recirculation 

process decreases the CH4 concentration in the gas stream entered the absorber, which leads to 

a decrease in the CH4 loss.  
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(3) Desorber. The solvent leaving from the flash tank is sent to the desorption column 

(block Desorber) and regenerated by decreasing the pressure to the atmospheric pressure (0.1 

MPa) with aeration of air using a blower. 

 

 

The absorber and desorber were modeled with the RADFRAC model in Aspen Plus. 

During the simulation, the mass flow rate of solvent and flash pressure were adjusted to meet 

the requirements of the CO2 removal efficiency and the CH4 loss, respectively. In the desorber, 

the airflow rate was set as twice that of raw biogas as recommended [80]. Both equilibrium and 

rate-based approaches were used. In the equilibrium approach, we assumed that the vapor and 

liquid phases leaving each stage were in thermodynamic equilibrium.  

In the rate-based calculation [81], the two-film theory was used to describe the mass 

transfer rate. The two-film theory was developed by Whitman [82], suggesting that there is a 

stagnant film in both sides of the gas and liquid phases, and the resistance to transfer in each 

phase can be assumed lying in these thin films close to the interface. The transfer across these 

films is regarded as a steady-state process of molecular diffusion, and the gas and liquid at the 

interface between these two films are in equilibrium. This theory gives expressions that can be 

used to correlate experimental data reasonably, and, for this reason, it is still the most useful 

concept.  

In the physical absorption (i.e., the absence of chemical reaction in the system shown in 

Figure 3.5) [81], the concentration profiles were regarded as constant and linear in the bulk and 

film regions, respectively. In a steady-state process of absorption, the mass transfer rate through 

the gas film is the same as that through the liquid film. Considering that the concentration at 

Figure 3.4  Process flowsheet for CO2 separation from biogas based on 

physical absorption. 
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the interface (pAi and CAi in Figure 3.5) can only be obtained in very special circumstances, 

two overall mass-transfer coefficients KG and KL [83] are usually used as described in Eq. 

(3.15). 

 

where NA' is the mass transfer flux, pAG is the partial pressure in the bulk of the gas, CAL is the 

concentration in the bulk of the liquid, pAe represents a partial pressure in the gas phase in 

equilibrium with CAL in the liquid, CAe is a concentration in the liquid in equilibrium with pAG 

in the gas, and HA is the Henry’s constant of gas A. 

 

 

For the physical absorption in this thesis work, the gas-phase mass transfer resistance 

was negligible, and the mass transfer resistance was assumed mainly in the liquid film 

controlling the absorption rate. In this case, the overall KL was approximately equal to kL. The 

correlation of liquid-film mass-transfer coefficient kL for the random packing materials 

proposed by Onda et al.[84] is widely used as given in Eq. (3.16). In the rate-based calculation, 

this correlation in Aspen Plus was selected for calculating kL.  

 

where Lm is the molar liquid flow-rate per unit cross-sectional area, ae and aP are the wetted 

surface area and the total surface area provided by the packing material, respectively, σc is the 

critical surface tension of packing materials, σL is the liquid surface tension, ρL is the density 
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Figure 3.5  Two-film theory in physical absorption. 
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of the liquid, Di,L is the diffusivity of gas i in the liquid phase, μL is the viscosity of the liquid, 

and dp is the diameter of packing material.  

3.3.2  Simulation of the chemical absorption process 

The aqueous amine-based process is the state-of-the-art technology for CO2 capture from post-

combustion flue gas. It is well established and has been studied for years. The aqueous amine-

based process is often used as the benchmark to evaluate the new CO2 capture technology. The 

aqueous amine-based process is depicted in Figure 3.6a. It includes three main units, i.e., (1) 

Absorber, (2) Heat exchanger, and (3) Desorber.  

(1) Absorber. In this part, CO2 is chemically absorbed by the liquid absorbent. The flue 

gas is fed to the bottom of the absorption column (block Absorber), while the solvent is sprayed 

from the top of the absorber. The gas leaving from the top of the absorber was cooled to recycle 

the evaporated absorbent. The gas discharged from the top (stream Off-gas) of the absorber is 

mostly N2.  

(2) Heat exchanger. The CO2-enriched solvent is passed through a heat exchanger to be 

preheated by the CO2-lean solvent from the desorption unit before it flows to the top of the 

desorber.  

(3) Desorber. In this vessel, the CO2-enriched solvent is regenerated by heating up to a 

certain temperature (>383.15 K). The CO2-lean solvent is then entered into the heat exchanger 

to preheat the CO2-enriched solvent before recirculated to the absorber. An extra cooler (block 

Cooler2) is usually needed to further decrease the temperature of the CO2-lean solvent. The 

gas stream leaving from the top of the desorber is passed through a cooler (block Cooler1) and 

a condenser to get highly concentrated CO2.  

Based on the amine-based process, the IL-based CO2 capture process was adjusted, as 

shown in Figure 3.6b. The gas compressor and cooler are added to increase the pressure of flue 

gas before fed into the absorber. In the desorption unit, a waste heat stream is used to heat the 

CO2-enriched solvent to 343.15 K with a heat exchanger (Heater2 in Figure 3.6b). In addition, 

owing to the low vapor pressure of these IL hybrid solvents, the vacuum pump is added to 

reduce the pressure to less than 0.01 MPa in order to enhance desorption. The heater integrated 

with the desorber is used to provide the heat for reaching the required CO2 lean loading when 

the desorption pressure is fixed. 

The RADFRAC model in Aspen Plus (V11) was used to model the absorber and desorber. 

The Reactive-Distillation equilibrium reaction was used to define the chemical reaction 

between IL and CO2 in the RADFRAC model. The parameters for calculating chemical 
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reaction equilibrium constant, Henry’s constant, and activity coefficient were obtained by 

thermodynamic modeling (Section 3.2.2), and then embedded into Aspen Plus to carry out 

process simulation. The rate-based approach was used in process simulation. During the 

simulation, the mass flow rate of solvent was adjusted to meet the requirement of the CO2 

removal rate. Meanwhile, the desorption pressure and/or heat duty of the desorber was adjusted 

to reach a certain desorption degree of the solvents or certain CO2 purity of the recovered gas 

(stream CO2 in Figure 3.6).   

 

 

 

Figure 3.6  Process flowsheet for CO2 capture from flue gas based on chemical 

absorption. (a) Amine-based process; (b) IL-based process integrated with waste heat.  
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3.4  Process evaluation  

In this thesis work, the process evaluation was from the aspects of energy, cost, and/or 

environmental impact.   

3.4.1  Energy usage 

(1) Physical absorption 

For the CO2 separation from biogas based on physical absorption, according to the process in 

Figure 3.4, the total energy usage is contributed from different parts (block Pump, COMP1, 

COMP2, COOL1, COOL2, Flash, HX, and Blower). The total energy usage included electrical 

power and heat duty. The electrical power included the power for operating the solvent pump 

(block Pump), compressor (block COMP1 and COMP2), and blower (block Blower). In the 

simulation, isentropic efficiency of 75% was assumed for the gas compression [85], while the 

mechanical efficiency was assumed to be 85% due to the losses from the seals and valves in 

the compressor. The efficiency of the pump was assumed to be 80% [86], while the driver 

efficiency was assumed to be 85%. In addition, the heat duty for cooling the biogas after 

compression (block COOL1 and COOL2), the heat duty of the flash tank (block Flash), and 

the duty used for transferring the solution from the flash tank (block HX) to the desorber were 

also considered in estimating the total energy usage. The “kWth” and “kWe” are the units of 

heat duty and electricity power, respectively. The energy usage arising from CH4 loss (ECH4 loss) 

was also considered in this thesis work. 

For a better comparison, when calculating the total energy usage, the contributions from 

the heat/cooling duty and the CH4 loss were converted to electrical power. For the heating duty, 

the conversion efficiency of heat to electricity was assumed to be 0.3 [64]. For the cooling duty, 

it was converted to the electricity of a refrigerator, and the efficiency of a refrigerator called 

the coefficient of performance (COP = Q/W, where Q and W represent the heat duty and 

electricity, respectively) was assumed to be 4 [87]. To account for the energy usage caused by 

the CH4 loss, the electricity equivalent of 1000 kg of natural gas was assumed to be 12547 

kWeh [88]. 

(2) Chemical absorption 

For the chemical absorption process in Figure 3.6a, the energy is utilized in three parts, that is, 

(1) the heating duty for solvent regeneration (Block Reboiler), (2) the electrical power required 

for the solvent pumps (Block Pump), and (3) the cooling duty of the condensers in absorption 



 

30 

(Block Condenser2) and solvent regeneration part (Block Condenser) as well as the coolers 

(Block Cooler1 and Cooler2). While for the process in Figure 3.6b, the energy usage includes 

the electrical power for operating the solvent pump (Block Pump), compressor (Block 

Compressor), and vacuum pump (Block Vacuum pump), the heating duty for solvent 

regeneration (Block Heater), and the cooling duty of the coolers (Block Cooler, Cooler 1, and 

Cooler2). It should be mentioned that the waste heat duty used to preheat the solvent is not 

included in the total energy usage.  

Heating duty is often used as a comparison index in CO2 capture from flue gas. Therefore, 

in this work, the electrical power was converted to heating duty, and the conversion efficiency 

of heat to electricity was set to be 0.3. The cooling duty and heating duty were calculated 

separately. The cost of heating duty was determined by the cost of the steam, while that of 

cooling duty was calculated by the cost of the cooling water.    

3.4.2  Cost estimation  

The total annual cost (TAC), which is a summation of the annual capital cost (ACC) and the 

operation and maintenance cost (O&MC), was estimated according to the method reported by 

Scholz et al. [89]. The annual capital cost (ACC) was converted from the total capital cost 

(TCC) according to Eq. (3.17): 

 

where the economic life n of the equipment is 15 years, and the interest rate ir is 9%. 

The total capital cost (TCC) can be calculated using the method based on the percentage 

of equipment cost (EC), as summarized in our previous work [65]. The equipment cost (EC) 

was either determined by Aspen Process Economic Analyzer (APEA) by carrying out mapping, 

sizing, and evaluating, or estimated by the Guthrie’s method using Eq. (3.18) [89].  

 

where fmp is the material and pressure correction factor, fm is the module factor taking the size 

of the equipment into account, and PEC is the bare purchased equipment cost.  

The parameters fmp and fm vary with equipment, and the recommended values for the 

equipment were adapted from Scholz et al. [89]. The purchased cost for the equipment (PEC) 

was calculated by Eq. (3.19). For the absorber, desorber, and flash vessels, the height (l) and 

the diameter (d) of the equipment are needed. While for the equipment such as compressors, 

pumps, and heat exchangers, the parameters CS [89] required to characterize the size of the 

(3.17) 
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equipment were the electric power of compressors, flowrate of pumps, and heat transfer areas 

of heat exchangers, respectively, which were obtained through Aspen Plus simulation.  

 

 

where C0 is the reference cost, and S0, l0, and d0 are the reference size characteristic values for 

the equipment.  

The O&MC consists of the maintenance cost, operating supplies cost, research and 

development (R&D) cost, utility costs (i.e., electricity, steam, and cooling water), and the 

absorbent replacement cost. The detailed information on how to estimate TCC and O&MC 

based on the equipment cost was summarized in more detail in Paper II. In addition, in the 

O&MC estimation, an annual operation of 8600 h was used when calculating the operation 

cost. The electricity cost was set to be 0.10 $∙kWh-1, and the hourly wage of operators (hourly 

personnel cost) was set to be 42 $∙h-1 [65], corresponding to the results of the actual plant. The 

number of operators was calculated based on the equipment units, and five shifts for each 

operator were used. In addition, the prices of DESs/ILs and cosolvents used in this thesis work 

are summarized in Table 3.1. It should be mentioned that the price of ChCl/Urea was estimated 

based on the assumption that the price of choline chloride-based DES is 10% of the price of 

conventional ILs [90]. The widely accepted price for conventional ILs is around $6000 per 

1000 kg [65, 66]. Therefore, the price of ChCl/Urea was estimated to be $600 per 1000 kg in 

this thesis work. The costs of cooling water and steam were set to be $0.35 per GJ and $8.9 per 

GJ, respectively. The cost of waste heat was set to be $0.05 per GJ.  

 

Table 3.1 The prices of DESs/ILs and cosolvent used in this thesis work 

DESs/ILs Price/ $∙1000 kg-1 

ChCl/Urea 600 

[Bmmorp][OAc] 21000 

[Bmim][OAc] 20000 

MEA 2250 

DEPG/DEPG250* 3500 

PC 2000 

H2O 0.5 

*DEPG250: Dimethyl ethers of polyethylene glycol with a molecular weight of 250 g/mol. 

0 0
0 0 0

l d CS
PEC C or C

l d CS

  
     

      
     

(3.19)
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3.4.3  Environmental impact 

The effect of the process on the environment was also studied in this thesis work. A new 

assessing method (Green degree, GD) developed by Zhang et al. [91], in which an integrated 

index with nine environmental impact categories (including global, air, water, and 

toxicological effects) was used to evaluate the environmental impact of the biogas upgrading 

with aqueous DES in Paper I. In the GD analysis of the process, the environmental impacts 

were quantitatively determined by evaluating all the materials and energy input and output as 

shown in Figure 3.7. 

 

 

For the biogas upgrading, neither new material nor energy is produced, and the GD 

change of a process can be simplified as the following formula [92]: 

 

where GDP is the GD of the process, GDMaterial-Out and GDMaterial-In represent the GD values of 

all the materials into and out of the process, respectively, and GDEnergy-In represents the GD 

value of the energy usage in the process. 

For calculating the GD of biogas upgrading process, the biogas produced via digestion 

from the low-grade biomass was considered as sustainable resources. Water is also a 

sustainable resource, and thus the GDs of biogas and water were set to be zero. The loss of 

IL/DES in this process was negligible due to its extremely low vapor pressure and high thermal 

stability. Therefore, the GD contributing from IL/DES was zero. The unit values of GD for the 

other materials and energy were taken from the work by Zhang et al.[91] The amount of 

materials (H2O, IL/DES, biogas, and biomethane) and energy usage were taken from the stream 

information, electrical power, and heat duty of different units in process simulation. 

Figure 3.7  Schematic of GD analysis of the processes 

P Material-Out Material-In Energy-InGD GD GD GD    (3.20) 
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4.1  The peculiar effect of water on ILs and DESs 

This section is based on the review article (Paper VI), and the purpose of the review is to 

summarize the state-of-the-art research of IL/DES-H2O systems. Adding suitable cosolvents 

has been proposed as one of the most promising options to overcome the drawbacks of the high 

viscosity of ILs/DESs. Among the potential cosolvents, H2O is both environmentally friendly 

and has a low viscosity. H2O is also a common impurity in various CO2-enriched gas streams 

and has been used as a physical absorbent for the removal of CO2 from biogas during biogas 

upgrading [93]. Additionally, in tribology, H2O can serve as a lubricant with very low friction, 

while, in the absorption cycles, H2O is frequently used as one component in working pairs [94]. 

The addition of H2O could, therefore, be a viable approach to develop IL/DES-based 

technologies for practical applications [95]. For this reason, it is crucial to study the properties 

of the IL/DES-H2O systems and to gain an understanding of the effects of adding H2O to 

ILs/DESs on the microscopic level. 

4.1.1  The effect on macro properties   

The physicochemical properties of IL/DES-H2O systems are a macroscopic manifestation of 

the microscopic interactions of ion-ion and ion-solvent (H2O). A large amount of experimental 

investigations has been carried out to study the physicochemical properties of IL/DES-H2O 

binary systems. Herein, the excess properties, i.e., excess volume (VE) and viscosity (ηE), the 

enthalpy of mixing (Hm), and the electrical conductivity of IL/DES-H2O binary systems, were 

summarized. More detailed information can be found in Paper VI. The changes of these 

properties with water content were discussed to understand the non-idea mixing and the effect 

of water on the properties of ILs/DESs.  

The excess volume VE is calculated from density and molecular weight according to Eq. 

(4.1). 

 

where x1 and x2 are the mole fractions, M1 and M2 are the molecular weights, and ds,1
*, ds,2

*, 

and ds,mix are the densities of component 1, component 2, and their mixtures, respectively.  

E 1 1 2 2 1 1 2 2
* *

s,mix ,1 ,2s s

x M x M x M x M
V

d d d


   (4.1)
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The excess viscosity ηE or viscosity deviation Δη indicates the effect of water content on 

the viscosity, which is calculated from the measured experimental viscosity data with the 

following Eq. (4.2). 

 

where η1
*, η2

*, and ηmix are the viscosities of component 1, component 2, and their mixture, 

respectively. 

 

 

The characteristic features of  VE and ηE within the whole compositional range (i.e., from 

0 to 1) can be very different for different ILs/DESs, and Figure 4.1 shows some examples. The 

VE and ηE plotted against the mole fraction of IL/DES (xIL/DES) for an IL/DES-H2O binary 

mixture can be positive, negative, or both, and the shapes of the curves (VE-x) or (ηE -x) can 

display a single hump, positive double humps, negative double humps or be sinusoidal (S-

shape) as shown in Figure 4.1a and Figure 4.1b. The characteristic features of VE and ηE indicate 

a great difference comparing with ideal mixing.  

E * *
mix 1 1 2 2x x         (4.2)

Figure 4.1  Excess properties of IL/DES-H2O binary systems 



 

35 

Although the enthalpy of mixing Hm is important, the reported experimental data for 

IL/DES-H2O binary systems are quite limited compared with other properties, such as density 

and viscosity. With the increase of IL/DES content, both the magnitude and sign of mixing 

enthalpy (Hm) are changed. Hm can be positive or negative, and the shapes of Hm-xIL/DES for 

most of the ILs/DESs show a single hump. For some IL/DES systems, such as ChCl/Urea (1:2), 

the values of Hm show an S-shaped curve as depicted in Figure 4.1c. For these binary systems, 

the values of Hm are always positive in the H2O-rich region (0 < xIL/DES < 0.5) and then change 

to negative with an increase of the mole fraction of IL/DES. This observation implies that the 

mixing process is initially endothermic and then changes to exothermic with the increasing 

content of IL/DES. The turnover points depend on the type of ILs/DESs. 

The electrical conductivity Ʌ of IL/DES-H2O binary systems shows, in general, a 

maximum value at a relatively low IL/DES concentration (xIL/DES ~ 0.03-0.1), which is unique 

and different when compared with the aqueous solutions with common electrolytes (e.g., NaCl, 

Na2SO4) or the solutions mixed water with another organic solvent (e.g., CH3COOH), as 

depicted in Figure 4.1d. It shows that Ʌ of aqueous electrolyte solutions increases linearly with 

the increase of solute concentration (i.e., electrolyte) in mole fraction. While for the IL/DES-

H2O binary solutions, it initially increases, whereas it thereafter decreases with increasing 

solute concentration (i.e., IL/DES) in mole fraction. Meanwhile, the values of Ʌ for the 

IL/DES-H2O binary systems are lower than those for aqueous solutions with strong electrolytes 

(i.e., NaCl, Na2SO4) but higher than those for aqueous solutions with CH3COOH. This implies 

that aqueous IL/DES solutions are very different from other aqueous solutions. 

4.1.2  The microscope mechanism  

Mechanistic studies of IL/DES-H2O systems on the microscopic level are crucial to gain an 

understanding of the effects of adding H2O to ILs/DESs. Such studies are also important in 

terms of further developing an appropriate model that describes and predicts the properties of 

such systems over the entire compositional range, that is, from a pure IL/DES to an infinitely 

dilute IL/DES solution. Many investigations have been conducted both theoretically and 

experimentally to study the molecular behaviour of IL/DES-H2O systems. Usually, small 

anions (e.g., halide ions) are fully hydrated at the infinitely dilute IL/DES solution, large anions 

(e.g., [BF4]-) are only partially hydrated, and hydrophobic anions (e.g., [NTf2]-) interact with 

water but do not behave like normal hydration.  

Based on the results on the conventional IL-H2O and typical DES-H2O systems, the 

observed mechanisms can be summarized in those shown in Figure 4.2a and Figure 4.2b. The 
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schematic of general mechanisms in the NaCl-H2O system is depicted in Figure 4.2c for 

comparison. Note that our intention is to illustrate the mechanisms upon the addition of water, 

and in Figure 4.2 both the cation and anion for NaCl are represented as spherical particles with 

different sizes, while for IL, each cation is represented as an asymmetric particle concerning 

their large size and asymmetry, but each anion is still represented as a spherical particle. 

 

 

 

As shown in Figure 4.2, pure IL is a supercluster with a three-dimensional structure 

network (I). Upon the addition of H2O, when the amount of H2O is low, the H2O molecules 

mix well with IL with strong interactions (van der Waals, H-bonds, electrostatic, etc.), and H2O 

is embedded inside and at the periphery of the IL without any H2O clusters formed (Figure 

4.2a, region II). This behavior is similar to the mixed solvents. With the further addition of 

H2O, the IL clusters start to dissociate into individual ions or ion-pairs, and the dissociated ions 

Figure 4.2  The general schematic mechanism for (a) the conventional IL-H2O systems 

(b) the typical DES-H2O systems (c) NaCl-H2O systems. Note: the yellow, blue, red, 

and purple ones represent cation, anion, H2O and HBD, respectively. 
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are gradually hydrated (Figure 4.2a, region III). When the amount of H2O becomes very high, 

the ILs are completely dissociated into ions (Figure 4.2a, region IV).  Depending on the size of 

the IL-ions, some of them are fully hydrated, while some are partially hydrated. This is partially 

similar to the aqueous electrolyte solutions (e.g., aqueous NaCl solution), in which all the ions 

in a dilute solution are fully hydrated, as described in Figure 4. 2c (region III).  

Comparing the conventional IL-H2O systems with aqueous electrolyte (e.g., NaCl) 

solutions, the main differences are on: 

a) For IL-H2O systems, IL itself can be a solvent with specific properties, for example, 

the dielectric constants can be as high as 86 [96], and the content of IL can be in the 

range of 0 - 100%; for aqueous NaCl solutions, no pure NaCl solution can exist at all 

under the same condition, and the concentration of NaCl can only go up to a certain 

range (saturated solubility xsat.), i.e., the content of NaCl can be in the range of 0-xsat. 

b) For IL-H2O systems, the size of the ions is regularly much larger compared with the 

size of Na+ or Cl-. Even in a very dilute solution, some large IL-ions can only be 

partially hydrated (Figure 4.2a, region IV); for aqueous NaCl solutions, in a dilute 

solution, all the ions are fully hydrated (Figure 4.2c, region III). 

c) For IL-H2O systems, in general, the hydration of the IL-anions is more pronounced 

compared with the IL-cations; for aqueous NaCl solutions, the hydration of the cation 

is more pronounced compared with the anion.  

d) For IL-H2O systems, the association is dominant even the concentration of IL is not 

so high; for aqueous NaCl solutions, NaCl is dissociated completely. 

Even though DES is widely identified as either a new class of ILs or IL analogues, IL 

and DES are distinctly different as a solvent system. For the DES-H2O system, as we can see 

from Figure 4.2b, the system is similar to that for IL-H2O (Figure 4.2a), while the system 

becomes more complicated due to the presence of a neutral compound (Y or HBD), besides 

cation and anion for DES itself. Therefore, the comparison of the differences between water 

solutions of DES and individual components from DES with water is an interesting topic.  

4.1.3  New framework of modeling IL/DES-H2O binary systems  

The IL/DES-H2O binary systems are unique compared with either mixed solvents or aqueous 

electrolyte solutions. The competition of IL/DES-dissociation and ion hydration is an important 

feature for the IL/DES-H2O system ranging from a pure IL/DES to infinitely dilute IL/DES 
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solution. Both the association and hydration equilibria exist in IL-H2O and DES-H2O systems 

(Eq. (4.3) and Eq. (4.4)). 

 

where CA and CA·nY represent the neutral IL and DES, respectively, C+ and A- are the cation 

and anion of the IL/DES, respectively, Y and n refer to the HBD and the number of Y molecules 

that interacts with the anion, respectively, Ka, Kh,A, and Kh,C are the equilibrium constants for 

the association, anion hydration, and cation hydration, respectively, and C+·mH2O and A-·nH2O 

are the hydrated cation and hydrated anion, respectively. 

Based on these mechanisms, we proposed a framework to model the IL/DES-H2O 

systems (Figure 4.3). The framework to model the IL/DES-H2O system includes four regions: 

pure IL/DES (I), association domination (II), hydration domination (III), and fully hydration 

(IV). 

a) In region II, there is either a neutral CA or CA·nY in the system, and some of the 

dissociated ions are hydrated. Both the association and hydration equilibria exist. 

However, the association is dominating.  

b) In region III, almost all the ILs/DESs are completely dissociated, and the dissociated 

ions are completely or partially hydrated. Both association and hydration equilibria 

exist. However, hydration is dominating. 

c) In region IV, almost all the cations and anions are hydrated. There are only hydration 

equilibria. In addition, the hydration of cation may be ignored according to the 

mechanistic study.  

(4.3) 
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For clarity, only a few IL/DES and H2O molecules are shown in Figure 4.3 to introduce 

the concept. As we mentioned above, each cation is represented as an asymmetric particle 

concerning the large size and asymmetry, but each anion is represented as a spherical particle 

(Figure 4.3). For a DES-H2O system, the framework is similar to that for IL-H2O, while the 

model is more complex due to the existence of another neutral compound besides cation and 

anion for DES itself.      

4.2  Model development based on eNRTL model 

Based on the new framework of modeling IL/DES-H2O binary systems, model development 

was carried out based on the electrolyte non-random two-liquid (eNRTL) model. Two new 

strategies (association or hydration) were added in eNRTL model to clarify the role of 

association and hydration.  

4.2.1  Description of eNRTL model 

The eNRTL model was first proposed by Chen [97], which combines the electrostatic (long-

range interaction, LR interaction) contribution using the Pitzer’s modification of Debye-

Hückel (PDH) theory with the NRTL model. In applying the NRTL model to the short-range 

(SR) interaction contribution, two assumptions were introduced to elucidate the local 

composition of electrolyte solutions, that is, extremely large like-ion repulsion assumption and 

Figure 4.3  Conceptual scheme and framework to model (a) the IL-H2O system (b) the 

DES-H2O system. Note: the yellow, blue, red, and purple ones represent cation, anion, 

H2O and HBD, respectively. 
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local electroneutrality assumption. Considering that pure IL exists as a liquid state, the 

symmetric eNRTL model, that is, pure fused salt as the reference state, was used in this thesis 

work. Based on this, the excess Gibbs free energy GE includes two contributions shown in Eq. 

(4.5), that is, a short-range interaction contribution (GE, SR) and a long-range electrostatic 

contribution (GE, LR). 

 

According to eNRTL model proposed by Chen et al.[98], the excess Gibbs free energy 

from short-range interaction contribution GE, SR is expressed as Eq. (4.6). 

 

where Gjc,ac=exp(-cjc,acτjc,ac), Gja,ca=exp(-cja,caτja,ca), τjc,ac=Δgjc,ac/RT=(gjc-gac)/RT, τja,ca=Δgja,ca/ 

RT=(gja-gca)/RT, j= a, c, m, and cjc,ac and cja,ca are the nonrandomness factor.  

The excess Gibbs free energy from long-range interaction GE, LR  is calculated by the PDH 

theory [99]: 

 

where Ax is the Debye–Hückel parameter, Ix is the ionic strength based on mole fraction, Ix
0 is 

the ionic strength for pure fused salt, which is ½ for singly charged ions, Ms is the molecular 

weight of the solvents, g∙mol-1, ρ is the closest approach parameter, 14.9, NA is Avogadro’s 

number, 6.02251×1023 mol-1, ds is the density of the solvent, kg∙m-3, Qe is the electron charge, 

-1.602×10-19 C, Ds is the dielectric constant of the solvent, ε0 is the permittivity of free space, 

8.854×10-12 C2∙N-1∙m-2, kb is the Boltzmann constant, 1.38054×10-23 m2∙kg∙s-2∙K-1, and zi is the 

charge number of species i. 

For an uncharged species or molecular species, the activity coefficient is given by: 
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,

, , , ,

' '
, ,' '

                   

n

j jm jm
jE SR

m n
m

j jm
j

n n

j jc ac jc ac j ja ca ja ca
j ja c

c an n
c a a ca c

j jc ac j ja caa c
j j

x G

G RT x
x G

x G x G
x x

x x
x xx G x G



 



   
       
   
   






 
     

(4.6) 

   

 

1/2, 1/2 0

1/2 3/22
1/2

0

2

4 ln (1 ) 1

1 1000
2

3 4

1

2

E LR
x x x x

e
x A s

s s b

x i i
i

G RT A I I I

Q
A N d

M D k T

I x z

  




      

   
    

   

 

(4.7) 

ln ln lnSR LR
m m m    (4.8)



 

41 

The contribution of short-range (SR) interactions to the activity coefficient was 

calculated by eNRTL equation as expressed in Eq. (4.9) [98, 100].  

 

The contribution of long-range (LR) electrostatic force to the activity coefficient of 

uncharged species was calculated by Eq. (4.10) according to PDH theory [99].  

 

The eNRTL model, originally formulated by Chen et al.[98], operates under the 

assumption that all electrolyte components are completely dissociated in solution. Because the 

interaction energies are symmetric, it has been inferred that for a binary pair of a single 

completely dissociated electrolyte and a single solvent, the binary interaction parameters 

between the electrolyte and the solvent (e.g., τca,m) are equal to the binary interaction parameters 

between cation/anion and the solvent (e.g., τam and τcm). It means that the binary interactions 

follows the relations:  τam=τcm=τca,m and τmc,ac=τma.ca=τm,ca [97]. Therefore, the parameters τca,m 

and τm,ca are the only two adjustable parameters.  

4.2.2  New strategies for modeling 

Currently, in some modeling work, ILs were assumed to be completely associated. In other 

words, each cation is completely paired with an anion, and thus each ion-pair is considered as 

a single molecular species in the solution. In this case, only two species are considered in this 

system, as shown in Figure 4.4a. In other modeling work, ILs were assumed to be completely 

dissociated. Therefore, the system will only be with cation, anion, and H2O (Figure 4.4b). As 

discussed in Section 4.1, the existence of association and hydration has been proved by the 

mechanistic study. Therefore, two new strategies (Figure 4.4c and Figure 4.4d) were proposed 

in this thesis work to clarify the role of association and hydration. 
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 New strategy 1 (S1):  with hydration equilibrium but no association  

In this strategy S1, an IL was dissociated into ions (C+ and A−), and no ion-pairs (CA) existed 

as depicted in Figure 4.4c. According to the fundamental assumption of eNRTL model that 

like-ion repulsion forces are extremely large, the local composition of a cation around a cation 

or anion around anion is zero. Due to a smaller size of anions (A−), the ion-dipole forces 

between anion A− and H2O were remarkably stronger than those between cation C+ and H2O, 

according to Monte Carlo (MC) / Molecular Dynamics (MD) simulation. Therefore, the 

hydration of C+ was neglected, while the hydration equilibrium of anion A− was added, as 

shown below: 

 

where Kh is the hydration equilibrium constant, lnKh=A1 + A2 /T, and hw is the numbers of H2O 

molecules in a hydration complex (A-·hwH2O).  

The hydration equilibrium constant is described by Eq. (4.12). 

 

where a, x, and γ are the true activity, true mole fraction, and true activity coefficient of 

different species, respectively.   

Thus, in the IL-H2O binary systems, there are four true species, i.e., cations (C+), anion 

(A−), hydrated anion (A−·hwH2O), and H2O. The hydration equilibrium represents the 

interaction between A− and H2O, and thus the binary interaction between A−·hwH2O and H2O 

was neglected. As mentioned in the original eNRTL model, because the interaction energies 

are symmetric, it has been inferred that, for a binary pair of single completely dissociated 

electrolyte and single solvent, the binary interactions follow the relations: τam=τcm=τca,m, and 

τmc,ac=τma.ca=τm,ca [97]. Therefore, it remains three groups of adjustable parameters, including 

two binary interaction parameters τca,m and τm,ca, and one hydration equilibrium constant Kh.  

Figure 4.4  The possible systems from microscale 
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 New strategy 2 (S2): with dissociation equilibrium and fully hydration 

This strategy was made that cations C+ existed as “free” species, and anions A− as complexes 

containing hw water molecules (a hydration complex) as shown in Figure 4.4d. The association 

or dissociation equilibria and fully hydrated anions existed in these systems as expressed by: 

 

where Ka is the association equilibrium constant, lnKa=B1 + B2/T. 

The association equilibrium constant is described by: 

 

Based on this strategy S2, there were four true species, i.e., cations (C+), ion-pair (CA), 

hydrated anion (A−·hwH2O), and H2O. For the introduction of the association equilibrium, the 

interaction between cation and anion was reflected by association equilibrium constant Ka. The 

interaction between CA and H2O was reflected by the adjustable parameters (τm,m’ and τm’,m). 

The anion A− was considered as fully hydrated. The interactions between all the ions and H2O 

were neglected. Therefore, there were three groups of adjustable parameters, including two 

binary interaction parameters τm,m’ and τm’,m, and one association equilibrium constant Ka.  
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This chapter presents the main results from the appended papers with respect to the research 

questions stated in Section 1.2. More detailed information can be found in the appended papers. 

5.1  CO2 separation from biogas with aqueous DES 

ChCl/Urea is a DES using choline chloride (a vitamin B4 precursor) as the HBA and urea (a 

common fertilizer) as the HBD. Both HBD and HBA in ChCl/Urea are relatively benign in 

terms of bio-toxicity. Moreover, the price of ChCl/Urea is relatively low, which is only 4-9% 

of the conventional ILs [101] and acceptable compared with the commercial physical solvents. 

The CO2 absorption in ChCl/Urea has been studied[40, 102, 103] together with other properties 

more extensively compared to other DESs, showing potential for CO2 separation and the 

possibility to serve as one typical example to develop CO2 separation process.  

Even though the high CO2 solubility of ChCl/Urea shows its potential for CO2 separation, 

the fact of extremely high viscosity of ChCl/Urea (> 500 mPa∙s at 303 K) limits its 

industrialization in solvent-based absorption. It has been reported that the addition of water can 

significantly decrease the viscosity of ChCl/Urea [44-46], but the CO2 solubility is also 

decreased. The low viscosity of the aqueous ChCl/Urea will enhance the mass transfer of CO2 

and decrease the pumping costs due to the reduction of friction losses [104], but the decrease 

of CO2 solubility (capacity) will lead to an increase in the amount circulated solvent and a large 

absorption tower. Therefore, the effect of water content on the performance (energy and cost) 

is of importance.  

This section is based on the appended Paper I, which comprehensively investigates the 

feasibility of CO2 separation from biogas using aqueous DES as liquid absorbents. The work 

includes properties determining, thermodynamic modeling, and process simulation using 

Aspen Plus, as described in Chapter 3. As a new solvent, that is, it is a non-databank component, 

ChCl/Urea has not been studied systematically for process simulation. Therefore, the properties 

of ChCl/Urea measured experimentally were surveyed, evaluated, and then fitted with semi-

empirical equations. The experimental results of vapor-liquid equilibria were modeled using 

the NRTL-RK model as described in Section 3.2.  

5.1.1  Effect of water content on energy usage and environmental impact 

The effect of water content on the CO2 solubility and selectivity of aqueous ChCl/Urea is 

depicted in Figure 5.1. The phase equilibria for CO2-CH4-ChCl/Urea-H2O system were 
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predicted using the thermodynamic modeling with the obtained parameters. The real selectivity 

was obtained based on Eq. (3.11). Here, the selectivity of a solvent was calculated from the 

solubility of CO2 divided by that of CH4 for the gas mixture (54 vol.% CH4, 46 vol.% CO2) 

under the operating conditions (0.8 MPa, 293.15 K). As we can see from Figure 5.1, with 

increasing water content, the selectivity of CO2 over CH4 increases slightly, while the solubility 

decreases dramatically. The high CO2 solubility and high selectivity improve the process 

performance in CO2 separation, and vice versa. It hints that there exists an optimal water 

content of aqueous ChCl/Urea.  

 

 

 

To investigate the effect of water content in aqueous ChCl/Urea solutions on their 

performance (energy usage and environmental impact) of CO2 separation from biogas, process 

simulation of the conceptual process in Figure 3.4 was carried out using aqueous ChCl/Urea 

solutions with different water contents. During simulation, the plant capacity, temperature, and 

working pressure were fixed as listed in Table 5.1 based on those from the literature [21, 93, 

105]. Considering that most biogas upgrading plants have a preliminary desulfurization unit to 

remove H2S before entering the upgrading process, H2S was not included in the raw biogas. In 

addition, H2 was also not considered in the study due to its low content in raw biogas. Therefore, 

the raw biogas fed to the upgrading process was free of H2S and H2, and it only contains CH4, 

CO2, N2, and O2. The simulation was optimized based on the specific targets, that is, 96.7 vol.% 

CH4 purity in biomethane product and less than 1% loss of CH4.  

 

Figure 5.1  Real selectivity of CO2 over CH4, and the CO2 solubility for 

the gas mixture in ChCl/Urea-H2O system at 293.15 K. 
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Table 5.1  The parameters for process simulation. 

Parameter Units Values 

CH4/CO2 mol % 53.69 / 45.19 

N2/O2 mol % 0.93 / 0.19 

Operating conditions 

pabsorber MPa 0.8 

pdesorber MPa 0.1 

Tabsorber/Tdesorber K 293.15 / 293.15 

Plant capacity (Raw biogas feed) m3∙h-1 242.3 (STP*) 

*STP: standard temperature and pressure 

 

 

 

The energy usage from different units with aqueous ChCl/Urea is shown in Figure 5.2a. 

As mentioned in Section 3.4.1, WP, WB, and WC represent the energy usage of operating the 

solvent pump, compressor, and blower, respectively. QC, QF, and QH are the energy usage from 

the heat duty for cooling the compressed biogas, the heat duty of the flash tank, and the duty 

used for transferring the solution from the flash tank to the desorber, respectively.  

As we can see from Figure 5.2a, the energy usage from the compressor (WC) contributes 

to a major part of the energy usage and is almost unchanged because of the same amount of 

raw biogas and the same operating conditions used. For the electrical power converted from 

heat duty, it contributes a small part to the energy usage and changes slightly. The energy usage 

Figure 5.2  (a) Energy usage from different units, (b) The total energy usage and ECH4-loss 

using aqueous ChCl/Urea with different water contents. 
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from the solvent pump (WP) affects the total energy usage greatly, and it increases with the 

increase of water content.  

In addition, the energy usage caused by the CH4 loss (ECH4-loss) was investigated and 

included in the total energy usage, as shown in Figure 5.2b. With the increase of water content, 

the sum of energy usage from different units increases, while ECH4-loss decreases. The increase 

of water content in ChCl/Urea leads to a decrease in total energy usage at first. After the total 

energy usage reaches a certain value, it increases with the increase of water content. It means 

that there exists an optimal water content with the lowest energy usage, i.e., 50 wt% of water. 

Either decreasing or increasing the water content leads to an increase in total energy usage due 

to the dual effect of the ECH4-loss and the energy usage of different units. Therefore, the 

consideration of ECH4-loss is of importance to estimate the total energy usage. 

 

 

The environmental effect of the process using aqueous ChCl/Urea (Figure 5.3) was 

studied with the assessing method described in Section 3.4.3. In general, the process green 

degree GDP using aqueous ChCl/Urea as absorbents is greater than zero, and it reaches the 

highest value (518.5 gd∙h-1) when the water content in aqueous ChCl/Urea is 50 wt.%. The 

results indicate that this solvent is the most environmentally benign among the studied solvents 

for CO2 separation from biogas. Besides, compared to the water scrubbing process (i.e., 100 

wt% water in Figure 5.3), the GDP of the process with aqueous ChCl/Urea is always higher, 

which means that the process with aqueous ChCl/Urea is more environmentally benign.  

All in all, the results suggest that the optimal water content of aqueous ChCl/Urea is 

around 50 wt% of water with the lowest energy usage and environmental effect.  

Figure 5.3  Green degree of CO2 separation from biogas  

using aqueous ChCl/Urea with different water content. 
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5.1.2  Techno-economic comparison of different solvents in two scenarios  

This section is based on Paper II. The techno-economic comparison of different physical 

solvents was studied based on two scenarios: one is for the biogas upgrading process using 

different solvents but with the same raw biogas capacity (new biogas upgrading plant), and the 

other is for the process with the same size of equipment but using different solvents (a retrofit 

to an existing upgrading process). In both scenarios, the process was simulated based on the 

rate-based approach. The effect of solvent properties on the performance was also discussed to 

evaluate which properties are more important in screening a new solvent.  

Other than aqueous ChCl/Urea, the conventional physical solvents, including H2O, 

dimethyl ether of polyethylene glycol (DEPG), and propylene carbonate (PC), were considered. 

According to the results from previous Section 5.1.1, aqueous ChCl/Urea with 50 wt.% of 

water (AQ50wt.%DES) was selected. In addition, to study the effect of a slight increase of 

ChCl/Urea content on the process, aqueous ChCl/Urea with 60 wt.% DES (AQ60wt.%DES) was 

also included. For DEPG, its viscosity is higher than the other solvents. While when increasing 

the temperature to 333.15 K, the viscosity of DEPG will decrease to the same level as other 

absorbents. Therefore, the process of using DEPG at 333.15 K (DEPG High-T) was also studied.  

 

Table 5.2  The properties for different physical solvents at 293.15 K and 1 bar* 

Solvents HCO2 /MPa HCH4 /MPa Mw ds η σ CP ps 

H2O 144.75 3662.8 18 997.8 0.83 73.7 72.3 2409.2 

DEPG 3.21 49.9 280 1055.4 7.58 46.6 582.5 0.043 

PC 7.91 201.4 102 1188.4 2.77 41.7 177.7 4.2 

AQ50wt.%DES 25.79 684.9 29.8 1107.4 2.84 72.1 93.2 2114.7** 

AQ60wt.%DES 16.86 374.5 34.3 1110.7 3.49 68.7 98.2 1836.1** 

DEPGHigh-T
*** 6.95 134.6 280 1007.8 2.80 38.6 652.4 4.6 

* The properties are obtained by using the property analysis in Aspen Plus. The units for Mw, ds, η, σ, CP , and 

ps are g·mol-1, kg·m-3, mPa·s, mN·m-1, J·mol-1·K-1, and Pa, respectively. 
** The contribution of water 
*** Temperature is at 333.15 K 

 

The properties, including density (ds), viscosity (η), surface tension (σ), heat capacity 

(CP)  and saturated vapor pressure (ps) for different physical solvents at 293.15 and 1 bar, are 

listed in Table 5.2. The Henry’s constants Hi for CO2 and CH4 (based on mole fraction) at 

293.15 K are also listed in Table 5.2. These solvents (water, DEPG, PC, AQ50wt.%DES, and 

AQ60wt.%DES) show different characteristics with respect to CO2 solubility and selectivity as 
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well as other properties such as viscosity, surface tension, and density. It has been reported that 

the higher selectivity can compensate for the slightly lower solubility [106]. The viscosity, 

surface tension, and density are also related to the mass transfer rate and then further affect the 

performance when using these solvents in traditional mass transfer equipment. In order to 

address how these properties affect the performance of CO2 separation from biogas, process 

simulation was used to evaluate and compare the performance of such solvents. 

(1) Scenario 1: build a new process 

The process simulation in scenario 1 is to design a new separation process to treat raw biogas 

containing 65 vol.% CH4 and 35 vol.% CO2 with a plant capacity of 250 Nm3∙h-1. The 

temperature for the separation process was set to be 293.2 K. The pressures of absorption and 

desorption were 0.8 and 0.1 MPa, respectively. The targets of separation are 96.2% CO2 

removal efficiency and 0.5% CH4 loss. It should be mentioned that for the process using DEPG 

at 333.15 K (DEPGHigh-T), the energy used to increase the temperature was also considered. 

During the simulation, the height of packing materials in the absorber was set to be 9 m for all 

the absorption solvents. The height of packing materials in the absorber and solvent amount 

were adjusted to reach the separation targets. The pressure of the flash tank (pF) was adjusted 

to reach the same CH4 loss. 

(a) Effect of solvent properties on energy usage  

The specific energy usage, i.e., the energy usage per Nm3 raw biogas, is studied and depicted 

in Figure 5.4. Both the specific energy usages excluding and including ECH4-loss follow the same 

order. The reason is that the contribution of ECH4-loss to the total energy usage is relatively small 

(around 12%) compared to other parts, and the values of ECH4-loss for different solvents are 

similar. In the following discussion, only the one including ECH4-loss was considered. As we can 

see from Figure 5.4, the processes using PC, AQ50wt.%DES, AQ60wt.%DES, DEPGHigh-T, and DEPG 

are with 11%, 11%, 11%, -40%, and -80% energy-saving, respectively, compared with that 

using water. The negative values mean that more energy is required. That is, the energy usages 

using DEPGHigh-T and DEPG increase by 40% and 80% compared with that using water. The 

energy usages of PC, AQ50wt.%DES, and AQ60wt.%DES are almost the same. The increase in 

ChCl/Urea content from 50 to 60 wt.% shows a negligible effect on total energy usage.  

According to the properties listed in Table 5.2, by increasing the temperature from 293.15 

to 333.15 K, the viscosity of DEPG decreases from 7.58 to 2.8 mPa∙s, which means that its 

viscosity decreases from around 10 to 3 times higher than that of water. Meanwhile, the ideal 
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selectivity of DEPG increases 1.3 times, but the CO2 solubility decreases to 0.45 times when 

the temperature changes from 293.15 to 333.15 K. All these factors lead to a 22% decrease in 

the energy usage of DEPGHigh-T than that of DEPG (Figure 5.4).  

 

 

Within the equilibrium approach, only the CO2 solubility and selectivity affect the results. 

In our preliminary study, the comparison between water and DEPG based on the equilibrium 

approach shows that the higher selectivity compensates the slightly lower solubility. For 

example, for water, its molality-based CO2 solubility is 0.32 times lower than that of DEPG at 

0.4 MPa and 293.15 K, while its selectivity is 1.5 times higher under this condition. The amount 

of the recirculated water is around twice that of DEPG. Still, their energy usage is almost the 

same due to the higher gas compression energy usage of DEPG for its lower selectivity. 

Likewise, for DEPGHigh-T and DEPG, the dual effect of the CO2 solubility and selectivity may 

lead to similar energy usage. However, due to the decreased viscosity, the energy usage of 

DEPGHigh-T decreases by 22% than that of DEPG, as we can see from Figure 5.4. This result 

implies that the viscosity has a greater effect on the process performance than the CO2 solubility 

and selectivity when the viscosity is relatively high (more than 7.0 mPa·s). Besides viscosity, 

the density and surface tension are also related to the mass transfer rate, as can been seen from 

Eq. (3.16). For these solvents, their densities do not vary too much, and thus their influences 

on the process performance are insignificant. The surface tension of AQ50wt.%DES is around 1.7 

times higher than those of PC and DEPGHigh-T, but the viscosity of these three solvents is the 

same. When compared with their energy usage shown in Figure 5.4, it follows the same order 

as that of solubility and selectivity. It implies that the surface tension has little effect on total 

Figure 5.4  Comparison of the specific energy usage of different solvents. 
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energy usage. Therefore, CO2 solubility, selectivity, and viscosity are three key parameters that 

can be used as criteria in the development of novel physical solvents for CO2 separation.   

(b) Effect of solvent properties on the cost  

As we can see from Figure 5.5a, using PC leads to the lowest equipment cost (EC), followed 

by AQ50wt%DES, water, AQ60wt%DES, DEPGHigh-T, and DEPG. The increase of the ChCl/Urea 

content leads to an increased equipment cost due to the higher height of packing materials for 

desorbing CO2. In addition, the cost of compressors contributes to almost 50% of the total EC 

and does not vary too much except DEPG. The main reason is that the low selectivity of DEPG 

leads to a low operating pressure for the flash tank to achieve the same loss of CH4, and thus a 

large amount of gas is recirculated into the second stage of the compressor. The four solvents, 

i.e., AQ50wt.%DES, AQ60wt.%DES, PC, and water, have similar energy usage (Figure 5.4) but with 

a large difference on EC (Figure 5.5a). The main reason leading to the higher EC for water is 

the larger size of the flash tank resulting from the larger vapor phase volume due to the higher 

vapor pressure under the same condition. For the aqueous ChCl/Urea, the cost of desorber is 

dominated.  

 

 

The total annual cost (TAC) consists of two parts, i.e., O&MC and ACC, as shown in 

Figure 5.5b. The total cost per Nm3 biomethane shows the following order: DEPG > DEPGHigh-

T > AQ50wt%DES > water > AQ50wt%DES ≈ PC. It means that the use of PC or AQ50wt.%DES reduces 

CO2 separation cost. Because of the higher purchasing price of PC, resulting in higher O&MC, 

its TAC per Nm3 biomethane is almost the same as that of AQ50wt.%DES even though its capital 

Figure 5.5  Comparison of different solvents in terms of the cost. (a) Equipment cost 

(EC); (b) O&MC and ACC per Nm3 biomethane. 
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cost was lower. The results from this scenario show that the performances of PC and aqueous 

ChCl/Urea with 50 wt.% water for CO2 separation from biogas are equivalent, that is, the same 

energy usage and cost, which is the lowest among all the investigated solvents. 

(2)  Scenario 2: retrofit the old plant 

According to the conclusion in Scenario 1, AQ50wt.%DES shows better performance than 

AQ60wt.%DES, and thus AQ60wt%DES was not considered in this section. In addition, using DEPG 

at a higher temperature (i.e., DEPGHigh-T) was also not considered in this part. The operating 

parameters for the absorber and desorber were set to be the values from the biogas upgrading 

plant in Boden, Sweden (using water as the solvent), as listed in Table 5.3.  

 

Table 5.3  The operating parameters for the biogas upgrading process 

Parameters Values 

Diameter of absorber / m 0.712 

Height of packing materials in absorber / m 3.968 

Absorption pressure / MPa (a) 0.9 

Diameter of desorber / m 1.008 

Height of packing materials in desorber / m 3.700 

Desorption pressure / MPa (a) 0.0996 

Liquid temperature / K 284.15 

Recirculated solvent / 1000 kg∙h-1 21 

Temperature of compressed biogas / K 315.15 

Temperature of gas out from flash tank / K 294.15 

CH4 /CO2 in biogas/ vol.% 65/35 

Temperature of air / K 291.15 

Packing materials Plastic pall ring (25 mm) 

 

The specific TAC (TAC per Nm3 biomethane) and the raw biogas treating capacity of 

different solvents were estimated based on the simulation results. During the simulation, the 

CO2 removal efficiency for all the solvents was set to be 96.2% by adjusting the biogas capacity. 

Meanwhile, the loss of CH4 was controlled to around 1% by decreasing the flash pressure. The 

results are shown in Figure 5.6a. The specific TAC shows the following order: DEPG > water > 

AQ50wt.%DES > PC, which means that, compared to water, DEPG is the worst and could not 

satisfy the requirement of the increased biogas production capacity, while the other two 
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solvents can accommodate the requirements. The specific TAC of DEPG is about 2.8 times 

higher than that of water. The reason may result from the high viscosity of DEPG (about ten 

times higher than water), leading to a slow mass transfer rate. Another reason may be the 

solvent regeneration degree. The regeneration degree of DEPG is only 73%, while that of water 

is higher than 99% under the same condition. The specific TAC is contributed from O&MC 

and ACC and is related to the treated biogas capacity. The values of specific TAC of using 

AQ50wt.%DES and PC decrease by about 30% and 45% than that of using water (Figure 5.6a), 

respectively. In addition, the biogas capacities of these four different solvents using the same 

size of equipment are also shown in Figure 5.6a, and those of using AQ50wt%DES and PC increase 

up to 1.5 and 2 times higher than that of using water, respectively. It means that by changing 

the solvents, it is possible to increase the capacity of raw biogas to more than 1.5 times with 

the current equipment.  

 

 

The annual and specific retrofit costs using different solvents are displayed in Figure 5.6b. 

The retrofit cost consists of O&MC and initial solvent cost. The cost of the initial solvent only 

contributes a very small part to the total cost. From the specific retrofit cost, it can be concluded 

that DEPG should not be used as an alternative. The uses of PC and AQ50wt%DES decrease the 

specific retrofit costs by 40% and 25% than water, respectively, although the annual retrofit 

costs are higher than that of water. The main reason is the significant increase of the treated 

raw biogas capacity. Aqueous ChCl/Urea achieves the lowest specific retrofit cost compared 

with other commercial solvents except for PC.   

Figure 5.6  Comparison of different solvents based on the same size of equipment. (a) 

Specific TAC and raw biogas capacity, (b) Annual retrofit cost and specific retrofit cost. 
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5.2   CO2 separation from biogas with novel aqueous IL  

This section is based on Paper III and Paper IV.  

5.2.1  The effects of cation and water content on CO2 absorption  

The alkylmorpholinium based ILs possess low toxicity, low corrosivity, and good thermal 

stability. A series of aqueous N-alkyl-N-methylmorpholinium-based ILs with acetate as 

counterpart anion were investigated for CO2 separation from biogas. The name, abbreviation, 

and structure of these ILs are shown in Table 5.4. CO2 absorption capacity was measured with 

the methods described in Section 3.1.2. As we can see from Figure 5.7a, the CO2 absorption 

capacity mCO2 for these aqueous ILs with the same water content but different alkyl chains in 

the cations follows the order: [Bmmorp][OAc] > [Pmmorp][OAc] > [Ammorp][OAc] > 

[Emmorp][OAc], which indicates that the decrease of alkyl chain length in the cation leads to 

a decrease of CO2 capacity for these ILs with the same anion. In addition, the CO2 absorption 

capacity of [Ammorp][OAc] is slightly lower than that of [Pmmorp][OAc], implying that ‘C=C’ 

has a negative influence on the gas capacity, but not significantly. All these phenomena may 

prove that the structure of ILs has a significant effect on the gas absorption capacity, even in 

their aqueous solution.  

 

Table 5.4  N-alkyl-N-methylmorpholinium-based ILs investigated in this work 

Name Abbreviation Structure 

N-allyl-N-methylmorpholinium acetate [Ammorp][OAc] 
 

N-ethyl-N-methylmorpholinium acetate [Emmorp][OAc] 
 

N-propyl-N-methylmorpholinium acetate [Pmmorp][OAc] 
 

N-butyl-N-methylmorpholinium acetate [Bmmorp][OAc] 
 

 

The 13C- and 1H-NMR spectra show that no new peaks are formed in the 13C NMR 

spectra, and no change in the chemical shift of 1H-NMR spectra after absorbing CO2 is 

observed. The results indicate that no new species are generated. Therefore, the CO2 absorption 

in these aqueous morpholinium acetate-based ILs is physical absorption in nature. A strong 

interaction between the morpholinium cation and acetate anion could be the reason behind the 
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physical absorption mechanism. This is different from the case for the alkylimidazolium 

acetate-based ILs. The positively charged aromatic alkylimidazolium cation offers less 

interaction towards the basic acetate anion. Therefore, the anion in the alkylimidazolium 

acetate-based ILs remains free for interaction with CO2. In addition, the chemical regime of 

CO2 absorption in the alkyl imidazolium acetate-based ILs is also due to CO2 reacting 

spontaneously with the imidazolium cation to form a carboxylate species, in which the CO2 

moiety is bonded on C2 of the imidazolium ring. 

The mCO2 at 298.2 K and 1 MPa in the aqueous [Bmmorp][OAc] (with 40 wt.% water) is 

higher than the typical value of the commercial physical absorbents, i.e., 1.0 mol∙kg-1 (red dot 

in Figure 5.7a). [Bmmorp][OAc] was therefore selected to further study the effects of water 

content on the CO2 absorption capacity. Three water contents (20, 30, and 40 wt.%) were 

studied in this part. The results are shown in Figure 5.7b. The CO2 absorption capacity 

decreases with the increase in water content. As we can see from Figure 5.7b, when the water 

content decreases from 40 to 30 wt.%, mCO2 at 1.0 MPa and 298.2 K increases around 1.6 times, 

i.e., from 1.09 to 1.74 mol∙kg-1. When further decreasing the water content to 20 wt.%, mCO2 at 

1.0 MPa and 298.2 K (2.21 mol∙kg-1) increases to twice that of 40 wt.% water content. 

 

 

 

Figure 5.7  CO2 absorption capacity: (a) in the different IL-water binary systems with 40 

wt.% water, (b) in [Bmmorp][OAc]-water systems with different water contents. mCO2 is the 

molality of CO2, mole CO2 per kg aqueous ILs solutions. Lines: a guide for the eye. 
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5.2.2  Comparison with commercial organic solvents and other ILs 

(1) Process simulation and comparison 

The newly measured experiment data were used to perform thermodynamic modeling with the 

methods described in Section 3.2 (for the system without chemical reaction). Then the 

parameters were embedded into Aspen Plus to carry out process simulation based on the 

process in Figure 3.4. The operating condition and separation targets were set as the same as 

those of Scenario 1 in Section 5.1.2. The total energy usage and diameters of absorber and 

desorber for the process using aqueous [Bmmorp][OAc] were compared with those for the 

processes using the commercial solvents, i.e., water, DEPG, and PC. To compare with the 

energy usage of reported ILs, the overall energy usage was expressed by the equivalent energy 

penalty from both electrical power and thermal energy. The results are shown in Figure 5.8 and 

listed in Table 5.5 together with the energy usage of using the imidazolium-based ILs for biogas 

upgrading reported in the literature [107].  

 

Table 5.5  The simulation results with different solvents* 

 
[Bmmorp][OAc]-H2O (wH2O, %) 

PC water DEPG IL1 IL2 IL3 
30 35 40 30** 

Liquid flow 

rate, 103kg∙h-1 
7.00 8.14 9.44 7.45 16.93 44.90 22.23 − − − 

Energy usage           

Total, kWth 153.19 152.41 151.98 147.49 152.45 183.95 181.08 181.85 165.08 176.42 

-Compressor 105.08 103.73 102.56 100.99 97.73 98.19 114.95    

-Cooler 27.36 27.01 26.71 26.23 25.70 25.66 30.44 − − − 

-Pump 5.52 6.44 7.48 5.04 13.79 44.86 20.45 − − − 

-Blower 15.23 15.23 15.23 15.23 15.23 15.23 15.23 − − − 

*IL1, IL2 and IL3 are [Hmim][Tf2N], [Bmim][Tf2N], [Bmim][PF6] from literature[107], respectively. wH2O is 
the weight percentage of water. 
**The pressure of absorption at 0.7 MPa using aqueous [Bmmorp][OAc] with 30 wt.% water. 

 

The energy usages of aqueous [Bmmorp][OAc] and PC as solvents are much lower than 

those of DEPG and water. With the increase of water amount from 30 to 40 wt.% in 

[Bmmorp][OAc], energy usage decreases slightly, which is slightly lower than that of PC. The 

main reason for the low energy usage is that using aqueous [Bmmorp][OAc] significantly 

decreases the energy usage from the solvent pump (for the decreased liquid flow rate, Table 

5.5). In addition, the total energy usage of these aqueous [Bmmorp][OAc] is much lower than 
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those using the imidazolium-based ILs ([Hmim][Tf2N], [Bmim][Tf2N] and [Bmim][PF6]). For 

the aqueous [Bmmorp][OAc] with 30 wt.% water, the energy usage is 7.2, 13.2, and 15.8% 

lower than those using [Bmim][Tf2N], [Bmim][PF6] and [Hmim][Tf2N], respectively (Figure 

5.8a).  

On the other hand, the dimeters for the aqueous [Bmmorp][OAc] increases with the 

increase of water amount, as we can see from Figure 5.8b. Compared with other commercial 

solvents, the diameter of absorber using 30 wt.% water in [Bmmorp][OAc] is 5%, 26%, and 

39% smaller than those using PC, DEPG, and water, respectively. This, in essence, means that 

choosing 30 wt.% water in [Bmmorp][OAc] for CO2 separation from biogas can decrease the 

sizes of the absorber and desorber, resulting in a decreased capital cost. In addition, the lower 

amount of solvent required using this solvent also leads to a decrease in the size of the solvent 

pump.  

 

 
However, the energy usage from the compressor is still high but decreases with the 

increase of water amount of aqueous [Bmmorp][OAc], which is related to the selectivity of the 

solvent. The energy from gas compressing contributes 70% of total energy usage, which is 

related to the pressure of absorption. By decreasing the pressure of absorption from 0.8 to 0.7 

MPa using aqueous [Bmmorp][OAc] with 30 wt.% water (30 wt.%* in Figure 5.8), the energy 

usage decreases by 4%, while the diameter of the absorber is still 3% smaller than that using 

PC. These results suggest that using this aqueous [Bmmorp][OAc] has the potential to decrease 

the energy usage and cost of CO2 separation from biogas.  

(2) Process simulation based on the modified process 

Figure 5.8  Energy usage (a) as well as diameters of the absorber/desorbed (b) for 

different solvents. 
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Furthermore, the aqueous [Bmmorp][OAc] with 20 and 30 wt.% water (PS3 and PS4), 

[Bmim][Tf2N] from literature (IL2 in Table 5.5), [Bmim][Tf2N] with a trace amount of water 

were selected to study their performance in the modified process (Figure 5.9), which was 

integrated with waste heat and replaced the desorber with a flash vessel. The properties of these 

solvents, including Henry’s constant, selectivity, density, viscosity, and heat capacity, are 

summarized in Table 5.6. Owing to the relatively high viscosity of ILs, the absorption 

temperature of these four physical solvents was set to be 308.15 K.  

 

 

 

Table 5.6  Properties for different physical solvents* 

Solvent properties H2O** PS1*** PS2*** PS3*** PS4*** 

HCO2/MPa 144.25 3.55 3.74 13.89 26.626 

HCH4/MPa 3663.56 47.81 69.64 236.15 478.19 

Selectivity 25.40 13.48 18.60 17.00 17.96 

Mw/g·mol−1 18.02 419.38 230.74 67.65 50.32 

Density ds/kg·m−3 997.797 1515.43 1541.97 1021.42 1017.5 

Viscosity η/mPa∙s 1.0214 33.97 5.62 3.14 1.88 

Surface tension σ/mN·m−1 73.68 32.72 50.60 60.16 63.85 

Heat capacity Cp / J·mol−1·K−1 72.1708 562.15 332.395 157.728 128.932 

* PS1, PS2, PS3, and PS4 are [Bmim][Tf2N], [Bmim][Tf2N] + 3.67 wt.% H2O, [Bmmorp][OAc] + 20 wt.% 
H2O, and [Bmmorp][OAc] + 30 wt.% H2O, respectively. 

** Properties are based on 293.15 K; *** Properties are based on 308.15 K. 

 

Figure 5.9  The modified process for CO2 separation.  
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The equipment cost based on the simulation results from the rate-based approach is 

shown in Figure 5.10a. Only using the IL-based physical solvents with low viscosity (< 5.5 

mPa∙s) as absorbent decreases the equipment cost, whereas using the other two IL-based 

physical solvents makes a significant increase in equipment cost, compared with that using 

H2O. Besides the cost of compressors, the costs of the flash vessel in the desorption unit and 

absorber (Figure 5.9) are the major contributors to the equipment cost. The specific O&MC 

and ACC (cost per Nm3 biomethane) are depicted in Figure 5.10b. The total cost of using these 

solvents follows the order: PS3 < PS4 ≈ H2O < PS2 < PS1. The solvent PS3 ([Bmmorp][OAc] 

+20 wt.% H2O) exhibits the lowest cost among the five solvents, which is 9.4% lower than that 

of H2O in the modified process and 24.7% lower than that of the traditional HPWS (Figure 

3.4). The significant difference in the CO2 separation cost of different solvents is due to their 

physical properties, such as Henry’s constant, reflecting gas solubility, selectivity, and 

viscosity, and the combination of the effects from the different properties ultimately determines 

the final cost.  

 

 

5.2.3  New index for solvent screening in CO2 separation from biogas 

This section is based on Paper Ⅳ. The evaluation based on cost estimation requires property 

determining, thermodynamic modeling, and process simulation, presenting a challenge to 

select the potential solvent from numerous solvent candidates. Therefore, a factor directly 

linking these physical properties of the absorbent with the cost could increase the efficiency in 

solvent screening. A new index was proposed for this purpose. The viscosity, selectivity, and 

Henry’s constant were selected as the key parameters, and the rate-based approach was used to 

Figure 5.10  Comparison of different solvents in terms of the specific cost based on 

rate-based approach. (a) EC; (b) O&MC and ACC per Nm3 biomethane. 



 

61 

estimate the process cost to develop the index. Since the properties are often mole-based, the 

molecular weight was added as one more parameter. 

(a) Parameters of estimating physical properties for pseudo-solvents  

According to the work reported by Sumon et al. [108], the Henry’s constants Hi for both CO2 

and CH4 in 2701 ILs, composed of Ac-, BF4
-, and Cl- with 73 different cations, at 283.15, 

298.15, and 323.15 K have been determined. Based on these data, in this work, the parameters 

Aij and Bij in Eq. (3.6) for both CO2 and CH4 were fitted by setting Cij=0 and neglecting the 

pressure effect. The results are illustrated in Figure 5.11. In addition, the selectivity of CO2 

over CH4, including more than 2000 ILs, was also predicted by Sumon et al. [108]. The results 

at 298.15 K are depicted in Figure 5.11c, ranging from 3 to 22. Based on the fitted parameters 

for calculating the Henry’s constants of CO2 (HCO2) in ILs (Figure 5.11a), four groups of 

parameters (Aij, Bij, and Cij) listed in Table 5.7 were selected to study the effect of HCO2 on the 

cost. According to these parameters, the HCO2 at a certain temperature (308.15 K) was estimated. 

For each HCO2, the ideal selectivity was set to 15.94, and then the parameters (Aij, Bij and Cij) 

for calculating the Henry’s constant of CH4 (HCH4) was obtained as a necessary input in Aspen 

Plus. The obtained parameters for calculating HCH4 listed in Table 5.7 were further compared 

to the fitted parameters Aij and Bij in Figure 5.11b, showing good consistency.  

 

Table 5.7  Parameters to estimate the Henry’s constants of CO2 and CH4. 

Properties Parameters (Aij, Bij) for ln (Hi) in Eq. (3.6), Cij=0 

HCO2 / MPa (8.20, −2200); (8.89, −2200); (9.30, −2200); (9.60, −2200) 

HCH4 / MPa (6.75, −900); (7.07, −900); (7.44, −900); (7.85, −900); (8.15, −900) 

 

Table 5.8  Properties of pseudo-solvents for solvent screening. 

 HCO2/MPa SCO2/CH4 HCH4/MPa Mw/g·mol−1 Viscosity/mPa∙s 

Group A 2.89 15.94 46.03 200 1.00-34.11 

Group B 2.89 15.94 46.03 300 1.00-34.11 

Group C 2.89 21.95 63.39 200 1.00-34.11 

Group D 5.76 15.94 91.78 200 1.00-34.11 

Group E 8.68 15.94 138.29 200 1.00-34.11 

Group F 11.71 15.94 186.67 200 1.00-34.11 
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The effect of selectivity was also investigated by changing it from 15.94 to 21.95, while 

HCO2 was kept the same. In addition, the molecular weight was set to 200 as a basic value based 

on the molecular weights of the studied IL-based solvents. To identify the effect of the 

molecular weight, an extra case with a molecular weight of 300, while keeping the other 

properties fixed, was also added. For viscosity, a preliminary study shows that there is no 

evident trend for ILs. When the viscosity is higher than 5.5 mPa∙s (5.5 times that of water), it 

starts to affect the cost. In addition, when the viscosity is approximately 33 mPa∙s, the cost 

increases significantly, meaning that it is unsuitable for this mass-transfer-based process. 

Considering the mass-transfer rate, the viscosity was set from 1.00 to 34.11 mPa∙s, i.e., 1.00, 

1.99, 3.00, 5.00, 8.00, 13.06, 20.89, and 34.11 mPa∙s. In total, based on the variation of all 

these properties (i.e., viscosity, selectivity, Henry’s constant, and molecular weight), 48 

pseudo-solvents with diverse properties (Table 5.8), representing different ILs/IL-based 

solvents, were chosen to study how these properties influenced the performance in cost.  

 

 

Figure 5.11  Range of relevant parameters of ILs. (a) Aij and Bij of lnHCO2; (b) Aij and Bij of 

lnHCH4; (c) Relative frequency of HCH4 / HCO2 
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(b) New index for solvent screening  

In the physical absorption, the gas-phase resistance is ignored, meaning that the mass-transfer 

resistance in the liquid film controls the absorption rate. The relationship between the mass-

transfer coefficient and properties such as viscosity, density, and surface tension for a random 

packing is shown in Eq. (3.16) and Eq. (5.1). 

 

where Di,L is the diffusivity of gas i in the liquid, and μi,L is the viscosity of the liquid. 

Owing to the negligible effect of other properties, the relationship between the mass 

transfer coefficient and viscosity, i.e., Eq. (5.2), can be derived from Eq. (3.16) and Eq. (5.1). 

 

In this work, a new index, i.e., comparative absorption factor (CAF), was proposed, 

including the joint effects of viscosity, molecular weight, selectivity, and Henry’s constant, to 

screen the solvents. Water at 293.15 K was used as the reference solvent. The definition of 

CAF is shown in Eq. (5.3). 

 

where 𝜇 , M, S, and Hi are the viscosity, molecular weight, ideal selectivity, and Henry’s 

constant of gas i, respectively, and the subscripts W and L represent water and liquid absorbent, 

respectively. The ideal selectivity was defined as Eq. (3.10). 
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Figure 5.12  The TAC at different 1/CAF. (dots: pseudo-

solvents with different properties listed in Table 5.8) 
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Based on pseudo-solvents with different properties in Table 5.8, the rate-based approach 

was used to carry out process simulation, and the simulation results (i.e., size of equipment, 

utility, and energy) were used to obtain the specific TAC. The relationship between CAF and 

TAC is shown in Figure 5.12. 1/CAF and TAC show a linear relation (coefficient of 

determination R2 = 0.9931), and a lower value of 1/CAF corresponds to a lower cost. In addition, 

all these pseudo-solvents follow this linear relation, implying that 1/CAF can be used as one 

single index to estimate TAC. In other words, once these properties (i.e., viscosity, selectivity, 

Henry’s constant, and molecular weight) are determined, CAF can be estimated; then the 

quantitative cost can be easily obtained based on the linear relationship shown in Figure 5.12 

without process simulation and cost estimation. Based on this new index, the link between 

properties and cost is formulated, providing an effective criterion for solvent screening.  

5.3  CO2 capture from flue gas with IL-cosolvent hybrid systems 

This section is based on the appended Paper V. The IL 1-butyl-3-methylimidazolium acetate 

([Bmim][OAc]) with low heat of CO2 absorption (-35.12 kJ/mol) was selected to form the 

hybrid solvents by mixing with different cosolvents.  

5.3.1  The effects of cosolvents and gas streams on the CO2 absorption capacity  

The effect of different cosolvents on the CO2 absorption capacity of [Bmim][OAc]-cosolvent 

absorbents was studied, where three cosolvents, i.e., H2O, PC, or DEPG250, were chosen. The 

experimental results are shown in Figure 5.13a. The CO2 absorption capacity of [Bmim][OAc]-

cosolvent hybrid solvent is lower than that of pure [Bmim][OAc], especially when the pressure 

is lower than 1 MPa. The CO2 absorption capacities of [Bmim][OAc]-cosolvent hybrid solvents 

follow the order: [Bmim][OAc]-DEPG250 > [Bmim][OAc]-PC > [Bmim][OAc]-H2O. Water 

is a cheap and green cosolvent, however, the addition of water leads to a significant decrease 

in CO2 absorption capacity per kg-solvent. [Bmim][OAc]-DEPG250 hybrid solvent shows the 

highest value amongst the studied hybrid solvents, and when the pressure is higher than 1 MPa, 

its CO2 absorption capacity increases to that of pure [Bmim][OAc]. The main reason is the 

high CO2 absorption capacity of DEPG250 at high pressures. Therefore, [Bmim][OAc]-

DEPG250 is selected for further investigation. 

The effect of N2 on the CO2 absorption capacity was investigated by measuring the gas 

absorption capacity using a gas mixture with 75% N2 and 25% CO2 as the inlet gas. The CO2 

and N2 absorption capacities using different inlet gas streams are shown in Figure 5.13b. The 

N2 solubility increases linearly with increasing pressure, indicating physical absorption of  N2 
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in [Bmim][OAc]-DEPG250. Compared with the CO2 absorption capacity, the N2 absorption 

capacity in [Bmim][OAc]-DEPG250 stays at an extremely low level. The difference between 

N2 and CO2 absorption capacities changes with pressure,  and low pressure favors the selectivity 

of CO2 over N2. The CO2 and N2 absorption capacities for the gas mixture as the inlet gas are 

almost the same as those when the inlet gas is pure gas. This implies that the N2 existing in the 

gas stream has a negligible effect on the CO2 absorption capacities, likewise, the N2 absorption 

capacities are not affected by the CO2 existing in the gas stream.  

 

 

5.3.2  Differentiation of chemical and physical contributions  

The CO2 absorption capacities of [Bmim][OAc]-DEPG250 with different [Bmim][OAc] mass 

fractions (wIL) and at different temperatures were measured at pressures from 0 to 1.9 MPa, 

based on the experimental method described in Section 3.1.2. The modeling was carried out 

with these newly measured experimental data as described in Section 3.2. For the contribution 

of chemical absorption, the mechanism that two moles of [Bmim][OAc] chemically react with 

one mole of CO2 to generate Bmim-2-carboxylate ([Bmim-2-COO]) reported by Yokozeki et 

al. [109] was adopted in this work. The modeling results are in good agreement with the 

experimental data with an average relative deviation (ARD) of 5.7%, indicating that 

thermodynamic modeling is reliable. The CO2 solubility and the concentrations of different 

species in the system were predicted by the thermodynamic model with the obtained parameters. 

Figure 5.13  (a) CO2 absorption capacities of [Bmim][OAc]-cosolvent systems with 

[Bmim][OAc] mass fraction (wIL) of 0.7 at 298.15 K, (b) gas absorption capacity of 

[Bmim][OAc]-DEPG250 (wIL=0.7) at 298.15 K with different inlet gas streams. 
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The physical and chemical contributions to the CO2 solubility in [Bmim][OAc]-DEPG250 with 

different mass ratios and at different temperatures were analyzed. The results are illustrated in 

Figure 5.14.  

For pure [Bmim][OAc], the chemical contribution is dominated (>80%) when the 

pressure is less than 1 MPa. With the increase of pressure, the physical contribution increases. 

Adding DEPG250 increases the physical contribution significantly. The increase of the 

DEPG250 mass fraction and the decrease of temperature favor the contribution of 

physisorption, while it shows the opposite effects on the contribution of chemisorption. When 

the pressure is lower than 0.4 MPa, chemisorption contributes 70% of the total CO2 absorption 

capacity for the solvent [Bmim][OAc]-DEPG250 (wIL=0.3), which is 25% lower than that for 

pure [Bmim][OAc]. These results imply that under the same condition, the regeneration 

process of the solvent with a higher mass fraction of DEPG250 requires less energy because of 

the decreased chemisorption contribution. On the other hand, the increase in temperature leads 

to a negligible change in both physical and chemical contributions when the pressure is less 

than 0.4 MPa. The negligible change means that the absorption and/or desorption is insensitive 

to the temperature at low pressures. With increasing pressure, the increase in temperature leads 

to a slight decrease and increase in physical and chemical contributions, respectively. The 

reason is that the absorption contributed from the physical absorption is more sensitive to the 

temperature than that from the chemical reaction, even though the increase of temperature 

results in a decreased CO2 absorption capacity caused by both chemical and physical 

absorptions.  

 

 

Figure 5.14  The mass fraction of [Bmim][OAc] (a) and temperature effects (b) on the 

physical and chemical contributions to CO2 absorption capacity changing with pressure. 
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5.3.3  Process simulation and comparison  

Process simulation using [Bmim][OAc]-DEPG250 hybrid solvent for CO2 capture from flue 

gas was investigated. The flue gas (1 kmol∙s-1) was composed of CO2 (15 vol.%) and N2 (85 

vol.%). For [Bmim][OAc]-DEPG250, the absorption was carried out at 308.15 K and 0.2 MPa 

in the absorber with a packing height of 30 m. While for the MEA process, the absorption was 

at 313.15 K and 0.1 MPa in the absorber with 20 m packing materials. The packing height in 

the desorption column was set to be 10 m for all the investigated absorbents. The metal pall 

ring with a diameter of 90 mm was selected as the packing material. During the simulation, the 

mass flow rate of solvent was adjusted to meet the requirement of CO2 removal rate in 90%.  

Firstly, based on the same solvent regeneration degree (around 50%), the performance of 

the process using [Bmim][OAc]-DEPG250 with a different mass content of [Bmim][OAc] (wIL 

from 0.35 to 0.7) was investigated and compared with the process of aqueous MEA (30 wt.% 

MEA). The desorption pressure of the desorber (without extra heat duty) was adjusted to reach 

the solvent regeneration degree at 50%. The results are shown in Figure 5.15a.  

 

 

The required desorption pressure continuously increases when the mass fraction of IL 

changes from 0.7 to 0.5. After that, it changes slightly. The reason is that the increase of the 

DEPG250 mass content increases the contribution of physisorption, which needs less energy 

(higher vacuum pressure) to be regenerated to the same degree. The required total heating duty 

decreases first and then starts to increase when the mass fraction of IL changes from 0.7 to 0.35. 

The minimum value shows at the mass fraction of  IL of 0.6. In addition, for aqueous MEA 

Figure 5.15  (a) Total heating duty, desorption pressure, and CO2 purity in the recovered 

gas, (b) heating duty from different units and mass flow rates of solvents, of the processes 

using IL-DEPG250 hybrid solvents and aqueous MEA solution as the absorbents. 
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solution, at 50% solvent regeneration degree, CO2 purity in the recovered gas is 90%. For 

[Bmim][OAc]-DEPG250, the CO2 purity in the recovered gas continuously decreases with 

increasing the DEPG250 mass fraction. The main reason is that with the increase of the 

DEPG250 content, the N2 absorption capacity of the hybrid solvent increases. Therefore, under 

the same regeneration degree of the solvent, more N2 is desorbed, leading to a decreased CO2 

purity. When the mass fraction of IL is less than 0.6 or the DEPG250 mass fraction is larger 

than 0.4, the CO2 purity is less than 90% at this solvent regeneration degree.  

Meanwhile, as we can see from Figure 5.15b, the required mass flow rate of the solvent 

decreases dramatically to a minimum value with the increase of DEPG250 content. After that, 

it starts to increase gradually. The extreme value shows at the mass fraction of  IL is 0.6, which 

is around 17 times that of the aqueous MEA solution. This is due to the dual effect of the 

decreased CO2 absorption capacity and the decreased viscosity with the addition of DEPG250. 

The results of heating duty show that the hybrid solvents ([Bmim][OAc]-DEPG250) only 

utilize less than 50% of the heating duty of aqueous MEA solution because of the low-pressure 

desorption and preheating with waste heat in this hybrid solvent-based process. The lowest 

heating duty is for the hybrid solvents with an IL mass fraction of 0.6. Further decrease of IL 

mass fraction increases not only the solvent amount but also the energy usage for the increased 

work from the solvent pump and vacuum compressor.  

 

 

 

Therefore, [Bmim][OAc]-DEPG250 with IL mass fractions of 0.6 were selected for 

further study at higher CO2 purity in the recovered gas. It should be mentioned that CO2 purity 

in the recovered gas was adjusted by increasing solvent regeneration degree. However, the 

Figure 5.16 (a) Heating duty and cooling duty, (b) cost of CO2 capture from flue gas 

using different solvents when the CO2 purity of the recovered gas is 94%.  
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existence of the desorbed N2 makes it can not reach 95% CO2 purity. Therefore, 94% CO2 

purity was used in this work. The results are compared with those of the aqueous MEA solution. 

As we can see from Figure 5.16a, adding DEPG250 as a cosolvent greatly decreases the total 

heating duty by 53% compared with that of the aqueous MEA process. However, the cooling 

duty is greatly increased due to the large amount of circulated solvent used in the process. As 

a consequence, the utility costs of [Bmim][OAc]-DEPG250 with the IL mass fractions of 0.6 

decrease by 45% compared with that of aqueous MEA solution (Figure 5.16b). On the other 

hand, the annual capital cost (ACC) of [Bmim][OAc]-DEPG250 is higher than that of the 

aqueous MEA solution. One of the reasons is the high cost of gas compressors used in the 

absorption process. It is needed to compress the gas entering absorber because a slightly high 

pressure was used in the absorber in order to increase the gas absorption capacity in the 

absorption unit. Another reason is the high cost of the heat exchangers caused by the large 

solvent mass flow rate. The initial solvent cost only slightly affects ACC. Using hybrid solvents 

finally leads to a decreased total capture cost per 1000 kg CO2 captured. The capture cost of 

[Bmim][OAc]-DEPG250 with the IL mass fractions of 0.6 reduces 10% compared to that of 

aqueous MEA solution. The main advantage of using these hybrid solvents is that they require 

low regeneration temperature, which allows using low-grade waste heat to preheat and thus 

reduces the heating duty from steam.  

 

5.4  Thermodynamic modeling for IL-H2O binary systems  

This section is based on the appended Paper VII. The model based on the excess Gibbs free 

energy, as described in Section 4.2, was used to describe the macro properties and interpret the 

microstructures (real ionic strength, IL-dissociation, ionic hydration).  

5.4.1  Properties for modeling and model parameterizing  

Three typical halide-based IL-H2O systems with the same cation, i.e., 1-hexyl-3-

methylimidazolium ([Hmim]) but different sized anions, i.e., chloride (Cl−), bromide (Br−), 

and iodide (I−) were selected to carry out modeling. The thermodynamic model based on the 

excess Gibbs energy (GE)  was used to study the excess properties of these IL-H2O systems, 

including their osmotic coefficient and enthalpy of mixing.  

The molar enthalpy of mixing (Hm) of IL-H2O systems was newly measured by the TAM 

Air isothermal microcalorimeter (TA Instruments, USA). For the enthalpy of mixing Hm, 

according to the Gibbs-Helmholtz equation Eq. (5.4), the molar enthalpy of mixing Hm is 



 

70 

directly related to the temperature dependence of GE. The symmetric expression of GE was used 

to obtain Hm. 

 

The osmotic coefficient Φ is related to the true activities of solutes and water in the 

system. The practical osmotic coefficient is defined as the measured osmotic pressure divided 

by the ideal osmotic pressure. The relation between the practical osmotic coefficient and the 

activity of solvent (as)[110] is: 

 

where Φ(m) is the molality osmotic coefficient, Φ(x) is the rational osmotic coefficient, m is the 

molality of the solute, mol∙ kg-1, as is the activity of the solvent, xs is the real mole fraction of 

the solvent, and γs is the activity coefficient of the solvent.  

A two-loop iteration was used to obtain the thermodynamic properties (including activity 

coefficient γi ) and the composition zi of real species (cation, anion, hydrated anion, ion-pair, 

and H2O). The model parameterizing was depicted in Figure 5.17. The experimental values of 

Hm and Ф(m) were fitted together, and the objective function (OF) defined in Eq. (5.6) was used.  

 

where superscripts ex. and cal. represent experimental and calculated results, respectively. 
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Figure 5.17  Model parameterizing process. 
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5.4.2  Model comparison  

Figure 5.18 shows the comparison of model performance for these H2O-IL systems. The results 

show that, in general, the eNRTL model provides smaller or similar ARD compared to the 

NRTL model. This implies that an ion-based model should be used for describing the 

nonideality of these systems over the whole compositional range. The eNRTL model adding 

hydration equilibrium (eNRTLS1) slightly affects the model performance compared with the 

original eNRTL model (ARD: decreased from 14.79% to 14.37% for H2O-HmimCl system and 

changed from 43.19% to 42.20% for H2O-HmimBr system). The eNRTL model with strategy 

2 (eNRTLS2) significantly improves the model performance, e.g., ARD decreased from 14.79% 

to 8.05% for the H2O-HmimCl system. This implies that the consideration of IL association or 

dissociation is necessary.  

In addition, to investigate how the hydration number hw influences the model 

performance, the models (eNRTLS1 and eNRTLS2) with different hydration number, i.e., 2, 4, 

and 6 were studied. The results are also shown in Figure 5.18. The increased hw slightly affects 

the model performance of eNRTLS1 model, i.e., ARD changes from 14.54% to 14.37% when 

hw changes from 2 to 6. It means that the effect of hw in the eNRTLS1 model is negligible in 

representing these two properties over the entire compositional range. The effect of hw on the 

performance of the eNRTLS2 model is more significant than that in the eNRTLS1 model, but 

for different systems, the influence of hw is varied.  

 

 

 

Figure 5.18 The performance of different models for these 

H2O-IL systems. 
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5.4.3  Further analysis  

Herein, the ionic strength based on mole fraction Ix and the association degree αa with different 

apparent water contents xw based on different models and hydration numbers hw were further 

analyzed. The results are depicted in Figure 5.19a. Using the eNRTLS1 model, Ix continuously 

decreases with the increase of xw. While when using the eNRTLS2 model, the highest Ix occurs 

at xw ≈ 0.8-0.9 (xIL≈ 0.1-0.2). The αa for the H2O-HmimCl system at 298.15 K changing with 

xw is also shown in Figure 5.19a. hw significantly affects αa when using the eNRTLS2 model. 

When hw is 2, the dissociation is negligible over the entire compositional range (αa around 

100%). While when hw is 4, αa is 100% when xw is less than 0.4, and αa decreases to 85% when 

xw is 0.9. As we can see from Figure 5.18, setting hw to be 6 in the eNRTLS2 model agrees best 

with the experimental data for the H2O-HmimCl system. It means that when hw is 6, the model 

well describes the properties of the systems. Specifically, when xw is larger than 0.4, HmimCl 

starts to dissociate. When xw is close to 1, that is, at the HmimCl infinite dilution case, the 

dissociation degree of HmimCl reaches 100%, which means that HmimCl exists as ions. This 

result reveals how water content alters the microstructure in HmimCl quantitatively and how 

to control the water content to keep more HmimCl ion-pairs.  

 

 

 

Figure 5.19  (a) Ix and αa for H2O-HmimCl using different models with different hw at 

298.15 K; (b) Im for H2O-HmimCl at 303.15 K using eNRTLS2 model with different hw 

and the corresponding Λ.  
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The position of the extreme point of the electrical conductivity Λ for the H2O-HmimCl 

system is around xIL≈ 0.05. Figure 5.19b shows Im at 303.15 K using the eNRTLS2 model with 

different hydration numbers. The extreme point of Im occurs at xIL≈ 0.1-0.2. With increasing 

hydration number, the extreme value of Im increases, and the position of the extreme point 

moves towards a more diluted IL solution. Obviously, Λ is closely related to Im, especially 

when the hydration number is 6. Figure 5.20 shows the link between the true Im using the 

eNRTLS2 model by setting hw as 6. When 0<xw<0.9, Λ is linearly related (coefficient of 

determination R-Square R2: 0.989) to Im. While in the region of 0.9<xw<1, there is a polynomial 

relation (R2: 0.997) between Λ and Im. The turning point xw=0.9 is the position of the extreme 

point of Im. This correlation between Λ and Im gives the possibility of quantitatively predicting 

Λ from other macro properties such as Hm. 

 

 

 

 

 

 

 

Figure 5.20  The correlation between the true Im using eNRTLS2 model 

(hw=6) and the electrical conductivity for H2O (1) + HmimCl (2). 
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6.1  Conclusions  

This thesis studied the potential of IL-/DES-based hybrid solvents for CO2 separation from gas 

mixtures, including biogas and flue gas. The systematic methodology built up in this work was 

used to investigate several specific IL/DES, and the following conclusions can be made.   

The use of aqueous ChCl/Urea for CO2 separation from biogas results in lower energy 

usage and less environmental impact than the traditional high-pressure water scrubbing. 

Compared with several commercial physical solvents, in the scenario of building up a new 

biogas upgrading plant, the uses of aqueous ChCl/Urea and propylene carbonate (PC) show the 

lowest cost and energy usage, while in the scenario of retrofitting an existing upgrading process, 

the cost of using aqueous ChCl/Urea is slightly higher than the lowest one (PC). The use of 

aqueous [Bmmorp][OAc] for CO2 separation from biogas further decreases the energy usage 

and size of equipment compared with PC or aqueous ChCl/Urea. The modified process using 

this aqueous [Bmmorp][OAc] (20 wt.% water) exhibits a 24.7% lower cost than the original 

high-pressure water scrubbing. 

For CO2 capture from post-combustion flue gas, [Bmim][OAc]-DEPG250 hybrid solvent 

significantly decreases the utility cost by 45%, compared with the aqueous MEA process. The 

reason is that this hybrid solvent requires lower regeneration temperature compared with the 

amine-based process, allowing to use of low-grade energy for solvent regeneration. However, 

because of the increased equipment cost, especially the high cost of the compressor and heat 

exchanger, the capture cost only reduces by 10%.  

The cosolvent greatly affects the properties resulting in a great change in energy usage, 

equipment size, and cost for CO2 separation. In the study of using aqueous ChCl/Urea solution 

for CO2 separation from biogas, as the water content reaches 50 wt.% in aqueous ChCl/Urea, 

the energy usage and environmental impact are the lowest among all the investigated water 

contents. Either increasing or decreasing the water content leads to an increase in energy usage 

and environmental impact, which is the dual effect of selectivity and CO2 absorption capacity. 

For the use of aqueous [Bmmorp][OAc] for CO2 separation from biogas, the solvent with 20 

wt.% of water shows better performance than the solvent with other water contents. Using 

[Bmim][OAc]-cosolvent for CO2 capture from flue gas, under the same condition, DEPG250 

as a cosolvent shows a higher CO2 absorption capacity than the other two cosolvents (water, 
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PC). In addition, [Bmim][OAc]-DEPG250 with an IL mass fraction of 0.6 utilizes the lowest 

heating duty than the other IL mass fractions.  

The effect of solvent properties on energy usage and cost reveals that CO2 solubility, 

selectivity, and viscosity are three key properties in the development of novel physical solvents 

for CO2 separation, while surface tension and density play a minor role. A new solvent 

screening index, correlating the properties (i.e., viscosity, selectivity, Henry’s constant, and 

molecular weight) and cost, provides a fast and quantitative criterion for solvent screening for 

CO2 separation from biogas, free from the steps of process simulation and cost estimation.   

The peculiar effects of water on the microstructure of IL/DES owing to the competition 

of ionic hydration and IL/DES-dissociation are revealed by the summary of the state-the-art 

research of experimental and mechanistic studies of various IL/DES-H2O systems. The 

modeling results of the IL-H2O binary system using the excess Gibbs energy models, including 

new strategies (association or hydration) recommend the ion-based models rather than 

molecule-based one. The model reflecting the intrinsic mechanism of dissociation and 

hydration competition gives the best modeling results.  
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6.2  Future work  

The recommendations of further research works are summarized below.   

 A comprehensive study from lab-scale testing the properties including CO2 absorption 

capacity to process evaluation of DES/IL-based CO2 separation was investigated, but the 

studied gas streams only included CO2, CH4 and other non-acid gas (N2, O2). It would be 

of interest to study the solubility of other acid gases such as SO2 and H2S and to investigate 

the influence on the performance of CO2 separation when these acid gases exist.  

 The conventional ILs were studied in CO2 separation from post-combustion flue gas. The 

adjustment of the traditional process, such as slightly increasing absorption pressures, was 

applied to increase absorption capacity. It would be of importance to introduce new 

functionalized ILs-formulated solvents such as the superbase-based IL-formulated solvents 

to maintain the same operating condition as the amine process.  

 Owing to the diversity of the process, the corresponding relationship between the new 

solvent screening “comparative absorption factor” and total cost may vary; thus, research 

in this area needs to be continued in future work.  

 The performance of DES/IL-based solvents for CO2 separation from biogas and post-

combustion flue gas was studied from the aspects of energy and cost. It would be interesting 

to study the use of DES/IL-based solvents for CO2 capture from bio-syngas as the first step 

towards negative emission and to carry out system analysis combining biomass gasification 

and CO2 capture (Bio-CCUS).  

 The model reflecting the intrinsic mechanism of dissociation and hydration competition 

gives the best modeling results for typical halide-based IL-H2O systems. It would be 

interesting to investigate the models applied in choline chloride-based DES-H2O systems. 

The models, including both dissociation and hydration equilibria, could be interesting to 

link the thermodynamic models to molecular simulation.  

 

 

 



 

78 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 



 

79 

[1] IPCC. Climate Change 2014: Mitigation of Climate Change. Working Group III Contribution to the Fifth 
Assessment Report of the Intergovernmental Panel on Climate Change. 2014.  

[2] Eggleton T. A Short Introduction to Climate Change. Cambridge University Press; 2013. p. 52.ISBN 
9781107618763. 

[3] Trends in Atmospheric Carbon Dioxide: Monthly Average Mauna Loa CO2. 
https://www.esrl.noaa.gov/gmd/ccgg/trends/. 2021. 

[4] Steffen W, Richardson K, Rockström J, Cornell SE, Fetzer I, Bennett EM, Biggs R, Carpenter SR, de Vries 
W, de Wit CA, Folke C, Gerten D, Heinke J, Mace GM, Persson LM, Ramanathan V, Reyers B, Sörlin S. Planetary 
boundaries: Guiding human development on a changing planet. Science. 2015;347:12598551-125985510. 

[5] COP21. The 2015 United Nations Climate Change Conference. 2015. http://www.cop21.gouv.fr/en/. 

[6] Change IPoC. Climate change 2014: Mitigation of climate change. Cambridge University Press; 2015. 

[7] Fuss S, Canadell JG, Peters GP, Tavoni M, Andrew RM, Ciais P, Jackson RB, Jones CD, Kraxner F, 
Nakicenovic N, Le Quéré C, Raupach MR, Sharifi A, Smith P, Yamagata Y. Betting on negative emissions. Nature 
Climate Change. 2014;4:850. 

[8] Gasser T, Guivarch C, Tachiiri K, Jones CD, Ciais P. Negative emissions physically needed to keep global 
warming below 2 °C. Nature Communications. 2015;6:7958. 

[9] Rockström J, Gaffney O, Rogelj J, Meinshausen M, Nakicenovic N, Schellnhuber HJ. A roadmap for rapid 
decarbonization. Science. 2017;355:1269-1271. 

[10] Sun Q, Li H, Yan J, Liu L, Yu Z, Yu X. Selection of appropriate biogas upgrading technology-a review of 
biogas cleaning, upgrading and utilisation. Renewable and Sustainable Energy Reviews. 2015;51:521-532. 

[11] Miltner M, Makaruk A, Harasek M. Review on available biogas upgrading technologies and innovations 
towards advanced solutions. Journal of Cleaner Production. 2017;161:1329-1337. 

[12] Persson M, Jonsson O, Wellinger A. Biogas Upgrading to Vehicle Fuel Standards and Grid Injection. 2006.  

[13] Svensson M, Hoyer K, Energiforsk, Murphy JD. IEA Bioenergy Task 37 - Country Reports Summary 2016. 
2017.  

[14] Bui M, Adjiman CS, Bardow A, Anthony EJ, Boston A, Brown S, Fennell PS, Fuss S, Galindo A, Hackett 
LA, Hallett JP, Herzog HJ, Jackson G, Kemper J, Krevor S, Maitland GC, Matuszewski M, Metcalfe IS, Petit C, 
Puxty G, Reimer J, Reiner DM, Rubin ES, Scott SA, Shah N, Smit B, Trusler JPM, Webley P, Wilcox J, Mac 
Dowell N. Carbon capture and storage (CCS): the way forward. Energy & Environmental Science. 2018;11:1062-
1176. 

[15] Kemper J. Biomass and carbon dioxide capture and storage: A review. International Journal of Greenhouse 
Gas Control. 2015;40:401-430. 

[16] Vitillo JG, Smit B, Gagliardi L. Introduction: Carbon Capture and Separation. Chemical Reviews. 
2017;117:9521-9523. 

[17] Yang L, Xu M, Yang Y, Fan J, Zhang X. Comparison of subsidy schemes for carbon capture utilization and 
storage (CCUS) investment based on real option approach: Evidence from China. Applied Energy. 
2019;255:113828. 

[18] Carminati HB, Milão RdFD, de Medeiros JL, Araújo OdQF. Bioenergy and full carbon dioxide sinking in 
sugarcane-biorefinery with post-combustion capture and storage: Techno-economic feasibility. Applied Energy. 
2019;254:113633. 



 

80 

[19] Rao AB, Rubin ES. A Technical, Economic, and Environmental Assessment of Amine-Based CO2 Capture 
Technology for Power Plant Greenhouse Gas Control. Environmental Science & Technology. 2002;36:4467-4475. 

[20] Petersson A, Wellinger A. Biogas upgrading technologies-developments and innovations. IEA Bioenergy. 
2009. 

[21] Cozma P, Ghinea C, Mămăligă I, Wukovits W, Friedl A, Gavrilescu M. Environmental Impact Assessment 
of High Pressure Water Scrubbing Biogas Upgrading Technology. CLEAN – Soil, Air, Water. 2013;41:917-927. 

[22] Seo S, Quiroz-Guzman M, DeSilva MA, Lee TB, Huang Y, Goodrich BF, Schneider WF, Brennecke JF. 
Chemically Tunable Ionic Liquids with Aprotic Heterocyclic Anion (AHA) for CO2 Capture. J Phys Chem B. 
2014;118:5740-5751. 

[23] Ventura SPM, Pauly J, Daridon JL, da Silva JAL, Marrucho IM, Dias AMA, Coutinho JAP. High pressure 
solubility data of carbon dioxide in (tri-iso-butyl(methyl)phosphonium tosylate plus water) systems. J Chem 
Thermodyn. 2008;40:1187-1192. 

[24] Wang GN, Hou WL, Xiao F, Geng JA, Wu YT, Zhang ZB. Low-Viscosity Triethylbutylammonium Acetate 
as a Task-Specific Ionic Liquid for Reversible CO2 Absorption. J Chem Eng Data. 2011;56:1125-1133. 

[25] Bermejo MD, Montero M, Saez E, Florusse LJ, Kotlewska AJ, Cocero MJ, van Rantwijk F, Peters CJ. Liquid-
Vapor Equilibrium of the Systems Butylmethylimidazolium Nitrate-CO2 and Hydroxypropylmethylimidazolium 
Nitrate-CO2 at High Pressure: Influence of Water on the Phase Behavior. J Phys Chem B. 2008;112:13532-13541. 

[26] Wilkes JS. A short history of ionic liquids - from molten salts to neoteric solvents. Green Chemistry. 
2002;4:73-80. 

[27] Welton T. Room-temperature ionic liquids. Solvents for synthesis and catalysis. Chemical Reviews. 
1999;99:2071-2083. 

[28] Blanchard LA, Hancu D, Beckman EJ, Brennecke JF. Green processing using ionic liquids and CO2. Nature. 
1999;399:28-29. 

[29] Berthod A, Ruiz-Angel M, Carda-Broch S. Ionic liquids in separation techniques. Journal of Chromatography 
A. 2008;1184:6-18. 

[30] Lewandowski A, Swiderska-Mocek A. Ionic liquids as electrolytes for Li-ion batteries-An overview of 
electrochemical studies. Journal of Power Sources. 2009;194:601-609. 

[31] Raut DG, Sundman O, Su W, Virtanen P, Sugano Y, Kordas K, Mikkola J-P. A morpholinium ionic liquid 
for cellulose dissolution. Carbohydrate Polymers. 2015;130:18-25. 

[32] Plechkova NV, Seddon KR. Applications of ionic liquids in the chemical industry. Chemical Society Reviews. 
2008;37:123-150. 

[33] Rogers RD, Seddon KR. Ionic Liquids--Solvents of the Future? 2003;302:792-793. 

[34] Bates ED, Mayton RD, Ntai I, Davis JH. CO2 Capture by a Task-Specific Ionic Liquid. Journal of the 
American Chemical Society. 2002;124:926-927. 

[35] Lee SG. Functionalized imidazolium salts for task-specific ionic liquids and their applications. Chemical 
Communications. 2006:1049-1063. 

[36] Yan H, Zhao L, Bai Y, Li F, Dong H, Wang H, Zhang X, Zeng S. Superbase Ionic Liquid-Based Deep 
Eutectic Solvents for Improving CO2 Absorption. ACS Sustainable Chemistry & Engineering. 2020;8:2523-2530. 

[37] Smith EL, Abbott AP, Ryder KS. Deep eutectic solvents (DESs) and their applications. Chemical reviews. 
2014;114:11060-11082. 

[38] Abbott AP, Capper G, Davies DL, Rasheed RK, Tambyrajah V. Novel solvent properties of choline 
chloride/urea mixtures. Chemical Communications. 2003:70-71. 



 

81 

[39] García G, Aparicio S, Ullah R, Atilhan M. Deep Eutectic Solvents: Physicochemical Properties and Gas 
Separation Applications. Energy & Fuels. 2015;29:2816-2644. 

[40] Li X, Hou M, Han B, Wang X, Zou L. Solubility of CO2 in a Choline Chloride + Urea Eutectic Mixture. 
Journal of Chemical & Engineering Data. 2008;53:548-550. 

[41] Yan H, Zhao L, Bai YG, Li FF, Dong HF, Wang H, Zhang XP, Zeng SJ. Superbase Ionic Liquid-Based Deep 
Eutectic Solvents for Improving CO2 Absorption. Acs Sustainable Chemistry & Engineering. 2020;8:2523-2530. 

[42] Cui G, Lv M, Yang DZ. Efficient CO2 absorption by azolide-based deep eutectic solvents. Chemical 
Communications. 2019;55:1426-1429. 

[43] Sarmad S, Xie Y, Mikkola J-P, Ji X. Screening of deep eutectic solvents (DESs) as green CO2 sorbents: from 
solubility to viscosity. New Journal of Chemistry. 2017;41:290-301. 

[44] Shah D, Mjalli FS. Effect of water on the thermo-physical properties of Reline: An experimental and 
molecular simulation based approach. Physical Chemistry Chemical Physics. 2014;16:23900-23907. 

[45] Xie Y, Dong H, Zhang S, Lu X, Ji X. Effect of Water on the Density, Viscosity, and CO2 Solubility in 
Choline Chloride/Urea. Journal of Chemical & Engineering Data. 2014;59:3344-3352. 

[46] Yadav A, Pandey S. Densities and Viscosities of (Choline Chloride + Urea) Deep Eutectic Solvent and Its 
Aqueous Mixtures in the Temperature Range 293.15 K to 363.15 K. Journal of Chemical & Engineering Data. 
2014;59:2221-2229. 

[47] Li X, Hou M, Zhang Z, Han B, Yang G, Wang X, Zou L. Absorption of CO2 by ionic liquid/polyethylene 
glycol mixture and the thermodynamic parameters. Green Chemistry. 2008;10:879-884. 

[48] Liu S, Li H, Chen Y, Yang Z, Wang H, Ji X, Lu X. Improved CO2 separation performance of aqueous 
choline-glycine solution by partially replacing water with polyethylene glycol. Fluid Phase Equilibria. 
2019;495:12-20. 

[49] Lepre LF, Pison L, Siqueira LJA, Ando RA, Costa Gomes MF. Improvement of carbon dioxide absorption 
by mixing poly(ethylene glycol) dimethyl ether with ammonium-based ionic liquids. Separation and Purification 
Technology. 2018;196:10-19. 

[50] Basha OM, Keller MJ, Luebke DR, Resnik KP, Morsi BI. Development of a Conceptual Process for Selective 
CO2 Capture from Fuel Gas Streams Using [hmim][Tf2N] Ionic Liquid as a Physical Solvent. Energy & Fuels. 
2013;27:3905-3917. 

[51] Basha OM, Heintz YJ, Keller MJ, Luebke DR, Resnik KP, Morsi BI. Development of a conceptual process 
for selective capture of CO2 from fuel gas streams using two TEGO ionic liquids as physical solvents. Industrial 
and Engineering Chemistry Research. 2014;53:3184-3195. 

[52] Liu X, Huang Y, Zhao Y, Gani R, Zhang X, Zhang S. Ionic Liquid Design and Process Simulation for 
Decarbonization of Shale Gas. Industrial & Engineering Chemistry Research. 2016;55:5931-5944. 

[53] Nguyen TBH, Zondervan E. Ionic Liquid as a Selective Capture Method of CO2 from Different Sources: 
Comparison with MEA. ACS Sustainable Chemistry & Engineering. 2018;6:4845-4853. 

[54] Xie Y, Ma C, Lu X, Ji X. Evaluation of imidazolium-based ionic liquids for biogas upgrading. Appl Energy. 
2016;175:69-81. 

[55] Shiflett MB, Drew DW, Cantini RA, Yokozeki A. Carbon Dioxide Capture Using Ionic Liquid 1-Butyl-3-
methylimidazolium Acetate. Energy & Fuels. 2010;24:5781-5789. 

[56] Ma T, Wang J, Du Z, Abdeltawab AA, Al-Enizi AM, Chen X, Yu G. A process simulation study of CO2 
capture by ionic liquids. International Journal of Greenhouse Gas Control. 2017;58:223-231. 

[57] Akinola TE, Oko E, Wang M. Study of CO2 removal in natural gas process using mixture of ionic liquid and 
MEA through process simulation. Fuel. 2019;236:135-146. 



 

82 

[58] Taheri M, Dai C, Lei Z. CO2 capture by methanol, ionic liquid, and their binary mixtures: Experiments, 
modeling, and process simulation. 2018;64:2168-2180. 

[59] Hospital-Benito D, Lemus J, Moya C, Santiago R, Ferro VR, Palomar J. Techno-economic feasibility of ionic 
liquids-based CO2 chemical capture processes. Chemical Engineering Journal. 2021;407:127196. 

[60] García-Gutiérrez P, Jacquemin J, McCrellis C, Dimitriou I, Taylor SFR, Hardacre C, Allen RWK. Techno-
Economic Feasibility of Selective CO2 Capture Processes from Biogas Streams Using Ionic Liquids as Physical 
Absorbents. Energy and Fuels. 2016;30:5052-5064. 

[61] Aldawsari JN, Adeyemi IA, Bessadok-Jemai A, Ali E, AlNashef IM, Hadj-Kali MK. Polyethylene glycol-
based deep eutectic solvents as a novel agent for natural gas sweetening. Plos One. 2020;15. 

[62] Khonkaen K, Siemanond K, Henni A. Simulation of Carbon Dioxide Capture Using Ionic Liquid 
1-Ethyl-3-methylimidazolium Acetate. In: Klemeš JJ, Varbanov PS, Liew PY, editors. Computer Aided 
Chemical Engineering. Elsevier; 2014. p. 1045-1050.1570-7946. 

[63] Ma Y, Gao J, Wang Y, Hu J, Cui P. Ionic liquid-based CO2 capture in power plants for low carbon emissions. 
International Journal of Greenhouse Gas Control. 2018;75:134-139. 

[64] Xu Y, Huang Y, Wu B, Zhang X, Zhang S. Biogas upgrading technologies: Energetic analysis and 
environmental impact assessment. Chinese Journal of Chemical Engineering. 2015;23:247-254. 

[65] Xie Y, Björkmalm J, Ma C, Willquist K, Yngvesson J, Wallberg O, Ji X. Techno-economic evaluation of 
biogas upgrading using ionic liquids in comparison with industrially used technology in Scandinavian anaerobic 
digestion plants. Applied Energy. 2018;227:742-750. 

[66] Huang Y, Zhang X, Zhang X, Dong H, Zhang S. Thermodynamic Modeling and Assessment of Ionic Liquid-
Based CO2 Capture Processes. Industrial & Engineering Chemistry Research. 2014;53:11805-11817. 

[67] Yang J, Yu X, Yan J, Tu S-T. CO2 Capture Using Amine Solution Mixed with Ionic Liquid. Industrial & 
Engineering Chemistry Research. 2014;53:2790-2799. 

[68] Brennecke JE, Gurkan BE. Ionic Liquids for CO2 Capture and Emission Reduction. Journal of Physical 
Chemistry Letters. 2010;1:3459-3464. 

[69] de Riva J, Ferro V, Moya C, Stadtherr MA, Brennecke JF, Palomar J. Aspen Plus supported analysis of the 
post-combustion CO2 capture by chemical absorption using the [P2228][CNPyr] and [P66614][CNPyr]AHA 
Ionic Liquids. International Journal of Greenhouse Gas Control. 2018;78:94-102. 

[70] Valderrama JO, Robles PA. Critical Properties, Normal Boiling Temperatures, and Acentric Factors of Fifty 
Ionic Liquids. Industrial & Engineering Chemistry Research. 2007;46:1338-1344. 

[71] Valderrama JO, Sanga WW, Lazzús JA. Critical Properties, Normal Boiling Temperature, and Acentric 
Factor of Another 200 Ionic Liquids. Industrial & Engineering Chemistry Research. 2008;47:1318-1330. 

[72] Klamt A. Conductor-like Screening Model for Real Solvents: A New Approach to the Quantitative 
Calculation of Solvation Phenomena. Journal of Physical Chemistry. 1995;99:2224-2235. 

[73] Klamt A, Jonas V, Bürger T, Lohrenz JCW. Refinement and parameterization of COSMO-RS. Journal of 
Physical Chemistry A. 1998;102:5074–5085. 

[74] Lee B-S, Lin S-T. Screening of ionic liquids for CO2 capture using the COSMO-SAC model. Chemical 
Engineering Science. 2015;121:157-168. 

[75] Palomar J, Ferro VR, Torrecilla JS, Rodríguez F. Density and Molar Volume Predictions Using COSMO-RS 
for Ionic Liquids. An Approach to Solvent Design. Industrial & Engineering Chemistry Research. 2007;46:6041-
6048. 



 

83 

[76] Liu Y-R, Thomsen K, Nie Y, Zhang S-J, Meyer AS. Predictive screening of ionic liquids for dissolving 
cellulose and experimental verification. Green Chemistry. 2016;18:6246-6254. 

[77] Sarmad S, Xie YJ, Mikkola JP, Ji XY. Screening of deep eutectic solvents (DESs) as green CO2 sorbents: 
from solubility to viscosity. New Journal of Chemistry. 2017;41:290-301. 

[78] Eckert F, Klamt A. Fast solvent screening via quantum chemistry: COSMO-RS approach. AIChE Journal. 
2002;48:369-385. 

[79] Brelvi SW, O'Connell JP. Correspondling states correlations for liquid compressibility and partial molal 
volumes of gases at infinite dilution in liquids. AIChE Journal. 1972;18:1239-1243. 

[80] Ma C, Xie Y, Ji X, Liu C, Lu X. Modeling, simulation and evaluation of biogas upgrading using aqueous 
choline chloride/urea. Applied Energy. 2018;229:1269-1283. 

[81] Mirzaei S, Shamiri A, Aroua MK. Simulation of Aqueous Blend of Monoethanolamine and Glycerol for 
Carbon Dioxide Capture from Flue Gas. Energy & Fuels. 2016;30:9540-9553. 

[82] Whitman WG. The two-film theory of gas absorption. Chem Metall Eng. 1923;29:146-148. 

[83] Richardson JF, Harker JH, Backhurst JR. CHAPTER 12 - Absorption of Gases. In: Richardson JF, 
Harker JH, Backhurst JR, editors. Chemical Engineering (Fifth Edition). Oxford: Butterworth-
Heinemann; 2002. p. 656-720.978-0-08-049064-9. 

[84] Onda K, Takeuchi H, Okumoto Y. Mass transfer coefficients between gas and liquid phases in packed 
columns. Journal of Chemical Engineering of Japan. 1968;1:56-62. 

[85] Nock WJ, Walker M, Kapoor R, Heaven S. Modeling the Water Scrubbing Process and Energy Requirements 
for CO2 Capture to Upgrade Biogas to Biomethane. Industrial & Engineering Chemistry Research. 
2014;53:12783-12792. 

[86] Bauer F, Hulteberg C, Persson T, Tamm D. Biogas upgrading-Review of commercial technologies. SGC 
Rapport. 2013. 

[87] Wu DW, Wang RZ. Combined cooling, heating and power: A review. Progress in Energy and Combustion 
Science. 2006;32:459-495. 

[88] Honorio L, Bartaire J-G, Bauerschmidt R, Ohman T, Tihanyi Z, Zeinhofer H, Scowcroft JF, Janeiro VD, 
Kruger H, Meier H-J, Offermann D, Langnickel U. Efficiency in Electricity Generation 2003.  

[89] Scholz M, Frank B, Stockmeier F, Falß S, Wessling M. Techno-economic Analysis of Hybrid Processes for 
Biogas Upgrading. Industrial & Engineering Chemistry Research. 2013;52:16929-16938. 

[90] Haider MB, Jha D, Sivagnanam BM, Kumar R. Thermodynamic and Kinetic Studies of CO2 Capture by 
Glycol and Amine-Based Deep Eutectic Solvents. J Chem Eng Data. 2018;63:2671-2680. 

[91] Zhang X, Li C, Fu C, Zhang S. Environmental Impact Assessment of Chemical Process Using the Green 
Degree Method. Industrial & Engineering Chemistry Research. 2008;47:1085-1094. 

[92] Yan R, Li Z, Diao Y, Fu C, Wang H, Li C, Chen Q, Zhang X, Zhang S. Green process for methacrolein 
separation with ionic liquids in the production of methyl methacrylate. AIChE Journal. 2011;57:2388-2396. 

[93] Cozma P, Wukovits W, Mămăligă I, Friedl A, Gavrilescu M. Modeling and simulation of high pressure water 
scrubbing technology applied for biogas upgrading. Clean Techn Environ Policy. 2015;17:373-391. 

[94] Zhang X, Hu D. Performance analysis of the single-stage absorption heat transformer using a new working 
pair composed of ionic liquid and water. Applied Thermal Engineering. 2012;37:129-135. 

[95] Xia S, Baker GA, Li H, Ravula S, Zhao H. Aqueous Ionic Liquids and Deep Eutectic Solvents for Cellulosic 
Biomass Pretreatment and Saccharification. RSC advances. 2014;4:10586-10596. 



 

84 

[96] Huang M-M, Jiang Y, Sasisanker P, Driver GW, Weingärtner H. Static Relative Dielectric Permittivities of 
Ionic Liquids at 25 °C. Journal of Chemical & Engineering Data. 2011;56:1494-1499. 

[97] Chen C-C, Britt HI, Boston JF, Evans LB. Local composition model for excess Gibbs energy of electrolyte 
systems. Part I: Single solvent, single completely dissociated electrolyte systems. AIChE Journal. 1982;28:588-
596. 

[98] Bollas GM, Chen CC, Barton PI. Refined electrolyte-NRTL model: Activity coefficient expressions for 
application to multi-electrolyte systems. 2008;54:1608-1624. 

[99] Pitzer KS, Simonson JM. Thermodynamics of multicomponent, miscible, ionic systems: theory and equations. 
The Journal of Physical Chemistry. 1986;90:3005-3009. 

[100] Chen C-C, Bokis CP, Mathias P. Segment-based excess Gibbs energy model for aqueous organic 
electrolytes. 2001;47:2593-2602. 

[101] Su WC. Application of the deep eutectic solvent in CO2 capture. Tai wan: National Tsing-Hua University; 
2009. 

[102] Leron RB, Caparanga A, Li M-H. Carbon dioxide solubility in a deep eutectic solvent based on choline 
chloride and urea at T=303.15–343.15K and moderate pressures. Journal of the Taiwan Institute of Chemical 
Engineers. 2013;44:879-885. 

[103] Ji X, Xie Y, Zhang Y, Lu X. CO2 capture/separation using choline chloride-based ionic liquids.  13th 
International Conference on Properties and Phase Equilibria for Products and Process Design (PPEPPD). Iguazu 
Falls, Argentina, Brazil2013. 

[104] Li W-G. Effects of viscosity of fluids on centrifugal pump performance and flow pattern in the impeller. 
International Journal of Heat and Fluid Flow. 2000;21:207-212. 

[105] Gotz M, Koppel W, Reimert R, Graf F. Potential to Optimize Scrubbers for Biogas Cleaning Part 1-Physical 
Scrubbers. Chemie Ingenieur Technik. 2011;83:858-866. 

[106] Götz M, Ortloff F, Reimert R, Basha O, Morsi BI, Kolb T. Evaluation of Organic and Ionic Liquids for 
Three-Phase Methanation and Biogas Purification Processes. Energy & Fuels. 2013;27:4705-4716. 

[107] Xie Y, Ma C, Lu X, Ji X. Evaluation of imidazolium-based ionic liquids for biogas upgrading. Applied 
Energy. 2016;175:69-81. 

[108] Sumon KZ, Henni A. Ionic liquids for CO2 capture using COSMO-RS: Effect of structure, properties and 
molecular interactions on solubility and selectivity. Fluid Phase Equilibr. 2011;310:39-55. 

[109] Yokozeki A, Shiflett MB, Junk CP, Grieco LM, Foo T. Physical and Chemical Absorptions of Carbon 
Dioxide in Room-Temperature Ionic Liquids. The Journal of Physical Chemistry B. 2008;112:16654-16663. 

[110] Kalyuzhnyi YV, Vlachy V, Dill KA. Aqueous alkali halide solutions: can osmotic coefficients be explained 
on the basis of the ionic sizes alone? Physical Chemistry Chemical Physics. 2010;12:6260-6266. 



DOCTORA L  T H E S I S

C
hunyan M

a   H
ybrid Solvents based on Ionic Liquids/D

eep E
utectic Solvents for C

O
2  Separation  

Department of Engineering Sciences and Mathematics
Division of Energy Science

ISSN 1402-1544
ISBN 978-91-7790-783-1 (print)
ISBN 978-91-7790-784-8 (pdf)

Luleå University of Technology 2021

Hybrid Solvents based on Ionic Liquids/
Deep Eutectic Solvents for CO

2
 

Separation
Experiments, Modeling, Process Simulation and Evaluation

Chunyan Ma

Energy Engineering

Tryck: Lenanders Grafiska, 135602

135602 LTU_Ma.indd   Alla sidor135602 LTU_Ma.indd   Alla sidor 2021-04-07   10:412021-04-07   10:41


	135602_inl_Chunyan_Thesis_update.pdf
	Preview_appended paper.pdf
	Paper I_CY.pdf
	Modeling, simulation and evaluation of biogas upgrading using aqueous choline chloride/urea
	1 Introduction
	2 Thermophysical properties and phase equilibria
	2.1 Properties of pure components
	2.1.1 Critical properties of ChCl/Urea (1:2)
	2.1.2 Temperature-dependent properties of ChCl/Urea (1:2)

	2.2 Properties of aqueous ChCl/Urea (1:2) solutions
	2.3 Phase equilibria
	2.3.1 Theory
	2.3.2 Parameters for calculating phase equilibrium
	2.3.2.1 Solubility of CO2 in ChCl/Urea (1:2)
	2.3.2.2 Solubility of CH4 in ChCl/Urea (1:2)
	2.3.2.3 Properties and vapor-liquid equilibrium (VLE) of ChCl/Urea (1:2)-H2O binary system
	2.3.2.4 Gas solubility and selectivity in aqueous ChCl/Urea (1:2)



	3 Process simulation and evaluation for biogas upgrading
	3.1 Process description for biogas upgrading
	3.2 Validation of process simulation based on HPWS
	3.3 Process simulation of biogas upgrading with aqueous ChCl/Urea (1:2)
	3.3.1 Sensitivity analysis for finding reasonable operating conditions
	3.3.1.1 L/G and Nab
	3.3.1.2 Pflash
	3.3.1.3 AFR/G

	3.3.2 Energy utilization
	3.3.3 Diameters and pressure drop of the absorber and desorber
	3.3.4 Environmental assessment


	4 Conclusion
	Acknowledgements
	References


	Blank Page
	Blank Page
	Paper II_CY.pdf
	Techno-economic analysis and performance comparison of aqueous deep eutectic solvent and other physical absorbents for biogas upgrading
	Introduction
	Methodologies
	Process description
	Phase equilibria and mass transfer
	Cost estimation

	Results and discussion
	Comparison of properties of different physical solvents
	Performance comparison based on equilibrium and rate-based approaches
	Performance comparison based on equilibrium approach
	Performance comparison based on rate-based approach
	Comparison of equilibrium and rate-based approaches

	Cost estimation and comparison based on rate-based approach
	Specific cost based on the same plant capacity
	Specific cost based on the same size of equipment


	Conclusions
	Acknowledgements
	References

	Paper II_c_CY.pdf
	Techno-economic analysis and performance comparison of aqueous deep eutectic solvent and other physical absorbents for biogas upgrading


	Blank Page
	Blank Page
	Blank Page
	Paper IV_CY.pdf
	Improving high-pressure water scrubbing through process integration and solvent selection for biogas upgrading
	1 Introduction
	2 Methodologies
	2.1 Process design and optimization
	2.2 Process simulation and design parameters
	2.3 Cost estimation

	3 Results and discussion
	3.1 Comparison of different scenarios
	3.2 The effect of temperature of heat sources on the cost in scenario 3
	3.3 The effect of different solvents on the performance with scenario 3
	3.3.1 Based on equilibrium approach
	3.3.2 Based on rate-based approach

	3.4 Solvent screening based on scenario 3
	3.4.1 Selection of parameters of physical properties
	3.4.2 New index for solvent screening


	4 Conclusion
	CRediT authorship contribution statement
	Declaration of Competing Interest
	Acknowledgements
	Appendix A Supplementary material
	References
	Glossary


	Blank Page
	Blank Page
	Blank Page
	Blank Page
	Blank Page
	Blank Page

	Blank Page




