
LICENTIATE  T H E S I S

ISSN 1402-1757
ISBN 978-91-7790-850-0 (print)
ISBN 978-91-7790-851-7 (pdf)

Luleå University of Technology 2021

N
an W

ang   C
O

2  Separation – from
 A

queous A
m

ine Solvent to Ionic Liquid-based Solvent 

Department of Engineering Science and Mathematics
Division of Energy Science

CO
2
 Separation

– from Aqueous Amine Solvent 
to Ionic Liquid-based Solvent

Nan Wang

Energy Engineering

Tryck: Lenanders Grafiska, 136905

136905 LTU_Wang.indd   Alla sidor136905 LTU_Wang.indd   Alla sidor 2021-05-17   11:472021-05-17   11:47



 
 

Licentiate Thesis 

 

 

 

CO2 Separation - from Aqueous Amine 

Solvent to Ionic Liquid-based solvent 

 

 

 

 

 

 

 

 

 

Nan Wang 

June 2021 

Division of Energy Science 

Department of Engineering Sciences and Mathematics 

Luleå University of technology



i 
 

Abstract 

CO2 separation is one of the most important roles in CO2 mitigation target as many human 

production activities (e.g., cement, iron and steel, and biogas productions) cause CO2 emissions. 

The solvent-based absorption is the most mature technology for CO2 separation, where different 

solvents capture CO2 either in chemical or physical absorptions. However, different solvents 

used in the process always suffer from various problems. For example, the high energy penalty 

for solvent regeneration, the high solvent loss caused by high volatility and the solvent 

degradation, and the equipment corrosion are the major concerns of chemical solvent. For the 

physical solvents, the co-absorption of components other than CO2 reduces the solvent 

selectivity and increases the operation complexity. Therefore, deeper knowledge about the 

developed process and new solvent development are the two major ways of overcoming the 

above-mentioned problems. The goal of this work was to perform systematic studies on both 

conventional process and novel solvent system(s) for CO2 separation. 

The CO2 separation with MEA-based process was selected in the field of the conventional 

approach to capture CO2 from the industrial flues gases. The MEA solvent concentration was 

identified first, and the effect of three selected parameters, i.e., CO2 concentration, gas flow 

rate, and CO2 removal rate on capital cost, operational cost, and annual total cost, was evaluated 

to reduce the energy demand and process cost. 20% MEA solvent is identified as the optimal 

concentration. According to the parameter study, the CO2 concentration shows the most 

significant effect, followed by the gas flow rate, and the CO2 removal rate causes the smallest 

effect. When varying the selected parameters, CAPEX has a greater change in percentage value 

than OPEX; however, OPEX was the most important one to the total cost owing to its larger 

absolute value (approximately 3 times of CAPEX). 

For the solvent development, a conventional polyamine PEHA was selected as it exhibits high 

thermal stability, low toxicity, and low vapor pressure. Lab testing indicates the 20 wt.% PEHA 

solution has the best CO2 absorption performance. By using the real bio-syngas from a pilot-

scale fixed bed gasifier, the gases other than CO2 (i.e., CO, H2, CH4) were not absorbed in 

PEHA to any significant extent even at relatively high pressure, and their presence did not affect 

the CO2 absorption capacity significantly. 20 wt.% PEHA aqueous solvent is a promising 

chemical solvent for separating CO2 from bio-syngas. 

For the newly developed novel solvent, ionic liquid (IL) has drawn significant attention as a 

substitute of conventional solvents due to its superior properties, such as negligible vapor 
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pressure, high thermal stability, and tunable structure. Among many studied ILs, the superbase 

IL named 1, 8-diazabicyclo-[5,4,0]undec-7-ene imidazole ([HDBU][IM]) shows a very 

promising CO2 absorption capacity (4.41 mol-CO2/kg-IL), while the high viscosity is a critical 

issue to cope with. Herein, adding cosolvent was selected as the method to mild the viscosity 

problem and maintain a high level of CO2 absorption capacity. The dimethyl ethers of 

polyethylene glycol (DEPG) was selected as the cosolvent of superbase-derived IL 

[HDBU][IM], and the optimal mass ratio (IL: cosolvent) was identified at 2:1. The temperature 

effect was studied, showing the high CO2 absorption capacity is favored with low temperature. 

The effect of gases (CH4, N2) presented in the inlet gas other than CO2 was positive in terms of 

CO2 selectivity. The thermodynamic modeling agreed well (ARD < 2.37%) with the 

experimental results. The [HDBU][IM]-DEPG binary system is a promising candidate for 

separating CO2 from CH4 and N2, and more research will be conducted in the future. 
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1 Introduction 

1.1 Background 

The anthropogenic emission of CO2 is one of the major causes of global warming. According 

to the Intergovernmental Panel on Climate Change (IPCC), global anthropogenic emissions of 

CO2 should be reduced to net-zero by 2050 to avoid a temperature increase of greater than 1.5°C 

[1]. Anthropogenic CO2 emission released in the energy supply sector, e.g., electricity and heat 

production in fossil-fuel power station, in industrial production (e.g., cement, mineral, iron, and 

steel), as well as in transportation, contributes around 65% of total GHG emissions as reported 

by IPCC [2]. Mitigating CO2 emissions from the energy supply sector is thus of importance.  

To mitigate CO2 emission from power station and industrial production, different options have 

been proposed, such as replacing fossil fuels with renewable materials, changing the process 

with alternative options (e.g., using H2 to replace coal in the iron and steel sector), carbon 

capture and storage/utilization (CCS/CCU), etc. Among all the proposed options, CCS/CCU is 

the one of the most promising solutions, because it allows the continued use of fossil fuels, and 

thus increases the flexibility and reduce the overall mitigation cost, while avoids serious 

disruption to the global economy. In general, CO2 separation is the prerequisite, which attracts 

the most focus from both academic research and industries.   

To reduce CO2 emissions from the transportation in the energy supply sector, biomass 

gasification offers the possibility to produce more carbon-neutral transportation fuels (methanol, 

hydrogen, and synthetic hydrocarbons). A CO2 removal step is required in such a process. For 

instance, in the production of synthetic hydrocarbons with Fischer-Tropsch technology, the 

inert CO2 is removed to increase the efficiency and selectivity of C5+. In methanol production, 

CO2 removal is made to obtain a favorable ratio of the gas mixture in order to increase the 

production yield, while in hydrogen production, CO2 removal is made to purify hydrogen. 

Meanwhile, using the upgraded biogas as vehicle fuels has been proposed and received more 

attention, especially in Sweden, because the biogas process plays an important role in both 

waste treatment and biofuel production. Generally, biogas contains 30-50% CO2, which has to 

be removed to be used as vehicle fuels. 

Therefore, CO2 separation is of importance for mitigating CO2 emissions to reduce the impact 

of climate change.  
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1.2 CO2 separation technologies 

A number of CO2 separation technologies, such as absorption, adsorption, membrane, and 

cryogenic separation, have been widely developed [3]. Amongst these technologies, solvent-

based absorption is the most commercial-ready method and has been widely used as the most 

mature technology [4]. Moreover, it has been suggested as the most promising option for further 

development, owing to its characteristics of high efficiency and continuous operation. Currently, 

the development of solvent-based CO2 absorption technologies mainly focuses on solvent and 

process developments, and the solvent can be conventional and advanced solvents.  

The solvent is one of the essential issues in absorption technology. The conventional solvents 

can be classified into chemical or physical solvents, depending on the interaction between CO2 

and solvent. The choice of desirable solvent is largely determined by the characteristics of the 

treated gas (e.g., gas composition and CO2 partial pressure). The chemical solvent is commonly 

used for the gas stream with low CO2 partial pressure (e.g., flue gas) [5], and the amine-based 

solvent, especially that based on monoethanolamine (MEA), is the most studied chemical 

solvent as it possesses pronounced high CO2 absorption capacity and/or absorption rate [6].  

Apart from the chemical solvents, various physical solvents, such as methanol (Rectisol 

process), dimethyl ethers of polyethylene glycol (DEPG) (Selexol process), and propylene 

carbonate (PC) have been developed for CO2 separation from the gas streams with relatively 

high CO2 partial pressure [7] (e.g., syngas treatment, biogas upgrading). Since no chemical 

reactions are involved, the physical solvent-based process usually requires less energy than the 

amine-based processes.  

Although the above-mentioned conventional chemical or physical solvents provide solutions to 

perform different CO2 separation tasks, the process deployment always suffers from different 

problems. For the amine-based solvent, the high energy penalty for the solvent regeneration, 

the high solvent loss caused by high volatility and the solvent degradation, and the equipment 

corrosion are the major concerns of achieving energy effective and green processes. For the 

developed physical solvents, the co-absorption of components other than CO2 not only reduces 

the solvent selectivity but also increases the operation complexity.  

To overcome the above-mentioned problems from the conventional solvents, developing new 

solvents has been proposed, which is of utmost research interest and a popular research topic 

today. For example, the polyamines with multiple reactive sites have been proposed to be a 

candidate, among which pentaethylenehexamine (PEHA) with two primary and four secondary 
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amine groups has been identified as a promising kind, due to their merits of high thermal 

stability, low toxicity, and low vapor pressure (lower than 1.6% of MEA) [8]. In particular, 

aqueous PEHA solutions (from 11 to 100 wt.% PEHA) have been studied as a CO2 absorbent, 

showing a higher absorption rate and capacity, higher stability, as well as lower volatility, 

compared to the aqueous MEA [9]. Furthermore, another research revealed that the aqueous 

solvent with 20% mass fraction of PEHA showed the highest CO2 absorption capacity of 537 

mg-CO2/g-PEHA among all the screened amines [10]. The studies of PEHA solutions, however, 

were only conducted at the ambient temperature and pressure, while the process development 

needs the data at different temperatures (and pressures), and the performance under more 

realistic conditions also needs to be studied. Thus, it is necessary to further study the capability 

of aqueous PEHA under different conditions, including those closer to the practices, e.g., with 

real gas streams. 

In recent decades, ionic liquid (IL) has drawn significant attention as a substitute of 

conventional solvents due to its superior properties, such as negligible vapor pressure, high 

thermal stability, and tunable structure [11]. Much research has been conducted regarding CO2 

absorption capacity in conventional ILs, such as imidazolium, pyridinium, pyrrolidinium, and 

phosphonium-based ILs. However, most of these ILs still cannot compete with the commercial 

chemical solvents due to the limited CO2 absorption capacity. Consequently, task-specific ILs, 

such as amino-functionalized ILs have been developed to increase CO2 absorption capacity. 

Recently, the superbase-derived task-specific ILs have received much attention for their strong 

alkaline nature. 3-butyl-1-methylimidazolium bis(trifluoromethanesulfonyl)amide 

([Bmim][Tf2N])-1,8-Diazabicyclo[5.4.0]undec-7-ene (DBU) was found to have a CO2 

absorption capacity of 1.732 mol-CO2/kg-IL at 296.15 K and 0.10 MPa, and the superbase IL 

named 1, 8-diazabicyclo-[5,4,0]undec-7-ene imidazole ([HDBU][IM]) has the highest CO2 

absorption capacity (4.41 mol-CO2/kg-IL) among the studied DBU-based ILs. Even though 

[HDBU][IM] shows comparably low viscosity (e.g., 33 mPa·s at 303.15 K), but the absorption 

of CO2 will greatly increase the viscosity of the solvent [12], slowing the absorption rate. 

Adding cosolvent has been proposed as a pathway to overcome this challenge. It has shown 

that a drastic decrease in viscosity could be achieved by adding a tiny amount of water or 

organic solvents, while other properties were slightly affected [13-18], evidencing mixing IL 

with cosolvent such as water or less viscous organic solvents is a promising solution to 

overcome the problem of high viscosity. While different cosolvents may lead to different 

contributions, and it is interesting to identify a proper cosolvent for a specific IL.  
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Besides the solvent development, the performance of CO2 separation also depends on the 

process and the corresponding parameters. Developing new process configurations and 

identifying optimal parameters based on the conventional solvents are alternatives to 

developing new solvents. Aqueous MEA is the most studied solvent, and the corresponding 

absorption process for CO2 separation from the flue gas in the fossil fuel power station has been 

widely investigated to mild the problems encountered. For instance, by varying the process 

parameters, the effects of the chemical reaction and mass transfer on the MEA-based absorption 

process were studied and then optimum process specifications for 30 and 40% aqueous MEA 

solutions were provided [19]. The pilot-scale experiments were conducted, and 30% MEA was 

recommended as a desirable concentration [20]. Similar research has been conducted to target 

other industrial sectors [21-28] by using 30% MEA as the CO2 capture agent. It is worthy to 

note that, the MEA concentration is crucial to the process performance. However, the literature 

review clearly showed that this point had not been concerned sufficiently, and different opinions 

or conclusions were provided by various researchers. For example, Arachchige and Melaaen 

studied the effects of MEA concentration on removal efficiency, concluding 22-25 % MEA as 

the optimal region for maximizing the removal efficiency [29], while others suggested even 

higher than 30 % MEA [30]. Besides, 30 % MEA will already lead to a rapid corrosion rate, 

and the corrosion can only be moderated but not eliminated by replacing carbon steel with 

stainless steel 316L.[31]. Additionally, it has been pointed out that 30 % MEA can lead to other 

problems, such as thermal and oxidative degradation, as well as high bulge temperature. All 

these issues make it important to study the impact of MEA concentration. Furthermore, the 

literature review did not show a sufficient study regarding the connection between MEA 

concentration and other parameters, and it is unclear whether the other parameters (e.g., CO2 

concentration, gas flow rate, and CO2 removal rate) affect the identification of MEA 

concentration, and thus influence the process performance. Further, it is also unclear how these 

parameters affect the performance of CO2 separation using the MEA with the desirable 

concentration. The information shortages mentioned above clearly need more effort to fulfill 

the research gap.  

1.3 Objectives and outline 

The overall objective of this thesis was to perform systematic studies on both conventional and 

novel solvent system(s) for CO2 separation. For the conventional solvent-based system, process 

simulation was mainly used in the study, while the studies for the novel solvent systems were 
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conducted from experimental measurements to thermodynamic modeling and analysis. The 

specific objectives of this thesis work contained the following parts: 

(1) To identify the optimal MEA concentration by analyzing the effect of MEA 

concentrations (15-30 wt.%) on the performance of CO2 separation process, and to 

clarify how the CO2 concentrations, gas flow rates, and removal rates affect heat 

requirements, capital cost (CAPEX), operational cost (OPEX), and annualized total cost 

(ATC) to capture CO2  from  the industrial flue gases. 

(2) To investigate CO2 separation performance based on the aqueous PEHA solution by lab 

testing and using the real gases from a pilot-scale gasifier.  

(3) To develop the superbase-derived IL([HDBU][IM])-cosolvent system in CO2 

separation by investigating the effects of cosolvent, IL mass ratio, temperature, pressure, 

and gas mixtures on the CO2 absorption capacity. 

2 Experiments and methodology 

2.1 Materials 

In this thesis, aqueous PEHA solvent was investigated to separate CO2 from bio-syngas both in 

lab- and pilot-scale. Pentaethylenehexamine (PEHA, technical grade) was purchased from 

Sigma-Aldrich. Deionized water was used throughout the experiments. CO2 (mole fraction ≥ 

99.9 mol.%) was received from AGA AB (Linde group). The synthetic syngas (34.80 mol. % 

H2, 18.50 mol.% CO, 31.80 mol.% CO2, 5.00 mol.% CH4, and 9.90 mol.% N2) was purchased 

from AGA AB (Linde group). 

1,8-diazabicyclo [5,4,0] undec-7-ene imidazole ([HDBU][IM]) was studied to form superbase 

derived IL-colsolvent system for CO2 separation. [HDBU][IM] was synthesized and supplied 

by Institute of Process Engineering, Chinese Academy of Sciences. Dimethyl ethers of 

polyethylene glycol (DEPG, average Mn ~250) and propylene carbonate (PC, purity 99.5%) 

were purchased from Sigma-Aldrich Ltd. Ethylene glycol was purchased from Sigma-Aldrich 

Ltd. The CO2 (mole fraction ≥ 99.9%), CH4, and N2 cylinders were obtained from AGA AB 

(Linde group). The gas mixtures, (60 mol. % CH4 / 40 mol. % CO2) and (25 mol. % CO2 /75 

mol. % N2) to imitate the composition of biogas and flue gas, respectively, were purchased from 

AGA AB (Linde group).  
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2.2 Measuring CO2 absorption capacity in lab-scale 

The VLE apparatus used for determining the CO2 absorption capacity in a solvent consists of 

two main compartments, as depicted in Fig. 2-1, the equilibrium cell (volume of 65.6 mL) with 

a magnetic stirrer, and a gas reservoir (volume of 141.2 mL). Both the equilibrium cell and gas 

reservoir were immersed in a water bath to maintain the desired temperature. During the process, 

the pressures of the equilibrium cell and the gas reservoir were recorded by a computer. Once 

the pressure was kept constant with time, the equilibrium state was considered to be achieved. 

The uncertainty of the gas solubility measurement consisted of the system errors, including 

pressure, temperature, and the volumes of the absorber, buffer tank, and pipeline. The 

uncertainties of pressure, temperature, and volume from the system errors were 0.001 MPa, 0.1 

K, and 0.5 mL, respectively. Based on all these above uncertainties, the overall uncertainty for 

the measured gas solubility was within ±1.5%. All the measurements were repeated at least 

three times, and the average value was reported.  

 

Fig. 2-1 Schematic diagram of the VLE experimental apparatus 

Due to the negligible vapor pressure of IL, it was assumed that the IL only existed in the liquid 

phase. In the vapor phase, the partical pressure of the cosolvent Ps was considered. For pure gas 

(CO2, CH4, and N2), the amount of gas (i) dissolved in the solvent was calculated by eq. (2.1).  

0, , ,

1 2 3

( )( )GR eq GR eq EC s

GR GR EC L r
i

P V P V P P V V V
n

Z RT Z RT Z RT

− − −
= − −                               (2.1) 

where P0,GR is the initial pressure of the gas reservoir, Peq,GR and Peq,EC are the pressures of gas 

reservoir and equilibrium cell at equilibrium, respectively, Ps is the partical pressure of the 

cosolvent at temperature T, which was estimated from its saturated vapor pressure and the 

corresponding initial concentration in the liquid phase, Z1, Z2, and Z3 are the compressibility 

factors of gas i corresponding to the pressures of P0,GR, Peq,GR, and (Peq,EC - Ps), respectively.  
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VGR, VEC, and Vr are denoted to the volumes of the gas reservoir, equilibrium cell, and magnetic 

rotor, respectively, VL represents the volume of the solvent, R is the gas constant (8.314 J mol-

1 K-1), and T is the temperature in Kelvin.  

For the gas mixture, when it reached equilibrium, the gas sample in the vapor phase from the 

equilibrium cell was collected to analyze the gas composition by a micro-GC (Varian 490 GC, 

equipped with molecular sieve 5A, PoraPlot U columns, and TCD detectors). The amount of 

gas (i) dissolved in the solvent was calculated by its mole fraction in the vapor phase detected 

by micro-GC and the corresponding pressures, as shown in eq. (2.2). When the operating 

pressure was low (P < 2 MPa), the gas was considered as an ideal gas, i.e., Z = 1, and the gas 

absorption capacity was calaculated with the following equation.  

0, , ,
' ( ) ( )( )GR eq GR eq EC s

i GR EC L r i
i

Y P P V P P V V V y
n

RT RT

− − − −
= −                          (2.2) 

where Yi is the mole fraction of gas i in the inlet gas, and yi is the mole fraction of gas i at 

equilibrium, detected by micro-GC.  

2.3 CO2 capture from the produced syngas of the pilot-scale gasifier 

2.3.1 Gasification 

The gasifier itself was enclosed in a cylindrical steel shell with a diameter of 0.7 m and a height 

of 1.75 m, see Fig. 2-1. The gasifier was designed for wood pellets and a power equivalent to 

10–20 kWth and operated at approximately 300 Pa above the atmospheric pressure. The time 

for stabilization and gasification are 35 mins and 2 hours, respectively. The produced syngas 

left the reactor from the top part and passed a water-cooled heat exchanger, where water vapors 

were condensed. After condensation, the produced syngas was sampled for gas analysis and 

CO2 capture experiment.  
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Fig. 2-2 Schematic picture of the fixed-bed oxygen blown gasification pilot. 

2.3.2 CO2 capture from the produced syngas 

Before absorption, the produced syngas of the pilot-scale fixed bed gasifier, mainly consisis of 

28~41 mol.% CO, 13~21 mol.% CO2, 14~24 mol.% H2, and 16~28 mol.% H2O, was cleaned 

by a glass wool filter to remove the particle in the gas. The cleaned gas (inlet gas) then flowed 

through the set-up (Fig. 2-3) with the solvent, and the flow rate of outlet gas was controlled by 

the gas flowmeter. The composition of the outlet gas was detected with the Agilent 490 Micro-

gas chromatography (GC) with a measuring interval of 140 s. The reactor was controlled at 

room temperature, i.e., 298.15 K. During the process, the magnetic stirrer with a certain speed 

was used to spin the solution in order to increase efficiency. 

 

Fig. 2-3 Flowsheet of the set-up of CO2 capture from bio-syngas generated from the pilot-

scale gasifier. 
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2.4 Theory of thermodynamic modelling 

For the studied system containing the IL of [HDBU][IM] as a novel absorbent , three gases 

(CO2, CH4, and N2) were involved to simulate the composition of flue gas and biogas. It has 

been proved that there is a strong chemical interaction between CO2 and [HDBU][IM], while 

there are only physical interactions between CO2 and the investigated cosolvents [32]. For the 

other gases (N2 and CH4), the extremely low absorption capacities under atmospheric pressure 

in both [HDBU][IM] and the cosolvents investigated in this work imply that there are only 

physical interactions.  

For the contribution of physical absorption, it follows Henry’s law, and the phase equilibria can 

be expressed as 

                                                              ( ), /v

i i i i i iPy T xH P   =                                                     (2.3) 

where P is the system pressure, φi
v is the fugacity coefficient of gas i in the vapor phase, Hi(T, 

P) is the Henry’s constant of gas i in the solvent at the temperature T and pressure P, xi is the 

mole fraction of gas i in the liquid phase, γi is the activity coefficient of gas i in the liquid phase 

and γi
∞ is the activity coefficient of gas i at infinite dilution in the liquid phase.  

It should be mentioned that according to our pre-study, the consideration of non-ideal behaviors 

for the species in the liquid phase would not improve the model performance, and both γi and 

γi
∞ were set as one. The phase equilibria in eq. (2.3) can be simplified as  

( ),v

i i i iP H T xy P =                                                           (2.4) 

For the contribution of chemical absorption (i.e., the chemical interaction between CO2 and 

[HDBU][IM]), the mechanism that one mole of [HDBU][IM] chemically reacts with one mole 

of CO2 to generate the product ([HDBU][IMCOO]) reported by Yan et al [32]. was adopted in 

this work as shown in Fig. 2-4. 

 

 

Fig. 2-4 Mechanism of CO2 absorption by [HDBU][IM], proposed by Yan et al. [32]. 
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To get the true mole fraction, the chemical reaction equilibrium between CO2 and [HDBU][IM] 

is needed as expressed in eq. (2.5). 

 

                                                   

  

  

  

  2 2

1 2ln

HDBU IMCOO HDBU IMCOO

HDBU IM HDBU IM

eq

CO CO

eq

a x
K

a a x x

K m m T

= =
 

= +

                                   (2.5) 

where a is the activity in the liquid phase, Keq is the chemical equilibrium constant (related to 

temperature), and m1 and m2 are the adjustable parameters. 

For the solvent IL and its cosolvent mixtures, the vapor pressure of IL is negligible, and it can 

be assumed that IL only exists in the liquid phase. While the cosolvent follows the Raoult’s law 

and can be expressed as follows: 

s

j j j j

vPy x P =                                                   (2.6) 

where Pj
s is the vapor pressure of the cosolvent j. 

The Henry’s constant for gas i in the pure solvent j was calculated by neglecting the pressure 

effect as described in eq. (2.7): 

  
, ,( , ) ( ) exp( )i j i j ij ijH T P H T A B T= = +                                        (2.7) 

where Hi,j (T) is the Henry’s constant of gas i in the pure solvent j neglecting the pressure effect 

at the system temperature, and Aij and Bij are the adjustable parameters.   

The Henry’s constant of gas i in the mixed solvent (Hi, mix) was calculated from those in the pure 

solvents. 
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                                       (2.8) 

where wj is the weighting factor, and Vcj is the critical volume of solvent j.  

The fugacity coefficient φi
v of gas i in pure gas or a gas mixture was calculated by the Redlich-

Kwong (RK) equation of state as shown in eq. (2.9) with the parameters taken from the Aspen 

databank.  
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where V is the molar volume, a and ai are constants of a gas mixture and pure gas i, respectively, 

which correct for the attractive potential of molecules, b and bi are constants of a gas mixture 

and pure gas i, respectively, which correct for volume, and Tci and Pci are the critical 

temperatures and gas pressure i. 

2.5 Process simulation 

2.5.1 Process description 

In this thesis work, process simulation was conducted for CO2 separation from flue gas using 

MEA-based solvents. The major components of flue gas are 10-50 wt.% CO2, 2.4 wt.% O2, 4.2 

wt.% H2O, and balanced N2. The following figure (Fig. 2-5) is a typical absorption/desorption 

process. It includes three main sections: (1) CO2 absorption, (2) internal heat exchange, and (3) 

solvent regeneration. 

(1) CO2 absorption. The flue gas is injected into the bottom of the absorption column 

(ABSORBER), while the liquid solvent is sprayed from the top of the absorber. The gas 

leaving from the top of the absorber is around 95-98 mol% CO2. 

(2) Internal heat exchange. The CO2-rich solvent exiting the absorber is pumped into the 

internal heat exchanger, where the CO2-rich solvent is pre-heated and fed into a desorption 

column for solvent regeneration. 

(3) Solvent regeneration. The pre-heated CO2-rich solvent is sent to the desorption column 

(block DESORBER) and regenerated by providing heat via hot steam/water. 
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Fig. 2-5 Schematic diagram of the MEA-based CO2 capture process in Aspen Plus 

2.5.2 Process configuration 

The simulation results depend on the accuracy of the properties, phase equilibria, mass and heat 

transfer, and reaction kinetics. Proper models need to be chosen to calculate the required 

thermodynamic properties (enthalpy, entropy, Gibbs free energy, and volume) and transport 

properties (viscosity, thermal conductivity, diffusion coefficient, and surface tension) in the 

liquid and vapor phases. The thermodynamic and transport properties used in the MEA-based 

CO2 capture process have been embedded in the Aspen Plus database and configured in the 

component specifications.  

In this thesis work, in the simulation of the MEA-based CO2 capture process, the electrolyte 

non-random two liquid model was used to describe the non-ideal behaviors of the liquid phase, 

and the Redlich-Kwong equation of state was chosen for the vapor phase to describe the phase 

equilibria [33, 34]. Both models have been implemented in Aspen Plus and verified for MEA-

based technologies for CO2 capture [35, 36]. The parameters (pure, binary, and electrolyte-pair) 

for all the components were maintained as default values, as this simulation was conducted 

based on the example file used for the MEA-CO2 system. 

The widely used reaction mechanism described by Freguia and Rochelle [37] with three 

equilibrium reactions and two reversible kinetically controlled reactions was adopted, and the 

corresponding parameters were obtained from Austgen et al. and Hikita et al. [38, 39]. The 

reactions and corresponding kinetic parameters are listed in the supplementary material (Table 

A). 
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In the rate-based calculation, two-film theory was employed to describe the transfer resistance 

between the liquid and vapor phase. In this thesis work, the gas phase resistance was negligible, 

and the mass transfer resistance was assumed mainly in the liquid film controlling the 

absorption rate. The correlation proposed by Onda et al. was used for the liquid film mass 

transfer coefficient [40]. The Chilton and Colburn correlation was applied to obtain the heat 

transfer coefficient, and the packing hold-ups were calculated using the approach by Rocha et 

al. [41]. 

2.5.3 Energy usage and economic analyses 

The energy calculation in this study consisted of two scenarios: the energy demand of the 

process with and without a compression unit. Energy is utilized in three forms in the MEA-

based CO2 capture process: 1) the heating duty of the reboiler for solvent regeneration and the 

heaters; 2) electric power required for the blower, pumps, and CO2 compressor; and 3) cooling 

duty of the condenser for solvent regeneration and the coolers. The energy demand mentioned 

above was estimated in energy power and then converted into cost with the energy prices listed 

in Table 2-1 for discussion and comparison. 

 

Fig. 2-6 Descriptive flowchart of the economic analysis in APEA 

An economic analysis was conducted with the Aspen Process Economic Analyzer (APEA) 

based on the industry-standard Icarus System [42]. Fig. 2-6 shows the procedures of economic 

analysis in the APEA. 

The APEA is an equipment-based approach to estimate the economy. It maps and sizes the 

equipment to create a volumetric model, which is used to estimate the total installed cost. With 

other input parameters used in the APEA, the template defines the equipment-based parameters 

required in the analysis. It also defines the currencies and interest rates for the cost calculation, 

Input parameters 
for economic model

Sizing of process 
equipment

Evaluation of cost
Analyse and export 

results

Template:
currencies, interest

rate, etc.

Investment options,
plant life, and

operating hours

Prices for streams 
and utilities
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and the investment options offer the plant life setting and operating hours that could be used for 

quantitatively calculating the operational cost. The stream and utility prices assist the material 

and energy cost processes. With this information, the cost can be evaluated and generated (e.g., 

equipment and utilities). 

The annualized total cost (ATC) was calculated as a sum of the operational cost (OPEX) and 

capital investment cost (CAPEX). The ATC was estimated using eq. (2.10). 

   𝐴𝑇𝐶 =
𝑂𝑃𝐸𝑋+𝐶𝐴𝑃𝐸𝑋(

𝑖(𝑖+1)𝑁

(𝑖+1)𝑁−1
)

𝑀𝐶𝑂2𝑡𝑜𝑡𝑎𝑙
                                                (2.10) 

where CAPEX is the total cost of the plant, which consists of the direct and indirect costs: the 

total installed cost, contracts, contingencies, overheads, and other costs; OPEX is the 

summation cost of the raw material, utility, operating labor, maintenance, operating charges, 

plant overhead, and general and administrative cost; i is the interest rate, and N is the operating 

life of the plant. In this study, i was set to 10%; N was set to 25 years, and the plant operating 

time was assumed 8700 h per year [43]. Other parameters used for the CAPEX and OPEX 

calculations were set to the default values. Table 2-1 lists the utilities and solvent prices used 

in the OPEX calculation [44, 45].  

Table 2-1 Utilities and solvent prices 

Energy and solvent Cost 

Steam, $/GJ 6.00 

Cooling water, $/GJ 0.35 

Electricity, $/kWh 0.10 

Refrigeration, $/GJ 4.00 

MEA, $/kg 1.32 

 

3 Results and discussion 

In this thesis, the solvent-based technologies for CO2 separation were studied, where both 

conventional and novel solvents were included. The study covers experimental measurements 

in lab- and pilot-scales, modeling, as well as process simulation and evaluation, while the focus 

is different for each solvent.  
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3.1 MEA-based CO2 Capture  

In this part, a systematic study was performed to investigate CO2 capture using 

monoethanolamine (MEA), a conventional solvent, as the absorbent, and the work was mainly 

based on process simulations with Aspen Plus. Firstly, the process with the MEA concentrations 

between 15-30 wt.% was studied, and 20 wt.% MEA was identified as the preferable solution. 

Afterward, the effects of selected parameters (i.e., CO2 concentration, gas flow rate, CO2 

removal rate) on the cost per ton of CO2 were analyzed individually and interactively. 

3.1.1 Identification of preferable MEA concentration 

For the MEA-based technologies for CO2 capture, 30 wt.% MEA is often used in academic 

research, while the MEA solvent with a concentration lower than 30 wt.% is widely used in 

industrial applications. The previous study has pointed out that the concentration of MEA is 

one of the important parameters in process evaluation and optimization, and different work 

provided different opinions/conclusions [5, 19, 31, 46]. To clarify this, in this part, the solutions 

containing 15-30 wt.% MEA were selected to simulate the capture process from the flue gas, 

where the flow rate of the solvent was adjusted to achieve 95% CO2 removal rate. Based on the 

study by Hassan et al., the minimum reboiler duty was achieved when the lean loading was 

around 0.3 molCO2/molMEA [26]. Therefore, the lean loading of 0.3 molCO2/molMEA was used in 

the study within this part.  

 

Fig. 3-1 Temperature profile and bulge temperature in the absorber 

In the MEA-based CO2 absorption process, the temperature profile, especially the bulge 

temperature, is of importance due to the exothermic nature and the favored absorption capacity. 

Therefore, the temperature profile and bulge temperature in the absorber were simulated for the 

flue gas with 31.8 wt.% CO2 concentration and 252.7 ton/hr gas flow rate when the solvents 
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contained the MEA ranging from 15 to 30 wt.%. The results are shown in Fig. 3-1. Clearly, by 

decreasing the MEA concentration from 30 wt.%, through 25 and 20, to 15 wt.%, the bulge 

temperature was dropped from 358.15 to 328.15 K. The decreased bulge temperature would 

promote the exothermic absorption of CO2 and thus create a better absorption performance. 

Therefore, a low MEA concentration is beneficial for the absorption column. However, it is not 

the same story when discussing the effect of MEA concentrations on the reboiler duty and 

investment cost. For a further study, considering that the process performance depends on both 

absorber and stripper as well as other operational conditions, the whole process was simulated, 

and the specific heat requirement and cost were estimated for the cases with different MEA 

concentrations under the combinations of CO2 concentration and CO2 removal rate at their 

boundaries. In this thesis work, the boundaries of CO2 concentrations were 10 and 50 wt.%, 

while those for the CO2 removal rates were set as 65 and 95%. 

a. At different removal rates 

Fig. 3-2 illustrates the results for different MEA concentrations under the 65% and 95% 

removal rates with a fixed CO2 concentration (31.8 wt.%). The specific heat requirement was 

sharply decreased with increasing MEA concentration from 15 to 20%, and then it was 

maintained at a similar level when the MEA concentration was changed from 20 to 30 wt.%. It 

can be explained that when the MEA concentration is relatively low (e.g., 15-20 wt.% MEA), 

lowering the MEA concentration will lead to a much larger flow rate for the solvent and thus 

higher heat requirement. When increasing the MEA concentration to 20-25 wt.%, a low flow 

rate of the solvent can achieve the desired capture target, reducing the heat requirement 

compared to that of 15 wt.% MEA. Further increasing the MEA concentration (30 wt.% MEA), 

on the one hand, will lower the low flow rate, but, on the other hand, it will result in higher 

bulge temperature, cannot maintain the desired CO2 solubility. To compensate for the decreased 

solubility, an increased flow rate of the solvent is required. As a result, the heat requirement is 

kept almost the same. 

Concerning the cost, with increasing the MEA concentration, the capital cost (CAPEX) was 

slightly decreased, while the operational cost (OPEX) decreased and then increased, and the 

optimal MEA concentration is around 25 wt.%.  
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Fig. 3-2 Influence of MEA concentration on CAPEX, OPEX, and specific heat requirement. 

Left: 65% removal rate; Right: 95% removal rate. 

b. At different CO2 concentrations 

The simulation results for the cases with 10 and 50 wt.% CO2 are depicted in Fig 3-3, where 

the CO2 removal rate is 95%. The increase of MEA concentration from 15-20 wt.% led to a 

decreased heat requirement in both cases. A further reduced heat requirement was observed in 

the 10 wt.% CO2 case, while the case of 50 wt.% CO2 presented a slight increase with increasing 

MEA concentration from 20 to 25 wt.%. Moreover, the continuously increased MEA 

concentration from 25-30 wt.% led to a rapid rise for the case of 50 wt.% CO2, while only a 

marginal increase was observed in the 10 wt.% CO2 case. Here, under the low CO2 

concentration circumstance, the high bulge temperature for the case of 30 wt.% MEA is avoided, 

leading to an insignificant difference between 25 and 30 wt.% MEA. While when both CO2 and 

MEA concentrations are high, their effects on the bulge temperature are promoted, resulting in 

an obvious increase in the specific energy demand. 

According to the results shown in Fig. 3-3, the change of the MEA concentrations only slightly 

altered CAPEX while influenced OPEX to a certain extend. At a low CO2 concentration, 25 

wt.% MEA is the best option, while 20-25 wt.% MEA is preferable for the case with relatively 

high CO2 content.  
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Fig. 3-3 Influence of MEA concentrations on CAPEX, OPEX, and specific heat requirement. 

Left: 10 wt.% CO2 concentration; Right: 50 wt.% CO2 concentration. 

According to the above investigations, we can conclude that both CO2 concentrations in the 

flue gas and CO2 removal rate only slightly affect the optimal MEA concentration, 20-25 wt.% 

is the optimum range for MEA, instead of 30 wt.%, and the MEA concentration lower than 20 

wt.% will significantly increase the reboiler duty. Other researchers also drew similar 

conclusions when the methods were customized. For example, Garđarsdóttir et al. studied the 

effect of MEA concentrations on the temperature profiles and heat duty, and they concluded 

that the MEA lower than 30 wt.% could benefit the bulge temperature in the absorber and 

reboiler heat duty, especially under the condition of low CO2 concentration [47]. A pilot testing 

also evidenced that the MEA with a concentration lower than 30 wt.% required a lower amount 

of stripping steam in the regeneration process [20]. In addition, the low corrosion rate of a low 

MEA concentration solvent will reduce the cost of equipment materials. Based on all the 

analyses above, the solvent with 20 wt.% MEA was selected for further study. 

3.1.2 Evaluation of CO2 capture with different parameters (20 wt.% MEA) 

The determined optimal MEA concentration (20 wt.% MEA) allows further investigations on 

the energy and economic analyses under different situations. In this part, the individual and 

multiple influences of three parameters, i.e., CO2 removal rate, gas flow rate, and CO2 

concentration, on CAPEX, OPEX, and total cost were systematically studied. 

a. Effect of parameters on CAPEX and OPEX 

Based on the different values of CO2 removal rates, gas flow rates, and CO2 concentrations 

listed in Table 3-1, 40 cases were constructed to investigate the effect of selected parameters. 

The results for different cases show similar phenomena, and thus only part of them are 

illustrated here as examples. 
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Table 3-1 Adjustable parameters in the process simulation 

Input parameters Values 

CO2 concentration 10, 20, 31.8, 40, 50 (wt.%) 

CO2 removal rate 65, 75, 85, 95 (mol.%) 

Gas flow rate 
Large scale      (LF) 

Medium scale (MF) 

252.7 ton/hr 

126.4 ton/hr 

 

Fig. 3-4a shows the effect of the CO2 removal rate on CAPEX and OPEX, where the CO2 

concentration is 10 wt.%, and the flow rate is 252.7 ton/hr (i.e., LF). As we can see, a larger 

removal rate provided a lower CAPEX. This is because the extra amount of captured CO2 

weakened the increase of CAPEX. For OPEX, it also decreased with increasing CO2 removal 

rate, and OPEX is approximately tripled CAPEX, indicating the dominion of OPEX in the 

MEA-based CO2 capture process. However, CAPEX decreased from $26.9 to 21.08, 

corresponding to a 21.6% reduction, while only a 9.4% reduction was observed for OPEX per 

ton of CO2. Therefore, CAPEX is more sensitive than OPEX to the increase of the CO2 removal 

rate. 

Fig. 3-4 Effects of: a) CO2 removal rate (with 10 wt.% CO2 concentration and large flow rate 

(LF)); b) gas flow rate (with 65% CO2 removal rate and 50 wt.% CO2 concentration); c) CO2 

concentration (with medium flow rate (MF) and 95% removal rate) 

Fig. 3-4b shows the effect of the gas flow rate on both CAPEX and OPEX for 65% CO2 removal 

rate with 50 wt.% CO2. Similar to the impact of CO2 removal rate, the cases with a larger gas 

flow rate achieved a lower CAPEX. Specifically, the doubled gas flow rate provided twice the 

amount of CO2 in the gas flow, but leading to the CAPEX less than the doubled CAPEX and 

thus resulting in a CAPEX reduction. The OPEX decreased from $44.81 to 40.69 (9.1 % 

reduction). Meanwhile, the CAPEX reduction reached approximately 25%, from $8.87 to 6.57.  
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Fig. 3-4c shows the effect of the CO2 concentration on CAPEX and OPEX, where the gas flow 

rate is 126.4 ton/hr (i.e., MF), and the CO2 removal rate is 95%. It was shown that the higher 

CO2 concentration created a lower CAPEX. It is well-known that CAPEX is mainly influenced 

by the gas flow rate, and the solvent flow rate can only have a small effect on that. For the cases 

studied here, the gas flow rate was fixed; with increasing CO2 concentration, the amount of 

captured CO2 increased, which subsequently required more solvent, i.e., a higher flow rate of 

the solvent. However, the increase of CAPEX owing to the increased solvent flow rate was 

weak compared to the positive effect of capturing extra CO2 due to the increased CO2 

concentration, and, as a result, CAPEX decreased with increasing CO2 concentration. On the 

contrary, OPEX decreased drastically with increasing CO2 concentration. Additionally, a sharp 

reduction of OPEX was obtained in the low CO2 concentration range. 

By combining the results from Fig. 3-4a and Fig. 3-4b (i.e., the cases of large flow rate and 65% 

CO2 removal rate), when the CO2 concentration was increased from 10 to 50 wt.%, a 75.6% 

CAPEX reduction was observed, i.e., from $26.9 to 6.57, while OPEX decreased from $74.03 

to 40.69, i.e., 45% reduction, indicating a significant change. The results from Fig. 3-4b and 

Fig. 3-4c (i.e., the cases of medium flow and 50 wt.% CO2) explained that increasing the CO2 

removal rate from 65% to 95% resulted in a 19.7% CAPEX reduction, i.e., from $8.87 to 7.12, 

while correspondingly, OPEX decreased from $44.81 to 41.59, i.e., 7.2% reduction, being mild 

compared to those changing the CO2 concentrations. According to the results in Fig. 3-4a and 

Fig. 3-4c, for the cases with 95% CO2 removal rate and 10 wt.% CO2, it showed a 18.66% 

CAPEX reduction by increasing the gas flow rate from medium to large scales, i.e., $26.8 to 

21.08, while OPEX decreased from $78.92 to 67.09, i.e., 14.99% reduction, in which the change 

level in CAPEX is slightly lower than that of CO2 removal rate. The change level in OPEX is 

between those of CO2 concentration and CO2 removal rate. Therefore, among the selected 

parameters, the change in CO2 concentration causes the most significant influence on both 

CAPEX and OPEX, the gas flow rate leads to a slightly stronger impact on CAPEX than CO2 

removal rate, while the CO2 removal rate showed a larger influence on OPEX than CO2 gas 

flow rate. Concerning the total cost (CAPEX + OPEX), CO2 concentration causes the most 

significant change, followed by the gas flow rate, and the CO2 removal rate has the smallest 

effect on the total cost.   

Furthermore, the above individual and multiple parameter studies revealed that CAPEX was 

more sensitive to the considered parameters than OPEX in percentage. However, the absolute 

value of OPEX was larger than that of CAPEX, and thus, OPEX dominated the overall cost of 



21 
 

the MEA-based CO2 capture process. This also explains the gas flow rate showed a greater 

effect than the CO2 removal rate, even though the CO2 removal rate had a higher impact on 

CAPEX than the gas flow rate. 

b. Overall economic analyses 

The CAPEX, OPEX, and total cost of all the studied cases (all combinations of gas flow rates, 

CO2 concentrations, and CO2 removal rates) are shown in Fig. 3-5. CAPEX and OPEX 

decreased with 1) increasing CO2 concentration, 2) increasing CO2 removal rate, and 3) 

increasing gas flow rate. The evaluation of parameters indicated that all three parameters had a 

comparably larger impact on CAPEX than that of OPEX. However, OPEX dominated the total 

cost (approximately 3 times that of CAPEX). Consequently, a smaller percentage change in 

OPEX than in CAPEX caused a bigger effect on the total cost. Additionally, the nonlinearity 

effect of parameters making it necessary to conduct systematic techno-economic analysis for 

providing reliable data to conduct further system analysis.  

 

Fig. 3-5 Annualized CAPEX and OPEX (left), and annualized total annual cost (right) 

In summary, 20% MEA solvent is the optimal choice, considering the energy demand and cost 

analysis as well as the corrosion problem in high MEA concentration. The evaluation of the 

effect of each parameter on CAPEX and OPEX indicated that CO2 concentration is the most 

significant one, followed by gas flow rate and CO2 removal rate. In addition, CAPEX is more 

sensitive to all the studied parameters than OPEX; however, OPEX dominated the total cost 

owing to its larger absolute value (approximately 3 times of CAPEX), and a small percentage 

change in OPEX will affect the total cost.  
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3.2 Carbon capture from bio-syngas with PEHA 

In this part, the experimental study was performed to investigate CO2 capture using aqueous 

pentaethylenehexamine (PEHA). Firstly, the optimal PEHA concentration was determined by 

testing the CO2 absorption capacity with pure CO2. Then a synthetic syngas was used to test the 

performance of aqueous PEHA solvent with the optimal concentration. Finally, a pilot-scale 

gasifier was operated with boreal forest-based biomasses to produce real bio-syngas, which was 

introduced to the absorption apparatus to test the performance of aqueous PEHA solvent with 

the optimal concentration. It is worthy to note that the discussion here only focused on the CO2 

absorption by aqueous PEHA solvent, while the results related to the gasification were not 

included. 

3.2.1 The effects of PEHA concentration and pressure on the CO2 absorption capacity 

To study the effect of PEHA concentrations on CO2 absorption capacity at different pressures, 

the CO2 absorption capacities in the solvents with 15, 20, 25, and 30 wt.% PEHA contents were 

tested at 298.15 K using the apparatus shown in Fig 2-1. The results are depicted in Fig. 3-6a. 

It was observed the PEHA content showed a great effect on the CO2 absorption capacity, and 

the CO2 absorption capacity increased greatly when the PEHA content increased from 15 to 30 

wt.%. The CO2 absorption capacity was further compared with the solution with 30 wt.% MEA, 

and it was found that the PEHA solvent (30 wt.%) had a higher CO2 absorption capacity, 

indicting a better absorption capacity of PEHA than MEA with the same amine content. 

In order to reflect the absorption efficiency of amine itself, the CO2 absorption capacity was 

illustrated based on the amine mass, i.e., mg-CO2/g-amine. The results are depicted in Fig. 3-

6b. It was observed that all the studied aqueous PEHA solutions showed higher CO2 absorption 

capacities than the aqueous MEA solution. Specifically, 20 wt.% PEHA solution showed the 

highest value among the studied solvents, and either increasing or decreasing the PEHA content 

from 20 wt.% had a negative effect on the absorption capacity. Besides, the viscosity of the 

aqueous PEHA solvent after absorbing CO2 is very sensitive to the PEHA content, and the 

viscosity after absorption was tripled when increasing the PEHA content from 20 to 30 wt.% 

[9]. By considering the above-mentioned results, 20 wt.% PEHA was chosen for further study. 



23 
 

 

Fig. 3-6 CO2 absorption capacity of aqueous PEHA solution from 15 to 30 wt.% PEHA at 

298.15 K and different pressures. (a) mg-CO2/g-solvent; (b) mg-CO2/g-amine. 

3.2.2 The effect of other components on the CO2 absorption 

A synthetic syngas with 34.80 mol.% H2, 18.50 mol.% CO, 31.80 mol.% CO2, 5.00 mol.% CH4, 

and 9.90 mol.% N2 was used to test the CO2 absorption capacity of the aqueous PEHA solution 

(20 wt.% PEHA) at 298.15 K, in which the gas composition after absorption at each pressure 

was analyzed with Micro-GC. The results are shown in Fig. 3-7. The comparison of Figs. 3-6 

and 3-7 showed that the components in the gas phase other than CO2 had a slightly negative 

effect on the CO2 absorption capacity. For example, when the pressure was around 0.1 MPa, 

the CO2 absorption capacity in Fig. 3-7 (117 ± 1.76 mg-CO2/g-solvent) was slightly lower than 

that in Fig. 3-6 (120 ± 1.8 mg-CO2/g-solvent). For the components such as H2, CO, CH4, and 

N2, their absorption capacities, even at a pressure up to 500 kPa, were quite low, that is, less 

than 10 mg/g-solvent.  

 

Fig. 3-7 Gas absorption capacity of aqueous PEHA solution (20 wt.% PEHA) at 298.15 K. 
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The absorption process with 20 wt.% PEHA solvent was also tested with the cylinder synthetic 

gas at 298.15 K and 0.1 MPa. The results of the gas composition and gas capture efficiency 

changing with time are shown in Fig. 3-8a and 3-8b, respectively.  

As we can see from Fig. 3-8a, the CO2 concentration grew significantly from 4 to 30% at the 

first 20 min to finally reach the same level as the inlet gas, indicating that the reaction was fast 

and reached equilibrium in the first 20 min. The calculated CO2 capture efficiency was 90% at 

the beginning, and it decreased sharply to 15% at the first 20 min (Fig. 3-8b). After 20 min, the 

CO2 capture efficiency slowly approached zero, implying that the solvent reached saturation. 

For the other gases, i.e., H2, CH4, N2, and CO, they showed inert to the solvents and had little 

effect on the CO2 capture performance of this solution (with 20 wt.% PEHA). This observation 

was consistent with the results at high pressures shown in Fig. 3-7. 

 

Fig. 3-8 The change of gas composition (a) and gas capture efficiency (b) of aqueous solution 

with 20 wt.% PEHA at 298.15 K and 0.1 MPa. 

3.2.3 Gas capture from syngas generated by the pilot-scale gasifier 

After the lab-scale experiments with desirable performance, the pilot-scale test with the real gas 

from a gasifier was conducted. Here, the gasification process was operated with four different 

feedstocks, and the operating temperature (> 1273.15 K) was controlled by the parameter λ 

defined as the oxygen stoichiometric ratio. In total, six representative cases were created to 

generate different bio-syngases, depicted in Fig. 3-9, for further investigating the performance 

of aqueous PEHA solvent in CO2 capture. 
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Fig. 3-9 CO2 concentration of bio-syngas for different feedstocks and different λ. BW: birch 

wood, BW*: pretreated birch wood, SB: spruce bark, SN: spruce needles. 

The absorption process with real bio-syngases is illustrated in Fig. 2-2. During the testing, a 

continuous and stable gas stream was required for the gas absorption process, and the gasifier 

was assumed to reach the stable state for at least 35 min. Afterward, the raw bio-syngas was 

introduced into the absorption setup. The gas compositions of the raw bio-syngas and the outlet 

gas stream after CO2 absorption were recorded by Micro-GCs. Considering the observed similar 

trend for the purification process of bio-syngas from different feedstocks, the one generated 

from birch wood at λ = 0.33 was selected as an example, and the results are shown in Fig. 3-10. 

As we can see from Fig. 3-10a, the CO2 composition was stabilized at around 17 mol.%, and 

then the gas stream was introduced to the absorption flask at time 0. At the beginning of the 

absorption, the CO2 composition decreased rapidly from 20 to around 4 mol.% in the first 5 

min, indicating the reactive absorption of CO2 by 20 wt.% aqueous PEHA solvent. After that, 

the CO2 composition was maintained at 4 mol.% for another 15 min, followed by a slow and 

gradual increase to the stabilized value. This means the solvent was saturated with CO2, and 

thus the CO2 composition started to increase.  

In order to compare the efficiency of different bio-syngases, the gas capture efficiency defined 

by eq. (3.1) is shown in Fig. 3-10b. In the first 10 min, the CO2 capture efficiency kept around 

80%. After that, the CO2 capture efficiency started to decrease gradually.  

Gas capture efficiency  =  
𝑛𝑖

𝑖𝑛−𝑛𝑖
𝑜𝑢𝑡

𝑛𝑖
𝑖𝑛  =  (1 −

𝑦𝐻𝑒
𝑖𝑛

𝑦𝐻𝑒
𝑜𝑢𝑡 ×

𝑦𝑖
𝑜𝑢𝑡

𝑦𝑖
𝑖𝑛 ) × 100%                                     (3.1) 

where y is the gas composition, n is the gas mole flow rate, the subscripts i and He represent 

gas i and the tracer gas helium, respectively. The controlled helium gas was used for 
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determining the mass and energy balances. The superscripts in and out represent the gas inlet 

and outlet, respectively. 

 

Fig. 3-10 (a) The change of gas composition and (b) gas capture efficiency from bio-syngas. 

(negative time: stabilization stage in gasification unit; positive time: CO2 capture stage in 

absorption unit). 

The CO2 absorption capacities were calculated based on the gas flow rate recorded by the gas 

flowmeter and the gas capture efficiency. The results are depicted in Fig. 3-11. For all these 

cases, the CO2 absorption capacities were in a similar level with the lab testing data, i.e., 110 

mg-CO2/g-solvent. For special cases such as the one using the pretreated birch wood (BW*) as 

feedstock to generate bio-syngas, the CO2 absorption capacities even reached 120 mg-CO2/g-

solvent, which were higher than the theoretical values. This can be explained by the effect of 

feedstock pretreatment with PEHA solvent. 

 

Fig. 3-11 CO2 equilibrium absorption capacity in 20 wt.% PEHA solution for different cases. 

BW: birch wood, BW*: pretreated birch wood, SB: spruce bark, SN: spruce needles. Orange 

bar: outlet gas flow rate of 75 ml/min; Blue bar: outlet gas flow rate of 50 ml/min. 
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In summary, the 20 wt.% PEHA solution was the best option, and PEHA was also superior to 

MEA in terms of CO2 absorbed per gram of amine. Lab testing of CO2 removal with 20 wt.% 

PEHA solution using synthetic syngas from gas cylinder showed that the gases other than CO2 

(i.e., CO, H2, CH4) were not absorbed in PEHA to any significant extent even under high 

pressure, and their presence did not affect the CO2 absorption capacity significantly. The pilot 

testing results showed a similar CO2 capacity with the lab testing data, i.e., 110 mg-CO2/g-

solvent. No evidence was found that the gases other than CO2 presented in the bio-syngas was 

absorbed in a significant amount.  

3.3 Thermodynamics of CO2 separation with hybrid solvents 

In this part, the superbase-derived [HDBU][IM] (a new solvent) was used as the promising 

ionic liquid (IL), and DEPG, PC, and EG under a certain mass ratio (2:1) were chosen as the 

cosolvent to formulate hybrid solvents for CO2 separation. Firstly, the hybrid solvent showing 

the highest CO2 absorption capacity was identified, i.e., identifying the suitable cosolvent. 

Secondly, for the hybrid solvent with the identified cosolvent, the effects of mass ratio and 

temperature on the CO2 absorption capacity at different pressures were studied, and the density 

and viscosity were measured. Thirdly, the absorption capacities of the gases other than CO2, 

such as N2, CH4, simulated flue gas (with 75% N2 and 25% CO2) and biogas (with 60% CH4 

and 40% CO2), were measured. Finally, thermodynamic modeling was conducted, and the 

species distribution as well as the chemical and physical contributions were analyzed. 

3.3.1 Identifying the suitable cosolvent  

The effect of cosolvents (i.e., EG, PC, and DEPG) on the CO2 absorption capacity was studied 

with the same mass ratio of 2:1 at pressures up to 1.7 MPa, as shown in Figure 3-12. For all 

these hybrid solvents, the amount of absorbed CO2 increased dramatically when the pressure 

was around atmospheric pressure and then increased linearly with the increase in pressure, i.e., 

the hybrid solvents show the characteristics of both chemical and physical absorptions. The 

CO2 absorption capacity of [HDBU][IM]-DEPG is larger than those of the other two solvents 

when the pressure is high than 0.3 MPa, and thus DEPG was identified as the suitable cosolvent 

and [HDBU][IM]-DEPG was chosen as the promising hybrid solvent for further investigation. 
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Fig. 3-12 CO2 absorption capacities of three IL-cosolvent systems at the mass ratio of 2:1 at 

different pressures and 298.15 K 

3.3.2 Effect of mass ratios and temperatures  

The CO2 absorption capacities of the [HDBU][IM]-DEPG with different mass ratios of 2:1, 1:2, 

and 2:3 were determined at 298.15 K and pressures up to 1.7 MPa.  As shown in Fig. 3-13a, 

within the pressure range, the CO2 absorption capacity increased with increasing the 

[HDBU][IM] content. The greater contribution of chemisorption than the physisorption was the 

reason, as proved obviously by the results at the lowest pressure for each mass ratio. Obviously, 

[HDBU][IM]-DEPG with the mass ratio of 2:1 shows the highest CO2 absorption capacity. 

To study the effect of temperature, the CO2 absorption capacities of [HDBU][IM]-DEPG with 

a 2:1 mass ratio were determined at 298.15, 323.15, and 328.15 K. The results are shown in Fig. 

3-13b. It was observed that the CO2 absorption capacity decreased with increasing temperature. 

When the temperature rose from 298.15 to 328.15 K, the CO2 absorption capacities at 0.1 MPa 

drastically dropped from 2.3 to 1.5 mol-CO2/kg-solvent, and those at 1.4 MPa decreased from 

4 to 3.4 mol-CO2/kg-solvent. Both cases conclude that a lower temperature is favored in the 

CO2 absorption capacity. A lower temperature may limit the reaction rate and mass transfer. 

However, no obvious difference in the time to reach equilibrium was observed during the 

experiment. 
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Fig. 3-13 Effect of (a) [HDBU][IM]-DEPG mass ratio and (b) temperature on CO2 absorption 

capacity within the pressure from 0.1 up to 1.7 MPa. Curves: predicted values based on 

modeling. 

3.3.3 The gas absorption capacity other than CO2  

In the actual industrial process, such as CO2 separation from biogas or flue gas, CH4 and N2 are 

two important and common components other than CO2 in the gas stream. Therefore, in this 

section, the effects of CH4 and N2 on CO2 absorption capacity were also investigated, where 

[HDBU][IM]-DEPG with the mass ratio of 2:1 at 298.15 K was chosen. 

Firstly, the absorption capacities of pure CH4 and N2 were measured. As can be seen from Fig. 

3.14, the absorption capacities of pure CH4 and pure N2 were similar, i.e., increased linearly 

with increasing pressure, indicating no chemical reaction occurred between [HDBU][IM] and 

CH4 or N2, and they were much lower than that of CO2. For example, at 1 MPa, the CO2 capacity 

was 17 times higher than those of CH4 and N2, being the same value for propylene carbonate, 

a commercial organic solvent with a maximum selectivity [48].  

It has been reported that the existence of gases other than CO2 may decrease the CO2 solubility, 

leading to a decrease of selectivity [48]. In this work, two gas mixtures, i.e., flue gas (with 75% 

N2 and 25% CO2) and biogas (with 60% CH4 and 40% CO2) were chosen for further study. The 

results are illustrated in Fig. 3-14. It was shown that, when the gas mixture was used as the inlet 

gas, the measured CO2 absorption capacity was similar to that of using pure CO2 as the inlet 

gas, while those for CH4 and N2 decreased obviously, which might be due to the effect of the 

newly formed reaction product [HDBU][IMCOO]. 
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Fig. 3-14 CH4 and N2 absorption capacities of [HDBU][IM]-DEPG with mass ratio 2:1 

compared with CO2 at 298.15K.  

 

3.3.4 Thermodynamic modeling and analysis 

Based on the determined experimental results and the theory explained in section 2.3, 

thermodynamic modeling was carried out. As shown in Fig 3-13, the model results were in 

good agreement with experimental measurements with an average relative deviation (ARD) of 

2.37%.  

The model was further used to predict the species to analyze the effects of temperature, pressure 

and mass ratio. As we can see from Fig. 3-15, with increasing pressure, the contents of DEPG 

and CO2 changed linearly, while those of [HDBU][IM] and [HDBU][IMCOO] rapidly changed 

to a certain value and then changed linearly, which is related to the effect of chemisorption. The 

mass ratio of DEPG to [HDBU][IM] greatly affected the distribution of different species (Fig. 

3-15a). The increase in the mass ratio of DEPG led to an increased concentration of the species 

CO2 while significantly decreased the content of [HDBU][IMCOO] as we can see from Fig. 3-

15a. The reason is that DEPG only contributes to physical absorption, and the decreased content 

of [HDBU][IM] causes the decline of chemisorption. For the solvent with the same mass ratio, 

the increase of temperature (Fig. 3-15b) greatly decreased the concentration of CO2, while the 

content of [HDBU][IMCOO] decreased at low pressure (< 1 MPa) and then slightly increased.  
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Fig. 3-15 The effect of mass ratios (a) and temperatures (b) on species distributions in 

[HDBU][IM]-DEPG at CO2 absorption equilibrium. Dots: predicted values based on 

thermodynamic modeling. 1, 2, 3, and 4 represent CO2, DEPG, [HDBU][IM], and reaction 

product [HDBU][IMCOO], respectively. 

In order to clearly describe the physical and chemical contributions to the CO2 solubility in 

these hybrid solvent systems at different mass ratios and temperatures, the results were further 

analyzed as illustrated in Fig. 3-16.  The decrease of the DEPG mass ratio and the increase of 

temperature favored the contribution of chemisorption, while they show the opposite effect on 

the contribution of physisorption. When the pressure was lower than 0.4 MPa, chemisorption 

contributed more than 90% of the total CO2 absorption capacity. With the increase in the 

pressure, the physical contribution gradually increased up to 30% for the solvent [HDBU][IM]-

DEPG (2:1) at 298.15 K.  
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Fig. 3-16 The effect of mass ratio (a) and temperature (b) on physical and chemical 

contributions to the CO2 absorption capacity  

In summary, DEPG was identified as the suitable cosolvent to formulate the hybrid solvent with 

the superbase derived IL [HDBU][IM], and the corresponding suitable mass ratio (IL: cosolvent) 

was observed at 2:1. Also, low temperature led to high CO2 absorption capacity. The absorption 

capacities of CH4 and N2 were dropped when the gas mixture was used as the inlet gas, resulting 

in higher selectivity compared to the ideal one. The results of thermodynamic modeling agreed 

well (ARD < 2.37%) with the experimental results, and the analysis showed that the decrease 

of the DEPG content and the increase of temperature favored the chemisorption, which was 

opposite to the physisorption. [HDBU][IM]-DEPG binary system is a promising candidate for 

separating CO2 from CH4 and N2. Its superior CO2 absorption capacity and high selectivity may 

result in low separation cost and low CH4 loss, and the environmentally benign feature of 

[HDBU][IM] may contribute to sustainable development. Further studies about its mass 

transfer rate and techno-economic analysis will be carried out in the future. 

4 Conclusions and future work 

4.1 Conclusions 

In this thesis, a structure of systematic studies on both conventional and novel solvent systems 

was constructed to improving the conventional process via process simulation and developing 

new process by experimental effort and modeling work. 

For conventional solvent, aqueous MEA is the mostly applied solvent in industrial applications 

to treat the flue gas. By analyzing the MEA concentration between 15-30 wt.%, 20% MEA 

solvent is identified as the optimal choice. The selected parameters were evaluated based on the 

effects on CAPEX, OPEX, and annual total cost, the results indicate that CO2 concentration is 

the most significant one, followed by gas flow rate, and CO2 removal rate causes the smallest 

effect. CAPEX is more sensitive to all the studied parameters than OPEX; however, OPEX was 

the most important one to the total cost owing to its larger absolute value (approximately 3 

times of CAPEX). 

For the newly developed solvent, aqueous PEHA solvent was experimentally proved to be a 

potential candidate for removing CO2 from bio-syngas. Firstly, the lab testing result concluded 

that the 20 wt.% PEHA solution has the highest CO2 absorption capacity. Moreover, using gas 

mixture as the inlet gas in lab testing showed that the gases other than CO2 (i.e., CO, H2, CH4) 
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were not absorbed in PEHA to any significant extent even under high pressure, and their 

presence did not affect the CO2 absorption capacity significantly. Finally, the results from pilot 

testing with real bio-syngas showed a similar CO2 capacity with the lab testing data, i.e., 110 

mg-CO2/g-solvent. The pilot testing also found that the gases other than CO2 presented in the 

bio-syngas were not absorbed in a significant amount. 20 wt.% PEHA aqueous solvent is a 

promising chemical solvent for separating CO2 from bio-syngas. 

For the newly developed novel IL-based solvent, the cosolvent screening selects DEPG as the 

suitable one to formulate the hybrid solvent with the superbase derived IL [HDBU][IM], and 

the mass ratio study indicating the suitable mass ratio (IL: cosolvent) was 2:1. The temperature 

study evidencing the low temperature will result in high CO2 absorption capacity. The 

absorption capacities of CH4 and N2 were dropped when the gas mixture was used as the inlet 

gas, resulting in higher selectivity compared to the ideal one. The thermodynamic modeling 

agreed well (ARD < 2.37%) with the experimental results, the DEPG content and the increase 

of temperature favored the chemisorption, which was opposite to the physisorption. The 

[HDBU][IM]-DEPG binary system is a promising candidate for separating CO2 from CH4 and 

N2.  

4.2 Future work 

In this work, MEA-based CO2 absorption process was studied via the theoretical method, i.e., 

process simulation, proving the optimal MEA concentration can differ from the mostly 

suggestted 30 wt.%. The effects of selected parameters on process energy-demand and cost 

were investigated, and qualitatively identified the significance of each parameter. The 

experimental studies of polyamine PEHA and superbase-derived hybrid solvent [HDBU][IM]-

DEPG demonstrated the newly proposed or developed solvents for CO2 separation are 

promising for further study. 

Moreover, the parameter study in MEA-based CO2 absorption process indicates the importance 

of the gas stream, especially the gas stream composition. Therefore, the gas stream from 

different processes will be also involved in the future work. 

In the following research, the MEA-based CO2 absorption process will be acted as the well-

defined benchmark process. The 20 wt.% aqueous PEHA solvent and superbase-derived hybrid 

solvent [HDBU][IM]-DEPG with mass fraction IL: cosolvent = 2:1 will also be investigated at 

the process level, and the performance comparison between MEA and the two newly developed 
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solvents will be conducted. Different gas streams, e.g., flue gas, bio-syngas, biogas will be 

introduced in the process simulation work. 
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Abstract 

To meet the Paris Agreement requirements, decarbonisation with different options from a cement plant 

is needed, calling for a reliable database to conduct system analysis for providing suggestions. CO2 

capture using monoethanolamine (MEA) as a mature technology is one of important decarbonisation 

options and often considered as a benchmark, while systematic and reliable data for the cement plant is 

still lacking. The main purpose of this work was to systematically study the CO2 capture using 

monoethanolamine (MEA), mainly based on process simulations with Aspen Plus. First, the MEA 

concentrations between 15-30 wt. % were studied combined with experimental measurements in pilot-

scale, and 20 wt. % MEA was identified as the preferable solution. Subsequently, a systematic analysis 

was conducted for CO2 capture using 20 wt. %  MEA with/without CO2 compression to study how 

various parameters, including flue gas flow rate, flue gas CO2 concentration, and CO2 removal rate, 

affected the energy usage and techno-economic performances quantitatively. The influence of each 

parameter on both energy usage and cost showed an obvious non-linear relationship, evidencing the 

importance of systematic analysis to provide a reliable database for further analysis and evaluation of 

decarbonization. The evaluation of energy usage indicated that the heating required for solvent 

regeneration accounted for the largest energy usage, regardless of the presence of the compression unit. 

The economic analysis showed that the capital cost was more sensitive to the selected parameters than 

the operational cost, while the operational cost created a major change in the overall cost. In addition, 

the flue gas flow rate and CO2 concentration were the main parameters affecting the cost, rather than the 

CO2 removal rate. Finally, it was suggested that, for a new cement plant, CO2 capture showed the 

minimum investment cost per ton CO2 when operating the cement plant in the largest scale with the 

highest CO2 concentration in the flue gas and the highest CO2 removal rate; for an existing cement plant, 

the capture preferred to run with the highest CO2 removal rate.  

1. Introduction 

Anthropogenic emission of CO2 is one of the main causes of global warming. According to the 

Intergovernmental Panel on Climate Change (IPCC), global anthropogenic emissions of CO2 should be 

reduced to net zero by 2050 to avoid a temperature increase of greater than 1.5°C [1]. The main sources 



of CO2 emissions are the combustion of fossil fuels and industrial processes, such as the cement industry. 

To mitigate CO2 emissions, different decarbonization options have been proposed, such as improving 

energy efficiency, using hydrogen-based energy, replacing fossil-fuels with biomass, combining with 

carbon capture and storage (CCS) processes, etc. Among all these options, the CCS option, such as 

membrane, adsorption with zeolites, absorption with new solvents like ionic liquids, are promising  for 

deployment in the future, but restricted by the low technology readiness level (TRL) in the current. 

Therefore more detailed investigations in a longer time are inevitable towards implementation. Chemical 

absorption is a mature technology with advantages of high stability, capacity, and technology readiness 

level. Monoethanolamine (MEA) is the most widely used solvents in numerous processes [2]. It is of 

importance to evaluate the MEA reference case as detailed as possible: in short-term period, as the most 

technology ready process, the extensive deployment may occurred when the CO2 reduction is of great 

urgency; in long-term period, a solid conclusion of the MEA-based CO2 capture technology is necessary 

to support it to act as the reference, thus all of the advanced technologies can be evaluated based on this 

reference case. 

Many researchers were focusing on the MEA-based CO2 capture in coal-fired and gas-fired power plant 

in the beginning, owing to its largest share of anthropogenic CO2 emission, the effect of the CO2 capture 

process on the overall plant efficiency and electricity price have been studied, efforts have been made 

in order to compensate the plant efficiency as well [3-6]. Later on, the research effort has been shifted 

to other industrial sectors, as industrial emissions were acknowledgedly considered as another important 

CO2 sources. On one hand, techno-economic analyses and comparisons have been conducted to assess 

the feasibility of MEA-based CO2 capture process in iron and steel sector and aluminium production [7-

11]. Another study evaluates the performance of different amine(s)-based solvent in comparably higher 

CO2 concentration [12]. A configuration study compared various options and proposed the ones to 

further reduce the energy demand of the capture process [13]. On another hand, some researchers 

devoted on combining the experimental data with various models and improving the existing capture 

processes, in order to reducing the investment, from R&D to the plant operation [5, 14-17].  

Most of the research mentioned above using the 30 wt. % MEA solutions as the reference case, refers 

to the optimal MEA concentration compromised between capture performance and MEA degradation 

and corrosion. The results from pilot plant study conducted by Notz et al suggests to use 30 wt. % MEA 

[18]. While others indicate that the selection of MEA concentration needs to be carefully considered 

with other parameters such as CO2 concentration [19]. Arachchige and Melaaen studied the effects of 

MEA concentration on removal efficiency, concluded that 22-25 wt. % MEA concentration as the 

optimal region for maximizing the removal efficiency [20], while others suggests even higher than 30 

wt. % MEA [21, 22]. Besides, a rapid corrosion rate was observed when using 30 wt. % MEA, and 

proned degradation in the high MEA concentration was also mentioned by Wagner [23]. Even though 



replacing carbon steel with stainless steel 316L can moderate the corrosion issue but not elimination 

[24]. Additionally, it has been pointed out that 30 wt. % MEA can lead to other problems, such as 

thermal and oxidative degradation, as well as high bulge temperature. However, to the best of our 

knowledge, no clear and universal conclusion has been draw regarding the selection of MEA 

concentration, and the concentration study lower than 30 wt. % is limited and needs to be fulfilled. 

Another information shortage is that the gases from different industries may differs from CO2 

concentration,  gas flow rate and other conditions etc. Moreover, the CO2 removal rate can vary 

significantly [25, 26]. All the mentioned scenarios may have siginificant impacts on the selection of 

optimal MEA concentration when different industries and plants are interested. It is worthy to note that, 

nearly all of the researcher only using the energy requirement as the key performance indicator for MEA 

concentration selection, while the whole plant investment might be a more strightforward way of 

demonstrating how the MEA concentration influence the whole economics of in plant level. 

In this work, the main aim is to analyze the effect of MEA concentrations (15-30 wt. %) on the 

performance of MEA-based CO2 capture process and identify the optimal concentration of MEA on 

different operation conditions via Aspen Plus simulation. Experimental data of 30 wt. % MEA from 

literatures and new pilot experiments with 20 wt. % MEA were provided for model validation. Four 

MEA concentration, 15, 20, 25, 30 wt. % were used in validated model. Heat requirements and 

CAPEX/OPEX of capture plant were calculated under various of CO2 concentrations, gas flow rates and 

removal rates.  

2. Methodologies 

In this work, pilot-scale experiments were carried out for CO2 capture with 20 wt. % MEA, as the 

previous results on the pilot-scale testing were only available for 30 wt. % MEA. The description of 

experimental set-up and procure were described in this section. The systematic investigation of CO2 

capture was mainly based on process simulations with the commercial softeware Aspen Plus, the process 

and the corrposning specifications were described briefly, and the methods for estimating energy usage 

and cost were summarized.  

2.1 Pilot experimental testing 

2.1.1 Chemicals and materials 

In experiments, the flue gas that contains 12.5 Vol % CO2 was prepared. The gas preparation started 

with the pressure release from CO2 cylinder (99.9% purity provided by Nanjing special gases Co., Ltd.)  

to the gas reservoir, and the CO2 was blewn into the gas buffer tank with a roots blower, in which the 

flow rate of CO2 was controlled by the pressure relief valve and flowmeter. Air was blewn directly from 

the atmosphere. The air and CO2 were well mixed and then fed into the absorber at a certain flow rate. 



The gas composition, temperature and pressure were measured by Kane KM9106E combustion 

analyzer (Keison, UK). The 20 wt. % MEA-water solution was prepared by mixing MEA (Jiaxing 

Jinyan Chemical Co., Ltd.) and deionized water.  

2.1.2 Experiemntal set-up and specifications 

The experimental setup used for pilot-testing is depicted in Fig. 1, including absorber, stripper, 

desprption, heat exchnagers, and bolier. Two thermometers (Kangle Instruments Co., Ltd.) were 

equipped at the top and bottom of absorber and stripper, respectively, to measure the temperature of 

columns. Similarly, two pressure gauges (XueHu Special Instrument Technology Co., Ltd.) were 

equipped at the top and bottom of absorber and stripper to detect the column pressure. The specifications 

are listed in Table 1. In the absorption-desorption process, part of the CO2 was absorbed by 20 wt. % 

MEA solution, and then the CO2-rich solvent was preheated by a rich-lean heat exchanger and sent to 

the regeneration column. The regenerated CO2 gas stream was condensed to separate water and obtain 

a 99% CO2 product. The CO2-lean solvent flew out from the bottom of regeneration column, pumping 

to the rich-lean heat exchanger to recover the heat. The temperature is further reduced in a cooler and 

the cooled solvent was circulated to the absorber.  

 

Fig. 1. Schematic flow diagram of pilot test with 20 wt. % MEA solution  

Table 1. Experimental specifications of 20 wt. % MEA-based CO2 capture process  

Specifications Measured value 

Absorber  

Packing type Pall ring 

Packing height, m 3.6 



Bottom section pressure, kPaG 6 

Top section pressure, kPaG 2 

Gas and liquid inlet temperature, K 313.15 

Stripper  

Packing type Pall ring 

Packing height, m 3.6 

Bottom section pressure, kPaG 50 

Top section pressure, kPaG 30 

Gas stream flow rate 3.43 Nm3/h 

Lean loading 13.7 L CO2/ L solvent 

 

2.2 Process and simulation 

2.2.1 Process description 

 

Fig. 2. Schematic diagram of the MEA-based CO2 capture process in Aspen Plus 

In simulation, the MEA-based capture process combined with a CO2 compression unit is shown in Fig. 

1. The flue gas travels through a pretreatment unit to cool the gas and reduce the water content. The 

treated gas is then fed into an absorber. In the absorption column, CO2 is reactively absorbed by the 

MEA solvent. The CO2-rich solvent exiting the absorber is pumped into the internal heat exchanger, 

where the CO2-rich solvent is pre-heated and fed into a stripping column for solvent regeneration. The 

CO2 exiting the top of the stripping column then flows into a series of compression units to reach a 

specific condition for transportation, storage, or utilization. The make-up streams, which contain water 

and MEA, are added into the recycle stream.  



2.2.2 Process specifications 

The inlet gas was assumed to contain O2, CO2, H2O, N2, CO, H2, and several trace components, such as 

NOx and SOx. However, to simplify the process, only O2, CO2, H2O, and N2 were considered, and the 

gas was assumed to contain 2.4 wt. % O2, 4.2 wt. % H2O, and balanced CO2 and N2 concentrations.  

Three gas flow rates were set, the large flow rate was 252.7 ton/hr (i.e., 70.2 kg/s), corresponding to the 

full capacity from the St. Marys cement plant [27]. The medium gas flow rate was half the large flow 

rate, representing the capacity of a medium-sized plant, and the small gas flow rate was again half of 

the medium flow rate, representing a typical refinery plant. The CO2 concentration of 31.8 wt. % is the 

original data from St. Marys cement plant, and then the CO2 concentration was further expanded to a 

range of 10-50 wt. % for generalize the study. The CO2 removal rate was defined as the ratio between 

the amount of CO2 captured in the process and the total amount of CO2 entered the process. It was set 

between 65–95 % to investigate its influence on the energy usage and economy (cost), and values lower 

than 65% were not included owing to the CO2 capture requirement. These parameters are listed in Table 

2. Based on these parameters, 60 combinations of various CO2 removal rates, flue gas flow rates, and 

CO2 concentrations were created to simulate the the capture process. Other process parameters are listed 

in Table 3. 

Table 2. Input parameters in the process simulation 

Input parameters Values 

CO2 concentration 10%, 20%, 31.8%, 40%, 50% (wt. %) 

CO2 removal rate 65%, 75%, 85%, 95% (mol. %) 

 252.7 ton/hr (large scale) 

 Gas flow rate 126.4 ton/hr (medium scale) 

 63.2 ton/hr (small scale) 

 

2.2.3 Simulation specifications 

The process development strategy follows the same principle as the study by Penteado et al [28]. Both 

of the columns were designed with the equilibrium model and then switched to the rate-based model 

that simultaneously described the mass and heat transfer rate phenomena with equilibrium and kinetic 

controlled reactions. A design specification was set in the absorber to reach a certain capture target by 

varying the lean MEA flow rate. The other two design specifications were configured in the stripper: 

one matched the lean CO2 loading of 0.3 molCO2/ molMEA by varying the reboiler duty and the other 

ensured that the gas stream exiting the stripper reached 98 mol. % CO2 purity by changing the distillate 



flow rate. The heights for both columns were determined by sensitivity analyses, where the required 

lean MEA flow rate in the absorber and the minimum reboiler duty in the stripper were calculated. 

The recycle stream should be closed in the process simulation to achieve process stability and simulation 

convergence. However, closing the recycle stream by a blocked connection increases the computing 

time and could create convergence problems. In addition, the labor becomes more complex when 

adjusting the operating conditions. Thus, in this study, the method described by Penteado et al. was used 

to improve the stability and usability in the simulation, i.e., instead of connecting the lean MEA recycle 

stream with the absorber inlet, a transfer block was used to virtually close the recycle. This was 

performed using two steps. (1) The design specifications were used to fix the lean loading of the bottom 

stream from stripper, and (2) a balance block was created to control the flow rates of the makeup streams. 

These two steps ensured that the recycle stream and lean MEA stream were nearly identical in 

composition and flow rate. The initial specification of the process was listed in Table 3. It is worthy to 

note that, IMTP 1.5-IN NORTON was chosen in this work because of the following reasons: (1), the 

surface area of this type of packing is available in the database. (2), a similar IMTP packing was used 

in the pilot plant, where the data was used for the validation of process simulation. The comparison with 

the experimental data using a similar packing will increase the reliability of holdup calculation, leading 

to credible results. 

Table 3. Initial specifications in the MEA-based CO2 capture process 

Specifications Value 

Absorber  

Packing type IMTP 1.5-IN NORTON 

Number of stages 20 

Top section pressure 1.2 bar 

Stripper  

Packing type IMTP 1.5-IN NORTON 

Number of stages 12 

Top section pressure 2.1 bar 

Inlet MEA temperature 313.15 K 

Lean loading 0.3 molCO2/ molMEA 

Flue gas condition 433.15 K, at atmospheric pressure 

Compressed CO2 condition 303.15 K °C, 150 bar 

The simulation results depend on the accuracy of the properties, phase equilibria, mass and heat transfer, 

and reaction kinetics. Proper models were chosen to calculate the required thermodynamic properties 



(enthalpy, entropy, Gibbs free energy, and volume) and transport properties (viscosity, thermal 

conductivity, diffusion coefficient, and surface tension) in the liquid and vapor phases. The 

thermodynamic and transport properties were extracted from the Aspen Plus database and configured in 

the component specifications.  

The electrolyte non-random two liquid model was used to describe the non-ideal behaviors of the liquid 

phase, and the Redlich-Kwong equation of state was chosen for the vapor phase to describe the phase 

equilibria [29-31]. Both models have been implemented in Aspen Plus and verified for MEA-based 

technologies for CO2 capture [32-34]. The parameters (pure, binary, and electrolyte-pair) for all the 

components were maintained as default values, as this simulation was conducted based on the example 

file used for the MEA-CO2 system [35]. 

The widely used reaction mechanism described by Freguia and Rochelle [36] with three equilibrium 

reactions and two reversible kinetically controlled reactions was adopted, and the corresponding 

parameters were obtained from Austgen et al., [37] Pinsent et al. [38], and Hikita et al [39]. The reactions 

and corresponding kinetic parameters are listed in the supplemental materials (Table A1). 

For the mass and heat transfer calculation, the Onda-68 correlation was selected for the mass transfer 

coefficient and interfacial area. The Chilton and Colburn correlation was applied to obtain the heat 

transfer coefficient, and the packing hold-ups were calculated using the approach by Bravo et al [40]. 

 

2.2 Energy usage and economic analyses 

The energy calculation in this study consisted of two scenarios: the energy demand of the process with 

and without a compression unit. Energy is utilized in three forms in the MEA-based CO2 capture process: 

1) the heating duty of the reboiler for solvent regeneration and the heaters; 2) electric power required 

for the blower, pumps, and CO2 compressor; and 3) cooling duty of the condenser for solvent 

regeneration and the coolers. The energy demand mentioned above was estimated in energy power and 

then converted into cost with the energy prices listed in Table 2 for discussion and comparison. 



An economic analysis was conducted with the Aspen Process Economic Analyzer (APEA) based on the 

industry-standard Icarus System [41]. Fig. 3 shows the procedures of economic analysis in the APEA.  

Fig. 3. Descriptive flowchart of the economic analysis in APEA 

The APEA is an equipment-based approach to estimate the economy. It maps and sizes the equipment 

to create a volumetric model, which is used to estimate the total installed cost. With other input 

parameters used in the APEA, the template defines the equipment-based parameters required in the 

analysis. It also defines the currencies and interest rates for the cost calculation, and the investment 

options offer the plant life setting and operating hours that could be used for quantitatively calculating 

the operational cost. The stream and utility prices assist the material and energy cost processes. With 

this information, the cost can be evaluated and generated (e.g., equipment and utilities). 

The annualized total cost (ATC) was calculated as a sum of the operational cost (OPEX) and capital 

investment cost (CAPEX). The ATC was estimated using Eq. 1. 

𝐴𝑇𝐶 =
𝑂𝑃𝐸𝑋 + 𝐶𝐴𝑃𝐸𝑋 (

𝑖(𝑖 + 1)𝑁

(𝑖 + 1)𝑁 − 1
)

𝑀𝐶𝑂2𝑡𝑜𝑡𝑎𝑙
  ,       (1) 

where CAPEX is the total cost of the plant, which consists of the direct and indirect costs: the total 

installed cost, contracts, contingencies, overheads, and other costs; OPEX is the summation cost of the 

raw material, utility, operating labor, maintenance, operating charges, plant overhead, and general and 

administrative cost; i is the interest rate, and N is the operating life of the plant. In this study, i was set 
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to 10%; N was set to 25 years, and the plant operating time was assumed 8700 h per year [42]. Other 

parameters used for the CAPEX and OPEX calculations were set to the default values. Table 4 lists the 

utilities and solvent prices used in the OPEX calculation [43, 44].  

Table 4. Utilities and solvent prices 

Energy and solvent Cost 

Steam, $/GJ 6.00 

Cooling water, $/GJ 0.35 

Electricity, $/kWh 0.10 

Refrigeration, $/GJ 4.00 

MEA, $/kg 1.32 

 

3. Results and discussion 

In this study, pilot-testing was conducted, proving new experimental results. The process was developed 

in Aspen Plus with the initial specifications listed in Table 3, and the simulation was validated with the 

practical data for both 20 and 30 wt. % MEA solvent. Then the effect of MEA concentrations on the 

process perfoamnce was investigated  and then optimal MEA concentration was determined. Afterwards, 

a sysntematic study was conducted based on process simulation, where the  optimal column heights for 

the absorber and stripper were determined, and the effects of MEA concentration, along with selected 

parameters on energy and cost results were analyzed individually and interactively.  

3.1 Experimental results and simulation validations 

 

3.1.1 Experimental results for 20 wt % MEA 

Using the experimental set-up described in Fig. 1, the process performance of CO2 capture with 20 wt. % 

MEA was tested with the results listed in Table 5.  

Table 5. Key simulation results for model validation of 20 wt. % MEA solvent 

Variable Measurements Simulation output 

CO2 removal, % 80 77.6 

Reboiler heat duty, kcal/hr 1050 793.649 

Stripper bottom section temperature, K 373.15-375.15 378.15-386.15 

Gas to liquid ratio, Nm3/m3 286  311 

 



 

3.1.2 Validation of simulation 

In this work, the simulation results were validated with both 20 wt. % and 30 wt. % MEA solutions. The 

experimental results with 20 wt. % MEA solutions newly determined in this work and those for 30 wt. % 

MEA solutions taken from the pilot plants at the University of Texas at Austin and the University of 

Kaiserslautern [18, 45] were used for validation.  

For the case of 20 wt% MEA, setting exactly the same condition, process simulation was conducted 

with the results listed in Table 5 also for comparison. The CO2 removal rate, stripper bottom section 

temperature, and gas to liquid ratio showed reasonable divergences between the experimental data and 

process simulation results. However, due to the undesirable insulation on the stripping column, the 

experimental reboiler heating duty was apparently higher than the simulation results but still in an 

acceptable range if the heat loss was considered.   

Similarily, for 30 wt% MEA, simulations were performed under the same conditions used at the real 

pilot plants for comparison. The comparison results are listed in Table 6 and depicted in Fig. 4, showing 

that good agreements were obtained between the simulation output and experimental data. The minor 

difference in the reboiler heating duty from that in the pilot plant data at the University of Texas at 

Austin can be explained by the re-absorption in the stripper, which was also reported by Zhang et al. 

[31]. 

Table 6. Simulation and experimental results for 30 wt. % MEA solvent 

Variable Measurement [18, 45] Simulation output 

Validation with the pilot plant at the University of Texas at Austin 

CO2 loading in LEANOUT, molCO2/molMEA 0.286 0.299 

CO2 loading in RICHIN, molCO2/molMEA 0.539 0.485 

CO2 removal, % 69 69.3 

CO2 stripping, kg/hr 92 94.23 

Reboiler heat duty, MJ/hr 738 546 

Validation with the pilot plants at the University of Kaiserslautern 

CO2 loading in LEANIN, molCO2/molMEA 0.262 0.254 

CO2 loading in RICHOUT, molCO2/molMEA 0.387 0.385 

CO2 removal, % 76.1 85 

Reboiler heat duty, MJ/hr 6.47 7.048 



 

 

Fig. 4. The liquid temperature profiles as simulation outputs and pilot plant experimental data. a) 

absorber and b) stripper of the pilot plant at the University of Texas at Austin, c) absorber and d) stripper 

of the pilot plant at the University of Kaiserslautern 

3.2 The effect of MEA concentrations under different selected parameters 

For the MEA-based technologies for CO2 capture, 30 wt. % MEA is often used in academic research, 

while lower concentration of MEA solution is widely used in industrial applications. To further study 

the CO2 capture performance with different MEA concentrations, 15-30 wt. % MEA were selected to 

simulate the capture process with fixed flue gas and lean loading, the solvent flow rate was adjusted to 

obtain a 95% CO2 removal rate. The effects of lean loading on reboiler duty was studied by Hassan et 

al., concluding that the minimum reboiler duty was achieved when the lean loading achieved around 0.3 

molCO2/ molMEA [21, 46]. Therefore in this study, fixed lean loading of 0.3 molCO2/ molMEA is used to 

simplify the study and devote more efforts on the influence of selected parameters.  



 

Fig. 5. Temperature profile and bulge temperature in the absorber 

Fig. 5 shows that, by decreasing the MEA concentration from 30 wt. %, through 25 and 20 until 15 

wt. %, the bulge temperature decreased from 358.15 to 328.15 K, creating a better absorption 

performance because the lower temperature promotes the exothermic absorption for CO2. However, it 

is not exactly the same story when discussing the MEA concentration regarding the reboiler duty and 

investment cost. The specific heat requirement and cost estimation were calculated based on these four 

MEA concentrations and all the combinations of selected parameters. Only the cases with boundaries 

of the selected parameters are shown below due to the limitation of the pages. 

3.2.1 The effect of removal rate 

The lower and upper boundaries of removal rate were selected to illustrate the effects of MEA 

concentration and removal rate on specific energy demand and capture cost with fixed gas flow rate 

(large scale) and CO2 concentration (31.8 wt. % CO2 concentration). As we can read from Fig 6, no 

considerable effect of removal rate is observed even if the removal rate increasing from 65% to 95%. 

However, the specific heat requirement as well as the costs were sharply decreasing with increasing 

MEA concentration from 15-20%, and then a slightly decrease and increase were observed with 

increasing MEA concentration from 20-25% and 25-30%. It can be explained that when using too low 

MEA concentration (e.g. 15 wt. % MEA), it will lead to a large solvent flow rate thus expand the 

equipment dimension and higher the CAPEX. The heat demand required for heating up the solvent was 

also high, resulting a sharp increase in OPEX. When increasing the MEA concentration into 20-25 wt. %, 

a smaller solvent flow rate could reach the fixed capture target and lower the heat requirement from that 

of 15 wt. % MEA case. The higher bulge temperature in the absorber is insiginificant compared with 

enhancement due to the decrease in solvent flow rate. When a high MEA concentration (30 wt. % MEA) 

is used, lesser solvent flow rate is required. However, the bulge temperature was too high to maintain 

the desired CO2 solubility, again resulting a larger solvent flow rate for compensation the solubility 



losses. Even though the solvent flow rate is still less than lower MEA concentration, the heat duty is a 

bit higher and not optimal in our case. 

 

Fig. 6. Influence of MEA concentration on investment cost and specific heat requirement. Left: 65% 

removal rate; Right: 95% removal rate. 

3.2.2 The effect of CO2 concentration 

Similar to the evaluation of removal rate, the boundary value of CO2 concentration, 10 and 50 wt. % 

were selected to study the effect of MEA concentration under different CO2 concentrations, as depicted 

in Fig 7. Interestingly, it shows different behavior than the evaluation of removal rate. When the CO2 

concentration was set in a low value, 10 wt. %, the specific energy demand and investment cost from 

25 wt. % and 30 wt. % MEA concentration were close, while in the case of 50 wt. % CO2 concentration, 

the specific energy demand of 30 wt. % MEA concentration was obviously higher than 20 wt. % MEA 

concentration. This can be explained from the CO2 concentration. Under a low CO2 concentration 

circumstance, the higher bulge temperature of 30 wt. % MEA concentration is avoided, leading to a 

insignificant different between 25 and 30 wt. % MEA. While both CO2 and MEA concentration are at 

high level, the effect of high temperature is promoted, resulting an increase in specific energy demand 

and investment cost. It can be concluded that the solvent concentration should carefully considered with 

CO2 concentration. 

In addition, a substantial decrease of investment cost was found  with increasing CO2 concentration. 

When the CO2 concetration lifted from 10 to 50 wt. %, nearly 50 % cost reduction was observed, 

indicating the significant effects of CO2 concentration on both energy demand and investment cost. 



 

Fig. 7. Influence of MEA concentration on investment cost and specific heat requirement. Left: 10 

wt. % CO2 concentration; Right: 50 wt. % CO2 concentration. 

We can conclude that the MEA concentration between 20-25 wt. % are the optimum range in our study 

instead of 30 wt. % MEA, and concentration lower than 20 wt. % will siginificantly increase the reboiler 

duty. It is worthy to note that, the conclusion in this study is not exactly the same with others, this is 

because the gas flow rate and lean loading are fixed and coupled in this study. Besides, other researchers 

also drew the similar conclusion when the study methods are customized: Garđarsdóttir et al. [25] also 

studied the solvent concentration effect on the temperature profiles and heat duty that lower 

concentrations of MEA could benefits the bulge temperature in absorber and reboiler heat duty, 

especially under low CO2 concentration condition. In addition, a pilot testing also support that the MEA 

concentration lower than 30 wt. % requiring lower stripping steam in regeneration process [18]. 

Furthermore, the low corrosion rate of lower MEA concentration solvent reduce the cost in equipment 

materials. Based on all the analyses above, 20 wt. % MEA solvent was selected for further study in this 

work. 

 

3.3 Systematic analysis of energy usage and cost with 20 wt% MEA  

3.3.1 Determining column height via sensitivity analyses of absorber and stripper 

The absorber and stripper diameters were determined prior to the column heights. In general, the 

entering gas flow rate influences the column diameter, while the liquid flow rate minimally affects the 

column diameter. In this work, the column diameter was estimated under the equilibrium-based model. 

Then, the rate-based model was applied, and the column diameter was adjusted manually to meet the 

hydraulics requirements. 



The column diameter was determined by the gas flow rate; however, the column height could be varied 

significantly for the same capture target. The optimal column height for the absorber should reach the 

specified removal rate with the minimum packing height, and the stripper should regenerate the rich 

solvent with minimum reboiler duty.  

Fig. 6. Sensitivity analysis for determining the absorber packing height (left) and stripper packing 

height (right) 

In this work, a sensitivity analysis was conducted for each simulation to determine the absorber and 

stripper heights. To illustrate the methodology and results, two examples were provided, where the 

absorber was run with a gas condition of 10 wt. % CO2 concentration, 65% removal rate, and large flow 

rate, while the stripper was run with a gas condition of 31.8 wt. % CO2 concentration, 65% removal rate, 

and large flow rate. The results are shown in Fig. 6. For the absorber, the recirculated amount of solvent 

initially decreased with increasing column height. This was because the increased height of the column 

increased the residence time, resulting in a high loading of the rich MEA stream. When the column 

height increased to 8 m, the reduction rate in the solvent flow rate was low. When the column height 

reached 12 m, the reduction in the solvent flow rate (1000 kmol/h) was quite small if compared with the 

total solvent flow; therefore, the reduction was negligible. The packing height of 12 m was selected for 

the absorption column.  

The sensitivity analysis was conducted in the stripping column. The reboiler duty decreased with 

increasing column height. Initially, the reboiler duty decreased fast when the column height was less 

than 7 m. Thus, a high column height increased the residence time and improved the regeneration 

process. However, the reboiler duty reduction after 11 m was less than 0.1%. Therefore, 11 m was 

selected as the packing height in the stripping column.  

The same method was applied to each case to obtain optimal heights of the absorber and stripper, and 

the results are listed in the supplemental materials (Table A2).  



The determined heights combined with the initial specifications and the MEA concentration allow the 

energy calculation, economic analysis, and comparison for each case to be performed.  The influences 

of three parameters, i.e., the CO2 removal rate, gas flow rate, and CO2 concentration, on the energy 

demand, CAPEX, OPEX, and total cost were systematically studied. 

3.3.2 Energy analysis 

First, the energy usage and variance with the studied parameters were evaluated for the process with and 

without the compression unit. The energy constitution based on the heating duty, cooling duty, and 

electric power was analyzed to identify the energy-intensive units, and then, the effect of the parameters 

on these units was quantitatively evaluated. In this section, examples of the results are used to represent 

the effects of parameters, and other cases have shown the same trend as the cases presented in the 

following sections. 

Evaluation of energy usage and constitution 

The energy usage in the MEA-based CO2 capture process can be divided into three parts: heating, 

cooling, and electricity. Fig. 7 shows two example cases simulated under large flow with 10 wt. % and 

50 wt. % CO2 concentrations in the flue gas, 65–95% CO2 removal rates, and with and without the 

compression unit. 

In Fig. 7, the energy power of each energy carrier is shown. The specific energy power in the high CO2 

concentration cases was lower than that in the low CO2 concentration cases. For example, with a 65% 

CO2 removal rate, the heating duty was 0.14 kW/ton-CO2 for 10 wt. % CO2 concentration, while it was  

Fig. 7. Specific energy power per ton-CO2 captured:  : heating duty with compression,  : 

heating duty without compression,  : cooling duty with compression,  : cooling duty without 

compression  : electric power with compression, and  : electric power without compression 

(Left: 10 wt. % CO2 case, Right: 50 wt. % CO2 case) 

0.105 kW/ton-CO2 for 50 wt. % CO2 concentration. Thus, the specific energy power decreased with 

increasing CO2 concentration. In addition, the energy power decreased with increasing CO2 removal 

rate, except for the cooling duty. For the cases with the compression unit, the cooling duty showed a 

fluctuation with increasing CO2 removal rate owing to the design of the multistage compressors. The 



CO2 streams contained different volumetric flow rates and temperatures, requiring various compressor 

setups (outlet pressure and temperature in each stage) and different cooler sizes in each stage and 

influencing the overall process cooling duty.  

The cooling duty, which is used in pre-stage cooling and the condenser in the stripper, required the 

largest percentage of energy power. In addition, the heating duty intensively affected the energy power. 

The heating duty was in a comparable level with a little smaller value than the cooling duty. There was 

no difference between the heating duty with and without the compression unit, because the heating duty 

was only owing to the reboiler. The value of electric power was lower than the other two energy powers, 

especially without the compression unit. The significant difference between the electric powers with and 

without the compressors indicated that the compressors were the main electricity requirement. 

 

Fig. 8. Heating, cooling, and electricity cost in the MEA based CO2 capture process:  : heating 

duty with compression,  : heating duty without compression,  : electric power with 



compression,  : electric power without compression  : cooling duty with compression, and 

 : cooling duty without compression (top: 10 wt. % CO2 case, bottom: 50 wt. % CO2 case) 

Fig. 8 shows the variations of the total energy cost with the considered parameters as well as with and 

without the compression unit. This figure highlights the essence of energy price in the analysis. The 

energy cost without the compression unit showed at least a 20% cost reduction from that with the 

compression unit; therefore, the compression unit played a significant role in the energy usage. In 

addition, the total energy cost slightly decreased with increasing CO2 removal rate in each case; however, 

the reduction was large for increasing CO2 concentration. For instance, for 10 wt. % CO2 with the 

increased CO2 removal rate, the reductions were 7.3% (with compression) and 7.5% (without 

compression), while the cost reductions owing to the increased CO2 concentration were 26.4–30.4% and 

33.7–37.9%, respectively.  

Fig. 8 also shows the energy costs of three areas: heating duty, cooling duty, and electric power. The 

heating duty, which is owing to the reboiler, accounts for 50% of the total energy cost in each case. For 

10 and 50 wt. % CO2, the cost of the heating duty was slightly reduced: 2.7% and 1% with the increased 

CO2 removal rate, while increasing the CO2 concentration from 10 to 50 wt. % created a 23%–24.4% 

reduction. Therefore, the CO2 concentration had a larger effect on the cost reduction of the heating duty 

than that of the CO2 removal rate. Large cost reductions in electric power were observed by removing 

the compression unit. For 10 wt. % CO2 concentration, 52% and 62 % reductions were observed for the 

65% and 95% CO2 removal rates, respectively. These numbers were larger for 50 wt. % CO2 

concentration: 86% and 87% reductions for the 65% and 95% CO2 removal rates, respectively. When 

the CO2 concentration increased from 10 to 50 wt. %, the additional electric power for the gas blower 

and solvent pumps was smaller than the reduction of the electric power for the compression unit. 

Therefore, the compression unit dominated the overall electric usage, especially for high CO2 

concentrations. 

The effect of the CO2 concentration and CO2 removal rate on the electric power was further evaluated 

for the cases with and without the compression unit. For the cases with a compression unit, when 

increasing the CO2 removal rate from 65 to 95%, 14.9% and 4% cost reductions were observed in the 

10 and 50 wt. % CO2 cases, respectively. However, the effect of the CO2 concentration achieved  31.9–

39.5% cost reductions when increasing the CO2 concentration from 10 to 50 wt. % for the CO2 removal 

rates ranging from 65 to 95%. For the cases without the compression unit, when increasing the CO2 

removal rate from 65 to 95%, 30.9% and 30.3% cost reductions were observed in the 10 and 50 wt. % 

CO2 cases, while the CO2 concentration showed a larger effect than that of the CO2 removal rate: 82.3–

82.5% cost reductions when increasing the CO2 concentration from 10 to 50 wt. % with the CO2 removal 



rates of 65 to 95%. In both scenarios, the CO2 concentration had a larger impact than that of the CO2 

removal rate on the cost reductions in the electric power.  

The cooling duty represented a small percentage of the energy cost, and the absence of a compression 

unit showed minimal effect. Therefore, the cooling duty was negligible in the overall energy usage. 

Based on the energy cost from Fig. 8, Fig. 9 shows that the heating duty dominated the energy usage in 

all cases. For the cases with the compression unit, the heating duty accounted for approximately 60% of 

the total energy cost. For cases without the compression unit, the heating duty was higher: greater than 

70% for cases with a low CO2 concentration. This number reached 90% when the CO2 concentration 

increased to 50 wt. %. Thus, the reboiler duty is the most expensive of the three energy usages. The heat 

duty was further evaluated and is discussed in the following section. 

 

Fig. 9. Proportions of the heating duty, cooling duty, and electric power: top left: 10 wt. % CO2 with 

compression, top right: 10 wt. % CO2 without compression, bottom left: 50 wt. % CO2 with compression, 



bottom right: 50 wt. % CO2 without compression,  : heating duty,  : electric power, and 

 : cooling duty. 

Individual study of the reboiler duty 

Fig. 10 shows the summary and comparison of the specific heat duty for large and medium flow cases. 

In the large flow rate case, with the same CO2 removal rate, the specific heat duty decreased with 

increasing CO2 concentration. For 85% CO2 removal rate, the specific heat duty decreased by 23%. 

However, the impact of the removal rate was small. For 10 wt. % CO2, 2.7% energy reduction was 

achieved. For 50 wt. % CO2, the energy reduction was less than 1%. 

 

Fig. 10. Summary and comparison of the specific heat duty for large and medium flows 

In the medium flow case, the same patterns were observed, and the specific energy requirement 

decreased with increasing  CO2 removal rate and CO2 concentration. A 6% reduction, which was twice 

that in the large flow rate case, was observed for 10 wt. % CO2 concentration. In contrast, the energy 

reduction owing to the increased CO2 concentration was more aggressive than that in the large flow case. 

A 26% reduction was achieved in the 85% CO2 removal rate, which was 3% more than that in the large 

flow case. 

For the specific heat duties of the medium and large flow cases, a higher specific heat was required in 

the medium flow case. In addition, the highest divergence was reached for the cases with a low CO2 

concentration, and the divergence was smaller with increasing CO2 concentration. Thus, it is more 



effective to minimize the heating duty in the lower CO2 concentrations when considering the capture 

plant size. 

3.3.3 Techno-economic analysis 

The energy analysis is related to the operational cost. For the entire plant, the investment cost is another 

important concern. In this section, the effects of individual and multiple parameters on the CAPEX, 

OPEX, and total cost are discussed. In addition, the estimated costs for the MEA-based CO2 capture 

plant for all cases are summarized and plotted in a single figure, where CAPEX and OPEX are shown 

for the combinations of considered parameters. 

Influence of CO2 removal rate on the CAPEX and OPEX 

Fig. 11 shows the influence of the CO2 removal rate on the CAPEX and OPEX per ton CO2. The cases 

with 10 wt. % CO2 concentration were used as examples. A larger removal rate provided a lower CAPEX 

per ton CO2. However, the total CAPEX increased with increasing CO2 removal rate, even though the 

CAPEX per ton CO2 decreased. This was because of the lower increment of the CAPEX than that with 

the extra amount of CO2 captured. For the OPEX, Fig. 10 shows that the OPEX decreased with 

increasing CO2 removal rate, and its value was approximately 3 times that of CAPEX. Therefore, OPEX 

dominated the total cost in the MEA-based CO2 capture process. In the large flow rate cases, CAPEX 

per ton CO2 decreased from $26.9 to 21.08, corresponding to a 21.6% reduction, while only a 9.4% 

reduction was observed for OPEX per ton of CO2. Therefore, CAPEX was more sensitive than OPEX 

to the increase of the CO2 removal rate. 

 



Fig. 11. Effect of the CO2 removal rate on the CAPEX and OPEX per ton CO2 captured (10 wt. % CO2 

concentration) 

Influence of the gas flow rate on the CAPEX and OPEX 

 

Fig. 12. Effect of the gas flow rate on the CAPEX and OPEX per ton CO2 (65% CO2 removal rate) 

Fig. 12 shows the influence of the gas flow rate on the CAPEX and OPEX per ton CO2 for a 65% CO2 

removal rate. When fixing the CO2 removal rate and comparing the CAPEX for the cases with different 

gas flow rates, the cases with a larger gas flow rate provided a lower CAPEX per ton CO2. Therefore, 

the doubled gas flow rate provided twice the amount of CO2 gas flow; however, CAPEX was not linearly 

doubled, leading to a CAPEX reduction. For OPEX, when the gas flow rate was doubled from medium 

flow to large flow, OPEX decreased from $44.81 to 40.69 (9.1 % reduction). Meanwhile, the CAPEX 

reduction reached approximately 25%, from $8.87 to 6.57.  

Influence of the CO2 concentration on the CAPEX and OPEX 

Fig. 13 shows the influence of the CO2 concentration on the CAPEX and OPEX per ton CO2. The cases 

with a medium flow rate are listed as examples. When fixing the gas flow rate and comparing the cases 

with different CO2 concentrations, the higher CO2 concentration created a lower CAPEX per ton CO2. 

The amount of captured CO2 increased with increasing CO2 concentration, thus increasing the solvent 

flow as well as the equipment size and cost. However, the total volume of the gas stream was fixed, and 

the increase of CAPEX owing to the increased solvent flow and increased CO2 gas flow was small 



compared to the extra amount of captured CO2 owing to the increased CO2 concentration. In addition, 

the increased cost of the compressors was caused by the increased amount of captured CO2 exiting the 

stripper.  

The OPEX decreased with increasing CO2 concentration. A sharp reduction of OPEX was obtained when 

the CO2 concentration increased from a low value. For example, the increase of the CO2 concentration 

from 10 to 20 wt. % provided a sharp reduction on OPEX from $78.92 to 57.75 (reduction of 26.8%). 

However, a further reduction in OPEX was slower, resulting in $41.59 at 50% CO2 concentration.  

 

Fig. 13. Effect of the CO2 concentration on the CAPEX and OPEX (medium flow rate) 

Combining the results from Fig. 11 and Fig. 12, based on the cases of large flow, 65% CO2 removal rate, 

and increasing CO2 concentration from 10 to 50 wt. %, a 75.6% CAPEX reduction was observed, i.e., 

from $26.9 to 6.57, while the OPEX decreased from $74.03 to 40.69, i.e., 45% reduction. 

When combining the results from Fig. 12 and Fig. 13, based on the cases of medium flow, 50 wt. % CO2 

concentration, with an increasing CO2 removal rate from 65% to 95%, a 19.7% CAPEX reduction was 

observed, i.e., from $8.87 to 7.12, while OPEX decreased from $44.81 to 41.59, i.e., 7.2% reduction. 

From Fig. 11 and Fig. 13, for a 95% CO2 removal rate, 10 wt. % CO2 concentration showed a 66.2% 

CAPEX reduction by increasing the gas flow rate from medium to large scales, i.e., $21.08 to 7.12, 

while OPEX decreased from $67.09 to 41.59, i.e., 38% reduction. 



The individual and multiple parameter studies revealed that the CAPEX was more sensitive to the 

considered parameters than that of OPEX in percentage. However, the absolute value of OPEX was 

larger than that of CAPEX, and thus, OPEX accounted for a greater proportion of total investment cost. 

The next section discusses the OPEX percentage change with parameter variations. 

Change in the OPEX percentage with parameter variations 

Fig. 14 shows the OPEX percentage with respect to the total cost. When the CO2 concentration increased 

from 10 to 50 wt. %, the OPEX percentage increased. When the CO2 removal rate and gas flow rate 

were fixed, the increased CO2 concentration required more CO2 to be treated to achieve the same removal 

rate, and more power and heat were required to achieve the capture task. Meanwhile, the equipment size 

would not change owing to the fixed gas flow rate, as the gas flow rate is the decisive factor for sizing 

the equipment. In addition, the increased rate of OPEX decreased with increasing CO2 concentration; 

thus, OPEX was more sensitive at a low CO2 concentration. 

 

 

Fig. 14. OPEX percentage variations 

When fixing the CO2 concentration, the increased CO2 removal rate from 65 to 95% increased the OPEX 

percentage. When the capture requirement increases, the solvent flow rate and regeneration energy 

increase, leading to a high OPEX percentage. However, the increase of OPEX percentage becomes slow 

at a high CO2 removal rate; therefore, the OPEX was more sensitive at the low CO2 removal rate. 



Overall economic analysis results 

The CAPEX, OPEX, and total cost of all the studied cases (all combinations of gas flow rates, CO2 

concentrations, and CO2 removal rates) are shown in Fig. 15. The CAPEX and OPEX decreased with 1) 

increasing CO2 concentration, 2) increasing CO2 removal rate, and 3) increasing gas flow rate. The 

individual evaluation of each parameter on cost indicated that all the three parameters had a larger impact 

on CAPEX than that of OPEX proportionally. However, OPEX dominated the total cost owing to its 

larger absolute value (approximately 3 times that of CAPEX). Consequently, if the percentage change 

is smaller in OPEX than in CAPEX, the change in the total investment cost (in $) is larger in OPEX than 

in CAPEX. Additionally, each parameter affects the costs non-linearly, making it necessary to conduct 

systematic techno-economic analysis for providing reliable data to conduct further analysis.  

 

Fig. 15. Annualized (left) CAPEX and OPEX, and (right) annualized total investment cost 

3.4 Further discussions on the practical implementation 

Based on the overall economic analysis, some suggestions are provided for the CO2 capture plant in a 

cement industry based on a new or existing cement plant. 

For a new cement plant, the total investment cost decreased with an increase of all three parameters, and 

the minimum total investment cost was reached when the capture plant could process the flue gas from 

a fully operational cement plant (gas flow rate). Therefore, a new cement plant should be designed in 

full scale and operated at full capacity. In addition, the CO2 concentration should be as high as possible, 

and this could be achieved by employing advanced production technologies. Finally, the capture plant 

should aim for the highest CO2 removal rate. 



For adding a CO2 capture process to an existing cement plant, the most effective method to decrease the 

cost of CO2 capture is to increase the CO2 concentration, especially for plants with low CO2 

concentrations. When the CO2 concentration increased from 10 to 20 wt. %, the total investment cost 

decreased from $126.56 to 83.17 (i.e., 34.3% reduction) for the case with a 65% removal rate, medium 

flow, and 10 wt. % CO2. However, this method required a large modification of the cement production 

process, which could be expensive. In addition, increasing the gas flow rate could reduce the investment 

cost, and thus, a fully operational cement plant is preferred for the capture plant economy. Finally, the 

highest CO2 removal rate should be used, without significantly influencing the plant operation. Although 

the effectiveness of increasing the CO2 removal rate was lower than that of the other two factors, the 

efficiency of increasing CO2 removal rate showed greater potential in a lower CO2 removal rate range. 

4. Conclusions 

The MEA-based CO2 capture process was studied systematically including experimental measuremnts 

and process simulations with differernt MEA-concetraions and parameters, with and without the 

compression unit. The comparison of the simulations with the newly measured experimental data and 

those from the real pilot plants ensured reliable simulations, and 20 wt. % MEA solution was selected 

as the optimal concentration in this study.  The energy evaluation results revealed that the cooling duty 

required the largest energy power; however, the heating duty accounted for the largest energy usage 

based on the energy price. The heating duty contributed to more than 50% of the total energy cost in all 

cases, regardless of the presence of the compression unit. In addition, the compression unit used more 

than half of the required electric power, especially for the large CO2 concentration cases.  

The evaluation of the effect of each parameter on cost indicated that the CO2 concentration and gas flow 

rate had a larger influence than that of the CO2 removal rate. However, the degree of influence for each 

parameter studied in this work was difficult to measure because the parameter variations were at 

different magnitudes considering the practical applications. For example, the CO2 concentration varied 

from 10 to 50 wt. % owing to the different cement production methods and configurations, while the 

CO2 removal rate could not be small owing to the CO2 capture requirements. However, the cost variance 

trends with the studied parameters were established, and the results provided an optimal solution for 

process modification. In addition, the CAPEX percentage was more sensitive to all the studied 

parameters than that of OPEX; however, the study showed that OPEX dominated the total investment 

costs owing to its larger absolute value (approximately 3 times of CAPEX). Therefore, a small 

percentage change in OPEX affected the total investment cost more than that in CAPEX. 

Suggestions are provided for the capture plant of new and existing cement plants based on the impact 

of the studied parameters (CO2 concentration in flue gas, flue gas flow rate, and CO2 removal rate). 



From the overall economic analysis plot, the capture plant for a new cement plant should be designed 

to process a fully operational cement plant, where the flow rate, CO2 concentration, and CO2 removal 

rate are as high as possible. For an existing cement plant, although increasing the CO2 concentration and 

gas flow rate were effective methods for improving the economy, running the capture plant with the 

highest CO2 removal rate reduced the total investment cost.  

This systematic techno-economic analysis with the MEA-based CO2 capture process in the cement 

industry provided valuable energy and economic data under various parameters. Further comparison 

will be performed with other commercially or newly developed solvents. The energy-technology and 

cost data for carbon capture technologies can also be used in a long-term energy system optimization 

model to assess the transition to a carbon neutral industry. 
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Appendix 

The widely used reaction mechanism described by Freguia and Rochelle was applied in this MEA-based 

model. The liquid phase reactions include three equilibrium reactions: 

(1)   2H2O ⇔ H3O+ + OH− 

(2)   HCO3
− + H2O ⇔ CO3

2− + H3O+ 

(3)   MEA+ + H2O ⇔ MEA + H3O+ 

In addition, two reversible kinetically controlled reactions are involved: 



(4)   CO2 + OH− ⇔ HCO3
− 

(5)   HCO3
− ⇔ CO2 + OH− 

(6)   MEACOO− + H3O+ ⇔ MEA + CO2 + H2O 

(7)   MEA + CO2 + H2O ⇔ MEACOO− + H3O+ 

The equilibrium constants for reactions 1–5 are computed from the standard Gibbs free energy change. 

The parameters used in the computations are retrieved from the Aspen Plus database. Equilibrium 

constants for reactions 6–7 are obtained from the work of Austgen et al. 

The reaction rates for reactions 4–7 are calculated by the reduced power law in Aspen Plus, which is 

expressed by the following equation: 

𝑟 = 𝑘𝑇𝑛𝑒−
𝐸

𝑅𝑇 ∏ 𝐶𝑖
𝑎𝑖

𝑁

𝑖=1

 

The kinetic parameters for reactions 4 and 5 are obtained from Pinsent et al., and the kinetic parameters 

for reactions 6 and 7 are adopted from Hikita et al. The kinetic parameters k and E are listed in Table A. 

Table A: Values of kinetic parameters k and E 

Reaction No. k E, cal/mol 

4 4.32 × 1013 13249 

5 2.38 × 1017                        29451 

6 9.77 × 1010 9855.8 

7 3.23 × 1019 15655 

 

Table B: Results of the sensitivity analyses for all studied cases 

65% removal rate: 

CO2 Concentration (wt.%) Large flow rate Medium flow rate 

 Absorber Stripper Absorber Stripper 



 D (m) H (m) D (m) H (m) D (m) H (m) D (m) H (m) 

10 5.88 12 2.70 11 4.11 10 2.05 12 

20 6.40 14 3.58 11 4.45 11 2.70 12 

31.8 6.57 15 4.31 11 4.62 13 3.12 11 

40 6.71 17 4.61 11 4.73 14 3.38 11 

50 6.87 19 4.99 10 4.84 16 3.60 11 

 

75% removal rate: 

CO2 Concentration (wt.%) Large flow rate Medium flow rate 

 Absorber Stripper Absorber Stripper 

 D (m) H (m) D (m) H (m) D (m) H (m) D (m) H (m) 

10 6.06 15 2.9 12 4.23 12 2.24 12 

20 6.47 17 3.58 11 4.53 13 2.86 12 

31.8 6.70 19 4.57 11 4.72 15 3.35 11 

40 6.86 20 4.96 11 4.84 17 3.58 11 

50 7.03 21 5.35 11 4.97 18 3.86 9 

 

85% removal rate: 

CO2 Concentration (wt.%) Large flow rate Medium flow rate 

 Absorber Stripper Absorber Stripper 



 D (m) H (m) D (m) H (m) D (m) H (m) D (m) H (m) 

10 6.28 19 3.1 11 4.37 14 2.44 11 

20 6.54 19 4.18 10 4.6 15 3.08 13 

31.8 6.82 22 4.86 11 4.81 18 3.55 12 

40 7 23 5.26 11 4.94 19 3.83 10 

50 7.19 24 5.67 11 5.08 20 4.15 9 

 

95% removal rate: 

 

 

 

 

 

CO2 Concentration (wt.%) Large flow rate Medium flow rate 

 Absorber Stripper Absorber Stripper 

 D (m) H (m) D (m) H (m) D (m) H (m) D (m) H (m) 

10 6.38 22 3.51 11 4.52 19 2.6 9 

20 6.60 25 4.40 11 4.67 19 3.31 11 

31.8 6.93 27 5.12 11 4.90 22 3.77 10 

40 7.13 28 5.56 11 5.04 23 4.05 10 

50 7.21 29 5.95 9 5.19 24 4.33 10 
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Towards negative carbon emissions: Carbon capture in bio-syngas from 
gasification by aqueous pentaethylenehexamine 

Chunyan Ma a,*, Nan Wang a, Yifeng Chen a, Santosh Govind Khokarale b, Thai Q. Bui b, 
Fredrik Weiland c, Torbjörn A. Lestander d, Magnus Rudolfsson d, Jyri-Pekka Mikkola b,e, 
Xiaoyan Ji a,* 

a Luleå University of Technology, Energy Engineering, SE-971 87 Luleå, Sweden 
b Umeå University, Department of Chemistry, SE-90187 Umeå, Sweden 
c RISE Energy Technology Center, Box 726, SE-941 28 Piteå, Sweden 
d Swedish University of Agricultural Sciences, Department of Forest Biomaterials and Technology, SE-901 83 Umeå, Sweden 
e Åbo Akademi University, Industrial Chemistry & Reaction Engineering, Johan Gadolin Process Chemistry Centre, Biskopsgatan 8, FI-20500 Åbo-Turku, Finland   

H I G H L I G H T S  

• Aqueous pentaethylenehexamine solution showed the potential in CO2 removal. 
• The effect of the species in syngas other than CO2 was negligible for CO2 removal. 
• The pretreated biomass showed an increased nitrogen content in ultimate analysis. 
• NH3 in bio-syngas slightly improved CO2 absorption capacity and absorption rate.  

A R T I C L E  I N F O   
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Negative carbon emission 

A B S T R A C T   

In this work, an aqueous pentaethylenehexamine (PEHA) solution was studied for CO2 removal from bio-syngas 
for the first time. Firstly, pure CO2 absorption in aqueous PEHA solution under different conditions was con-
ducted, and 20 wt% PEHA solution was identified as the best option. Secondly, the capture of CO2 was tested 
with synthetic syngas from a gas cylinder, and the species other than CO2 showed a negligible impact on CO2 
removal. Finally, to evaluate the practical feasibility of using aqueous PEHA solution on the downstream CO2 
capture, the pilot experiments of gasification with boreal forest-based biomasses were designed to provide real 
syngas with a realistic distribution in composition for further testing. The results showed that the operating 
conditions and the type of feedstocks affected the distribution in the bio-syngas composition. Among these 
feedstocks, at the optimal oxygen supply, using spruce needles generated the highest yields of CO and H2 and, 
meanwhile, gave rise to similar yields of other gases such as CO2, CH4, etc. The influence of the species other than 
CO2 for CO2 removal was negligible. Additionally, aqueous PEHA solution was tested as a biomass pretreatment 
agent, showing that no significant changes could be identified by the ultimate analysis (except for increased 
nitrogen content), but the yields of CO were affected negatively. On the other hand, when using the pretreated 
biomass by the aqueous PEHA solution, the NH3 concentration in bio-syngas reached to the highest (4000 parts 
per million), which slightly affected the CO2 absorption capacity and initial absorption rate of 20 wt% PEHA 
solution in a positive way.   

1. Introduction 

Global climate change is underway because of increasing greenhouse 
gases (GHGs) emissions dominated by carbon dioxide (CO2). CO2 

emission accounts for 76% of total GHGs emissions (2010), among 
which 65% CO2 is from anthropogenic energy conversion and industrial 
processes [1]. According to the Keeling Curve, the daily mean concen-
tration of CO2 in the atmosphere measured at Mauna Loa, Hawaii, 
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surpassed 414 parts per million (ppm) in July 2020 [2]. For comparison, 
pre-industrial levels were about 280 ppm [3]. These increases reinforce 
the greenhouse effect and cause global warming, but also threaten the 
exceeding of critical planetary boundaries [4]. The world’s leaders, 
therefore, agreed under the Paris Agreement [5] to hold the increase in 
the global average temperature to well below 2 ◦C above pre-industrial 
levels. This calls for the use of climate-neutral renewables and the 
decarbonization of energy conversion processes [6] as well as a better 
balance between positive and negative CO2 emissions [7,8]. Technolo-
gies towards negative carbon emissions by applying carbon capture [9], 
utilization, and storage (CCUS) [10] in energy conversion processes are 
thus of large interest, e.g., bioenergy with carbon dioxide capture and 
storage (Bio-CCS or BECCS) [11]. 

BECCS shows significant potential to achieve net removal of CO2 
from the atmosphere while its cost is comparable to conventional CCS 
[11]. In recent years, BECCS has been chosen as modeling pathways 
showing how the global CO2 mitigation goal could be achieved [12–14]. 
Many studies focused on the analyses of policy scenarios and techno- 
economic assessment have been widely conducted [13,15]. However, 
the same as the conventional CCS, BECCS is facing many challenges and 
uncertainties in commercialization that are related to both bioenergy 
and CCS. Concerning bioenergy, the sustainability of feedstocks and the 
overall efficiency of bioenergy conversion systems are still on the list for 
discussion [11]. For CCS technology, the high energy demand, high cost, 
and other drawbacks, such as high volatility and toxicity of the available 
commercialized solvents, in CO2 removal, are the reasons why the 
adoption of high-performance solvents is necessary [16,17]. 

Bioenergy from forest-based biomass in combination with CCS pro-
ducing negative emissions plays an important role to achieve global CO2 
mitigation goals [18]. Among all the forest-based energy conversion 
processes, biomass gasification has been proposed as an efficient process 
to utilize, e.g., lignocellulosic and residual biomass resources (forest 
fuels, agricultural residues, by-products, wastes, etc.). This process can 
be further combined with CO2 capture to achieve negative emissions. In 
biomass gasification, generally, biomass is pretreated and gasified to 
generate synthesis-gas (bio-syngas), and the bio-syngas after purifica-
tion is used for heat and power generation as well as further converted to 
synthetic-fuels and chemicals. Among the available gasification tech-
nologies, the entrained flow concept [19] is recognized as one of the 
most suitable options to produce a clean bio-syngas from biomass for 
further downstream synthesis to fuels or chemicals [20]. Even though 
the entrained flow gasifiers require a pulverized feedstock and grinding 
of the fuel is normally needed, there are large amounts of different kind 
of sawdust fractions available, which require a minimal amount of 
grinding [21]. Entrained flow gasification of pulverized biomass was 
shown to produce a clean syngas with cold gas efficiency of up to 76% 
from spruce and pine stem wood [22]. A similar syngas quality and 
process efficiency were achieved from oxygen blown fixed-bed gasifi-
cation of the same feedstock [23]. Therefore, the smaller sized fixed-bed 
gasification pilot plant was used in this work for the study of CO2 capture 
from syngas generated under different operating conditions of the 
gasifier. 

To achieve a high gasification performance in such a plant, previous 
research has revealed that the pretreatment of feedstocks could poten-
tially increase the total process efficiency [24,25]. For biomass pre-
treatment, chemical approach using solvents (hot water, aqueous acidic, 
alkaline solutions, or organic solvents) [26,27] and physicochemical 
processes (steam explosion, ammonia fiber explosion, or CO2 explosion) 
[28] are currently in use, and they are either energy-intensive or needed 
harsh operating conditions with secondary pollutions, calling for a 
further development of biomass pretreatment. The chemical method 
was considered as a promising option to be further developed, however, 
finding green solvents which can be efficiently dissolved under the mild 
conditions for the pretreatment of biomass is still a great challenge. 

After gasification, bio-syngas is generated, in which the content of 
CO2 can be up to one third. To reach the downstream requirements and 

negative emissions, CO2 removal is needed. Current methods for CO2 
removal from bio-syngas (e.g., amine-based technology) are very 
energy-intensive and may lead to environmental pollution for the high 
volatility and toxicity of solvent and cause equipment corrosion and 
solvent degradation under certain operating conditions [29]. Consid-
ering high-efficiency and continuity, developing effective technologies 
for CO2 removal with new solvents is highly desirable. Polyamines have 
received great attention due to the existence of multiple reactive sites for 
CO2 capture, and pentaethylenehexamine (PEHA) is one kind of poly-
amines with two primary and four secondary amine groups with the 
merits of high thermal stability, low toxicity and low vapor pressure 
(lower than 1.6% of ethanolamine) [30–32]. Previously, Wei et al. [32] 
selected PEHA as an oligomer amine loaded on the porous solid mate-
rials to form amine-impregnated support adsorbents, and then the CO2 
capture from model flue gas was studied based on these absorbents. 
Aqueous PEHA solution has also been used for CO2 capture and utili-
zation (CCU) study. Kothandaraman et al. [31] selected aqueous PEHA 
solution (~20 mass percentage (wt%) PEHA) as one of the candidates 
for the one-pot capture and conversion of CO2 to formate. The results 
showed that this PEHA solution had the highest CO2 absorption capacity 
(537 mg-CO2/g-PEHA) among all the screened amines. In our previous 
work, aqueous PEHA solutions (from 11 to 100 wt% PEHA) have been 
investigated as an absorbent for CO2 capture, and the comparison with 
aqueous ethanolamine (MEA) solution showed higher absorption rate 
and capacity, higher stability, as well as lower volatility of PEHA [30]. 
However, the research was only conducted for pure CO2 at the ambient 
temperature and pressure. While for CO2 removal from bio-syngas, the 
gas is also composed of other gaseous components, like CO, H2, and CH4, 
as well as other trace components, such as H2S and NH3. In addition, it is 
common to have other impurities such as particulate matter in the form 
of ash and soot particles. 

In this work, we bring light on how bio-syngas impurities and com-
ponents, other than CO2, affect the performance of aqueous PEHA so-
lution. A pilot-scale gasifier was used for producing a real bio-syngas 
from several different feedstocks, including typical softwood and hard-
wood species in the boreal forest. Additionally, for each feedstock, the 
gasifier was operated under various operating conditions to produce bio- 
syngas with different compositions, and the optimal conditions and 
feedstock were suggested. The CO2 removal performance of aqueous 
PEHA solution was evaluated under different operating conditions of 
gasification for the first time. Considering the commercial-scale gasifiers 
generally operate at evaluated pressures, the CO2 absorption capacity in 
aqueous PEHA solution was also evaluated at higher pressures using a 
synthetic syngas. Additionally, aqueous PEHA solution was studied as a 
biomass pretreatment agent to investigate its influence on gasification 
and CO2 removal process. 

2. Experiment description 

2.1. Materials 

2.1.1. Chemicals 
Pentaethylenehexamine (PEHA, technical grade) and D2O (99.9 

atom %D) were purchased from Sigma-Aldrich. Distilled water was used 
throughout the experiments. CO2 (mole fraction ≥ 99.9 mol.%) was 
received from AGA AB (Linde group). The synthetic syngas (34.80 mol. 
% H2, 18.50 mol.% CO, 31.80 mol.% CO2, 5.00 mol.% CH4, and 9.90 
mol.% N2) was purchased from AGA AB (Linde group). The real bio- 
syngas was generated from the pilot-scale gasifier described in Section 
2.3.2. 

2.1.2. Pellets 
The softwood species Norway spruce (Picea abies Karst. (L.)) and 

Scots pine (Pinus sylvestris L.) and the hardwood species birch (Betula 
ssp.) that characterize boreal forests were chosen as model species. The 
tree components tested as biomass models were stem wood (sawdust) 
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from birch and a blend of spruce and pine (ca. 40% vs. 60%), respec-
tively, as well as spruce bark and spruce needles representing various 
parts of the above-ground forest-based biomass in order to widen the 
experimental base of feedstock. Bark, softwood sawdust, and birch 
sawdust were collected from Rundvik sawmill at SCA Timber, Husum 
papermill at Metsä Board and Sikfors pellet mill at Stenvalls Trä AB, 
Piteå, respectively. Spruce needles were sampled from fresh branches of 
spruce trees grown in Umeå, Sweden, and dried overnight at 333.15 K. 
The materials were finally dried to about 9 wt% moisture content and 
ground using a hammer mill fitted with a 4 mm sieve before pelletizing. 
Production of pellets was done using a SPC PP 150 pelletizer (Sweden 
Power Chippers, Borås, Sweden) at the pilot facility, Swedish University 
of Agricultural Sciences, Umeå, Sweden, and the press channel length 
and diameter were 55 and 8 mm, respectively. 

2.2. Characterization 

2.2.1. Pellet 
Pellet moisture and ash content as well as bulk density and me-

chanical durability were determined according to ISO standards 
(18134–2:2015, 18122:2015, 17828:2015, and 17831–1:2015). Proxi-
mate and ultimate analyses of the pelletized materials were done by the 
accredited laboratory Eurofins Environment Testing Sweden AB, 
Lidköping, Sweden. The gross calorific value and volatile matter content 
were determined according to EN ISO 18125:17 and SS-EN 15148, 
respectively. The contents of carbon (C), hydrogen (H), nitrogen (N), 
and sulphur (S) were done according to SS-EN ISO 16948:2015. The 
oxygen (O) and chloride (Cl) were done according to SS-EN ISO 
16994:2016 and EN ISO 18125:17, respectively. Ash forming elements 
(Al, Ba, P, Fe, Ca, K, and Mg) were determined according to EN ISO 
16967:2015 whereas Sb, As, Be, Pb, B, Cd, Co, Cu, Cr, Mn, Mo, and Ni 
were done according to EN ISO 16968:2015. Hg and Na were analyzed 
using EN 16277:2012 and NMKL No 161 1998 mod./ICP-AES, respec-
tively. The characterization results are shown in the Supplementary 
Materials. 

2.2.2. Structure of chemicals 
The structure of chemicals was characterized using Bruker Advance 

600 MHz Nuclear magnetic resonance (NMR) instrument. Bruker’s 
Topspin (3.5 pl7) was used to process NMR spectra. D2O was used as a 
solvent in NMR analysis. 

2.2.3. Gaseous composition 
The gaseous composition was detected by a micro-GC (Varian 490 

GC, equipped with molecular sieve 5A, PoraPlot U columns, and TCD 
detectors). The micro-GC continuously monitored the syngas composi-
tion (of He, H2, N2, CH4, CO, CO2, C2H2, C2H4/C2H6) approximately 
every 4 min. 

2.3. Process description 

2.3.1. Pretreatment 
Birch wood was pretreated with aqueous PEHA solution. Typically, 

about 0.6 kg of birch wood was mixed with 5 L of aqueous PEHA solu-
tion (20 vol% of PEHA) in the pressurized cooker equipped with ther-
mocouples and a temperature controller box. The pretreatment was 
performed at 110 ◦C for 2 h. After that, the mixture was filtered, and the 
solid material was washed with hot water, then air-dried overnight in 
the fume hood, and finally oven-dried at 373.15 K for 5 h. The procedure 
was performed several times to get enough dry pretreated materials for 
gasification experiments. 

2.3.2. Gasification 
The fixed bed gasifier used for the experiments was described in 

detail by Wiinikka et al. [23] and thus only briefly described here. The 
gasifier itself was enclosed in a cylindrical steel shell with a diameter of 

0.7 m and a height of 1.75 m, see Fig. 1. The bottom of the gasifier 
consisted of a conically shaped bed part, to which pure oxygen was 
supplied through three different registers. All oxygen flows were 
controlled by the mass flow controllers (Bronkhorst F201AV, one per 
register). A well-controlled mass flow of helium gas (He; via another 
Bronkhorst F201AV mass flow controller) was also added through one of 
the oxygen registers, allowing the estimation of syngas yield as well as 
the determination of mass and energy balances. 

The gasifier was designed for wood pellets and a power equivalent to 
10–20 kWth and operated at approximately 300 Pa above the atmo-
spheric pressure. From the fuel feeding system, the fuel pellets fell by 
gravity through the reactor down to the surface of the fixed bed, where 
they were gasified. The produced syngas left the reactor from the top 
part and passed a water-cooled heat exchanger, where water vapors 
were condensed. After condensation, the produced syngas was sampled 
for gas analysis. The process temperature was measured with thermo-
couples and continuously logged with an Agilent 3497A data logger. 

2.3.3. CO2 absorption capacity measurement in lab-scale 
The method to measure the pure CO2 absorption capacity is the same 

as that reported in our previous work [33]. Only a brief description was 
summarized here. The apparatus for measuring the gas absorption ca-
pacity consists of two main parts, which are the equilibrium cell with a 
magnetic stirrer (65.6 ml) and the gas reservoir (141.2 ml). Both the 
equilibrium cell and gas reservoir were placed in a water bath to keep 
the temperature stable during the experiment. During the absorption 
process, the pressures of the equilibrium cell and the gas reservoir were 
recorded by a computer from the signal transferred by a pressure 
transducer. Once the pressures remained constant over time, the equi-
librium state was reached. These pressures were used to calculate the 
amount of gas dissolved in the precisely known amount of solvents. The 
overall uncertainty for the measured gas solubility was within ±1.5%. In 
this work, the aqueous PEHA solution with 15–30 wt% PEHA at 298.15 
K were measured with this apparatus. 

2.3.4. CO2 capture from the produced syngas of the pilot-scale gasifier 
The produced syngas of the pilot-scale gasifier was cleaned by a glass 

wool filter to remove the particle in the gas. The gas (inlet gas) was then 
flowed through the set-up (Fig. 2) with the precisely known amount of 
solvents, and the flow rate of outlet gas was controlled by the gas 
flowmeter. The composition of the outlet gas was detected with the 
Agilent 490 Micro-gas chromatography (GC) with a measuring interval 
of 140 s. The reactor was controlled at the room temperature, i.e., 
298.15 K. During the process, the magnetic stirrer with a certain speed 
was used to spin the solution in order to increase efficiency. 

3. Results and discussion 

3.1. Gasification performance and produced syngas 

In this work, four different feedstocks were gasified under different 
operating conditions (see Table 1). The pretreated birch wood in Table 1 
was the birch wood which has been pretreated with aqueous PEHA so-
lution as mentioned in Section 2.3.1. The gasification experiments were 
designed to give a realistic distribution in the syngas composition 
resulting from the gasification of boreal forest-based biomass, and to 
evaluate the effect in the downstream CO2 capture apparatus. The 
gasifier was operated for more than 1 h, usually up to 2 h, at each in-
dividual operating condition. Generally, the process temperature was 
above 1273.15 K during the experiments. The resulting process tem-
perature was governed by the operated λ describing the supplied amount 
of oxygen. In this work, λ was defined as the oxygen stoichiometric ratio, 
where λ = 1 means stoichiometric combustion of the feedstock, i.e., 
where fuel is oxidized completely. Thus, gasification takes place at λ < 1. 

Increasing λ generally results in a higher process temperature, which 
in turn favor the cracking of CH4 and other hydrocarbon species. As we 
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can see from Table 2, the yield of CH4 and other hydrocarbon species 
decreased with the increase of λ. In a high-temperature gasification, 
where the carbon conversion is essentially complete, the resulting syn-
gas composition is mainly controlled by the water-gas-shift equilibrium 
reaction, i.e., CO + H2O ⇌ CO2 + H2 [20]. The results of the studied 

feedstocks showed that the yields of CO and H2 reached an optimum 
when λ was 0.38–0.42 (except spruce bark) (see Table 2), following the 
same trend as previous work [22,23]. Among these feedstocks, at the 
optimal λ, the test with spruce needles generated the highest yields of 
CO and H2 while similar yields of other gases such as CO2, CH4, etc. After 
pretreated with aqueous PEHA solution, the yields of CH4 and other 
hydrocarbon species increased while that of CO decreased by 9%. 

In general, the yields of the major syngas species appeared to be 
independent of the type of feedstock as shown in Table 2. However, 
there was a significant difference in the NH3 concentration, due to the 
relatively large variation of N% content in feedstock (see Table S2). 
When using spruce needles as feedstock, the concentration of NH3 in 
syngas was the highest, followed by spruce bark and birch wood. On the 
other hand, the concentration of NH3 with the pretreated birch wood as 
feedstock reached to 8 times higher than that without pretreatment 
(from 510 to 4000 ppm, Table 3). The main reason was that the amine 
groups of the residual PHEA in the pretreated feedstock contributed on 
the NH3 formation during gasification. 

In addition, gasification efficiency, the so-called cold gas efficiency 
(CGE), defined as the ratio of chemical energy of the produced syngas 
over the energy input from the corresponding fuel, was also calculated 
based on the lower heating value (LHV) of the feedstock and the syngas. 

Fig. 1. Schematic picture of the fixed-bed oxygen blown gasification pilot.  

Fig. 2. Flowsheet of the set-up of CO2 capture from bio-syngas generated from the pilot-scale gasifier.  

Table 1 
Operating conditions of the gasifier, including the resulting process 
temperature.  

Feedstock Fuel feeding 
rate 

O2 feeding 
rate 

λ Process 
temperature  

(kg/h) (kg/h) (–) (K)  

3.84 2.35 0.45 1453.15 
Birch wood 3.79 2.00 0.38 1433.15  

3.66 1.65 0.33 1333.15 
Pretreated birch 

wood 
4.07 2.01 0.36 1473.15  

3.83 2.63 0.48 1463.15 
Spruce bark 3.81 2.15 0.41 1413.15  

3.76 1.77 0.34 1313.15  
3.68 2.48 0.47 1473.15 

Spruce needles 3.71 2.27 0.42 1443.15  
3.79 1.87 0.34 1373.15  
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In Table 4, two CGE values, i.e., CGEpower and CGEfuel, are presented. 
These parameters represent the efficiency values when the syngas is 
intended for downstream power generation or for fuel synthesis, 
respectively. CGEpower includes the heating value from all combustible 
species of the syngas, whereas CGEfuel only includes the heating values 
of CO and H2, since they are the only species of interest for downstream 
fuel synthesis. As shown in Table 4, both CGE values of spruce bark were 
lower than those for other feedstocks. Moreover, the pretreatment of 
birch feedstock seemed to have a negative effect on the CGE values. 
Increasing λ generally resulted in a decrease of CGEpower, primarily 
caused by the cracking of CH4 and other higher hydrocarbons. CGEfuel 
was less affected by the change of λ, since the CO and H2 yields remained 
rather a constant over the experimentally tested λ range. Table 4 also 
contains the mass balance estimations (C, H, and O) for the experiments 
performed in this work. Mass balances were generally closed within an 
experimental error less than 5%, giving credibility to the experiments. 

3.2. Performance of aqueous PEHA solution for CO2 removal 

3.2.1. The effect of pressure and water content on the CO2 absorption 
capacity 

A series of CO2 absorption experiments were carried out based on 
aqueous PEHA solution with 15, 20, 25 and 30 wt% of PEHA. Fig. 3a 
depicts the saturated CO2 capacity under different pressures of these 
aqueous PEHA solutions at 298.15 K. It was observed that for the 
aqueous solution with the same water content (30 wt%), PEHA solution 
had higher CO2 absorption capacity (mg-CO2/g-solvent) than MEA so-
lution. Water content had great effect on the CO2 absorption capacity. As 
shown in Fig. 3a, the CO2 absorption capacity increased greatly when 
the PEHA content increased from 15 to 30 wt%. In order to see how 
water affects the absorption capacity of amine, Fig. 3b depicts the CO2 
absorption capacity per gram of amine (mg-CO2/g-amine), showing a 
higher CO2 absorption capacity of aqueous PEHA solution than aqueous 
MEA solution. For 20 wt% PEHA solution, it showed the highest value 
among the studied solvents, and either increasing or decreasing the 
PEHA content from 20 wt% had negative effect on the efficiency of 
PEHA. On the other hand, the viscosity of aqueous PEHA solution 
increased with the increase of PEHA content, and, after saturated with 
CO2, the viscosity increased significantly (more than 3 times) when the 
PEHA content was higher than 30 wt% [30]. Considering both the 
higher efficiency of PEHA and lower viscosity, the aqueous solution of 
20 wt% PEHA was selected in the following study. 

3.2.2. Impurities effect on the CO2 absorption capacity 
In order to study the effect of the impurities other than CO2 on the 

CO2 absorption capacity, the synthetic syngas with 34.80 mol.% H2, 
18.50 mol.% CO, 31.80 mol.% CO2, 5.00 mol.% CH4, and 9.90 mol.% N2 
was used to test the purification performance by aqueous PEHA solution 
(20 wt% PEHA). The absorption capacity of different gases at different 
pressures was measured by the method mentioned in Section 2.3.3. The 
synthetic syngas was used as an inlet gas, and the gas composition after 
absorption at each pressure was analyzed by Micro-GC. The results are 
shown in Fig. 4. The comparison of Figs. 3 and 4 showed that the im-
purities had slightly negative effect on the CO2 absorption capacity. For 
example, when the pressure was around 100 kPa, the CO2 absorption 
capacity in Fig. 4 (117 ± 1.76 mg-CO2/g-solvent) was slightly lower 
than that in Fig. 3 (120 ± 1.8 mg-CO2/g-solvent). For the impurities such 
as H2, CO, CH4, and N2, the absorption capacity of this solvent, even at a 
pressure up to 500 kPa, was quite low, that is, less than 10 mg/g-solvent. 
N2 showed the lowest absorption capacity, meaning inert to the solvent. 

In addition, the absorption experiment at the room temperature, i.e., 
298.15 K and 0.1 MPa based on the same process depicted in Fig. 2 was 
carried out, and the synthetic syngas from the gas cylinder was used as 
the inlet gas. The initial amount of PEHA solution (20 wt% of PEHA) was 
10.23 g. During the experiment, the inlet gas flow rate was controlled to 
be 78 ml/min while the outlet gas flow rate was recorded with time. The 
results of the gas composition and gas absorption efficiency changing 
with time are shown in Fig. 5a and b, respectively. The gas absorption 

Table 2 
Resulting yields of syngas species and soot (C(s)) at the different operating conditions.  

Feedstock λ Yields (mol/kg fuel)  

(–) H2 CH4 CO CO2 C2H4 C2H2 C(s) H2O  

0.45 15.6 0.32 27.1 13.7 0.00 0.01 0.18 14.8 
Birch wood 0.38 16.1 0.94 27.4 11.7 0.05 0.05 0.27 12.7  

0.33 15.6 1.86 27.1 10.6 0.17 0.13 0.69 11.4 
Pretreated birch wood 0.36 16.2 1.27 25.0 11.4 0.08 0.09 0.38 12.5  

0.48 12.5 0.38 23.0 14.7 0.00 0.01 0.10 19.8 
Spruce bark 0.41 12.3 0.92 21.7 12.4 0.04 0.06 0.26 16.9  

0.34 10.0 2.03 19.9 9.2 0.25 0.17 0.43 16.6  
0.47 16.1 0.71 28.3 12.6 0.02 0.03 0.18 14.6 

Spruce needles 0.42 16.6 1.01 29.1 11.0 0.06 0.06 0.25 12.6  
0.34 13.9 1.76 25.4 9.0 0.02 0.16 0.46 11.3  

Table 3 
Measured concentration of NH3 in syngas.  

Feedstock λ Concentration of NH3  

(–) (ppm, 10− 6)  

0.45 350 
Birch wood 0.38 510  

0.33 560 
Pretreated birch wood 0.36 4000  

0.48 700 
Spruce bark 0.41 900  

0.34 950  
0.47 1500 

Spruce needles 0.42 1960  
0.34 1400  

Table 4 
Measured mass balance values for C, H, and O together with the calculated cold 
gas efficiencies.  

Feedstock λ Mass balance (%) Cold Gas Efficiency (%)  

(–) C H O CGEpower CGEfuel  

0.45 103 98 103 66 64 
Birch wood 0.38 102 97 102 70 65  

0.33 104 98 104 75 64 
Pretreated birch wood 0.36 104 94 104 67 60  

0.48 107 103 107 56 54 
Spruce bark 0.41 103 97 103 57 52  

0.34 99 98 99 58 46  
0.47 102 98 102 67 64 

Spruce needles 0.42 102 96 102 71 66  
0.34 99 89 99 67 57  
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efficiency was calculated based on the gas flow rate and the gas com-
positions of inlet and outlet gas streams. 

As we can see from Fig. 5a, the CO2 concentration grew significantly 
from 4 to 30% at the first 20 min to finally reach the same level as the 
inlet gas. This meant that the reaction was fast and reached equilibrium 
in the first 20 min, and after almost saturating with CO2, the less con-
centration gradient (smaller driving force) slowed down the reaction. 

The CO2 capture efficiency was 90% at the beginning, and it decreased 
sharply to 15% at the first 20 min (Fig. 5b). After 20 min, the CO2 
capture efficiency slowly approached zero, meaning that the solvent 
reached the saturated point. For the other gases, i.e., H2, CH4, N2, and 
CO, it showed inert to the solvents, which meant they had little effect on 
the CO2 capture performance of this solution (with 20 wt% PEHA). This 
conclusion was consistent with the results at high pressures shown in 
Fig. 4. 

3.2.3. Gas capture from syngas generated by the pilot-scale gasifier 
In this part, the gas compositions of the raw bio-syngas from the 

gasification using different biomasses were summarized in Fig. 6. As we 
can see from Fig. 6, both the type of feedstocks and λ had the influence 
on the gas compositions of bio-syngas. Generally, for all the cases 
investigated in this work, the gas compositions followed the trend: CO >
H2 > CO2 > N2 > hydrocarbons (CnHm) except for spruce bark at λ =
0.41 and 0.48. The larger the λ, the lower the concentration of hydro-
carbons, and the higher the content of CO2. Spruce needles as a feed-
stock generated the syngas with higher concentrations of CO and H2 
than other feedstocks under the same condition. When using spruce bark 
as feedstock, the CO2 concentration was the highest, compared with 
other feedstocks. When the pretreated birch wood was used as feedstock, 
the composition of H2 in syngas was the highest, but the content of CO 
decreased to the lowest one, while the concentrations of other gases did 
not change, compared with the untreated birch wood. In addition, the 
syngas concentration of NH3 is shown in Table 3, which varied consid-
erably with different feedstocks. 

For a further investigation, six cases showed in Fig. 7 were selected to 
study the effect of gas compositions on the CO2 absorption capacity and 
the gas capture efficiency. Their CO2 and NH3 concentrations are 

Fig. 3. CO2 absorption capacity of aqueous PEHA solution from 15 to 30 wt% PEHA at 298.15 K and different pressures. (a) mg-CO2/g-solvent; (b) mg-CO2/g-amine.  

Fig. 4. Gas absorption capacity of aqueous PEHA solution (20 wt% PEHA) at 
298.15 K. 

Fig. 5. The change of gas composition (a) and gas capture efficiency (b) of aqueous solution with 20 wt% PEHA at 298.15 K and 0.1 MPa.  
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depicted in Fig. 7. As we can see from Fig. 7a, except the case using 
spruce bark at λ = 0.48, the CO2 concentration for all other cases was 
similar, whereas the NH3 concentration (Fig. 7b) varied considerably 
when using different feedstocks. Birch wood pretreated by aqueous 
PEHA solution greatly increased the concentration of NH3 in the bio- 
syngas generated by gasification to 4000 ppm, which was the highest 
among all the studied cases. Spruce needles as feedstock also generated 
bio-syngas with a much higher concentration of NH3, which was related 
to the much higher N% in the dry biomass of spruce needles. 

3.2.3.1. Gas capture efficiency. After each change in operating condi-
tions, the gasifier was allowed to stabilize for at least 35 min before the 
raw bio-syngas was introduced into the set-up shown in Fig. 2. The gas 
compositions of the raw bio-syngas and the outlet gas stream after CO2 
absorption were recorded by two individual Micro-GCs. Considering the 
observed similar trend for the purification process of bio-syngas from 
different feedstocks, the one generated from birch wood at λ = 0.33 was 
selected as an example and the results are shown in Fig. 8. Fig. 8a depicts 
the changes of gas compositions (i.e., for H2, CH4, CO, CO2, and other 
gases). As we can see from Fig. 8a, the CO2 composition was stabilized at 
around 17 mol.% until approximately 35 min. This was the time when 

PEHA was introduced to the absorption flask. Thereafter, the CO2 
composition decreased rapidly, followed by a slow and gradual increase 
to the initial value, meaning that the solvent was finally saturated with 
CO2. Compared to the result of CO2 absorption, the other gases showed 
an opposite trend because of enrichment (Fig. 8a). Specifically, using 
aqueous PEHA solution (20 wt%) can decrease CO2 composition 
dramatically from around 20 mol.% to less than 4 mol.% in the first 5 
min. After around 20 min of absorption, CO2 composition began 
increasing to the initial value. 

In order to compare the efficiency of different gases captured by this 
solvent over time, the gas capture efficiency was introduced and defined 
with Eq. (1). It should be mentioned that during the absorption process, 
the tracer gas He was assumed to be an inert gas to the solution. 

Gas capture efficiency =
nin

i − nout
i

nin
i

= (1 −
yin

He

yout
He

×
yout

i

yin
i
) × 100% (1)  

where y is the gas composition, n is the gas mole flow rate, the subscripts 
i and He represent gas i and the tracer gas helium, respectively, and the 
superscripts in and out represent the gas inlet and outlet of the set-up in 
Fig. 2, respectively. 

The gas capture efficiency from bio-syngas using birch wood is 
shown in Fig. 8b. In the first 10 min, the CO2 capture efficiency kept 
around 80%. After that, the CO2 capture efficiency started to decrease 
gradually. H2 and CO were inert gases to this solvent. By comparing with 
the results using synthetic syngas from gas cylinder (Fig. 5), it can be 
concluded that the fluctuation of inlet gases led to an instability of the 
gas capture efficiency, especially for CH4. As shown in Fig. 8b, CH4 
fluctuated a lot around the zero. Considering that the low content of CH4 
in the gas stream (0.5–3.1 vol%), CH4 being measured by two separated 
micro-GCs in the raw syngas and after absorption, respectively, as well 
as the time delay between the two measurements, it is still reasonable to 
assume its inert to this solvent. The results for the bio-syngas generated 
from other feedstocks at different λ showed similar trends, and the detail 
information was shown in the Supplementary Materials. 

3.2.3.2. CO2 absorption capacities. The CO2 absorption capacities were 
obtained based on the gas flow rate and gas capture efficiency, and the 
results are depicted in Fig. 9. For all these cases, the CO2 absorption 
capacities were around the same as the saturated absorption capacity of 
20 wt% PEHA, i.e., 110 mg-CO2/g-solvent [30]. For some cases such as 
the one using the pretreated birch wood as feedstock to generate bio- 
syngas, the CO2 absorption capacities even reached 120 mg-CO2/g-sol-
vent, which were higher than the theoretical values. By comparing the 
gas composition of these cases, we could find out that both CO2 and NH3 
compositions affected the CO2 absorption capacities to some extent. The 
existence of NH3 might enhance the CO2 absorption capacities, however, 
the enhancement was limited. For instance, the gas with 4000 ppm of 

Fig. 6. The gas compositions using different biomasses as feedstocks and 
different λ. BW: birch wood, BW*: pretreated birch wood, SB: spruce bark, SN: 
spruce needles. 

Fig. 7. (a) CO2 concentration and (b) NH3 concentration of bio-syngas for different feedstocks and different λ. BW: birch wood, BW*: pretreated birch wood, SB: 
spruce bark, SN: spruce needles. 
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NH3 (BW*, λ = 0.36) had the same results for that with 2000 ppm of NH3 
(SN, λ = 0.42). On the other hand, the partial pressure of CO2 in syngas 
had some influences on the CO2 absorption capacity. For example, for 
the case with the highest CO2 concentration in syngas (SB, λ = 0.48), the 
CO2 absorption capacity was almost the same as the case with a lower 
CO2 concentration but higher NH3 (BW*, λ = 0.36). The gas flow rate did 
not show great effect on the saturated CO2 absorption capacities. 

The absorption rate of different cases varied slightly during the 
process. Fig. 10 depicts the CO2 absorption capacity over time for 
different cases. The slopes of these lines in Fig. 10 reflected the ab-
sorption rates changing with time. During the first 30 min, the absorp-
tion rate linearly increased with time. The case of (SB, λ = 0.48) with the 
highest CO2 concentration showed the highest rate in the first 30 min, 
followed by the case of (BW, λ = 0.38), (SN, λ = 0.42), (BW, λ = 0.33), 
(BW*, λ = 0.36) and (SB, λ = 0.34). The initial absorption rate during the 
first 30 min is depicted in Fig. 11a. For the case with the same gas flow 
rate and similar NH3 concentration, the absorption rate followed the 
same order as CO2 concentration, that is, the case of (SB, λ = 0.48) > the 
case of (BW, λ = 0.38) > the case of (BW, λ = 0.33). The gas flow rate 
also influenced the absorption rate during the first 30 min, for example, 
the initial absorption rate for the case of (BW, λ = 0.33) with the gas flow 
rate of 75 ml/min was faster than that for the case of (SB, λ = 0.34) with 
the gas flow rate of 50 ml/min. The concentration of NH3 did show 
positive effect on the initial absorption rate during the first 30 min. By 

comparing the case of (BW, λ = 0.33) with (SN, λ = 0.42), it showed that 
the higher NH3 could overcome the negative effect from the low gas flow 
rate. However, the enhancement of the CO2 absorption capacity from 
NH3 was limited by comparing the results of the case of (BW*, λ = 0.36), 
with that for the case of (SN, λ = 0.42). Fig. 11b shows the mean ab-
sorption rate over 60 min. For each case, no obvious difference in the 
mean absorption rate was observed, except the case of (SB, λ = 0.48), 
which implied the importance of high CO2 concentration on the ab-
sorption rate. 

3.2.3.3. Characterization of solvent after CO2 absorption. The aqueous 
PEHA solutions after the absorption with different gas streams (pure 
CO2, synthetic syngas, real raw syngas) were analyzed with an NMR 
instrument. An example is shown in Fig. 12. 1H NMR spectra represented 
that, after CO2 capture, the peak for ethylene protons in PEHA became 
broadened and obtained with less intensity. This represented that all the 
nitrogen atoms were effectively interacted with CO2 molecules 
(Fig. 12a). Similarly, the broadened and less intense peaks were 
observed in 13C NMR spectra for CO2 saturated aqueous solution (in 
between 30 and 65 ppm) (Fig. 12b). Apart from it, the peaks for the 
carbonyl carbon atom in carbamate (163–165 ppm) and bicarbonate 
(160.5 ppm) chemicals were also observed after CO2 capture. Due to 
possessing 6 nitrogen-containing basic sites of PEHA, a variety of 
different carbamate species were formed after being saturated with CO2, 

Fig. 8. (a) The change of gas composition and (b) gas capture efficiency from bio-syngas using birch wood at λ = 0.33. (negative time: stabilization stage in 
gasification unit; positive time: CO2 capture stage in absorption unit). 

Fig. 9. CO2 equilibrium absorption capacity in 20 wt% PEHA solution for 
different cases. BW: birch wood, BW*: pretreated birch wood, SB: spruce bark, 
SN: spruce needles. Orange bar: outlet gas flow rate of 75 ml/min; Blue bar: 
outlet gas flow rate of 50 ml/min. 

Fig. 10. CO2 absorption capacity over time for different cases. BW: birch wood, 
BW*: pretreated birch wood, SB: spruce bark, SN: spruce needles. Orange dots: 
outlet gas flow rate of 75 ml/min; Blue dots: outlet gas flow rate of 50 ml/min. 
(For interpretation of the references to color in this figure legend, the reader is 
referred to the web version of this article.) 
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leading to a multiple carbamate peak. Bicarbonates were formed from 
the in-situ hydrolysis of some of the unstable carbamates or direct acid- 
base reaction of PEHA with water and CO2. In addition, our previous 
study showed that these CO2-saturated reaction mixtures could be re-
generated to the pure PEHA under thermal treatment (heated at 393.15 
K) [30]. 

4. Conclusion 

In this work, aqueous pentaethylenehexamine (PEHA) solution was 
studied as a solvent for CO2 removal to produce purified bio-syngas from 
biomass gasification and, also, as the first step towards negative carbon 
emissions applying carbon capture, utilization, and storage technolo-
gies. Additionally, the aqueous PEHA solution was used as a biomass 
pretreatment agent to potentially increase the total process efficiency, 
and the effect on the gasification behavior using this pretreated biomass 
was also studied. The gasification experiment in pilot-scale was designed 
to give a realistic distribution in the syngas composition resulting from 
the gasification of boreal forest-based biomass. 

Pure CO2 absorption capacity using aqueous PEHA solution with 
different water contents at different pressures was investigated in the 
lab-scale. The results evidenced that the 20 wt% PEHA solution was the 
best option and PEHA was also superior to MEA in terms of CO2 
absorbed per gram of amine. Lab testing of CO2 removal with 20 wt% 
PEHA solution using synthetic syngas from gas cylinder showed that the 
other syngas species, apart from CO2 (i.e., CO, H2, CH4) were not 
absorbed in PEHA to any significant extent even at a pressure up to 0.5 
MPa, and that their presence did not affect the CO2 absorption capacity 

significantly. In addition, 20 wt% PEHA showed > 80% CO2 capture 
efficiency during the first few minutes of the absorption tests, even 
though the absorption apparatus was not designed for superior gas/ 
liquid mixing. Further investigation based on the larger scale absorption 
apparatus is in demand. 

Real bio-syngas was generated in a pilot-scale gasifier using several 
different feedstocks and operating conditions. The feedstocks originated 
from both softwood and hardwood samples. Depending on the feedstock 
and operating condition of the gasifier, the syngas composition of CO2 
was generally within 16–25 mol.%. Among these feedstocks, at the 
optimal λ, using spruce needles as feedstock generated the highest yields 
of CO and H2 while produced similar yields of other gases such as CO2, 
CH4, etc. No significant changes in biomass characteristics could be 
identified by the ultimate analysis (except for increased nitrogen con-
tent) after pretreated with aqueous PEHA solution in this study, how-
ever, a decreased yield of CO from gasification was observed. In 
addition, there was a significant increase in the amount of NH3 con-
centration in bio-syngas using the pretreated biomass as the feedstock. 

Absorption experiments at atmospheric pressure, using the real bio- 
syngas and 20 wt% PEHA solution, resulted in CO2 absorption capacity 
around approximately 110 mg/g-solvent, which was close to the theo-
retical maximum value. Once again, the other major syngas species, 
apart from CO2, did not show any sign of absorption in the PEHA so-
lution and did not seem to affect the CO2 absorption capacity signifi-
cantly. However, nitrogen from the feedstock was responsible for NH3 
formation during gasification, and higher NH3 concentration in the 
syngas had a minor, but positive effect on the CO2 absorption capacity. 
Similar to the absorption tests with synthetic syngas from gas cylinder, 

Fig. 11. CO2 absorption rate for different cases. (a) Initial absorption rate during the first 30 min; (b) Mean absorption rate over 60 min. BW: birch wood, BW*: 
pretreated birch wood, SB: spruce bark, SN: spruce needles. Yellow bars: outlet gas flow rate of 75 ml/min; Green bars: outlet gas flow rate of 50 ml/min. (For 
interpretation of the references to color in this figure legend, the reader is referred to the web version of this article.) 

Fig. 12. (a) 1H, and (b) 13C NMR spectra for PEHA and its CO2 saturated aqueous solution.  
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the CO2 capture efficiency was > 80% in the beginning of the absorption 
tests with real syngas, and then gradually decreased as the aqueous 
PEHA solution became almost saturated with CO2. The fluctuation of 
inlet real syngas led to an instability of the gas capture efficiency 
compared with the result with synthetic syngas. The higher flow rate of 
real syngas, and the higher CO2 and NH3 concentrations in real syngas 
influenced the initial absorption rate in a positive way, while the mean 
absorption rate mainly depended on the CO2 concentration. The NMR 
test before and after CO2 absorption from syngas proved the formation 
of carbamate and bicarbonate chemicals, which implied the chemical 
interaction between PEHA and CO2 instead of other species in syngas. 
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e CO2 absorption capacity of superbase derived ionic liquid, i.e., 1,8-diazabicyclo [5,4,0] undec-7-
([HDBU][IM]) mixed with three different cosolvents (dimethyl ethers of polyethylene glycol
lene carbonate, and ethylene glycol) was studied, and [HDBU][IM]-DEPG was selected for further
howing [HDBU][IM]-DEPGwith 2:1mass ratio at the temperature of 298.15 K exhibits the optimal
f CO2 absorption capacity and viscosity. The gas solubilities for CH4, N2, and two gas mixtures (75%
; 60% CH4 + 40% CO2) were studied, indicating the selectivity can be up to 17, and the real selec-
than the ideal one. Thermodynamic modelling was carried out, and the species distributions, as

sical and chemical contributions, were analyzed, illustrating the reliability of the thermodynamic
perbase ionic liquids

ganic solvents
ermodynamic modelling

model with an av
ature favor chem
erage relative deviation lower than 2.37%. The decreased DEPG content and increased temper-
isorption, contributing more than 90% when the pressure was lower than 0.4 MPa, while with
ssure, the physical contribution gradually increases up to 30%. This work evidences that [HDBU]
tion
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pre
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rth
[IM]-DEPG is an excellent candidate for CO2 separa
and the high CO2 selectivity over CH4 and N2 expa

Introduction

CO2 capture or separation plays a vital role in countering global
arming effects by reducing CO2 emission. Besides, it is also important
sustainable carbon-based economy development. A number of
chnologies have been developed on laboratory or industrial scale
sed on absorption, adsorption, membrane separation, and so on.
mongst these technologies, solvent-based absorption is the most
mmercial-ready one, and many chemical and physical solvents have
en developed and commercialized in different industrial sectors [1].
mine-based solvents, such as monoethanolamine (MEA) and
ethanolamine (DEA), are the most studied chemical solvents in CO2

pture from flue gas (i.e., the one with low CO2 content in the
s stream) owing to their pronounced high CO2 absorption capacity
d/or absorption rate [2,3]. However, the high energy penalty for the
lvent regeneration, the high volatility causing high solvent loss, the
lvent degradation, and the equipment corrosion limit the applica-
ns. In physisorption processes, various commercial physical solvents,
ch as methanol (Rectisol process), dimethyl ethers of polyethylene
ycol (DEPG) (Selexol process), and propylene carbonate (PC) have
en developed for CO2 separation, especially from gas streams with

high CO2 partial
the physical so
the amine-base
nents other tha
but also increa
cost- and energ
is of urgency in

Inrecentdec
substitute in ma
negligible vapor
[5]. Since Blanch
1-butyl-3-meth
much research
in different co
pyrrolidinium, a
still cannot com
CO2 absorption
byBateset al. [7]
CO2 absorption
298.15 K and 10
synthesizedtofu

from ILmonomers h
turecapacitythanth
Privalova et al. [8] sh
due to its high CO2 absorption capacity and low viscosity,
its capability for real industrial applications.

© 2021 Published by Elsevier B.V.

ssure [4]. Since no chemical reactions are involved,
t-based process usually requires less energy than
ocesses. Nevertheless, the co-absorption of compo-
O2 not only reduces the purity of the product gas
the operation complexity. Therefore, developing
fective, as well as environmentally friendly solvent
capture or separation.
s, ionic liquid (IL)hasdrawnsignificantattentionasa
applications due to its superior properties, such as
ssure, high thermal stability, and tunable structure
et al. [6] reported CO2 absorption capacity in an IL
idazolium hexafluorophosphate ([Bmim][PF6]),

been conducted regarding CO2 absorption capacity
ntional ILs, such as imidazolium, pyridinium,
phosphonium-based ILs. However,most of these ILs
e with the commercial solvents due to the limited
city. Therefore, task-specific ILs were first proposed
unctionalize ILbyaddingaminogroup for improving
acity (74 mg-CO2/g-IL, i.e., 1.67 mol-CO2/kg-IL at
a). After that, many amino-functionalized ILswere
er increaseCO2absorptioncapacity.Poly(IL)s formed
ave been reported that they processhigher CO2 cap-
ecorrespondingILmonomers.However, thestudyof
owed that the CO2 absorption capacity value of Poly
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Fig. 1. Structure of [HDBU][IM].

N.
L)didnot exceed typical values for the ILswith similar anionswhen the
idazolium-basedcationwaschosen. Theappropriate choiceof the cat-
n is quite important. Recently, the superbase derived task-specific ILs
ve received much attention for their strong alkaline nature. Wang
al. [9] studied the CO2 absorption performance in 3-butyl-1-

ethylimidazolium bis(trifluoromethanesulfonyl)amide ([Bmim]
f2N])-1,8-Diazabicyclo[5.4.0]undec-7-ene (DBU). It was found that
e CO2 absorption capacity remarkably increased to 0.99 mol-CO2/
ol-IL, i.e., 1.732 mol-CO2/kg-IL at 296.15 K and 0.10 MPa, indicating
e imidazolium-based ILs associatedwith superbasesmight be a bright
ay for CO2 capture. Zhu et al. [10] studied the CO2 absorption capacity
seven different DBU-based ILs, and the superbase IL named 1, 8-
azabicyclo-[5,4,0]undec-7-ene imidazole ([HDBU][IM]) showed the
ghest CO2 absorption capacity. Furthermore, Yan et al. [11] compared
DBU][IM]withother twoDBU-based ILs, and [HDBU][IM] also showed
uchhigherCO2absorptioncapacity, i.e., 0.194g-CO2/g-IL, i.e., 4.41mol-
2/kg-IL. In addition, [HDBU][IM] shows lower viscosity, e.g., 33mPa·s
303.15 K, compared to the conventional ILs.
Although [HDBU][IM] has high absorption efficiency and reversible
aracteristic on CO2 capture, the applications are still strongly limited.
ne of themost practical problems is the high viscosity after absorbing
2 [12]. As reported byYan et al. [11], [HDBU][IM] transformed into a ge-
tinous state after CO2 absorption, which is unfavourable for the mass
ansfer. Adding cosolvent is a pathway to overcoming this limitation. It
s shown that a drastic decrease in viscosity could be achievedby adding
tiny amount of water or organic solvents, while other properties were
ightlyaffected.AsreportedbyMaetal. [13], theadditionofwaterreduced
e viscosity of N-alkyl-N-methylmorpholinium-based ILs, giving rise to a
ducedenergydemandandequipmentsizeinCO2separationfrombiogas.
rmejo et al. [14] reported the influence ofwater on the CO2 solubility in
o ILs: [Bmim][NO3] and [Hopmim][NO3], concluding that a lowwater
ntent not only decreased the viscosity of ILs but also slightly enhanced
e CO2 solubility, while a higher level of water content resulted in a
wer CO2 solubility. Other works on different IL-water systems showed
e addition ofwater led to a reduction in viscosity but alsoweakened the
2 absorption capacity [15–17]. Besideswater, commercial organic sol-
ntssuchaspolyethyleneglycol(PEG),ethyleneglycol(EG),anddimethyl
lfoxide (DMSO) have also been selected as cosolvents. According to the
sults of Li et al. [18], the addition of PEG200 in IL enhanced the
sorption- and desorption-rates of CO2 significantly. Yan et al. reported
atmixingEGwith[HDBU][IM]couldformIL-baseddeepeutecticsolvents
ES), which decreased the viscosity after CO2 absorption [11]. All these
udieshaveproved thatmixing ILwith cosolvent suchaswaterororganic
lventsisapromisingsolutiontoovercometheproblemofviscosity,while
fferent cosolventsmay lead to different contributions. Therefore, it is in-
resting to identify a proper cosolvent for a specific IL.
In this work, the superbase derived IL [HDBU][IM] was selected as

e promising IL in CO2 separation. Firstly, [HDBU][IM] was mixed
ith three cosolvents (DEPG, PC, and EG) under a certain mass ratio
:1) to identify the cosolventwith the highest CO2 absorption capacity.
rthermore, for the chosen cosolvent, the effects of mass ratio and
mperature on CO2 absorption capacity at different pressures were
udied, and the density and viscosity were measured. Furthermore,
e absorption capacities of the gases other than CO2, such as N2, CH4,
mulated flue gas (with 75% N2 and 25% CO2) and biogas (with 60%
4 and 40% CO2), were measured. Finally, thermodynamic modelling
as conducted to represent experimental results, and then further ana-
ze the species distribution, differentiate chemical and physical contri-
tions, and compare ideal and real selectivities.

Experiments and methodologies

1. Materials

Dimethyl ethers of polyethylene glycol (DEPG, average Mn ~ 250)
d propylene carbonate (PC, purity 99.5%) were purchased from

Sigma-Aldrich L
Ltd. 1,8-diazabi
synthesized and
Academy of Scie
method. The pr
of imidazole (IM
thenequimolar
under theambie
tionwas heated
solvent. The sam
the final produ
[IM] is shown in
mass ratios wer
then stirring ove

The CO2 (m
tained from AG
40 vol% CO2, 25
gas and flue ga
group).

2.2. Experimenta
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The gas abso

reported in our
were only briefl
main compartm
magnetic stirrer
equilibrium cel
maintain the de
of the equilibriu
puter. Once the
state was consid
ity measureme
temperature, an
The uncertainti
tem errors wer
all these above
gas solubility w
at least three tim

Due to the n
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Ethylene glycol was purchased from Sigma-Aldrich
o [5,4,0] undec-7-ene imidazole ([HDBU][IM]) was
pplied by Institute of Process Engineering, Chinese
s. The synthesis procedure is based on the one-step
ure was introduced here briefly: a certain amount
.5mol, for example)wasmixedwith 50mLethanol,
wasaddedbya constantpressure funnel andstirred
onditions for24h.After the reaction, themixedsolu-
rotary evaporator at 328.15 K for 4 h to remove the
was dried under vacuum at 328.15 K for 40 h, and
DBU][IM] was obtained. The structure of [HDBU]
. 1. [HDBU][IM]-cosolvent mixtures with different
repared by mixing [HDBU][IM] and cosolvent, and
ht to obtain the homogeneous solution.
fraction ≥ 99.9%), CH4, and N2 cylinders were ob-
B (Linde group). The gas mixtures, (60 vol% CH4 /
CO2 / 75 vol% N2) to imitate the composition of bio-
spectively, were purchased from AGA AB (Linde

up and methods

capacity
on capacity was measured based on the method as
vious work [13]. The apparatuses and procedures
scribed in this work. The apparatus consists of two
s, the equilibrium cell (volume of 65.6 mL) with a
d the gas reservoir (volume of 141.2 mL). Both the
d gas reservoir were immersed in a water bath to
d temperature. During the process, the pressures
ell and the gas reservoir were recorded by the com-
ssure is kept constant with time, the equilibrium
d to be achieved. The uncertainty of the gas solubil-
onsisted of the system errors, including pressure,
e volumes of the absorber, buffer tank, and pipeline.
f pressure, temperature, and volume from the sys-
01 MPa, 0.1 K, and 0.5 mL, respectively. Based on
ertainties, the overall uncertainty for the measured
ithin ± 1.5%. All the measurements were repeated
and the average value was reported.
ible vapor pressure of IL, it was assumed that the IL
iquid phase. In the vapor phase, the vapor pressure
was considered. Following this, for pure gas (CO2,
mount of gas (i) dissolved in the precisely known
was calculated by Eq. (1).

RVGR

RT
−

Peq,EC−Ps
� �

VEC−VL−Vrð Þ
Z3RT

ð1Þ

itial pressure of the gas reservoir, Peq,GR and Peq,EC are
reservoir and equilibrium cell at equilibrium state,
e vapor pressure of the cosolvent at temperature
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sm of CO2 absorption by [HDBU][IM], proposed by Yan et al. [11].

N.
mpressibility factors of gas i corresponding to the pressures of P0,GR,
q,GR, and (Peq,EC − Ps), respectively. VGR, VEC and Vr are denoted to the
lumes of the gas reservoir, equilibrium cell, and magnetic rotor, re-
ectively, VL represents the volume of the solvent, R is the gas constant
.314 J mol−1 K−1), and T is the temperature in Kelvin.
For the gas mixture, when it reached the equilibrium state, the
s sample in the vapor phase from the equilibrium cell was col-
cted to analyze the gas composition by a micro-GC (Varian 490
C, equipped with molecular sieve 5A, PoraPlot U columns, and
D detectors). The amount of gas (i) dissolved in the precisely
own amount of solvents was calculated by its mole fraction in
e vapor phase detected by micro-GC and the corresponding pres-
res, as shown in Eq. (2). For the low operating pressure, the gas
as considered as an ideal gas, i.e., Z = 1, when calculating the gas
sorption capacity.

¼
Yi P0,GR−Peq,GR
� �

VGR

RT
−

Peq,EC−Ps
� �

VEC−VL−Vrð Þyi
RT

ð2Þ

here Yi is the mole fraction of gas i in the inlet gas, and yi is the mole
action of gas i at equilibrium state, detected by micro-GC.

2.2. Measurement of density ρ and viscosity η
The density and viscosity of the solvents were measured at differ-
t temperatures. The densities were measured by the Anton Paar
MA 5000 density meter based on the ‘oscillating U-tube principle’.
e temperature uncertainty of the density meter is 0.01 K. The den-
ty meter was calibrated with air and pure water before measuring
e samples. The measurements of viscosity η were carried out
ing the Anton Paar Lovis 2000 ME viscosity meter, where the fall-
g ball automated technique was used. The viscosity meter was cal-
rated with the standard liquid (N7.5, N26, and N100 viscosity oil)
fore measurement. The temperature uncertainty is 0.02 K. The de-
iled information on the measurement can be found in our previous
ork [19]. All the measurements of density and viscosity were re-
ated three times, and the average value was reported. The average
lative deviations (ARDs) of measured density and viscosity are
0001% and 3.33%, respectively.

3. Theory

In this work, three gases (CO2, CH4, and N2) were involved. It has
en proved that there is a strong chemical interaction between CO2

d [HDBU][IM], while there are only physical interactions between
2 and the cosolvents investigated in this work [11]. For the other
ses (N2 and CH4), the extremely low absorption capacities under
mospheric pressure in both [HDBU][IM] and the cosolvents
vestigated in this work imply that there are only physical
teractions.
For the contribution of physical absorption, it follows Henry's law,
d the phase equilibria can be expressed as

iφ
v
i ¼ Hi T , Pð Þxiγi=γ

∞
i ð3Þ

here
is the system pressure, xi is the mole fraction of gas i in the liquid
ase, φi

v is the fugacity coefficient of gas i in the vapor phase, Hi(T, P)
Henry's constant of gas i in the solvent at the temperature T and pres-
re P, and γi

∞ is the activity coefficient of gas i at infinite dilution in the
uid phase.
It should be mentioned that according to our pre-study, setting the

nary interaction in activity model NRTL as zero gave a good model
rformance. It means that the nonidealmixing is negligible and the bi-
ry interaction can be neglected. Therefore, throughout this work, the
nideal mixing was not considered, and the correction of the activity

coefficient was
fied as

Pyiφ
v
i ¼ Hi T , Pð Þ

For the contr
action between
[HDBU][IM] che
product ([HDBU
this work as sho

To get the tr
tween CO2 and

Keq ¼
a HDBU½ � IM½
aCO2 ⋅a HDB½

lnKeq ¼ m1 þm

where a is the a
rium constant (
able parameters

For the solve
is negligible, and
While the cosol
lows:

Pyjφ
v
j ¼ xjP

s
j

where Pj
s is the

The Henry's
neglecting the p

Hi,j T , Pð Þ ¼ Hi,j Tð

whereHi,j (T) is
the pressure effe
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lated from those

ln Hi,mix
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j

wj ¼
xj Vcj
� �2=

∑kxk Vckð

wherewj is thew
of the solvent j

The fugacity
calculated by th
Eq. (9) with the

Fig. 2.Mechani
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ected. The phase equilibria in Eq. (3) can be simpli-

ð4Þ

tion of chemical absorption (i.e., the chemical inter-
and [HDBU][IM]), the mechanism that one mole of
cally reacts with one mole of CO2 to generate the
COO]) reported by Yan et al. [11] was adopted in
in Fig. 2.
ole fraction, the chemical reaction equilibrium be-

BU][IM] is needed as expressed in Eq. (5).

�
¼ x HDBU½ � IMCOO½ �

xCO2 ⋅x HDBU½ � IM½ � ð5Þ

ity in the liquid phase, Keq is the chemical equilib-
ted to temperature), and m1 and m2 are the adjust-

and its cosolventmixtures, the vapor pressure of IL
an be assumed that IL only exists in the liquid phase.
t follows Raoult's law and can be expressed as fol-

ð6Þ

r pressure of the cosolvent j.
stant for gas i in the pure solvent jwas calculated by
ure effect as described in Eq. (7):

exp Aij þ Bij=T
� � ð7Þ

ry's constant of gas i in the pure solvent j neglecting
t the system temperature, and Aij and Bij are the ad-
.
tant of gas i in themixed solvent (Hi, mix) was calcu-
the pure solvents [13].

n Hi,j Tð Þ� �
ð8Þ

hting factor, and Vcjwas set to be the critical volume
is work.
fficient φi

v of gas i in pure gas or a gas mixture was
edlich-Kwong (RK) equation of state as shown in
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capacity of IL-cosolvent (mass ratio 2:1) at 298.15 Ka.

P/MPa xCO2 mCO2 /mol-CO2/kg-solvent

G 0.047 0.312 1.976
0.293 0.390 2.786
0.494 0.410 3.034
0.814 0.439 3.405
1.271 0.472 3.900
1.719 0.502 4.388
0.078 0.236 1.948
0.404 0.284 2.492
0.641 0.304 2.741
0.852 0.319 2.945
1.202 0.344 3.295
1.626 0.370 3.698
0.024 0.217 2.236
0.337 0.258 2.840
0.640 0.271 3.081
1.088 0.284 3.398
1.595 0.302 3.745

re the mole fraction and molarity of CO2, respectively.
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φv
i ¼ Z−1− ln Z−BPð Þ− A2=B

� �
ln 1þ BP=Zð Þ

P ¼ RT
V−b

−
a

T0:5V V þ bð Þ
Z ¼ PV=RT

A2 ¼ a=R2T2:5

B ¼ b=RT

a ¼ ∑
i
∑
j
yiyj aiaj
� �0:5, ai ¼ 0:4278RT2:5

Ci =PCi

b ¼ ∑
i
yibi,bi ¼ 0:08664RTCi=PCi

ð9Þ

here V is themolar volume, a and ai are constants of a gasmixture and
re gas i, respectively, which correct for the attractive potential ofmol-
ules, b and bi are constants of a gas mixture and pure gas i, respec-
vely, which correct for volume, and Tci and Pci are the critical
mperatures and gas pressure i.

Results and discussion

1. Experimental results

1.1. Experimental measurement validation
Theexperimentalmethodwasused in this section to studytheeffects
the type of cosolvent, mass ratio, temperature, and gases other than
2. The reliability of our measurements was confirmed by comparing
e CO2 absorption capacity in water and PC determined in this work
ith the literature results, as illustrated in Fig. 3. The results show that
e experimental data agree very well with those from the literature
ith the average absolute deviation<0.001mol-CO2/kg-solvent).

1.2. The effect of the type of cosolvent on the CO2 absorption capacity
In this section, the effect of different cosolvents (i.e., EG, PC, and

EPG) on CO2 absorption capacity was studied. The CO2 absorption of
-cosolvent systems with the same mass ratio of 2:1 at different pres-
res (up to 1.7 MPa) was measured, and the experimental results of
2 absorption capacity are summarized in Table 1 and illustrated in

g. 4.
Aswe can see from Fig. 4, for all these hybrid solvents, the amount of

Table 1
The CO2 absorption

IL-cosolvent

[HDBU][IM]-DEP

[HDBU][IM]-PC

[HDBU][IM]-EG

a xCO2 and mCO2 a

Wang, C. Ma, H. Yu et al.
sorbed CO2 increased dramatically when the pressure was around at-
ospheric pressure and then increased linearly with the increase in
essure. The drastic growth in CO2 absorption capacity from the begin-
ng is attributed to the chemisorption of CO2 in [HDBU][IM]. The linear

Fig. 3. CO2 absorption capacity (a) water and (b) PC from this work together with the literature data.

Fig. 4. CO2 absorption capacities of three IL-cosolvent systems at the mass ratio of 2:1 at
different pressures and 298.15 K.

4
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capacity of [HDBU][IM]-DEPG with different mass ratios at different

xCO2 mCO2 /mol-CO2/kg-solvent

Mass ratio (2:3) at 298.15 K
0.242 1.343
0.297 1.785
0.334 2.110
0.373 2.509
0.416 3.006
0.458 3.569

Mass ratio (2:2) at 298.15 K
0.273 1.606
0.335 2.147
0.370 2.506
0.406 2.913
0.442 3.375
0.473 3.832

Mass ratio (2:1) at 298.15 K
0.312 1.976
0.390 2.786
0.410 3.034
0.439 3.405
0.472 3.900
0.502 4.388

Mass ratio (2:1) at 313.15 K
0.289 1.769
0.341 2.258
0.370 2.562
0.403 2.938
0.432 3.309
0.457 3.670

Mass ratio (2:1) at 328.15 K
0.248 1.434
0.289 1.770
0.337 2.218
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crease of CO2 absorption capacity with increasing pressure indicated
e chemical reaction has reached equilibrium, and the pressure-
pendent physical absorption contributes to the further increase of
2 absorption capacity. Amongst all of IL-cosolvent systems, [HDBU]

M]-EG showed the largest CO2 absorption capacity at low pressures,
., 2.236mol-CO2 /kg-solvent at 0.024MPa. The reasonmay be the for-
ation of deep eutectic solvent and the enhancement by EG as reported
Yan et al. [11] As we can see from Fig. 4 when the pressure is higher
an 0.35 MPa, [HDBU][IM]-DEPG starts to show a greater CO2 absorp-
on capacity than [HDBU][IM]-EG, and the difference becomes larger
ith the increase in pressure. The difference of CO2 absorption capacity
tween [HDBU][IM]-DEPG and [HDBU][IM]-PC becomes greater with
creasing pressure when the pressure is lower than 0.3, and after
at, the difference keeps constant. In general, the CO2 absorption ca-
city of [HDBU][IM]-DEPG is larger than that of the other two solvents,
d it was selected as a promising candidate for further investigation in
is work.

1.3. Density and viscosity of [HDBU][IM]-DEPG with different mass ratios
different temperatures
The density and viscosity of [HDBU][IM]-DEPG at different mass

tios between 288.15 and 323.15 K were measured. The results are
mmarized in Table S1 (supplementary material) and shown in
g. 5. The densities of [HDBU][IM] and [HDBU][IM]-DEPG at a certain
ass ratio decreased linearly with the increase in temperature. The
DBU][IM] has a viscosity of 33.87 mPa·s at 303.15 K, which is very
ose to the data reported by Yan et al. [11] (i.e., 33mPa·s at 303.15 K).
portantly, the viscosity of mixtures drastically decreased from
.87 to 13.54 mPa·s when adding DEPG to form a 2:1 mass ratio of
DBU][IM]-DEPGmixture, and this viscosity is much lower than the
ost common ILs (e.g., [Bmim][BF4] has a viscosity of 70 mPa·s
303.15 K [20,21].). Such a low viscosity benefits CO2 capture by
creasing the mass transfer rate. Further increasing the content of
EPG to form [HDBU][IM]-DEPGmixtures with the mass ratios of 2:2
d 2:3 results in only slightly decreased viscosities from 13.54 to 9.66
d 8.19mPa·s, respectively.

1.4. Effect of [HDBU][IM]-DEPG mass ratios and temperatures on the CO2

sorption capacity to 1.7 MPa. The

Table 2
The CO2 absorption
temperatures.

P/MPa

0.060
0.266
0.509
0.812
1.183
1.611

0.058
0.296
0.566
0.897
1.291
1.688

0.047
0.293
0.494
0.814
1.271
1.719

0.070
0.165
0.314
0.589
0.978
1.395

0.099
0.174
0.354
0.602
0.832
1.239
1.546

Wang, C. Ma, H. Yu et al.
To investigate how the content of DEPG affects the CO2 absorption
pacity in [HDBU][IM]-DEPG, three mass ratios of 2:1, 1:2, and 2:3
ere selected. The absorption temperature was fixed at 298.15 K, and
e pressure was elevated step by step, from the ambient pressure up

with different mas
Within the entire s
increases with the
the greater contribu

Fig. 5. Densities (a) and viscosities (b) of [HDBU][IM] and [HDBU][IM]-DEPG with three mass ratio

5

2 absorption capacities of the [HDBU][IM]-DEPG

0.371 2.572
0.394 2.839
0.425 3.220
0.442 3.454
s ratios are listed in Table 2 and shown in Fig. 9.
tudied pressure range, the CO2 absorption capacity
increased [HDBU][IM] content. The reason may be
tion of chemisorption than the physical absorption,

s at temperatures from 288.15 to 323.15 K.
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hich is proved obviously by the results at the lowest pressure for each
ass ratio. Specifically, the CO2 absorption capacity of [HDBU][IM]-
EPG with 2:3 mass ratio at 0.1 MPa reaches 1.5 mol-CO2/kg-solvent,
hich increases by 20% and 53% of the solvents with 1:1 and 2:1 mass
tios, respectively, that is, 1.8 mol-CO2/kg-solvent and 2.3 mol-CO2/
-solvent, respectively. The CO2 absorption capacity starts to increase
early with increasing pressure when the pressure is higher than
3 MPa, and this characteristic creates the possibility to use the devel-
ed solvents for the application in the high-pressure processes. At
7MPa, the CO2 absorption capacity of 2:1 [HDBU][IM]-DEPG increases
4.3mol-CO2/kg-solvent, and those for the [HDBU][IM]-DEPGwith 2:2
d 2:3 mass ratios reach 3.7 and 3.5 mol-CO2/kg-solvent, respectively.
is obvious that [HDBU][IM]-DEPG with the mass ratio of 2:1 shows
gher CO2 absorption capacity than the other two mass ratios.
Besides themass ratio, the temperature is another essential factor in
2 absorption. Herein, three temperatures were selected for further
udying the CO2 absorption capacity of [HDBU][IM]-DEPG with a 2:1
ass ratio. The results are summarized in Table 2 and shown in Fig. 9.
is clear to observe that the CO2 absorption capacity decreasedwith in-
eased temperature. When the temperature rises from 298.15 to
8.15 K, the CO2 absorption capacity at 0.1 MPa drastically drops
om 2.3 to 1.5 mol-CO2/kg-solvent. At high pressures, for example,
e CO2 capacity decreases from 4 to 3.4 mol-CO2/kg-solvent at
4 MPa when the temperature increases from 298.15 to 328.15 K.
th cases conclude that a lower temperature is favored in terms of
2 absorption capacity. A lower temperature may limit the reaction
te and mass transfer. However, no obvious difference in the time to
ach equilibriumwas observed during the experiment, and it canbe at-
ibuted to the low viscosity of the solvent.

1.5. Characterization of CO2 absorption
To understand the interaction between CO2 and the cosolvents, the
clearmagnetic resonance spectroscopy (NMR) spectra of the solvents
fore and after CO2 absorption were measured with NMR Bruker AV
0. Deuterated chloroform (CDCl3) was used as the solvent during
e NMR measurement. 1H and 13C NMR spectra were calibrated using
e residual peak of solvents as an internal standard (CDCl3).
As we can see from Fig. 6, after mixing [HDBU][IM] and DEPG, com-
red with pure [HDBU][IM], the peak position of 13C NMR spectra did

Fig. 7. 1H NMR sp
absorption.

Wang, C. Ma, H. Yu et al.
t change except for four new peaks from 60 to 80 that are from
EPG, which means that no chemical reaction during the mixing. In
ntrast with the neat [HDBU][IM] and [HDBU][IM]-DEPG, a new peak
as observed at 178.9 ppm in Fig. 6 after CO2 absorption, which

corresponded to th
other peaks from 2
the anion [IM]−. T
[HDBU][IM] and [H
the same,meaning t
teraction with CO2.

3.1.6. The gas absorp
In CO2 separatio

tion characteristics,
the real industrial p
gas, CH4 and N2 ar
than CO2 in the ga
CH4 and N2 on CO2

the pure CH4 and N
mass ratio 2:1 at 29
in Fig. 8 and summa
As can be seen from
pure N2 are similar

g. 6. 13C NMR spectra of [HDBU][IM] and [HDBU][IM]-DEPG before and after CO2

sorption.

Fig. 8. CH4 and N2 abs
compared with CO2 at 29

6

e carbonyl carbon of carbonate. Besides that, the
0 to 50 ppm in Fig. 6 correspond to the upshift of
he peak shift and formation in Figs. 6 and 7 for
DBU][IM]-DEPG after CO2 absorption are exactly

orption capacities of [HDBU][IM]-DEPG with mass ratio 2:1
8.15 K.
hat DEPG acts as the cosolventwithout chemical in-
tion capacity other than CO2

n processes using the solvent with physical absorp-
the selectivity of CO2 over other gases is also vital. In
rocess, such as CO2 separation from biogas or flue
e two important and common components other
s stream. Therefore, in this section, the effects of
absorption capacity were also investigated. Firstly,
2 absorption capacities of [HDBU][IM]-DEPG with
8.15 Kweremeasured, and the results are presented
rized in Table S2 and S3 (supplementary material).
Fig. 8, the absorption capacities of pure CH4 and

under the studied condition. In the entire studied
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calculating Henry's constants Hij (T) in eq. (7) and chemical equilib-
in eq. (5).

nt j lnHij /MPa lnKeq

U][IM
U][IM

U][IM

U][IM
U][IM
U][IM
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essure range, the solubilities increase linearly, indicating no chemical
action occurrs between [HDBU][IM] and CH4 or N2. Compared with
e results from the CO2 absorption capacity, the CH4 and N2 capacities
[HDBU][IM]-DEPG aremuch lower. For example, the capacities of CH4

d N2 are lower than 0.2 mol-CH4 (N2)/kg-solvent at 1 MPa, while the
2 capacity is nearly 3.5 mol-CO2/kg-solvent, which is 17 times higher
an those of CH4 and N2. This selectivity reaches the same value as the
opylene carbonate, a commercial organic solvent with maximum se-
ctivity [22]. In addition,with thedecrease of pressure, theCO2 capacity
aches 100 times higher than those of CH4 andN2when the pressure is
2 MPa. As summarized in the work from Wang et al. [22], the typical
lectivity of CO2 over CH4 in ILs is centralized in a range of 5– 15.
hile for the selectivity of CO2 over N2 in ILs, it is lower than 17.8
der atmosphere as observed by Supasitmongkol et al. [23]. This result
ows an excellent selectivity of CO2 over CH4 and N2.
It has been reported that the existence of gases other than CO2 may
crease the CO2 solubility leading to a decrease of selectivity, making it
sential to study the gas mixture [22]. In this work, two gas mixtures,
., flue gas (with 75% N2 and 25% CO2) and biogas (with 60% CH4 and
% CO2) were chosen to determine the gas solubilities. The results
e summarized in Table S4 (supplementary material) and shown in
g. 8. When the gas mixture is used as the inlet gas, the measured
2 absorption capacity is similar to that of using pure CO2 as the inlet

capacity in [HD
temperatures.

All the obta
stants are listed
in Fig. 9, the
experimental d
Therefore, the t

Table 4
The parameters for
rium constants Keq

Solute i Solve

CO2 DEPG
CO2 [HDB
CO2 [HDB
CH4 DEPG
CH4 [HDB
N2 DEPG
N2 [HDB
CH4 [HDB
N2 [HDB

Wang, C. Ma, H. Yu et al.
s. However, the absorption capacity of CH4 and N2 decreases obvi-
[IM] - DEPG mixtur

In order to stud
nd
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fit
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es. T
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(Ai

H4 a
sly compared with that using pure CH4 and N2 as the inlet gas. It im-
ies that the real CO2 selectivity is higher than the “ideal” selectivity.
e competition between ionic liquid and cosolvent on the absorption
different gasesmay influence the absorption process, leading to an in-
ease in selectivity. In addition, it also evidences the importance of
udying gas mixtures.

2. Thermodynamic modelling

2.1. Parameterizing
Based on the determined experimental results and the theory ex-

ained inSection2.3, thermodynamicmodellingwascarriedout.Consid-
ing that the critical properties are necessary input in thermodynamic
odelling and these properties for both DEBUG and [HDBU][IM] have
t been available, in thiswork, theywere estimated by the group contri-
tionmethod[24,25].Theresults, includingcriticalproperties(TC,PC,and
), boiling point (Tb) as well as molecular weight (MW) are listed in
ble 3.
As described in Section 2.3, to model the CO2 solubility in [HDBU]

M]-DEPG mixtures, Henry's constant of CO2 in these mixtures and
e chemical equilibrium constant Keq are required. To obtain Henry's
nstant of CO2 in the [HDBU][IM] - DEPG mixtures, Henry's constants
CO2 in pure DEPG and [HDBU][IM], and VC of DEPG and [HDBU][IM]
e the only needed parameters as shown in eq. (8). For CO2 - DEPG
ase equilibrium, Henry's constant of CO2 in pure DEPG at different
mperatures reported by Henni et al. [26] was used to obtain the pa-
meters (Aij and Bij) in eq. (7). The obtained parameters (Aij and Bij)
r calculating Henry's constants of CO2 in pure DEPG and VC of DEPG
d [HDBU][IM] were set as the fixed values during modelling. Mean-
hile, the parameters (Aij, Bij) and (m1,m2) for calculating Henry's con-
ant of CO2 in [HDBU][IM] and chemical equilibrium constant Keq,
spectively, were set as adjustable parameters to fit the experimental

modelling CH4 a
CH4 and N2 solu
to obtain their H
vey, such exper
work, the absor
temperatures w
(Supporting Info
data, Henry's co
ture were calcu
and Bij) for calc
based on eq. (7)
eters were set t
rameters (Aij, B
[HDBU][IM] we
results of the pu
[HDBU][IM]-DE

Based on the
sorption capacit
tal data. The co
agreement with
tions (AADs) in
(N2)/kg-solvent
able based on th
is the inlet gas.

As discussed
is the inlet gas,
pure CO2 as the
amount decreas
because of the n
except for CO2

[HDBU][IMCOO
the parameters
i.e., Hi,j (T) of C
ta reported in Section 3.1.4 including the data of CO2 absorption were set as the adj
CH4 and N2 absorpt
spectively. Meanw
values. The obtained

3.2.2. Further discuss
Based on the pa

different mass rati

ble 3
itical properties together with molecular weights for DEPG and [HDBU][IM].

Properties Mw / g/mol TC / K Tb / K PC / MPa VC / m3/kmol

DEPG 250.00 777.153 583.400 1.929 0.757
[HDBU][IM] 220.32 982.277 694.520 3.058 0.716

7

[IM]-DEPG with different mass ratios at different

parameters for calculating Keq and Henry's con-
able 4. Obviously, according to the results illustrated
elling results are in good agreement with the
with an average relative deviation (ARD) of 2.37%.
modynamic modelling of CO2 solubility in [HDBU]
es is reliable.
y the selectivity of this [HDBU][IM]-DEPG mixture,
N2 solubilities in this mixture is needed. Firstly, the
ties in DEPG at different temperatures are required
y's constants in pure DEPG. After the literature sur-
ntal data has not been available. Therefore, in this
n capacities of pure CH4 and N2 in DEPG at different
determined. The results are listed in Table S3

ation). Based on these new measured experimental
nts Hij (T) of CH4 and N2 in DEPG at each tempera-
d according to eq. (4), and then the parameters (Aij
ing Hi,j (T) of CH4 and N2 in DEPG were estimated
pectively. Afterward, these above-obtained param-
fixed values during modelling. Meanwhile, the pa-
or calculating Henry's constants of CH4 and N2 in
et as adjustable parameters to fit the experimental
H4 and N2 absorption capacities at 298.15 K in the
with mass ratio 2:1), respectively.
ted parameters summarized in Table 4, the gas ab-
ere calculated and compared with the experimen-

arison shows that the model results are in good
e experimental ones with average absolute devia-
arity for CH4 and N2 of 0.0104 and 0.0102 mol-CH4

pectively. In conclusion, the model results are reli-
ssumption mentioned above when pure CH4 or N2

xperiments with other gases, when the gasmixture
absorption amount of CO2 is similar to that of using
et gas. However, for CH4 and N2, their absorption
his may be due to the reduced absorption capacity
reaction product [HDBU][IMCOO]. This means that
nry's constants of other gases (CH4 and N2) in
y be different from those in [HDBU][IM]. Therefore,
j, Bij) for calculating Henry's constants in eq. (7),
nd N2 in the reaction product of [HDBU][IMCOO],
ustable parameters to fit the experimental data of
ion capacities with gas mixtures as the inlet gas, re-
hile, the other parameters were set as the fixed
parameters are listed in Table 4.

ion
rameters in Table 4, the distributions of species at
os and temperatures were calculated. The results

Aij Bij m1 m2

8.061 −2060.200
] 8.842 −1953.23 −3.651 2712.324
COO] 8.842 −1953.23

5.178 −703.530
] 5.510 −676.160

11.473 −2442.800
] 11.556 −2424.264
COO] 8.210 −676.160
COO] 14.051 −2424.264
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e illustrated in Fig. 10. Aswe can see fromFig. 10, the contents of DEPG
d CO2 changed linearlywith the increase in pressure.While the con-
nts of [HDBU][IM] and [HDBU][IMCOO] rapidly chang to a certain
lueandthenchangedlinearlywiththeincreaseinpressure,whichisre-
ted to theeffectof chemisorption. Themass ratiogreatly affects thedis-
ibution of different species (Fig. 10a). The increase in themass ratio of
EPG leads to an increased concentrationof thespecies CO2while signif-
antly decreases the content of [HDBU][IMCOO] as we can see from
g. 10a. The reason is that DEPGonly contributes to physical absorption,
d the decreased content of [HDBU][IM] resulted from the increase in
emass ratio of DEPG causes the decline of chemisorption. For the sol-
nt with the samemass ratio, the increase of temperature from298.15
328.15 K (Fig. 10b) greatly decreases the concentration of the species
2. The content of [HDBU][IMCOO] decreases at the pressure lower
an 1MPa, afterwards, it slightly increases when the temperature in-
eases from298.15 to 328.15 K. This implies that both temperature and
essure affect the distribution of real species.

increase of tem
while they sho
absorption. Wh
contributes mo
the increase in
creases up to 30

In this work
tain the mole fr
with pure gas a
mole fractions w
to compare the
is a gas mixture
the inlet gas is
were embedded
the simulation.

x⁎CO2

 !

g. 9. Effect of (a) [HDBU][IM]-DEPGmass ratio and (b) temperature on CO2 absorption capacitywithin the pressure
In order to clearly describe the physical and chemical contribu-
ons to CO2 solubility in these hybrid solvent systems at different
ass ratios and temperatures, the results were further analyzed as il-
strated in Fig. 11. The decrease of the DEPG mass ratio and the

S ¼
xi T ,P

, i ¼ C

where xCO2⁎ is the to
ical contributions.

g. 10. The effect of mass ratios (a) and temperatures (b) on species distributions in [HDBU][IM]-DEPG at CO2 absorpti
odelling. 1, 2, 3, and 4 represent CO2, DEPG, [HDBU][IM], and reaction product [HDBU][IMCOO], respectively.
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rature favor the contribution of chemisorption,
e opposite effect on the contribution of physical
he pressure is lower than 0.4 MPa, chemisorption
an 90% of the total CO2 absorption capacity. With
pressure, the physical contribution gradually in-
r the solvent [HDBU][IM]-DEPG (2:1) at 298.15 K.
ash unit was simulated based on Aspen Plus to ob-
ns of species in gas and liquid phases for the cases

gas mixtures as the inlet gas stream. The obtained
used to calculate the selectivity based on eq. (10)

l selectivity (i.e., the selectivity when the inlet gas
ith the ideal selectivity (i.e., the selectivity when
e gas). All the parameters listed in Tables 3 and 4
o the properties of Aspen Plus before carrying out

0.1 up to 1.7MPa. Curves: predicted values based onmodelling.
H4 or N2 ð10Þ

tal CO2 mole fraction including physical and chem-

on equilibrium. Dots: predicted values based on thermodynamic
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As we can see from Fig. 12, both the ideal and real selectivities de-
ease dramatically with the increase of pressure when the operating
essure is lower than 0.8MPa. Afterward, both the ideal and real selec-
ities decrease graduallywith increasing pressures. Themain reason is
at with the increase of the pressure, physical absorption dominates.
e selectivity of CO2 to CH4 is higher than that of CO2 to N2. The real se-
ctivity of CO2 over CH4 andN2 ismuchhigher than the ideal selectivity,
hich has also been qualitatively shown from Fig. 8.
This result implies [HDBU][IM]-DEPG is a promising solution for sep-

ating CO2 from CH4 and N2. However, the current price of this binary
lvent [HDBU][IM]-DEPG is certainly higher than those solvents al-
ady been used in industries.While when it comes to industrialization,
e massive production schemewill lead to a large reduction in solvent
st. In addition, the proposed [HDBU][IM]-DEPG has a CO2 capacity of
8 and 4.388 mol-CO2/kg-solvent at 0.2 and 1.7 MPa at 298.15 K, re-
ectively. It has a similar CO2 capacity with 30% MEA at 0.2 MPa and
much larger capacity than those of 30% MEA (2.9 mol-CO2/kg-
lvent at 1.7 MPa) [27], DEPG, and PC (lower than 3 mol-CO2/kg-
lvent at 1.7 MPa) [28,29]. The much higher CO2 sorption capacity

tween [HDBU][I
ratio of [HDBU][
tion capacity. Th
gasmixtures(si
can be up to 17,

Thermodyna
well (ARD< 2.3
tions, aswell as
and analyzed ba
The decrease of
the chemisorpti
sorption contrib
tion decreases t
product from th
(CH4 and N2) le
the viscosity of
pure [HDBU][IM
promising cand
CO2 absorption
tion cost and lo
[HDBU][IM] ma
ies about its ma
carried out in th

g. 12. Ideal and real selectivities for gas mixtures, i.e., flue gas (with 75% N2) and biogas
ith 60% CH4) with L/G of mole ratio 1.2:1 at 298.15 K and different operating pressures.
9

nt of solvent used for capturing the same amount
ur previous work [30], the investment cost for the
te a small portion, which implies that that the cost
lvents can be mitigated. Besides, unlike the tradi-
the solvent loss is considerable, the non-volatile
sult in less solvent loss, and thus reduce the solvent
hermore, the low viscosity of [HDBU][IM]-DEPG
commonly used IL-based solvents will benefit the
rapid reaction rate was observed during the exper-
decrease the process duration time. Further studies
sfer rate and techno-economic analysis will be car-
e.

superbase derived IL [HDBU][IM] was mixed with
ents (DEPG,PC,andEG) to test theeffectof cosolvent
bsorption capacity. The experimental results show
olvent presents the highest CO2 absorption capacity
ition.The further studyof theeffectofmass ratiobe-
DEPG and temperature shows that the highermass
and lower temperature leads to higher CO2 absorp-
udy of absorption capacity of pure CH4, N2 and two
atedfluegasandbiogas) indicates that theselectivity
the real selectivity is higher than the ideal one.
modelling was carried out and its results agreed
with the experimental results. The species distribu-
physical and chemical contributions,were predicted
on the parameters from thermodynamicmodelling.
DEPG content and the increase of temperature favor
which is opposite to the physisorption. The chemi-
s more than 90% at low pressure, and this contribu-
0% with the increase of pressure up to 2 MPa. The
emical reaction reduces the solubility of impurities
g to a higher than the ideal selectivity. Meanwhile,
BU][IM]-DEPG is largely decreased compared to
Therefore, [HDBU][IM]-DEPG binary system is a
e for separating CO2 from CH4 and N2. Its superior
acity and high selectivity may result in low separa-
H4 loss, and the environmentally benign feature of
ntribute to sustainable development. Further stud-
ransfer rate and techno-economic analysis will be
ture.

tions to the CO2 absorption capacity.
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