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Abstract 

Zeolites are commonly used as adsorbents and catalysts in the industry due to their well-

defined pores of molecular dimensions. Zeolites offer porous structure, which consists of 

interlinked alumina and silica tetrahedra with shared oxygen atoms. Zeolites can also be 

prepared as intergrown films on porous supports, which results in zeolite membranes. CHA 

and MFI are two promising zeolites that can be used as membranes for biogas and syngas 

separation and upgrading since their pore size is suitable. 

Membrane technology is considered an energy-lean gas separation method that offers a 

straightforward process with compact equipment and high efficiency. Compared with 

polymeric membranes, zeolite membranes offer higher permeance and stability due to their 

porous structure and ceramic nature. Since zeolite membranes are expensive and a higher flux 

would reduce the needed membrane area, thin membranes with high flux are of great interest. 

However, to enable the design of zeolite membrane processes, it is vital to enhance the 

fundamental understanding of the mass transport in the materials. 

In this study, zeolite membranes of different types, i.e., CHA and MFI, were evaluated 

for separation of various gas mixtures. MFI disc membranes were evaluated for the separation 

of equimolar CO2/H2 mixtures under both dry and humid conditions, as well as for the 

separation of ternary CH4/N2/He mixtures. High selectivity and high CO2 fluxes were 

observed during CO2/H2 separation under both dry and humid conditions. The MFI disc 

membrane also displayed a high performance for separation of ternary CH4/N2/He mixtures. 

The results indicated that MFI membranes are promising candidates for separation of CO2 

from the gas mixtures and for helium recovery from natural gas. Tubular CHA membranes, 

with lengths of 10 and 50 cm, were also investigated for CO2/CH4 separation under 

industrially relevant conditions. A maximum CO2/CH4 separation selectivity of 198 

combined with a CO2 permeance of 14×10-7 mol/(m2·s·Pa) was observed for humid gas. The 

results verified the feasibility of these membranes for industrial gas separations. 

After verifying the high performance of CHA zeolite membranes for gas separation under 

industrial conditions, CHA zeolite crystals with various Si/Al ratios were synthesized and the 

adsorption of CO2 and CH4 in the materials were studied. Subsequently, the mass transport 

through ultra-thin MFI and CHA zeolite disc membranes was measured and a model 

accounting for the adsorption and diffusion through the surface barriers and in the pores was 

developed. The model was successfully fitted to both single component and mixture 
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permeation data. The fitted model indicates that the mass transport through ultra-thin 

membranes is controlled by the surface barriers. It revealed that the surface barrier is a surface 

diffusion process at the pore mouth with an activation energy that is higher than for the 

surface diffusion in the pores. Furthermore, the fitted model indicated that the high selectivity 

of CHA membranes is mostly due to a highly selective surface barrier and, to a lesser extent, 

is a result of adsorption selectivity. 

In the last part of the work, a process for upgrading biogas was designed by using the 

developed model. The process was compared with a process based on hollow fiber polymeric 

membranes. It was concluded that the zeolite membrane processes were much more compact 

and had a much lower demand for electricity than the polymeric membrane process. 
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Chapter 1     Introduction 

1.1. Zeolites 

Zeolites are crystalline materials with three-dimensional porous structures and are 

commonly used as adsorbents and catalysts in industry. Zeolites are composed of interlinked 

tetrahedra of alumina and silica with shared oxygen atoms [1]. The word zeolite was first 

introduced by a Swedish mineralogist, Axel Fredrik Cronstedt, in 1756. It originates from the 

Greek words zein and lithos, which mean boiling stone, and it was used because natural zeolites 

release water rapidly when heated [2].  

In general, the structure of zeolite may be presented as: 

    
 2 2 2x x y

n

M AlO SiO wH O  (Eq. 1.1) 

in which the valence of cation M is given by n, the number of water molecules per unit cell is 

expressed by w, and the total number of tetrahedra per unit cell is represented by x and y [3]. 

The ratio y/x is the silica/alumina ratio of the zeolite that is equal to or greater than unity, 

which is important since it affects the chemical and physical properties of zeolites. For instance, 

a smaller silica/alumina ratio leads to a more hydrophilic zeolite. Thus, it is possible to tailor 

the properties of zeolites for different applications by changing the silica/alumina ratio [3, 4].  

The water molecules placed in the pores can be removed by heating, which opens 

micropores (0.3–1.3 nm) in zeolites. Pores are classified into three main categories according 

to the size by IUPAC as follows: 

Micropores             d < 2 nm 

Mesopores              2 nm < d < 50 nm 

Macropores             d > 50 nm 

Consequently, zeolites are microporous materials [5]. The micropores in zeolites can 

accommodate smaller molecules while larger molecules are excluded, which is an important 

property in adsorption and separation applications. Zeolites can also be prepared as films of 

intergrown crystals and used as membranes for separation [6].  
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Zeolites can be found naturally, typically as hydrated aluminosilicates. However, currently, 

most of the zeolites that are used are produced artificially due to high demand. Zeolites can be 

silica-rich modifications and anhydrous pure SiO2 materials with different frameworks [7]. So 

far, more than 230 zeolite framework types have been reported, and new types of frameworks 

are reported every year. The zeolite framework type is presented by a three-letter code based 

on the IUPAC Commission of Zeolite Nomenclature rules. Although more than 230 zeolite 

framework types have been confirmed by the International Zeolite Association (IZA), just a 

few of them have been used in industrial applications. In this thesis, the widely used MFI and 

CHA zeolite frameworks will be evaluated to study the mass transport in zeolites and design a 

zeolite membrane process for natural gas purification.  

1.1.1. MFI zeolites 

The MFI zeolite framework has been known since 1978 and is probably one of the most 

studied zeolite frameworks. MFI zeolite has a three-dimensional pore structure with 10-ring 

channels and a diameter of 0.55 nm. Figure 1.1 shows the MFI framework that is built of 

pentasil units, which are linked together to form pentasil chains. Because the pore size is 

comparable to the size of small hydrocarbons molecules, MFI zeolites have commonly been 

used in many commercial processes, but only as catalysts [3, 8, 9].  

Depending on the silica/alumina ratio, MFI zeolite can be found either as ZSM-5, with a 

silica/alumina ratio of 10 to 200, or as silicalite-1, with a silica/alumina ratio of more than 200 

[10]. Due to the lower Al-content, silicalite-1 is less hydrophilic than ZSM-5, which makes 

the zeolite more suitable for industrial gas separation. 

                        

Figure 1.1. MFI framework (left) and CHA framework (right)[8]. 
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1.1.2. Chabazite zeolites 

Chabazite (CHA) is a promising zeolite framework with a high potential for being used in 

industry. It was confirmed in 1978 by the IZA structure commission. Different types of CHA 

zeolites, with the same framework and pore system but with various compositions and Si/Al 

ratios, have been reported. Aluminosilicate CHA (e.g., pure silica and high silica CHA) is 

composed of silica and alumina tetrahedra with shared oxygen atoms and is commonly known 

as SSZ-13 zeolite. The crystal structure of SAPO-34‚ another kind of zeolite with a CHA 

framework, is composed of phosphate, alumina, and silica tetrahedra with shared oxygen atoms 

[11]. The CHA framework, illustrated in Figure 1.1 [3, 8], is an AABBCC-6 ring zeolite 

framework, which means it is made by stacking this sequence of layers. The CHA framework 

comprises cages with 8-ring pores that have a window size of 0.37×0.37 nm and a three-

dimensional channel system in which the channels are not straight. Due to the suitable window 

size, CHA zeolites have been widely used for the separation of CO2 (0.33 nm) from CH4 (0.38 

nm) [12-19]. In this work, aluminosilicate CHA zeolites were studied, and the hydrophobicity 

was adjusted by varying the Si/Al ratio.  

 

1.2. Adsorption 

As mentioned above, zeolites are commonly used as adsorbents, membranes, and catalysts. 

In all cases, it is important to understand the adsorption in zeolites since adsorption is the first 

step in all these processes. In general, sorption can be defined as a process in which a substance 

attaches to another physically or chemically. The sorption process can be categorized as 

absorption, adsorption, or ion exchange. In adsorption, the adhesion of molecules occurs on 

the surface of the bulk phase, while molecules assimilate into a bulk phase in absorption. In ion 

exchange, ions are exchanged between an ion exchanger and a solution containing ions. In the 

adsorption process, the surface, on which molecules are adsorbed, is referred to as adsorbent, 

and adsorbed molecules are known as adsorbate [20]. 

Depending on the type of bond formed between the adsorbate and the adsorbent, 

adsorption can occur physically or chemically. Physical adsorption, known as physisorption, 

relies on weak intermolecular forces such as Van der Waals interactions, in which the electronic 

structure of atoms and molecules is not altered. On the other hand, in chemical adsorption 

(known as chemisorption), chemical bonds are formed where the electronic structures are 

changed and covalent bonds are formed. Physisorption is considered a rapid and reversible 

adsorption process, while chemisorption occurs with a lower rate [21, 22]. 
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In gas adsorption on a solid surface, the adsorbed gas molecules can move only in two 

dimensions, which decreases the entropy. As a result of decreasing free energy in the adsorption 

process, the enthalpy is decreased in gas adsorption. In other words, the enthalpy of adsorption 

is negative, and higher loading of adsorbed molecules is generally obtained at lower 

temperatures.  

1.2.1. Adsorption Isotherms 

Adsorption isotherms illustrate the adsorbed concentration at the adsorbent as a function of 

pressure of the adsorbate at a constant temperature and are classified into five different types by 

Brunauer [23], see Figure 1.2. 

 

Figure 1.2. Adsorption isotherm types based on the Brunauer classification [23]. 

Type I, which is also known as a Langmuir adsorption isotherm, begins with a sharp rise in 

adsorbed concentration at lower pressures, which is followed by a leveling off of the adsorbed 

concentration Ceq. It is observed that the adsorbed concentration reaches a saturation 

concentration Csat at higher pressures. This saturation indicates that the pores are filled by 

adsorbate molecules completely. This kind of isotherm is typical for physical adsorption over 

porous solids, such as zeolites, and is also typical for chemisorption, which always occurs in a 

monolayer [22, 24].  

Type II isotherms, also called sigmoid isotherms, can be observed for multilayer 

physisorption on nonporous or microporous solids. Isotherms of types III and V show no steep 

increase in adsorbed concentration at low pressure and are rare. These two isotherms are 

observed when the intermolecular attraction forces are quite large and the forces of monolayer 

adsorption are relatively low. Type IV isotherms are observed for capillary condensation in 

mesopores [22, 24]. 
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1.3. Membranes 

1.3.1. General 

Membrane-based technologies are among the most promising energy-lean gas separation 

methods that offer a high separation selectivity and a straightforward operation [25-28]. Hence, 

they are considered suitable alternatives to other separation techniques such as water scrubbing, 

pressure swing adsorption (PSA), amine adsorption, and cryogenic methods. In membrane-

based technologies, separation occurs due to adsorption or absorption selectivity and diffusion 

selectivity, which are detailed in the next sections of this chapter. 

There are different classifications for membranes. They can be categorized as organic, 

inorganic, or composite membranes. Membranes can be synthesized as either self-supported or 

supported materials. The latter provides the opportunity to increase mechanical stability and 

decrease thickness. There are wide applications for membranes, such as gas and liquid 

separation, filtration, sensors, as well as medical applications [29]. 

1.3.2. Terminology 

Membrane refers to a structure in which the lateral dimensions are much larger than its 

thickness [30]. Gas passes through a membrane, and different streams can be defined, as 

illustrated in Figure 1.3. The feed stream is fed to the membrane system, the permeate is passing 

through the membrane, and the retentate (raffinate) is a non-permeating stream that leaves the 

system without passing through the membrane. In addition, a flow of inert gas, so-called sweep 

gas, can also be used to maintain a partial pressure gradient across the membrane [29, 30]. 

 

Figure 1.3. Gas streams in membrane separation. 

Flux, permeance, and separation factor are terms that are used to describe membrane 

performance. The flux (Ji) is defined as flow per unit of membrane area and formulated for 

component i as: 



6 

 i
i

F
J
A

 (Eq. 1.2) 

where Fi is the molar flow of component i across the membrane, and A is the membrane area. 

The permeance ( i ) is defined [29, 30] as follows: 

 


i
i

i

J

P
 (Eq. 1.3) 

Here, ΔPi is the partial pressure difference of component i across the membrane. The separation 

factor (β) is expressed as the ratio between the concentrations (or mole fractions) of components 

i and j in the permeate γ over the same ratio in the feed χ: 










i

j

i
i

j

 (Eq. 1.4) 

The performance of membranes can further be expressed as different types of selectivity. 

Adsorption selectivity, permeance selectivity, and surface permeability selectivity are different 

types of selectivity that are used in this thesis and are defined by Equations 1.5–1.7: 

   






f

i

f

j

Adsorption Selectivity  (Eq. 1.5) 






f

i

f

j

Permeance Selectivity  (Eq. 1.6) 






f

i

f

j

Surface Permeability Selectivity  (Eq. 1.7) 

In Equations 1.5–1.7, π and α represent the permeance and surface permeability of 

components i and j, respectively.   is the loading of each component and is defined as: 

 
eq

i

sat

C

C
 (Eq. 1.8) 

1.3.3. Polymeric Membranes 

Polymeric membranes are categorized as organic membranes that can be produced from 

different polymers, such as polysulfone, polystyrene, polyesters, polyamides, cellulose, and 

cellulose acetate [31]. The first industrial membrane was a polysulfone-based membrane created 

by Monsanto Prism in 1977. It was used for adjustment of the CO/H2 ratio of syngas in 

petrochemical processes [32]. Later, Monsanto Prism commercialized two more polysulfone-
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based membrane units for hydrogen recovery [33, 34]. Further milestones in the industrial 

application of membrane gas separation are illustrated in Figure 1.4. 

The current commercial membranes are mostly polymeric membranes, which are relatively 

inexpensive and easy to produce [35-38]. However, polymeric membranes could not gain a 

high share of the separation market due to several drawbacks. Plasticization of polymeric 

membranes and the aging of the materials results in low stability [39]. Moreover, mass transport 

through the dense and nonporous polymeric membranes occurs by a solution-diffusion 

mechanism [40] that causes low selectivity and low permeance for commercial polymeric 

membranes. As a result of the low permeability and low selectivity, a large membrane area 

would be needed, which results in high capital and operation costs.  

 

Figure 1.4. Milestones in the industrial application of membrane gas separation systems 

(adapted from [41]). 

1.3.4. Zeolite Membranes 

Zeolite membranes are inorganic membranes comprised of zeolite crystals. In contrast with 

polymeric and metal membranes, zeolite membranes may offer high permeability as well as 

high thermal and chemical stability due to their ceramic nature and porous structure [42-45]. 

As mentioned before, zeolite membranes can be produced as self-supported membranes or as 

a thin zeolite film on a porous and stable support. Higher stability is the main advantage of 

supported zeolite membranes self-supported membranes. Moreover, it is possible to have a 

thinner film in the supported zeolite membrane, which will reduce the mass transfer resistance 
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and result in higher flux. There are three methods to synthesize supported membranes such as 

direct synthesis, vapor phase, and seeding method. The direct synthesis method is commonly 

used in zeolite film synthesis. In this method, a substrate is treated directly with a synthesis 

solution, without any seeds and under hydrothermal conditions. Nucleation and crystal growth 

occur on the surface. In the vapor phase method, a dry gel that contains alumina and silica 

sources is hydrothermally treated with vapors of triethylamine, ethylenediamine, and water for 

zeolite film crystallization. In the seeding method, seeds are attached to the substrate surface, 

and the seeded substrate is treated hydrothermally in a suitable synthesis solution to form a 

dense zeolite film. The film thickness is increased by repeating the hydrothermal treatment [46, 

47].  

Zeolite membranes are normally grown on small discs or tubular supports. Disc membranes 

are only suitable for laboratory studies or special industrial applications since they have a small 

membrane area. In industrial applications, membranes with tubular geometry are more 

promising because it is possible to design compact membrane modules that consist of several 

long membranes and result in high membrane area.  

Zeolite membranes are quite expensive, and to compete with polymeric membranes they 

must display a high flux to reduce the membrane area needed for a given separation task. 

Therefore, ultra-thin membranes with a thickness of less than 1 μm are needed to reduce the 

mass transfer resistance in the film and increase the flux.  

1.3.4.1. Separation Mechanisms in Zeolite Membranes 

In zeolite membranes, separation occurs due to both adsorption selectivity and diffusion 

selectivity. In general, adsorption, surface diffusion, and desorption are the three main stages of 

mass transport through nanoporous materials.  

Separation by adsorption selectivity occurs when one component preferentially adsorbs or 

absorbs in the membrane, while non-adsorbing molecules will be retained. Different rates of 

diffusion for various components are the basis for diffusion selectivity, and components with a 

higher diffusion rate will preferentially permeate the membrane. Molecular sieving may be 

considered a special case of diffusion selectivity. Small molecules will diffuse through the pores, 

while larger molecules have diffusivity that is too low and cannot pass through the pores [48, 

49]. In practice, separation by a membrane may be a combination of these three mechanisms. 
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1.3.4.2. Modeling of mass transport in zeolites 

The modeling of mass transport in zeolite membranes normally focuses on diffusion [50] 

because it is the rate-limiting mass transfer step in thick membranes. The modeling of diffusion 

in zeolite can be performed with microscale or macroscale techniques. Monte-Carlo, molecular 

dynamics, and force field simulations are examples of microscale models, which require much 

computational effort. In contrast, macroscale diffusion models require much less computational 

effort. Maxwell-Stefan, generalized Fick’s law, and activated diffusion models are the most 

common macroscale models [47]. 

1.3.4.2.1. Maxwell-Stefan Model 

The Maxwell-Stefan model for diffusion was developed by Maxwell in 1866 and by Stefan 

in 1871. This model is commonly used to describe the multicomponent diffusion of a non-

ideal fluid and is formulated as: 

1

n
i j j ii

i

j t ij
j i

x J x Jx

RT C Ð






    (Eq. 1.9) 

where xi and xj are the mole fractions of components i and j, respectively, Ct is the total 

concentration, Ɖij is the Maxwell-Stefan diffusivity, and i  is the chemical potential of 

component i. Krishna and Taylor [51] expressed Equation 1.9 in terms of a molar fraction 

gradient that resulted in the following equation: 

1

1 1

n n
i j j i

ij j

j j t ij
j i

x J x J
x

C Ð



 



     (Eq. 1.10) 

where Гij is the thermodynamic correction factor that is defined as: 

 
ln i

ij i

j

f





 


 (Eq. 1.11) 

Krishna [52, 53] introduced an additional component representing the adsorbent in the 

Maxwell-Stefan equation. This additional component represents the vacant adsorption sites. 

The Maxwell-Stefan equation for multicomponent diffusion in a zeolite membrane can be 

rewritten as [53]: 
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1 1 , , ,

n n
j i i j i

ij j

j j i sat j sat ij i sat i
j i

N N N

Ð Ð
 

 


 
     

  
   (Eq. 1.12) 

in which ρ is the zeolite density; ,sat i and ,sat j  are the saturation loading of components i 

and j, respectively; θj is the fractional surface occupancy of component j; Ɖi is the Maxwell-

Stefan diffusivity of component i in the zeolite; and Ni and Nj are the molar flux of components 

i and j, respectively. The Maxwell-Stefan model was investigated thoroughly by Krishna’s 

group for mass transfer in thick zeolite membranes [50, 51, 54-57]. 

1.3.4.2.2. Generalized Fick’s law  

According to Fick’s law, the molar flux is proportional to the concentration gradient: 

i i iJ D C    (Eq. 1.13) 

where Di is the Fick diffusivity and Ci is the concentration gradient. The generalized Fick’s 

law is based on the Onsager irreversible thermodynamics approach, which considers the 

chemical potential gradients as the driving force. The flux of component i is calculated as [58] 

1

n

i ij j

j

J L 


    (Eq. 1.14) 

where ijL is the Onsager phenomenological coefficient and   is the chemical potential 

gradient. Equation 1.14 would be expressed as below when the adsorbed concentration is 

considered as the driving force: 

1

n

i ij j

j

J D C


    (Eq. 1.15) 

In Equation 1.15, Dij denotes the cross-diffusivity and is given by Equation 1.16: 

1

lnn
j

ij ij

j j

P
D RT L

q





  (Eq. 1.16) 

The thermodynamic correction factor Гij describes the relationship between the Fick and 

Maxwell-Stefan diffusion coefficients: 

ij ij ijD Ð   (Eq. 1.17) 

For a thermodynamically ideal system, ij =1, which yields ij ijD Ð . Generalized Fick’s law 

has been studied in mass transport through porous materials [59-61]. 
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1.3.4.2.3.  Activated diffusion  

In the activated diffusion model [62], a certain activation energy for transport must be 

exceeded to force the diffusing species to jump between equilibrium positions in the zeolite. 

In this model, the flux is described by Fick’s law (Equation 1.13), and the diffusivity is estimated 

either by the gas transitional model or by the solid vibrational model. 

The gas transitional model, given by Equation 1.18, describes the diffusion mechanism as 

molecular transport in the potential field of a periodic lattice. Molecules diffuse to a new 

equilibrium position next to the old position when they acquire an energy equal to or larger 

than the activation energy required for diffusion. 

   

1 8000
E

RT
kT

D e
Z M







 

(Eq. 1.18) 

In Equation 1.18, Z is the coordination number, M is the molecular weight, k denotes the 

Boltzmann constant, α is the distance between the adjacent sites, and E is the activation energy 

for diffusion. In the solid vibrational model, diffusing molecules lose their gaseous entity due 

to the strong interaction with the zeolite framework. The solid vibrational model considers 

diffusing molecules strongly bonded to the zeolite framework, vibrating with a frequency ʋe. 

The diffusion coefficient in the solid vibrational model is defined as: 

    
2υ

E

RT
eD e



  (Eq. 1.19) 

1.3.4.2.4. Surface Barriers 

Surface barriers have been described as a thin layer on the external surface of a particle with 

a reduced permeability that impedes guest molecules from entering and leaving the host pores 

[63]. Surface barrier effects on the molecular mass transport in zeolites have been investigated 

using different advanced experimental techniques such as NMR tracer desorption, frequency 

response, and piezometric techniques [64-69]. Moreover, several mechanisms have been 

suggested for the surface barrier’s role in mass transport, such as pore narrowing and blockage. 

In pore blockage, most of the surface is totally blocked with a small fraction of normal open 

pores; thus, the guest molecule, in this case, travels a larger distance to locate an open surface 

pore. Pore narrowing results in a dramatic reduction of flux over the external surface [70, 71]. 

Due to pore narrowing, it is expected that the activation energy increases compared to 

diffusion-limited uptake, whereas it should remain constant for pore blockage [71]. Besides the 

suggested mechanisms, which are based on experimental techniques, several theoretical studies 
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have also been conducted to explore mechanistic insights into surface barrier. These insights 

are based mostly on molecular dynamics, atomistic simulations, and frequency response theory 

[72-76]. Although different experimental and theoretical studies have been conducted to 

introduce possible mechanisms for the surface barrier, the origin of the surface barrier is still 

unclear [66]. 

1.3.4.2.5. Necessity of developing new models 

So far, many studies have reported on mass transport in thick zeolite membranes and large 

zeolite crystals [56, 57, 77-79]. In thick membranes, the flux is controlled by diffusion, which 

has been studied quite thoroughly [56, 57, 77, 78, 80, 81]. However, it has been shown that 

surface barriers might induce additional transport resistance [65, 71, 82-86], and in small crystals 

the surface barrier may even dominate the mass transfer resistance [70]. As indicated above, 

thin zeolite membranes are needed in industrial applications. As a result, it is vital to enhance 

the fundamental understanding of mass transport through thin membranes and small zeolite 

crystals, as it is a key to further improve the catalysis and separation processes in which zeolites 

are, or will be, used industrially. 

1.4. Scope of the Present Work 

The purpose of the present work is to enhance the fundamental understanding of mass 

transport through thin zeolite membranes. This understanding will be very useful for designing 

better industrial gas separation processes in the future. In order to fulfill this objective, a 

combination of state-of-the-art experimental and modeling techniques is required. In this 

thesis, the adsorption and separation properties of zeolites were evaluated both experimentally 

and theoretically. In particular, the mass transport through thin zeolite membranes was 

evaluated. Finally, an industrial CO2/CH4 gas separation process was designed and compared 

with a polymeric membrane process. 
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Chapter 2             Theory 

2.1. Adsorption Isotherms  

As it was discussed in Chapter 1, adsorption is one of the main stages in mass transfer 

through zeolite membranes, and reliable estimation of adsorption parameters is important in 

studying the mass transfer through zeolite membranes. Different mathematical models are used 

to express the adsorption isotherms. In this thesis, Toth’s model was fitted to experimental 

adsorption data of CO2 and CH4 over CHA crystals since this model accounts for surface 

heterogeneity.  

The simplest adsorption model is Henry’s law, which expresses a linear relationship 

between the adsorption loading and pressure. It is based on the ideal gas law and is expressed 

as follow: 

 HC K P  (Eq. 2.1) 

where C is the adsorbed concentration, KH is Henry’s constant, and P is the pressure of the gas. 

Henry’s law is valid at low pressures and/or high temperatures, but it is not capable of describing 

the isotherm at higher pressures [24, 87]. 

The Langmuir model is perhaps the most common model used to describe adsorption 

isotherms and is based on the following assumptions [24, 87, 88]:  

- Adsorbed molecules are adsorbed at localized sites. 

- All sites are equivalent. 

- There is no interaction between adsorbed molecules. 

- Adsorbed molecules will not be deposited over each other, and a monolayer will be 

formed under saturation conditions.  

Based on these assumptions, the Langmuir isotherm is written as follow:  


1

sat

bP
C C

bP
 (Eq. 2.2) 

where Csat is the maximum adsorbed concentration (saturation capacity), and b is the affinity 

constant (or Langmuir constant). 
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Although the Langmuir adsorption model is the most common, it cannot predict the 

adsorption isotherm for solids with a heterogeneous surface. In this case, an empirical 

adsorption model can be used to describe the adsorption isotherm. Toth’s equation is one of 

these empirical models. It can predict the adsorption on heterogeneous surfaces both at the low 

and high end of pressure ranges, and is expressed as below:  

 


 
 

1

1
sat

t t

bP
C C

bP

 
(Eq. 2.3) 

where t is Toth’s constant. For t =1, Toth’s isotherm is simplified to the Langmuir isotherm. 

The parameter t shows the heterogeneity of the system [87].  

After measuring adsorption isotherms and estimating b-values at different temperatures, the 

heat of adsorption (ΔHads.) and adsorption entropy (ΔSads.) can be determined using the Van ’t 

Hoff equation [89]: 

 
 . .ln ads adsH S
b

RT R
 (Eq. 2.4) 

Here, R is the gas constant.  

2.2. Ideal Adsorbed Solution Theory  

The adsorbed concentration of components in a mixture was calculated by using the Ideal 

Adsorbed Solution Theory (IAST) in the present work. As proposed by Myers and Prausnitz, 

IAST is like a link between the single-component and multicomponent adsorption that predicts 

the adsorption of a mixture from single-component adsorption data [90]. The IAST is similar 

to Raoult’s law, which describes the vapor-liquid equilibrium as: 

 0

i i i iP P x  (Eq. 2.5) 

where
0

iP denotes the pure component hypothetical pressure that yields the same spreading 

pressure as that of the mixture, i is the spreading pressure of component i in the adsorbed 

phase, and xi is the adsorbed molar fraction of component i. At equilibrium, the reduced 

spreading pressures are the same for each component as well as for the mixture. Therefore, the 

spreading pressure in the mixture is estimated as: 

0
0

*

0

( )
1,2,3...,

iP

i i
i

n P
dP i N

RT P


     (Eq. 2.6) 
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where 
0 ( )in P  is the equilibrium capacity of component i. The total adsorbed amount is 

estimated using Equation 2.7 by assuming ideal mixing at constant temperature and constant 

mixture pressure: 

 
 0 0

1

1 N
i

it i i

x

n n P

 
 
  

  (Eq. 2.7) 

LeVan and Vermeulen presented an analytical approach to the IAST model, which 

estimates the concentration of component i  [87] as  

  
 1

i i
i sat Lj

i i j j

b f
C C

b f b f
 

 
(Eq. 2.8) 

where i and j denote two components in the mixture, f indicates the partial fugacity, and b is 

the adsorption equilibrium (affinity) constant. satC  and Lj are calculated by Equations 2.9 and 

2.10, respectively [87]:  






, ,sat i i i sat j j j

sat

i i j j

C b f C b f
C

b f b f
 (Eq. 2.9) 

 
 

     


, , 2
ln 1

i i j j

Lj sat i sat j i i j j

i i j j

b f b f
C C b f b f

b f b f

 
 (Eq. 2.10) 

  

2.3. Mass transfer model for zeolite membranes used in the present work 

In the present work, a new model for mass transfer in zeolite membranes was developed as 

follows. At a steady state, the flux through the zeolite film Jf is the same as the flux through the 

support Js (left scheme in Figure 2.1).  
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Figure 2.1. Schematic of gas fluxes through a zeolite membrane. 

In the right scheme of Figure 2.1, the mass transport through a nanopore under steady 

conditions is illustrated.  

The flux J through the surface barrier at the feed side is controlled by the surface 

permeability αf at the feed side and is estimated by Equation 2.11, where the surface barrier is 

equal to 1/αf: 

   f f f

eq bJ C C  (Eq. 2.11) 

In Equation 2.11, 
f

eqC  is the concentration in the pore in equilibrium with the feed gas, 

f

bC denotes the concentration at the other side of the barrier, and ε is the zeolite fractional 

pore volume. The flux J for the diffusion of molecules through the pore is estimated based on 

Fickian diffusion as follows: 

  f p

b b

D
J C C
L

 (Eq. 2.12) 

In this equation, 
p

bC  is the concentration within the pore before the barrier at the permeate 

side, D represents the diffusivity, and L denotes the membrane thickness. The flux J through 

the surface barrier at the permeate side, controlled by the surface permeability αp, is described 

as: 

   p p p

b eqJ C C  (Eq. 2.13) 
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Here, 
p

eqC  is the concentration in the pore on the permeate side in equilibrium with the 

permeate gas. By combining Equations 2.11–2.13, the flux through the membrane can be 

written as follows [91]:  

 
 


   

 
 

f p
f p

f eq eqf f p p

D
J C C

D L D
 (Eq. 2.14) 

In most cases, the diffusivity D was taken from the literature. However, the reported values 

vary considerably. This may be an effect of determining diffusivity over small crystals and 

neglecting the effect of the surface barrier [91]. Thus, the highest reported values for CO2, N2, 

and CH4 diffusivity, which probably are the most correct ones, were used in this study. 

Diffusivity of H2, D2, and He in MFI was calculated using the Knudsen equation:  




8

3

MFI d RT
D

M
 (Eq. 2.15) 

where d denotes the MFI pore diameter (5.5 Å). As will be shown in Equations 2.21 and 2.22, 

when the mass transport is limited by the surface barrier, the exact value of diffusivity will not 

affect the mass transfer; consequently, it does not matter whether it is calculated under the 

Fickian or Maxwell-Stefan assumption. The temperature dependency of the diffusion 

coefficient is described by using an Arrhenius equation [92]:  



 2

diffusionE
i RTD A e  (Eq. 2.16) 

where ΔEdiffusion denotes the activation energy for diffusion, which was estimated by fitting the 

model to the experimental data as detailed in Paper I.  

The surface permeability α is expressed as a function of concentration C and temperature 

T [91]:  

* 1 1
exp

300
1

n

sat

E

R TC

C




  
   

   
 

 

                                                               (Eq. 2.17) 

Here, Eα represents the activation energy for the surface barrier, α* denotes the surface 

permeability at zero loading and 300 K, and n accounts for how strongly the surface 

permeability depends on the concentration. If n=1, the equation would be similar to the HIO 

model derived for surface diffusion. The HIO model has been adapted to describe surface 

diffusion in zeolites [93].  

Flux through the support Js was calculated as a combination of Poiseuille flow and Knudsen 

diffusion [94]:  
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0 0194
s

B P K T dP
J

RT RT M dx
 (Eq. 2.18) 

Here, B0 and K0 are the Poiseuille and Knudsen structural parameters and are equal to 

1.90×10-16 m2 and 2.40×10-9 m, respectively [94]. M stands for molecular weight, μ is the gas 

viscosity, and x is the thickness of the top layer of the support (35 μm). The viscosity was 

estimated using the Sutherland model:  

 
  

  
 

3
2

0
0

0

T ST

T T S
 (Eq. 2.19) 

where μ0 is the viscosity of gas at the reference temperature of T0 (273 K), and S is the 

Sutherland constant [95].  

It can be noted from Equation 2.14 that the flux is controlled by the surface barrier if the 

following ratio is small:  

 
 

 0

f p

f p

L

D
 (Eq. 2.20) 

In this case, Equation 2.14 can be rewritten as:  

  


 






f p

f p eq eq

f p

C C
J  (Eq. 2.21) 

As can be seen in Equation 2.21, the flux is independent of the membrane thickness and 

the diffusion coefficient; it depends only on the surface permeability and concentration 

difference at the feed and permeate sides. At low loading and 300 K (𝛼𝑓
𝑖 = 𝛼𝑝

𝑖 = 𝛼∗), the ratio 

in Equation 2.20 will be simplified to 
𝐿𝛼∗

2𝐷0
 , and Equation 2.21 can be written as:  

 
 *

2

f p
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J





  

 
(Eq. 2.22) 

Since the investigated disc membranes are very small, and because the feed flow always was 

large during the experimental measurements, the composition at the feed side of the membrane 

discs was constant. However, the tubular membranes were considerably larger; consequently, 

the composition was not constant. To account for this, the tubular membrane was divided into 

small increments, as illustrated in Figure 2.2. The feed with the flow Ff enters the first increment 

and the permeate flow Fperm,1 through the first increment is estimated by using the flux equations 

given above. Subsequently, the retentate flow from the first increment Fret,1 is calculated by a 

mass balance over each increment. The retentate flow from the first increment, Fret,1, is the feed 



19 

to the second increment (Fret,1= Ff,2), and so on. The total permeate flow is the sum of the 

permeate flows from all increments.  

  

Figure 2.2. Schematic of incremental membrane. 

2.4. Concentration Polarization Index (CPI)  

Concentration polarization occurs in membrane separation processes due to the selective 

transfer of some components through the membrane, which may result in a concentration 

gradient at the membrane/gas bulk interface [96]. Concentration polarization decreases the 

driving force over the membrane and reduces the flux and selectivity. The extent of this 

phenomenon can be estimated by the concentration polarization index (CPI).  

The CPI is the ratio of mole fraction at the zeolite film/gas interface nm to the mole fraction 

in the gas bulk nb. In tubular membranes, the CPI is estimated as:  

    
       

    
exp 1 exp

pm v v

b c b c

nn J J
CPI

n k n k
  (Eq. 2.23) 

where Jv is the volumetric flux, kc is the mass transfer coefficient, and np is the mole fraction in 

the permeate. The mass transfer coefficient kc in the tube can be determined from the Re and 

Sc numbers [97]:  

 0.83 0.330.023 AB
c

D
k Re Sc

d
 (Eq. 2.24) 
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In Equation 2.24, d is the inner diameter of the tubular membrane (7 mm), and DAB is the 

diffusivity of component A in B. In this study, diffusivities were taken from the literature and 

adjusted to the studied pressure (Di ∝ P-1). The Sc number is defined as:  






AB

Sc
D

 (Eq. 2.25) 

where μ is the viscosity, and ρ is the density of the gas.  

2.5. Mass transfer model in polymeric membranes 

In polymeric membranes, the flux was estimated using Equation 2.26:  

  p feed perm

i i i iJ p p  (Eq. 2.26) 

Here, i  denotes the permeance of component i and pi is the partial pressure of component i. 

In the present work, the CO2 permeance for the polymeric membranes was assumed to be 

5×10-9 mol/(m2·s·Pa). A CO2/CH4 permeance selectivity (see Equations 1-6) of 50 was 

assumed for the polymeric membrane. Consequently, the resulting CH4 permeance was 1×10-

10 mol/(m2·s·Pa). The assumptions for CO2 permeance and CO2/CH4 permeance selectivity 

were comparable to the best values reported for commercial polymeric membranes used for 

industrial CO2/CH4 separation, as shown in Table 1 of Paper VII.    

2.6. Electricity consumption of compressors in a CO2/CH4 separation process  

The compressor power was estimated by Equation 2.27 under the assumption of 80% 

isentropic efficiency and 75% motor efficiency [98, 99]: 

 2 1p

c m

m C T T
Power

 


  (Eq. 2.27) 

Here, ṁ  is the flow rate, c  and m  denote the isentropic and motor efficiencies of the 

compressor, respectively, and Cp is the specific heat capacity of the mixture. T1 is the 

temperature before the compression, and T2 is the adiabatic temperature that is calculated as:   
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2
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T T
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 (Eq. 2.28) 

where P1 is the pressure before the compressor, P2 is the target pressure, and γ is the ratio of 

the specific heat capacities of gas at constant pressure (Cp) and constant volume (Cv), which 

results in γ=1.3.  
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Chapter3    Experimental 

3.1. Synthesis of Zeolite Crystals 

3.1.1.  Pure Silica CHA (Si-CHA)  

CHA zeolite crystals were synthesized by mixing distilled water, colloidal silica (40%, Ludox 

AS-40), N,N,N-trimethyl-1-adamantyl ammonium hydroxide (TMAdaOH 25%, SACHEM, 

Inc.), and hydrofluoric acid (48%) in a plastic bottle. Next, the mixture was stirred overnight 

at room temperature and freeze-dried. Afterwards, a small amount of water was added to obtain 

a synthesis gel with the molar composition of 1.0 SiO2:1.4 TMAdaF:9.4 H2O. The gel was 

synthesized hydrothermally in an autoclave at 175ºC for one day. In order to purify the 

synthesized crystals, they were centrifuged and redispersed in a 0.1M NH3 solution (repeated 

six times). To remove the template molecules from the pores, crystals were calcined at 480℃ 

for 16 h. The sample will be denoted as Si-CHA in this thesis.  

3.1.2.  CHA with Al Content (CHA45 and CHA77) 

CHA crystals with Si/Al ratios of 45 and 77 are denoted as CHA45 and CHA77, 

respectively, in this work. The synthesis procedure for these samples was similar to the synthesis 

of the Si-CHA sample. For preparation of these samples, a certain amount of aluminum 

isopropoxide (99.99% Sigma-Aldrich) was added to the synthesis gel and stirred for 15 min 

before freeze-drying. The synthesis mixtures with molar ratios of 1.0 SiO2:0.01 Al2O3:1.4 

TMAdaF:9.4 H2O and 1.0 SiO2:0.005 Al2O3:1.4 TMAdaF:9.4 H2O were used to prepare 

CHA45 and CHA77, respectively.  

3.2. Zeolite Membranes  

Zeolite membranes, which were evaluated in this study, were provided by ZeoMem 

Sweden AB. The CHA and MFI disc membranes were supported on graded α-alumina discs 

(Fraunhofer IKTS, Germany) with a diameter of 25 mm, a top layer thickness of about 35 μm, 

and base layer thickness of 3 mm. The discs were sealed with O-rings that had an inner diameter 

of 19 mm, which provided an effective membrane area of about 3 cm2. 

Tubular CHA membranes with lengths of 10 and 50 cm were supported on graded α-

alumina tubes with an inner diameter of 7 mm and an outer diameter of 10 mm. The 

thicknesses of the top and base layers of the supports were 30 μm and 1.5 mm, respectively. 
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The 10 and 50 cm tubular CHA membranes provided an efficient membrane area of 15 and 

100 cm2, respectively.  

3.3. Characterization 

3.3.1. SEM and XRD 

An extreme-high-resolution scanning electron microscope (XHR-SEM, Magellan 400, the 

FEI Company, Eindhoven, the Netherlands) operated at an accelerating voltage of 3 kV and a 

probe current of 6.3 pA were employed to record SEM images. 

XRD patterns of zeolite crystals and membranes were recorded by a PANalytical Empyrean 

X-ray diffractometer equipped with a Cu LFF HR X-ray tube and a PIXcel3D detector. The 

tube was operated at an accelerating voltage of 45 kV and a current of 40 mA.  

3.3.2. Elemental Analysis 

Si/Al ratios of CHA crystals were determined by inductively coupled plasma-sector field 

mass spectroscopy (ICP-SFMS, ALS Analytica, Luleå, Sweden). For this purpose, 0.1 g of 

samples were digested in LiBO2 and dissolved in HNO3. Samples were heated to 1000 ℃ to 

estimate the loss of ignition.  

The Si/Al ratios in membranes were estimated by energy dispersive spectroscopy (EDS) 

analysis. To determine the Si/Al ratio in the CHA zeolite films, samples were first ion-

exchanged to Cs+ form. The ion-exchanged samples were coated with carbon and then the Cs 

concentration was measured. Since the Cs concentration is directly proportional to the Al 

concentration, the Si/Al ratio can be estimated. More details of this method can be found in 

previous studies reported by our group [100, 101].  

3.3.3. Defect Distribution in Membranes 

The defect distribution in MFI membranes was estimated using n-hexane/helium 

adsorption branch permporometry, as described in detail elsewhere [102]. Permporometry 

analysis was performed at room temperature and with a pressure difference of 1 bar across the 

membrane. In this method, the membrane is mounted in a stainless-steel cell, sealed with 

graphite gaskets and dried at 573 K for 6 h in a helium flow before measurement. The relative 

pressure of n-hexane is increased stepwise, and steady state is reached at each step. When n-

hexane is added to the helium feed stream, the zeolite pores will be blocked and helium 

permeance will decrease. A bubble flowmeter was used to measure the helium flow rate on the 

permeate side to calculate the defect distribution in the membrane. For a high-quality 
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membrane, the helium permeance should decrease dramatically at a low relative pressure of n-

hexane. More details can be found in previous reports [102, 103].  

Permporometry is not convenient for CHA membranes since the n-hexane molecules are 

too large to be accommodated in CHA pores. As an alternative, the single component 

permeance ratio of H2 and SF6 can be used to investigate the membrane quality. The H2 

molecules can pass through the CHA pores, but the SF6 molecules can only penetrate through 

defects. Single gas permeances of H2 and SF6 were measured after calcination at room 

temperature with a feed pressure of 2 bar and permeate pressure of 1 bar.  

3.4. Adsorption measurements  

Adsorption of CO2 and CH4 over CHA crystals was measured by a Micromeritics ASAP 

2020 Plus instrument (equipped with a Micromeritics Cryostat I) for CO2 (99.995%) and CH4 

(99.9995%). Adsorption isotherms were recorded at pressures up to 125 kPa and over 

temperature ranges of 230-350 K and 150-300 K for CO2 and CH4, respectively. Before 

measurement, samples were degassed for 12 h at 350 ℃ and under vacuum.  

3.5. Single Component Permeation Experiments 

For single component permeation measurements, the membrane was mounted in a 

stainless-steel cell and sealed with a graphite gasket. The separation equipment has been 

described in detail in previous work [45]. Before measuring the permeance, membranes were 

dried at 573 K under helium flow for 6 h. The feed pressure was controlled using a backpressure 

regulator, and the permeate flow was measured by a bubble flowmeter.  

3.6. Mixture Separation Experiments 

For mixture separation experiments, a gas mixture was fed to the membrane, while the feed 

pressure was controlled and monitored by a backpressure regulator and a pressure gauge, 

respectively. Feed flowrates were controlled by mass flow controllers, the permeate flow rate 

was measured by a drum-type flowmeter, and an online Micro GC (490, Agilent) was used to 

analyze the permeate composition. The permeate pressure was kept at atmospheric pressure or 

at vacuum using a vacuum pump (Pfeiffer Vacuum, MVP 040) connected to a dosing valve 

(Pfeiffer Vacuum, EVN 116). The membrane cell temperature was measured by a K-type 

thermocouple. 
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Chapter 4             Results 

4.1. General Characterization 

SEM  

SEM images of the synthesized CHA crystals are shown in Figure 4.1. A typical pseudo-

cubic habit can be observed with no other morphologies or amorphous material. Figure 4.1 

shows that the crystal size is approximately 10 μm with a narrow size distribution for all three 

samples of CHA crystals. This crystal size results in an external-to-internal surface area ratio of 

approximately 1/1000, which ensures that the adsorption data reflected only the internal 

surfaces of crystals. 

   
Figure 4.1. SEM images of CHA crystals: a) Si-CHA, b) CHA77, and c) CHA45. 

Figure 4.2 shows SEM images of the MFI and CHA membranes. For all membranes, 

continuous zeolite films comprised of well-intergrown zeolite crystals without any cracks and 

pinholes were observed. As concluded from the cross-sectional images, the pores of the 

supports were completely open without any zeolite invasion, which resulted in conserved 

permeability, as predicted by Equation 2.14. More SEM images of zeolite membranes can be 

found in papers I-VI. As observed in Figure 4.2, the film thicknesses for MFI and CHA disc 

membranes were approximately 450 and 600 nm, respectively, and the film thicknesses for 

tubular CHA membranes were in the region of 450 to 500 nm. Similar morphology and 

thickness were observed for the CHA zeolite film grown at the 10- and 50-cm-long tubular 

supports (papers V and VI).  
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Figure 4.2. SEM images of disc CHA membrane: a) cross-sectional view; b) top view, 

10-cm-long tubular CHA membrane: c) cross-sectional view; d) top view, disc MFI 

membrane: e) cross-sectional view; f) top view.  

XRD  

Figure 4.3 shows the XRD patterns of crystals and membranes. A comparison between the 

XRD reference pattern for CHA crystals (blue bars) and the recorded pattern for the CHA 

crystals (black traces) in Figure 4.3a verifies that all reflections are typical for the CHA phase. 

In addition, no signal from the amorphous phase is observed. Figures 4.3b and 4.3c show the 

XRD pattern for disc and tubular CHA membranes, respectively. In both cases, all reflections 

are emanating only from the CHA and alumina phase. It shows that alumina-supported 

membrane comprises pure CHA phase.  

The XRD pattern of the MFI membrane in Fig. 4.3d shows that the membrane film 

comprises only the MFI phase, with no other zeolite or amorphous phase. Similar diffractions 

have been reported by other groups [104-106].  
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Figure 4.3. XRD patterns of: a) CHA crystals; b) CHA disc membrane; c) MFI disc 

membrane. (Reference XRD pattern for CHA has been shown by bars.) 

  

Elemental Analysis  

The Si/Al ratios of CHA crystals (paper II) were measured by ICP-SFMS as 45 for CHA45 

and 77 for CHA77.  

The Si/Al ratio of CHA membranes (papers II and V) were estimated at 80 and 89 for disc 

and tubular membranes, respectively.  

4.2. Gas adsorption on CHA crystals 

Adsorption of CO2 and CH4 over CHA crystals has been measured at different temperatures 

and pressures up to 125 kPa (Paper II). Adsorption isotherms are illustrated in Figure 4.4. All 

isotherms are of type I based on the Brunauer classification [23]. An ideal CO2/CH4 adsorption 

selectivity of 4.3 was observed at 298 K and 100 kPa for the Si-CHA sample, which is 

comparable to the reported adsorption selectivity of 4.1 under the same conditions [19].  

Toth adsorption isotherms were fitted to the experimental adsorption data (R-squared values 

> 0.99); see Figure 4.4. The adsorbed concentration at saturation Csat. was determined from 

the isotherms at the lowest temperature, i.e., 150 and 230 K for the CH4 and CO2, respectively. 

For the Si-CHA crystals, Csat. values of 35.0 and 30.0 kmol/m3 were estimated for CO2 and 

CH4, respectively, which are comparable to the Csat. values of 35.0 and 30.6 kmol/m3 reported 

by Krishna et al. [57]. Since the CO2 molecules are smaller than CH4, a higher adsorption 

capacity is expected for the CO2, in concert with the observations in the present work.  

The Toth heterogeneity parameter t and the affinity constant b were estimated by fitting the 

Toth isotherm to the adsorption data at all temperatures (see Table 4.1). For Si-CHA crystals 

at 300 K, b-values of 2.9×10-6 and 5.25×10-7/Pa were estimated for CO2 and CH4, respectively, 

which are similar to the values reported by Krishna et al. [57]. Larger polarizability of CO2 
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results in larger b-values for CO2 as compared to that of CH4 [107]. Moreover, as the basicity 

and polarity of the framework increased by decreasing the Si/Al ratio [108-111], higher b-

values were observed for the samples with higher Al content. It can also be observed that t 

decreases as the Si/Al ratio decreases, which indicates that the adsorption sites are more 

heterogeneous for samples with higher Al contents [3, 112-114].  

 

Figure 4.4. CO2 and CH4 adsorption isotherms over CHA crystals. 
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Table 4.1. Fitted parameters for adsorption of CO2 and CH4 over CHA.  

Sample -ΔHads.
 

(kJ/mol) 

-ΔSads.
 

(J/mol) 

b (at 300 K) 

(/Pa) 

t 

(at 300 K) 

Csat. 

(kmol/m3) 

Ref -ΔHads. 

(kJ/mol)  

   CO2      

        

Si-CHA 25.82 132.7 2.94×10-6 0.9367 35.0 25.0 [57] 23.1 [17] 

CHA77 26.29 132.7 3.86×10-6 0.9201 35.0   

CHA45 26.75 132.7 4.28×10-6 0.8952 35.0   

Membrane 

(Si/Al=80) 

26.32 132.7 3.74×10-6 0.9159 35.0   

   CH4     

        

Si/CHA 17.23 117.9 5.25×10-7 0.8387 30.0 16.0 [57] 16.8 [17] 

CHA77 17.46 117.9 5.93×10-7 0.8012 30.0   

CHA45 17.76 117.9 6.52×10-7 0.8006 30.0   

Membrane 

(Si/Al=80) 

17.50 117.9 5.94×10-7 0.8121 30.0   

 

After estimating b-values at different temperatures, the heat of adsorption and adsorption 

entropy were estimated using the Van ’t Hoff equation. The estimated heats of adsorption for 

CO2 and CH4 vary within the range of -26.75 to -25.82 kJ/mol and -17.76 to -17.23 kJ/mol, 

respectively, which were close to the values reported by other groups [17, 57]. As expected, a 

more negative heat of adsorption was observed for CO2 due to larger polarity of the molecule 

[50, 115].  

The heats of adsorption, b-values, and t-values are plotted versus the Al/Si ratio (i.e., the 

inverse of the Si/Al ratio) in Figure 4.5. It can be seen that the heat of adsorption and b-value 

are increasing almost linearly, while the Toth heterogeneity parameter t is decreasing nearly 

linearly as the Al/Si ratio increases. Based on the estimated adsorption parameters for crystals 

with different Al/Si ratios, the heat of adsorption, b-value, and t were estimated for the 

membrane with an Al/Si ratio of 1/80.  



30 

 

Figure 4.5. a) -ΔHads; b) b-values; and c) t-values as a function of the Al/Si ratio. Circular 

symbols indicate the measured values for CO2 and CH4 adsorption for the crystals. Lines are 

fitted to the data by linear regression and the stars indicate the estimated values for the 

membrane. 

4.3. Defect Distribution of Membranes  

As explained in Section 3.3.3, defects distribution in MFI membranes (papers I, III, and IV) 

was estimated by permporometry. Permporometry data of an MFI membrane is presented in 

Figure 4.6, and the corresponding defect distribution is reported in Table 4.2.  
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Figure 4.6. Permporometry data for MFI membranes. 

 As expected for such a thin (450 nm) MFI membrane supported on a graded and highly 

permeable alumina support [102], the initial helium permeance is as high as 78×10-7 

mol/(m2·s·Pa). The helium permeance decreased to as little as 0.05×10-7 mol/(m2·s·Pa) by 

adding n-hexane to the feed with relative pressure of 0.8, which corresponds to a defect width 

of 17 nm. It indicates there are almost no defects larger than 17 nm.  

The relative area of defects is defined as the ratio of the defect area to the membrane area, 

and the total relative area of defects is estimated to be as low as 1.3 ×10-4 (see Table 4.2), which 

is considerably smaller than the relative area of zeolite pores (0.18). Permporometry results 

from the MFI membrane verify that the membrane is almost defect free and very thin. 

Table 4.2. Helium permeance measured in the permporometry experiment and the estimated 

defect distribution for the MFI membrane.  

The single gas permeance ratio of H2 and SF6 is normally used to verify the quality of CHA 

membranes. The H2 and SF6 single gas permeances over CHA membranes (papers I, II, V, and 

VI) were measured at room temperature, and results are reported and compared with values 

reported in the literature, as seen in Table 4.3.  

p/p0 
Helium permeance 

(10-7 (mol/(m2·s·Pa))) 
Defect width (nm) 

Defect interval 
(nm) 

Relative 
area of defects  

(10-4) 

0 78a - - - 
2.3×10-2 0.24 0.94 - - 
2.3×10-1 0.11 2.2 0.94 – 2.2 1.0 
7.6×10-1 0.07 8.9 2.2 – 8.9 0.26 
8.0×10-1 0.05 17  8.9-17 0. 04 

   >17 0.01 
   Total (>0.94) 1.3 

a The helium permeance at zero relative pressure of n-hexane was measured directly after calcination 
and before the membrane was mounted in the permporometry setup to avoid adsorption of even 
minute amounts of n-hexane, which otherwise would reduce the permeance. 
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Table 4.3. Single gas permeances of the CHA membranes used in the present work and 

permeances for other membranes reported in the literature.  

The very high permeances of H2 show that the membranes are very thin, which is consistent 

with the SEM images. On the contrary, the very low permeances of SF6 indicate that the 

membranes are defect free since the large SF6 molecules can only permeate through defects. 

Based on the very large H2/SF6 permeance ratios, it is concluded that the CHA membranes are 

of very high quality. It is observed that the H2/SF6 permeance ratios observed here are hundreds 

of times higher than the values reported by other groups.  

4.4. Separation Performance of the Membranes  

4.4.1. Disc MFI Membranes  

Separation of equimolar CO2/H2 mixtures, both dry and humid, were studied over the MFI 

disc membrane with a feed pressure of 10 bar and a permeate pressure of 1 bar. Moreover, 

separation of a humid mixture was also performed with the permeate pressure of 0.02 bar (paper 

III). The CO2 and H2 fluxes, as well as the CO2/H2 separation selectivities, are presented in 

Figure 4.7.  

Membrane 
Permeance (10-7 (mol/(m2·s·Pa))) 

 H2 SF6 H2/SF6 

CHA disc a  52 0.0007 75000 

10 cm tubular CHA a  62 0.07 1258 

50 cm tubular CHA b    94 0.0045 92000 

10 cm tubular Si-CHA [116] a   1.1 0.0037 294 

SSZ-13 disc [15] a  2.5 0.0042 560 
a Feed and permeate pressures of 2 and 1 bar  
b Feed and permeate pressures of 1.1 and 1 bar 
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Figure 4.7. CO2 and H2 fluxes, as well as the CO2/H2 separation selectivities, for separation 

of: a and b) equimolar dry mixture at Pfeed=10 bar and Pperm.=1 bar; c and d) equimolar humid 

mixture at Pfeed=10 bar and Pperm.=1 bar; e and f) equimolar humid mixture at Pfeed=10 bar 

and Pperm.=0.02 bar.  

As illustrated in Figure 4.7, the membrane was CO2-selective over the entire temperature 

range in the study, which can be ascribed to the high CO2/H2 adsorption selectivity. As 

observed for separation of the dry CO2/H2 mixture (Figure 4.7b), the selectivity increased by 

decreasing the temperature. This can be explained by the heat of adsorption for CO2 being 

higher than that for H2, which makes the CO2 adsorption more sensitive to a temperature 

change. The observed maximum separation selectivity of 45 and the observed CO2 flux of 4 

mol/(m2·s) are considerably higher than previously reported values [117-119]. The observed 

a)             

 

b)      

 
c)             

 

d)        

 
e)             

 

f)          

 



34 

CO2 flux in this study is almost 50 times higher than the value reported for the MTR PolarisTM 

polymeric membrane [120].  

Figures 4.7c-4.7f illustrate the fluxes and separation selectivities for separation of an 

equimolar CO2/H2 mixture with partial pressure of water of 3.5 kPa. For the humid mixture, 

a higher selectivity was observed, and as for the dry mixture, the separation selectivity increased 

as the temperature decreased. The higher selectivity of CO2/H2, compared to that of the dry 

mixture, can be explained by the lower flux for humid mixture separation since the 

concentration polarization and pressure drop are not significant at lower flux [121]. Moreover, 

adsorption of water molecules at silanol groups in the membrane can be considered another 

reason for this high selectivity. The adsorbed water would hinder the non-selective mass 

transport of CO2/H2 mixture through defects, and the separation selectivity will increase.  

The lower CO2 flux for separation of the humid mixture, compared to that for the 

separation of the dry mixture, is rationalized by adsorption of water molecules in the pores. 

Due to the high heat of adsorption, water molecules will adsorb in the zeolite pores and thereby 

reduce the CO2 flux. However, the observed CO2 flux for separation of the humid mixture at 

316 K, which corresponds to a relative humidity of 40%, is still very high. It was also observed 

that the separation of the humid mixture with the same feed pressure of 10 bar, but with the 

permeate pressure at 0.02 bar, resulted in the same selectivity. However, a higher CO2 flux was 

obtained at high temperatures; e.g., 15% higher flux at 318 K is likely because lower pressure 

on the permeate side increases the desorption rate of water molecules from the zeolite pores. 

Nevertheless, at the lowest temperature, the flux remained almost the same in both separation 

cases, with and without vacuum, showing that the water molecules still reduce the CO2 

transport through the membrane pores.  

The performance of the MFI disc membrane was also evaluated for separation of a ternary 

equimolar CH4/N2/He mixture (Paper IV). The separation experiments were carried out at 

feed pressures of 3 bar and 6 bar and permeate pressures of 0.2 to 0.3 bar. It was shown that 

the membrane displayed a high CH4 and N2 selectivity at lower temperatures.  
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Feed Pressure of 3 bar 

and 

Permeate pressure of 0.2 bar 

 Feed Pressure of 6 bar 

and 

Permeate pressure of 0.3 bar 

 

 

 

      

 

 

      
 

 

 

 Figure 4.8. CH4/He and N2/He separation factors, adsorption selectivities, and fluxes over 

the MFI disc membrane.  

The separation selectivities at the two different feed pressures of 3 and 6 bar are presented 

in Figure 4.8. As illustrated by the figure, the membrane displays a high selectivity for CH4 and 

N2 over He. At feed pressure of 3 bar, the separation factors first increased when the 

temperature was decreased until maxima of 265 and 50 at temperatures of 150 and 170 K, for 

CH4/He and N2/He, respectively, were reached. Subsequently, lower separation factors were 
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observed at lower temperatures. The separation factor follows the same trend at a higher feed 

pressure of 6 bar, but with lower values, i.e., maxima of 211 and 43 for the CH4/He and 

N2/He mixtures, respectively. The appearance of flux maxima, and consequently in the 

separation factor, was ascribed to the existence of maxima of the driving forces (see paper II).  

As shown in Figure 4.8, the CH4/He and N2/He adsorption selectivities are very high, 

which likely is the reason for the high separation selectivity. Since the loading at the feed side 

is larger at higher pressures, a higher adsorption selectivity was observed at a feed pressure of 3 

bar compared to that at 6 bar; e.g., at 170 K the CH4/He adsorption selectivity is 1560 and 

923, at pressures of 3 to 6 bar, respectively.  

For a better evaluation of the membrane performance for ternary mixture separation, the 

sum separation factor of (CH4+N2)/He was also determined, and the maximum sum separation 

factor of 152 was estimated at a temperature of 153 K and feed pressure of 3 bar. The 

(CH4+N2)/He separation factor decreased to 111 when the feed pressure increased to 6 bar. 

The sum flux of (CH4+N2) increased from 1.28 to 1.96 mol/(m2·s) when the feed pressure 

increased from 3 to 6 bar. This increase in flux at higher pressure may compensate for the lower 

membrane selectivity at higher pressures in real applications; however, a techno-economic 

evaluation would be needed to determine the optimum feed pressure.  

4.4.2. Tubular CHA Membranes 

To increase the technology readiness level, tubular CHA membranes with lengths of 10 and 

50 cm were prepared and evaluated for separation of an equimolar CO2/CH4 mixture (Papers 

V and VI). 

 

Figure 4.9. a) CO2/CH4 separation factor; b) CO2 and CH4 permeances over a 50-cm-

long tubular CHA membrane as a function of partial pressure of water for an equimolar 

CO2/CH4 mixture at a feed pressure of 500 kPa and room temperature. Filled symbols show 

experimental data and open symbols show the data corrected by the CPI. 
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Figure 4.9 illustrates the separation data at a feed pressure of 500 kPa and a permeate pressure 

of 16-48 kPa at different partial pressures of water. Different permeate pressures resulted from 

varying flux and the limited capacity of the vacuum pump. The membrane displayed a 

separation factor of 37 at a partial pressure of water at zero. It increased almost linearly to 165 

when the partial pressure of water was increased to 2.2 kPa. Similar trends were observed for 

the disc MFI membrane (Section 4.4.1). The much higher separation factor at higher partial 

pressure of water was ascribed to selective interaction between water and CO2 (paper VI). 

Table 4.4 summarizes the permeate composition and flow rate under the conditions that 

prevailed during the investigation. Note that the permeate is quite pure CO2 and that the flow 

rate is relatively high when the feed is humid.  

Table 4.4. Permeate concentration and flow rate for a feed of an equimolar CO2/CH4 mixture 

at a pressure of 500 kPa. 

T (K) Partial pressure 
of water in feed 

(kPa) 

Permeate 
pressure (kPa) 

Permeate 
concentration (mol.%) 

Permeate 
flowrate 

(dm3/min)a 

CO2 CH4 

292 0 130 97.09 2.91 9.6 

292 0 48 97.37 2.63 13.5 

296 0.57 35 99.00 1.00 10.1 

296 1.2 27 99.18 0.82 8.0 

296 2.2 16 99.40 0.60 4.6 
a At 293.15 K and 101.3 kPa. 

The recovery of the membrane after separation experiments with humid gas was evaluated 

by flushing the membrane with a dry helium flow overnight, at room temperature, and under 

atmospheric pressure. Then a dry equimolar CO2/CH4 was separated at a feed and with 

permeate pressures of 500 and 50 kPa at room temperature. The observed flux was only 3% 

lower than that obtained before the separation experiments with humid gas. To study the 

mechanical strength of the membrane, a feed and permeate pressure difference of 2.9 MPa 

were applied over the membrane for 20 min. Subsequently, the separation experiments were 

repeated. The same performance was observed, which indicates the high membrane stability.  

The membrane performance for separation of an equimolar CO2/CH4 mixture at room 

temperature was also evaluated at different pressures with 2.2 kPa water vapor in the feed, and 

the results are presented in Figure 4.10. The membrane was highly CO2-selective with the 

highest CO2/CH4 separation factor of 198. The membrane displayed a higher CO2/CH4 

separation factor and CO2 permeance compared to those of most of the reported CHA 

membranes (see Table 2 in paper VI). The separation factor decreased from 169 to 120 as the 



38 

feed pressure increased from 3 to 10 bar, whereas the CO2 permeance increased from 12 to 

14×10-7 mol/(m2·s·Pa). The reduction of the separation factor as a result of increasing feed 

pressure can be explained by the lower CO2/CH4 adsorption selectivity at higher pressures. A 

similar trend was observed for 10-cm-long tubular CHA membranes (see paper V).  

 

Figure 4.10. a) CO2/CH4 separation factor; b) CO2 and CH4 permeances over a 50-cm-

long tubular CHA membrane at room temperature as a function of feed pressure for an 

equimolar CO2/CH4 mixture with 2.2 kPa water vapor and a permeate pressure of 

approximately 20 kPa. Filled symbols show experimental data, and open symbols show the 

data corrected by the CPI. 

Unlike the small disc membranes, a considerable concentration polarization was observed 

for tubular membranes. Although the maximum feed flow rate of the setup was used for the 

separation experiments to minimize concentration polarization, some concentration 

polarization nevertheless occurred. The concentration polarization index (CPI) was estimated 

at different feed and water partial pressures, and the results are shown in Figure 4.11.  

  

Figure 4.11. Concentration polarization index (CPI) at the feed side of the membrane as a 

function of: a) partial pressure of water in the feed at 500 kPa feed pressure and room 

temperature; b) feed pressure for a feed with partial pressure of water at 2.2 kPa and at room 

temperature. 
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A CPI close to 1 indicates little concentration polarization, while lower values indicate more 

severe concentration polarization. The CPI for dry gas was estimated at 0.76, while it increased 

to 0.92 when the partial pressure of water was increased to 2.2 kPa. This is a result of 

competitive adsorption of water molecules, which reduces the CO2 flux, thereby reducing the 

concentration polarization. It was also observed that the CPI decreases by increasing feed 

pressure because the CO2 flux increases at higher pressures. Similar trends were observed for 

the 10-cm-long tubular CHA membrane (see paper V).  

The results were corrected by considering the effect of concentration polarization, as 

illustrated by the empty symbols in Figures 4.9 and 4.10. As shown in Figure 4.9, the separation 

factor and CO2 flux were increased 18-62% and 9-31%, respectively, after correcting for 

concentration polarization. After correcting for the effect of concentration polarization, the 

maximum separation factor and CO2 permeance of 198 and 16×10-7 mol/(m2·s·Pa), 

respectively, were observed at a feed pressure of 600 kPa. The membrane performance was 

significantly higher than the performance reported for polymeric membranes. As an example, 

a maximum flux of 4×10-3 (mol/m2·s) with a separation selectivity of 10-35 was reported for 

commercial cellulose acetate membranes [122], which are considerably lower than the 

maximum flux and selectivity of 0.44 (mol/m2·s) and 236, respectively, obtained for the 50-

cm-long tubular membrane in the present study. The evaluation of tubular CHA membranes 

for CO2/CH4 separations in the present work demonstrates the high potential for CO2/CH4 

separation of these membranes on an industrial scale.  

4.5. Model for Mass Transfer in Zeolite Membranes  

After evaluation of MFI and CHA membranes for separation of different mixtures, a model 

was developed (Chapter 2) and fitted to the experimental permeation data of pure components 

and mixtures over disc MFI and CHA membranes. More details may be found in papers I and 

II.  

4.5.1. Pure Component Permeation  

Pure component fluxes for D2, N2, H2, He, CO2, and CH4 over a disc MFI membrane have 

been measured experimentally over a wide temperature range, and the model was fitted to the 

data. Figure 4.12 illustrates the results, where the experimental data are represented as points, 

and the model is represented as lines.  
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Figure 4.12. Experimental flux (points) and model (curves) as a function of temperature for 

an MFI membrane. The feed pressure for each component is indicated and the permeate 

pressure was 1 bar in all cases.  

As shown in Figure 4.12, there is a large flux variation among several gases. As an example, 

the H2 flux over the MFI membrane increased almost exponentially as temperature decreased. 

As will be shown below, this high H2 flux at low temperature can take place for different 

reasons; e.g., it can be due to a very high surface permeability α* and relatively large driving 

force across the zeolite film at low temperature. The temperature range for CO2 in this study 

was much narrower since solid CO2 would form at lower temperatures. The fitted parameters 

are reported in Table 4.5.  

Table 4.5. Fitted parameters for pure component permeation in an MFI membrane (-ΔHads. is 

taken from the literature). 

Pure Components CO2 CH4 N2 D2 H2 He 

* (m/s) 1.3×10-3 3.1×10-3 6.5×10-3 5.5×10-2 8.5×10-2 9.5×10-2 

1/* (s/m) 769 322 154 18 12 11 

Ediff (kJ/mol) 12 8.2 6.8 3.0 3.1 3.0 

E (kJ/mol) 14 10.5 8.0 3.2 3.6 3.2 

-ΔHads. (kJ/mol) 26.0 20.0 14.0 7.0 7.0 4.8 

As shown in Figure 4.13, it was found that the surface barrier of pure components at zero 

loading (1/α*) over the MFI membrane is proportional to the product of heat of desorption 

and molecular weight. This proportionality indicates that the adsorbed molecules must desorb 

to pass the barrier; consequently, it indicates that the surface barrier is actually a surface diffusion 

process:  

 .1

*

 


adsH M
A

RT
 (Eq. 4.1) 

In Equation 4.1, the constant A is equal to 1744 with the units (mol·s)/(kg·m).  
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Figure 4.13. Surface barrier for pure components in MFI versus –ΔHads.·M.   

Pure CO2 and CH4 fluxes over the CHA membrane were measured at two different feed 

pressures, 1.5 and 2 bar, and in both cases the developed model could successfully describe the 

mass transfer over a wide temperature range (Figure 4.14). The fitted parameters are reported 

in Table 4.6. Comparing fluxes of CH4 and CO2 through MFI and CHA membranes (Figures 

4.12 and 4.14, respectively) reveals that the CO2 fluxes are of the same order of magnitude as 

MFI and CHA membranes. The small size of CO2 molecules enables it to easily permeate 

through MFI and CHA pores. However, the CH4 flux is much lower in the CHA membrane, 

compared to that of MFI, since the CH4 molecule size is comparable to CHA pore size.  

     

Figure 4.14. Pure CO2 and CH4 fluxes in a CHA membrane. Filled symbols and lines show 

the experimental data and model, respectively, for a feed pressure of 2 bar, while empty 

symbols and dashed lines show the experimental data and model, respectively, for a feed 

pressure of 1.5 bar. The permeate pressure is 1 bar in all cases. 
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Table 4.6. Fitted parameters for mass transfer of pure components in a CHA membrane. 

Pure Components CO2 CH4 

* (m/s) 8.0×10-4 2.0×10-5 

1/* (s/m) 1 250 50 000 

Ediff (kJ/mol) 7.0 15.5 

E (kJ/mol) 13.0 16.5 

-ΔHads. (kJ/mol) 26.3 17.5 

The large difference between the CO2 and CH4 fluxes leads to a very high ideal CO2/CH4 

permeance selectivity of 160 at 280 K, which is much higher than the previous reported values 

of 54 [116] and 76 [43] under comparable test conditions and with comparable membrane 

types. To evaluate the selective performance of the membrane, different types of selectivity 

have been estimated and illustrated in Figure 4.15. The figure shows that the surface 

permeability selectivity is increased from 25 at 450 K to 1500 at 220 K, which is much higher 

than the ideal adsorption selectivity, particularly at lower temperatures. It indicates that the 

highly selective mass transfer through the membrane mostly originates from the selective surface 

barrier. Increased ideal surface permeability selectivity at low temperature can be rationalized 

by increased concentration of adsorbed CO2 molecules at lower temperatures, which leads to 

an increase in the surface permeability of CO2 (see Equation 2.17). Moreover, the larger 

activation energy for surface permeability of CH4 compared to CO2 (see Table 4.6) leads to a 

more temperature-sensitive surface permeability for CH4 and a larger reduction of the surface 

permeability for CH4 at lower temperatures. It will contribute to a higher ideal surface 

permeability selectivity at lower temperatures.    

 

Figure 4.15. Ideal CO2/CH4 permeance selectivity, ideal surface permeability selectivity, ideal 

adsorption selectivity, and driving force for the CHA membrane. Filled symbols and lines 

show the experimental data and model, respectively, for a feed pressure of 2 bar, while empty 

symbols and dashed lines show the experimental data and model, respectively, for a feed 

pressure of 1.5 bar. The permeate pressure is 1 bar in all cases.   
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The driving forces (
f p  ) for the mass transfer of CO2 and CH4 are also illustrated in 

Figure 4.15. The maximum driving forces for CO2 and CH4 mass transfer through the CHA 

membrane were observed at 285 and 220 K, respectively. Increased adsorption towards 

saturation at the feed side is the reason for decreased driving force at lower temperatures. 

Furthermore, it can be concluded that the presence of a maximum in the driving force for the 

mass transfer of CO2 (see Figure 4.15) is the main reason for the appearance of a maximum 

CO2 flux at 280 K, as seen in Figure 4.14.  

4.5.2. Mixture Separation 

The mass transfer of CO2/CH4, CO2/H2, and N2/He mixtures over the MFI membrane, as 

well as of CO2/CH4 mixtures over the CHA membrane, was investigated in this study. The 

experimental data and the fitted model are depicted in Figure 4.16.  

 

Figure 4.16. Experimental flux (points) and model (curves) as a function of temperature 

for the MFI and CHA membranes. The partial pressure of each component is indicated and 

the permeate pressure was 1 bar in all cases.  

In most cases, an excellent agreement between the fitted model and experimental data, as 

shown in Figure 4.16, was observed for the separation of different mixtures through MFI and 

CHA membranes. The fitted parameters are summarized in Table 4.7.  
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For the CO2/CH4 separation by a CHA membrane, it was observed that the surface 

permeability α* and the corresponding activation energy Eα are similar to those in the pure 

component case. However, the surface permeability of CH4 increased in comparison with the 

pure component case, which we ascribed to interactions between more mobile CO2 and less 

mobile CH4 molecules (see Tables 4.6 and 4.7). For separation of a CO2/CH4 mixture over an 

MFI membrane, the surface permeability CH4 is higher than CO2; i.e., the CH4 molecules are 

more mobile (the opposite of what occurred in the CHA case). In the mixture, the CH4 

molecules again likely interact with CO2 molecules; therefore, the surface permeability of CH4 

decreased while the surface permeability of CO2 increased in comparison with the pure 

component case (the opposite of what occurred in the case of CHA).  

Table 4.7. Fitted parameters for mixture permeation data over CHA and MFI membranes         

(-ΔHads. were taken from the literature)  

 

Equimolar 

Mixtures 

CHA  MFI 
CH4  

in  

CO2/CH4 

CO2  

in 

CO2/CH4 

 CO2  

in 

CO2/CH4 

CH4  

in 

CO2/CH4 

N2  

in 

N2/He 

CO2  

in 

CO2/H2 

H2  

in 

CO2/H2 

He  

in 

N2/He 

* (m/s) 3.0×10-5 8.0×10-4  1.5×10-3 2.4×10-3 6.5×10-3 1.5×10-3 1.3×10-2 6.0×10-2 

1/* (s/m) 33 333 1 250  667 417 153 667 77 17 

E(kJ/mol) 16.5 13  14 12.5 8.0 14 14 6.0 

For the MFI membrane, the surface permeability of CO2 increased slightly in the CO2/H2 

mixture in comparison with the pure component case and similarly for the CO2/CH4 mixture. 

However, a significant reduction in the H2 surface permeability was observed in the mixture 

with CO2 as compared to the pure component case. Furthermore, the activation energy for 

the surface permeability of H2 in the mixture was much larger than that in the pure component 

case. This indicates that the more mobile H2 molecules interact with CO2 molecules such that 

the surface permeability of H2 is reduced, which is one reason for the high CO2 selectivity of 

the membrane. Furthermore, the lower flux of H2 in the CO2/H2 mixture, as compared to the 

pure component case, is also a result of the competitive adsorption of CO2 over the MFI 

membrane, which reduces the H2 adsorption as well as the driving force for H2 transport. For 

the N2/He mixture, the He surface permeability decreased compared to the pure component 

case, while the surface permeability of N2 remained the same, as in the pure component case. 

Moreover, the activation energy of He surface permeability increased, which again indicates 

interaction between the more mobile He molecules and the N2 molecules.    

The mass transfer for a CO2/CH4 mixture over a CHA membrane was also investigated at 

a higher feed pressure of 5.5 bar and for different feed compositions of 50/50 and 80/20 
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CO2/CH4 (molar ratios) mixtures. As indicated in Figure 4.17, the model could describe the 

mass transfer accurately for all conditions with the same parameters, as seen in Table 4.7. The 

only difference was that a slightly different heat of adsorption taken from the literature was used 

in paper I for separations at feed pressure of 3 bar (as depicted in Figure 4.16), whereas for the 

separation at feed pressure of 5.5 bar (see Figure 4.17), the heat of adsorption was estimated 

from adsorption data in paper II.  

 

Figure 4.17. a) Fluxes observed for CO2/CH4 mixtures with compositions of 50/50 and 

80/20 (molar ratios); b) mixture selectivities and driving forces for a 50/50 CO2/CH4 

mixture; and c) mixture selectivities and driving forces for an 80/20 CO2/CH4 mixture. 

Points indicate experimental data and curves indicate the fitted model.  

The separation data shows that the CHA membrane is highly CO2-selective throughout the 

entire temperature range in the study. As shown in Figure 4.17b, a maximum selectivity of 243 

was observed at 273 K for an equimolar CO2/CH4 mixture, while an even higher selectivity 

was observed for the 80/20 mixture because of higher adsorption selectivity for the latter 
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mixture. As for the pure component case, Figure 4.17 shows that the selective mass transfer 

through the membrane is mostly a result of high surface permeability selectivity and to a lesser 

extent because of high adsorption selectivity for the mixture.  

As described in Chapter 2, the concentrations of the components were estimated by using 

the IAST and, as shown in Figures 4.16 and 4.17, at lower temperatures and higher pressures 

a weaker agreement between the model and experimental data is observed. This is likely the 

effect of a non-ideal system under these conditions.  

Table 4.6 shows that the fitted activation energies for diffusion are always lower than the 

activation energies for surface permeability. This indicates more extensive interactions between 

the molecules within the pore than at the pore mouth. For the mass transfer of CO2 through a 

nanopore as illustrated in Figure 4.18, the concentration of CO2 molecules is very high in the 

pores compared to that in the gas. Molecules adsorb first at the pore mouth and pass the surface 

barrier in a surface diffusion process with the activation energy Eα, which is lower than the 

heat of desorption, likely due to interaction with other molecules and not only interaction with 

the surface. Molecules then diffuse through the pores, and since there are more interactions 

within the pores than at the pore mouth, the activation energy of diffusion Ediff. is lower than 

Eα. Finally, molecules leave the pores by passing the surface barrier with activation energy Eα. 

Thus, a geometrical effect seems to be the principal reason for the surface barrier. In the past, 

it was suggested that the pore mouth narrowing and pore blockage are also reasons for the 

surface barrier [63, 65, 70, 71, 123-125], but a geometrical effect is a new hypothesis.  

 

Figure 4.18. Energy diagram and schematic illustration of the mass transfer process for 

CO2 molecules in a nanopore. 
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4.6. Process Design  

Based on the developed model for the mass transfer through ultra-thin membranes, a zeolite 

membrane process has been designed for upgrading dry biogas. The biogas with a 50/50 

composition of CO2/CH4 (Paper VII) and a flow rate of 1000 Nm3/h was upgraded to a 

biomethane with a 4/96 composition of CO2/CH4 with a maximum methane loss of 2%. The 

process was designed for feed pressures of 5, 10, and 20 bar. The process was compared with a 

polymeric membrane process operated under the same conditions.   

4.6.1. Polymeric Membranes 

In order to achieve a methane loss of less than 2%, a three-stage polymeric membrane 

process is needed due to the low selectivity of polymeric membranes. In this study, the 

selectivity and CO2 permeance of polymeric membranes were assumed to be 50 and 5×10-9 

mol/(m2·s·Pa), respectively, which are comparable to the maximum reported values for 

commercial polymeric membranes (Paper VII). Figure 4.19 shows the polymeric membrane 

processes designed for feed pressures of 5, 10, and 20 bar. The membrane area was minimized 

by optimizing the interstage pressure.  

As indicated in Figure 4.19a and summarized in Table 4.8, because of low CO2 permeance 

and low selectivity, which results in a high recycle ratio of 0.74, the total area of 35 340 m2 is 

required for the polymeric membrane process operated at 5 bar. However, for hollow fiber 

polymeric membranes, it is possible to manufacture very compact membrane modules with 

10 000 m2 membrane area per m3 module [126, 127]. It was assumed that each module has a 

length and outer diameter of 1.7 m and 12 cm, respectively (see Figure 4.20a). Thus, 232 such 

modules would be needed to accommodate the required membranes for the process operated 

at a feed pressure of 5 bar. The cost for hollow fiber membranes including modules was 

reported as 108 USD/m2 membrane in 2002 [128]. If a yearly inflation of 2% is assumed, the 

price of hollow fiber membrane including modules is estimated to be 160 USD/m2 membrane 

area in 2021. Consequently, the required 232 modules together with two extra modules for 

the process at 5 bar will cost approximately 5.7 million USD. If these 234 modules, in addition 

to the two extra modules, would be placed in three parallel rows with 1 m passage between 

the rows and 3 cm distance between each module, a housing with a volume of around 85 m3 

(12.3×3.0×2.3 m3) would be needed to accommodate the modules, as seen in Figure 4.20b. 
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a) 

 
b) 

 
c) 

 

Figure 4.19. Scheme of hollow fiber polymeric membrane process operated at: a) 5 bar; b) 10 

bar; c) 20 bar. 
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Table 4.8. Summary of the key features of the processes 
P 

bar 

Selectivity CO2 

Permeance 

10-7 
mol/(m2sPa) 

Total 

Membrane 

Area m2 

# 

Modules 

Cost for 

modules 

106 USD 

Volume of 

membrane 

housing 

m3 

Recycle 

ratio (R) 

Methane 

Loss (%) 

Electricity 

kWh/Nm3 

raw gas 

Electricity 

kWh/Nm3 

raw gas excl. 

biomethane 

compress. 

Three-stage Hollow fiber polymeric membrane processes 

5 50 0.05 35.3×103 234 5.7 85 0.74 0.39 0.33 0.28 

10 50 0.05 15.5×103 102 2.5 39 0.57 0.28 0.32 0.24 

20 50 0.05 7.31×103 48 1.2 21 0.52 0.19 0.38 0.26 

Two-stage Tubular zeolite CHA membrane processes 

5 99–224 62–68 11.8 12 2.2 5.1 0.29 0.84 0.19 0.14 

10 95–280 50–55 6.40 6 1.1 3.8 0.21 0.65 0.22 0.14 

20 87–350 34–40 4.26 4 0.7 3.1 0.18 0.51 0.27 0.16 

The estimated electricity consumption for the process of 0.33 kWh/Nm3 raw gas is slightly 

higher than the 0.2-0.3 kWh/Nm3 that is guaranteed by manufacturers of polymeric 

membranes [129]. However, the required electricity for gas compression should be excluded 

from the electricity consumption figure to render it possible to compare the required electricity 

consumption for biogas purification at different pressures. The electricity requirement for 

compressing 6.4 mol/s biomethane from 1 to 5 bar was estimated to be 0.05 kWh/Nm3 raw 

biogas; thereby, the required electricity for the biogas purification excluding the biomethane 

compression would be 0.33-0.05=0.28 kWh/Nm3 raw biogas for the process at 5 bar (see Table 

4.8).  

      

                                       
 

Figure 4.20. Schemes of modules and membrane plant at 5 bar: a, b) hollow fiber polymeric 

membranes; c, d) CHA membrane tubes.  
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For the polymeric membrane process operated at a feed pressure of 10 bar to the first two 

stages, a smaller total membrane area of 15 540 m2 would be needed; consequently, the number 

of membrane modules would be reduced to 102 with a cost of 2.5 million USD, as seen in 

Figure 4.19b and Table 4.8. Since the transmembrane pressure difference is almost doubled and 

the recycle ratio (of 0.57) is much lower than that of the process at 5 bar, the required area is 

almost half of the area needed for the process at 5 bar.  

As a result of a much lower recycle ratio compared to the process at 5 bar, the process 

operated at 10 bar consumes less electricity, although the recycled gas must be recompressed 

to a higher pressure of 10 bar. Actually, a minimal need for electricity at three pressures in the 

study was observed for a process operated at 10 bar (see Table 4.8). Moreover, it is observed 

that the methane loss decreased to 0.28% and the needed volume of the housing volume would 

be in the vicinity of 39 m3 for the process operated at 10 bar. 

Figure 4.19c shows the polymeric process designed for a pressure of 20 bar. The total 

membrane area is decreased to 7308 m2, which corresponds to 48 membrane modules with a 

cost of 1.2 million USD. The volume of the housing is reduced to 21 m3, and the methane loss 

would be approximately 0.19%. However, compared to the process operated at 10 bar, the 

electricity requirement for purification of gas was increased to 0.26 kWh/Nm3 raw gas. This 

electricity demand is higher than that for the process operated at 10 bar because of the more 

demanding recompression of gas to 20 bar.     

4.6.2. Zeolite Membranes 

The designed zeolite membrane process operated at feed pressures of 5, 10, and 20 bar are 

illustrated in Figure 4.21, and the key features are summarized in Table 4.8. 

 For the zeolite membrane process operated at 5 bar, as depicted in Figure 4.21a, the CO2 

permeance is more than three orders of magnitude larger, i.e., 62–68×10-7 mol/(m2·s·Pa), and 

the recycle ratio is much lower, i.e., 0.29, than for the polymeric membranes. Thus, a much 

smaller membrane area of 11.8 m2 is needed for the zeolite membrane process at 5 bar, which 

is roughly 3000 times lower than the polymeric membranes. As a consequence of a much lower 

recycle ratio compared to polymeric membranes, the electricity demand for the purification of 

gas for the zeolite process operated at 5 bar is only 0.14 kWh/Nm3 raw gas, which is half of 

that for the corresponding polymeric membrane process. 
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a) 

 
b) 

 
c) 

 
 

Figure 4.21. Scheme of tubular CHA zeolite membrane process operated at: a) 5; b) 10; and 

c) 20 bar. 

As shown in Section 4.4.2, CHA membranes supported on alumina tubes with a length of 

50 cm, an inner diameter of 0.7 cm, and an outer diameter of 1 cm displayed a high 

performance in CO2/CH4 separation. Since alumina tubes with the same diameter but a length 
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of 120 cm and an active membrane area of 0.026 m2 are commercially available, the design of 

the zeolite membrane process was based on such tubes. Thereby, 454 such membranes would 

be needed for the zeolite process at 5 bar. Figure 4.20c demonstrates a possible design for a 

zeolite module that comprises 43 membranes; consequently, 12 such modules would be 

sufficient for the zeolite process operated at 5 bar. If these modules are placed vertically, with 

a 3-cm distance between each module and a 1-m passage between rows, a housing with a 

volume of 5.1 m3 would be needed to accommodate the two-stage zeolite membrane process 

operated at 5 bar, which is about 17 times smaller than the corresponding process based on 

polymeric membranes (see Figure 4.20d). The non-automated module production cost in 

small-scale is estimated to 32 200 USD/m2 membrane area1, which corresponds to 36 000 

USD/module. By assuming a 5 times higher vending price, the vending price would be 

180 000 USD/module. Consequently, the market price for 12 zeolite membrane modules 

would cost 2.2 million USD, which is 40% of the cost for the polymeric membrane modules. 

For the process operated at 5 bar, seen in Figure 4.21a, the volumetric feed flow of 1000 

Nm3/h is split among 43 tubular membranes, which corresponds to a high flow of 388 

Ndm3/min to each membrane. In Section 4.2.2, it was shown that the concentration 

polarization effect would be minimized at higher feed flow. In an unpublished work, an 

equimolar CO2/CH4 mixture with a flow of 250 Ndm3/min and pressure 5.7 bar was fed to a 

50-cm-long tubular CHA membrane. The permeate pressure was 1.1 bar and a separation 

selectivity of 201 was observed. The model developed in the present work predicts a separation 

selectivity of 204 under the same conditions. This is very close to the experimental value and 

indicates that there is almost no concentration polarization for a feed flow of 250 Ndm3/min. 

Consequently, there should be no concentration polarization for a process operated at 5 bar 

with a feed flow rate of 388 Ndm3/min to each membrane.  

For the zeolite membrane process at feed pressure of 10 bar, as indicated in Figure 4.21b, a 

slightly lower CO2 permeance of 50–55×10-7 mol/(m2·s·Pa) was estimated (see Table 4.8). 

However, a higher transmembrane pressure difference reduces the membrane area to 6.4 m2 

for the process operated at 10 bar as compared to the process at 5 bar. Thus, six membrane 

modules with an estimated market price of 1.1 million USD would be needed for the process 

operated at 10 bar. An electricity demand of 0.14 kWh/Nm3 raw gas is estimated for the gas 

purification, which is almost the same as for the zeolite membrane process operated at 5 bar 

and is about 57% of the corresponding value for the polymeric membrane process at 10 bar. As 

                                            
1 Estimated by Dr.-Ing. Hannes Richter and Mr. Jan-Thomas Kühnert at Fraunhofer IKTS. 
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a result of larger overall selectivity, the recycle ratio is decreased from 0.84% to 0.65% by 

increasing the feed pressure from 5 to 10 bar. Moreover, the volume of the housing for 

accommodating the zeolite membranes operated at 10 bar is decreased to 3.8 m3, i.e., about 10 

times less than the required volume for accommodating the polymeric membranes at 10 bar. 

If the zeolite membrane process were operated at a feed pressure of 20 bar, the membrane 

area would be reduced to 4.26 m2; hereby, the market price for the modules would be 

decreased to 0.7 million USD. In this case, only four zeolite membrane modules, which would 

require a housing volume of 3.1 m3, are needed. For the zeolite membrane process operated at 

20 bar, the electricity demand for gas purification is 0.16 kWh/Nm3, which is about 60% lower 

than the corresponding value for polymeric membranes operated at the same feed pressure. 

Furthermore, due to the high selectivity of 87–350, which is up to 7 times higher than for the 

polymeric membranes, the methane loss is only 0.51% for the two-stage zeolite membrane 

process operated at 20 bar.   
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   Chapter 5                 Conclusion 

In the present work, the mass transfer through ultra-thin MFI and CHA was evaluated by 

permeation expedients using pure gas as well as gas mixtures. Then a new mass transfer model 

that considers adsorption and diffusion through the surface barriers and in the pores was 

developed and fitted to the data. In the last part of the study, the model was used to design 

zeolite membrane processes for biogas upgrading and the processes were compared with 

polymeric membrane processes.  

 MFI disc membranes displayed a high performance for separation of both dry and humid 

CO2/H2 mixtures as well as for separation of CH4/N2/He mixtures. It was observed that for 

CO2/H2 separation under humid conditions, a reduced permeate pressure increased the CO2 

flux significantly, which could be a result of an increased rate of desorption of water molecules 

from the zeolite pores. A very high separation factor and flux were also observed for a feed of 

a CH4/N2/He mixture, which was attributed to the high CH4/He and N2/He adsorption 

selectivity for the MFI membrane. The results illustrate the high potential of MFI membranes 

for helium recovery from natural gas, and for CO2 separation from synthesis gas under industrial 

conditions. 

    The viability of single-channel tubular CHA membranes for separation of industrially 

relevant dry and humid CO2/CH4 mixtures was evaluated. CHA tubes with lengths of 10 and 

50 cm demonstrated high separation factor and CO2 permeances for mixtures of CO2/CH4, 

which was much higher than polymeric membranes under the same conditions. It was observed 

that water vapor increased the selectivity significantly, while it caused a nearly linear decrease 

in the permeability. Moreover, it was observed that concentration polarization reduced 

membrane performance. Concentration polarization can be minimized by inserting a spacer to 

reduce the dead volume or by using a higher feed flow. In general, the evaluation of tubular 

membranes indicated a high industrial potential of CHA membranes for upgrading and 

purification of biogas and natural gas. 

Adsorption data for CHA crystals with different Si/Al ratios was measured, and it was shown 

that the Toth adsorption isotherm could be successfully fitted to the data. For CO2 and CH4 

adsorption, it was observed that the heat of adsorption, the b-values, and the Toth 

heterogeneity parameter t were all nearly linearly dependent on the Al/Si ratio.  
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Based on the measured adsorption parameters for CHA zeolite and the reported adsorption 

parameters for MFI, a new model for mass transfer in ultra-thin MFI and CHA membranes 

was developed. The model could be fitted successfully to experimental data for single-

component and mixture permeation over a wide temperature range. It was concluded that the 

surface barrier is a surface diffusion process with higher activation energy than the diffusion in 

pores. Furthermore, it was concluded that the surface barrier may originate from the geometry 

at the pore mouth. Moreover, it was shown that the high selectivity of ultra-thin CHA 

membranes is mostly a result of a high surface permeability selectivity and, to a lesser extent, of 

high adsorption selectivity. 

In the last part of this study, zeolite and polymeric membrane processes were designed and 

compared for biogas upgrading at different feed pressures. The results showed that three-stage 

polymeric membrane processes are needed to reach a low methane loss, while two-stage 

processes are sufficient for zeolite membranes due to much higher selectivity of zeolite 

membranes. The permeability of zeolite membranes was three orders of magnitude larger, 

which resulted in very compact membrane processes. The higher selectivity of zeolite 

membranes leads to a lower recycle ratio. Consequently, the electricity demand for zeolite 

membranes would be almost half that of the polymeric membranes. Moreover, it was shown 

that the zeolite membranes would cost less than the polymeric membranes. The results 

indicated the high potential of zeolite membrane for industrial gas separation. 

Future works 

The developed mass transfer model in this study could be fitted well to most of the 

experimental data. However, the model deviates from the experimental data at both high 

pressures and low temperatures, likely due to the non-ideality of the systems under these 

conditions. Thus, it would be interesting to use the Real Adsorbed Solution Theory (RAST) 

and/or the Vacancy Solution Theory to evaluate whether the model can be more accurate over 

wider temperature and pressure ranges. 

In this study, mass transfer through MFI membranes was modeled using adsorption 

parameters reported in the literature. The model may be improved by measuring the adsorption 

parameters for MFI crystals instead of using the reported values in the literature. 

Furthermore, it was shown that a zeolite membrane process could be used as a promising 

alternative for a polymeric membrane process for upgrading biogas and natural gas. However, 

further techno-economic studies are suggested to confirm the results.  
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