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Abstract 

Ionic liquids (ILs) have shown great potential to be used as liquid absorbents for CO2 

separation because of advantages such as non-volatility, functionality, high CO2 solubility 

and low energy requirements for regeneration. A significant amount of research has already 

been carried out, and most of them are focusing on the synthesis of ILs and measurement on 

CO2 solubility in ILs. However, the development of IL-based technology for CO2 separation 

requires experimental data, thermodynamic modeling as well as process evaluation. 

Therefore, a significant gap exists between new technology development and application. 

The goal of this work is to perform a systematic research spanning from property 

measurements, thermodynamic modeling to process simulation, in order to develop IL-based 

technology.  

In this work, CO2 separation with both conventional imidazolium-based ILs and novel ILs 

was studied. The CO2 solubility in conventional ILs (for example, bmim-, hmim-, BF4-, PF6-, 

Tf2N-based ILs) was surveyed and evaluated. The CO2 absorption enthalpy and the energy 

demand for solvent regeneration were also analysed. Based on literature survey on CH4 

solubility, three ILs ([hmim][Tf2N], [bmim][Tf2N] and [bmim][PF6]) were chosen for further 

study with process simulation. Moreover, the density, viscosity, surface tension and heat 

capacity of these three ILs were surveyed and evaluated. 

For novel ILs, choline chloride/urea (ChCl/Urea) was chosen as the solvent to separate CO2 

because of its low price and environmentally benign qualities. 1-allyl-3-methyl imidazole 

formate ([Amim][HCOO]) was synthesized as a tailored sorbent due to its low viscosity. The 

density and viscosity of dry and aqueous novel ILs were measured at different temperatures 

and fitted to empirical equations. The CO2 and CH4 solubilities in dry ILs as well as the CO2 

solubility in aqueous ILs were measured at different pressures and represented with the 

thermodynamic model. The results show that the addition of water decreases the viscosity of 

ILs significantly, while the effects on the density and CO2 solubility are much weaker. The 

excess properties of aqueous ILs were further investigated to study the mechanism of mixing 

ILs and water.   
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Process simulation of biogas upgrading with ILs was carried out. The parameters for pure 

component and phase equilibria were implemented into the commercial software Aspen 

Plus. The processes for biogas upgrading with three conventional imidazolium-based ILs, 

aqueous ChCl/Urea and aqueous [Amim][HCOO] were simulated. The performance of 

aqueous [Amim][HCOO] was investigated with the integrated anaerobic digestion process. 

The results show that aqueous [Amim][HCOO] is the most promising solvent for biogas 

upgrading with respect to the amount of recirculated solvent and the total energy demand. 

The energy demand for biogas upgrading can be decreased by increasing the methane 

content in biogas or by increasing the raw biogas flow rate. 
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1 Introduction 

1.1 Background  

CO2 emission has been recognized as an important contributing factor to global warming and 

climate change. It has been perceived that there may be a rise of 1.9-3.5 °C in the global 

temperature by the year 2100 and an increase in mean sea level of 18-30 cm, which 

accompanies many anticipated distresses [1]. Thus, CO2 emission has to be controlled and 

reduced [2-4]. CO2 separation is considered as one of the most promising way to mitigate 

CO2 emission. For example, separating CO2 from the flue gas produced in the fossil-fuelled 

power station and from the lime gas in the lime industry. 

Biomass has been recognized as a new renewable energy and CO2 separation is an important 

step in biomass-related process in order to obtain products and improve the efficiency of the 

subsequent processes [5, 6]. For example, CO2 needs to be separated from the raw biogas, 

and then the high purified methane can be used as the substitute of natural gas and the 

sources to produce chemicals [7]; in production of synthetic hydrocarbons with 

Fischer-Tropsch technology, the inert CO2 needs to be removed to increase the efficiency 

and selectivity of C5+ [8]; in methanol production, CO2 is separated to obtain a favourable 

ratio of the gas mixture in order to increase the production yield [9]; and in hydrogen 

production, CO2 is separated to purify hydrogen [10]. 

1.2 CO2 separation technologies 

CO2 separation is a critical step in order to reduce the CO2 emissions and increase the 

energy efficiency and product yield in bio-fuel production. A number of CO2 separation 

technologies are being investigated, such as chemical absorption, physical absorption and 

membrane separation [11], but few of them have achieved industrial application. The high 

energy demand and high capital cost slow down the development of fully integrated 

commercial CO2 separation process. The energy demand can be decreased by increasing the 
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separation efficiency, and the enhanced separation efficiency will decrease the capital cost of 

the process.  

The amine-based system is a popular chemical solvent to separate CO2. The aqueous 

amine-based solvents are used to remove acid gas through acid-base reactions and reversible 

formation of soluble salt species. This technology has been used and applied in the chemical 

and oil industries for over 60 years. The amine-based technology has been further improved 

and achieved commercialization, for example, the BASF’s activated MDEA process. 

However, the cost of this technology is still high, especially for the gas streams with high 

acid gas content, combining with deficiencies of volatility, degradation, and corrosion. The 

cost of CO2 separation using amine-based technology is in the range of $50 to $100 per ton 

carbon, which is much too high for most of applications [12].  

Besides chemical absorbents, the physical absorbents are developed for CO2 separation. The 

widely-used physical solvents for CO2 separation are cold methanol, dimethyl ether of 

polyethelene glycol (selexol) and propylene carbonate. In general, the physical absorbents 

are chosen to separate CO2 from the gas streams with high CO2 partial pressure. The solvent 

regeneration can be performed by releasing the pressure, resulting in a lower energy demand. 

However, there are several drawbacks for physical solvents, such as low CO2 absorption 

capacity, low CO2 selectivity, as well as high capital and operating costs [13].  

High pressure water scrubbing is used to separate CO2 based on physical absorption. This 

technology has been developed, implemented and commercialized in the European 

countries. For example, the company Malmberg in Sweden has delivered almost 100 water 

scrubbing units in Europe and China [14]. The main deficiency of this technology is the low 

absorption capacity of CO2, resulting in large amount of water and high capital cost of the 

process [15]. 

Membrane can be used to separate CO2 because of the variety of driving forces between 

gases and membranes, which allowing one component in a mixture to permeate the 

membrane and hindering the other components. Gas permeability and membrane selectivity 

are two key parameters for the membrane separation process. The multi-stage membranes 

are always necessary in order to achieve high degree of separation, which increases the 

manufacture and capital cost [16]. 
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Nowadays, CO2 separation with current technologies uses almost 30% of the energy that 

needed to run a power plant [3]. To decrease the cost of CO2 separation, a lot of new 

technologies are being developed at different levels (i.e.: lab-scale, pilot-scale, demon-scale). 

Figure 1.1 shows the cost reduction benefits versus the time to commercialization for 

different technologies. It indicates that the new technology will achieve significant cost 

reduction benefit, but it takes long time to be commercialized [17]. Ionic liquids (ILs) are 

new solvent and have been considered as one of the promising liquid absorbent to separate 

CO2. As shown in Figure 1.1, IL-based technology shows a great potential to highly decrease 

the cost for CO2 separation. 

 

Figure 1.1. The cost reduction benefits versus the remaining development needs/time to 
commercialization for CO2 separation [17]. 

1.3 Ionic liquids (ILs) 

Ionic liquids (ILs) are salts in liquid state with melting point at or close to room temperature. 

The typical ILs are composed of a large organic cation and an inorganic anion. Figure 1.2 

illustrates typical cations (imidazolium, pyridinium, pyrrolidinium, quaternary ammonium 

and quaternary phosphonium) and anions (iodide, bromide, chloride, tetrafluoroborate, 

hexafluorophosphate, trifluoromethanesulfonate, bis(trifluoromethanesulfonyl)imide) of ILs 

[18]. The advantages of ILs are negligible vapor pressure, wide liquid range, thermal 

stability, high CO2 solubility and low energy demand for solvent regeneration. Since 

Blanchard et al. reported the high CO2 solubility in ILs in 1999, ILs have received much 

attention for CO2 separation [19]. The conventional ILs, for example [Cnmim][Tf2N], 

[Cnmim][BF4] and [Cnmim][PF6], have been investigated intensively [20-26, 51-127]. 
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However, the synthesis of these conventional ILs is always complex, the biodegradability is 

often poor, and the price is relatively high. 

 

Figure 1.2. Typical cations and anions constituting ILs [18]. 

Recently, choline -based ILs were developed and considered as novel ILs. These ILs can be 

used as liquid absorbents for CO2 separation, taking advantages of high acid-gas solubility, 

easy synthesis, bio-degradability and low price. Abbott’s group firstly reported the properties 

and applications of a series of choline-based ILs [27-30]. Among these series ILs, choline 

chloride-based ILs are becoming a hot topic with a rapid increasing number of publications 

[31-36]. However, compared to the conventional ILs, the research work on the gas solubility 

and properties of choline chloride-based ILs is still limited [37]. 

In general, the viscosities for both conventional ILs and choline chloride-based ILs are 

relatively high, and this will be a potential obstacle for their application in CO2 separation. 

To achieve a low viscosity, one approach is to design novel ILs with low viscosity. It has 

been reported that the ILs composed of imidazolium cation with an allyl group have 

moderate viscosity at room temperature, and the ILs with anions comprising of a carboxylic 

acid generally have low viscosity [38, 39]. 1-allyl-3-methylimidazolium formate 

([Amim][HCOO]) is one of this kind of ILs, and it has been studied in cellulose chemistry 

[40-42]. However, the performance of [Amim][HCOO] as a liquid sorbent for CO2 

separation has not been studied. The other approach to decrease viscosity is to adding 

co-solvents (e.g. water) to ILs. It has been found that the addition of water decreases the 

viscosity of ILs dramatically [43, 44]. Meanwhile, water is an important impurity of gas 

streams and the involvement of water will affect the properties of ILs and gas solubility. 

Therefore, it is also important to study the water effects on the gas solubility and properties 

of ILs. 
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In order to develop IL-based technology for CO2 separation, research work needs to be 

carried out from experimental measurements to modeling as well as process simulation and 

evaluation. In the past decades, more and more ILs with functionalized cations and anions 

have been synthesized in the laboratory. The thermo-physical properties (e.g. density, 

viscosity and surface tension) of conventional ILs as well as the effects of cation and anion of 

ILs on their properties and CO2 solubility have been extensively measured experimentally. 

While the effects of water and other components on their properties are seldom considered. 

Meanwhile, modeling and process simulation can predict the property of ILs, calculate the 

energy demand as well as estimate the capital and investment cost of the process, but the 

research work on the thermodynamic modeling of novel ILs and energy analysis is relatively 

few, and the process simulation for CO2 separation from a specific gas mixture as well as the 

performance evaluation of ILs on CO2 separation are still limited. Therefore, a systematic 

study is needed to develop IL-based technology for CO2 separation.  

1.4 Objectives and outline 

The overall objective of this work is to perform a systematic study from experimental 

measurement, thermodynamic modeling to process simulation in order to develop IL-based 

technology. The specific objectives are: 

 To evaluate the available experimental gas solubilities and properties of the 

conventional ILs; 

 To measure thermo-physical properties of novel ILs and their gas solubility with the 

consideration of water effect;  

 To perform thermodynamic modeling for representing the properties of ILs and the gas 

solubility in ILs; 

 To conduct thermodynamic study for analysing energy demand for CO2 separation; 

 To perform process simulation and evaluate the performance of ILs on CO2 separation 

from biogas as a case study. 

Figure 1.3 illustrates the flow chart of this thesis. Within the research framework, firstly, the 

CO2 solubility in the conventional ILs and their properties were surveyed, evaluated and 
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represented by the thermodynamic model. The energy demand for solvent regeneration was 

estimated and analysed. Secondly, the properties of two novel ILs and the gas solubility were 

investigated experimentally, and thermodynamic models were used to describe and predict 

the properties of the ILs and vapor-liquid equilibria of gas-IL system. Thirdly, the parameters 

of the thermodynamic models were implemented into the commercial software Aspen Plus. 

The process for CO2 separation from biogas with ILs was simulated. Finally, the 

performance of ILs for biogas upgrading was evaluated and the CO2 separation with ILs was 

further studied with the integrated biogas production process.  

  

 

 

 

 

 

 

 

 
                      

Figure 1.3. Flow sheet of this thesis. 
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2 Experiment 

In order to develop IL technology, it is essential to obtain thermo-physical properties of pure 

ILs and their gas solubility. Water is an impurity of gas stream, and it is a green and cheap 

solvent that can dramatically decrease the viscosity of ILs. In Papers I and II, the properties 

of two novel ILs and the gas solubility in these ILs were investigated. The density and 

viscosity of dry and aqueous ILs were determined at atmospheric pressure. The solubility of 

pure-CO2 and pure-CH4 in dry ILs as well as the solubility of pure-CO2 in aqueous ILs were 

determined at different temperatures and pressures. The experimental methods for IL 

preparation and the density, viscosity and gas solubility measurements are described in this 

chapter. 

2.1 IL preparation 

2.1.1 Materials 

Choline chloride (ChCl, mass fraction ≥ 99 %) was produced by Sinopharm Chemical 

Reagent Co, Ltd, China. Urea (mass fraction ≥ 99 %) was produced by Xilong Chemical 

Reagent Co, Ltd, China. CO2 (mole fraction ≥ 99.9 %) was received from Beijing Bei 

Temperature Gas Factory. The chemicals are analytical reagent (A. R.) grade, and they 

were used as received. 

1-methylimidazole and allyl chloride were purchased from Sigma Aldrich Ltd., and allyl 

chloride was redistilled before further use. Sodium hydroxide ( ≥ 99.8%) was obtained 

from Merck. Ethanol ( ≥9 9.5%) was purchased from Solveco Ltd. Amberlite IR-400 OH 

resin was purchased from Sigma Aldrich Ltd. Formic acid ( ≥ 95%) was purchased from 

Sigma Aldrich Ltd. 

2.1.2 Synthesis of choline chloride/urea 

The mixture of choline chloride/urea (ChCl/Urea) was prepared by heating choline chloride 

and urea with a molar ratio of 1:2 at 353.15 K until a homogeneous liquid was formed. 

Samples were dried under vacuum at 333.15 K for 72 h. The water content of the dried 
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ChCl/Urea (1:2) was determined by Karl Fischer titration analysis, which was 1200 ± 100 

ppm.  

2.1.3 Synthesis of 1-allyl-3-methylimidazolium formate 

The 1-allyl-3-methylimidazolium chloride was prepared. 0.25 mol redistilled 

1-methylimidazole and acetonitrile (250 mL) was mixed, stirred and cooled in an ice–salt 

bath, and then 0.375 mol of allyl chloride was added dropwise while maintaining the 

temperature below 5 °C. The mixture was stirred at 60 °C for 24 h under nitrogen atmosphere 

and then cooled down to the room temperature. The volatile material was removed from the 

resulting yellowish solutions under reduced pressure. The remaining light-yellow oil was 

re-dissolved in isopropanol (ca. 50 mL). Tetrahydrofuran (THF) was added (ca. 500 mL), 

and the white solid precipitated out. The white solid was filtered and then dried under high 

vacuum for 6 h. 

10.0 g amberlite IRA-400(R-OH) in deionized water was loaded in a 20 cm × 1.5 cm 

chromatography column. 1-allyl-3-methylimidazolium chloride (2 g) was dissolved in 50 

mL deionized water, and the solution was loaded to the column carefully. This solution was 

passed through the column with the flow rate of 1 mL/min followed by deionized water (50 

mL). The eluent was collected.  

1-allyl-3-methylimidazolium hydroxide was neutralized by an equimolar quantity of formic 

acid (with respect to 1-allyl-3-methylimidazolium chloride). The prepared 

1-allyl-3-methylimidazolium formate ([Amim][HCOO]) was dried by heating at 60 °C under 

high vacuum (4  10-2 mbar), followed by freeze drying. The water content of the dry 

[Amim][HCOO] was determined by Karl Fischer titration analysis, which was 5000 ± 200 

ppm. 

2.2 Density and viscosity measurement 

The density of dry and aqueous ChCl/Urea was measured by DMA 5000 vibrating-tube 

densimeter. The accuracies of temperature and density are 0.01 K and 0.00005 g·cm-3, 

respectively. The viscosity of dry and aqueous ChCl/Urea was measured by Anton Paar 

AMVn Automated Mircoviscometer according to Hoeppler's falling ball principle. Various 

combinations of capillary/ball with different diameters (1.6 mm, 1.8 mm, 3.0 mm, 4.0 mm, 
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etc.) can be selected to measure the viscosity from 0.3 to 2500 mPa s. The accuracy of 

temperature is 0.02 K, and the accuracy of viscosity is about 0.5%.  

The density of dry and aqueous [Amim][HCOO] was measured by an Anton Paar DMA 

4100M vibrating-tube densimeter. The accuracies of temperature and density are 0.02 K and 

0.0001 g·cm-3, respectively. The viscosity of dry and aqueous [Amim][HCOO] was 

measured by Bohlin CVO 100 rheometry. A cone-on-plate geometry was used with a 1º cone 

angle and 20 mm cone diameter. The lower plate has a diameter of 60 mm. The share rate is 

in a range of 1-300 s-1. 

2.3 Gas solubility measurement 

The vapour-liquid equilibrium equipment was used to measure the gas solubility in a solvent. 

As illustrated in Figure 2.1, the apparatus consists of a gas reservoir, an equilibrium cell, a 

magnetic stirrer and two pressure transducers. The gas reservoir and equilibrium cell were 

placed in a water bath.  

Firstly, an accurate amount of solvent was loaded into the equilibrium cell. The volume of 

the solvent was determined by the mass and density at the temperature and pressure of 

interest. Secondly, the gas was introduced into the gas reservoir and the pressure was 

recorded with the pressure transducers. Thirdly, an amount of gas was introduced into the 

equilibrium cell and dissolved in the solvent. The pressure was measured with the pressure 

transducers. It was considered to reach equilibrium if the pressure remained a constant for 4 

h. Finally, the moles of gas dissolved in the liquid phase were calculated from the pressure 

change in the gas reservoir, the equilibrium pressure and the volume of the equilibrium cell. 

During the experiment, the vapor pressure of dry or aqueous ILs was negligible. 

The uncertainties of the CO2 solubility measurement consist of the system errors of pressure, 

temperature as well as the volumes of gas reservoir and equilibrium cell. The precision of 

pressure transducers is 0.075 %, and the accuracies of temperature and volume 

measurements are 0.1 K and 0.5 ml, respectively. The overall uncertainty for the measured 

CO2 solubility was estimated to be within 1 %. 
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Figure 2.1. Schematic diagram of experimental apparatus: a, gas supply; b, gas reservoir; c, 
equilibrium cell; d, magnetic stirrer; 1-5, valves. 
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3 Theory and methodology 

Thermodynamic modeling is a bridge between the experimental data and process simulation. 

A reliable model can be used to represent the experimental data, screen out the questionable 

data points and provide a thermodynamically consistent framework for process simulation. 

This chapter describes the thermodynamic models that used to correlate the properties of dry 

and aqueous ILs and the gas solubility in dry and aqueous ILs. The theory and equations used 

to estimate CO2 absorption enthalpy were introduced. Meanwhile, the conceptual process for 

CO2 separation with ILs was described in this chapter. 

3.1 Thermodynamic modeling 

3.1.1 Modeling properties of ILs  

The critical properties (Tc, Pc, Vc, Zc), normal boiling temperature (Tb) and acentric factor (ω) 

of ILs cannot be determined experimentally. In this work, the group contribution method 

proposed by Valderrama et al. was used to estimate these properties [45, 46]. The methods 

are described as the following equations: 

bb TnT 2.198                                                    (3.1) 

2)(0121.15703.0 cc

b
c TnTn

TT                                   (3.2) 

2)2573.0( c
c Pn

MP                                                 (3.3) 

cc VnV 75.6                                                     (3.4) 

c

cc
c RT

VPZ                                                             (3.5) 
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In these equations, M is the molecular weight, Tc is the critical temperature, Tb is the normal 

boiling temperature, Pc is the critical pressure, and Vc is the critical volume. Pb is 1.01325 bar 

and R is 84.31 bar·cm3/mol·K. The ΔTc, ΔTb, ΔPc and ΔVc are the contributions to the critical 

temperature, the normal boiling temperature, the critical pressure and the critical volume, 

respectively. The values of these contributions can be found in the literature [46]. n is the 

number of atoms or groups in the molecule. 

The temperature-dependent properties (density, viscosity, surface tension and heat capacity) 

of ILs at atmospheric pressure were fitted to the following equations: 
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where i refers to the component i, ρi is density, ηi is viscosity, σi is surface tension, Cp,i is heat 

capacity, and C1,C2 and C3 are the parameters of correlation. 

The property of the mixture was correlated with the quadratic mixing rule in Aspen Plus. The 

equations are: 
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where Vi is the liquid molar volume, Mi is the molecular weight, Vmix and ηmix are the liquid 

molar volume and viscosity of the mixture. xi is the mole fraction of each component, kij and 

lij are the binary parameters, and they were correlated from the corresponding experimental 

properties. Vi
E is the excess molar volume, Δηi is the viscosity deviation, and Ai

E is excess 

molar energy of activation.   

The excess property (i.e. VE, AE) was fitted to Redlich–Kister equation [47]: 

4

0
2121

n

n
n

E
i xxAxxV                                                (3.15) 

1

0i

i
in TaA                                                          (3.16) 

where ai is the parameter in fitting. 

3.1.2 Modeling phase equilibria 

(a) Pure-gas solubility in dry ILs 

Due to the low vapor pressure of ILs, it was assumed that IL only exists in the liquid phase. 

The vapor-liquid equilibrium can be expressed as: 

iiii xHP                                                                        (3.17) 

where P is the system pressure, φi is the fugacity coefficient of gas i in the vapor phase, Hi is 

the Henry’s constant of gas i in dry IL, xi is the mole fraction of gas i in the liquid phase, γi
* is 

the activity coefficient of gas i in the liquid phase at the infinite dilution reference state. 

The fugacity coefficient of gas i was calculated by the Redlich–Kwong (RK) equation [48]: 

)/1ln(
/

/)/ln(1ln
5.22

ZRTbP
RTb
TRaRTbPZZi                              (3.18) 
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                                                          (3.19) 

The critical temperatures (Tci) and pressures (Pci) of the several gases were taken from the 

Aspen Plus databank as listed in Table 3.1. 

Table 3.1. The critical temperature and pressure of the gases. 

 CO2 CH4 H2 CO N2 

Tci /K 304.2 190.6 33.2 134.5 126.2 

Pci/MPa 7.38 4.61 1.30 3.50 3.40 

 

The Henry’s constant of gas i was expressed as: 

)(lim)(
0

i

i

Pi x
PTH                                                                   (3.20) 

)exp()(),(
RT

PVTHPTH i
ii                                                         (3.21) 

2
4321 /ln/)(ln ThThThhTHi                                                (3.22)         

TvvVi 21                                                                        (3.23) 

where ),( PTHi is the Henry’s constant of gas i at system temperature and pressure, 

)(THi is the Henry’s constant of gas i at zero pressure, and iV is the infinite dilution partial 

volume of gas i in the dry IL. h1-h4, ν1 and ν2 are the parameters of correlation. 

The activity coefficient of gas i in the liquid phase was calculated by the Non-Random Two 

Liquids (NRTL) model [49]: 
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where cij was assumed to be a certain value (i.e. 0-1), Gij, Gji, τij and τji are the binary 

interaction parameters and expressed as a function of temperature: 

Tnm
Tnm

jijiji

ijijij

/
/

                                                     (3.26) 

where mij, mij, nij and nji are the parameters correlated from the gas solubility. 

(b) Gas solubility in aqueous ILs 

For H2O, the extended Raoult’s law was used to represent the vapor-liquid equilibria, as 

shown in the following equation: 

s
wwwww PxPy                                                                     (3.27) 

where the subscript w refers to water, w
 is the activity coefficient of water in the liquid 

phase, s
wP  is the saturated vapor pressure of water and calculated with the industrial 

standard IAPWS-IF97 within the range of 273.15 to 623.15 K [50].  

For gas i (CO2, CH4), the vapor-liquid equilibrium in aqueous ILs was expressed as: 

iimixii xHPy                                                                     (3.28) 

where yi is the mole fraction of gas i in the vapor phase. 

The Henry’s constant of gas i in aqueous ILs (Hmix) was described as: 

E
ILwwwmix HHxHxH lnln)1(lnln                                            (3.29) 
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The excess part of Henry’s constant was expressed as: 

n
w

n
nnww

E xTBBxxH )21()()1(ln
1

0
2,1,                                 (3.30) 

where Hw and HIL are the Henry’s constants for gas in water and dry ILs, respectively. Hmix is 

the Henry’s constant for gas in the mixture. 1,nB  and 2,nB  are the parameters fitted to the 

Hmix obtained from the experimental gas solubility in the aqueous ILs. 

The activity coefficient of component i ( i) in the liquid phase was calculated with NRTL 

model (eqs. 3.24-3.26). The fugacity coefficient of component i (φi) was calculated with the 

RK equation. For gas mixtures, the mixing rules for a and b in eq. 3.19 are 
i

ii aya  

and 
i

iibyb . 

3.2 Energy analysis 

The enthalpy of CO2 absorption in aqueous ILs can be further calculated from the Henry’s 

constant and activity coefficients of CO2, as shown in the following equations: 

ex
disabs HmHH )1(                                                            (3.31) 

)),(ln(2

T
PTHRTH i

dis                                                          (3.32) 

T
xRTH i

i
ex ln2                                                             (3.33) 

where absH is the absorption enthalpy, disH is the enthalpy of gas dissolution, exH  is the 

excess enthalpy, and m is the moles of solution at saturation state (equilibrium state) to 

absorb 1 mole of gas. 

Based on the CO2 absorption enthalpy and other thermodynamic properties, the energy 

demand for CO2 separation process can be estimated. As IL is a liquid absorbent, the 

conventional separation process was used to conduct energy demand for solvent regeneration. 

The schematic is illustrated in Figure 3.1. The CO2 separation process includes absorber, 
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desorber and heat exchanger. To conduct energy demand analysis, it was assumed that 1 mol 

of CO2 was separated and out of the desorber at temperature of T2 and pressure of P2, and n 

mol of CO2 was released from the solvent (ILs). In the absorber, it was assumed that (1+n) 

mol of CO2 was absorbed by m mol of ILs at temperature of T1 and pressure of P1.  

 

Figure 3.1. The schematic of CO2 separation process with ILs. 

The energy demand for solvent regeneration can be calculated with the following equations: 

senexdes QQQQ                                                                (3.34) 

aq
CO

g
COdis

des HHPTHQ
22

),( 22                                         (3.35) 

),()1(),()( 111222 PTHmnPTHmnHQ exexexex                       (3.36) 

)()( 12,12, 2
TTnCTTmCQ COpILp

sen                                    (3.37) 

where desQ  is the energy demand in order to vaporize CO2 from liquid to gas phase, which 

is termed as the desorption enthalpy. g
COH

2
 and aq

COH
2
are the enthalpies of CO2 in the gas 

and liquid phase. ),( 111 PTH ex  is the excess enthalpy of the solution at T1 and P1, 

),( 222 PTH ex  is the excess enthalpy of the solution at T2 and P2, exQ  is the energy demand 

due to the difference of excess enthalpy between the streams, senQ  is the sensible heat due 

to the increase of temperature in the desorber, and Cp,IL and Cp,CO2 are the heat capacities of 

IL and CO2, respectively. 
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3.3 Process simulation for CO2 separation 

The process for CO2 separation from biogas (i.e. biogas upgrading) with aqueous ILs was 

simulated in Aspen Plus, and the schematic of the conceptual process is illustrated in Figure 

3.2, including CO2 absorption, flash (gas recirculation) and solvent regeneration. 

(1) CO2 absorption. The biogas is pressurized to 8 bar in the compressors and injected into 

the bottom of the absorber, and the solvent is sprayed from the top of the absorber. CH4 is 

obtained on the top of the absorber. 

(2) Flash (gas recirculation). The CO2-enriched solvent enters the flash. The gas released 

from flash is recirculated to the second compressor and mixed with the raw biogas.  

(3) Solvent regeneration. The CO2-enriched solvent is sent to the desorber and regenerated 

by decreasing the pressure to 1 bar with an aeration of air using a blower. The solvent 

leaving from the bottom of desorber is recirculated and mixed with make-up solvent. 

When the dry ILs were used as the solvent to separate CO2, the desorber is replaced by the 

flash tank, and the solvent is regenerated by decreasing the pressure due to the low vapor 

pressure of ILs. 

 

Figure 3.2. The schematic of CO2 separation process with aqueous ILs. 

In simulation, the biogas was assumed to be a mixture of 55% CH4 and 45% CO2. The 

simulation was based on the equilibrium approach. The purity of CH4 in the product gas (PG) 

was set to be 0.97 by varying the amount of ILs. The process parameters used in simulation 

are listed in Table 3.2. 
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Table 3.2. The parameters of CO2 separation process. 

Parameter Units Values 
CH4/CO2 vol.% 55/45 
Pbiogas bar 1 
Tbiogas K 293 
Pabsorber / Pdesorber  bar 8/1 
Tabsorber / Tdesorber K 293/293 
Plant capacity Nm3/h 224 
Nstage of absorber  11 
Purity of CH4 % 97 
CH4 loss % <1 
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4 Results and discussion 

The results are briefly summarized in this chapter. Firstly, the properties of conventional ILs 

as well as the CO2 solubility were surveyed, collected and evaluated. The CO2 absorption 

enthalpy was estimated and the energy demand for solvent regeneration was analysed. 

Secondly, the properties of novel ILs were measured experimentally and correlated with the 

empirical equations, and the CO2 and CH4 solubilities in dry and aqueous ILs were measured 

and represented by thermodynamic models. At last, the biogas upgrading was simulated in 

Aspen Plus, the performance of IL-based solvents for biogas upgrading was evaluated, and 

the biogas upgrading with aqueous ILs was investigated with the integration of anaerobic 

digestion process.  

4.1 Evaluation and analysis on conventional ILs 

4.1.1 Data evaluation on CO2 solubility 

The reliable experimental data is important to the model verification and development as 

well as the prediction of other properties. The data evaluation is the first step for the 

thermodynamic modeling and energy analysis. The CO2 solubility in imidazolium-based ILs 

has been investigated a lot, but the evaluation has not been carried out. Therefore, the 

experimental CO2 solubility in imidazolium-based ILs was surveyed and evaluated in this 

work.  

To conduct evaluation, the available CO2 solubility in the evaluated ILs was collected, as 

shown in Table 4.1. All the experimental data was represented by NRTL-RK model, the data 

that shows large discrepancies from others was considered unreliable. For example, Figure 

4.1 shows the comparison of CO2 solubility in [emim][BF4] at 298 K and 313 K. It can be 

seen that the data with inverted triangle do not follow the tendency of other data and 

considered as the unreliable data. The unreliable data was removed, and only the reliable data 

was refitted by the model, and the model parameters were obtained for further prediction of 

enthalpy and energy demand for IL regeneration. 
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Table 4.1. Sources of experimental CO2 solubility in imidazolium-based ILs. 

ILs T, K Ref. 

[emim][BF4] 298-343 [51-54] 

[bmim][BF4] 278-383 [22, 55-61] 

[hmim][BF4] 293-373 [22, 51, 54, 62, 63] 

[omim][BF4] 303-363 [21-23] 

[bmim][PF6] 283-413 [20, 21, 25, 26, 51, 56, 60, 64-67] 

[hmim][PF6] 298-373 [51, 63, 68] 

[emim][Tf2N] 293-450 [51, 57, 69-73] 

[bmim][Tf2N] 273-450 [56, 58, 69, 71, 74-77] 

[hmim][Tf2N] 282-413 [51, 55, 63, 71, 73, 78-82] 

 

 

Figure 4.1. CO2 solubility in [emim][BF4]. Symbols: experimental data. Curve: correlations 
with NRTL-RK model. 

The evaluation shows that most of available experimental data is reliable. The data from 

three groups [21, 54, 69] is unreliable and excluded in parameter fitting. In addition, it is 

found that the Henry’s constant is sensitive to the experimental CO2 solubility data. Since the 

Henry’s constant is of great importance in predicting the CO2 absorption enthalpy (eq. 3.32), 

it is important to determine the CO2 solubility accurately. 

4.1.2 CO2 absorption enthalpy 

The CO2 absorption enthalpy consists of CO2 dissolution enthalpy and excess enthalpy. The 

CO2 dissolution enthalpy is calculated from the Henry’s constant of CO2, and the excess 

enthalpy is calculated from activity coefficient of CO2 in the liquid phase. The CO2 
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absorption enthalpy in imidazolium-based ILs was estimated, and the contribution of each 

part was further analysed. Figure 4.2 illustrates the CO2 dissolution enthalpy and excess 

enthalpy in [bmim][BF4], [hmim][BF4] and [omim][BF4] at 298 K. The excess enthalpy 

contributes less than 5 % to the overall of CO2 absorption enthalpy at pressures lower than 1 

MPa. Therefore, it is reasonable to neglect the excess enthalpy when the CO2 separation is 

operated at low pressure. 

 
Figure 4.2. CO2 dissolution enthalpy and excess enthalpy at 298 K in  [bmim][BF4], 

 [hmim][BF4] ,  [omim][BF4]. 

The influences of cation and anion on the CO2 absorption enthalpy were investigated. The 

corresponding CO2 loading was depicted in order to check the capacity (loading) and the 

corresponding enthalpy simultaneously. As shown in Figure 4.3, both the CO2 loading and 

the magnitude of CO2 absorption enthalpy in [BF4]-based ILs decreases with increasing 

chain length of cation. The same tendency is also observed for [PF6]- and [Tf2N]-series of 

ILs. Therefore, the trend of CO2 absorption enthalpy in ILs can be predicted from the CO2 

loading. 

Figure 4.4 illustrates the CO2 loading and CO2 absorption enthalpy in [bmim]-based ILs at 

298 K and pressures up to 6 MPa. The CO2 loading in [bmim]-based ILs with the order [NO3] 

< [DCA] ≈ [BF4] < [PF6] < [TfO] < [Tf2N], while the magnitude of CO2 absorption enthalpy 

in [bmim]-based ILs at 1 MPa decreases in the order: [TfO] > [BF4] > [NO3] > [PF6] > 

[DCA] > [Tf2N]. Therefore, the influence of anion is more complicated, and the CO2 

absorption enthalpy cannot be estimated from the knowledge of CO2 loading. 
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Figure 4.3. CO2 loading (a) and absorption enthalpy (b) at 298 K in  [bmim][BF4], 

 [hmim][BF4] ,  [omim][BF4]. 

 
 

 

 

 

 

Figure 4.4. CO2 loading (a) and absorption enthalpy (b) 298 K in [bmim]-based ILs. 

[bmim][BF4],  [bmim][PF6], [bmim][Tf2N],  [bmim][NO3],  

[bmim][DCA],  [bmim][TfO]. 

4.1.3 Energy demand for solvent regeneration 

Based on the available properties of imidazolium-based ILs as well as the CO2 solubility, the 

energy demand on CO2 separation with imidazolium-based ILs was estimated. The analysis 

was based on the CO2 separation process illustrated in Figure 3.1. The total energy demand 

(Qtotal) consists three parts, the energy demand to vaporize CO2 from liquid to gas phase 

(Qdes), the energy demand due to the difference of excess enthalpy between the streams 

(Qex), and the sensible heat used to the increase the solution temperature in the desorber 

(Qsen). 

Depending on the method for solvent regeneration, three options (pressure swing, 

temperature swing, pressure and temperature swing (i.e. solvent is regenerated by both 
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releasing pressure and increasing temperature) were considered for CO2 separation. Based 

on the energy demand for solvent regeneration, a proper IL was screened for each option. 

Table 4.2 lists the parameters of absorber and desorber, and the screened ILs with their 

energy demand. 

Comparing the total energy demand for solvent regeneration with different options as listed 

in Table 4.2, the pressure swing process is considered to be the best choice because of the 

lowest energy demand. However, the compression work needs to be considered if the gas is 

compressed before entering the column. Therefore, more research work still needs to be done 

to investigate the energy demand for the entire CO2 separation process. 

Table 4.2. Energy demands for solvent regeneration with different options. 

Option Absorber Desorber Promising IL Qtotal 
(kJ/mol CO2) 

Pressure swing 298 K, 
1 MPa 

298 K, 
0.1 MPa [emim][EtSO4] 9.840 

Temperature swing 298 K, 
0.1 MPa 

323 K, 
0.1 MPa [emim][PF6] 888.9 

Pressure & 
Temperature swing 

298 K, 
1 MPa 

323 K, 
0.1 MPa [bmim][Tf2N] 57.71 

 

Choosing [bmim][Tf2N] as a case study, the energy demands were further analysed for each 

option in order to investigate the contribution of each part (Qdes, Qex, Qsen) to the overall 

energy demand (Qtotal). The results are summarized in Table 4.3. 

In the pressure swing process, Qsen is zero. Qdes contributes mostly to the total energy demand, 

and the magnitude of Qex is only 7.2 % of Qdes. As Qdes is estimated from the Henry’s constant 

at different temperatures, the Henry’s constant of CO2 is the key factor to determine the 

energy demand in the pressure swing process. 

In the temperature swing process, the sensible enthalpy, relating to the heat capacities of ILs 

and CO2, needs to be accounted. Due to the high heat capacity of [bmim][Tf2N], Qsen 

contributes 98.8 % to the total energy demand. Therefore, the heat capacity of ILs is the key 

factor to determine the energy demand in the pressure swing process. It is expected that the 

ILs with low heat capacity should be chosen as liquid absorbents for CO2 separation from 

energy point of view. 
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For pressure and temperature swing process, Qsen contributes 77.4 % to the total energy 

demand, and both Qdes and Qsen influence the total energy demand. Thus, it can be concluded 

that both Henry’s constant of CO2 in ILs and heat capacity of ILs are important factors to 

determine the energy demand for pressure and temperature swing process. 

Table 4.3. Energy demand for [bmim][Tf2N] regeneration in CO2 separation process. 

Option Qdes/kJ Qex/kJ Qsen /kJ Qtotal /kJ 

Pressure swing 14.07 -1.06 - 13.01 

Temperature swing 14.07 -0.16 1258 1272 

Pressure & 
Temperature swing 14.07 -1.03 44.67 57.71 

 

4.1.4 CH4 solubility and properties of ILs 

In order to conduct the process simulation for CO2 separation, besides the CO2 solubility in 

ILs, the properties (e.g. density, viscosity, surface tension, heat capacity) of ILs and the 

solubility of other gas (e.g. CH4, N2, H2, CO) are required. Although a lot of ILs have been 

synthesized and the properties of ILs have been intensively studied, not all the required 

properties for each IL are available. In this work, the CO2 separation from biogas was chosen 

as a case study. Both the CO2 and CH4 solubilities are needed in order to evaluate the 

performance of ILs. However, the available experimental CH4 solubility in ILs is limited. 

Therefore, only three conventional ILs ([hmim][Tf2N], [bmim][Tf2N] and [bmim][PF6]) 

were chosen for further study owing to the available experimental data. All the experimental 

CH4 solubility was used without evaluation.  

The properties of ILs are also required in process simulation. The density, viscosity, surface 

tension and heat capacity of [hmim][Tf2N], [bmim][Tf2N] and [bmim][PF6] have been 

measured extensively at different temperatures and atmospheric pressure. The sources of 

these properties are summarized in Table 4.4. All the available experimental data from 

different sources is compared with each other for each property. It is found that the density 

and viscosity from different sources are consistent with each other, while the experimental 

surface tension and heat capacity of [hmim][Tf2N] and [bmim][PF6] from different sources 

show considerable discrepancies. The disparities may be due to the impurity of ILs. The 
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inconsistent data from the references [93, 96, 121, 123] was excluded in the further 

investigation.  

Table 4.4. Sources of experimental property of three imidazolium-based ILs. 

 Ref. 

Property Density Viscosity Surface tension Heat capacity 

[hmim][Tf2N] [83-90] [87-94] [83, 88, 95-97] [93, 98, 99] 

[bmim][Tf2N] [100-105] [89, 104, 106] [95, 97, 105, 107, 108] [103, 109] 

[bmim][PF6] [103, 106, 
110-118] 

[94, 106, 111, 
116, 119, 120] 

[96, 107, 115, 121, 
122] 

[123-127] 

 

After the evaluation, the consistent data from different sources was fitted to the empirical 

equations (3.7-3.10) in order to conduct process simulation. The comparison of the fitted 

results with the experimental data is illustrated in Figure 4.5. The effects of alkyl chain 

length of cation and anion on the property of these three ILs were further investigated.  

For [Tf2N]-based ILs, the density and surface tension decrease while the viscosity and heat 

capacity increase when the alkyl chain length of cation increases from [bmim] to [hmim]. 

This observation reveals that with increasing alkyl chain length of cation, the mass per unit 

volume (density) and the energy per unit area (surface tension) decrease, while the resistance 

to shear stress (surface tension) and heat capacity increase. 

For the ILs with the same cation but different anions (e.g. [bmim][Tf2N] and [bmim][PF6]), 

the viscosity and surface tension of [bmim][PF6] are much higher while the density and heat 

capacity are lower than [bmim][Tf2N] at one temperature. Compared to the effect of alkyl 

chain length of cation, the influence of anion is more pronounced, and the properties of ILs 

depend much on the specific anion. 
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Figure 4.5. Temperature-dependent property of [hmim][Tf2N], [bmim][Tf2N] and 
[bmim][PF6]. (a) density, (b) viscosity, (c) surface tension, (d) heat capacity. Symbols: 
experimental data. Curve: correlations. 

4.2 Measurement and modeling on novel ILs  

In this work, novel choline chloride/urea (ChCl/Urea) was studied to cope with the 

disadvantage of conventional ILs (such as high price and complex synthesis), and 

1-allyl-3-methylimidazolium formate ([Amim][HCOO]) was studied for CO2 separation 

due to the low viscosity. The effect of water on the property and gas solubility was further 

investigated. 

4.2.1 Density and viscosity 

The density and viscosity of dry and aqueous ChCl/Urea were measured at temperatures 

from 298.15 to 333.15 K at atmospheric pressure. Figure 4.6(a) shows the density of dry and 

aqueous ChCl/Urea. The density decreases with increasing temperature and water content. 

Figure 4.6(b) shows the viscosity of dry and aqueous ChCl/Urea. For dry ChCl/Urea, the 

viscosity decreases dramatically with increasing temperature. For example, the viscosity of 
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ChCl/Urea changes from 1571 to 107.7 mPa·s when the temperature changes from 298.15 

to 333.15 K. Water content has a significant effect on the viscosity of ChCl/Urea. For 

example, at 298.15 K, the viscosity of aqueous ChCl/Urea decreases to 323.9 mPa·s when 

the mole fraction of water is 0.1525, which is only 1/5 of the viscosity of dry ChCl/Urea 

(1571 mPa·s). With further increase of water content, the viscosity keeps decreasing, but 

not as notable as those at higher ChCl/Urea concentrations. 

For ChCl/Urea, the discrepancies exist for the viscosity measured in this work and by others. 

For example, at 313.2 K, the viscosity of ChCl/Urea is 403.2 mPa·s from this work, while the 

viscosities are 209.3 mPa·s from the work of Abbott et al. [29], 338.7±0.4 mPa·s from the 

work of Ciocirlan et al. [128] and 238.1 mPa·s from the work of Yadav et al. [129]. The 

relative deviations in viscosity at this temperature are 48%, 16% and 41%, respectively. The 

deviations may be due to the impurity of ChCl/Urea, especially the water content. 

 

 

 

 

 

 
Figure 4.6. Density (a) and viscosity (b) of the mixture of ChCl/Urea (1:2) and water. 
Symbols: experimental with different mole fractions of water , 0, this work; ►,0, 

Ciocirlan et al.[128]; , 0, Abbott et al.[29]; +, 0, Yadav et al.[129]; , 0.1525; , 

0.2566; , 0.3647; , 0.4670; , 0.5742; , 0.6880; ,0.8269. Curves: correlations. 

The density and viscosity of dry and aqueous [Amim][HCOO] were measured at 

temperatures ranging from 293.15 to 333.15 K at atmospheric pressure. The measured 

experimental results are shown in Figure 4.7. The observations are similar to those of 

ChCl/Urea. With the increase of temperature and water content, the density and viscosity 

decrease. Compared to the properties of ChCl/Urea, both the density and viscosity of 

[Amim][HCOO] are lower. The water influence on the viscosity is not notable, especially 

at high water concentrations.  
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Figure 4.7. Density (a) and viscosity (b) of aqueous [Amim][HCOO]. Symbols: 
experimental data with different mole fractions of water: , 0;  , 0.509; , 0.687; 

, 0.846; , 0.962; , 1. Curve: correlations. 

The density and viscosity of dry ChCl/Urea and dry [Amim][HCOO] were correlated by the 

empirical equations (eqs. 3.7 and 3.8). The density and viscosity of aqueous ChCl/Urea and 

aqueous [Amim][HCOO] cannot be predicted with the ideal mixing rule. Therefore, the 

quadratic mixing rule that embedded in Aspen Plus was used to correlate the density and 

viscosity of aqueous ILs (eqs. 3.12 and 3.13). The correlations are depicted in Figures 4.6 

and 4.7. 

4.2.2 CO2 and CH4 solubility 

The solubility of CO2 and CH4 in dry ChCl/Urea was determined at 308.2, 318.2 and 328.2 K 

and at pressures below 4.6 MPa. Figure 4.8(a) shows the solubility of CO2 in dry ChCl/Urea 

at different pressures. Within the investigated temperature and pressure ranges, the solubility 

of CO2 increases with increasing pressure and decreasing temperature. Figure 4.8(b) shows 

the solubility of CH4 in dry ChCl/Urea. Compared to the CO2 solubility, the solubility of CH4 

in dry ChCl/Urea is relatively low. For example, at 328.2 K and 3.6 MPa, the mole fraction of 

CO2 is 0.156, and the mole fraction of CH4 is 0.076, which decrease by 51%. 
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Figure 4.8. The solubility of CO2 (a) and CH4 (b) in ChCl/Urea. Symbols: experimental data. 

this work: , 308.2 K; , 318.2 K; , 328.2 K; Li et al.[36]: , 313.15 K; , 323.15 

K; , 333.15 K. Curves: −, correlations. 

The solubility of CO2 and CH4 in dry [Amim][HCOO] were measured at pressures below 2 

MPa and temperatures of 298.2, 313.2 and 333.2 K. The measured experimental results are 

depicted in Figure 4.9. Similar to the gas solubility in other ILs, the increase of pressure and 

decrease of temperature enhance the gas solubility in [Amim][HCOO]. Compared to the 

solubility of CH4, the CO2 solubility in [Amim][HCOO] is high. For example, at 298.2 K 

and 1 MPa, the mole fraction of CO2 is 0.226, while the mole fraction of CH4 is only 0.016. 

 
 

 

 

 

 

Figure 4.9. The solubilities of CO2 (a) and CH4 (b) in dry [Amim][HCOO] at different 

temperatures and pressures. Symbols: experimental data: , 298.2 K; , 313.2 K; ▲, 

333.2 K. Curve: correlations. 

The solubilities of CO2 and CH4 in dry ChCl/Urea and dry [Amim][HCOO] were 

represented by NRTL-RK model. As shown in Figures 4.8 and 4.9, the modeling results 
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display consistency with the experimental data. The fitted parameters can be implemented 

into Aspen Plus to perform the process simulation for CO2 separation.   

Besides the CO2 and CH4 solubility in dry ILs, the CO2 solubility in aqueous ChCl/Urea was 

measured at pressures up to 4.5 MPa and temperatures of 308.2, 318.2 and 328.2 K, and the 

CO2 solubility in aqueous [Amim][HCOO] was measured at pressures up to 1.8 MPa and 

temperatures of 298.2, 313.2 and 333.2 K. 

Figure 4.10(a) illustrates the experimental CO2 solubility in aqueous ChCl/Urea at 318.2 K. 

The CO2 solubility increases with increasing pressure. The increase of water content leads to 

the decrease of CO2 solubility, but the influence of water content on the CO2 solubility is not 

significant compared to its influence on the viscosity. For example, the CO2 solubility 

decreases by 31% at 318.2 K and 4.4 MPa while the viscosity decreases by 71% at 318.2 K 

when the mole fractions of water increase from 0 to 0.18. 

Figure 4.10(b) shows the CO2 solubility in aqueous [Amim][HCOO] at 298.2 K. Similar to 

aqueous ChCl/Urea, the CO2 solubility in aqueous [Amim][HCOO] increases with 

increasing pressure and decreasing water content. For example, at 298.2 K and 1 MPa, the 

mole fraction of CO2 decreases from 0.226 to 0.098 when the mole fraction of water in 

aqueous [Amim][HCOO] increases from 0 to 0.509. When the mole fraction of water is 

higher than 0.8, the decrease of CO2 solubility is not significant with the further increase of 

water content.  

 

 

 

  

    

Figure 4.10. The solubility of CO2. Symbols: experimental data (a) in aqueous ChCl/Urea. 

Water mole fractions: , 0; , 0.0185; , 0.0910; , 0.183. (b) in aqueous 

[Amim][HCOO]. Water mole fractions: , 0; , 0.509; , 0.687; , 0.846; , 0.962. 

Curve: correlations. 
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The solubilities of CO2 in aqueous ChCl/Urea and aqueous [Amim][HCOO] were 

represented by NRTL-RK model. As shown in Figure 4.10, the model results agree well with 

the experimental data. 

The absorption of CO2 in the studied ILs in this work is considered to be physical absorption, 

and thus Henry’s constant of CO2 plays an important role in modeling. For aqueous ILs, 

Henry’s constant in the mixed solvent needs to be determined. Generally, ideal mixing rules 

are used to describe the Henry’s constant of a gas in a mixed solvent, especially for modeling 

and simulation in Aspen Plus. As shown in Figure 4.11, the Henry’s constants of CO2 in the 

aqueous ILs do not follow the ideal mixing rule. The similar phenomenon was also observed 

in the study on the Henry’s constant of CO2 in the mixture of (water + [bmim][CH3SO4]) 

reported by Kumelan et al. [130]. This may be caused by the water influence on the 

interaction between cation and anion. The addition of water in ILs might break down the 

interaction between cation and anion due to the ion solvation by water molecules [131], 

leading to structure change of ILs. The properties of ILs were then changed obviously. 

 
 

 

 

 

 

Figure 4.11. The Henry’s constant of CO2. (a) In aqueous ChCl/Urea. , 308.2 K; , 

318.2 K; ▲, 328.2 K. (b) In aqueous [Amim][HCOO]. , 298.2 K; , 313.2 K; , 333.2 

K. 

4.2.3 Discussion on water effect on the properties of ILs 

Based on the experimental measurements on the properties and gas solubility conducted in 

this work and by others, it was revealed that the addition of water gives a considerable or 

even significant effect on the properties of ILs, leading to abnormal phenomena. To further 

analyse this abnormal phenomena, the excess property reflecting the non-ideal behavior of 

the mixture of two solvents (H2O and IL) was calculated from the measured experimental 
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data, and the results for aqueous ChCl/Urea were illustrated as an example. The excess 

properties include the excess molar volume, viscosity deviation, excess molar activation 

energy, excess molar enthalpy and excess Henry’s constant of CO2. 

Figure 4.12 shows the excess molar volume of aqueous ChCl/Urea at different temperatures 

over the entire mole fraction range. The excess molar volume is negative, which means that 

the molecular interactions between ChCl/Urea and water are strong and cause a volume 

contraction. The minimum value of excess molar volume is found when the mole fraction of 

water is 0.65~0.7. 

 

 

 

 

 

 

Figure 4.12. The excess molar volume of the mixture of (ChCl/Urea + H2O). Symbols: 

experimental data  , 298.15 K; , 303.15 K; , 308.15 K; , 313.15 K; , 318.15 

K; , 323.15 K; , 328.15 K; , 333.15 K. Curves: correlations. 

Figure 4.13 shows the viscosity deviation of aqueous ChCl/Urea at different temperatures 

over the entire mole fraction range. The value is negative, and the minimum value is found 

when the mole fraction of water is 0.35~0.4. 
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Figure 4.13. The viscosity deviation of the mixture of (ChCl/Urea + H2O). Symbols: 

experimental data  , 298.15 K; , 303.15 K; , 308.15 K; , 313.15 K; , 318.15 

K; , 323.15 K; , 328.15 K; , 333.15 K. Curves: correlations. 

Figure 4.14 shows excess molar activation energy of aqueous ChCl/Urea at different 

temperatures over the entire mole fraction range. The values of excess molar activation 

energy are negative when the temperature is from 298.15 to 313.15 K in the whole range, and 

a minimum value was found when the mole fraction of water is 0.35~0.4. The negative 

excess molar activation energy implies the strong interaction between ChCl/Urea and water. 

However, the values of excess molar activation energy change to positive when the 

temperature is 318.15 -333.15 K in water-rich region. This may be caused by the presence of 

water clusters. As the cation or anion of ILs is surrounded by water molecules, a complex 

structure is formed. 

 

 

 

 

 

Figure 4.14. The excess molar activation energy of the mixture of (ChCl/Urea + H2O). 

Symbols: experimental data  , 298.15 K; , 303.15 K; , 308.15 K; , 313.15 K; 

, 318.15 K; , 323.15 K; , 328.15 K; , 333.15 K. Curves: correlations. 
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The excess molar enthalpy of aqueous ChCl/Urea has been measured in our research group 

[132]. In order to gain insight into the excess properties, the results at 308.2 K were shown in 

Figure 4.15. It can be seen that the excess molar enthalpy of aqueous ChCl/Urea exhibits an 

“S-shaped” behavior. In the ChCl/Urea-rich region, the value of excess molar enthalpy is 

negative, indicating the exothermic process. When the mole fraction of water is around 0.6, 

the value of excess molar enthalpy is zero. In the H2O-rich region, the value changes to 

positive, and this implies that the mixing process is endothermic.  

 

 

 

 

 

 

Figure 4.15. The excess molar enthalpy of the mixture of (ChCl/Urea + H2O). 

As shown in Figure 4.16, the excess part of the Henry’s constant of CO2 in aqueous 

ChCl/Urea decreases with the increase of water content in the investigated range (xH2O < 

0.6). The current experimental results cannot provide the exact value, but theoretically, there 

will be a minimum value within the range of (0.6 < xH2O < 1). 

 

Figure 4.16. The excess Henry’s constant of CO2 in the mixture of (ChCl/Urea + H2O). 
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From the above observations of different excess properties, especially from excess molar 

activation energy and excess molar enthalpy, the mechanism for IL mixing with trace or a 

large amount of water can be different. In fact, IL is a molten salt, i.e. electrolyte. It has been 

revealed that when electrolyte (e.g. NaCl) mixes with H2O, the properties of NaCl change 

significantly due to the solvation of ions (Na+ and Cl-) [133]. For ChCl/Urea, similar to NaCl, 

at least Cl in ChCl/Urea will be solvated with H2O (hydration). This relative strong hydration 

interaction between H2O and ion can lead to heat release, and this is consistence with the 

observation of the excess molar enthalpy. Based on the theory for aqueous electrolyte 

solutions, the hydration (solvation) can be saturated with a certain amount of H2O, and after 

that the addition of additional H2O just mixes with IL. Based on all the results of excess 

properties, x H2O 0.6-0.7 can be the separating point, i.e. before this point, the hydration is 

the dominant contribution, while after that point, the mixing of two solvents is the dominant 

contribution. However, due to the limited available experimental results, the analysis can 

only be conducted for this special aqueous ILs. More research work needs to be carried out to 

further characterize the aqueous IL system. 

4.3 Performance evaluation for biogas upgrading 

Based on the preliminary survey, for conventional ILs, only three imidazolium-based ILs 

([hmim][Tf2N], [bmim][Tf2N] and [bmim][PF6]) can be used to conduct process simulation 

owing to their sufficient properties and gas solubilities. These three conventional ILs 

together with two novel ILs studied in this work were chosen in performance evaluation. 

The process simulation is essential in order to evaluate the performance of different ILs for 

CO2 separation. The commercial software Aspen Plus provides a tool to conduct this 

research. In this wok, the parameters for property of ILs and phase equilibria of gas-IL 

systems were implemented into Aspen Plus. The biogas upgrading (separate CO2 from the 

gas mixture of CO2 and CH4) was chosen as a case study. The conceptual processes for 

biogas upgrading with both conventional and novel ILs were simulated. The performances of 

these ILs were compared and evaluated. The IL-based technology was then studied with the 

integration of anaerobic digestion process. 

 

 



38 
 

4.3.1 Parameter and implementation 

The critical properties of pure components are required as one of inputs in the process 

simulation. The group contribution method was used to estimate the critical properties. The 

estimated critical properties, normal boiling temperatures and acentric factors of 

[hmim][Tf2N], [bmim][Tf2N], [bmim][PF6] and two novel ILs (ChCl/Urea and 

[Amim][HCOO]) are listed in Table 4.5.  

Table 4.5. Critical properties, normal boiling temperatures and acentric factors of ILs. 

IL Tb, K Tc, K Pc, bar Vc, cm3/mol Zc ω 

[hmim][Tf2N] 908.2 1297.8 23.89 1104 0.245 0.389 

[bmim][Tf2N] 847.0 1261.9 27.65 990.1 0.261 0.300 

[bmim][PF6] 554.6 719.4 17.28 762.5 0.220 0.792 

ChCl/Urea 445.6 644.4 49.35 254.4 0.229 0.661 

[Amim][HCOO] 667.5 909.3 33.19 521.3 0.229 0.799 

 

The thermodynamic and transport properties such as density, viscosity, surface tension and 

heat capacity play a vital role in process simulation. These properties for the three 

conventional ILs have been reported in the literatures, and the properties of two novel ILs 

were determined in this work. All the available experimental data was fitted to the empirical 

equations with the parameters listed in Table 4.6. 

Table 4.6. Parameters for temperature-dependent properties. 

Property Unit IL 
Parameters 

C1 C2 C3 

Density ρ/kg·m-3, T/K [hmim][Tf2N] 1636.5 -0.8915 - 

[bmim][Tf2N] 1718.3 -0.9456 - 

[bmim][PF6] 1614.0 -0.8306 - 

ChCl/Urea 1358.9 -0.5429 - 

[Amim][HCOO] 1349.0 -0.6070 - 
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Viscosity η/Pa·s, T/K [hmim][Tf2N] -223.1 13542.1 30.71 

[bmim][Tf2N] -57.55 5330.4 6.433 

[bmim][PF6] -304.4 18135.4 42.51 

ChCl/Urea -443.7 26670.2 62.14 

[Amim][HCOO] -523.5 28491.3 75.91 

Surface tension σ/ N·m-1, T/K [hmim][Tf2N] 0.0131 -8.617 22.69 

[bmim][Tf2N] 0.0127 -8.639 21.53 

[bmim][PF6] 0.0111 -6.073 8.531 

ChCl/Urea 0.0924 0.6043 0 

Heat capacity Cp/J·mol-1·K-1, T/K [hmim][Tf2N] 472.1 0.3581 0.00060 

[bmim][Tf2N] 499.1 -0.0549 0.00093 

[bmim][PF6] -464.0 4.780 -0.0063 

ChCl/Urea 117.3 0.2085 1.679E-12 

 
 
NRTL-RK model was used to describe the vapor-liquid equilibria. The parameters for 

Henry’s constants (h1-h4, υ1 and υ2 in eqs. 3.22 and 3.23) and the activity coefficient in the 

liquid phase for NRTL model (mij, mji , nij and nji in eq.3.26) were determined from the fitting 

of experimental data.  

For CO2-H2O and CH4-H2O systems, the model parameters were taken from Aspen 

databank.  

For CO2-IL and CH4-IL systems, the parameters were fitted to the experimental solubility 

data. Firstly, the coefficients for calculating the Henry’s constants were extrapolated from 

the measured gas solubility. Secondly, the parameters (υ1 and υ2) for infinite dilution partial 

volume were fitted by setting NRTL parameters to be zero using the solubility data at low 

pressures. Thirdly, the NRTL parameters were further fitted with the fixed υ1 and υ2 using the 

gas solubility in the whole investigated pressure range.  
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For CO2-H2O-ChCl/Urea and CO2-H2O-[Amim][HCOO] systems, the parameters between 

H2O and IL (ChCl/Urea, [Amim][HCOO]) were fitted to the solubility of CO2 in aqueous 

ChCl/Urea and aqueous [Amim][HCOO], respectively.  

For the gas mixture (e.g. the mixture of CO2 and CH4), no additional adjustable parameters 

between CO2 and CH4 were used to calculate the fugacity coefficient in the vapor phase. The 

parameters in NRTL model can be fitted to the solubility of gas mixture in a solvent. The 

solubility of the mixture of CO2 and CH4 was not available for all two studied novel ILs in 

this work, therefore, the NRTL model parameters between CO2 and CH4 were obtained from 

the fitting of experimental solubility of (CO2 + CH4) in [bmim][Tf2N] [134]. These fitted 

parameters were considered as transferable and used for predicting the solubility of the 

mixture of CO2 and CH4 in other ILs or aqueous ILs. 

All the parameters are summarized in Tables 4.7 and 4.8. 

Table 4.7. The parameters of Henry’s constant (MPa) and characteristic volume (υ1 and υ2). 

gas solvent h1 h2 υ1 υ2 

CO2 [hmim][Tf2N] 6.52 -1617.9 17.193 0.556 

CH4 [hmim][Tf2N] 4.066 -418.5 - - 

CO2 [bmim][Tf2N] 6.83 -1695.1 220.5 -0.0735 

CH4 [bmim][Tf2N] 4.848 -303.2 - - 

CO2 [bmim][PF6] 8.32 -2001.8 8.079 0.277 

CH4 [bmim][PF6] 7.807 -873.9 - - 

CO2 ChCl/Urea 7.655 -1599.3 0.263 - 

CH4 ChCl/Urea 6.196 -752.4 0.0992 - 

CO2 [Amim][HCOO] 8.191 -2286.4 - - 

CH4 [Amim][HCOO] 10.05 -1765.2 - - 

  h1 h2 h3 h4 

CO2 H2O 157.56 -8741.6 -21.669 0.0011026 

CH4 H2O 181.48 -9111.7 -25.038 0.00014343 
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Table 4.8. The NRTL binary parameters. 

Component i Component j mij mji nij nji cij= cji 

CO2 [hmim][Tf2N] 0.51 1.58 -253.82 -433.01 0.2 

CH4 [hmim][Tf2N] -5.5 11.21 704.57 -1884.2 0.2 

CO2 [bmim][Tf2N] 4.5 0.82 -640.52 -715.34 0.2 

CH4 [bmim][Tf2N] -0.066 -1.34 250.87 153.62 0.2 

CO2 [bmim][PF6] -0.66 3.34 982.75 -1506.6 0.2 

CH4 [bmim][PF6] -1.54 -0.04 -503.33 -97.95 0.2 

CO2 ChCl/Urea 0.50 -4.48 -1236.1 3032.6 0.2 

CH4 ChCl/Urea 39.50 0 -10000 0 0.2 

CO2 [Amim][HCOO] -10.41 20.54 2101.6 -4417.0 0.2 

CH4 [Amim][HCOO] -5.58 13.77 177.98 -1786.0 0.2 

CO2 H2O 10.06 10.06 -3268.1 -3268.1 0.2 

CH4 H2O 0 0 1948.87 562.113 0.3 

H2O ChCl/Urea 1.613 -0.48 -538.95 134.90 0.2 

H2O [Amim][HCOO] -19.48 4966.8 -16.235 3422.9 0.2 

CO2 CH4 17.023 -7.3085 8.7759 67.012 0.1 

 

4.3.2 Biogas upgrading using ILs 

The process simulation for biogas upgrading was conducted in Aspen Plus. The conceptual 

process is illustrated in Figure 3.2. For the conventional ILs, due to the low vapor pressure of 

ILs, the solvent was regenerated by decreasing pressure. The processes of biogas upgrading 

with [hmim][Tf2N], [bmim][Tf2N] and [bmim][PF6] were simulated, respectively. As shown 

in Table 4.9, the amount of recirculated solvent and the total energy demand for upgrading 

process follow: [bmim][Tf2N] < [bmim][PF6] < [hmim][Tf2N]. The power requirements of 

pump are different because of the differences on the amounts of recirculated solvents. The 

compression work contributes 60-65% to the total energy demand. 
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Table 4.9. Simulation results for biogas upgrading using ILs 

[hmim][Tf2N] [bmim][Tf2N] [bmim][PF6] 

Diameter of absorber, m 0.53 0.46 0.66 

Make-up solvent, t/h 0.372 0.360 0.365 

Recirculated solvent,  t/h 24.45 23.64 23.97 

Power, kW    

COMP 1 13.205 13.205 13.205 

COMP 2 15.945 13.546 13.410 

PUMP 7.744 6.884 9.444 

VACUUM PUMP 8.454 7.447 8.453 

total 45.348 41.082 44.512 

 

For the novel ILs, the processes of biogas upgrading with both aqueous ChCl/Urea and 

aqueous [Amim][HCOO] were simulated. The effect of water content on the process 

performance was studied. The results for aqueous ChCl/Urea are shown in Figure 4.17. The 

amount of aqueous ChCl/Urea decreases and the amount of air increases with increasing of 

ChCl/Urea content. When the content of ChCl/Urea is higher than 50 wt%, the amount of 

air increases sharply due to the difficulty in desorption. The total electrical power of biogas 

upgrading decreases when the percentage of ChCl/Urea changes from 0 to 50 wt%. When the 

content of ChCl/Urea is more than 50 wt%, the total electrical power decreases but not so 

obvious. Therefore, 50 wt% aqueous ChCl/Urea can be a recommended solvent. 

        

Figure 4.17. Effect of water content on the solvent recirculation, air flow rate and total 
electrical power demand of biogas upgrading. 
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4.3.3 Comparison and evaluation on the performance of ILs 

Based on the preliminary investigation (Table 4.9), it is found that [bmim][Tf2N] is the most 

promising IL with the lowest energy demand among the investigated conventional ILs. For 

ChCl/Urea, the investigation shows that the solvent with 50 wt % ChCl/Urea is the suitable 

one. For [Amim][HCOO], the solvent with 90 wt % [Amim][HCOO] was chosen for the 

further study considering the viscosity. Therefore, the performances of H2O, 50 wt % 

ChCl/Urea-H2O, 90 wt % [Amim][HCOO]-H2O and [bmim][Tf2N] were studied. 

Figure 4.18 shows the comparison of the densities and viscosities of these representative 

solvents. It can be seen that the densities of two aqueous ILs are similar to each other and 

lower than that of [bmim][Tf2N]. The viscosities of the solvents follow the same order with 

their densities, i.e. H2O < (50 wt % ChCl/Urea-H2O) < (90 wt % [Amim][HCOO]-H2O ) < 

[bmim][Tf2N]. 

 

 

 

 

 

 

Figure 4.18. (a) density and (b) viscosity of four solvents. 

For chemical absorption, the gas absorption capacity (i.e. loading) is a key factor to 

determine the performance of solvent. While for physical absorption, both gas absorption 

capacity and selectivity are the vital factors. Figure 4.19 compared the CO2 loadings in these 

four solvents. The results show that the CO2 loading in aqueous ChCl/Urea is the highest.  
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Figure 4.19. CO2 loading in four solvents at 313.2 K. 

The selectivity of CO2 to CH4 was calculated based on the mole fractions of CO2 and CH4 

predicted with Aspen Plus. Assuming that the mixture of CO2 and CH4 was separated at 

293.2 K and 0.8 MPa, the predicted selectivities for these four solvents are shown in Figure 

4.20. It can be seen that the CO2/CH4 selectivity in water is the highest, and it is the lowest in 

[bmim][Tf2N]. Comparing the results shown in Figure 4.19 and 4.20, the performance of 

different solvents on the CO2 absorption capacity and CO2/CH4 selectivity are quite different, 

and it is hard to tell which solvent is more efficient for CO2 separation. This makes it 

essential to conduct process simulation to investigate their performance. 

 

 

 

 

 

 

Figure 4.20. CO2/CH4 selectivity at 293.2 K and 0.8 MPa for four solvents 

In order to evaluate the performance of different solvents, the processes of biogas upgrading 

with H2O, [bmim][Tf2N], 50 wt % ChCl/Urea-H2O,  and 90 wt % [Amim][HCOO]-H2O, 

were simulated. Table 4.10 lists the simulation results, in which the water content is based on 

the mass fraction (wt %). The recirculated water is about twice of the recirculated 

[bmim][Tf2N], and about 6 times of recirculated aqueous [Amim][HCOO]. The pump power 
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for water scrubbing is quite large due to the large amount of recirculated water because of the 

low CO2 solubility in water. The vacuum pump was needed only for the process with 

[bmim][Tf2N], resulting in a higher energy demand compared to aqueous ChCl/Urea and 

aqueous [Amim][HCOO]. Compared to water scrubbing, the total energy demand for 

[bmim][Tf2N] scrubbing decreases about 10 %, while the energy demand for aqueous 

[Amim][HCOO] scrubbing decreases around 30 %. Therefore, in the next section, aqueous 

[Amim][HCOO] scrubbing was chosen as a reference case when integrating the upgrading 

process with the anaerobic digestion process. 

Table 4.10. The energy demands of the biogas upgrading process with different solvents. 

Unit H2O [bmim][Tf2N] 50% ChCl/Urea 

+ 50% H2O* 

90% [Amim][HCOO] 

+ 10% H2O* 

Make-up solvent, t/h 0.71 0.33 0.15 0.12 

Recirculated solvent,  

/h

46 22 9.0 7.8 

Power, kW     

COMP 1 13 13 12 12 

COMP 2 14 14 13 11 

PUMP 15 6.6 4.0 3.7 

VACUUM PUMP - 7.5 - - 

BLOWER 3.6 - 3.6 3.6 

Total 46 41 33 30 

Total, kWh/ Nm3 0.20 0.18 0.15 0.14 

*wt% 
 

4.3.4 Integration of biogas upgrading 

In order to promote the application of IL-based technology, the unit of biogas upgrading 

was integrated with anaerobic digestion processes. The composition of raw biogas with 

respect to CH4 concentration and gas flow rate are dependent on the type and amount of 

substrate as well as the configuration of anaerobic digestion process. The amount of raw gas 

and the methane content of the raw gas were collected from six different co-digestion plants 

in Sweden and Norway. The amount of raw gas is from 0.44 106 to 3.86 106 Nm3/year, 

and the methane content of the raw gas is ranging from 61 % to 69 %. A sensitivity analysis 

was performed to investigate the effect of methane content and raw gas flow rate on energy 
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demand of the aqueous [Amim][HCOO] scrubbing, which is shown in Figure 4.21. There is 

a decrease of approx. 6 % in energy demand when the methane content of raw gases 

increases from 50 % to 70 %. Assuming the methane content is 63 %, the energy demand 

decreases 7.2 % when the raw biogas flow rate varies from 0.44 106 to 7.7 106 Nm3/year. 

With increasing biogas flow rate up 19 106 Nm3/year, the decrease of energy demand is not 

notable. 

 
 

 

 

 

 

Figure 4.21. Effect of (a) methane content in raw biogas and (b) raw biogas flow rate on the 
energy demand. 
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5 Conclusions 

In this work, CO2 separation with ILs was systematically studied from property 

measurements, thermodynamic modeling to process simulation. 

For conventional ILs, their available properties as well as gas solubility were surveyed and 

evaluated. CO2 absorption enthalpy and energy demand for IL regeneration were analysed. It 

was found that the trend of CO2 absorption enthalpy in ILs can be predicted from the CO2 

loading based on the chain length of cation, while the influence of anion was more 

complicated. Based on the estimated energy demand for solvent regeneration, three ILs were 

screened with the lowest energy demand for different options. The pressure swing process 

has the lowest energy demand in the investigated cases. In addition, it was found that the 

available experimental gas solubilities for other gases (CH4, N2, H2, CO) was still limited, 

which hinders the evaluation of IL-based technology for CO2 separation. 

For novel ILs, the properties and gas solubilities were determined experimentally and 

represented by empirical equations or thermodynamic models. The effect of water on the 

properties of ILs and gas solubility was investigated. The results showed that the density, 

viscosity and gas solubilities decreased with increasing of water content and the addition of 

trace water decreased the viscosity of dry ILs significantly. The study of excess molar 

volume, excess molar activation energy, viscosity deviation and excess molar enthalpy 

revealed that at low water concentrations, the interactions between the IL-ion and water were 

strong and ion hydration was dominant. At high water concentrations, a complex structure 

was formed, and the mixing of two solvents was dominant. 

The performance of ILs for CO2 separation was evaluated by conducting process 

simulation of CO2 separation from biogas (biogas upgrading). It indicated that the IL-based 

technology was promising with respect to the amount of recirculated solvent and the total 

energy demand for biogas upgrading, especially for aqueous [Amim][HCOO] and aqueous 

ChCl/Urea. The integration of biogas upgrading with anaerobic digestion process showed 

that the energy demand for biogas upgrading can be decreased by increasing the methane 

content in biogas or by increasing the raw biogas flow rate. 
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6 Future work  

Based on the research work carried out in this thesis, the following research is suggested to 

conduct in the near future.  

Firstly, the excess property of aqueous ILs reflects the interaction behaviour in the mixture, 

and it will be interesting to further study the hydration characteristics of ILs. The excess 

properties, such as the excess molar volume and the excess molar enthalpy, can be 

determined experimentally, and the structure or the mixing scheme of IL-H2O systems can 

be analysed. 

Secondly, a techno-economic assessment is required to investigate the overall benefit of 

ILs as absorbents for CO2 separation because both the energy demand and investment cost 

are the important factors for the practical applications of IL-based technology in the 

industry. Moreover, the requirements for CO2 separation using ILs from different gas 

streams are different, and the evaluations of IL-based technology with different specific 

processes need to be further studied. 
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ABSTRACT: To study the effect of water on the properties of choline chloride
(ChCl)/urea mixtures (1:2 on a molar basis), the density and viscosity of ChCl/
urea (1:2) with water were measured at temperatures from 298.15 K to 333.15 K
at atmospheric pressure, the CO2 solubility in ChCl/urea (1:2) with water was
determined at 308.2 K, 318.2 K, and 328.2 K and at pressures up to 4.5 MPa.
The results show that the addition of water significantly decreases the viscosity of
ChCl/urea (1:2), whereas the effects on their density and CO2 solubility are
much weaker. The CO2 solubility in ChCl/urea (1:2) with water was
represented with the Nonrandom-Two-Liquid Redlich−Kwong (NRTL-RK)
model. The excess molar volume and excess molar activation energy were further
determined. The CO2 absorption enthalpy was calculated and dominated by the
CO2 dissolution enthalpy, and the magnitude of the CO2 dissolution enthalpy
decreases with the increase of water content.

1. INTRODUCTION

CO2 separation plays an important role in the development of
renewable energy and the mitigation of CO2 emissions.1−3

However, CO2 separation using the current state-of-the-art
technology, the aqueous (water-based) amine technology, costs
in the range of $50 to $100 per ton,4 which is much too high
for most applications. In addition, this technology is environ-
mentally unacceptable because of the volatility of amine. It is
necessary to explore a cost-effective and environmentally
benign CO2 separation technology.
Ionic liquids (ILs) are environmentally benign solvents that

have shown great potential to be used as liquid absorbents for
CO2 separation.

5,6 However, the complicated synthesis process
leads to high prices for most ILs, which has hindered extensive
research and applications of ILs in practice. Recently, deep
eutectic solvents have received much more attention in
chemical and physical sciences and are considered as a new
type of IL.7−9 Among them, choline chloride-based ILs are
cheap, biodegradable, and easily synthesized. In addition, it is
also promising to use this kind of ILs for CO2 separation.

10,11

In order to develop and design a new CO2 separation process
based on choline chloride-based ILs, it is essential to obtain
thermophysical properties of pure ILs and their mixtures with
other solvents. Water, as an impurity of ILs and of CO2-
mixtures for separation, is also a green and cheap solvent that
can dramatically decrease the viscosity of some ILs. All of these
make it crucial to study the effect of water on the properties of
choline chloride-based ILs. The effects of water on the density,
viscosity, vapor pressure, and heat capacity of choline chloride/
glycerol and choline chloride/ethylene glycol have been

studied.12−15 For choline chloride/urea, the effect of water on
the Henry’s constant of CO2, vapor pressure, and heat capacity
have been studied. However, the effect of water on the CO2
solubility in choline chloride/urea up to high pressures has not
yet been investigated. Therefore, more research work is
required.
The goal of this work was to systematically study the effect of

water on some of the physical and thermodynamic properties of
choline chloride/urea. The density and viscosity of choline
chloride/urea with water were determined. Based on the
experimental data measured in this work, the excess molar
volume and excess molar activation energy were calculated to
reveal the intermolecular interactions between choline
chloride/urea and water. The CO2 solubilities in choline
chloride/urea with water were measured and represented with a
thermodynamic model, in which the fugacity coefficient of CO2
in the vapor phase was calculated with Redlich−Kwong (RK)
equation of state and the activity coefficient of CO2 in the
liquid phase was calculated with nonrandom two-liquid
(NRTL) model. In addition, the enthalpy of CO2 absorption
was estimated and analyzed based on the thermodynamic
model (NRTL-RK).

2. EXPERIMENTAL SECTION

2.1. Materials. Choline chloride (ChCl, mass fraction
≥99%) was produced by Sinopharm Chemical Reagent Co,
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Ltd., China. Urea (mass fraction ≥99%) was produced by
Xilong Chemical Reagent Co, Ltd., China. CO2 (mole fraction
≥99.9%) was received from Beijing Bei Temperature Gas
Factory. The chemicals were analytical reagent (A. R.) grade
and used as received. The mixture of choline chloride and urea
(ChCl/urea) used in this work was all based on the molar ratio
of 1:2 (choline chloride:urea) The mixture was prepared by
heating ChCl and urea with a molar ratio of 1:2 at 353.15 K
until a homogeneous liquid was formed. Samples were dried
under vacuum at 333.15 K for 72 h. The water content of the
dried ChCl/urea (1:2) was determined by Karl Fischer titration
analysis, which was 1200 ± 100 ppm.
2.2. Density and Viscosity Measurements. The densities

of solutions were measured by a high-precision vibrating tube
densimeter (Anton Paar DMA 5000, Anton Paar Co., Austria)
with the combined expanded uncertainties Uc (ρ) = 0.0001 g·
cm−3 (level of confidence = 0.95). The accuracy of temperature

measurements is ±0.01 K. The viscosities of solutions were
measured by the Anton Paar AMVn Automated Mircovisc-
ometer according to Hoeppler’s falling ball principle. The
combinations of capillary/ball with different diameters (1.6
mm, 1.8 mm, 3.0 mm, 4.0 mm, etc.) can be selected to measure
viscosities from 0.3 mPa·s to 2500 mPa·s. Calibration was
carried out using ultrapure water. The temperature accuracy is
±0.01 K and the relative expanded uncertainties for the
viscosities are Ur (η) = 0.005 (level of confidence = 0.95).

2.3. CO2 Solubility Measurements. The setup used to
measure the gas solubilities in a solvent was illustrated in
previous work.16 The apparatus consisted of a gas reservoir, an
equilibrium cell, a magnetic stirrer, and two pressure trans-
ducers. The gas reservoir and equilibrium cell were placed in a
water bath. During the experiment, an accurate amount of
solvent was loaded into the equilibrium cell. The volume of the
solvent was determined by the mass and density at the

Table 1. Experimental Density ρ and Calculated Excess Molar Volumes VE for the Mixture of ChCl/Urea (1) + Water (2) at
Pressure P = 0.1 MPaa

x2 298.15 K 303.15 K 308.15 K 313.15 K 318.15 K 323.15 K 328.15 K 333.15 K

ρ/g·cm−3

0 1.1979 1.1952 1.1927 1.1901 1.1875 1.1849 1.1823 1.1797
0.1525 1.1907 1.1880 1.1854 1.1827 1.1801 1.1774 1.1748 1.1721
0.2566 1.1841 1.1815 1.1788 1.1761 1.1735 1.1708 1.1681 1.1655
0.3647 1.1759 1.1733 1.1707 1.1680 1.1653 1.1626 1.1600 1.1570
0.4670 1.1659 1.1632 1.1606 1.1579 1.1552 1.1525 1.1498 1.1471
0.5742 1.1527 1.1500 1.1475 1.1448 1.1421 1.1394 1.1367 1.1337
0.6880 1.1330 1.1304 1.1277 1.1251 1.1224 1.1196 1.1169 1.1141
0.8269 1.0951 1.0927 1.0901 1.0875 1.0849 1.0822 1.0794 1.0766
1 0.9971 0.9957 0.9941 0.9922 0.9898 0.9881 0.9857 0.9832

VE/cm3·mol−1

0 0 0 0 0 0 0 0 0
0.1525 −0.0800 −0.0731 −0.0652 −0.0618 −0.0591 −0.0544 −0.0514 −0.0493
0.2566 −0.1079 −0.1042 −0.0929 −0.0864 −0.0828 −0.0759 −0.0718 −0.0684
0.3647 −0.1443 −0.1377 −0.1292 −0.1218 −0.1181 −0.1096 −0.1051 −0.0896
0.4670 −0.1648 −0.1563 −0.1427 −0.1343 −0.1304 −0.1208 −0.1159 −0.1118
0.5742 −0.1934 −0.1828 −0.1721 −0.1623 −0.1583 −0.1468 −0.1413 −0.1285
0.6880 −0.1994 −0.1872 −0.1726 −0.1619 −0.1582 −0.1451 −0.1387 −0.1332
0.8269 −0.1639 −0.1510 −0.1379 −0.1274 −0.1249 −0.1106 −0.1038 −0.0968
1 0 0 0 0 0 0 0 0

ax2 is the mole fraction of water in the mixture of (ChCl/urea + water). Standard uncertainties u are u(T) = 0.01 K, u(P) = 10 kPa, u(x2) = 0.0001,
and the combined expanded uncertainties Uc are Uc(ρ) = 0.0001 g·cm−3 (level of confidence = 0.95).

Figure 1. Densities of {ChCl/urea (1) + water (2)}. (a) At different mole fraction of water. Symbols: □, 0, this work; ▶, 0, Ciocirlan et al.;17 ■,
0.1525; ○, 0.2566; ●, 0.3647; △, 0.4670; ▲, 0.5742; ▽, 0.6880; ▼, 0.8269. (b) At two temperatures. Symbols: ◆, 303.15 K, this work; ◇, 303.15
K, Yadav et al.;18 × , 303.15 K, Su et al.;19 ○, 303.15 K, Leron et al;20 ★, 333.15 K, this work; ☆, 333.15 K, Yadav et al.18 +, 333.15 K, Su et al.19

Curves: correlations.
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temperature and pressure of interest. The gas was introduced
into the gas reservoir and the pressure was recorded with the
pressure transducers. Then an amount of gas was introduced
into the equilibrium cell and dissolved in the solvent. It was
considered to have reached equilibrium if the pressure
remained a constant for 4 h, and the corresponding solubility
pressure was measured with the pressure transducers. The
moles of gas dissolved in the liquid phase were determined
from the pressure change in the gas reservoir, the equilibrium
pressure, and the volume of the equilibrium cell. This was based
on the assumption that the vapor pressures of the solvents were
negligible. For ChCl/urea, as a type of IL, the vapor pressure is
negligible. For ChCl/urea with water, it was also assumed that
the water content in the vapor phase is very low and can be
neglected, that is, only CO2 was assumed to exist in the vapor
phase. More discussions on this assumption were given in
section 3.3.
The uncertainties of the CO2 solubility measurement consist

of the system errors of pressure, temperature and the volumes
of gas reservoir, and equilibrium cell. The precision of pressure
transducers is 0.075%, the accuracy of temperature and volume
measurements is 0.1 K and 0.5 mL. The overall uncertainty for
the measured solubility of CO2 was estimated to be within
±1%.

3. RESULTS
3.1. Density of (ChCl/Urea + Water). The densities of

{ChCl/urea (1) + water (2)} were measured at temperatures
from 298.15 K to 333.15 K at atmospheric pressure. The
measured experimental densities are listed in Table 1. The
densities decrease linearly with increasing temperature at
certain water content as shown in Figure 1. With the increase
of mole fraction of water (x2), the densities illustrate a
polynomial decrease.
The densities of ChCl/urea (i.e., the mole fraction of water

x2 is zero) were measured by Clocirlan et al.17 and in this work.
The comparison shows that the experimental densities
measured in this work agree well with those in the literature17

as shown in Figure 1a, and the average relative deviation in
density is less than 0.16%. The effect of water on the densities
of ChCl/urea was also studied by Yadav et al.,18 Su et al.,19 and
Leron et al.20 The comparison at 303.15 K and 333.15 K is
illustrated in Figure 1b. Again, the experimental data measured
in this work agrees well with those from others’ work.
The excess molar volume (VE) of {ChCl/urea (1) + water

(2)} was calculated from the density data using the equation

= − −V V x V x VE
m 1 1 2 2 (1)

It can also be equivalently expressed as

ρ ρ ρ
= + − −

⎡
⎣
⎢⎢

⎤
⎦
⎥⎥V

x M x M x M x M( )E 1 1 2 2

m

1 1

1

2 2

2 (2)

where x is the mole fraction in the liquids phase, V is the liquid
molar volume, ρ is the liquid density, M is the molecular
weight, and the subscripts 1, 2, and m stand for ChCl/urea,
water, and their mixture, respectively.
The calculated VE is also listed in Table 1. The variations of

VE at different temperatures over the entire mole fraction range
are shown in Figure 2. Similar distributions were found
compared to the VE of other solvents in the literature.21−26 The
values of the excess molar volume are negative and the
minimum value was found at x2 ≈ 0.65 within the studied

temperature range. The negative values indicate that the
intermolecular interactions between ChCl/urea and water are
strong and cause a volume contraction. The strong
intermolecular interactions lead to a lower vapor pressure of
{ChCl/urea (1) + water (2)} compared to pure water, which is
consistent with the data reported in the literature.12 It is also
observed that the VE increases with increasing temperature,
which means that the molecular bonding becomes weak with
increasing temperature.
Redlich−Kister equation27 was used to fit the excess

properties (VE)

∑= −
=

V x x A x x( )
n

n
nE

1 2
0

4

1 2
(3)

∑=
=

A a Tn
i

i
i

0

1

(4)

where n is the number of the estimated parameters, ai is the
lineally/polynomial coefficient to represent Ai, and T is the
absolute temperature. The fitted parameters are listed in Table
2 with the fitting error of 0.02%.

3.2. Viscosity of (ChCl/Urea + Water). The viscosities of
{ChCl/urea (1) + water (2)} were measured at temperatures
from 298.15 K to 333.15 K and at atmospheric pressure. The
results are listed in Table 3 and illustrated in Figure 3. The
temperature effect on the viscosity of ChCl/urea is significant,
which is also similar to other pure ILs,28−30 that is, the viscosity
significantly decreases with increasing temperature. The
viscosity is very high at low temperatures. For example, at
298.15 K, the viscosity of ChCl/urea is 1571 mPa·s. When the
temperature increases up to 333.15 K, the viscosity of ChCl/
urea decreases to 107.7 mPa·s.
The viscosity of {ChCl/urea (1) + water (2)} decreases

dramatically with increasing water content. Figure 3a shows
that the increase of temperature decreases the viscosity, but it is
not as notable as those with lower water contents. For example,
at 298.15 K, when the mole fraction of water increases to
0.1525 (the mass fraction of water is 3.61%), the viscosity
decreases to 323.9 mPa·s that is only one-fifth of the viscosity
compared to pure ChCl/urea (1571 mPa·s). With further
increase in water content, the viscosity keeps decreasing, but
not as notable as those at higher ChCl/urea concentrations.

Figure 2. Excess molar volume VE of {ChCl/urea (1) + water (2)}.
Symbols: ■, 298.15 K; □, 303.15 K; ●, 308.15 K; ○, 313.15 K; ▲,
318.15 K; △, 323.15 K; ▼, 328.15 K; ▽, 333.15 K. Curves:
correlations.
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Abbott et al.9 measured the viscosities of ChCl/urea at
293.15 K, 303.15 K, 313.15 K, and 323.15 K. Ciocirlan et al.17

measured the viscosities of ChCl/urea at temperatures from
308 K to 348 K. Yadav et al.18 measured the viscosities of
ChCl/urea at temperatures from 293.15 K to 363.15 K. The
viscosities measured in this work were compared with those in

the literatures.9,17,18 It was found that discrepancies exist as
shown in Figure 3a. At 313.2 K, the viscosity of ChCl/urea is
403.2 mPa·s from this work, whereas the viscosities are 209.3
mPa·s from the work of Abbott et al.,9 338.7 ± 0.4 mPa·s from
the work of Ciocirlan et al.17 and 238.1 mPa·s from the work of
Yadav et al.,18 respectively. The relative deviations in viscosity

Table 2. Redlich−Kister Coefficients of the Excess Molar Volume VE and Excess Molar Active Energy AE for the Mixture of
ChCl/Urea (1) + Water (2)

VE AE

cm3·mol−1 J·mol−1

a0 a1 a0 a1 a2

A0 −2.636 6.475 × 10−3 −2.149 × 105 1.167 × 103 −1.561
A1 1.186 −2.513 × 10−3 1.321 × 105 −8.095 × 102 1.278
A2 −2.589 7.659 × 10−3 7.299 × 104 −5.769 × 102 1.110
A3 1.394 −4.791 × 10−3 −6.984 × 105 4.431 × 103 −7.045
A4 −0.3618 8.714 × 10−4 3.929 × 105 −2.212 3.054

Table 3. Experimental Viscosity η and Calculated Excess Molar Activation Energy AE for the Mixture of ChCl/Urea (1) + Water
(2) at Pressure P = 0.1 MPaa

x2 298.15 K 303.15 K 308.15 K 313.15 K 318.15 K 323.15 K 328.15 K 333.15 K

η/mPa·s

0 1571 953.7 608.4 403.2 277.2 195.9 143.6 107.7
0.1525 323.9 222.5 152.8 112.7 83.68 66.36 52.13 42.52
0.2566 113.8 83.87 64.34 50.38 40.31 32.84 27.03 22.72
0.3647 45.06 35.51 28.57 23.37 19.38 16.32 13.94 12.03
0.4670 21.10 17.37 14.54 12.36 10.60 9.191 8.030 7.078
0.5742 10.22 8.743 7.578 6.620 5.845 5.221 4.699 4.165
0.6880 5.076 4.448 3.951 3.521 3.226 2.897 2.645 2.389
0.8269 2.261 2.027 1.843 1.621 1.513 1.388 1.277 1.182
1 0.894 0.801 0.723 0.656 0.599 0.549 0.506 0.469

AE/J·mol−1

0 0 0 0 0 0 0 0 0
0.1525 −867.3 −717.2 −676.5 −533.4 −459.6 −256.4 −167.9 −48.52
0.2566 −1403 −1188 −963.8 −755.0 −564.9 −363.7 −214.3 −70.24
0.3647 −1588 −1313 −1065 −832.6 −629.2 −416.1 −234.9 −78.80
0.4670 −1499 −1213 −951.4 −701.5 −483.9 −262.5 −80.23 79.91
0.5742 −1269 −988.4 −729.7 −491.1 −274.6 −45.12 154.7 273.9
0.6880 −907.7 −671.6 −445.7 −245.9 −11.77 157.4 327.5 438.2
0.8269 −462.7 −298.2 −129.4 −72.29 108.8 239.1 345.1 446.5
1 0 0 0 0 0 0 0 0

ax2 is the mole fraction of water in the mixture of (ChCl/urea + water). Standard uncertainties u are u(T) = 0.01 K, u(P) = 10 kPa, u(x2) = 0.0001,
and the relative expanded uncertainties for the viscosities Ur(η) = 0.005 (level of confidence = 0.95).

Figure 3. Viscosities of {ChCl/urea (1) + water (2)}. (a) At different mole fractions of water. Symbols: ■, 0, this work; ▶, 0, Ciocirlan et al.;17 × ,
0, Abbott et al.;9 +, 0, Yadav et al.;18 □, 0.1525; ●, 0.2566; ○, 0.3647; ▲, 0.4670; △, 0.5742; ▼, 0.6880; ▽, 0.8269. (b) At two temperatures.
Symbols: ◆, 303.15 K, this work; ◇, 303.15 K, Yadav et al;18 ★, 333.15 K, this work; ☆, 333.15 K, Yadav et al.18 Curves: correlations.
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at this temperature are 48%, 16%, and 41%, respectively. In the
current work, it was found that the water content has a
significant effect on the viscosity of ChCl/urea, but there is no
information about the water content in these literatures.9,17,18

Therefore, we may suggest that the discrepancies are due to
trace water contents in ChCl/urea.
Yadav et al.18 measured the viscosity of (ChCl/urea + water)

at temperatures from 293.15 K to 363.15 K. The measured
viscosity of (ChCl/urea + water) at 303.15 K and 333.15 K in
this work was compared with that reported by Yadav et al.18

The comparison is shown in Figure 3b. It was found that the
viscosity measured in this work is higher than that measured by
Yadav et al.18 at lower water concentrations, but the
experimental data agrees well with each other at higher water
concentrations.
The excess molar energy of activation (AE) was calculated

from the measured viscosities on the basis of Eyring’s absolute
reaction rate theory,31 that is

η η η= − −A RT V x V x V[ln( ) ln( ) ln( )]E
m m 1 1 1 2 2 2 (5)

where R is the gas constant and η is the viscosity.
The calculated excess molar energy of activation is listed in

Table 3. The calculated excess molar energies of activation were
also correlated with the Redlich−Kister equation (eqs 3 and 4)
by replacing VE with AE. The fitted temperature-dependent
Redlich−Kister coefficients are listed in Table 2 with the fitting
error of 2.7%.
Figure 4 shows the excess molar activation energies at

different temperatures over the entire mole fraction. At low

temperatures, with increasing water content, the excess molar
activation energy decreases to a minimum value at x2 ≈ 0.37
and then increases. At high temperatures, it shows an S-shape
curve, that is, with increasing water content, the excess molar
activation energy decreases to a minimum value at x2 ≈ 0.37
and then increases to a maximum value at 0.7 < x2 < 0.8. The
values are negative in the whole region at low temperatures
(298.15 K to 313.15 K), but they change to positive at high
temperatures (318.15 K to 333.15 K) in the water-rich region.
This tendency was also observed by Yadav et al.18 The negative
excess molar activation energy implies the strong interaction
between ChCl/urea and water. With increasing temperature,
the interaction becomes weak. The positive excess molar
activation energy at high temperatures and in the water-rich

region is caused by the intensive hydrogen bonding network
formed within the mixture as proposed by Yadav et al.18

3.3. CO2 Solubility in (ChCl/Urea + Water). Before the
measurements of the CO2 solubility in (ChCl/urea + water),
the CO2 solubility in water at 308.2 K was measured to
calibrate the accuracy of the solubility equipment. The
measured CO2 solubility in water was compared with the
data reported by Valtz et al.32 as shown in Figure 5. The

solubility data measured in this work and that from the
literature32 are in good agreement, which implies that it is
reasonable to neglect the vapor pressure of water and the
measurements are reliable.
The solubilities of CO2 in (ChCl/urea + water) were further

measured at pressures up to 4.5 MPa and temperatures of 308.2
K, 318.2 K, and 328.2 K. The experimental results are listed in
Table 4 and illustrated in Figure 6. Within the temperature and
pressure ranges investigated in this work, the solubility of CO2
decreases with increasing water content. When the water
content is high, the influence of water on the CO2 solubility is

Figure 4. Excess molar activation energy of {ChCl/urea (1) + water
(2)}. Symbols: ■, 298.15 K; □, 303.15 K; ●, 308.15 K; ○, 313.15 K;
▲, 318.15 K; △, 323.15 K; ▼, 328.15 K; ▽, 333.15 K. Curves:
correlations.

Figure 5. Solubilities of CO2 in water at 308.2 K: ■, this work; ○,
Valtz et al.32

Table 4. Solubilities of CO2 (xCO2
) in the Mixture of ChCl/

Urea (1) + Water (2)a

308.2 K 318.2 K 328.2 K

wH2O P xCO2
P xCO2

P xCO2

MPa MPa MPa

0.0185 0.651 0.043 0.726 0.040 0.673 0.040
1.527 0.083 1.592 0.075 1.530 0.073
2.453 0.120 2.499 0.105 2.482 0.103
3.455 0.152 3.454 0.129 3.468 0.126
4.376 0.169 4.352 0.147 4.480 0.139

0.0910 0.706 0.038 0.669 0.030 0.702 0.032
1.661 0.081 1.540 0.064 1.551 0.059
2.618 0.11 2.504 0.094 2.472 0.089
3.527 0.136 3.478 0.121 3.436 0.111
4.504 0.151 4.356 0.139 4.457 0.129

0.183 0.692 0.036 0.781 0.030 0.659 0.025
1.591 0.078 1.616 0.061 1.551 0.054
2.544 0.097 2.511 0.091 2.498 0.079
3.577 0.127 3.460 0.115 3.480 0.098
4.499 0.143 4.396 0.130 4.486 0.110

awH2O is the mass fraction of water in the (ChCl/urea + water). xCO2
is

the mole fraction of CO2 in the (ChCl/urea + water). Standard
uncertainties u are u(P) = 10 kPa and u(x) = 0.002.
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not notable, for example, at 308.2 K and 3.5 MPa, the solubility
of CO2 is 0.152 when the mass fraction of water (wH2O) is

0.0185, and it decreases to 0.127 when wH2O = 0.183. With
increasing temperature, the solubility of CO2 decreases, but the
influence is small, for example, at 3.4 MPa and wH2O = 0.0185,
the solubilities of CO2 are 0.152, 0.129, and 0.126 when the
temperatures are 308.2 K, 318.2 K, and 328.2 K, respectively.
The addition of water has an effect on the CO2 solubility in

ChCl/urea but it decreases the viscosity of ChCl/urea
significantly. The decrease of viscosity will enhance the heat
and mass transfer and decrease the size of equipment, whereas
the decrease of CO2 solubility will decrease the capacity and
then increase the energy consumption in the CO2 separation
process. Thus, a balance between viscosity and CO2 solubility
should be considered in order to capture CO2 with a high
efficiency.
The CO2 solubility measured in this work can be represented

with the following equation:

φ γ= *νPy H xCO CO CO CO CO2 2 2 2 2 (6a)

where P is the pressure, yCO2
is the mole fraction of CO2 in the

vapor phase, φCO2

ν is the fugacity coefficient of CO2 in the vapor

phase, HCO2
is the Henry’s law constant, xCO2

is the CO2 mole

fraction in the liquid phase, and γCO2
* is the activity coefficient of

CO2 in the liquid phase at the infinite dilution reference state.
For the system studied in this work, the vapor pressure of

ChCl/urea is negligible. Based on previous investigation,33 for
H2O−CO2 system, the maximum water content in the vapor
phase is less than 0.004 (mole fraction) at 323.15 K and 4.51
MPa. The effect of ChCl/urea upon is a “salt-in effect”, that is,
the water content in the vapor phase decreases with increasing
content of ChCl/urea in the liquid phase. Therefore, it is
reasonable to assume that only CO2 exists in the vapor phase,
that is, yCO2

= 1. During the experimental measurements, it was
assumed that the water in the vapor phase was very low and was
neglected. This discussion confirms the reliability of the
measurements. Following this, the CO2 solubility in (ChCl/
urea + water) can be simplified as

φ γ= *νP H xCO CO CO CO2 2 2 2 (6b)

The Henry’s law constant of CO2 was expressed by

=
∞⎛

⎝⎜⎜
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⎠⎟⎟H T P H T

V P

RT
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CO
2 2
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→H T P x( ) lim ( / )xCO 0 CO COi2 2 2 (8)

where HCO2
(T,P) is the Henry’s law constant of CO2 at system

temperature and pressure, HCO2
(T) is the Henry’s law constant

of CO2 at zero pressure, and VCO2

∞ is the infinite dilution partial
volume of CO2 in solvent.
The Redlich −Kwong (RK) equation of state was used to

calculate the fugacity of CO2 in the vapor phase34
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where a, b, A, and B are parameters calculated from the critical
temperature and pressure. The critical temperature and
pressure of CO2 were obtained from NIST webbook35 with
the values of 304.2 K and 7.38 MPa, respectively.
The fugacity coefficient of CO2 was calculated with

φ = − − − − +Z Z BP A B BP Zln 1 ln( ) ( / )ln(1 / )2

(10)

Figure 6. Solubilities of CO2 in (ChCl/urea + water). Symbols are
experimental data at different mole fractions of water: ■, 0.0185; ●,
0.0910; ▲, 0.183. Curve: results of NRTL-RK model.
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The NRTL model was used to represent the activity
coefficient of CO2 in the liquid phase. The CO2 solubility
was measured at a certain fixed molar ratio of water to ChCl/
urea. It was assumed that the solution with a fixed molar ratio
of water to ChCl/urea was one pseudocomponent in the liquid
phase. Based on this assumption, there are two components,
that is, CO2 (1) and solvent (2), the mixture of ChCl/urea and
water, in the liquid phase, and the activity coefficient of CO2 in
the liquid phase can be calculated by the following equations:

γ τ τ=
+

+
+

⎡
⎣
⎢⎢

⎛
⎝⎜

⎞
⎠⎟

⎤
⎦
⎥⎥x

G
x x G

G
x x G

ln
( )1 2

2
21

21

1 2 21

2
12 12

2 1 12
2

(11)

ατ ατ= − = −G Gexp( )and exp( )12 12 21 21

In this work, α was assumed to be 0.2, and the binary
interaction parameters τ12 and τ21 were dependent on the
temperature and water content and modeled by

τ τ τ τ
τ τ τ

τ τ τ τ
τ τ τ
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In modeling, HCO2
(T) was obtained by an extrapolation of

the measured CO2 solubility data (eq 8) with the
corresponding fugacity coefficient of CO2 calculated with RK
equation of state. The obtained HCO2

(T) at different temper-

atures are listed in Table 5. HCO2
(T) changes slightly with water

content due to the slight decreases in CO2 solubility with
increasing water content. For example, at 308.2 K, HCO2

(T)
varies from 14.2 MPa to 18.0 MPa when the mass fraction of
water changes from 0.0185 to 0.183.
In the work of Su et al.,19 the CO2 solubility in (ChCl/urea +

water) was measured at atmospheric pressure (0.1 MPa) and
the Henry’s constant was obtained based on very limited gas
solubility data. The Henry’s constants reported by Su et al.19

vary from (31.8 to 55) MPa when the mass fractions of water
change from 0.0106 to 0.183 at 308 K, which is much higher
than those from this work. As no original solubility data was
reported in the work of Su et al.,19 we could not draw more
comparisons and analyses. In this work, the solubility data were
measured systematically, the calibration has shown that the

measured data are reliable, and we think that the data obtained
in this work are reliable.
Based on the obtained Henry’s constant, τ12

(i), τ21
(i), and VCO2

∞

were set as adjustable parameters and obtained from the fitting
of the CO2 solubility in ChCl/urea with water measured in this
work. The fitted parameters are listed in Tables 5 and 6. The

comparison of the model results with the experimental data
measured at 308.2 K, 318.2 K, and 328.2 K is shown in Figure
6, which shows that NRTL-RK model can be used to represent
the CO2 solubility in ChCl/urea with water accurately.
The enthalpy of CO2 absorption in (ChCl/urea + water) can

be further calculated from the following equations:

Δ = Δ + + ΔH H n H(1 )abs dis
ex

(14)

Δ = −
∂

∂
⎛
⎝
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⎞
⎠
⎟⎟H RT

H T P

T

ln ( , )
dis

2 CO2

(15)

∑ γ
Δ = −

∂
∂

H RT x
T

ln
i

iex 2
(16)

where ΔHabs is the enthalpy of CO2 absorption, ΔHdis is the
enthalpy of CO2 dissolution, ΔHex is the excess enthalpy, and n
is the moles of solution to absorb one mole of CO2.
The enthalpy of CO2 absorption in (ChCl/urea + water) at

308.2 K with different water contents is illustrated in Figure 7.
The excess enthalpy is positive when the mass fractions of
water is 0.0185 are 0.0910, which means a positive deviation of
ideal state. When the mass fraction of water is 0.183, the excess
enthalpy is negative. The magnitude of the CO2 dissolution
enthalpy decreases with increasing water content. Compared to
the excess enthalpy, the CO2 dissolution enthalpy is dominant,
and the contribution to the overall absorption enthalpy of CO2
in (ChCl/urea + water) is around 78% to 97%. Thus, the
overall absorption enthalpy of CO2 in (ChCl/urea + water) is
dominated by the enthalpy of CO2 dissolution. The enthalpy of
CO2 absorption in (ChCl/urea + water) at other temperatures
shows similar tendency to that at 308.2 K.

4. CONCLUSION
The effect of water on the density, viscosity and CO2 solubility
in ChCl/urea was studied. The density and viscosity of ChCl/
urea with water were measured at different temperatures and
atmospheric pressure, it was found that both density and
viscosity decrease with increasing temperature and water
content. The water content has a significant influence on the
viscosity of (ChCl/urea + water). The solubilities of CO2 in
(ChCl/urea + water) were measured at temperatures of 308.2
K, 318.2 K, and 328.2 K and pressures from 0.6 MPa to 4.5
MPa. The CO2 solubility decreases with increasing water
content, but the influence of the water content on the CO2

Table 5. Henry’s Law Constants (HCO2
) and Infinite Dilution

Partial Volume (VCO2

∞ ) of CO2 in the Mixture of ChCl/Urea
(1) + Water (2)a

wH2O HCO2
VCO2

∞

MPa cm−3·mol

308.2 K 318.2 K 328.2 K

0.0185 14.2 16.2 20.3 83.9
0.0910 16.6 20.9 22.3 84.0
0.183 18.0 22.1 23.8 84.1

awH2O is the mass fraction of water in the mixture of (ChCl/urea +

water). VCO2

∞ is the infinite dilution partial volume of CO2 in solvent.

Table 6. Parameters for NRTL-RK Model

parameters parameters

τ12 τ12
(0) −14.6147 τ21 τ21

(0) −357.036
τ12
(1) 175.847 τ21

(1) 489.858
τ12
(2) −176.112 τ21

(2) −104.946
τ12
(3) −16401.9 τ21

(3) 155484
τ12
(4) −10229.3 τ21

(4) −248619
τ12
(5) 30128.6 τ21

(5) 86311.6
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solubility is not significant compared to its influence on the
viscosity.
The excess molar volumes and excess molar activation energy

were further calculated from the experimental density and
viscosity. NRTL-RK was used to represent the CO2 solubility in
ChCl/urea with water, and the CO2 absorption enthalpy was
further calculated and analyzed. The CO2 absorption enthalpy
in ChCl/urea + water is dominated by the enthalpy of CO2
dissolution, and the magnitude of enthalpy for CO2 dissolution
decreases with increasing water content.
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Abstract 

In this work, aqueous [Amim][HCOO] was studied as a potential sorbent for CO2 separation. The 

density and viscosity of the aqueous [Amim][HCOO] were measured at temperatures ranging from 

293.15 to 333.15 K, at atmospheric pressure. The solubility of CO2 and CH4 in dry 

[Amim][HCOO] as well as the CO2 solubility in aqueous [Amim][HCOO] were measured at 

pressures up to 1.8 MPa and temperatures of 298.2, 313.2 and 333.2 K. The results showed that 

the density and viscosity of aqueous [Amim][HCOO] as well as the CO2 solubility in aqueous 

[Amim][HCOO] decreases with increasing water concentration and temperature. Also, the 

viscosity was very sensitive to the water concentration. The experimental density and viscosity of 

aqueous [Amim][HCOO] were fitted to the semi-empirical equations, and the excess molar 

volume and viscosity deviations were calculated to investigate the interaction between the 

[Amim][HCOO] ionic liquid and water. The experimental vapor-liquid equilibrium was 

represented with the Non-Random Two-Liquid and Redlich-Kwong (NRTL-RK) model. The 

model parameters can be further implemented into Aspen Plus software to conduct process 

simulations for CO2 separation.  

Keywords: aqueous [Amim][HCOO], property, gas solubility, thermodynamic modeling 

1. Introduction 

CO2 emissions have been recognized as an important contributing factor to global warming and 

climate change. It has been perceived that there will be a rise of 1.9-3.5 °C in the global 

temperature by the year 2100 and an increase in the mean sea level of 18-30 cm  – both issues that 

will be accompanied with many anticipated distresses [1]. Thus, the CO2 emissions have to be 

controlled and reduced. CO2 capture and storage or utilization is considered as the most promising 



ways of mitigating greenhouse emissions whereby the more efficient CO2 separation from gaseous 

mixtures is required [2]. Meanwhile, CO2 separation plays an important role in the development of 

renewable energy production [3,4]. For example, in the production of synthetic hydrocarbons via 

the Fischer-Tropsch technology, the inert CO2 needs to be removed to increase the efficiency and 

selectivity towards higher hydrocarbons; in the hydrogen production, CO2 is removed to purify 

hydrogen; in the biogas production, CO2 is removed to increase the content of methane and render 

the product suitable as a transportation fuel.  

A number of CO2 separation technologies have been developed in recent decades. CO2 separation 

using the current state-of-the-art technology, e.g. the aqueous amine technology, costs $50 to $100 

per ton carbon, a cost which is too high to be implemented in the aforementioned applications [5]. 

In addition, this technology is environmentally unacceptable because of the volatility, corrosivity 

and instability of the amines. Therefore, it is necessary to explore new cost-effective and 

environmentally benign CO2 separation technologies. Since Blanchard et al. first reported high 

CO2 solubility in ionic liquids (ILs) in 1999 [6], ILs have been attracting much attention to be used 

as liquid sorbents in CO2 separation due to their favorable properties, such as non-volatility, 

thermal stability, high acid gas solubility, low energy usage for the ILs regeneration, and so forth.  

Therefore, to develop ILs for CO2 separation, a lot of research work has been conducted focusing 

on the synthesis of new ILs, and studies of gas solubility and physical properties of conventional 

ILs. However, the studies of the water influence on the gas solubility and the property of ILs are 

still limited. This is crucial as water is one of the main impurities in CO2 streams. Meanwhile, the 

viscosity of ILs is generally high compared to organic solvents, and water is often used as a co-

solvent to decrease the viscosity of ILs [7-10]. Another option is to synthesize ILs with low 

viscosity. Recently, Fukaya et al. [11, 12] found that the ILs composed of the imidazolium cation 

with an allyl group have low melting points and moderate viscosity at room temperature, and the 

ILs containing anions comprising of a carboxylic acid are generally the ones having a low 

viscosity. A particular case is the 1-allyl-3-methylimidazolium formate ([Amim][HCOO]), and it 

has been studied in cellulose chemistry [13-16]. However, the application of this IL as a liquid 

sorbent for CO2 separation has never been reported.  

The goal of this work was to study [Amim][HCOO] as a potential sorbent for CO2 separation. As 

water is an impurity of gas streams and also a co-solvent that decreases the viscosity and lowers 

the overall cost of the solvent, the influence of water on the properties and gas solubility was 

measured experimentally in this work. The experimental data was represented by the empirical 

equations. The model parameters will be further implemented into Aspen Plus to conduct process 

simulation for CO2 separation in the future work.  



2. Experimental section 

2.1 Materials and Synthesis of ILs 

2.1.1 Materials 

1-methylimidazole and allyl chloride were purchased from Sigma Aldrich Ltd., and allyl chloride 

was redistilled before further use. Sodium hydroxide (≥99.8%) was obtained from Merck. Ethanol 

(≥99.5%) was purchased from Solveco Ltd. Amberlite IR-400 OH resin was purchased from 

Sigma Aldrich Ltd. Formic acid (≥ 95%) was purchased from Sigma Aldrich Ltd. 

2.1.2. Preparation of 1-allyl-3-methylimidazolium chloride 

A 500 mL, three-necked, round-bottomed flask was equipped with a nitrogen inlet adapter, a 

reflux condenser equipped with calcium chloride, a drying tube, a Teflon-coated magnetic stirring 

bar, and an addition funnel provided with a pressure-equalizer arm. The flask was flushed with 

nitrogen and charged with 0.25 mol redistilled 1-methylimidazole and acetonitrile (250 mL). The 

solution was stirred and cooled in an ice–salt bath, and then 0.375 moles of allyl chloride was 

added dropwise while maintaining the temperature below 5 °C. The mixture was stirred at 60 °C 

for 24 h under nitrogen atmosphere and then cooled down to room temperature. The volatile 

material was removed from the resulting yellowish solutions under reduced pressure. The 

remaining light-yellow oil was re-dissolved in isopropanol (ca. 50 mL). Tetrahydrofuran (THF) 

was added (ca. 500 mL), and the white solid precipitated out. The white solid was filtered and then 

dried under high vacuum for 6 hrs.   

2.1.3. Preparation and characterization of 1-allyl-3-methylimidazolium formate 

10.0 g Amberlite IRA-400(R-OH) in deionized water was loaded in a 20 cm × 1.5 cm 

chromatography column. 1-allyl-3-methylimidazolium chloride (2 g) was dissolved in 50 mL 

deionized water and the solution was loaded to the column carefully. This solution was passed 

through the column with the flow rate of 1 mL/min followed by deionized water (50 mL). The 

eluent was collected. Finally, 1-allyl-3-methylimidazolium hydroxide was neutralized by an 

equimolar quantity of formic acid (with respect to 1-allyl-3-methylimidazolium chloride). The 

prepared 1-allyl-3-methylimidazolium formate ([Amim][HCOO]) was dried by heating at 60 °C 

under high vacuum (4 x 10-2 mbar), followed by freeze drying. The water content of the dry 

[Amim][HCOO] was determined by Karl Fischer titration analysis, which was 5000±200 ppm. 

The synthesized IL was characterized by Nuclear Magnetic Resonance Spectroscopy (NMR) 

Bruker AV 400. 1H NMR and 13C NMR spectra were recorded on a Bruker DRX-400 and 

calibrated using the residual peak of solvents as an internal standard [CDCl3 (CHCl3 δH 7.26 ppm, 



CDCl3 δC 77.0 ppm), CD3OD (CD3OD δH 3.31 ppm, CD3OD δC 49.0 ppm, DMSO-d6 δH 2.50 

ppm, δC 39.52 ppm). 
1H-NMR (DMSO-d6, 400Hz):- δ (ppm) 3.95 (s, 3H), 4.90 (d, 2H), 5.33 (m, 2H), 6.12 (m, 1H),  

7.85(s,1H), 7.90 (s,1H), 8.71 (s, 1H), 9.94 (s,  1H). 

2.2 Property and gas solubility measurements 

The densities of the solutions were measured by an Anton Paar DMA 4100M vibrating-tube 

densimeter with a precision of 10-4 g·cm-3. The accuracy of the temperature measurements was 

0.05 K. The uncertainty in the density measurements was estimated to be roughly around 5 10-4 

g·cm-3. The viscosities of the solutions were measured by Bohlin CVO 100 rheometry. A cone-on-

plate geometry was used with a 1º cone angle and 20 mm cone diameter. The lower plate had a 

diameter of 60 mm. During the experiments, the temperature was maintained at a temperature 

interval of 293.15 to 333.15 K. The accuracy of the temperature measurements was 0.1 K. 

The setup used to measure the gas solubility in a solvent was illustrated in our previous work [9]. 

The apparatus consisted of a gas reservoir, an equilibrium cell, a magnetic stirrer and two pressure 

transducers. Briefly, the gas solubility was measured as follows: first, the accurate amount of 

solvent was loaded in the equilibrium cell; At the next step, the gas was introduced into the gas 

reservoir and the pressure was recorded with the pressure transducers; As the third step, the gas 

was introduced from the gas reservoir into the equilibrium cell and dissolved in the solvent. The 

pressures of the gas reservoir and the equilibrium cell were recorded. The moles of gas dissolved 

in the liquid phase were determined from the pressure change in the gas reservoir, the equilibrium 

pressure and the volume of the equilibrium cell. 

2.3 Experimental results 

2.3.1 Density and viscosity 

The density and viscosity of the aqueous [Amim][HCOO] were measured at temperatures ranging 

from 293.15 to 333.15 K, at atmospheric pressure. The results are listed in Table 1. With 

increasing water concentration, the density and viscosity of aqueous [Amim][HCOO] decreased. 

Comparing the aqueous solutions with the dry [Amim][HCOO], the density of aqueous 

[Amim][HCOO] decreased by 0.65% and the viscosity decreased by 76.4% at 293.15 K when the 

mass fraction of water was 0.10. Therefore, a small amount of water decreased significantly the 

viscosity of [Amim][HCOO]. 

With increasing temperature, the density of aqueous [Amim][HCOO] decreased linearly, while the 

viscosity showed a polynomial decrease. For example, when the temperature increased from 

293.15 to 313.15 K, the density of (0.9 [Amim][HCOO] + 0.1 H2O, mass fraction) decreased by 



11%, and the viscosity decreased by 40%. Thus the viscosity is more sensitive to the temperature 

in comparison to the density, especially for a mixture with a low water concentration.   

Table 1. Experimental density and viscosity of aqueous [Amim][HCOO] ( mw is mass fraction of 
water). 

             mw 

T/K

ρ / g·cm-3 η / mPa·s 

0 0.10 0.19 0.37 0.73 0 0.10 0.19 0.37 0.73 

293.15 1.171 1.164 1.148 1.112 1.041 128 30.0 15.9 10.1 7.48 
298.15 1.168 1.160 1.145 1.109 1.039 91.5 24.3 14.2 9.83 7.05 
303.15 1.165 1.157 1.142 1.106 1.037 65.5 21.0 13.1 9.71 6.73 
308.15 1.162 1.154 1.139 1.103 1.035 50.2 19.1 12.7 9.58 6.67 
313.15 1.159 1.151 1.136 1.100 1.032 38.9 18.1 12.4 9.32 6.48 
318.15 1.156 1.148 1.132 1.096 1.030 30.4 16.0 12.1 9.02 6.33 
323.15 1.153 1.145 1.129 1.093 1.027 25.2 15.2 11.9 8.96 6.15 
328.15 1.150 1.142 1.126 1.090 1.024 21.2 14.3 11.6 8.70 5.96 
333.15 1.147 1.139 1.123 1.087 1.021 18.2 14.1 11.4 8.59 5.74 

 

2.3.2 Gas solubility 

The solubility of both CO2 and CH4 in dry [Amim][HCOO] was measured at pressures up to 1.8 

MPa and at temperatures of 298.2, 313.2 and 333.2 K. It was assumed that only CO2 or CH4 exit in 

the vapor phase because of the low vapor pressure of the IL. The experimental results are listed in 

Table 2. The CO2 solubility in dry [Amim][HCOO] was much higher than that of CH4. For 

example, at 1 MPa and 298.2 K, the mole fraction of CO2 in [Amim][HCOO] was 0.226, while the 

mole fraction of CH4 only reached 0.016. Moreover, the mole fractions of CO2 and CH4 at the 

investigated temperatures and pressures were up to 0.288 and 0.026, respectively. 

The CO2 solubility in aqueous [Amim][HCOO] was measured at different pressures up to 1.8 MPa 

and temperatures of 298.2, 313.2 and 333.2 K. The mass fraction of water in the mixture solvent 

was varied at 0.10, 0.19, 0.37 and 0.73. The measured results are illustrated in Table 3. For the 

aqueous system studied in the experimental work, it was assumed that the vapor pressures of 

[Amim][HCOO] and H2O were negligible. As described in our previous work [9], the water 

content in the vapor phase was very low and could be neglected for the CO2-H2O systems under 

investigation. In fact, the strong interaction between H2O and [Amim][HCOO] further decreased 

the content of water in the vapor pressure. Therefore, during the experimental measurements, it 

was reasonable to assume that only CO2 existed in the vapor phase. 



Table 2. The solubilities of CO2 and CH4 in dry [Amim][HCOO]. 

298.2 K 313.2 K 333.2 K  298.2 K 313.2 K 333.2 K 

P/MPa  P/MPa  P/MPa   P/MPa  P/MPa  P/MPa  

0.177 0.087 0.187 0.068 0.208 0.049  0.208 0.003 0.210 0.003 0.210 0.002 

0.417 0.137 0.410 0.106 0.430 0.078  0.426 0.007 0.439 0.005 0.457 0.004 

0.716 0.185 0.693 0.141 0.693 0.108  0.723 0.012 0.691 0.007 0.708 0.006 

1.055 0.226 1.057 0.184 1.015 0.143  1.058 0.016 1.071 0.013 1.064 0.011 

1.379 0.257 1.360 0.206 1.348 0.167  1.382 0.021 1.465 0.017 1.439 0.014 

1.881 0.288 1.844 0.236 1.887 0.196  1.873 0.026 1.894 0.022 1.893 0.018 

 

Table 3. Solubilities of CO2 in aqueous [Amim][HCOO]. 

298.2 K 313.2 K 333.2 K 298.2 K 313.2 K 333.2 K 

P/MPa  P/MPa  P/MPa  P/MPa  P/MPa  P/MPa  

mw=0.10 mw=0.19 

0.203 0.015 0.208 0.011 0.203 0.009 0.199 0.011 0.201 0.008 0.198 0.007 

0.394 0.038 0.415 0.026 0.408 0.023 0.392 0.026 0.406 0.021 0.413 0.017 

0.666 0.065 0.666 0.050 0.660 0.040 0.665 0.050 0.667 0.0340 0.676 0.033 

0.994 0.098 1.004 0.080 1.010 0.064 1.016 0.076 1.015 0.058 1.000 0.055 

1.390 0.131 1.372 0.107 1.388 0.088 1.411 0.100 1.395 0.081 1.365 0.068 

1.838 0.169 1.826 0.134 1.841 0.109 1.846 0.122 1.860 0.096 1.838 0.080 

mw=0.37 mw=0.73 

0.204 0.006 0.209 0.005 0.205 0.004 0.208 0.005 0.204 0.003 0.198 0.002 

0.418 0.019 0.402 0.012 0.437 0.009 0.415 0.017 0.401 0.010 0.413 0.006 

0.676 0.036 0.676 0.022 0.714 0.015 0.683 0.031 0.662 0.020 0.697 0.012 

1.013 0.054 1.041 0.034 1.022 0.023 1.030 0.044 1.027 0.031 1.040 0.021 

1.407 0.070 1.431 0.048 1.411 0.033 1.419 0.060 1.426 0.044 1.421 0.029 

1.860 0.086 1.859 0.059 1.882 0.048 1.862 0.073 1.876 0.054 1.867 0.039 

 



The CO2 solubility in the aqueous [Amim][HCOO] decreased with increasing water concentration. 

Upon addition of 0.1 mass fraction of water to dry [Amim][HCOO] at 298.2 K and 1 MPa , the 

CO2 solubility decreased from 0.226 to 0.098 (a decrease of 57%). However, the CO2 solubility 

decreased from 0.054 to 0.044 (a decrease of 19%) when the mass fraction of water increased from 

0.37 to 0.73. It indicates that the CO2 solubility significantly decreased upon the addition of a 

small amount of water in the IL, while the effect of water on the CO2 solubility was not notable at 

high water concentrations. 

The decrease in the CO2 solubility upon addition of water into the [Amim][HCOO] can be 

explained with the strong interaction between water and IL, i.e. the stronger interaction of H2O-

[Amim][HCOO] compared to that of CO2-[Amim][HCOO] appears to degas CO2 out of the 

solvent system. 

3. Thermodynamic modeling 

3.1 Thermo-physical properties of ILs 

3.1.1 Property estimation 

For ILs, the critical physical properties cannot be experimentally determined. In this work, they 

were estimated by the group contribution method developed by Valderrama et al. [17, 18], and the 

results are listed in Table 4. 

Table 4. Estimated properties of the [Amim][HCOO] IL. 

IL Tb, K Tc, K Pc, Mpa Vc, cm3/mol Zc ω 

[Amim][HCOO] 667.5 909.3 3.319 521.3 0.229 0.799 

 

3.1.2 Dry [Amim][HCOO] 

The experimental density and viscosity of dry [Amim][HCOO] were correlated by the empirical 

equations: 

                                   (1) 

                       (2) 

where V represents the mole volume in cm3·mol-1, M is the molecular weight of the 

[Amim][HCOO] (168.19 g mol-1), ρ is the liquid density in g·cm-3, η is the liquid viscosity in 



mPa s, T is the temperature in Kelvin, and c1 to c5 are the equation coefficients. The fitted 

parameters are listed in Table 5. The average absolute relative deviations for the mole volume and 

liquid viscosity were 0.0047% and 0.66%, respectively. 

Table 5. The parameters in equations (1) and (2). 

c1 c2 c3 c4 c5  

121.04 0.077 -523.545 28491.3 75.908  

 

3.1.3 Aqueous [Amim][HCOO] 

It was found that the density and viscosity of aqueous [Amim][HCOO] cannot be predicted with 

the ideal mixing rule embedded in Aspen Plus. Therefore, the experimental data was correlated 

with the quadratic mixing rule in Aspen Plus. The equations are shown as: 

                                        (3) 

                                                                                             (4) 

                         (5) 

where kij and lij are the binary parameters, and xi and xj represent the mole fractions of the 

components i and j, respectively.  

The correlation was based on the mole fraction of the component, and the corresponding mass and 

mole fractions of water in the aqueous [Amim][HCOO] are listed in Table 6.  

In essence, Fig. 1 depicts the comparison of the experimental data with the correlation results. As 

can be seen, the model fitted to the experimental data excellently. The correlated interaction 

parameters are shown in Table 7, and can be implemented into Aspen Plus directly. 

 

Figure 1. Density (a) and viscosity (b) of the aqueous [Amim][HCOO]. Symbols: experimental 
data, water mole fractions:, , 0;  , 0.509; , 0.687; , 0.846; , 0.962; , 1. Curve: 
correlations. 



Table 6. The mass and mole fractions of water in aqueous [Amim][HCOO]. 

Mass fraction mw 0.10 0.19 0.37 0.73  

Mole fraction xw 0.509 0.687 0.846 0.962  

 

Table 7. The parameters in equations (3) and (5). 

xw 0.509 0.687 0.846 0.962 

kij -0.076 -0.070 -0.045 -0.0071 

lij -0.50 -0.73 -1.3 -4.2 

 

In order to illustrate the non-ideality of the aqueous [Amim][HCOO], the excess molar volume 

(VE) and viscosity deviation (Δη) were calculated according to the following equations: 

                                  (6) 

                                   (7) 

As shown in Fig. 2(a), the excess molar volumes of the aqueous [Amim][HCOO] exhibit negative 

deviations from ideality, thus indicating that the intermolecular interactions between the 

[Amim][HCOO] and H2O were strong and result in a volume contraction. Upon increasing 

temperatures, the magnitude of the negative value increased and can be attributed to the influence 

of the hydrogen bond. When comparing the mole volumes of dry [Amim][HCOO] (144.4 cm·mol-

1, 303.15 K) and pure water (18.21 cm·mol-1, 303.15 K), the excess molar volumes reported here 

were relatively small, but the density of the aqueous [Amim][HCOO] still needed to be adjusted in 

order to represent the experimental data well. 

As shown in Fig. 2(b), when the mole fraction of water was below 0.7, the viscosity of the aqueous 

[Amim][HCOO] gave rise strong negative deviations, at low temperatures. For example, when the 

mole fraction of water was 0.509, at 303.15, the magnitude of viscosity deviations reached 17.6% 

for the viscosity of dry [Amim][HCOO] (65.5 mPa·s). As a consequence, the ideal mixing rule 

cannot be used to study the viscosity of the aqueous [Amim][HCOO]. Upon increasing 

temperatures, the deviations were moderated and exhibited positive values. At high water 

concentrations (xw > 0.95), the viscosity deviations changed and gave a positive contribution. The 

same phenomenon was also observed by Rodriguez et al. for the ([emim][TFA] + H2O) system 

[19]. 



 
Figure 2. The excess molar volume (a) and viscosity deviations (b) for the aqueous 

[Amim][HCOO], at different temperatures. , 293.15 K; , 303.15 K; , 313.15 K; , 323.15 

K; , 333.15 K. 

3. 2 Phase equilibrium 

3.2.1 Gas solubility in dry [Amim][HCOO] 

The vapor-liquid equilibrium for a gas i (CO2 and CH4) in dry [Amim][HCOO] was expressed as: 

                                    (8) 

where P represents the system pressure, Hi is the Henry’s constant of gas i in the liquid phase, i
v 

is the fugacity coefficient of gas i in the vapor phase, yi and xi are the mole fractions of the 

component i in the vapor and liquid phases, respectively, and i and i 
∞ describe the activity 

coefficient and the infinite activity coefficient of the component i in the liquid phase, respectively. 

The fugacity coefficient of the gas i was calculated by the Redlich–Kwong (RK) equation [20]:    
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The critical temperatures (Tci) and pressures (Pci) of CO2 and CH4, were obtained from the Aspen 

Plus databank with the values of (304.2 K, 7.38 MPa) and (190.6 K, 4.60 MPa), respectively. 

The Henry’s constant of the gas i in dry [Amim][HCOO] was expressed as: 

                                                                 (11) 

The Henry’s constants for CO2 and CH4 in dry [Amim][HCOO] were obtained from the 

extrapolation of the experimental gas solubility data and described as a function of the temperature: 

                                                        (12) 

Further, the activity coefficient of the component i in the liquid phase was calculated by the Non-

Random Two Liquids (NRTL) model: 
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The NRTL parameters for the CO2-[Amim][HCOO] and CH4-[Amim][HCOO] systems were 

regressed from the experimental solubility of CO2 and CH4 in dry [Amim][HCOO]. Detailed 

information on the parameter fitting was described in our previous work [21]. As shown in Figure 

3, the mode results displayed consistency with the experimental data. The average absolute relative 

deviations were 0.3% and 1.1% for CO2 and CH4 solubility, respectively. 

 

Figure 3. The solubilities of CO2 (a) and CH4 (b) in the [Amim][HCOO], at different temperatures 

and pressures. Symbols: experimental data: , 298.2 K; , 313.2 K; , 333.2 K. Curve: 

correlations with NRTL-RK model. 

 



3.2.2 Gas solubility in aqueous [Amim][HCOO] 

Due to the low vapor pressure of the IL, it was assumed that the [Amim][HCOO] only existed in the 

liquid phase. For water, the extended Raoult’s law was used to represent the vapor-liquid 

equilibrium: 

                                                   (15) 

The subscript w refers to water, w is the activity coefficient of water in the liquid phase,  is the 

saturated vapor pressure of water and calculated with the industrial standard IAPWS-IF97 [22]  

within the range of 273.15 to 623.15 K.  

The vapor-liquid equilibrium for CO2 in aqueous [Amim][HCOO] was expressed as: 

                      (16) 

Meanwhile, the Henry’s constant of CO2 (Hmix) in aqueous [Amim][HCOO] was correlated by: 

            (17)                                 

where Hw and HIL are the Henry’s constants for CO2 in water and [Amim][HCOO], respectively. 

For CO2-H2O and CH4-H2O systems, the Henry’s constant and NRTL binary parameters were 

taken from the Aspen databank, and are listed in Tables 8 and 9, respectively.  

In this work, the CO2 solubility in aqueous [Amim][HCOO] was measured at different 

temperatures and pressures. The NRTL binary interaction parameters of the H2O-[Amim][HCOO] 

system and the adjusted parameters (An,1 and An,2) in Eq.(17) were obtained from the fitting of the 

experimental CO2 solubility in aqueous [Amim][HCOO]. Fig. 4 illustrated the CO2 solubility in 

aqueous [Amim][HCOO] with different water concentrations as well as the modeling results. 

Obviously, the model results agree well with the experimental data. 

 
Figure 4. The solubilities of CO2 in aqueous [Amim][HCOO] at 298.2 K. Symbols: experimental 

data, water mole fractions: , 0;  , 0.509; , 0.687; , 0.846; , 0.962. Curve: correlations 

with NRTL-RK model. 

 



Table 8. The parameters for Henry’s constant. 

In [Amim][HCOO] B1 B2 B3 B4 

CO2 8.1910 -2286.4 - - 

CH4 10.054 -1765.2 - - 

In water B1 B2 B3 B4 

CO2 156.90 -8477.7 -21.957 0.00578 

CH4 181.48 -9111.7 -25.038 0.00014 

In aqueous [Amim][HCOO] A0,1 A0,2 A1,1 A1,2 

CO2 -8.407 0.02070 -27.77 -0.1188 

 

Table 9. The NRTL binary interaction parameters. 

Component i Component j mij mji nij nji cij= cji 

CO2 [Amim][HCOO] -10.408 20.540 2101.6 -4417.0 0.2 

CH4 [Amim][HCOO] -5.5831 13.770 177.98 -1786.0 0.2 

H2O [Amim][HCOO] -19.480 4966.8 -16.235 3422.9 0.2 

CO2 H2O 10.064 10.064 -3268.1 -3268.1 0.2 

CO2 CH4 17.023 -7.3085 8.7759 67.012 0.1 

 

Fig. 5 shows the Henry’s constant of CO2 in aqueous [Amim][HCOO] IL. For the physical 

absorption of CO2 in the sorbent, Henry’s constant plays an important role in modelling. Generally, 

ideal mixing rules are used to describe the Henry’s constant of a gas in a mixed solvent, especially 

when Aspen Plus is used for modelling and simulation. For the mixed solvents without ILs, the 

ideal mixing rules are enough. However, due to generally strong interaction between water and ILs, 

the Henry’s constant of aqueous ILs gave rise to the differences that cannot be modeled with the 

available mixing rules without adjustable parameters. This phenomenon was also observed by 

Kumelan et al. [23] in case of the mixture of (water + [bmim][CH3SO4]). In addition, the 

preliminary investigation with the ideal mixing rule for the Henry’s constant gave rise to 

unacceptable modeling results (large deviations) for the gas solubility in aqueous [Amim][HCOO] 

IL. Therefore, an adjustment of the Henry’s constant of CO2 in an aqueous IL (e.g. 

[Amim][HCOO]) is essential. 



 
Figure 5. The Henry’s constant of CO2 in aqueous [Amim][HCOO] IL, at different temperatures.

, 298.2 K; , 313.2 K; , 333.2 K. 

Based on the extended Raoult’s law, the mole fractions of water in the vapor phase in the CO2-

H2O-[Amim][HCOO] system, in the investigated temperature range, were predicted and compared 

with those of the CO2-H2O system. As shown in Fig. 6, the mole fraction of water in the vapor 

phase decreases upon adding [Amim][HCOO] in the liquid phase, and the behavior of the 

[Amim][HCOO] represents a “salt-in effect”. Also, the mole fractions of water in the vapor phase 

in the case of CO2-H2O-[Amim][HCOO] systems were lower than 0.0008, thus it was reasonable 

to neglect the water content in the vapor phase during the experimental measurements. 

 
Figure 6. Mole fraction of water in the vapor phase: in a CO2-H2O system, ; in a CO2-H2O-

[Amim][HCOO] systems, water mass fractions: 0.19, 0.37, 0.73. 

For the gas mixture of (CO2 +CH4), the interaction of CO2 and CH4 in the vapor phase can be 

neglected. In the liquid phase, and using the NRTL parameters of (CO2 + CH4) obtained from the 

Aspen databases listed in Table 9, the phase equilibrium for (CO2 + CH4 + [Amim][HCOO]) can 

be predicted.  

 



The mole fractions of CO2 and CH4 in the liquid phase, at a constant temperature and pressure, 

were used to calculate the selectivity (eq. 18).  

                                                                                     (18) 

The ideal selectivity was calculated for comparison. As shown in Fig. 7, the predicted CO2/CH4 

selectivities were much lower than the ideal selectivities at pressures less than 1 MPa. When the 

pressure was in the range of 1.5 to 1.8 MPa, the selectivities were quite close to each other. 

Generally, biogas upgrading is operated at a pressure less than 1MPa. Consequently, based on the 

model predictions, the ideal selectivity is not accurate enough for process simulations. Therefore, 

it is necessary to measure the mixed-gas solubilities to further verify the model predictions. 

 

Figure 7. CO2/CH4 selectivity in dry [Amim][HCOO] at 313.2 K and at different pressures. , 

ideal selectivity; , selectivity calculated from the solubility of a CO2/CH4 mixture. 

4. Conclusions 

In this work, a thermodynamic study was carried out to investigate the [Amim][HCOO] as a liquid 

sorbent for CO2 separation. The density and viscosity of dry and aqueous [Amim][HCOO] were 

measured at temperatures ranging from 293.15 to 333.15 K, at atmospheric pressure. It was found 

that both the density and viscosity decreased with increasing temperature and water concentration, 

and only small amounts of water decreased the viscosity of [Amim][HCOO] significantly. The 

solubilities of CO2 and CH4 in dry [Amim][HCOO] and the solubility of CO2 in aqueous 

[Amim][HCOO] were measured at pressures up to 1.8 MPa and at temperatures of 298.2, 313.2 

and 333.2 K, respectively. Moreover, it was found that the CO2 solubility in aqueous 



[Amim][HCOO] decreased with increasing water concentration, but the influence was not notable 

at high water concentrations.  

The density and viscosity of dry [Amim][HCOO] were correlated by empirical equations and then 

the excess molar volumes and viscosity deviations were further calculated from the experimental 

density and viscosity of aqueous [Amim][HCOO]. It was found that the ideal mixing rule cannot 

be used to predict the properties of the aqueous [Amim][HCOO], and the quadratic mixing rule 

was used to correlate the experimental density and viscosity. The CO2 and CH4 solubilities in dry 

[Amim][HCOO] and the CO2 solubility in aqueous [Amim][HCOO] were modeled by the NRTL-

RK model. The Henry’s constant was found as a very important parameter in terms of accurate 

modeling and had to be adjusted in the data fitting. The model parameters can be implemented into 

the commercial software to perform the process simulation for CO2 separation. 
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� CO2 solubility in imidazolium-based ionic liquids was surveyed and evaluated.
� CO2 absorption enthalpy was calculated based on thermodynamic model.
� The effects of cation and anion on CO2 absorption enthalpy were discussed.
� Energy consumption for a CO2 separation process was investigated.
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a b s t r a c t

CO2 solubility in ionic liquids has been measured extensively in order to develop ionic liquid-based
technology for CO2 separation. However, the energy consumption analysis has not been investigated well
for such technology. In order to carry out the energy consumption analysis for CO2 separation using ionic
liquids based on available experimental data, in this work, the experimental data of the CO2 solubility in
imidazolium-based ionic liquids at pressures below 10 MPa was surveyed and evaluated by a semi-
empirical thermodynamic model firstly. Based on the reliable experimental solubility data, the enthalpy
of CO2 absorption was further calculated by the thermodynamic model. The results show that the CO2

absorption enthalpy in the studied ionic liquids is dominated by the enthalpy of CO2 dissolution and
the contribution of excess enthalpy increases with increasing CO2 solubility in ionic liquids. The magni-
tude of the CO2 absorption enthalpy decreases with increasing chain length in cation and strongly
depends on the anion of ionic liquids. Furthermore, the energy consumption for a CO2 separation process
by pressure swing and/or temperature swing was investigated. For the pressure swing process, the
Henry’s constant of CO2 in ionic liquids is an important factor for energy consumption analysis; If CO2

is absorbed at 298 K and 1 MPa and ionic liquid is regenerated by decreasing the pressure to 0.1 MPa
at the same temperature, among the studied ionic liquids, [emim][EtSO4] is the solvent with the lowest
energy consumption of 9.840 kJ/mol CO2. For the temperature swing process, the heat capacity of ionic
liquids plays a more important role; If CO2 is absorbed at 298 K and desorbed at 323 K and 0.1 MPa,
[emim][PF6] is the solvent with the lowest energy demand of 888.9 kJ/mol CO2. If the solvent is regener-
ated by releasing pressure and increasing temperature, both the Henry’s constant of CO2 in ionic liquids
and the heat capacity of ionic liquids are important for analyzing the energy consumption; If CO2 is
absorbed at 298 K and 1 MPa and ionic liquid is regenerated at 323 K and 0.1 MPa, [bmim][Tf2N] is the
solvent with the lowest energy consumption of 57.71 kJ/mol CO2.

� 2014 Elsevier Ltd. All rights reserved.

1. Introduction

CO2 capture and separation play an important role in the devel-
opment of renewable energy and the mitigating of environmental

effects [1–3]. Currently, amine-based technology is still a commer-
cial technology, in which amines are corrosive and suffer high
solvent loses as well as high energy penalty when used with aque-
ous solutions [4,5]. Therefore, it is necessary to explore an energy
effective and environmentally benign technology for CO2 separa-
tion. A lot of research work is on-going to develop new technolo-
gies [6–8]. Recently, ionic liquids (ILs) have shown great
potential to be used as liquid absorbents for CO2 separation

http://dx.doi.org/10.1016/j.apenergy.2014.09.046
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because of its advantages, such as non-volatility, functionality,
high CO2 solubility and lower energy requirements for regenera-
tion [9–12].

In order to develop IL technology for CO2 separation, a signifi-
cant amount of research work has been carried out. The thermo-
physical properties of ILs (density, viscosity and surface tension)
as well as the effects of cation and anion of ILs on CO2 solubility
and their properties have been extensively studied. With respect
to energy consumption and process simulation for a CO2 separa-
tion process using ILs as liquid absorbent, Shiflett et al. [13,14]
evaluated the performance of [bmim][Ac] and compared with the
MEA technology. It was found that the energy consumption of
[bmim][Ac]-based technology was reduced by 16% compared to
the MEA-based technology. Basha et al. [15,16] developed a con-
ceptual process for CO2 capture from the fuel gas streams produced
in a 400 MWe IGCC power plant, in which [hmim][Tf2N] and two
TEGO ILs were used as liquid absorbents. Their results showed that
the studied ILs can be used as a physical solvent for CO2 capture.
Huang et al. [17] compared the IL-MEA and MEA processes and
found that the IL-MEA process saves 15% regeneration heat duty
compared to the MEA process. However, the research work on
energy consumption is rare and with the focus only on several spe-
cific ILs.

Meanwhile, in order to analyze the energy consumption for a
CO2 separation process, enthalpy is one of the most important
properties [18–20]. Due to the low heat release for the absorption
of CO2 in ILs, it is difficult to measure the CO2 absorption enthalpy.
Therefore, it is desirable to estimate the CO2 absorption enthalpy
with a proper thermodynamic model based on CO2 solubility data
which has been measured extensively. Meanwhile, although a lot
of ILs have been developed and proposed as potential liquid absor-
bents for CO2 separation, to the best of our knowledge, the energy
consumption of a CO2 separation process using different ILs has not
yet been carried out well, which makes it difficult for users to
choose a proper IL for a specific application.

The goal of this work is to perform energy consumption analysis
for a CO2 separation process with ILs as liquid absorbents. To
achieve this goal, in this work, the imidazolium-based ILs were
studied because sufficient experimental data is available for such
ILs. In order to get reliable results, the experimental CO2 solubili-
ties in imidazolium-based ILs were firstly surveyed and evaluated
with non-random two liquids (NRTL)-Redlich–Kwong (RK) model.
Based on the reliable experimental data, the model of NRTL-RK
was used to represent the gas solubility, and the enthalpy of CO2

absorption was then predicted by NRTL-RK model. The effects of
anion and chain length in cation on the CO2 absorption enthalpy
were studied. Furthermore, the energy consumption for a CO2 sep-
aration process using imidazolium-based ILs as liquid absorbents
was analyzed and compared for both pressure swing and temper-
ature swing options for solvent regeneration, and suggestions were
provided for choosing a proper IL for a CO2 separation process from
the energy point of view.

2. Theory

2.1. Thermodynamic modeling

The vapor-liquid equilibrium representing the CO2 solubility in
ILs can be expressed as:

PyCO2
um

CO2
¼ HCO2xCO2c

�
CO2

ð1aÞ

where P is the system pressure, yCO2
is the mole fraction of CO2 in

the vapor phase, um
CO2

is the fugacity coefficient of CO2 in the vapor
phase, HCO2 is the Henry’s constant, xCO2 is the CO2 mole fraction in

the liquid phase, and c�CO2
is the activity coefficient of CO2 in the

liquid phase at the infinite dilution reference state.
Due to the negligible vapor pressure of ILs, in this work, it was

assumed that only CO2 exists in the vapor phase (yCO2
¼ 1), i.e.:

Pum
CO2

¼ HCO2xCO2c
�
CO2

ð1bÞ
In this work, Redlich–Kwong (RK) equation of state [21] was

used to calculate the fugacity of pure CO2 in the vapor phase, in
which the critical temperature and pressure of CO2 were taken
from NIST webbook with the values of 304.2 K and 7.38 MPa
[22], respectively. Following RK equation of state, the expression
of the fugacity coefficient of CO2 was calculated as:

lnu ¼ Z � 1� lnðZ � BPÞ � ðA2
=BÞ lnð1þ BP=ZÞ ð2Þ

P ¼ RT=ðV � bÞ � a=T1=2VðV þ bÞ
A2 ¼ a=R2T2:5 ¼ 0:4278T2:5

c =PcT
2:5

B ¼ b=RT ¼ 0:0867Tc=PcT

Z ¼ 1=ð1� hÞ � ðA2
=BÞh=ð1þ hÞ

Z ¼ PV=RT

h ¼ BP=Z ¼ b=V

8>>>>>>>>><
>>>>>>>>>:

ð3Þ

The Henry’s constant of CO2 was calculated from the following
equations:

HCO2 ðT; PÞ ¼ HCO2 ðTÞ exp
V1

CO2
P

RT

� �
ð4Þ

lnHCO2 ðTÞ ¼ c1 þ c2=T ð5Þ
where T is the temperature, HCO2 ðT; PÞ is the Henry’s constant of CO2

at system temperature and pressure, HCO2 ðTÞ is the Henry’s constant
of CO2 at zero pressure, and V1

CO2
is the infinite dilution partial vol-

ume of CO2 in ILs.
The non-random two liquids (NRTL) model [23] was used to

represent the activity coefficient of CO2 in the liquid phase that
can be calculated by the following equations:

ln c1 ¼ x22 s21
G21

x1 þ x2G21

� �2

þ s12G12

ðx2 þ x1G12Þ2
" #

ð6Þ

where

G12 ¼ expð�as12Þ and G21 ¼ expð�as21Þ
awas assumed to be 0.2 in this work, G12, G21, s12 and s21 are binary
interaction parameters. s12 and s21 are temperature-dependent, i.e.:

s12 ¼ sð0Þ12 þ sð1Þ12 =T

s21 ¼ sð0Þ21 þ sð1Þ21 =T

(
ð7Þ

In this work, the temperature-dependent V1
CO2

was expressed as
Eq. (8). V1

CO2
was obtained from the fitting of the CO2 solubility in

ILs by setting the binary interaction parameters of s12 and s21 to
be zero. With the fitted V1

CO2
, the binary interaction parameters of

s12 and s21 were further obtained from the fitting of the CO2 solu-
bility in ILs.

V1
CO2

¼ c3 þ c4T ð8Þ
The enthalpy for absorbing 1 mol of CO2 (CO2 absorption

enthalpy per mol CO2) can be calculated from the following equa-
tions [20]:

DHabs ¼ Hdis þ ð1þmÞHex ð9Þ

Hdis ¼ �RT2 @ lnHCO2 ðT; PÞ
@T

� �
ð10Þ

Hex ¼ �RT2
X

xi
@ ln ci
@T

ð11Þ
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where DHabs is the CO2 absorption enthalpy per mol CO2, Hdis is the
enthalpy of CO2 dissolution and depends on the Henry’s constant as
shown in Eq. (10), Hex is the excess enthalpy for a solution with
1 mol of CO2 andmmol of ILs at saturation state (equilibrium state).
m depends on temperature, pressure and the type of ILs. Hex can be
calculated from the activity coefficient in the liquids phase as
shown in Eq. (11).

2.2. Energy consumption for a CO2 separation process

The CO2 separation process generally consists of the absorber,
desorber and heat exchanger as shown in Fig. 1. Most of the energy
consumption required in a separation process is from the solvent
regeneration, therefore, only the energy consumed for the solvent
regeneration was accounted in this work. Depending on the type of
solvents, the regeneration can be a pressure swing (solvent regen-
eration by pressure decrease) or temperature swing (solvent
regeneration by temperature increase) process. As the imidazoli-
um-based ILs studied in this work belong to physical absorbents,
both options can be operated.

Based on the CO2 absorption enthalpy and other thermody-
namic properties, the energy consumption for a CO2 separation
process can be estimated. In the energy consumption analysis,
for the convenience, in this work, it was assumed that 1 mol of
CO2 is separated and out of the desorber at temperature of T2
and pressure of P2, and n mol of CO2 is left in the solvent (ILs). In
the absorber, it was assumed that (1 + n) mol of CO2 is absorbed
by mmol of ILs at temperature of T1 and pressure of P1. The energy
consumption Q for the solvent regeneration can be calculated as:

Q ¼ DH2 � DH1 ð12Þ
where

DH2¼mHaq
IL ðT2;P2ÞþnHaq

CO2
ðT2;P2ÞþðnþmÞHex

2 ðT2;P2ÞþHg
CO2

ðT2;P2Þ
DH1¼mHaq

IL ðT1;P1Þþð1þnÞHaq
CO2

ðT1;P1Þþð1þnþmÞHex
1 ðT1;P1Þ

For the pressure swing process, the temperature is a constant
(T1 = T2), and the energy consumption was simplified as:

Q ¼ Qdes þ Qex ð13Þ
where

Qdes ¼ �HdisðT2; P2Þ ¼ Hg
CO2

� Haq
CO2

Qex ¼ DHex ¼ ðnþmÞHex
2 ðT2; P2Þ � ð1þ nþmÞHex

1 ðT1; P1Þ

Qdes is the energy consumption in order to vaporize CO2 from liquid
to vapor phase, which is termed as the desorption enthalpy. Hex

1 is
the excess enthalpy of the solution at T1 and P1, H

ex
2 is the excess

enthalpy of the solution at T2 and P2, and Qex is the energy consump-
tion due to the difference of excess enthalpy between the streams.

For the temperature swing process, it was assumed that the
heat duty of heat exchanger is zero, and the energy consumption
reaches the maximum that can be calculated as:

Q ¼ Qsen þ Qdes þ Qex ð14Þ
where

Qsen ¼ mCP;ILðT2 � T1Þ þ nCP;CO2 ;gðT2 � T1Þ

Qsen is the sensible heat due to the increase of temperature, and Cp is
the heat capacity. The heat capacity of gaseous CO2 is temperature-
dependent and described as the following equation:

CP;CO2 ;g ¼ 0:0416T þ 25:048 ð15Þ
In this work, it was assumed that the pressure effect on the

sensible heat was negligible due to the limited knowledge of the
pressure effect on the enthalpy of ILs.

3. Results and discussions

3.1. Evaluation of CO2 solubility in imidazolium-based ILs

To develop IL technology for CO2 separation, the CO2 solubility
in ILs is an important knowledge. The CO2 solubility in imidazoli-
um-based ILs has been measured extensively by different research
groups with different methods. The experimental data has been
surveyed, but the experimental data evaluation has not been car-
ried out. Meanwhile, the CO2 absorption enthalpy and excess
enthalpy have not been studied well experimentally, and the
energy consumption analysis for a CO2 separation process can only
be estimated based on the thermodynamic model with the param-
eters obtained from the fitting of the CO2 solubility in ILs. Our
preliminary research shows that the CO2 absorption enthalpy is
very sensitive to the experimental solubility data, which makes it
crucial to evaluate the experimental CO2 solubility data and choose
the reliable data to obtain the parameters of the thermodynamic
model. Therefore, the experimental data evaluation was the first
step in energy consumption analysis. In general, CO2 separation
process is operated at pressures less than 5 MPa [24], therefore,

Fig. 1. The schematic of CO2 separation process by ILs.
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the CO2 solubility data up to 10 MPa was surveyed and evaluated
in this work.

The available sources of the experimental CO2 solubility data in
imidazolium-based ILs were listed in Table 1. As shown in Table 1,
the CO2 solubility in [BF4]-, [PF6]- and [Tf2N]-series of ILs has been
measured extensively in a wide temperature range, while the CO2

solubility data in ILs with other anions is still scare, for example,
[DCA]- and [TfO]-based ILs. For [BF4]- and [PF6]-based ILs,
[bmim][BF4] and [bmim][PF6] are the mostly investigated ILs at
both low and high pressures. For [Tf2N]-based ILs, [emim][Tf2N],
[bmim][Tf2N] and [hmim][Tf2N] were all investigated extensively.

The available experimental CO2 solubility data at different tem-
peratures and at pressures up to 10 MPa was evaluated by NRTL-
RK model. Firstly, all the experimental CO2 solubility in one IL from
different sources was fitted by NRTL-RK model, and the data which
shows large discrepancies from others was considered unreliable.
Then only the reliable data was fitted by the model to obtain the
model parameters for the further prediction of enthalpy and
energy consumption analysis. As the evaluation depends on the
number of groups of available experimental data, not all the ILs
listed in Table 1 can be evaluated. The ILs with evaluation were
marked as ‘‘Y’’ and those without evaluation were marked as ‘‘N’’
in Table 1.

The evaluation shows that most of the available experimental
results are reliable, and only 3 groups of data are unreliable as
listed in Table 2. The inconsistency of the experimental data from
different sources is shown in Figs. 2–4. Fig. 2 illustrates the CO2 sol-
ubility in [emim][BF4] from three sources. It can be seen that the
data measured by Hwang et al. [28] is lower than those by others
at 298 K and shows a different tendency at 313 K. Fig. 3 depicts the
comparison of the experimental CO2 solubility in [bmim][PF6] at
313 and 333 K. As shown in Fig. 3, the data measured by Blanchard
et al. [39] is higher compared to the data from other sources, while
the data from other sources agrees well with each other. The com-
parison of the CO2 solubility in [bmim][Tf2N] at 313 and 333–334 K
is shown in Fig. 4. Jacquemin et al. [50] measured the CO2 solubility
in [bmim][Tf2N] at low pressures, but their data is much lower
compared to the data measured by others.

It is found that the Henry’s constant of CO2 in an IL is sensitive
to the experimental CO2 solubility data, and the data from different

sources may result in different Henry’s constant. In case that the
Henry’s constant of CO2 in ILs is unreliable, the ILs will be excluded
in the following calculation of the CO2 absorption enthalpy. For
example, the Henry’s constant of CO2 in [omim][PF6] [39]
decreases with increasing temperature, which is considered
unreliable. In addition, the Henry’s constants of CO2 in ILs are
temperature-dependent. In case that the experimental data is mea-
sured at one or two temperatures, the ILs will also be excluded. For
example, Mejía et al. [69] measured the CO2 solubility in
[emim][SCN] and [emim][HSO4] at two temperatures, and the tem-
perature-dependent Henry’s constant is unreliable. Therefore,
these three ILs are excluded thereafter.

In summary, the evaluation of the experimental CO2 solubility
data is important in order to get reliable knowledge of the CO2

absorption enthalpy and energy consumption analysis. After the
evaluation, three groups of data are unreliable and were excluded
in parameter fitting for further energy consumption analysis. In
addition, [omim][PF6], [emim][SCN] and [emim][HSO4] were fur-
ther excluded from energy consumption analysis due to the unre-
liable Henry’s constant.

3.2. CO2 absorption enthalpy

After the evaluation, the reliable experimental data was re-
fitted by NRTL-RK model. The NRTL-RK model with the fitted
parameters was used to calculate the CO2 absorption enthalpy.
As the vapor pressure of ILs is negligible, the vaporization enthalpy
of ILs was set to be zero in this work. The CO2 absorption enthalpy
consists of the CO2 dissolution enthalpy and excess enthalpy. The
CO2 dissolution enthalpy was calculated from the Henry’s constant
according to Eq. (10), and the excess enthalpy was calculated from
the activity coefficient of each component in the liquid phase
according to Eq. (11). The CO2 absorption enthalpy for all ILs was
calculated and compared. The parameters used in calculation are
listed in Table 3.

For the studied ILs, the magnitude of CO2 dissolution enthalpy is
much larger than the excess enthalpy. The contribution of excess
enthalpy is extremely small at low pressures due to the low CO2

solubility, but it increases with increasing pressure. Fig. 5 illus-
trates the CO2 dissolution enthalpy and excess enthalpy in
[bmim][BF4], [hmim][BF4] and [omim][BF4], respectively, at 298 K
as an example. The magnitude of excess enthalpy is 0.2–20% of
the CO2 dissolution enthalpy when the pressure is lower than
6 MPa. For these three ILs, the contribution of excess enthalpy is
less than 5% to the CO2 absorption enthalpy at pressures lower
than 1 MPa. This observation implies that for imidazolium-based
ILs, it is reasonable to neglect the excess enthalpy as the CO2 sep-
aration process is often operated at pressures lower than 1 MPa
(CO2 partial pressure).

The effects of the chain length in cation and the type of anion on
the CO2 solubility in imidazolium-based ILs have been studied
[30,32,64]. However, the influences of cation and anion on the
CO2 absorption enthalpy have not yet been studied. In this section,
it was studied systematically.

3.2.1. Influence of chain length in cation
The available experimental CO2 solubility data reveals that for

the studied ILs the CO2 solubility increases with increasing chain

Table 1
Sources of CO2 solubility in imidazolium-based ILs measured experimentally up to
10 MPa.

IL T, K Ref. Evaluated

[emim][BF4] 298–343 [25–28] Y
[bmim][BF4] 278–383 [29–36] Y
[hmim][BF4] 293–373 [25,28,35,37,38] Y
[omim][BF4] 303–363 [35,39,40] Y
[emim][PF6] 308–366 [41] N
[bmim][PF6] 283–413 [25,30,34,39,42–48] Y
[hmim][PF6] 298–373 [25,38,49] Y
[omim][PF6] 313–333 [39] N
[emim][Tf2N] 293–450 [25,31,50–54] Y
[bmim][Tf2N] 273–450 [30,32,50,52,55–58] Y
[hmim][Tf2N] 282–413 [25,29,38,52,54,59–63] Y
[omim][Tf2N] 293–353 [30,52] N
[emim][FAP] 283–364 [64,65] N
[emim][TfO] 303–343 [66] N
[emim][EtSO4] 303–353 [39,67] N
[emim][MeSO3] 298–343 [68,69] N
[emim][DEP] 298–333 [69] N
[emim][SCN] 298–333 [69] N
[emim][HSO4] 298–333 [69] N
[bmim][DCA] 293–363 [57] N
[bmim][TfO] 298–333 [30] N
[bmim][NO3] 298–333 [30] N

Table 2
Unreliable sources of CO2 solubility in imidazolium-based ILs.

IL T, K P, MPa Year Ref. First author

[emim][BF4] 293.2–323.2 2.62–9.25 2011 [28] Hwang
[bmim][PF6] 313.15–333.15 0.1–10 2001 [39] Blanchard
[bmim][Tf2N] 283–343 0–0.1 2007 [50] Jacquemin

328 Y. Xie et al. / Applied Energy 136 (2014) 325–335



length in cation. The investigation of CO2 absorption enthalpy in
this work shows that the magnitude of CO2 absorption enthalpy
decreases with increasing chain length in cation.

The CO2 absorption enthalpy in [bmim][BF4], [hmim][BF4] and
[omim][BF4] at 298 K was illustrated in Fig. 6 as an example. The
corresponding CO2 loading is also depicted in order to check the
capacity (loading) and the corresponding enthalpy simultaneously.
As shown in Fig. 6, with increasing chain length in cation, the CO2

loading in ILs increases with the chain length in cation (Fig. 6a),
while the magnitude of CO2 absorption enthalpy decreases

(Fig. 6b). The same tendency is also observed for [PF6]- and
[Tf2N]-series of ILs throughout the whole studied temperature
range and for [BF4]-series of ILs at other temperatures.

3.2.2. Influence of anion
The anion is a more important factor to affect the CO2 solubility

in ILs compared to the chain length in cation [30,32]. The effect of
anion on the CO2 absorption enthalpy in different imidazolium-
based ILs was investigated in this work. Figs. 7 and 8 illustrate
the CO2 loading and CO2 absorption enthalpies in [emim]-based

Fig. 2. CO2 solubility in [emim][BF4]. Symbols: experimental data. s Soriano [26], h Kim [25], 4 Lei [27], r Huang [28]. Curve: correlations with NRTL-RK.

Fig. 3. CO2 solubility in [bmim][PF6]. Symbols: experimental data. j Blanchard [39], d Aki [30], N Kumełan [47], . zhang [46], h Liu [43], s Kamps [44], 4 Shariati [45], r
Kim JE [48]. Curve: correlations with NRTL-RK model.

Fig. 4. CO2 solubility in [bmim][Tf2N]. Symbols: experimental data. j Aki [30], . shin [52], h Raeissi [56], s Carvalho [53], 4 Oh [55], r Jacquemin [50], I Safarov [58].
Curve: correlations with NRTL-RK model.
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and [bmim]-based ILs at 298 K and at pressures up to 6 MPa. It can
be seen that both the CO2 loading and the CO2 absorption enthal-
pies strongly depend on the anion of ILs, the CO2 loadings are from
0 to 2.5 mol CO2/mol ILs, and the CO2 absorption enthalpies are in
the range of �21 � �8 kJ/mol.

As shown in Fig. 7(a), the CO2 loading in [emim]-based
ILs increases in the order of [EtSO4] < [MeSO3] < [BF4] < [PF6]

< [TfO] < [DEP] < [Tf2N] < [FAP] at 298.15 K. The magnitude of CO2

absorption enthalpies in [emim]-based ILs shows different orders
at different pressures as shown in Fig. 7(b). For example, when
the pressure is 0.1 MPa, the magnitude of CO2 absorption enthalpy
in [emim]-based ILs decreases in the order of [BF4] > [MeSO3] >
[TfO] > [PF6] > [DEP] > [Tf2N] > [FAP] > [EtSO4]. While at 3 MPa, the
magnitude of CO2 absorption enthalpy in [emim]-based ILs
decreases in the order of [MeSO3] > [BF4] > [TfO] > [DEP] > [PF6] >
[Tf2N] > [FAP] > [EtSO4]. For [emim]-based ILs, the CO2 loading in
[emim][FAP] and [emim][Tf2N] have the higher values than those
in other ILs, while the magnitude of CO2 absorption enthalpy in
[emim][FAP] and [emim][Tf2N] is small. For [emim][EtSO4], the
CO2 loading is the lowest, while the magnitude of CO2 absorption
enthalpy is the smallest.

For [bmim]-based ILs, the CO2 loading increases in the order of
[NO3] < [DCA] � [BF4] < [PF6] < [TfO] < [Tf2N], as shown in Fig. 8(a).
As shown in Fig. 8(b), the magnitude of CO2 absorption enthalpy in
[bmim]-based ILs at 1 MPa decreases in the order of
[TfO] > [BF4] > [NO3] > [PF6] > [DCA] > [Tf2N]. In the investigated
ILs, the CO2 loading in [bmim][Tf2N] have the highest value but
with the lowest magnitude of CO2 absorption enthalpy.

As discussed previously that with increasing chain length in
cation, the CO2 loading increases and the magnitude of CO2 absorp-
tion enthalpy decreases. Therefore, the effect of the chain length on

Table 3
Parameters used in the calculation of CO2 absorption enthalpy in imidazolium-based ILs.

ILs sð0Þ12 sð1Þ12 sð0Þ21 sð1Þ21
c1 c2 c3 c4

[emim][BF4] �25.91 9819.5 1.048 �756.11 10.1 �2479.0 123.7 0.0163
[bmim][BF4] �29.01 14,134 �66.10 11,758 8.63 �2049.3 42.55 0.0079
[hmim][BF4] 3.570 �634.02 �0.075 �331.20 7.28 �1659.6 53.58 0.0983
[omim][BF4] 3.829 �272.20 0.548 �649.05 6.69 �1537.7 52.19 0.217
[emim][PF6] 0.819 1214.9 4.353 �1842.2 8.84 �2131.2 3.080 0.290
[bmim][PF6] �0.665 982.75 3.342 �1506.55 8.32 �2001.8 8.079 0.277
[hmim][PF6] 12.93 �3513.6 �0.704 �156.56 8.03 �1920.3 73.51 0.0528
[emim][Tf2N] 3.344 �234.66 1.505 �923.12 7.41 �1822.6 123.2 0.141
[bmim][Tf2N] 4.503 �640.52 0.822 �715.34 6.83 �1695.1 220.5 �0.0735
[hmim][Tf2N] 0.510 �253.82 1.581 �433.01 6.52 �1617.9 17.19 0.556
[emim][FAP] 1.831 �31.608 1.407 �857.48 6.43 �1589.9 0.996 1.607
[emim][TfO] �3.067 669.89 6.802 �1792.0 9.39 �2301.7 1.294 0.351
[emim][DEP] 3.429 �574.46 0.286 �429.27 8.60 �2097.0 1.681 0.303
[emim][MeSO3] 2.782 981.29 6.586 �2410.6 10.1 �2422.0 0.045 0.215
[emim][EtSO4] �6.135 4317.3 3.493 �1362.7 6.45 �1258.3 5.199 0.103
[bmim][NO3] 3.203 �181.04 2.842 �1317.3 8.56 �1873.8 0.769 �0.0662
[bmim][DCA] 4.016 �447.43 1.015 �742.24 7.40 �1668.8 12.73 0.279
[bmim][TfO] �2.884 487.43 6.306 �1432.4 10.1 �2541.9 9.932 0.250

Fig. 5. CO2 dissolution enthalpy and excess enthalpy at 298 K in -j- [bmim][BF4],
-d- [hmim][BF4], -N- [omim][BF4].

Fig. 6. CO2 loading (a) and absorption enthalpy (b) at 298 K in -j- [bmim][BF4], -d- [hmim][BF4], -N- [omim][BF4].
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the CO2 absorption enthalpy in ILs can be predicted based on its
effect on the CO2 loading. Compared to the effect of the chain
length in cation, the effect of anion on the CO2 absorption enthalpy
is much more complicated. Both the CO2 loading and the magni-
tude of CO2 absorption enthalpy strongly depend on the anion of
ILs, but from the knowledge of the effect of anion on the CO2 solu-
bility, the effect of anion on the CO2 absorption enthalpy cannot be
estimated, which makes it crucial to compare the energy consump-
tion for a CO2 separation process using an IL.

3.3. Energy consumption for CO2 separation processes

In order to suggest a proper IL for a CO2 separation process,
energy consumption was analyzed in this section by considering
pressure swing or/and temperature swing processes.

3.3.1. Pressure swing process
It was assumed that CO2 was absorbed at 298 K and 1 MPa, IL

was regenerated by decreasing the pressure to 0.1 MPa at the same
temperature in the desorber, and only CO2 exist in the gas stream.
The energy consumption consists of CO2 desorption enthalpy and
the difference of the excess enthalpy between two streams accord-
ing to Eq. (13). The energy consumption for all ILs as well as the
contributions of CO2 desorption enthalpy (Qdes) and excess
enthalpy (Qex) are listed in Table 4. It can be observed that the mag-
nitude of Qex is 1–14% of Qdes and the CO2 desorption enthalpy con-
tributes most to the total energy consumption.

The amount of ILs and corresponding energy consumption to
separate 1 mol of CO2 using different ILs were illustrated in
Fig. 9. For [emim][FAP], the amount of ILs is the least and the cor-
responding energy consumption is not so high. From the energy
point of view, [emim][EtSO4] is the solvent with the lowest energy
consumption, but the amount is much more than other ILs in order
to separate 1 mol of CO2 with the investigated ILs.

Fig. 7. CO2 loading (a) and absorption enthalpy (b) in [emim]-based ILs. -j- [emim][BF4], -h- [emim][PF6], -d- [emim][Tf2N], -s- [emim][FAP], -N- [emim][TfO], -4-
[emim][DEP], -.- [emim][MeSO3], -r- [emim][EtSO4].

Fig. 8. CO2 loading (a) and absorption enthalpy (b) in [bmim]-based ILs. -j- [bmim][BF4], -h- [bmim][PF6], -d- [bmim][Tf2N], -s- [bmim][NO3], -N- [bmim][DCA], -4-
[bmim][TfO].

Table 4
Energy consumption for a pressure swing CO2 separation process.

ILs Qdes/kJ Qex/kJ Qtotal/kJ

[emim][BF4] 20.60 �1.88 18.72
[bmim][BF4] 17.03 �0.50 16.53
[hmim][BF4] 13.79 �0.56 13.23
[omim][BF4] 12.78 �0.57 12.21
[emim][PF6] 17.72 �1.43 16.29
[bmim][PF6] 16.64 �0.75 15.89
[hmim][PF6] 15.96 �0.25 15.71
[emim][Tf2N] 15.14 �1.08 14.06
[bmim][Tf2N] 14.07 �1.06 13.01
[hmim][Tf2N] 13.45 �1.84 11.61
[emim][FAP] 13.22 �1.28 11.93
[emim][TfO] 19.14 �1.67 17.47
[emim][DEP] 17.43 �0.73 16.70
[emim][MeSO3] 20.14 �1.50 18.64
[emim][EtSO4] 10.46 �0.62 9.840
[bmim][NO3] 15.58 �0.60 14.97
[bmim][DCA] 13.87 �0.57 13.31
[bmim][TfO] 21.13 �1.79 19.34
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For pressure swing process, if the gas is compressed before
entering the column, the compression work needs to be considered
[70]. Assuming 1 mol of CO2 is compressed from atmospheric pres-
sure to 1 MPa at 298 K, the compression work is 6.8 kJ. If CO2 is
separated from the flue gas (CO2 + N2) and the concentration of
CO2 is around 0.15 (mole fraction), the compression work will
reach up to 45.3 kJ. If CO2 is separated from the biogas (CO2 + CH4)
and the concentration of CO2 is around 0.3, the compression work
will be 22.7 kJ. For the CO2 in the synthesis gas generated from bio-
mass gasification, the partial pressure of CO2 can be up to 1 MPa,
and no compression work is needed in the CO2 separation process.
Therefore, the energy demand for compression work depends on
the sources of CO2.

3.3.2. Temperature swing process
If the solvent is regenerated by increasing temperature, sensible

enthalpy needs to be accounted. The sensible enthalpy relates to
the heat capacities of ILs and CO2. The temperature-dependent
heat capacities of imidazolium-based ILs were surveyed, and the
available ones were fitted to the following equation:

CP ¼ C5 þ C6T ð16Þ
where Cp is the heat capacity of pure ILs, C5 and C6 are parameters as
listed in Table 5.

The literature survey reveals that the study on the heat capacity
of ILs is much less compared to the studies of other properties of

ILs, such as gas solubility, density, viscosity and surface tension.
The heat capacity of BF4-, FP6-, and Tf2N-based ILs were collected
and studied in this work, which are illustrated in Fig. 10. The values
of Cp change from 250 to 700 J/mol/K and increase with increasing
temperature. It can be seen that the magnitude of Cp of ILs
increases in the order of [emim][PF6] < [emim][BF4] < [bmim]
[BF4] < [bmim][PF6] < [hmim][PF6] < [hmim][BF4] < [omim][BF4] <
[emim][Tf2N] < [bmim][Tf2N] < [hmim][Tf2N] < [omim][Tf2N]. The
values of Cp increase with increasing chain-length, and the Cp of
[Tf2N]-based ILs is higher than those of [BF4]-based and [PF6]-
based ILs.

The energy consumption for a temperature swing process to
separate 1 mol of CO2 was calculated. It was assumed that CO2

was absorbed at 298 K and desorbed at 323 K and 0.1 MPa. The
CO2 desorption enthalpy, the difference of excess enthalpy and
sensible enthalpy are all included in the total energy consumption
according to Eq. (14). Due to the available heat capacities of ILs,
only 10 ILs were studied in this section.

The calculated energy consumptions together with the contri-
butions from each part are listed in Table 6. It can be seen that
due to the high heat capacity of ILs, the sensible enthalpy has a
significant influence on the total energy consumption for the CO2

separation process. Therefore, it is expected that the IL with low

Fig. 9. The amount of ILs and energy consumption for a pressure swing CO2 separation process.

Table 5
Coefficients in Eq. (16) for calculating the heat capacity of imidazolium-based ILs
[71–78].

ILs C5 C6 Ref. 
[emim][BF4] 203.66 0.34 

[71] [bmim][BF4] 225.68 0.47 
[hmim][BF4] 277.26 0.51 
[omim][BF4] 316.06 0.61 
[emim][PF6] 84.93 0.58 [72] 
[bmim][PF6] 243.16 0.56 [73] 
[hmim][PF6] 169.78 0.84 [74] 

[emim][Tf2N] 364.59 0.47 [75] 
[bmim][Tf2N] 400.92 0.55 [76] 
[hmim][Tf2N] 418.24 0.76 [77]
[omim][Tf2N] 437.43 0.74 [78]

Fig. 10. Heat capacity of imidazolium-based ILs at different temperatures. -j-
[emim][BF4], -h- [bmim][BF4], -d- [hmim][BF4], -s- [omim][BF4], -N- [emim][PF6],
-4- [bmim][PF6], -.- [hmim][PF6], -r- [emim][Tf2N], -�- [bmim][Tf2N], -}-
[hmim][Tf2N], -H- [omim][Tf2N].
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heat capacity should be chosen as the liquid absorbent for CO2 sep-
aration from the energy point of view.

The amount of ILs and the corresponding energy consumption
for CO2 separation were calculated. The results were summarized
in Fig. 11. As shown in Fig. 11, [emim][PF6] has the lowest energy
consumption when it is used as a liquid absorbent to separate CO2.
The overall energy consumption is mostly from the sensible
enthalpy, which directly depends on the heat capacity of IL. For
the studied ILs, the heat capacity of [emim][PF6] is the lowest,
which leads to the lowest energy consumption. Therefore, we
can conclude that the heat capacity of ILs is the key factor to deter-
mine the overall energy consumption. To develop a novel IL for CO2

separation with the temperature swing for solvent regeneration,
the heat capacity of ILs is more important than the Henry’s con-
stant of CO2 in ILs.

As shown in Fig. 11, the amount of ILs used in the process is
very large for the temperature swing option. For example, the
amount of [hmim][Tf2N] is the least in the investigated ILs and it
reaches up to 87 mol in order to separate 1 mol of CO2. This is
because that all these ILs are physical absorbents and the absorp-
tion capacity is extremely low at low pressures. Therefore, the
pressured operation should be considered for such kind of ILs.

3.3.3. Pressure and temperature swing process
It was assumed that CO2 was absorbed at 298 K and 1 MPa, and

IL was regenerated at 0.1 MPa and 323 K in the desorber in order to
compare with the temperature or pressure swing process studied
in the forgoing section. The results were listed in Table 7. The
sensible heat contributes 71–83% to the total energy consumption,

and the values of sensible heat are smaller than those in the tem-
perature swing process. As shown in Fig. 12, [bmim][Tf2N] is found
to be the solvent with the lowest energy consumption compared to
other investigated ILs. Neither the desorption enthalpy nor the sen-
sible heat of [bmim][Tf2N] are the lowest as listed in Table 7. Thus,
it can be concluded that both the Henry’s constant of CO2 in ILs and
the heat capacity of ILs are important factors to analyze the energy
consumption for pressure and temperature swing process.

The amount of ILs in this option is less than those in the pres-
sure swing process and much less than those in the temperature
swing process. But from the energy point of view, the energy con-
sumption in this process is much higher than that in pressure
swing process because of the high values of Qsen in order to
increase the temperature for solvent regeneration.

In this work, only the physical-absorption-based ILs such as
imidazolium-based ILs were studied. However, for the new devel-
oped ILs with chemical absorption of CO2, for example [bmim][Ac],
the temperature needs to be increased up to a certain level in order
to regenerate solvents, and the energy consumption will increase
significantly. While the CO2 absorption capacity is much higher
for the chemical-absorption-based ILs compared to the physical-
absorption-based IL, which means a lower amount of ILs will be
used in process and then smaller size of equipment will be
expected. Further work needs to be carried out. In addition, if a
new physical-absorption-based ILs is synthesized, the results from
this work will provide useful information to evaluate the synthe-
sized ILs from the energy point of view.

Table 6
Energy consumption for a temperature swing CO2 separation process.

ILs Qdes/kJ Qex/kJ Qsen/kJ Qtotal/kJ

[emim][BF4] 20.60 �0.29 1006 1027
[bmim][BF4] 17.03 �0.06 1293 1310
[hmim][BF4] 13.79 �0.09 1707 1721
[omim][BF4] 12.78 �0.08 1769 1782
[emim][PF6] 17.72 �0.21 871.4 888.9
[bmim][PF6] 16.64 �1.21 1487 1503
[hmim][PF6] 15.96 0.09 1355 1371
[emim][Tf2N] 15.14 �0.15 1235 1250
[bmim][Tf2N] 14.07 �0.16 1258 1272
[hmim][Tf2N] 13.45 �0.35 1422 1435

Fig. 11. The amount of ILs and energy consumption for a temperature swing CO2 separation process.

Table 7
Energy consumption for pressure- and temperature-swing process.

ILs Qdes/kJ Qex/kJ Qsen/kJ Qtotal/kJ

[emim][BF4] 20.60 �1.79 55.60 74.41
[bmim][BF4] 17.03 �0.49 53.90 70.45
[hmim][BF4] 13.79 �0.54 61.04 74.29
[omim][BF4] 12.78 �0.55 61.54 73.77
[emim][PF6] 17.72 �1.37 41.63 57.98
[bmim][PF6] 16.64 �1.21 57.14 72.57
[hmim][PF6] 15.96 �0.24 54.82 70.54
[emim][Tf2N] 15.14 �1.05 47.20 61.30
[bmim][Tf2N] 14.07 �1.03 44.67 57.71
[hmim][Tf2N] 13.45 �1.79 48.67 60.33
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4. Conclusion

In this work, in order to carry out the energy consumption for a
CO2 separation process using ILs as liquid absorbents based on the
available experimental data, the experimental CO2 solubility in
imidazolium-based ILs at pressures below 10 MPa was evaluated
by NRTL-RK model firstly. It is found that most of the data is reli-
able, and the data from three sources is inconsistent with those
from other sources. The reliable CO2 solubilities were further rep-
resented by the NRTL-RK model, and the CO2 absorption enthalpy
was then calculated based on the thermodynamic model. The
results show that the CO2 absorption enthalpy in ILs is dominated
by the CO2 dissolution enthalpy. The magnitude of CO2 absorption
enthalpy decreases with increasing chain length in cation and
strongly depends on the anion of ILs.

The energy consumption of a CO2 separation process was esti-
mated. The energy consumption for separating 1 mol of CO2 using
different ILs was calculated and compared. If the solvent is regen-
erated by releasing pressure, the CO2 desorption enthalpy contrib-
utes mostly to the total energy consumption; If CO2 is absorbed at
298 K and 1 MPa and IL is regenerated by decreasing the pressure
to 0.1 MPa at the same temperature, among the studied ILs,
[emim][EtSO4] is the solvent with the lowest energy consumption
of 9.840 kJ/mol CO2. If the solvent is regenerated by increasing
temperature, the sensible enthalpy has a significant influence on
the total energy consumption for a CO2 separation process because
of the high heat capacity of ILs; If CO2 is absorbed at (298 K,
0.1 MPa) and desorbed at (323 K, 0.1 MPa), [emim][PF6] is the
solvent with the lowest energy demand of 888.9 kJ/mol CO2. If
the solvent is regenerated by both releasing pressure and increas-
ing temperature, both the Henry’s constant of CO2 in ILs and the
heat capacity of ILs are important factors for analyzing the energy
consumption; If CO2 is absorbed at 298 K and 1 MPa and IL is
regenerated at 0.1 MPa and 323 K, [bmim][Tf2N] is the solvent with
the lowest energy consumption of 57.71 kJ/mol CO2.
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� The database of three ILs was implemented in Aspen plus.
� The process simulation of biogas upgrading using ILs was performed.
� The effects of property of ILs and operational parameters were investigated.
� The ILs scrubbing was compared with water scrubbing and aqueous ChCl/Urea scrubbing.
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a b s t r a c t

The conceptual processes for biogas upgrading using three imidazolium-based ionic liquids ([hmim]
[Tf2N], [bmim][Tf2N] and [bmim][PF6]) were simulated in Aspen Plus to study the effect of properties
of ionic liquids (ILs) on the process performance. To conduct the process simulation, each IL was input
into Aspen Plus as a pseudo component, their critical properties were estimated by group contribution
method, and their thermo-physical properties were correlated from the available experimental data by
semi-empirical equations. The gas solubility in ILs was modeled with the non-random two-liquid model
and Redlich–Kwong equation of state. Among the studied ILs, the simulation results show that the
amount of recirculated solvents and the total energy consumption for upgrading process using ILs follow:
[bmim][Tf2N] < [bmim][PF6] < [hmim][Tf2N]. The effects of density and viscosity of ILs on pressure drop
and diameter of the absorber as well as the effects of operational pressures and temperatures on the
process efficiency were investigated. It is found that the energy consumption increases with increasing
pressure and temperature in the absorber and decreases with increasing pressure in the first flash tank.
The ILs-based technology was further compared with water scrubbing and aqueous choline chloride/urea
scrubbing, and the comparison shows that the total energy consumptions follow: 50%ChCl/Urea-water <
[bmim][Tf2N] scrubbing < water scrubbing.

� 2016 Elsevier Ltd. All rights reserved.

1. Introduction

Biogas is produced by anaerobic digestion of biological wastes,
consisting 55–65% methane (CH4), 35–40% carbon dioxide (CO2),
small amounts of hydrogen sulfide (H2S), water (H2O) and other
trace compounds (H2, N2, O2). Biogas, which can be used as a vehicle
fuel in combined heat and power plant, has shown a great potential
to be utilized as a renewable energy and a substitute for fossil fuels
[1–4]. However, the presence of CO2 in raw biogas significantly

reduces its calorific value, decreases efficiencyand increases the cor-
rosion in pipelines during the transportation. Biogas upgrading
technology is used to concentratemethane in biogas by the removal
of CO2 and other impurities. Using upgraded biogas is considered as
one of the most efficient methods for utilization of the renewable
energy and reduction of the greenhouse gas emissions [5,6].

Different technologies have been developed and commercial-
ized for biogas upgrading, such as water scrubbing, amine
scrubbing, and membrane separation. Water scrubbing has been
widely used in the European countries because it is a simple and
low-cost technology [7,8]. While the absorption capacity of CO2

and mass transfer rate of CO2 in water are low, resulting in a large
amount of solvents. For membranes, the gas selectivity is generally
low, and multistage process is necessary to achieve high degree of
separation, leading to a high manufacture cost. Amine is used as
chemical solvent to remove acid gas through acid–base reactions,

http://dx.doi.org/10.1016/j.apenergy.2016.04.097
0306-2619/� 2016 Elsevier Ltd. All rights reserved.

Abbreviations: ILs, ionic liquids; ChCl/Urea, choline-chloride/urea; [bmim][PF6],
1-Butyl-3-methylimidazolium hexafluorophosphate; [bmim][Tf2N], 1-Butyl-3-
methylimidazolium bis(trifluoromethylsulfonyl)imide; [hmim][Tf2N], 1-Hexyl-3-
methylimidazolium bis(trifluoromethylsulfonyl)imide; NRTL, non-random two-liquid
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whereas this technology is energy intensive, combining with defi-
ciencies of volatility, degradation and corrosion. Therefore, it is
necessary to explore an efficient and low-cost technology.

Nowadays, ionic liquids (ILs) have been paid much attention to
be used as green solvents to separate CO2 due to the advantages of
non-volatility, design ability, high thermal stability and high acid
gas solubility. The conventional imidazolium-based ILs, such as
[Cnmim][Tf2N], [Cnmim][BF4] and [Cnmim][PF6], have been investi-
gated [9–12] intensively. The comparisons on the properties of ILs
and gas solubilities in ILs have been conducted [11–15]. However,
how the difference in properties and gas solubilities will further
influence the performance of CO2 separation process has not yet
been studied well.

Process simulation via the commercial software Aspen Plus pro-
vides a tool to conduct this research [16–19]. ILs, as anewtypeof sol-
vent, has not been included in the databank,whichmakes it unready
to conduct relevant research. Xu et al. [20] investigated the energy
consumption and environmental impacts of three biogas upgrading
technologies, i.e., high pressurized water scrubbing, aqueousmono-
ethanolamine scrubbing and IL scrubbing. In our previouswork [21],
the biogas upgrading process using aqueous choline–chloride/urea
(ChCl/Urea) has been studied, and the influence of water content
on the amount of recirculated solvent and energy consumption
was evaluated. However, the comparison with the performance of
ILs on biogas upgrading has not yet been conducted.

In this work, three imidazolium-based ILs, [hmim][Tf2N],
[bmim][Tf2N] and [bmim][PF6], were chosen as liquid solvents to
upgrade biogas because of the available experimental data on the
properties and gas solubilities in these ILs. The experimental phys-
ical properties of ILs were fitted by semi-empirical equations, and
the experimental gas solubilities in ILs were represented by the
non-random two-liquid (NRTL) model and Redlich–Kwong (RK)
equation of state. After the implementation of model results, the
process simulation for biogas upgrading using these ILs was per-
formed in Aspen Plus. The simulation results were further com-
pared with the processes using aqueous ChCl/Urea and pure water.

2. Thermo-physical properties and phase equilibria

The knowledge of thermo-physical properties and phase equi-
libria is requested to conduct the process simulation. The
requested properties include the normal boiling temperature, crit-
ical properties, molecular weight and temperature-dependent

properties, such as density, viscosity, surface tension, heat capacity
and vapor pressure.

In this work, it was assumed that the biogas contains CO2 and
CH4. The other impurities, such as H2S and H2O, have been
removed by the pretreatment. In Aspen Plus, the properties of
CO2 and CH4 can be directly obtained from Aspen property data-
bank. However, neither conventional ILs nor novel liquid solvents
have been included, thus the properties and phase equilibria need
to be studied and then implemented before performing the process
simulation.

2.1. Thermo-physical properties of ILs

The group contribution method proposed by Valderrama et al.
[22,23] was used to estimate the critical properties (TC, PC, VC, ZC)
together with the normal boiling temperature (Tb) and the acentric
factor (x) of ILs. The estimated properties of [hmim][Tf2N], [bmim]
[Tf2N] and [bmim][PF6] are listed in Table 1.

The properties of density, viscosity, surface tension and heat
capacity have been measured experimentally. The available
sources of experimental data for [hmim][Tf2N], [bmim][Tf2N] and
[bmim][PF6] at different temperatures and atmospheric pressure
were collected and listed in Table 2. The comparisons of available
experimental data show that the experimental density and viscos-
ity from different sources are consistent with each other, while the
experimental surface tension and heat capacity of [hmim][Tf2N]
and [bmim][PF6] from different sources show considerable dis-
crepancies. As shown in Figs. 1 and 2, the surface tensions of
[hmim][Tf2N] and [bmim][PF6] measured by Kilaru et al. [24] and
Ghatee et al. [25] were higher than those from other sources. The
heat capacities of [hmim][Tf2N] and [bmim][PF6] measured by
Crosthwaite et al. [26] and Holbrey et al. [27] were much lower
comparing to the experimental data from other sources. Therefore,
the experimental data from these Refs. [24–27] was excluded in
the further investigation.

Table 1
Estimated properties of ILs.

IL Tb, K Tc, K Pc, bar Vc, cm3/mol Zc x

[hmim][Tf2N] 908.2 1297.8 23.89 1104.4 0.245 0.389
[bmim][Tf2N] 847.0 1261.9 27.65 990.1 0.261 0.300
[bmim][PF6] 554.6 719.4 17.28 762.5 0.220 0.792

List of symbols

ai a constant that corrects for attractive potential of
molecules of component i

bi a constant that corrects for volume of component i
Cp heat capacity, J mol�1 K�1

Hi Henry’s constant of component i
Pc critical pressure, bar
Tb normal boiling point, K
Tc critical temperature, K
Vc critical volume, m3/kmol
xi mole fraction of component i in the liquid phase
yi mole fraction of component i in the vapor phase
Zc critical compression factor
LCH4 CH4 loss ratio
Nstage number of theoretical stage of absorber
Pabsorber pressure of absorber, bar
Pbiogas pressure of biogas, bar
Pflash1 pressure of flash-1, bar
Pflash2 pressure of flash-2, bar

RCO2 CO2 removal efficiency
Tbiogas temperature of biogas, K
Tdesorber temperature of desorber, K
VCO2-BIOGAS

CO2 mole flow rates of biogas, kmol/h
VCO2-SG CO2 mole flow rates at the top exit of Flash-2, kmol/h
VCH4-BIOGAS CH4 mole flow rates of biogas, kmol/h
VCH4-SG CH4 mole flow rates at the top exit of Flash-2, kmol/h
YCH4 CH4 product yield

Greek Letters
c activity coefficient
g viscosity, Pa s
q density, kg m�3

r surface tension, N m�1

u fugacity coefficient
x acentric factor
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After evaluation, the consistent data from different sources was
fitted to the semi-empirical equations that have been implemented
into Aspen. The equations and parameters fitted in this work for the
density, viscosity, surface tension and heat capacity of [hmim]
[Tf2N], [bmim][Tf2N] and [bmim][PF6] are listed in Table 3. Fig. 3
(a) and (b) illustrate the density and viscosity of [hmim][Tf2N],
[bmim][Tf2N] and [bmim][PF6], respectively, which were measured
experimentally and calculated with the equations. For [Tf2N]-based
ILs, the density decreases but the viscosity increases when the alkyl
length of cations increases from [bmim] to [hmim]. For the ILs with
the same cation, for example, [bmim][Tf2N] and [bmim][PF6], the
density of [Tf2N]-based ILs ([bmim][Tf2N]) is higher while their vis-
cosity is lower compared to [FP6]-based ILs ([bmim][PF6]). The vis-
cosity of [bmim][PF6] is the highest in these three ILs, which
shows that the anion has an obvious effect on the viscosity of ILs.
Principally, the high density of solvent increases the pressure drop
of absorber and the high viscosity leads to low heat andmass trans-
fer rates, which is not conducive to the application of ILs.

Fig. 3(c) and (d) show the comparisons on surface tension and
heat capacity of these three ILs, respectively. The surface tension
decreases but the heat capacity increases when the alkyl length
of cations increases from [bmim] to [hmim]. The surface tension
of [bmim][PF6] is higher than that of [Tf2N]-based ILs. With the
increase of solvent surface tensions, the interfacial area of parking
decreases. The heat capacities of these three ILs follow: [hmim]
[Tf2N] > [bmim][Tf2N] > [bmim][PF6]. As analyzed in our previous
work [15], the heat capacity of [Tf2N]-based ILs is higher than that
of [PF6]-based ILs. The high heat capacity values result in high
energy consumption in the case that the solvent is regenerated
by increasing temperature. It can be concluded that the anion of
ILs has more significant influence on the viscosity, surface tension
and heat capacity of ILs. How these thermo-physical properties
affect the process performance will be studied in the following
section.

In the biogas upgrading process, the biogas can be absorbed
with pressure, for example, high pressurized water scrubbing.
The density and viscosity of [hmim][Tf2N], [bmim][Tf2N] and
[bmim][PF6] up to high pressures have been measured experimen-

tally. The experimental results show that when the pressure
increases from 1 to 10 bar, the densities of [hmim][Tf2N], [bmim]
[Tf2N] and [bmim][PF6] increase 0.04%, 0.03% and 0.04%, respec-
tively, and the viscosities of [hmim][Tf2N], [bmim][Tf2N] and
[bmim][PF6] increase 0.73%, 0.69% and 1.5%, respectively. As shown
in Fig. 4, the influence of pressure on the density and viscosity is
negligible compared to the effects of cation and anion. Therefore,
the pressure effect on the thermo-physical properties of ILs was
neglected in the process simulation conducted in this work.

2.2. Phase equilibra

The vapor pressure of ILs is negligible. In this work, it was
assumed that ILs only exists in the liquid phase. The gas solubility
in ILs is expressed as:

Pyium
i ¼ Hixic�i : ð5Þ

where P is the system pressure, yi is the mole fraction of gas in the
vapor phase, um

i is the fugacity coefficient of gas in the vapor phase,
Hi is the Henry’s constant, xi is the mole fraction of gas in the liquid
phase, and c�i is the activity coefficient of gas in the liquid phase at
the infinite dilution reference state.

The fugacity coefficient of gas i in the vapor phase was
calculated by the Redlich–Kwong (RK) equation of state:

lnui ¼ ln
V

V � b

� �
þ bi

V � b
� 2

P
jyjaij

bRT1:5 ln
V þ b
V

� �

þ abi

b2RT1:5
ln

V þ b
V

� �
� b
V þ b

� �
� ln

PV
RT

� �
ð6Þ

where

P ¼ RT
V�b � a

T0:5VðVþbÞ
a ¼ P

i

P
jyiyjaij

b ¼ P
ixibi

aij ¼ 0:42748 R2T2:5ci
Pci

bi ¼ 0:08664 RTci
Pci

8>>>>>>>><
>>>>>>>>:

ð7Þ

Fig. 1. Surface tension of [hmim][Tf2N] and [bmim][PF6] from different sources.

Table 2
Sources of experimental property of ILs.

Property Refs.

Density Viscosity Surface tension Heat capacity

[hmim][Tf2N] [28–35] [26,32–38] [24,28,33,39,40] [26,41,42]
[bmim][Tf2N] [43–48] [34,47,49] [13,39,40,48,50] [46,51]
[bmim][PF6] [46,49,52–60] [38,49,53,58,61,62] [13,24,25,57,63] [27,64–67]
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The critical temperatures (Tc) and pressures (Pc) of CO2 and CH4

are (304.2 K, 73.8 bar) and (190.6 K, 46.1 bar), respectively.
The non-random two-liquid (NRTL) model was used to calculate

the activity coefficient of gas in the liquid phase.

ln ci ¼
Pm

j¼1sjiGjixjPm
l¼1Glixl

þ
Xm
j¼1

xjGijPm
l¼1Gljxl

sij �
Pm

r¼1xrsrjGrjPm
l¼1Gljxl

� �

Gij ¼ expð�cijsijÞ; Gji ¼ expð�cjisjiÞ; cij ¼ cji ð8Þ
cij was assumed to be 0.2 in this work, Gij, Gji, sij and sji are binary
interaction parameters. sij and sji are temperature-dependent, i.e.:

sij ¼ mij þ nij=T

sji ¼ mji þ nji=T
ð9Þ

The Henry’s constant was calculated by the following
equations:

HiðT; PÞ ¼ HiðTÞ exp V1
i P
RT

� �
: ð10Þ

lnHiðTÞ ¼ h1 þ h2

T
: ð11Þ

V1
i ¼ v1 þ v2T ð12Þ

where HiðT; PÞ is the Henry’s constant of gas at system temperature
and pressure, HiðTÞ is the Henry’s constant of gas at zero pressure,
V1

i is the infinite dilution partial volume of gas in solvent, and h1,
h2, t1 and t2 are the correlation parameters.

In this work, firstly, h1 and h2 were extrapolated from the
measured gas solubility data with the method described in the
Ref. [68]. Secondly, t1 and t2 were fitted by setting the binary inter-
action parameters of NRTL to be zero basing on the experimental
data of gas solubility at low pressures. Thirdly, the NRTL parame-
ters were further fitted with the fixed t1 and t2 basing on the
experimental data of gas solubility in the whole investigated pres-
sure range.

The available experimental data of CO2 solubility in [hmim]
[Tf2N], [bmim][Tf2N] and [bmim][PF6] has been evaluated in our
previous work [15], and the model parameters (h1, h2, t1, t2, mij,
mji, nij and nji) for CO2–IL system were obtained basing on the con-
sistent experimental data. For CH4, the experimental solubility
data in [hmim][Tf2N], [bmim][Tf2N] and [bmim][PF6] at different
temperatures and pressures was only measured in three literatures
[68–70]. Therefore, all the available experimental data of CH4 sol-
ubility was used without evaluation. The method used for param-
eter fitting is the same as that for CO2. The fitting results for CO2–IL
and CH4–IL systems are listed in Tables 4 and 5.

The comparisons of experimental and modeling results are
illustrated in Figs. 5–7. In general, the modeling results agree well
with the experimental data. For [hmim][Tf2N], the calculated CO2

solubility at the pressures higher than 20 bar is slightly higher than
the experimental data. For [bmim][PF6], the experimental CH4

solubility at 333 K is irregular, and the modeling results show dif-
ferences from the experimental data at 333 K. As no other experi-
mental data is available, further verification of either modeling
results or experimental data is impossible.

For gas mixture, the interaction of CO2 and CH4 in the vapor
phase was neglected, while the binary interaction parameters

Fig. 2. Heat capacity of [hmim][Tf2N] and [bmim][PF6] from different sources.

Table 3
Equations and parameters for temperature-dependent property.

Property Equation Unit IL Parameters

C1 C2 C3

Density (1) q ¼ C1 þ C2T q/kg m�3, T/K [hmim][Tf2N] 1636.5 �0.8915 –
[bmim][Tf2N] 1718.3 �0.9456 –
[bmim][PF6] 1614.0 �0.8306 –

Viscosity (2) lng ¼ C1 þ C2=T þ C3 ln T g/Pa s, T/K [hmim][Tf2N] �223.1 13542.1 30.71
[bmim][Tf2N] �57.55 5330.4 6.433
[bmim][PF6] �304.4 18135.4 42.51

Surface tension (3) r ¼ C1ð1� T=TcÞðC2þC3T=Tc Þ r/N m�1, T/K [hmim][Tf2N] 0.0131 �8.617 22.69
[bmim][Tf2N] 0.0127 �8.639 21.53
[bmim][PF6] 0.0111 �6.073 8.531

Heat capacity (4) Cp ¼ C1 þ C2T þ C3T
2 Cp/J mol�1 K�1, T/K [hmim][Tf2N] 472.1 0.3581 0.00060

[bmim][Tf2N] 499.1 �0.0549 0.00093
[bmim][PF6] �464.0 4.780 �0.0063

72 Y. Xie et al. / Applied Energy 175 (2016) 69–81



between CO2 and CH4 in the liquid phase were obtained from the
fitting of experimental solubility of (CO2 + CH4) in [bmim][Tf2N]
measured by Mahinder et al. [71]. This group of data is also the

only one for the solubility of mixture (CO2 + CH4) in the ILs studied
in this work. The fitted parameters are listed in Table 5. The com-
parison between the modeling results and experimental data is
shown in Fig. 8. The deviation is less than ±15% for most cases.

Principally, a promising solvent for biogas upgrading should
have favorable properties, such as high CO2 capacity and selectiv-
ity, and low viscosity. Based on the study of thermo-physical prop-
erties and phase equilibria, it is found that the CO2/CH4 selectivity
in [bmim][PF6] is high, but the viscosity and surface tension of
[bmim][PF6] is also high. Compared to [bmim][PF6], the viscosity
of [bmim][Tf2N] is low while the CO2/CH4 selectivity is also low.
So it is unclear which IL is more promising. Therefore, process sim-
ulation will be conducted in the next section to compare the per-
formance of these ILs.

Fig. 3. Temperature-dependent property of [hmim][Tf2N], [bmim][Tf2N] and [bmim][PF6]. (a) Density, (b) viscosity, (c) surface tension, and (d) heat capacity. Symbols:
experimental data. Curve: correlations.

Fig. 4. Density and viscosity of [hmim][Tf2N], [bmim][Tf2N] and [bmim][PF6] at 298.2 K. (a) Density and (b) viscosity.

Table 4
The parameters of Henry’s constant and characteristic volume.

CO2 CH4 CO2 CH4 CO2 CH4

[hmim][Tf2N] [bmim][Tf2N] [bmim][PF6]

h1 6.520 4.066 6.83 4.848 8.32 7.807
h2 �1617.9 �418.5 �1695.1 �303.2 �2001.8 �873.9
t1 17.193 – 220.5 – 8.079 –
t2 0.556 – �0.0735 – 0.277 –
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Table 5
The NRTL binary parameters for CO2–ILs, CH4–ILs and CO2–CH4 systems.

i CO2 CH4 CO2 CH4 CO2 CH4 CO2

j [hmim][Tf2N] [bmim][Tf2N] [bmim][PF6] CH4

mij 0.51 �5.50 4.50 �0.066 �0.66 �1.54 �5.57
mji 1.58 11.21 0.82 �1.34 3.34 �0.040 3.86
nij �253.82 704.57 �640.52 250.87 982.75 �503.33 1000.0
nji �433.01 �1884.2 �715.34 153.62 �1506.6 �97.95 70.70

Fig. 5. Solubilities of pure CO2 (a) and pure CH4 (b) in [hmim][Tf2N]. Symbols: experimental data. Curve: correlations with NRTL-RK model.

Fig. 6. Solubilities of pure CO2 (a) and pure CH4 (b) in [bmim][Tf2N]. Symbols: experimental data. Curve: correlations with NRTL-RK model.

Fig. 7. Solubilities of pure CO2 (a) and pure CH4 (b) in [bmim][PF6]. Symbols: experimental data. Curve: correlations with NRTL-RK model.
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3. Process simulation

3.1. Process description

A conceptual process for biogas upgrading using ILs was simu-
lated and the schematic is illustrated in Fig. 9. The biogas is pres-
surized to 8 bar in the compressors and injected into the bottom
of an absorber while the solvent is sprayed from the top of the
absorber. The absorber is operated at 293.15 K and 8 bar based
on the operational conditions for water-scrubbing. CH4 is obtained
on the top of the absorber, while the CO2-enriched solvent enters
the first flash tank (Flash-1). The gas released from Flash-1
(3 bar) is recirculated to the second compressor and mixed with
the raw biogas. The CO2-enriched solvent is sent to the second
flash tank (Flash-2) and regenerated by decreasing the pressure.
The solvent leaving from the bottom of Flash-2 is recirculated
and mixed with pure IL solvent.

3.2. Comparison of imidazolium-based ILs

Based on the literature survey, the capacity of a biogas plant is
in a range of 150–2000 N m3/h. Götz et al. [72] reported the details
of a high pressure water-scrubbing, and the plant capacity was set
to be 242.3 N m3/h. Cozma et al. [8] performed modeling and sim-
ulation of biogas upgrading with high pressure water-scrubbing
where the plant capacity was set to be 10.854 kmol/h

(243.14 N m3/h). Therefore, in this work, the capacity of the biogas
plant was set to be 10 kmol/h (224 N m3/h).

In simulation, the biogas was assumed to be a mixture of 55%
CH4 and 45% CO2. The simulation was based on the equilibrium
approach. The purity of CH4 in the product gas (PG) was set to be
0.97 by varying the amount of ILs. The regeneration degree of ILs
was set to be 98.5%. The process parameters are listed in Table 6.

The biogas upgrading using [hmim][Tf2N], [bmim][Tf2N] and
[bmim][PF6] as solvents were investigated, respectively. The
simulation results are listed in Table 7. The amounts of recirculated
solvents follow: [bmim][Tf2N] < [bmim][PF6] < [hmim][Tf2N]. The
gas loading in ILs is the key factor influencing the amount of
solvent, and Fig. 10 shows the calculated CO2 and CH4 loadings
in [hmim][Tf2N], [bmim][Tf2N] and [bmim][PF6] at 293 K. The
CO2 loading in [bmim][Tf2N] is high, and this observation is consis-
tent with the low amount of recirculated [bmim][Tf2N]. For
[hmim][Tf2N], the high CH4 loading leads to a high amount of recir-
culated solvent. Therefore, both the CO2 and CH4 loadings are
importance for evaluating the performance of biogas-upgrading

Fig. 9. Schematic of biogas upgrading using ILs.

Table 6
The parameters of process simulation.

Parameter Units Values

CH4/CO2 vol% 55/45
Pbiogas bar 1
Tbiogas K 293
Pabsorber/Pflash1/Pflash2 bar 8/3/0.2
Tabsorber/Tdesorber K 293/293
Plant capacity N m3/h 224
Nstage 11
Purity of CH4 % 97
CH4 loss % <1

Table 7
Calculated diameters, solvents and gas compositions from the processes.

Unit [hmim][Tf2N] [bmim][Tf2N] [bmim][PF6]

Diameter of absorber, m 0.53 0.46 0.66
Make-up solvent, t/h 0.372 0.360 0.365
Recirculated solvent, t/h 24.45 23.64 23.97
CH4-OFFG, mol% 0.023 0.025 0.005
CO2-OFFG, mol% 0.977 0.975 0.995
CH4-LIQCIR, mol% 0.000012 0.0000051 0.00000079
CO2-LIQCIR, mol% 0.0072 0.0038 0.0045
CH4-GASCIR, mol% 0.181 0.215 0.119
CO2-GASCIR, mol% 0.819 0.785 0.881

Fig. 8. Comparison of the calculated and experimental solubility of CO2/CH4

mixture in [bmim][Tf2N] at 303 K, 313 K and 323 K when the mole ratios of CO2 to
CH4 are 1/3, 1 and 3.
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as the solubility of CH4 in the ILs is not extremely low compared to
the CO2 solubility.

In Aspen plus, the absorber diameter is estimated from the
maximum capacity and the capacity factor in the sizing model.
The capacity factor is related to the density and viscosity of sol-
vents, thus, the density and viscosity of solvents affect the absorber
diameter. Table 8 shows the calculated density and viscosity of
[hmim][Tf2N], [bmim][Tf2N] and [bmim][PF6] at 293 K. The density
of [bmim][Tf2N] is the highest while the viscosity is the lowest. The
absorber diameters with different solvents follow the same order
as the viscosity, i.e. [bmim][Tf2N] < [hmim][Tf2N] < [bmim][PF6].
Meanwhile, the densities of the studied ILs only show a slightly dif-
ference comparing to the difference in their viscosities. Therefore,
the viscosity of ILs is a key factor to determine the absorber diam-
eter. The larger the absorber diameter, the higher the investment
cost.

Table 9 lists the power and heat duty for biogas upgrading using
different ILs. The compression work contributes 60–65% to the
total energy demand, and the differences in the compression work
are quite small due to the same plant capacity. The power require-
ments of pump are quite different because of the differences on the
amounts of recirculated solvents. The power requirements for
vacuum pump depend on the vacuum value of flash and the flow

rate of steam. The vacuum pump power for [bmim][Tf2N] scrub-
bing is lowest. The total energy demands follow: [bmim][Tf2N] <
[hmim][Tf2N] < [bmim][PF6]. The heat duties show negative values,
which means that the power is surplus. The excess power could be
used in the heat integration activities.

3.3. Sensitivity analysis

3.3.1. Density and viscosity effects
The thermodynamic and transport properties of ILs are impor-

tant to the application of ILs for gas separation. The properties of
ILs influence the mass transfer rate, diffusivity of gas in the solvent
and gas–liquid interfacial area. Based on the simulation results
obtained in the previous section, [bmim][Tf2N] is the most promis-
ing solvent with the lowest energy consumption, and thus [bmim]
[Tf2N] was chosen as the solvent to further study the effects of den-
sity and viscosity on the absorber diameter and pressure drop in
the absorber. In the study, the density or viscosity was changed,
while other properties were kept constants in process simulation.

Based on the literature survey, the densities of conventional
imidazolium-based ILs change from 1000 to 1500 kg/m3, and the
viscosities change from 0.02 to 0.8 Pa s at 293.15 K. As shown in
Fig. 11(a), the absorber diameter is around 0.46 m while the
pressure drop changes from 91.98 Pa/m to 94.61 Pa/m when the
density changes from 940 to 1690 kg/m3. As shown in Fig. 11(b),
the ILs with the viscosity lower than 0.44 Pa s was studied in this
work because the high viscosity of ILs is not suitable to be used
in the process. It was found that the absorber diameter increases
from 0.42 to 0.51 m and the pressure drop increases from 91.2 to
96.6 Pa/m when the viscosity of IL increases from 0.008 to
0.44 Pa s. It can be concluded that the density mainly influences
the pressure drop of absorber, while the viscosity has an obvious
effect on both absorber diameter and pressure drop.

3.3.2. Pressure and temperature effects
The effects of pressure in the absorber and flash on the process

efficiency were analyzed. The CO2 removal efficiency (RCO2 ) and
CH4 loss ratio (LCH4 ) were used to quantify the system efficiency:

RCO2 ¼
VCO2-SG

VCO2-BIOGAS
� 100%: ð13Þ

LCH4 ¼ VCH4-SG

VCH4-BIOGAS
� 100%: ð14Þ

where VCO2-SG and VCH4-SG are CO2 and CH4 mole flow rates (kmol/h)
at the top exit of Flash-2, respectively, and VCO2-BIOGAS and VCH4-BIOGAS

are CO2 and CH4 mole flow rates (kmol/h) of biogas, respectively.

Fig. 10. Calculated CO2 and CH4 loadings in [hmim][Tf2N], [bmim][Tf2N] and [bmim][PF6] at 293 K.

Table 8
Calculated density and viscosity of ILs at 293 K.

Density, kg/m3 Viscosity, Pa s

[hmim][Tf2N] 1375 0.089
[bmim][Tf2N] 1441 0.060
[bmim][PF6] 1372 0.33

Table 9
Power and heat duty requirements on biogas upgrading.

[hmim][Tf2N] [bmim][Tf2N] [bmim][PF6]

Power, kW
Comp 1 13.205 13.205 13.205
Comp 2 15.945 13.546 13.410
Pump 7.744 6.884 9.444
Vacuum pump 8.454 7.447 8.453
Total 45.348 41.082 44.512

Heat duty, kW
Cooler1 �13.352 �13.352 �13.352
Cooler2 �16.506 �14.010 �13.867
Cooler3 �0.829 �0.773 �0.823
Total �30.687 �28.135 �28.042
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3.3.2.1. Absorber pressure. The amount of gas dissolved in the ILs
increases with increasing absorber pressure and then influences
the absorption capacity and selectivity. As shown in Fig. 12(a), with
increasing pressure from 6 to 8 bar, the yield of product gas (YCH4 )
and the CO2 removal efficiency (RCO2 ) increase rapidly to 0.97 and
0.96, respectively, the CH4 loss (LCH4 ) decreases rapidly from
0.018 to 0.012. With further increasing pressure from 8 to 10 bar,
YCH4 and RCO2 keep increasing but the increase rate is very slow,
and LCH4 is almost a constant with a value of 0.012.

When the absorber pressures increase from 6 to 10 bar, as
shown in Fig. 12(b), in order to reach the upgrading efficiency
(YCH4 = 0.97), the amount of recirculated solvent decreases from

28.7 to 21.3 t/h. The power consumptions of biogas compressors
increase with increasing pressure, and the total power require-
ments increase from 34.4 to 49.1 kw/h.

3.3.2.2. Pressure in Flash-1. In order to decrease LCH4 , the gas is
recirculated after releasing from Flash-1. The pressure change in
Flash-1 also affects YCH4 and RCO2 . As shown in Fig. 13(a), when
the pressure of Flash-1 varies from 1 to 3 bar, both YCH4 and RCO2

increase rapidly to 0.97 and 0.96, respectively. With the further
increase from 3 to 5 bar, YCH4 and RCO2 keep almost constants.
Meanwhile, LCH4 increases from 0.001 to 0.012 when the pressure
of Flash-1 varies from 1 to 3 bar. When the pressure further

Fig. 12. Influence of pressure in absorber on (a) CH4 yield (YCH4 ), CO2 removal efficiency (RCO2 ) and CH4 loss ratio (LCH4 ). (b) Recirculated solvent and energy consumption.

Fig. 13. Influence of pressure in Flash-1 on (a) CH4 yield (YCH4 ), CO2 removal efficiency (RCO2 ) and CH4 loss ratio (LCH4 ). (b) Recirculated solvent and energy consumption.

Fig. 11. The effects of density and viscosity of IL on the diameter of absorber and pressure drop.
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increases up to 5 bar, LCH4 increases rapidly up to 0.056. Therefore,
3 bar is a proper pressure for Flash-1 in the studied case because
YCH4 is 0.97 and LCH4 is only 0.012.

As shown in Fig. 13(b), when the pressure in Flash-1 increases
from 2 to 5 bar, the amount of recirculated solvents decreases from
31.3 to 19.7 t/h and the total energy consumptions decrease from
58.6 to 38.1 kw/h.

3.3.2.3. Absorber temperature. Temperature influences the gas solu-
bility in solvents and then affects the upgrading efficiency. The CO2

solubility in ILs decreases when the absorber temperature
increases, and then YCH4 decreases. As shown in Fig. 14(a), YCH4

and RCO2 decrease slightly when the absorber temperature
increases from 283 to 293 K. With further increase from 293 to
303 K, the rate of decrease is obvious. When the absorber temper-
ature is 303 K, YCH4 is 0.91 and RCO2 is 0.88. When the temperature
increases from 283 to 303 K, LCH4 keeps increasing from 0.013 to
0.018.

In order to reach the product yield, the amounts of recirculated
solvents increase with increasing temperature. In consequence, the
power consumptions of pump increase. As shown in Fig. 14(b),
when the absorber temperature increases from 283 to 303 K, the
amount of recirculated solvents increases from 21.6 to 59.1 t/h
and the total energy consumption increases from 41.6 to
49.7 kw/h.

Based on the sensitivity analysis, we can draw the following
conclusions. The absorber diameter keeps a constant and the
pressure drop increases with increasing density of ILs. Both the
absorber diameter and the pressure drop inside the absorber

increase with increasing viscosity of ILs. When the pressure in
the absorber increases from 6 to 10 bar, YCH4 and RCO2 increase to
0.98 and 0.97, respectively, LCH4 decrease to 0.012, and the amount
of recirculated solvent decreases by 26% and the energy consump-
tion increases by 43%. When the pressure of Flash-1 varies from 2
to 5 bar, YCH4 , RCO2 and LCH4 increase to 0.97, 0.97 and 0.056, respec-
tively, and the amount of recirculated solvent and the energy con-
sumption decrease by 37% and 35%, respectively. When the

Fig. 14. Influence of temperature in absorber on (a) CH4 yield (YCH4 ), CO2 removal efficiency (VCO2 ) and CH4 loss ratio (LCH4 ). (b) Recirculated solvent and energy consumption.

Fig. 15. Density (a) and viscosity (b) of water, 50% ChCl/Urea–water and [bmim][Tf2N].

Fig. 16. CO2 loading (kg CO2/kg solvent) in water, 50% ChCl/Urea–water and [bmim]
[Tf2N] at 313.2 K.
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absorber temperature increases from 283 to 303 K, YCH4 and RCO2

decrease to 0.91 and 0.88, respectively LCH4 increases to 0.018,
and the amount of recirculated solvent and the energy consump-
tion increase by 174% and 19%, respectively.

3.4. Comparison with water scrubbing and aqueous ChCl/Urea
scrubbing

Water-scrubbing is widely used for biogas upgrading, where the
required amount of water is large due to the low absorption capac-
ity of CO2 in water. In our previous work [21], aqueous ChCl/Urea
scrubbing was studied, and it was found that the amount of solvent
and the energy consumption are lower compared to water scrub-
bing. In this work, the biogas upgrading using the conventional
ILs was compared with water scrubbing and aqueous ChCl/Urea
scrubbing, and 50% ChCl/Urea–water was chosen as a typical
representative of aqueous ChCl/Urea scrubbing.

Firstly, the density and viscosity of water, 50% ChCl/Urea–water
and [bmim][Tf2N] were compared. As shown in Fig. 15, the densi-
ties of these solvents follow: water < 50% ChCl/Urea–water <
[bmim][Tf2N]. The viscosity of [bmim][Tf2N] is much larger than
those of water and 50% ChCl/Urea–water. The high viscosity will
lead to large absorber diameter and high pressure drop inside
the absorber.

The CO2 loading in 50% ChCl/Urea–water has been measured by
Hsu et al. [73] at temperatures from 313.2 to 353.2 K, and thus the
CO2 loadings (kg CO2/kg solvent) in water, 50% ChCl/Urea–water
and [bmim][Tf2N] were compared at 313.2 K, as illustrated in
Fig. 16. It is found that the CO2 loading in 50% ChCl/Urea–water
is the highest. As the amount of recirculated solvent relates to
the CO2 loading, Fig. 17 shows that the amount of recirculated
50%ChCl/Urea–water is the lowest compared to [bmim][Tf2N]
and water. The amount of recirculated [bmim][Tf2N] is less than
that for water but more than the amount of recirculated 50%
ChCl/Urea–water. Because of the high amount of recirculated
water, the pump power for the water scrubbing process is up to
15.21 kW, leading to a high total energy demand. The total energy
consumption follow: 50%ChCl/Urea–water scrubbing < [bmim]
[Tf2N] scrubbing < water scrubbing. The overall energy consump-
tion for 50%ChCl/Urea–water scrubbing and [bmim][Tf2N]
scrubbing reduced by 29% and 11%, respectively, comparing the
total energy demand for water scrubbing.

4. Conclusion

A conceptual process for biogas upgrading using [hmim][Tf2N],
[bmim][Tf2N] and [bmim][PF6] was simulated in Aspen plus. The
experimental results of the properties of ILs were fitted by the

semi-empirical equations, and the experimental vapor–liquid
equilibrium data of CO2–IL, CH4–IL and CO2–CH4–IL systems was
fitted by NRTL-RK model. The fitted parameters were implemented
into Aspen to perform the simulation. The simulation results show
that the amount of recirculated solvent and the total energy con-
sumption for the upgrading process using different ILs follow:
[bmim][Tf2N] < [bmim][PF6] < [hmim][Tf2N].

The process with [bmim][Tf2N] was chosen as the reference
case to perform the sensitivity analysis. The results show that
the pressure drop in the absorber increases with increasing density
and viscosity of solvent. The absorber diameter increases with
increasing viscosity but changes slightly with increasing density.
The effects of pressure and temperature on the process efficiency
were studied. The CH4 yield and CO2 removal efficiency increase
with increasing pressure in the absorber and Flash-1 and decrease
with increasing absorber temperature. The CH4 loss ratio shows
opposite behaviors. The amount of recirculated solvent and the
energy consumption were calculated by fixing 97% purity of CH4

in the product gas, and the energy consumption increases with
increasing pressure and temperature in the absorber and decreases
with increasing pressure in Flash-1.

[bmim][Tf2N] scrubbing was compared with water scrubbing
and aqueous ChCl/Urea scrubbing. It is found that 50%ChCl/Urea–
water scrubbing and [bmim][Tf2N] scrubbing show 29% and 11%
reductions in energy consumption, respectively, compared to
water scrubbing. The IL-based solvent could achieve energy-
saving for biogas upgrading process, which implies that IL-
technology is promising for biogas upgrading. In the future, the
performance of the novel functionalized ILs will be studied. Mean-
while, the biogas upgrading process with ILs will be further imple-
mented to the biogas production process, and a techno-economic
evaluation will be performed.
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ABSTRACT: Biogas has been considered as an alternative renewable energy, and raw biogas needs to 
be purified. In this work, the conceptual process for biogas upgrading using aqueous choline chloride 
(ChCl) / urea (1:2 on a molar basis) was developed, simulated and evaluated with Aspen Plus. In order to 
carry out the process simulation, the thermophysical properties of ChCl/Urea (1:2) and its aqueous 
solutions as well as the phase equilibrium of gas-ChCl/Urea (1:2), ChCl/Urea (1:2)-H2O and 
gas-ChCl/Urea (1:2)-H2O were surveyed, evaluated and then fitted to the models embedded into Aspen 
Plus. The properties needed but without available experimental results were predicted theoretically. The 
equilibrium approach was used for process simulation based on Aspen Plus. Sensitivity analysis was 
conducted to determine the optimal values of the flowrate ratio of total solvent volume to biogas (L/G), 
the flowrate ratio of the air to biogas (AFR/G), the number of theoretical stages of absorber (Nab), and the 
pressure of flash tank (pflash). With a set of operational conditions, the effects of ChCl/Urea (1:2) content 
on the total energy utilization, the diameters and pressure drops of absorber and desorber as well as the 
green degree of the process were studied. The simulation results showed that, with the addition of 
ChCl/Urea (1:2), the total electrical power decreased by 27 % compared to the process with pure water, 
the diameters of both absorber and desorber decreased with increasing content of ChCl/Urea (1:2). The 
green degree of the biogas upgrading with aqueous ChCl/Urea was higher than the high pressure water 
scrubbing, and it reached the highest for the solutions with 50 wt. % ChCl/Urea (1:2). Therefore, aqueous 
ChCl/Urea (1:2) is a promising solvent for biogas upgrading. 
 
Keywords: biogas upgrading, aqueous choline chloride/urea, process simulation, high pressure water 
scrubbing 
 
 

1. INTRODUCTION 

Biogas produced by anaerobic digestion of biological wastes has been considered as an alternative 
renewable energy resource.1, 2 Generally, biogas contains 53-70 % (by volume) methane (CH4), 30-47 % 
carbon dioxide (CO2), small amounts of hydrogen sulfide (H2S, 0-10000 ppm) and other compounds.3 
CO2, as the main impurity of biogas, has to be removed in order to increase the heating value, decrease 
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the transportation costs and avoid the corrosion in pipelines. Upgraded biogas can be used as vehicle 
fuels or injected into the natural gas grid.2  

Technologies have been developed and commercialized for biogas upgrading (i.e. CO2 removal from 
raw biogas), for example, high pressure water scrubbing (HPWS), pressure swing adsorption (PSA), 
chemical absorption (CA), organic physical scrubbing (OPS), membrane separation (MB), cryogenic 
separation (CS), and so on.3-5 Among them, absorption is one of the most widely used technologies, for 
example, HPWS, OPS and CA are shared 40 , 6 and 25 %, respectively, of all biomethane plants in the 
European region.2, 6 According to the information published by IEA Bioenergy Task 37, HPWS is one of 
the simplest, most-efficient and widely-used upgrading techniques.2, 6  

HPWS has the advantage of low CH4 lost, and no pretreatment of H2S is required. However, the low 
CO2 solubility in water leads to a large amount of solvent required in the process. Besides, the bacterial 
growth is easily formed on the packing materials.7, 8 Other absorption technologies including OPS and 
CA are used in commercial CO2 capture processes due to high absorption capacity and rate. The 
drawbacks of CA include the high thermal energy demand for solvent regeneration, the corrosion to 
equipment as well as the significant solvent degradation and loss.8 Although the thermal energy demand 
of OPS is lower than CA, the solubility of CH4 in organic physical solvent is comparatively high, leading 
to a high loss rate of CH4.9 Besides, the volatility of OPS results in solvent loss and air pollution. 

Since Blanchard et al.10 firstly reported the CO2 solubility in a physical ionic liquids (ILs), ILs have 
been paid more attention in the field of CO2 separation due to the favorable properties of non-volatility, 
thermal stability and high acid gas solubility.11 These unique properties of ILs provide the feasibility to 
reduce the thermal energy demand for solvent regeneration and to avoid environmental pollutions.12 
Process simulation and assessment have been carried out for the CO2 capture with ILs as liquid 
absorbents based on process simulation software such as Aspen Plus. For example, Shiflett et al.13 
simulated a CO2 capture process using pure IL and claimed 16 % reduction in energy utilization and 11 % 
reduction in investment compared to aqueous amine scrubbing. Basha et al.14, 15 developed a conceptual 
process for selective capture of CO2 from fuel gas streams using different ILs. Huang et al. 16 simulated 
the CO2 capture process using IL-amine hybrid solvents and concluded that IL-based solvent combined 
with process modification could realize an energy-efficient and cost-effective carbon capture.  

However, the high production cost, the high viscosity and the potential toxicity for most of the 
synthesized ILs limit their industrial applications. Recently, deep eutectic solvents (DESs) have received 
much more attention and been considered as a new type of ILs.17-21 DESs maintain most of the favorable 
properties of ILs but avoid the economic and environmental problems 19. Among the synthesized DESs, 
choline-based ILs (or DESs) are considered as a type of most promising solvents to achieve large-scale 
applications because of their low production cost, low toxicity, biodegradability and easy synthesis. In 
particular, choline chloride/urea (ChCl/Urea) is made of urea (a common fertilizer) and choline chloride 
(a vitamin B4 precursor), and both of them are relatively benign in terms of bio-toxicity. Moreover, the 
price of ChCl/Urea is relatively cheap, which is only 4-9 % of the conventional ILs.22  

Research has been carried out to measure the CO2 solubility in ChCl/Urea,23-25 revealing ChCl/Urea a 
promising solvent for CO2 absorbing. However, the viscosity of ChCl/Urea is very high. It has been 
reported that the addition of water can significantly decrease the viscosity of ChCl/Urea,26-28 but the CO2 
solubility also decreased. The low viscosity of the aqueous ChCl/Urea will enhance the mass transfer of 
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CO2 and decrease the pumping costs due to the reducing of friction losses,29 but the decrease of CO2 
solubility (capacity) will lead to an increase of the amount circulated solvent and a large absorption tower. 
Therefore, how the addition of water will affect the whole performance of the process is still unclear. In 
addition, similar to HPWS, using aqueous ChCl/Urea for biogas-upgrading, the solvent can be 
regenerated easily by bubbling air, and no thermal energy is needed. Therefore, it will be highly 
interesting to compare these two techniques. 

The objective of this work was to investigate the performance of biogas upgrading using aqueous 
ChCl/Urea as liquid absorbents. Aspen Plus was used as a simulation tool. ChCl/Urea was input as a new 
user-defined component. The physical properties of ChCl/Urea measured experimentally were surveyed, 
evaluated and then fitted with semi-empirical equations, and the experimental results of vapor-liquid 
equilibrium were represented by the Non-Random Two-Liquid model and the Redlich-Kwong equation 
(NRTL-RK). All the fitted parameters were further implemented into Aspen Plus and used for process 
simulation. Based on the equilibrium approach, the sensitivity analysis was conducted to determine a set 
of optimal parameters, and the effect of ChCl/Urea content on the total energy utilization, the diameters 
and pressure-drops of absorber and desorber as well as the green degree of the process was studied. The 
performance of aqueous ChCl/Urea for biogas upgrading was compared with HPWS. 

2. THERMOPHYSICAL PROPERTIES AND PHASE EQUILIBRIUM 

2.1. Properties of pure components. In the process of biogas upgrading with aqueous ChCl/Urea, the 
components involved can be CO2, CH4, H2O, ChCl/Urea, N2, O2 and H2S. Assuming that H2S was 
removed before upgrading, the content of H2S was ignored in the simulation of this work. The 
physicochemical properties of the components other than ChCl/Urea (i.e. CO2, CH4, H2O, N2, and O2) 
were calculated using the parameters from the property databank in Aspen Plus without further study.  

ChCl/Urea can be obtained by mixing various molar ratios of choline chloride to urea. Among them, 
the ChCl/Urea with 1:2 on a molar basis showed the highest CO2 solubility. 23 Therefore, ChCl/Urea 
used in this work was all based on the molar ratio of 1:2 (choline chloride: urea). For ChCl/Urea (1:2), 
the physicochemical properties measured experimentally were surveyed, evaluated and then fitted with 
semi-empirical equations, and the fitted parameters were further implemented into the databank for 
performing the process simulation. The parameter fitting was performed within Aspen Plus. For the 
properties that have not been determined reliably or could not be determined, theoretical estimation was 
conducted to satisfy the simulation requirement of Aspen Plus. The detail was described in this section. 
  2.1.1. Critical properties of ChCl/Urea (1:2). The critical properties of pure components are required 
as one of inputs in the process simulation with Aspen Plus. For ILs, Valderrama et al.30, 31 developed an 
extended group contribution method to determine the critical properties, normal boiling temperatures and 
acentric factors of ILs, and it was stated that the estimated acentric factors were accurate enough for 
engineering calculations. For DESs, Emad et al.32 estimated the critical properties of 17 kinds of DESs 
including choline chloride-based DESs based on the group contribution methods. Mirza et al. estimated 
the critical properties of 39 different DESs including ChCl/Urea (1:2) by a combination of the modified 
Lydersen-Joback-Reid method with the Lee-Kesler mixing rules.33, 34 It was found that there was only a 
slight difference when different parameters were used in the extended group contribution method. 
Therefore, the critical properties of ChCl/Urea (1:2) used in this work were directly taken from the 
reference33 as listed in Table S1 (Supporting Information). 
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  2.1.2. Temperature-Dependent Properties of ChCl/Urea (1:2). The temperature-dependent properties 
such as density, viscosity, surface tension and heat capacity are needed in the process simulation. These 
properties have been measured experimentally and all the available sources of the experimental data for 
ChCl/Urea (1:2) at different temperatures were collected as listed in Table 1. The comparisons of the 
available experimental data in Figure 1(a) showed that most of the experimental densities of ChCl/Urea 
(1:2) from different sources27, 28, 34-36 were consistent with each other except the data measured by 
Mohsenzadeh et al.,37 and then the experimental data from 37 was excluded in the further investigation. 
For viscosity, as we can see from Figure 1(b), the experimental data points from Mohsenzadeh et al.37 
and Xie et al.27 were not consistent with other sources when the temperature was lower than 318.15 K, 
and they were not used in further data fitting. For the heat capacity, the experimental results from Leron 
et al.38 and Chemat et al.34 were consistent with each other. All the experimental data points from these 
two sources were used in the further data fitting.  

After the evaluation, the consistent experimental data of density, viscosity and heat capacity was fitted 
to the equations embedded into Aspen Plus, and all the fitting was conducted within Aspen Plus. The 
equations and parameters fitted in this work are listed in Table 2. For the density of ChCl/Urea (1:2), the 
liquid molar volume was first converted from the density, and then the IK-CAPE equation (eq 1 in Table 
2) was used to fit the liquid molar volumes. The average relative deviation (ARD) was 0.086 % in fitting 
for the liquid molar volume. To further illustrate the fitting accuracy, the model results were compared 
with the experimental data as shown in Figure 1(a). When the temperature was lower than 348.15 K, the 
experimental data agreed well with each other, and the model results were consistent with the 
experimental data. While when the temperature was higher than 348.15 K, the experimental data showed 
discrepancies at 353.15 K, and the model results were within the experimental uncertainties. However, 
with increasing temperature, only one group of data measured by Leron et al.35 was available, and this 
group of data was already lower than others at 353.15 K and obviously lower than the model results 
when the temperature was higher than 353.15 K. Thus, the accuracy of this group of data might be 
questionable. 

For the viscosity and heat capacity of pure ChCl/Urea (1:2), the DIPPR equations (eqs 2 and 3 in 
Table 2, respectively) were used. The fitting results of viscosity and heat capacity for ChCl/Urea (1:2) 
agreed well with the data points used in fitting with ARDs of 3.1% and 0.2%, respectively. The further 
comparison with the available experimental data was also illustrated in Figure 1.  

 
Table 1. Sources of experimental properties 

Property Refs.    
 Density Viscosity Heat capacity Surface tension 

ChCl/Urea (1:2) 27, 28, 34-37 27, 28, 34, 37, 40 34, 38 39-41 
ChCl/Urea (1:2) -H2O 26-28, 35, 36 26-28 38 25 
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Table 2. Equations for Temperature-Dependent Properties of ChCl/Urea (1:2) 

Property Equations No Unit 
Parameters 

C1 C2 C3 

Liquid molar 

volume 
2

1 2 3lV C C T C T  (1) 
Vl /m3·kmol-1, 

T/K 
0.06358 2.427 10-5 1.624 10-8 

Viscosity 1 2 3ln / lnC C T C T  (2) η /Pa·s, T/K -443.7 2.667 104 62.14 

Heat capacity 2
p 1 2 3C C C T C T  (3) 

Cp /J·mol-1·K-1, 

T/K 
117.3 0.2085 1.679 10-12 

Surface tension 2 3 /
1 C(1 / ) CC C T TC T T  (4) σ /N·m-1, T/K 0.09244 0.6043 0 

 
  For the surface tension of ChCl/Urea (1:2), Arnold et al.39 reported that the surface tension of pure 
ChCl/Urea (1:2) was 66 ± 1 Nm∙m-1, while D’Agostino et al.40 and Abbott et al.41 reported that the 
surface tensions were 52 Nm∙m-1 (298.15 K) and 52 Nm∙m-1 (313.15 K), respectively. Ji et al.25 also 
reported that the surface tension of ChCl/Urea (1:2) with 0.52 wt. % of water was 74.43 Nm∙m-1, which 
was much higher than those reported by others. Considering the discrepancies of the experimental data25, 

39-41 on the surface tension and the absence of the surface tension at different temperatures for pure 
ChCl/Urea (1:2), theoretical estimation was used. According to the work by Shahbaz et al.42, the 
modified Macleod equation eq 542 can be used to estimate the surface tension of DESs reliably. 
Therefore, in this work, this method was used. In estimation, the parameter PParachor was calculated based 
on the molecular structure of the constituting components with a value of 204.40 for ChCl/Urea (1:2). 
The estimated surface tensions at different temperatures for ChCl/Urea (1:2) are listed in Table 3. The 
estimated surface tension was around 64 Nm∙m-1 at 298.15 K, and it was within the range of 
experimental measurements reported by Arnold et al.39 and D’Agostino et al.40. 

parachor

1/4MP                               (5) 

where PParachor is a parameter linked the surface tension  with the density   
The estimated surface tension was further used to fit the parameters of the DIPPR equation (eq 4 in 

Table 2) for conducting process simulation and the fitting results agreed well with the estimated data 
points with an ARD of 0.033 %. 
 
Table 3. Surface tension predicted theoretically in this work 

T (K) 298.15 303.15 308.15 313.15 318.15 323.15 328.15 333.15 
Surface tension 

(Nm∙m-1) 
63.76 63.19 62.61 62.04 61.48 60.92 60.36 59.81 
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Figure 1. Densities (a), viscosities (b), heat capacity (c) and surface tension (d) of ChCl/Urea (1:2). 
Symbols: experimental data from literature or theoretical estimation of this work; Curves: fitting results 
with the equations embedded in Aspen. 
  2.1.3. Properties of aqueous ChCl/Urea (1:2) solutions. The density, viscosity, surface tension and 
heat capacity of aqueous ChCl/Urea (1:2) solutions have been measured experimentally and all the 
available sources of the experimental data were collected as listed in Table 1. The experimental data was 
illustrated in Figure 2 for comparison with each other. As shown in Figure 2, the available experimental 
densities were consistent with each other for those from the sources of 26, 27, 36, while the experimental 
data from Shah et al.26 was higher than others. For viscosity, the available experimental data was 
consistent with each other for those from the sources of 27, 28, while the experimental data from Shah et 
al.26 was higher than others when the mass fraction of ChCl/Urea (1:2) was larger than 0.8. Therefore, 
the experimental data by Shah et al.26 was questionable, and the corresponding experimental data was 
excluded for the further study. Therefore, only the consistent data26-28, 36 was used to obtain the 
interaction parameters of either Rackett liquid molar volume model or Andrade liquid viscosity model.  
  In the software of Aspen Plus, the properties of density, viscosity and surface tension are independent, 
while the heat capacity is related to the NRTL model parameters. Therefore, in this work, the density, 
viscosity and surface tension of aqueous ChCl/Urea (1:2) were studied independently, while the heat 
capacity was used as the part of inputs to obtain the binary interaction parameters in NRTL model and 
the detailed discussion was described in the following section. 
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  The preliminary study showed that ideal mixing rules without adjustable parameters cannot be used to 
represent the properties of aqueous ChCl/Urea (1:2) well, and the excess properties should be considered. 
Therefore, the Rackett liquid molar volume model was used to describe the density of the mixture in 
which the interaction parameters were obtained from the fitting of the consistent density data.26, 27, 36 The 
ARDs between all of the available experimental data26-28, 36 and modeling results for density are listed in 
Table 4 with a value less than 1 %. Compared the modelling results with the data from Shah et al.26, the 
ARD is 7.6 %, which is much higher than 1 %. 
  The Andrade liquid viscosity model was used to describe the viscosity of the mixture with the 
interaction parameters fitted to the consistent experimental data. The ARDs for the viscosity compared to 
Yadav et al. 28 and Xie et al. [27] were 6.43 and 11.2 %, respectively. While compared to Shah et al. 26, 
the ARD was 40.6 %. Figure 2 further illustrated the comparison of the experimental density and 
viscosity with the calculated results at 303.15 K as one example with good agreements, meanwhile, the 
viscosity changed greatly when the mass fraction of ChCl/Urea (1:2) changed from 0.7 to 1, and the 
experimental data from different sources showed relatively high discrepancies in this region.  
  For the surface tension of aqueous ChCl/Urea (1:2), it was calculated from the mole-fraction average 
of liquid surface tension of each pure component. Only one group of data measured by Ji et al.25 was 
available, and the model prediction provided an ARD of 9.97 % as listed in Table 4. As we discussed 
above that the surface tension of ChCl/Urea (1:2) with a small amount of water (0.52 wt. %) reported by 
Ji et al. 25 was higher than those reported by others, thus the deviation might be from the experimental 
data itself. 
Table 4. Comparison between the experimental data and model results for viscosity, density, heat 
capacity and surface tension of aqueous ChCl/Urea (1:2) 

Property T (K) 
Mass fraction of 
ChCl/Urea (1:2) 

ARD/% Refs. 

Density 303.15 0-1 7.61 Shah et al. 26 
 298.15-323.15 0.348-1 0.675 Leron et al. 35 
 293.15-363.15 0-1 1.01 Yadav et al. 28 
 298.15-333.15 0-1 0.746 Xie et al. 27 
 293.15-353.15 0-0.994 1.00 Su et al.36 

Viscosity 303.15 0-1 40.6 Shah et al. 26 
 293.15-363.15 0-1 6.43 Yadav et al. 28 
 298.15-333.15 0-1 11.2 Xie et al. 27 

Heat capacity 303.15-353.15 0.348-1 3.74 Leron et al. 38 

Surface tension 307.9-337.7 0.521-0.995 9.97 Ji et al. 25 
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Figure 2. Viscosity and density of ChCl/Urea (1:2)-H2O system at 303.15 K. Symbols, experimental data 
from literatures; Curves, model results. 
  2.2 Phase equilibrium. 2.2.1. Theory. The solubility of gas (i) in a solvent can be expressed as: 

    
v

i i i i ipy H x                      (6) 

                *

0
ln ln lim  ln ln ln

i
i i i i ix

             (7) 

where p is the system pressure, yi is the mole fraction in the vapor phase, φi
v is the fugacity coefficient in 

the vapor phase, Hi is the Henry’s constant of gas i in the liquid phase, xi is the mole fraction in the liquid 
phase, i is the activity coefficient in the liquid phase, i

* is the unsymmetric activity coefficient in the 
liquid phase, and i

∞ is the infinite dilution activity coefficient in the liquid phase. 
In this work, the Redlich-Kwong (RK) equation of state 27 was used to calculate φi

v for the gaseous 
components with the parameters taken from Aspen databank. The Non-Random Two-Liquid (NRTL) 
model was used to calculate the activity coefficient i in the liquid phase by the following equation: 

1

1

1

1

1 1

ln

exp( ), / / ,

m

ji ji j
j

m

li l
l

m

G x r rj rjm
j ij r

i ijm m
G x j

lj l lj l
l l

ij ij ij ij ij ji ij ij ij ji

x Gx G

G x G x

G c g g RT a b T c c i j

      (8) 

where m is the number of components, R is the gas constant, T is the absolute temperature, and Gij is a 
dimensionless interaction parameter depending on the energy interaction parameter (gij) and the 
non-randomness factor (cij). cij was fixed to be 0.2 in this work. 

The Henry’s constant for gas i in the pure solvent j was calculated by the following equations: 

, exp ij
ij ij

V p
H T p H T

RT
                      (9) 

ln lnij
ij ij ij ij

B
H T A C T D T

T
                    (10) 
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where Hij(T,p) is the Henry’s constant of gas i in the pure solvent j at the system temperature and pressure, 
Hij(T) is the Henry’s constant of gas i in the pure solvent j at zero pressure, Vij

∞ is the infinite dilution 
partial volume of gas i in the pure solvent j, and Aij, Bij, Cij and Dij are parameters. 
  The Henry’s constant of gas i in the mixed solvent (Hi,mix ) was calculated from those in the pure 
solvents 43: 

,

,

2/3

2/3

ln( ) ln

      

iji mix
j

ji mix ij

j ij
j

k ikk

H TH
w

x V
w

x V

                        (11) 

where ∞
i,mix is the infinite dilution activity coefficient of gas i in the mixed solvent, ∞

i,j is the infinite 
dilution activity coefficient of gas i in the pure solvent j, and wj is the weighting factor. 

Vij
∞ was calculated from the Brelvi-O’Connell model 44 with the characteristic volumes for the gas i  

(Vi
BO) and solvent j (Vj

BO), respectively. The general form of the Brelvi-O’Connell model is: 

, ,BO BO l
ij i j jV fcn V V V                           (12) 

where Vj
l is the liquid molar volume of solvent j. 

For the components other than ChCl/Urea (1:2), the characteristic volumes were taken from the Aspen 
databank as listed in Table S2 (Supporting information) in this work. For ChCl/Urea (1:2), as 
recommended in Aspen Plus, its critical volume was used as the characteristic volume.  

Due to the extremely low vapor pressure of ChCl/Urea (1:2), it can be assumed that ChCl/Urea (1:2) 
only exists in the liquid phase. Therefore, for the system studied in this work, H2O is the only solvent 
involved in vapor-liquid phase equilibrium. The vapor-liquid phase equilibrium for H2O can be 
expressed as: 

v s
w w w w wpy p x                              (13) 

where pw
s is the vapor pressure of water, and the subscript w represents the properties of H2O. 

  2.2.2. Parameters for calculating phase equilibrium. The parameters for calculating (a) the phase 
equilibrium of pure water, (b) the fugacity coefficient with RK equation and (c) the solubility of CO2, 
CH4, N2, or O2 in pure water were taken from the Aspen databank or estimated using the Property 
Constant Estimation System (PCES) embedded in Aspen Plus. Due to the low solubility of N2 or O2 in 
ChCl/Urea (1:2) and their trace contents in the raw biogas, their solubilities in ChCl/Urea (1:2) were 
assumed to be zero 16.  

For other systems, the model parameters for calculating the Henry’s constant and the binary interaction 
parameters in NRTL for calculating activity coefficient were obtained from the fitting of the 
experimental data. The fitting results and discussion were briefly described in the following sections. 
  2.2.3. Solubility of CO2 in ChCl/Urea (1:2). The CO2 solubility in ChCl/Urea (1:2) has been 
determined by several research groups. Li et al.23 reported the CO2 solubility in ChCl/Urea (1:2) from 1 
to 13 MPa with mole ratios of choline chloride to urea at 1:1.5, 1:2.0, and 1:2.5. Leron et al. 24 measured 
the CO2 solubility in ChCl/Urea (1:2) with a mole ratio of choline chloride to urea at 1:2 in a wide 
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temperature and pressure range. Mirza et al.45 also reported the CO2 solubility in ChCl/Urea (1:2) at very 
low pressures (0.04 to 0.15 MPa). The experimental data from different sources were compared, and it 
showed that the experimental results from Li et al.23 and Leron et al.24 were consistent with each other 
while those from Mirza et al. 45 were slightly lower maybe because of the high moisture content of the 
deep eutectic solvents. Therefore, in this work, the solubility data of Li et al.23 and Leron et al.24 was 
used in parameter fitting. In parameter fitting, the parameters for Henry’s constants in eq 10 and the 
NRTL binary interaction parameters in eq 8 were fitted simultaneously. The fitted parameters for 
estimating the Henry’s constants with eq 10 are summarized in Table S3, and the NRTL binary 
interaction parameters of CO2-ChCl/Urea (1:2) in eq 8 are summarized in Table S4. The ARDs for the 
CO2 solubility compared to Li et al.23 and Leron et al.24 were 1.08 and 0.61 %, respectively. 

To further illustrate the model performance, the modeling results were compared with the experimental 
data as shown in the P-T-x diagram (Figure 3). This diagram showed that the model represented the 
experimental data reliably throughout the investigated temperature and pressure range. 

 

Figure 3. CO2 partial pressure of ChCl/Urea (1:2)-CO2 system. Symbols, experimental data; Curves, 
model correlation 
  2.2.4. Solubility of CH4 in ChCl/Urea (1:2). Considering CH4 is one of the main components of the 
biogas, the NRTL binary interaction parameters between CH4 and ChCl/Urea (1:2) and the parameters for 
estimating the Henry’s constant were obtained from the fitting of the solubility data of CH4 in ChCl/Urea 
(1:2). The solubility of CH4 in ChCl/Urea (1:2) was only measured in our previous work.46 This group of 
data was used without further evaluation in order to obtain the model parameters. The method for 
parameter fitting is the same as that for CO2 in ChCl/Urea (1:2). The fitted parameters are summarized in 
Tables S3 and S4, respectively, and the ARD was 0.88 %.compared to the experimental data.46  

The comparison of the modelling results of the CH4 solubility in ChCl/Urea (1:2) with the 
experimental data at different pressures and temperatures is depicted in Figure 4. Compared to the CO2 
solubility in ChCl/Urea (1:2), the CH4 solubility linearly increased with increasing pressure, while the 
effect of the pressure on the CO2 solubility was more pronounced at relatively higher pressures. The 
model can represent the experimental data well based on the results illustrated in Figures 3 and 4. 
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Figure 4. CH4 partial pressure of ChCl/Urea (1:2)-CH4 system. Symbols, experimental data (Xie et al.46); 
Curves, model correlation. 
  2.2.5. Properties and Vapor-Liquid equilibrium (VLE) of ChCl/Urea (1:2)-H2O binary system. 
According to the work of Zhang et al.,43 VLE data, excess enthalpy and heat capacity can be used to 
determine the NRTL binary parameters including their temperature dependencies. No excess enthalpy of 
the ChCl/Urea (1:2)-H2O binary system is available, thus, their VLE data47 and heat capacity38 were used 
to obtain the NRTL binary parameters. The regressed NRTL parameters are summarized in Table S4. The 
ARDs for the vapor pressure and heat capacity were 5.1 % and 3.7 %, respectively. The comparisons of 
the vapor pressure and the heat capacity are illustrated in Figures 5 and 6. The calculated vapor pressure 
agreed with the experimental data very well, and the deviation increased slightly with increasing 
temperature and increasing mole fraction of ChCl/Urea (1:2). The model also provided satisfactory 
representation of the heat capacity, and the deviation became larger with increasing mole fraction of 
water. It showed that the model with the fitted parameters and the mixing rules in Aspen Plus can be used 
to correlate these properties reliably.  

 
Figure 5. Vapor pressure of ChCl/Urea (1:2)-H2O system. xChCl/Urea (1:2) is the mole fraction of ChCl/Urea 
(1:2). Symbols, experimental data (Wu et al. 47); Curves, model correlation. 
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Figure 6. Molar heat capacity of ChCl/Urea (1:2)-H2O system. x1 is the mole fraction of ChCl/Urea (1:2). 
Symbols, experimental data (Leron et al.38); Curves, model correlation. 
  2.2.6. Gas solubility in aqueous ChCl/Urea (1:2). The solubility of pure gas in aqueous ChCl/Urea 
(1:2) is greatly affected by the binary interaction between H2O and ChCl/Urea (1:2). Among the gas 
studied, only the solubility of CO2 in aqueous ChCl/Urea (1:2) was measured experimentally. Su et al.36 
determined the CO2 solubility in aqueous ChCl/Urea (1:2) at different temperatures and water contents 
and 0.1 MPa. Xie et al.27 determined the CO2 solubility in aqueous ChCl/Urea (1:2) with low water 
content at different temperatures and pressures. Hsu et al.48 determined the CO2 solubility in aqueous 
ChCl/Urea (1:2) with a large percentage of H2O (30 wt. %, 40 wt. %, and 50 wt. %) at different 
temperatures and pressures. The experimental data from different sources shows inconsistent, and the 
CO2 solubility data from Su et al.36 is much lower than those from the other two sources.   
  The fitted parameters of the NRTL model and those for estimating the Henry’s constants of 
CO2-ChCl/Urea (1:2) together with the parameters existed in the Aspen databank were used to predict the 
CO2 solubility in ChCl/Urea (1:2)-H2O. The comparison of the calculated results of the CO2 solubility in 
ChCl/Urea (1:2)-H2O with the experimental data from different sources is depicted in Figure 7. The 
average deviations (ADs) on the CO2 solubility between the calculated and experimental results by Xie et 
al.27, Hsu et al.48 and Su et al.36 were 0.016, 0.011 and 0.009, respectively, while the corresponding ARDs 
were 16 %, 71 % and 332 %, respectively. As the experimental CO2 solubility in ChCl/Urea (1:2)-H2O 
from Xie et al. [27] agreed well with the model prediction based on both AD and ARD, the fitted 
parameters listed in Tables S3 and S4 can be used to predict the CO2 solubility in ChCl/Urea (1:2)-H2O 
for process simulation.  
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Figure 7. Parity plot for ChCl/Urea-H2O-CO2 system CO2 mole fraction: experiment vs. model. (Xie et 
al.27, Hsu et al.48 and Su et al.36) 
  For the gas mixture, no additional adjustable parameters were used. The NRTL binary parameters 
between them in the liquid phase (listed in Tables S4) were estimated from the PCES embedded in Aspen 
Plus, which estimated the binary parameters from the infinite-dilution activity coefficients predicted by 
UNIFAC methods.  

3. PROCESS SIMULATION FOR BIOGAS UPGRADING 

  3.1. Process description. The model parameters obtained in this work for calculating the property and 
phase equilibria were implemented into Aspen Plus to simulate the conceptual process for CO2 removal 
from biogas (i.e. biogas upgrading) using aqueous ChCl/Urea (1:2) as liquid absorbents. In simulation, 
the temperature, pressure and gaseous volume faction of the raw biogas were set to be those listed in 
Table 5 on the basis of the general constitute of biogas. Before upgrading, the raw biogas was pretreated 
to remove hydrogen sulfide (H2S), particles and so on when using aqueous ChCl/Urea (1:2) as liquid 
absorbents. The solvent was regenerated by decreasing pressure with an aeration of air in the desorber 
which brought N2 and O2 into this system.  

As shown in Figure 8, the process consists of three parts including CO2 absorption, flash and solvent 
regeneration. 

 
Figure 8. Schematic of the biogas upgrading process 
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  (1) CO2 absorption. The biogas is pressurized to 0.8 MPa with the multistage-compressor (blocks 
COMP1 and COMP2) and injected into the bottom of the scrubber (block ABSORBER), while water is 
sprayed from the top of the scrubber. The gas leaving at the top of the scrubber is dried to get 97 % (vole) 
CH4. As the process of biogas compression is exothermic, two heat exchangers are used (blocks H1 and 
H2) to maintain the temperature of raw biogas entered to the absorber. 

(2) Flash. The CO2-enriched solvent (leaving from the bottom of the absorber) enters a flash tank 
(block FLASH) where the pressure is decreased in order to improve the recovery of methane (CH4). The 
vapor phase (stream GAS-REC) released from the flash tank is mixed with the raw biogas and 
recirculated to the second stage of the multistage-compressor (block COMP2).  

(3) Solvent regeneration. The liquid phase leaving from the flash tank is sent to the desorption column 
(block DESORBER) and regenerated by decreasing the pressure to 0.1 MPa with an aeration of air using 
a blower. 

In process simulation, the absorber and desorber were modeled with the Radfrac model without 
condenser and reboiler. There are two main approaches to modeling absorber and desorber in Aspen Plus: 
equilibrium and rate-based approaches. In this work, the equilibrium approach was used.  
  3.2. Validation of process simulation based on HPWS. Before conducting the process simulation 
with aqueous ChCl/Urea (1:2) as the absorbent, the HPWS was simulated in order to validate the 
simulation conducted in this work and provide part of the simulation parameters. The verification was 
performed by comparing with the simulation results from others. HPWS process has been simulated with 
Aspen Plus9, 49-51. Gotz et al.51 was the first to simulate this process, while Cozma et al.49 provided the 
most detail information about this simulation. Therefore, the simulation results from both of them were 
used to validate the results of this work based on equilibrium-stage model.  
  In simulation, the number of theoretical stages for absorber was set to be 11 on the basis of the 
previous work49. The number of theoretical stages for desorber was set to be 2 in this work. The 
composition of raw biogas and the operational conditions were set as those used by Gotz et al.51 (listed in 
Table 5). It should be mentioned that in the simulation of HPWS, the raw biogas entering for upgrading 
is with impurities of N2, O2, H2 and H2S as listed in Table 5. Based on the above mentioned conditions, 
the simulation result showed that the gas leaving the scrubber contains: 96.73 % CH4, 0.218 % CO2, 
0.00000496 ppm H2S, 2.10 % N2, 0.56 % O2, 0.0917 % H2, and 0.30 % H2O, which was almost the same 
as those from literature (96.5-96.8 % CH4, 0.397-0.47 % CO2, 0.000094 ppm H2S, 2.09-2.10 % N2, 
0.56-0.563 % O2, 0.0902 % H2, and 0.319-0.32 % H2O)49, 51. Meanwhile, the gas leaving the desorber 
contains: 0.0654 % CH4, 17.1 % CO2, 38.6 ppm H2S, 63.6 % N2, 16.9 % O2, 0.175 ppm H2, and 2.39 % 
H2O, which was also almost the same as those from literature (0.0677-0.07 % CH4, 17.1-17.5 % CO2, 
38-39.5 ppm H2S, 63.5-65.2 % N2, 16.8-17.3 % O2, 0.193 ppm H2, and 2.31-2.34 % H2O) 49, 51. 
Therefore, we can conclude that the simulation in this work is reliable.  
 
Table 5. The parameter of process simulation 

Parameter Units Raw biogas 
CH4/CO2

* mol % 53.7/45.2 
N2/O2/H2S/H2

* mol % 0.93/0.19/0.0108/0.0508 
Operational conditions 
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pabsorber/pdesorber MPa 0.8/0.1 
pflash MPa 0.3 

Tabsorber/Tdesorber K 293.15/293.15 
Plant capacity m3∙h-1 242.3 (STP) 
Air flow rate m3∙h-1 515.2 (STP) 
* Only for the case of HPWS-based biogas upgrading 

  3.3. Process simulation of biogas upgrading with aqueous ChCl/Urea (1:2). The conceptual 
process for biogas upgrading using aqueous ChCl/Urea (1:2) solutions was simulated with the model 
parameters obtained from the HPWS process. The plant capacity and the working pressure were set as 
those from literature49, 50 (Table 5). Considering H2S existed in biogas may affect the performance of 
ChCl/Urea (1:2), it was removed before entering the biogas upgrading process. In addition, H2 is also not 
considered in the following study. Therefore, the raw biogas only contains 53.69 % CH4, 45.19 % CO2, 
0.93 % N2, and 0.19 % O2.  

Generally, the solvent with high viscosity requires high pumping costs and leads to high pressure drops 
in the absorber. The addition of water can overcome the problems caused by the high viscosity of solvent. 
Based on the results depicted in Figure 2, when the water content is 30 wt. %, the viscosity of the solvent 
decreases greatly from 513 to 6 mPa.s at 303.15 K, making the solvent suitable for the process operation 
in practice. Therefore, the solvent considered in this work for process simulation was the aqueous 
solutions with the water content higher than 30 wt. %. 
  The addition of the water will affect both the CO2 solubility and selectivity. According to the regressed 
parameters in this work, we calculated the solubility of CO2 and CH4 in the gas mixture (54 % CH4, 46 % 
CO2) in aqueous ChCl/Urea (1:2) at 293.15 K and 0.8 MPa (i.e. under the operational conditions of 
absorption). The selectivity (S) for CH4 and CO2 can be calculated with eq 14.  

 
2 2 4 4CO (mol CO /mol solvent) CH (mol CH /mol solvent)/S X X                   (14) 

where XCO2 and XCH4 are the solubility of CO2 and CH4 in aqueous ChCl/Urea (1:2), respectively. 
 

 

Figure 9. Selectivity between CH4 and CO2, and the CO2 solubility in ChCl/Urea (1:2)-H2O system at 
293.15 K. 

As we can see from Figure 9, with the increasing content of ChCl/Urea (1:2), the selectivity of 
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aqueous ChCl/Urea (1:2) for CO2 and CH4 decreased slightly, while the solubility increased dramatically. 
The increase of CO2 solubility will decrease the amount of absorbent and the number of theoretical 
stages of absorber when upgrading the same capacity of raw biogas, while the decrease of selectivity will 
increase the loss ratio of CH4. Meanwhile, the slight change of selectivity might affect the pressure of 
flash tank, and it was unclear whether the air flow rate and the optimal operational conditions used for 
HPWS were still suitable for these new solvents. Therefore, the sensitivity analysis was conducted to 
find the optimal operational condition to achieve the requirements of biogas upgrading, i.e. the CH4 

content in the product gas and off gas (YCH4,PG (vol%) and YCH4,SG (vol%)), the CO2 removal efficiency 
(RECO2 (%)) and the loss ratio of CH4. After that, energy utilization, environmental effect, and the 
diameters and pressure drops of absorber and desorber were discussed in detail.  

As the operational conditions depend on the concentration of ChCl/Urea (1:2), three aqueous 
ChCl/Urea (1:2) solvents with 30, 50, and 70 wt% ChCl/Urea (1:2) were further studied with the 
parameters listed in Table 6. For comparison, pure H2O as the solvent was also included.  
  3.3.1. L/G ratio, Nab, AFR/G and pflash. In this work, the target of YCH4, PG was set to be 97 % while the 
loss of CH4 was lower than 1%. The ratio of the solvent flow rate to that of biogas (L/G, m3∙m-3) is 
related to the number of theoretical stages of the absorber (Nab). Sensitivity analysis was carried out to 
get an optimal L/G ratio and Nab. It should be mentioned that during conducting this sensitivity analysis, 
other operational parameters listed in Table 5 were fixed as constants. 
  The simulated results are illustrated in Figure 10. The L/G ratio first decreased greatly with the 
increase of Nab and then reduced slightly. As the increase of Nab leads to high investment cost, based on 
the results depicted in Figure 10, Nab can be determined together with the corresponding L/G ratio. The 
optimal Nab and L/G ratio are strongly related to the concentration of ChCl/Urea (1:2). With increasing 
concentration of ChCl/Urea (1:2), both Nab and L/G ratio decrease. This is because that the CO2 solubility 
increases remarkably with increasing ChCl/Urea (1:2) content. 

 
Figure 10. L/G ratio for various number of theoretical stages of the absorber achieving 97% CH4 in 
product gas using aqueous ChCl/Urea (1:2) 
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Figure 11. Effect of pressure in flash tank on (a) YCH4,PG and loss ratio of CH4; (b) Energy utilization and 
RECO2 using 50 wt. % ChCl/Urea (1:2) as absorbent 
  The flash tank was used to minimize the methane loss, and the pressure of the flash tank (pflash) 
affected YCH4,PG, RECO2, the loss ratio of methane and the total energy utilization. Based on values of Nab 
and L/G listed in Table 6, the sensitivity analysis was further conducted on pflash. Results for different 
aqueous ChCl/Urea (1:2) solutions are similar, and Figure 11 illustrates the results for 50 wt. % 
ChCl/Urea (1:2) as one example. As shown in Figure 11, when pflash was higher than 0.3 MPa, YCH4,PG, 
RECO2 and the total energy utilization almost maintained as constants, but the loss ratio of methane 
increased greatly. To maintain the loss of CH4 lower than 1 %, pflash should be in a range of 0.3 - 0.34 
MPa using 50 wt. % ChCl/Urea (1:2) as absorbent. While for water, 30 wt. % ChCl/Urea (1:2), and 70 
wt. % ChCl/Urea (1:2), the ranges were 0.3 MPa ≤ pflash ≤ 0.36 MPa, 0.3 MPa ≤ pflash ≤ 0.35 MPa and 0.3 
MPa ≤ pflash ≤ 0.31 MPa, respectively. Based on the analysis, it was proper to set pflash to be 0.3 MPa for 
all of these absorbents in order to achieve the target of the loss of methane (<1%).  
  In desorption, the ratio of the air flow rate to that of biogas (AFR/G, m3∙m-3) affected the desorption 
rate of CO2 (ηCO2), YCH4,PG, YCH4,SG and the total energy utilization. The ηCO2 was defined as the mole flow 
rate of CO2 in the off gas left from the desorber divided the mole flow rate of CO2 in the rich solvent 
entered into the absorber. Based on the optimal Nab, L/G and pflash for each solvent, the effect of AFR/G 
on the process performance was studied. In general, with the increase of AFR/G, YCH4,PG, ηCO2 and YCH4,SG 
changed dramatically at first and then slightly when AFR/G was higher than 2.1 as shown in Figure 12. 
While the total energy utilization increased linearly with the increase of AFR/G. Meanwhile, the 
concentration of ChCl/Urea (1:2) did not show an obvious influence on the optimal AFR/G. Therefore, 
the AFR/G was set to be 2.1 for all of these absorbents in order to achieve the target of the methane 
purity in product. The final results are listed in Table 6. As we can see from Table 6, when AFR/G was 
set to be 2.1 for these absorbents, ηCO2 changed slightly when the content of ChCl/Urea (1:2) was 
changed from 0 to 50 wt. %. While for 70 wt. % ChCl/Urea (1:2), the ηCO2 changed greatly compared 
with other solvents due to the difficulty to desorb CO2.  
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Figure 12. Effect of AFR/G on (a) YCH4,PG and YCH4,SG; (b) Energy utilization and ηCO2 using 50 wt. % 
ChCl/Urea (1:2) as absorbent 
Table 6. Operational conditions and simulation results based on plant capacity of 242.3 m3/h (STP).  

Parameter Units H2O 
30 wt. % 

ChCl/Urea (1:2) 
50 wt. % 

ChCl/Urea (1:2) 
70 wt. % 

ChCl/Urea (1:2) 
L/G m3∙m-3 0.195 0.0999 0.0545 0.0285 

Mass flow rate 
of absorbent 

kg∙h-1 47179.6 25506.3 14472.7 7894.5 

Nab  11 8 7 6 
pflash MPa 0.3 0.3 0.3 0.3 

AFR/G m3∙m-3 2.1 2.1 2.1 2.1 
ηCO2 % 99.54 99.45 99.20 97.54 

YCH4, PG % 96.70 96.66 96.66 96.66 
YCH4, SG % 0.0633 0.0846 0.103 0.173 

Loss ratio of 
CH4 

% 0.311 0.414 0.502 0.837 

RECO2  % 99.56 99.04 98.81 98.65 
   Based on the simulation results summarized in Table 6, the L/G ratio and mass flow rate of absorbent 
decreased 87 % when the content of ChCl/Urea (1:2) increased to 70 wt. %. This means that the 
absorption capacity of the solvent increased 7 times. Meanwhile, the number of theoretical stages 
reduced from 11 to 6, which directly affected the height of absorber. Besides, the L/G ratio, AFR/G ratio, 
Nab and pflash listed in Table 6 can be used as a reference in process design even the plant capacity is 
different from 242.3 m3/h (STP).  
  3.3.2. Energy utilization. Based on the optimal Nab, L/G ratio, AFR/G ratio and pflash for each solvent 
listed in Table 6, the energy utilization including power, heating and cooling in biogas upgrading system 
was studied. For the biogas upgrading process illustrated in Table 7, the total electrical power included 
the power for operating the solvent pump (WP), compressor (WC) and blower (WB). In addition, the heat 
duty for cooling the compressed biogas (QC), the heat duty of the flash tank (QF) and the energy used for 
transferring the solution from the flash tank (QH) to the desorber were also considered in estimating the 
overall energy utilization. Isentropic efficiency of 75 % was assumed for the gas compression52, while 
the mechanical efficiency due to the losses from the seals and valves in the compressor was assumed to 
be 85 %. The efficiency of the pump was assumed to be 80 % 4, while the driver efficiency was assumed 
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to be 85 %. The “kWth” and “kWe” are the units of heat duty and electricity power, respectively. When 
calculating the total energy utilization, the heat duty required in the process was converted to electricity 
for comparing, where the conversion efficiency of heat to electricity was assumed to be 0.3. 53  
  The results showed that for the biogas plant with a capacity of 242.3 Nm3/h, the total energy utilization 
for biogas upgrading with water was 58.11 kW. The addition of ChCl/Urea (1:2) into water decreased the 
energy utilization. For example, with 50 wt. % ChCl/Urea (1:2), the energy utilization decreased down to 
45.93 kW, that is, the total energy utilization decreased dramatically by 21 % compared to water. Further 
increase of the content of ChCl/Urea (1:2) led to a further decrease of energy utilization but with a low 
rate, for example, when the content of ChCl/Urea (1:2) increased from 50 to 70 wt. %, energy utilization 
only decreased by 4 %. The electrical power includes the power for operating the pump, compressor and 
blower. As we can see from Table 7, it decreased down to 35.13 kW from 48.1 kW. This corresponds to 
a dramatic decrease by 27 % with the increasing content of ChCl/Urea (1:2). To compare with other 
biogas plant with different capacity, the specific energy utilizations per Nm3 raw biogas (SERG) and per 
Nm3 upgraded biogas (SEPG) were calculated, and the corresponding results are listed in Table 7.  
  According to the report of Bauer at al. 4, for a practical HPWS process with the plant capacity of 250 
Nm3/h, the value of SERG was around 0.3 kWh/Nm3. Patterson et al. 5 gathered SEPG from a range of 
industrial and academic literatures for relatively well-established technologies including water scrubbing. 
The gathered SEPG were relatively consistent with a range of 0.20-0.43 kWh/Nm3. In this work, the 
calculated values of SERG and SEPG were 0.24 and 0.43 kWh/Nm3, respectively. These values are 
consistent with the values reported by others, and thus further confirmed that the simulation results 
obtained in this work are reliable. Compared with other CO2 capture process such as amine scrubbing 
(0.56-0.646 kWh/Nm3) 5, the energy utilization of HPWS process and the process using aqueous 
ChCl/Urea (1:2) was lower because of no thermal energy demand for solvent regeneration.  
Table 7. Summary of energy requirements for biogas upgrading using different absorbents 

Energy 
utilization 

Units Water 
30 wt. % 

ChCl/Urea (1:2) 
50 wt. % 

ChCl/Urea (1:2) 
70 wt. % 

ChCl/Urea (1:2) 
WC kWe 30.02 29.53 29.13 28.59 
WP kWe 13.51 6.92 3.77 1.97 
WB kWe 4.57 4.57 4.57 4.57 
QC kWth 26.17 25.73 25.37 24.89 
QF  kWth 5.31 2.26 2.25 4.79 
QH kWth 1.89 1.02 0.58 0.32 

Total  kWe 58.11 49.72 45.93 44.13 
SERG kWh/Nm3  0.24 0.21 0.19 0.18 
SEPG kWh/Nm3 0.43 0.37 0.34 0.33 

 
  3.3.3. Diameters and pressure drop of the absorber and desorber. In this work, the packing material 
was a plastic pall ring with the diameter of 25 mm, and 62 % of the flooding velocity (maximum capacity) 
as recommended in Aspen Plus was used when calculating the diameters. As listed Table 8, the diameters 
for both absorber and desorber decreased with increasing ChCl/Urea (1:2) content. When the content of 
ChCl/Urea (1:2) increased from 0 to 70 wt. %, the diameter of the absorber decreased from 0.59 to 0.33 
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m and the diameter of the desorber decreased from 0.73 to 0.49 m 
  The average values of pressure drop/height (Δp/z) in the absorber and desorber are listed in Table 8 for 
different absorbents. The Δp/z in the absorber changed from 21.4 to 155.6 Pa/m while that in desorber 
changed from 238.7 to 273.8 Pa/m when the content of ChCl/Urea (1:2) increased from 0 to 70 wt. %. 
The Δp/z increased obviously in the absorber with increasing content of ChCl/Urea (1:2) but still within 
the recommended value for the absorber (150-500 Pa∙m-1)54. Owing to the lack of the mass transfer rate 
for the studied absorbents, the heights of absorber and desorber were not considered in this work. 
Table 8. Summary of parameters for absorber and desorber with different absorbents 

Parameters Units Water 
30 wt. % ChCl/Urea 

(1:2) 
50 wt. % ChCl/Urea 

(1:2) 
70 wt. % 

ChCl/Urea (1:2) 
Dab m 0.59 0.46 0.38 0.33 
Dde m 0.73 0.61 0.53 0.49 

Δp/z in absorber Pa∙m-1 21.4 63.5 109.8 155.6 
Δp/z in desorber Pa∙m-1 238.7 239.7 248.4 273.8 

  3.3.4. Environmental assessment. The effect of the process on the environment was also considered in 
this work. A variety of quantitative methods for the design of environmentally-friendly chemical 
processes have been proposed55. Recently, Zhang et al.56 developed a new assessing method (Green 
degree, GD), in which an integrated index including nine environmental impact categories (including 
global, air, water, and toxicological effects) was used. This method has been applied to analyze and 
assess the chemical processes56, 57 as well as biogas upgrading process 53. In this work, the GD method 
was used to evaluate the environmental influence of the biogas upgrading process with aqueous 
ChCl/Urea (1:2).  
  For the biogas upgrading, neither new material nor energy is produced, and the green degree change of 
a process can be simplified as the following formula57: 

P Material-Out Material-In EnergyGD GD GD GD              (15) 

where ΔGDP is the green degree of the process, GDMaterial-Out and GDMaterial-In represent the GD values 
of the materials into and out of the process, respectively, and GDEnergy-In represents the GD value of the 
energy utilization into the process. 
  The unit values of GD for the materials other than ChCl/Urea (1:2) and biogas were taken from the 
work by Zhang et al56. For calculating the green degree of this process, the biogas produced via digestion 
from the low grade biomass was considered as sustainable resources, the water is also sustainable 
resources, and thus the GDs of biogas and water were set to be zero. The loss of ChCl/Urea (1:2) in this 
process was negligible due to its extremely low vapor pressure and thermal stability. Because the process 
was to produce biomethane as the product that can be used to replace fossil fuels, the GD of the process 
was always higher than zero.  
  To verify the calculation, ΔGDP for the HPWS process was studied. Xu et al.53 estimated the ΔGDP for 
the HPWS process with a plant capacity of 500 m3/h (STP) and reported a value about 1200 gd/h, that is, 
the specific ΔGDP per m3 raw biogas was about 2.40 gd/m3. In this work, the ΔGDP of HPWS with the 
same operational parameters as in the work of Xu et al.53 was calculated, and the specific ΔGDP per m3 
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raw biogas was 2.397 gd/m3, which was almost the same with the literature. Based on this, we can 
conclude that our calculation is reliable.  
  Therefore, ΔGDP was calculated for the biogas upgrading using different absorbents. The results are 
illustrated in Figure 13. In general, ΔGDP was higher than zero for the process using aqueous ChCl/Urea 
(1:2) as absorbents, and it reached the highest value (512 gd/h) for the process with the absorbent of 50 
wt. % ChCl/Urea (1:2), indicating that this process is the most environmentally benign. In addition, 
compared to the water scrubbing process (i.e. ChCl/Urea (1:2) = 0), ΔGDP for the process with aqueous 
ChCl/Urea (1:2) was always higher, which means that the process with aqueous ChCl/Urea (1:2) is more 
environmentally benign than HPWS.  

 
Figure 13. The green degree of biogas upgrading with aqueous ChCl/Urea (1:2) 
 

4. CONCLUSION 

A conceptual process for biogas upgrading was developed in which aqueous ChCl/Urea (1:2) was chosen 
as the liquid absorbent. To perform process simulation based on Aspen Plus, the experimental physical 
properties and vapor-liquid equilibrium were surveyed, evaluated and then fitted to the empirical 
equations or models embedded in the software Aspen Plus. Based on the fitted parameters and mixing 
rules in Aspen Plus, the properties of vapor pressure, density, viscosity and molar heat capacity of binary 
system H2O-ChCl/Urea (1:2) were predicted. The prediction showed a good agreement with the 
experimental data. 
  Process simulation of biogas upgrading was conducted and verified with HWPS. The sensitivity 
analysis was used to determine the optimal L/G ratio, Nab, pflash and AFR/G for each absorbent. The 
effects of ChCl/Urea (1:2) content on the total energy utilization, green degree of process, and the 
diameters and pressure drop of absorber and desorber were further studied. Based on the systematic 
analysis, aqueous ChCl/Urea (1:2) is a promising absorbent. The total energy utilization was decreased 
by 20 % where the total electrical power was decreased by 27 %. Using aqueous ChCl/Urea (1:2) as 
absorbents is more environment-friendly compared to HPWS and the content of 50 wt. % ChCl/Urea (1:2) 
showed the highest green degree of process. The diameters of both absorber and desorber decreased with 
the increasing content of ChCl/Urea (1:2). The pressure drop was clearly increased in the absorber but 
still within the recommended value. 
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In general, aqueous ChCl/Urea (1:2) is a promising solvent for the biogas upgrading process in a 
biogas plant. In order to be employed in biogas plant, the rate base simulation and pilot test will be 
conducted in the future study. 

 
ABBREVIATIONS 
 

Tb normal boiling point, K 
Tc critical temperature, K 
Pc critical pressure, MPa 
Vc critical volume, m3∙kmol-1 
Vi

∞ infinite dilution partial volume of gas i, m3∙kmol-1 
Vi

BO characteristic volume for gas i, m3∙kmol-1 
Vs

BO characteristic volume for solvent s, m3∙kmol-1 
Zc critical compression factor 
M molecular weight, g∙mol-1 
w acentric factor, dimensionless 
STP standard temperature and pressure 
Pabsorber pressure of absorber, MPa 
Pdesorber pressure of desorber, MPa 
Pflash pressure of flash, MPa 
Tabsorber temperature of absorber, K 
Tdesorber temperature of desorber, K 
ΔP/z pressure drop, Pa∙m-1 
μ viscosity, Pa·s 
σ surface tension, kg∙s-2 
ρ density, kg∙m-3 
g acceleration due to gravity, m∙s-2 
R gas constant, 8.314 J∙mol-1∙K-1 
GD Green degree, gd/kg or gd/kJ 
Subscript  
i  component i, dimensionless 
j component j, dimensionless 
w component of water, dimensionless  
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Supporting Information 

 
Table S1. Critical properties together with molecular weight and acentric factor for ChCl/Urea (1:2) 1 

Property Tb (K) Tc (K) Pc (MPa) Vc (m3∙kmol-1) M (g∙mol-1) w 

Values 445.6 644.4 4.935 0.25437 86.58 0.661 

 
 
Table S2. Characteristic Volume for the Brelvi-O’Connell Model 

Parameter ChCl/Urea (1:2)* H2O CO2 CH4 N2 O2 
VBO 0.263 0.0464 0.0939 0.0992 0.0896 0.0734 

*The critical volume was used as the characteristic volume for ChCl/Urea (1:2). 
 
 
Table S3. Parameters for calculating the Henry’s Constant in eq 10 (in bars) 

Solute i CO2 CH4 CO2 CH4 N2 O2 

Solvent j 
ChCl/Urea 

(1:2) 
ChCl/Urea 

(1:2) 
H2O H2O H2O H2O 

Aij 242.95 16.16 159.87 183.78 164.99 144.408 
Bij -3055.05 1438.44 -8741.55 -9111.67 -8432.77 -7775.06 
Cij -47.00 -4.42 -21.69 -25.04 -21.558 -18.40 
Dij 0.13 0.03 0.00110 0.000143 -0.00844 -0.00944 

 
 
 
Table S4. The NRTL binary interaction parameters to eq 8 
Component i Component j aij aji bij bji cij= cji 

CO2 ChCl/Urea (1:2) 0.50 -4.48 -1236.14 3032.59 0.20 
CH4 ChCl/Urea (1:2) 39.50 0.00 -10000.00 0.00 0.20 
H2O ChCl/Urea (1:2) 1.61 -0.48 -538.95 134.90 0.20 
CO2 H2O 10.064 10.064 -3268.14 -3268.14 0.2 
CH4 H2O 0 0 1948.87 562.113 0.3 
N2 H2O 0 0 143.351 -36.5619 0.3 
O2 H2O 0 0 182.272 -107.244 0.3 

CO2 CH4 0 0 14.263 43.035 0.3 
CO2 N2 0 0 -89.041 176.383 0.3 
CO2 O2 0 0 -131.978 245.817 0.3 
CH4 N2 0 0 133.685 -122.821 0.3 
CH4 O2 0 0 189.157 -168.446 0.3 
N2 O2 0 0 -5.121 4.268 0.3 
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Abstract 

The energy efficiency of biogas upgrading using different ionic liquid solvents was assessed with the integration of 
industrial anaerobic digestion processes. The upgrading processes with 1-butyl-3-methylimidazolium 
bis(trifluoromethylsulfonyl)imide ([bmim][Tf2N]), aqueous choline chloride/urea (ChCl/Urea), and aqueous 1-allyl-
3-methyl imidazole formate ([Amim][HCOO]) were simulated in Aspen Plus and compared with the water 
scrubbing technique. The comparison between the solvents in respect to the amount of recirculated solvents and 
energy usage for biogas upgrading using different solvents show the following order: aqueous [Amim][HCOO]  < 
aqueous ChCl/Urea < [bmim][Tf2N] < water. Meanwhile, the operation and maintenance data from six different co-
digestion plants was surveyed and collected. It shows that different anaerobic digestion (AD) facilities have different 
capacities and produce raw biogas with differing methane content depending on the type of substrate and the 
digestion system, and this significantly affects energy usage of the upgrading system. The simulation shows that the 
usage of ionic liquid based upgrading was lower than the actual energy usage of conventional upgrading techniques 
in Scandinavian AD plants, and the increases of methane content and raw biogas flow rate decrease the energy usage 
of biogas upgrading based on the sensitivity analysis. 
 

Keywords: biogas upgrading; ionic liquids; process simulation; anaerobic digestion  

1. Introduction 

Energy security and climate change concerns have resulted in increased attention towards renewable 
energy. Biogas is a promising renewable energy alternative due to the flexibility of anaerobic digestion 
where a spectrum of organic substrates, such as manure, sewage sludge, energy crops, the organic 
fractions of household waste and industrial waste can be used [1, 2]. Consequentially, the biogas 
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production in the European Union has steadily increased over the past years [3]. If biogas is used as 
vehicle fuel compared to electricity production or for replacing natural gas by injection into the gas grid 
in Sweden, the GHG savings can be up to 80-90% [4]. Biogas consists mainly of methane and carbon 
dioxide, with small amounts of hydrogen sulfide, water, hydrogen, nitrogen and oxygen. The methane 
content in AD-produced biogas ranges between 50-70%vol [5] and consequentially need to be upgraded 
to at least 97%, according to the Swedish regulations, SS 155438:2015 [6], in order to be used as vehicle 
fuel or injected to the gas-grid. Similarly, there is ongoing standardization work within the EU regarding 
biomethane for transport applications and injection to natural gas pipelines [5]. 

Ionic liquids (ILs) have received much attention for CO2 separation since Blanchard et al. reported 
the high CO2 solubility in IL in 1999 [7]. ILs show a great potential to be used as a solvent for biogas 
upgrading due to the high CO2 solubility/selectivity and low energy requirement for solvent regeneration 
as well as other unique properties (e.g. negligible vapour pressure). Bidart et al. [8] investigated biogas 
upgrading using common and functionalized ILs and concluded that the advantage of ILs is the 
properties of low volatility and chemical stability as solvents, which facilitate the biogas upgrading 
process. Zhang et al. [9] studied the thermodynamic and mass-transfer properties of ILs and recommend 
50 wt% [bmim][NO3] + 50 wt% NHD mixture to be used in biogas upgrading, and suggested to develop 
new ILs to further enhance selectivity and absorption capacity. Xu et al. [10] found that the energy usage 
of conventional ILs technology for biogas upgrading is similar to that for water scrubbing, but much 
lower than that for aqueous monoethanolamine (MEA) scrubbing. 

In our previous work [11], the conceptual processes for biogas upgrading using three imidazolium-
based ILs were simulated, and the energy usage for [bmim][Tf2N] scrubbing is the lowest in the 
investigated process with the imidazolium-based ILs. Meanwhile, the novel ILs have also been studied in 
our previous work. 1-allyl-3-methyl imidazole formate ([Amim][HCOO]) was synthesized as a tailored 
sorbent for CO2 separation [12], and choline chloride/urea (ChCl/Urea) was also studied as a novel IL to 
separate CO2 because of the prevailing property of low price and environmentally benign [13]. However, 
how these solvents will affect the performance of biogas upgrading and the comparisons with each other 
have not yet been studied. 

In the current paper, the process simulations on biogas upgrading using water, [bmim][Tf2N], aqueous 
ChCl/Urea, and aqueous [Amim][HCOO] were performed, and the aqueous [Amim][HCOO] scrubbing 
was simulated with input from biogas processes using different substrates. In industrial conditions, the 
gas composition and gas flow rates vary between plants [4]. To assess the energy efficiency of the 
aqueous [Amim][HCOO] upgrading process at industrial conditions, a sensitivity analysis of the IL 
technology with varying methane compositions was performed and the energy efficiency results were 
compared to industrial data. 

 
Nomenclature  
  
AD anaerobic digestion 
[Amim][HCOO] 1-allyl-3-methyl imidazole formate 
[bmim][Tf2N] 1-butyl-3-methylimidazolium  bis(trifluoromethylsulfonyl)imide   
ChCl/Urea           mixture of choline chloride and urea (mole ratio 1:2) 
ILs ionic liquids 

2. Methodology 

2.1. Process description 
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The process of biogas upgrading has been described in our previous work [11, 13]. As shown in Fig.1, 
it consists of CO2 absorption, flash tank and solvent regeneration tank. The temperature of the absorber, 
flash and desorber is 293 K. The raw biogas is compressed to 8 bar and injected into the bottom of the 
absorber, and the liquid solvent is sprayed from the top of the absorber. After the absorption in the 
absorber, the high purity of CH4 is obtained at the top of the absorber. The CO2-enriched solvent enters 
the flash tank (3 bar), and the gas released at the top of the flash tank is recirculated to the second 
compressor and mixed with the raw biogas. For the process with water and other aqueous solvents, the 
solvent is regenerated by decreasing the pressure to 1 bar with an aeration of air using a blower. For the 
process with pure IL, the solvent is regenerated by decreasing the pressure to 0.2 bar in the second flash 
tank. In the simulation, the numbers of stages for the absorber and desorber were determined by 
sensitivity analysis. The flow rate of the inlet solvent was set as a variable item in order to maintain 97 % 
CH4.

Fig. 1. Schematic of the biogas upgrading process. 

2.2. Data collection from Swedish and Norwegian AD plants 

Operation and maintenance data from six different co-digestion plants in Sweden and Norway,
treating mainly food waste from households and restaurant as well as waste and by-products from 
various food industries, was collected on an annual basis through a survey in the form of an excel sheet. 
The data collection included data from the upgrading process if it was available at the plants. Initially, 
identification on what type of data that should be collected was discussed in association with the plants at 
a workshop, followed by the setup of a database and a tool for calculating key figures. The amount of 
treated substrate, the amount of raw gas produced, the methane content of the raw gas, the energy usage 
etc. were selected as important input data and/or benchmarking data for accessing the novel upgrading 
process with ILs. Based on the collected data, the energy usage on the biogas upgrading process at the 
different AD plants was calculated.

3. Results and discussion

3.1. Evaluation of biogas upgrading 

The conceptual process for biogas upgrading using water, [bmim][Tf2N], aqueous ChCl/Urea, and 
aqueous [Amim][HCOO] as solvents was simulated and evaluated according to flow balance and the 
amount of recirculated solvent. The aqueous ChCl/Urea with optimum 50% ChCl/Urea was 
recommended in our previous work [13]. The mixture of (90% [AmimHCOO] + 10% H2O) was chosen 
as the studied case for aqueous [Amim][HCOO]. 
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The raw biogas was set to be a mixture of 55 % CH4 and 45 % CO2, with the plant capacity 242 
Nm3/h. The simulation results are listed in Table 1. In the off gas (OFFG), the difference in molar flow 
rates of CO2 between the solvents was less than 10%. In the circulated gas (GASCIR), the CO2 in the 
process with aqueous [Amim][HCOO] was three folds lower than average of the tested solvents (2 
kmol/h) as a result of the low CO2 solubility in water. Correspondingly, in the recirculated liquid 
(LIQCIR), the CO2 in the process with [Amim][HCOO] was four folds lower than average (0.09 
kmol/h). The lower CO2 in the GASCIR resulted in a simulated lower amount of solvent which needed 
to be added in the makeup and recirculated solvent.

The higher flow rate of make-up solvent and recirculated solvent significantly affected the energy 
usage. The pump power for water scrubbing is quite large due to the large amount of recirculated water 
because of the low CO2 solubility in water. However, there are no large disparities on the compression 
work. The vacuum pump was needed only for the process using [bmim][Tf2N], resulting in a higher 
energy usage compared to aqueous ChCl/Urea and aqueous [Amim][HCOO]. Comparing to water 
scrubbing, the total energy usage for conventional IL-[bmim][Tf2N] scrubbing decreases with about 
10%, while the energy usage for aqueous [Amim][HCOO] scrubbing decrease with around 30%. 
Therefore, in the next section, aqueous [Amim][HCOO] scrubbing was chosen as a reference case when 
integrating the upgrading process with the AD process.

Table 1.The CO2 and CH4 molar-flow and energy usage of the biogas upgrading process with different solvents. 

Unit H2O [bmim][Tf2N] 50% ChCl/Urea 
+ 50% H2O

90% [AmimHCOO] 
+ 10% H2O

Make-up solvent, t/h 0.71 0.33 0.15 0.12
Recirculated solvent,  t/h 46 22 9.0 7.8

CO2-OFFG, kmol/h 4.8 4.7 4.3 4.3

CH4-OFFG, kmol/h 0.018 0.040 0.01 0.00015

CO2-LIQCIR, kmol/h 0.00012 0.36 0.000044 0.0000034

CH4-LIQCIR, kmol/h 0 0.00020 0 0

CO2-GASCIR, kmol/h 2.5 3.7 1.5 0.66

CH4-GASCIR, kmol/h 0.23 0.50 0.14 0. 013

Power, kW

COMP 1 13 13 12 12

COMP 2 14 14 13 11

PUMP 15 6.6 4.0 3.7

VACUUM PUMP - 7.5 - -

BLOWER 3.6 - 3.6 3.6

Total 46 41 33 30
Total, kWh/ Nm3 biogas 0.20 0.18 0.15 0.14

3.2. Integration of aqueous [Amim][HCOO] scrubbing with AD process

The composition of raw biogas with respect to CH4 concentration and the gas flow rate are dependent 
on the type and amount of substrate as well as the configuration of the AD process (Table 2). To 
compare the energy efficiency of the aqueous [Amim][HCOO] upgrading process under industrial 
conditions, data was collected on gas flow rate, gas composition, energy usage of the upgrading and type 
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of upgrading technique as well as feed rate and type of substrate from six selected industrial AD 
processes. 

The data shows that the CH4 content from co-digestion plant varies between 61-69%, which is, among 
other things, due to the higher lipid content in food waste compared to that in ethanol stillage (50% CH4
content) [14]. As can be expected, the larger the process, the higher the feed rate, also resulting in a 
higher raw-gas flow rate but there is no correlation between the amount of gas produced for upgrading 
and the energy usage. Not all produced biogas is upgraded, some is flared and some is used internally 
within the plant.  

The energy efficiency of the simulated case with IL-based technology was about 70% lower than the 
average industrial data on water scrubber upgrading facilities (0.44±0.25 kWh/Nm3). The simulated 
result for water scrubbing was within the error bars of the data from the water scrubbing at the industrial 
plants. Overall, the results indicates that aqueous [Amim][HCOO] scrubbing can have a positive effect 
on the energy balance from biogas production for vehicle fuels or for injection in the gas grid. However, 
it should be mentioned that the data from the industrial plants contains energy losses that are not 
included in the simulation. It should also be noted that there are some uncertainties in the collected data 
regarding how the data is measured and what limitations are set when reporting the data.

Table 2. Industrial data on gas composition, gas flow rate, energy usage of upgrading, type of upgrading as well as feed rate and 
type of substrate from six selected representative industrial sites in Sweden and Norway. The data represent the year 2015 except 
for plant C which represents data from 2014.   

AD process Feed rate 
to digester

Raw gas 
flow rate

Raw gas 
flow rate for 
upgrading1

CH4

content
Energy

usage of 
upgrading4

Upgrading 

technology

Aqueous 
[Amim][HCOO]

upgrading

ton/year Nm3/year Nm3/year %vol kWh/Nm3 kWh/Nm3

Co-digestion 
A 34 000 2 180 000 3 860 0002 63 0.25 Water scrubbing 

bb
0.13

B 28 000 2 460 000 440 0003 61 0.88 Water scrubbing 0.14
C 120 000 9 930 000 - 66 - - -
D 48 000 4 840 000 4 650 000 63 0.29 Water scrubbing 0.13
E 48 000 3 730 000 1 660 000 63 0.21 Membrane separation 0.14
F 29 000 2 327 000 777 000 69 0.58 Water scrubbing 0.13

1Some gas is flared or used internally at the AD plant for warming of buildings etc. 
2In this case, gas is added from the wastewater treatment plant 
3The upgrading plant is running at half speed 
4The total yearly energy usage of the upgrading process is divided by the amount of raw gas treated, i.e. minus the flared or internally used gas 

Fig. 2. Effect of methane content in raw biogas (a) and raw biogas flow rate (b) on the energy usage. 
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To investigate the effect of methane content and raw gas flow rate on energy balance of the aqueous 
[Amim][HCOO] scrubbing, a sensitivity analysis was performed and shown in Fig. 2. It is apparent that 
in the conditions of AD with food waste, the energy usage does not vary much, but there is a difference 
of approx. 6% in energy usage between the raw gases produced from ethanol stillage and from food 
waste. As shown in Fig. 2(b), assuming the methane content is 63%, the energy usage decreases with 
7.2% when the raw biogas flow rate varies from 0.44 106 to 7.7 106 Nm3/year. With increasing biogas 
flow rate up 19 106 Nm3/year, the decrease of energy usage is not notable.

4. Conclusion

In this work, the conceptual biogas upgrading process using water, [bmim][Tf2N], aqueous 
ChCl/Urea, and aqueous [Amim][HCOO] were assessed. The simulation indicates that the IL technology 
is promising in respect to the amount of recirculated solvent and the total energy usage for the upgrading 
process, especially aqueous [Amim][HCOO] and aqueous ChCl/Urea. The positive effect can be 
somewhat increased by using substrates such as food waste with a high lipid content. However, when 
above 60% methane in the gas, the energy saving is insignificant. Considering that biogas production is 
struggling with profitability, the expected energy saving using IL instead of water can make a positive 
feedback in general for using waste to produce vehicle fuel. However, future work with a techno-
economic assessment is required to investigate the overall benefit of using IL compared to conventional 
water scrubbing technology. Moreover, the herein presented results aim to give an indication of the 
potential of IL technology in industrial settings. Industrial implementation of IL technology may involve 
unexpected energy losses and savings that are not included in this study.   
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