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ABSTRACT 

Zeolite membranes can potentially be used for separation of many types of 
mixtures. The membranes can be tailored by a number of methods to suit a 
specific separation application. In this work both traditional and new innovative 
methods were used to tailor the properties of zeolite membranes in order to 
enhance the selectivity for a given separation.  

In this work the traditional methods for tailoring of zeolite membranes by 
adjusting the Si/Al-ratio of, and exchanging the counterions in the zeolite have 
been used. In addition, two new methods have been developed: One where the 
impregnation concept often used in the catalysis field is adapted to tailor the 
properties of zeolite membranes for the first time, and another, where 
methylamine is used to modify the zeolite and form more and stronger basic sites. 

The polarity of a zeolite can be tailored by changing the Si/Al ratio in order to 
facilitate the separation of polar and non polar molecules. A low Si/Al ratio gives 
a more polar zeolite and vice versa. In the present work, separation of mixtures 
of water, hydrogen and n-hexane was investigated for membranes with two 
different Si/Al ratios (silicalite-1 and ZSM-5). The highest separation factors -
water/hydrogen were observed at 25 °C and were 14.3 and 19.7 for silicalite-1 
and ZSM-5, respectively. Mixtures of methanol/ethanol, hydrogen, carbon 
dioxide and water were also investigated, and the highest measured 
methanol/hydrogen separation factor, 32, was achieved for a ZSM-5 membrane, 
while a silicalite-1 membrane was found to give the highest ethanol/hydrogen 
separation factor of 46. The polar ZSM-5 favours the separation of the polar 
methanol, whereas the less polar silicalite-1 is more favourable for separation of 
the less polar ethanol. These results confirm that the selectivity for these 
separations can be controlled by tailoring the polarity the zeolite. 

The effect of the counter ions in ZSM-5 was studied by preparing, silicalite-1 
and ZSM-5 membranes with three different counter ions (Na+, Li+ and Ba2+) and 
evaluating these for separation of quadrupolar carbon dioxide from binary and 
ternary mixtures of carbon dioxide, hydrogen and water. The aim was to develop 
a membrane suitable for separation of carbon dioxide from synthesis gas. A 
separation factor -carbon dioxide/hydrogen of 6.2 was achieved for a BaZSM-5 
membrane at room temperature. In the BaZSM-5 membranes, the permeances of 
both carbon dioxide and hydrogen were decreased by the presence of the Ba2+

counter ion, but due to enhanced adsorption of the more quadrupolar carbon 
dioxide the carbon dioxide permeance was decreased much less than the 
hydrogen permeance.   
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By development of a new and innovative impregnation procedure, carbon 
dioxide selective membranes with high flux were prepared by impregnating the 
pores of a silicalite-1 membrane with calcium compounds to aid the adsorption 
of carbon dioxide. The separation experiments with mixtures of carbon dioxide 
and hydrogen showed that the separation factor -carbon dioxide/hydrogen at 
25 °C was drastically changed from 0.7 (hydrogen selective) to 3.7 (carbon 
dioxide selective) by this modification. 

A second new modification procedure was also developed, where MFI 
membranes with high Si/Al ratio were modified with methylamine to increase 
the carbon dioxide affinity and thus increase the carbon dioxide selectivity. These 
membranes were then evaluated for separation of carbon dioxide from various 
mixtures of carbon dioxide, hydrogen, methane and water. 
The modification had significant effects on both permeances and separation 
factors and the selectivity towards carbon dioxide was increased considerably for 
all the feed mixtures tested. 

The results of the different modifications were evaluated by techniques such as 
SEM, TEM, XRD, DRIFT spectroscopy and by single component permeation 
and mixture separation experiments. High quality membranes with few defects 
are critical to study the effects of membrane modification and throughout this 
thesis adsorption-branch permporometry is used as a standard tool to evaluate 
membrane quality.
The permporometry technique was also studied more in detail. It is shown how 
the distribution of flow-through defects can be estimated from the 
permporometry pattern. The estimated defect distribution is supported by SEM 
observations. In addition the permporometry data can be used to predict the 
permeance of molecules diffusing through defects in the membrane in mixture 
separation experiments and also indicate the separation factor.



 iii 

ACKNOWLEDGEMENTS

This thesis work has been supported by the Swedish Energy Agency via the 
programme Energy systems in road vehicles. The project is a part of a cluster 
entitled “Innovative Fuel-Cell Reformer for Heavy-Duty Truck APU” with 
participants from Luleå University of Technology, Chalmers University of 
Technology, The Royal Institute of Technology and Volvo Technology corp. I 
would like to thank all the other participants in the cluster for the fruitful 
cooperation.
I would like to thank my supervisor Professor Jonas Hedlund and everybody else 
at the division of Chemical Technology for helping me and supporting me in my 
work.
Of course I also want to thank my wife Elianne and my children Elvira and Rut 
for always supporting me.





 v 

LIST OF PAPERS 

This thesis is based on the work reported in the following papers:

I Water/hydrogen/hexane multicomponent selectivity of thin MFI
membranes with different Si/Al ratio 
S.A.S Rezai, J. Lindmark, C. Andersson, F. Jareman, K. Möller and J. Hedlund 
Microporous and Mesoporous Materials, v 108, n 1-3,  2008, p 136-142

II    Separation of CO2 and H2 with modified MFI membranes 
     J. Lindmark and J. Hedlund. 

Proceedings of the 15th International Zeolite Conference, 2007, Beijing  
Studies in Surface Science and Catalysis, Volume 170, Part 1, 2007, Pages 975-980 

III   Impregnated silicalite-1 membranes for enhanced CO2 selectivity 
J. Lindmark, J. Hedlund, S. K. Wirawan, D. Creaser, X. Zou and D. Zhang 
Submitted to Journal of Membrane Science. Under revision 

IV   Carbon dioxide removal from synthesis gas using MFI membranes 
        J. Lindmark and J. Hedlund. 
       Submitted to Journal of Membrane Science 

V Modification of MFI membranes with amine groups for enhanced CO2

selectivity
J. Lindmark and J. Hedlund. 
Submitted to Journal of Materials Chemistry 

VI Permporometry analysis of zeolite membranes 
J. Hedlund, D. Korelskiy, L. Sandström and J. Lindmark 
Journal of Membrane Science, 2009. In press 

VII Separation of Methanol and Ethanol from Synthesis Gas using
MFI Membranes 
L. Sandström, J. Lindmark and J. Hedlund 
Submitted to Journal of Membrane Science 

My contribution to the appended papers 
I        Approximately half of the experimental work, evaluation and writing 
II       All experimental work. Most of the evaluation and writing 
III      Almost all experimental work. Most of the evaluation and writing 
IV      All experimental work. Most of the evaluation and writing 
V       All experimental work. Most of the evaluation and writing 
VI      Some experimental work and contribution to discussion during evaluation 
VII     Participation in evaluation and writing



 vi 

Related works by the author not included in the thesis 

 Influence of NOx adsorbed species on component permeation through a 
ZSM-5 membrane over a wide temperature range 
I. Perdana, D. Creaser, J. Lindmark and J. Hedlund 
Submitted to Journal of Membrane Science

 H2/CO2 Permeation through a Silicalite-1 Composite Membrane 
S. K. Wirawan, D. Creaser, J. Lindmark, J. Hedlund, I. M, Bendiyasa, W. B, 
Sediawan
Manuscript in preparation 



 vii 

CONTENTS 

1 INTRODUCTION ....................................................................................................................................... 1

1.1 MEMBRANES................................................................................................................................................. 1
1.1.1 Principles and terminology ............................................................................................................. 1
1.1.2 Membrane types .............................................................................................................................. 2
1.1.3 Membrane materials ....................................................................................................................... 3
1.1.4 Membranes in large scale application ............................................................................................ 4

1.2 ZEOLITE ........................................................................................................................................................ 5
1.2.1 General............................................................................................................................................ 5
1.2.2 Controlling properties of zeolites.................................................................................................... 6
1.2.3 Industrial applications for zeolites.................................................................................................. 7

1.3 ZEOLITE MEMBRANES ................................................................................................................................... 7
1.3.1 Transport in zeolite membranes ...................................................................................................... 9
1.3.2 Separation by zeolite membranes.................................................................................................. 10

1.4 MEMBRANE REACTORS AND OTHER APPLICATIONS..................................................................................... 12
1.5 SCOPE OF THE PRESENT WORK .................................................................................................................... 15

2 EXPERIMENTAL .................................................................................................................................... 17

2.1 MEMBRANE PREPARATION .......................................................................................................................... 17
2.2 MEMBRANE MODIFICATION......................................................................................................................... 17

2.2.1 Impregnation of silicalite-1 membranes........................................................................................ 17
2.2.2 Modification of Silicalite-1 membranes with methylamine ........................................................... 18
2.2.3 Ion exchange of ZSM-5 membranes .............................................................................................. 18

2.3 CHARACTERIZATION ................................................................................................................................... 19
2.3.1 General characterization .............................................................................................................. 19
2.3.2 XRD measurements ....................................................................................................................... 20
2.3.3 In-situ DRIFT spectroscopy .......................................................................................................... 20

2.4 PERMEATION MEASUREMENTS .................................................................................................................... 21
2.4.1 Single gas measurements .............................................................................................................. 21
2.4.2 n-Hexane permporometry ............................................................................................................. 21
2.4.3 Mixture separation measurements ................................................................................................ 22

3 RESULTS................................................................................................................................................... 25

3.1 GENERAL CHARACTERIZATION ................................................................................................................... 25
3.1.1 SEM and EDS (Paper III & IV)..................................................................................................... 25
3.1.2 TEM (Paper III) ............................................................................................................................ 27
3.1.3 Si/Al ratios in zeolite films ............................................................................................................ 29
3.1.4 ICP (Paper V) ............................................................................................................................... 29
3.1.5 XRD (Paper I and III) ................................................................................................................... 30
3.1.6 In-situ DRIFT spectroscopy measurements (Paper III) ................................................................ 33

3.2 N-HEXANE PERMPOROMETRY (PAPER III AND VI) ...................................................................................... 34
3.3 SINGLE GAS MEASUREMENTS (PAPER III AND IV)....................................................................................... 38
3.4 MIXTURE SEPARATION MEASUREMENTS ..................................................................................................... 41

3.4.1 Silicalite-1 and ZSM-5 membranes (Paper I and VII) .................................................................. 41
3.4.2 Ion exchanged ZSM-5 membranes (Paper IV) .............................................................................. 43
3.4.3 Impregnated silicalite-1 membranes (Paper III)........................................................................... 45
3.4.4 Amine modified silicalite-1 membranes (Paper V)........................................................................ 46
3.4.5 Summary of mixture separation experiments ................................................................................ 48

4 CONCLUSIONS........................................................................................................................................ 49

5 FUTURE WORK....................................................................................................................................... 51

BIBLIOGRAPHY ............................................................................................................................................... 53





 1 

1 INTRODUCTION 

1.1 Membranes

Membranes have become an important tool in chemical technology and can be 
used in a broad range of applications. A membrane is a semipermeable barrier 
which can control the permeation rate of a chemical species through the 
membrane [1]. In separation applications, the purpose of the membranes is to 
allow one of the components to permeate through the membrane, while 
preventing permeation of the other components.  

1.1.1Principles and terminology 

The driving force for permeation through a membrane is a difference in chemical 
potential [1] between the two sides of the membrane. This chemical potential 
difference may be caused by a difference in total pressure, partial pressure, 
concentration or electrical potential. 

A few important terms related to membrane separation are shown in Figure 1. 
The stream fed to the membrane to be separated is called the feed and the stream 
rejected by the membrane is the retentate. The flow passing through the 
membrane is called the permeate.

Figure 1: Gas streams in a membrane separation unit 
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The flux (Ji) is defined as the flow through the membrane per unit area and the 
permeance ( i) is the flux divided by the partial pressure gradient over the 
membrane.

i

i
i P

J
      (1) 

The permeance ratio ( i,j
Perm) (sometimes also referred to as the ideal selectivity) is 

the ratio between the single gas permeances of two gases at certain conditions: 

j

iPerm
ji.       (2) 

The separation factor ( i,j) between two gases in a mixture is calculated as shown 
below:

Feedj

i

Permeatej

i

ji

x
x

x
x

,      (3) 

1.1.2Membrane types 

A membrane may be physically homogeneous (uniform in composition and 
structure) or heterogeneous (containing holes or pores, or having some kind of 
layered structure).  

A nonporous (dense) membrane consists of a solid film through which transport 
occurs by diffusion through the membrane material. The separation is a result of 
differences in both solubility and diffusivity of the different component in the 
membrane.
A microporous membrane is in principle very similar to a conventional filter but 
the pores are extremely small, usually in the order of 0.01-10 m in diameter, but 
sometimes even smaller. Particles smaller than the pores are allowed to permeate 
through the membrane and larger particles are rejected. 
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A special type of porous membranes is electrically charged membranes, which are 
usually microporous, and the pore walls carry fixed charges. If the charges are 
positive, the membrane is called an anion-exchange membrane, because the 
membrane attracts anions from the fluid. These anions can then be transported 
through the membrane, whereas cations (which have the same charge as the fixed 
charges) are excluded from the membrane. By the same principle, cation-
exchange membranes only allow cations to permeate.  

1.1.3Membrane materials 

Membranes can be made from both organic and inorganic materials.  

The majority of membranes in commercial use today are polymeric and are made 
from polymers such as cellulose acetate, polyamides, fluorocarbon polymers etc. 
These membranes can be prepared by a large number of different methods. To 
prepare an isotropic membrane, methods such as solution casting and melt 
extrusion can be used. In most cases an anisotropic membrane, in the form of a 
thin separation layer on top of a support is beneficial, and these can be prepared 
by e.g solution coating or different phase separation methods [1]. The most 
important preparation method for polymeric membranes is a phase separation 
method known as the Loeb-Sourirajan process [1], where a polymer solution is 
cast on top of a microporous support and polymer precipitation in induced by 
immersion in a water bath to form a very thin selective layer. This method is 
used to prepare most reverse osmosis and gas separation membranes.    

Inorganic membranes can be made from a great variety of inorganic materials, 
such as metals, ceramics and carbon, and be both dense and porous. One general 
advantage of inorganic materials is high thermal and chemical stability which is 
important in many applications.

Palladium membranes are used for separation of hydrogen from other gases. The 
palladium metal absorbs hydrogen and at high temperatures (>300 °C) the 
permeation rates of hydrogen are high enough to be useful in practical 
application. The high thermal stability and theoretically infinite selectivity makes 
these membranes interesting for high temperature membrane reactor applications. 
Carbon membranes can be prepared from e.g. a polymeric membrane which 
after a pyrolysis process becomes a porous inorganic membrane. These 
membranes are used in some gas separation applications where they can be very 
selective towards hydrocarbons in hydrocarbon/nitrogen mixtures due to 
adsorption effects [2] or be selective towards e.g. oxygen in mixtures with 
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nitrogen due to molecular size [3] and are then referred to as carbon molecular 
sieves (CMS). 
Perovskite type [4, 5] membranes are dense oxide membranes which conduct 
oxygen and like the palladium membranes these membranes may have infinite 
selectivity in case of a perfect membrane, in this case for oxygen. Oxygen 
selective membranes are currently of particular interest for production of pure 
oxygen for the oxyfuel process [6], where a fuel is combusted with pure oxygen 
instead of air, to obtain a concentrated carbon dioxide flue gas stream.  
Silica membranes have been studied extensively for separation of molecules by 
differences in size [7], e.g. separation of hydrogen from methane. Very thin silica 
membranes can be prepared by sol-gel techniques or chemical vapour deposition 
(CVD). 
Zeolite membranes [8] are a special class of microporous inorganic membranes 
which are described in detail later in this thesis. 

1.1.4Membranes in large scale application 

Although many membrane types and applications only exist in laboratory scale, 
there are several membrane processes which are used in large scale all over the 
world. In terms of both value of the products and membrane area produced, 
medical applications of membranes are at least as large as all industrial membrane 
applications combined [1]. The three most important medical applications are: 
hemodialysis, blood oxygenation and controlled-release pharmaceuticals. In 
hemodialysis (the artificial kidney) waste products, normally removed by the 
kidneys, are removed from the blood without loosing larger components in the 
blood such as blood cells or proteins. A blood oxygenator (also known as an 
artificial lung) is used during surgery when patients lungs cannot function 
normally and a membrane is used to contact the patients blood with oxygen and 
simultaneously remove carbon dioxide. In controlled drug delivery systems, a 
membrane is used to control the rate of delivery of a drug to the body. 

Microfiltration, where membranes filter colloidal particles and bacteria from 
solutions, and ultrafiltration, where macromolecules such as proteins are filtered, 
are membrane processes which are well established and applied on a large scale in 
industry.

Reverse osmosis is a process for desalting of water which is applied in large scale 
to produce drinking water. A membrane which is permeable to water but almost 
completely rejects salt is used and as the feed side is pressurized, water permeates 
to form a product with very low salt content. 
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Membranes for gas separation are commercially available and in use for a variety 
of industrial applications, and as the performance and reliability of the membranes 
is improving, membrane gas separation is becoming competitive with other 
technologies in a growing number of applications. Many of the new membranes 
are developed for applications related to petrochemical industry [9], the energy 
sector and greenhouse gas emissions [10]. 

Pervaporation is a process closely related to gas separation, where a liquid 
mixture contacts one side of a membrane and the permeate is removed as a 
vapour from the other side. The driving force for permeation is the low pressure 
on the permeate side generated by cooling and condensing the permeate vapour. 
This process is applied on a relatively large scale to produce fuel ethanol 
[11].

1.2 Zeolite

1.2.1General

Zeolites are microporous crystalline solids with a framework of connected SiO4
4-

and AlO4
5- tetrahedra[12]. The tetrahedra are linked by sharing all oxygen atoms.  

(a) (b) 

Figure 2: a) MFI framework shown from b-direction (straight pores), b) HR-TEM 
image of zeolite particle taken along the same direction (from this work).
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The AlO4
5- tetrahedrons in the framework result in a net negative charge which 

is balanced by cations. The cations are mobile and can be exchanged for other 
cations. The uniform channels of zeolites have diameters ranging from about 0.3 
to 1.3 nm depending on the zeolite structure and cations [13]. Silicalite-1 has 
MFI-type structure and the framework consists of silicon and oxygen atoms only 
and has no net negative charge. A representative formula of a general zeolite 
structure may be written: 

OwHSiOAlOM 2y2x2nx      (4)  

M represents the cation of the valence n, w is the number of water molecules, 
y/x is the silicon/aluminum (Si/Al) ratio for the zeolite. The MFI framework has 
two types of pores; straight pores running in the b-direction with pore openings 
of 0.53 x 0.56 nm, see Figure 2, and zig-zag pores running in the a-direction 
with pore openings of 0.51 x 0.55 nm. The straight 10-ring channels can be 
clearly seen as white features in the Transmission Electron Microscopy (TEM) 
image in Figure 2b. 

The small and well-defined pore size gives the zeolite molecular sieving 
properties as well as a very high specific surface area, often several hundred square 
meters per gram. A molecular sieve is a material capable of separating 
components in a mixture on the basis of molecular size or shape. The charge 
balancing cation can be substituted for a proton to obtain the acid form of the 
zeolite. The acid form of zeolites is often used as acid catalyst in chemical 
processes, where the shape/size selectivity in combination with acidic properties 
is very advantageous.

1.2.2Controlling properties of zeolites 

The properties of zeolites depend on several parameters such as structure, Si/Al 
ratio and counterions. The most fundamental parameter controlling the 
properties of zeolites is the structure; over 130 different zeolite frameworks are 
known today and the pore sizes vary significantly as mentioned above. 

The Si/Al ratio of a zeolite may be controlled by the composition of the 
synthesis solution used for the zeolite synthesis. By changing the Si/Al-ratio, the 
polarity of a zeolite can be adjusted. A lower Si/Al ratio gives a more hydrophilic 
zeolite, which adsorbs polar molecules stronger. 

Charged zeolite frameworks have counter ions present in the zeolite pores, 
which may affect both the adsorption properties and the effective pore size of the 
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zeolite [14]. A large counter ion results in a smaller effective pore size [15] and 
the counter ions can be replaced by ion exchange to tailor this property. 

Metal or metal oxide clusters are often incorporated in zeolite catalysts by 
impregnation in order to modify the catalytic properties [16-19]. In many cases 
the metal or metal oxide is the catalytically active component and the pore 
system of the zeolite is utilized to achieve a size/shape selective catalyst.

It has been demonstrated that the acid-base properties of MFI-type zeolite can be 
modified by methylamine [20]. The methylamine interacts with the framework 
of the zeolite and the modified zeolite has a both a larger amount of basic sites 
and also stronger basic sites. 

1.2.3 Industrial applications for zeolites 

Zeolites have been used as catalyst for several decades because of the high activity 
and unusual selectivity they provide, mostly in a variety of acid-catalyzed 
reactions. The most important application for zeolite catalysts is in hydrocarbon 
cracking. The zeolite cracking catalysts, usually based on a type of faujasite 
denoted ultrastable Y (USY), accounts for over 90 % of the total consumption of 
zeolite catalysts [19]. The adsorption properties of zeolite are also utilized i.e. in 
gas drying applications and in the separation of gases or liquids by selective 
adsorption [21]. 

The ion-exchange properties of zeolites, usually zeolite A, are utilized in washing 
powders to soften the water and thus replace phosphates. A new and upcoming 
application of zeolite is in chemical sensors, where it is used to improve the 
selectivity and sensitivity [22].

1.3 Zeolite membranes 

Thin films of zeolite can be used as separation membranes due to their uniform 
pore size and membranes with several different zeolite structures have been 
prepared including silicalite-1 [23-26], ZSM-5 [23, 24, 27, 28], zeolite A [29], 
zeolite Y [30, 31] and DDR [32, 33]. However, this is only a small selection of 
the hundreds of papers published on zeolite membranes every year. To give a 
complete survey of the literature on zeolite membranes is out the scope of this 
thesis, but the several valuable review articles have been published by e.g. Caro et 
al [8, 34] and McLeary et al [35] and Tavolaro et al [36].   
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Zeolite A membranes have been applied in large-scale pervaporation plants for 
solvent dehydration [11].  Both Mitsui Engineering and Shipbuilding (Japan) and 
Inocermic (Germany) are producing membrane modules for ethanol dehydration 
by pervaporation. 
Inorganic membranes such as zeolite membranes have many advantages over 
other types of membranes, such as high stability under high temperatures and 
harsh chemical environments which other membranes cannot withstand [36]. 

For all types of membranes it is important to minimize the mass transport 
resistance. For the case supported zeolite membranes, the zeolite film thickness 
must be minimized since most of the mass transfer resistance usually occurs over 
the film. Zeolite membranes are prepared on a porous supports because the very 
thin zeolite film requires a mechanical support. If the flux through the membrane 
is high there may be a significant pressure drop over the support. This pressure 
drop can be reduced by using a graded support with a thin layer with the narrow 
pores necessary to support the zeolite film, and a thicker layer with larger pores, 
which provides the necessary mechanical strength. Figure 3 shows a drawing of a 
typical zeolite membrane with a graded -alumina support. The membrane 
consists of a thin zeolite film on top of a support. The support consists of layer 
S1, which is 30 m thick with 100 nm pores and layer S2, which is 3 mm thick 
and has 3 m pores.

Figure 3: Drawing of a typical zeolite membrane with a graded support. 

High flux MFI membranes have been prepared by Hedlund et.al [37]. These 
membranes can separate mixtures of hydrocarbon isomers (xylenes, hexanes and 
butanes) effectively and reach commercial flux targets. However, due to the pore 
size and adsorption properties of the membranes, they are not suited for 
separations of small polar molecules from small non-polar molecules at high 
temperatures, which is of interest in the present thesis work. The membranes 
developed by Hedlund et al [37] have been the starting point for this thesis and 
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in this work the membranes have been further developed, to achieve MFI 
membranes which can separate small molecules effectively. 

1.3.1Transport in zeolite membranes 

The mass transport in zeolite membranes will be described briefly in this section. 
The mass transfer of a single component through of a zeolite film can be of three 
different types [38]: Diffusion in zeolite pores, Knudsen diffusion and Poiseuille 
flow. The importance of the different mechanisms depends on the size of the 
pores.

The flux of a single component can be related to the chemical potential gradient 
by Fick`s first law [21]:

dz
dvBCJ       (5) 

where J is the diffusion flux, B is the mobility, and C is the surface concentration 
of the diffusing species in the molecular sieve. The driving force for diffusion is 
the chemical potential gradient. The surface concentration is dependent on the 
position in the membrane. In the simplest case, if the system is isothermal and if 
Henry`s law is valid, equation 5, integrated over the membrane thickness , can 
be written:

J 0
PKD      (6) 

where D0 is the diffusion coefficient and K is the Henry`s law adsorption 
coefficient. If Henry`s law is not valid, an adsorption isotherm has to be taken 
into account to relate the surface concentration to the partial pressure in the gas. 

If the pore diameter is similar to the mean free path of the diffusing molecule, the 
molecules will collide frequently with the pore walls and Knudsen diffusion 
occurs.
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This type of diffusion will occur in the defects in the zeolite film and in some 
parts of the support (layer S1, see Figure 3). The Knudsen diffusion coefficient 
can generally be written [21]: 

M
RTKDK

8000
3
4

0      (7) 

where K0 is a structural parameter describing the pore size and structure and M is 
the molar mass of the gas.  

If the pore diameter is larger than the mean free path of the diffusing molecule, 
Poiseuille diffusion occurs. This type of diffusion will occur in other parts of the 
support (layer S2, see Figure 3). The Poiseuille diffusion coefficient can generally 
be written [21]: 

PB
DP

0       (8) 

where B0 is a structural parameter describing the pore width and structure.

Transport in zeolite films and supports has been studied in detail in a previous 
thesis work in this group. In the thesis by Jareman [39] a mathematical model for 
the mass transport through a composite zeolite membrane was developed, and 
this model was used in paper III to estimate the mass transfer resistance (pressure 
drop) in the support in single gas permeance measurements.  

1.3.2Separation by zeolite membranes 

Separation by zeolite membranes can be achieved by several mechanisms such as 
molecular sieving (Figure 4a), where one component of a mixture is larger than 
the pore size and the other is smaller; preferential adsorption (Figure 4b), where 
one component preferentially adsorbs in the pores of the zeolite and is 
transported by surface diffusion; and separation by differences in diffusivity, 
where both components are smaller than the pores but one diffuses faster and is 
enriched on the permeate side [40].  
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Figure 4: Separation mechanisms in zeolite membranes 

The zeolite properties; structure, Si/Al ratio and counter ions described earlier 
control the separation properties of a zeolite membrane. There are also specific 
membrane properties such as crystal orientation, grain boundaries, film thickness 
and support type which may also have a great influence on the separation 
properties. The pore size and thickness of the support can sometimes have a 
significant effect on the permeation properties of a membrane, due to mass 
transfer resistance in the support [41]. 

The mass transport in zeolite has been studied extensively by several groups such 
as Kärger et al [42], but mainly aimed at other applications than membranes, such 
as catalysts and adsorbents. Most of the published work on separation in zeolite 
membranes has been focused on diffusion of hydrocarbons, due to the many 
important applications in catalysis, and relatively little is published about the 
diffusion of small gas molecules like H2, CO2, H2O etc. A few studies which are 
relevant for this thesis are described below.

The diffusion of helium and hydrocarbons has been studied theoretically by 
modelling the different interactions in the membrane [43]. Also, the 
contributions of different transport modes have been studied by Nishiyama et al 
[44]. An important conclusion was that helium was transported by a mechanism 
called activated gaseous diffusion, where the gas retains a gaseous character in the 
zeolite pore. The activated gaseous diffusion is distinguished from Knudsen 
diffusion in the sense that the diffusion is an activated transport process because 
the molecules diffusing through the pores are affected by the potential fields of 
the pore wall. According to Nishiyama, a small hydrocarbon like ethane is 
transported almost purely by surface diffusion, where the molecules are adsorbed 
on the pore wall and are transported along the pore due to surface concentration 
gradients.  
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This thesis work mainly involves gas molecules which adsorb more than helium 
but less than ethane and thus influence of both of these transport modes might be 
expected.

Due to the complexity of the system, it may be difficult to theoretically predict 
the separation properties of a zeolite membrane for a multi-component mixture.

1.4 Membrane reactors and other applications 

The concept of membrane reactors was introduced already in the 1950s, 
however the new inorganic membranes developed more recently have caused 
considerable growth in the research and development of membrane reactor 
technology. Membrane reactors could pontentially make processes more 
compact, less capital intensive, offer improved conversion for equilibrium limited 
reactions, allow controlled operation and give substantial savings in energy and 
product separation cost [35]. A membrane reactor, where reaction and separation 
is integrated in one unit operation, could in principle shift the overall conversion 
beyond thermodynamic equilibrium by selective product removal [35]. 
Reactions in industry are generally carried out at elevated temperatures and 
pressures, and zeolite membranes are thus suitable for membrane reactor 
applications due to their high thermal and chemical stability [35]. 

Hydrogen production for fuel cells is a field where membrane reactors have great 
potential. Synthesis gas treatment includes several steps such as CO2 removal, 
water gas shift (WGS) and methanation. A problem with the water gas shift 
reaction is the equilibrium limitations. It would be very beneficial to carry out 
the water gas shift reaction in a CO2 selective membrane reactor and thus break 
the equilibrium. This would allow for the reaction to be carried out at higher 
temperature. If the conversion in the WGS reaction was improved by CO2

removal, the CO concentration in the product would also be lowered. 

Another process which potentially could be improved by the use of a membrane 
reactor is the Fisher-Tropsch (FT) process. Fischer-Tropsch synthesis [19] 
generates hydrocarbons and water from H2 and CO. It has been reported that 
water may deactivate the FT catalyst [45, 46]. Selective removal of water in a 
membrane reactor may thus improve the FT synthesis. This membrane, 
however, would need to be water selective in the presence of large linear 
hydrocarbons.
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Also in methanol synthesis a membrane reactor could improve the performance. 
Methanol synthesis is usually performed at high pressure (50-100 bar) and a 
temperature of around 250 °C [19]. At these conditions, thermodynamic 
equilibria are limiting the reactions, and hence the conversion per pass through 
the reactor is low. In the current process, methanol and water are separated by 
condensation after the reactor, and unreacted gas is reheated and recirculated, 
mixed with fresh feed. Continuous removal of methanol and water through a 
membrane at reaction conditions could thus improve the process by avoiding 
equilibrium limitations. 

Hydrogen addition to or separation of CO2 from synthesis gas generated by 
gasification of biomass is necessary prior to synthesis of fuels such as methanol in 
order to arrive at a suitable composition of the feed. A zeolite membrane might 
be used for this separation task. 
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1.5 Scope of the present work 

As was mentioned previously, the starting point for the work described in this 
thesis was the MFI membranes developed previously by Hedlund et al [37]. 
These membranes can separate mixtures of hydrocarbon isomers (xylenes, 
hexanes and butanes) effectively and reach commercial flux targets, but due to 
the pore size and adsorption properties of the membranes, they are not suited for 
separations of small molecules. 

In this project, the goal was to modify the existing membranes to make them 
suitable for a number of applications: 

Separation of CO2 from H2 for upgrading of synthesis gas produced from 
gasification of biofuels 
Separation of CO2 from natural gas (mainly CO2 and CH4)
Separation of CO2 from a Water-Gas-Shift reactor
Separation of H2O from a Fisher-Tropsch reactor 
Separation of alcohols from an alcohol synthesis reactor 

In order to reach this goal, membranes were modified by different methods to 
achieve suitable separation properties.  

The scope of the present work was to: 
Prepare ZSM-5 membranes with different counter ions to increase the 
CO2 selectivity 
Develop a new impregnation procedure to increase the CO2 selectivity of 
silicalite-1 membranes 
Develop a new method for modification of MFI membranes with amines 
to increase the CO2 selectivity 
Modify the Si/Al ratio of MFI membranes to increase the H2O selectivity
Modify the Si/Al ratio of MFI membranes to increase the alcohol 
selectivity
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2 Experimental 

2.1 Membrane preparation 

Zeolite membranes with a 500 nm thick zeolite layer were prepared as described 
earlier [37]. The supports were discs of porous a-alumina with a diameter of 25 
mm. The supports were seeded with colloidal silicalite-1 crystals (50 nm). A film 
was grown by hydrothermal synthesis on the seeded surface of the support. The 
membranes were calcined at 500 °C after the synthesis. 
Two types of membranes were prepared using two different synthesis solutions. 
The molar composition of the synthesis solution was 3 TPAOH: 25 SiO2: 1450 
H2O: 100 EtOH for the silicalite-1 membranes and 3 TPAOH: 0.25 Al2O3:
Na2O: 25 SiO2: 1600 H2O: 100 EtOH for the ZSM-5 membranes. The Si/Al 
ratios for silicalite-1 and ZSM-5 synthesis solutions were hence infinite and 50, 
respectively. These membranes were modified as described in the next section. 

In total, six types of membranes were prepared:   
Silicalite-1 membranes
Silicalite-1 membranes impregnated with Ca(NO3)2·4H2O
Silicalite-1 membranes modified with methylamine
ZSM-5 membranes in the Na form (NaZSM-5) 
ZSM-5 membranes in the Li form (LiZSM-5) 
ZSM-5 membranes in the Ba form (BaZSM-5) 

2.2 Membrane modification 

2.2.1 Impregnation of silicalite-1 membranes 

The silicalite-1 membranes prepared as described in section 2.1 are of high 
quality [37] and hence present a good starting point for developing silicalite-1 
membranes with different properties. One strategy for changing the properties of 
the membrane is to impregnate it with a solution of a metal salt (in this case a 
methanol solution of Ca(NO3)2·4H2O). The membranes were impregnated 
according to a new procedure that was developed within this work (Paper III). 
Dr. Olov Öhrman did some preliminary work with impregnation before the 
present work started. 
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The membranes were stored in a desiccator between the synthesis and 
modification. An impregnation solution was prepared by dissolving 5 wt% of 
calcium nitrate tetrahydrate (Ca(NO3)2·4H2O) in methanol. A thin layer of the 
impregnation solution was applied on the membrane surface by spin-coating; 
enough impregnation solution was spread on the film to cover the film surface 
and the spin-coater was run at 1200 rpm to remove the excess solution. The 
membranes were allowed to dry in the spin-coater at 1200 rpm for 10 minutes. 
To convert the calcium nitrate to calcium oxide, the membranes were heated in 
air for 8 hours at 600° C with a heating and cooling rate of 1° C/min.  

2.2.2Modification of Silicalite-1 membranes with methylamine 

The membrane modification procedure was carried out in-situ in a Wicke-
Kallenbach apparatus also used for separation measurements.  
The membranes were mounted in a stainless steel cell sealed with graphite gaskets 
(inner diameter 19 mm). Membranes were dried in-situ at 300 °C in flowing 
helium and were then cooled to 25 °C. Methylamine gas (anhydrous, 98+%, 
Aldrich) was fed through the cell on both the feed and sweep side until the 
amine was detected in the outlet by bubbling the gas through a water solution of 
phenolphthalein. The inlets and outlets were then kept closed for 24 hours, but 
every 6 hours more methylamine gas was fed to the cell to ensure that the cell 
contained pure methylamine gas and the zeolite became fully saturated with 
amine. After 24 hours, the cell was flushed on both sides of the membranes with 
helium to remove all excess amine not adsorbed in the zeolite. After flushing, the 
membrane was heated to 50 °C for 3 hours with a heating and cooling rate of 1 
°C/min.

2.2.3 Ion exchange of ZSM-5 membranes 

The ZSM-5 membranes were in Na+ form after synthesis and LiZSM-5 and 
BaZSM-5 membranes were prepared by ion exchange. In order to exchange the 
counterions from Na+ to Li+ or Ba2+, the NaZSM-5 membranes were immersed 
in a 0.3 M LiNO3 or BaNO3 solution for 2 hours at 100 °C and atmospheric 
pressure with reflux. The membranes were then allowed to cool to room 
temperature and were rinsed for 6 hours in deionised and distilled water, with 
the rinsing water replaced every hour.
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2.3 Characterization

2.3.1General characterization 

Scanning Electron Microscopy (SEM) images were recorded using a Philips 
XL30 microscope equipped with a LaB6 source. The samples were gold coated 
prior to the investigation. Elemental analysis of the membranes was performed 
using an energy dispersive X-ray spectrometer (EDX, Link Isis) attached to the 
SEM instrument. 

The silicon to aluminium (Si/Al) ratios of the silicalite-1 and the ZSM-5 
membranes were estimated using energy dispersive spectroscopy (EDS). Since the 
films are very thin with a very low concentration of aluminium and in addition, 
aluminium signal from the support would interfere with a direct measurement of 
the aluminium signal, an indirect method (described in detail in paper VII) 
involving determination of the cesium signal in ion exchanged samples was used 
to determine the Si/Al ratio. 

ICP-AES (ARL-3560) analysis was performed on a powder of discrete zeolite 
crystals synthesized and ion exchanged in a very similar manner to the films, to 
indicate the concentration of counter ions in ion exchanged ZSM-5 membranes. 

Elemental analysis of the film surface was carried out by X-ray Photoelectron 
Spectroscopy (XPS) using a KRATOS Axis Ultra electron spectrometer 

TEM samples of the zeolite with and without impregnation were prepared by 
seeding a silicon wafer in the same way as the alumina supports were seeded (see 
section 2.1), with the difference that the seeding procedure was carried out five 
times in total. The crystals on the seeded silicon wafer were then impregnated 
and calcined in the same way as the membranes. Two TEM samples were 
prepared: one which was impregnated and calcined at 600 °C, and one which 
was only calcined at 600 °C. The crystals were finally dispersed in n-hexane and 
applied to TEM grids. TEM investigations were performed on a JEOL JEM-
3010 TEM using an accelerating voltage of 300 kV and a JEOL JEM-2100 TEM 
equipped with EDS using an accelerating voltage of 200 kV. 

The Ca(NO3)2·4H2O powder used to prepare the impregnation solution was 
studied with Thermogravimetric Analysis (TGA) and Differential Thermal 
Analysis (DTA) using a Netzch STA 09 instrument. The heating rate was 
10°C/min and the atmosphere was argon. 
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2.3.2XRD measurements 

A Siemens D5000 powder X-ray diffractometer (XRD) was used to collect the 
XRD data. XRD was used to determine the crystalline phases present in the 
membranes. The measurements were performed using gracing incidence angle 
(1°) and radial divergence limiting slits (long soller slits) were used. Detector scans 
were carried out in the range 5-50 °2 .
A quartz standard sample was used as a reference for peak broadening 
measurements.  

2.3.3 In-situ DRIFT spectroscopy 

In-situ DRIFT spectroscopy measurements were performed with a rapid scan 
method using a Bio Rad FTS6000 spectrometer and a Harrick Praying Mantis 
DRIFT cell. The measurements were performed to study the effect of 
impregnation with Ca(NO3)2 on CO2 adsorption in the silicalite-1 films (Paper 
III). Two circular samples with a diameter of 6 mm were cut from silicalite-1 
samples with and without impregnation. Before CO2 adsorption the samples 
were dried by heating to 500 °C at a rate of 15 °C/min in a stream of argon and 
kept at 500 °C for 15 minutes before cooling to the adsorption temperature and 
equilibration in argon. A background spectrum, which was used for all 
measurements, was recorded at 50 °C before CO2 adsorption.
IR spectra were recorded in the range 4000-1000 cm-1 with a resolution of 4 
cm-1. CO2 was adsorbed by exposing the sample to a stream of 5% CO2 in argon 
at 50 °C at a total pressure of 1 atm until equilibrium was established. The outlet 
CO2 concentration was monitored by Mass Spectrometry (MS) using a Gaslab 
300 instrument. When the CO2 signal was constant, the sample was considered 
to be equilibrated. Desorption was conducted by flushing the zeolite sample with 
pure argon until CO2 in the outlet gas was undetectable by MS. First, spectra 
were recorded during flushing at 50 °C. When no CO2 could be detected in the 
outlet the temperature was increased, first to 200 °C and then to 450 °C. Spectra 
were recorded at both temperatures. All spectra were compared to a background 
spectrum collected at 50 °C before CO2 adsorption.
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2.4 Permeation measurements 

Both single gas permeation and mixture separation was used to investigate the 
permeation properties of the different membrane types and to study the effect of 
the modification procedures.

2.4.1Single gas measurements 

Single gas permeation experiments were usually carried out directly after 
calcination. The samples were removed from the furnace at 110°C and quickly 
mounted in a stainless steel cell under a flow of dry nitrogen. Rubber gaskets 
(inner diameter 20.3 mm) were used during single gas experiments. The pressure 
at the feed side was kept at 1.9 bar and the permeate was kept at atmospheric 
pressure. The permeate flow was measured with an electronic flow meter (ADM 
1000 J&W Scientific, max flowrate 1000 ml/min at NTP). 

2.4.2n-Hexane permporometry 

The zeolite membranes were characterized by adsorption-branch n-
hexane/helium permporometry [37, 47] using the setup outlined in Figure 5. 
The membranes were dried at 300°C overnight in a flow of dry helium in a 
stainless steel cell equipped with graphite gaskets (inner diameter 19 mm, Eriks 
Belgium), and then cooled to room temperature. The helium permeance at room 
temperature was recorded during successively increased relative partial pressures 
of n-hexane. The permeance of helium was measured at a pressure difference of 
1 bar and the permeate side was kept at atmospheric pressure. The relative 
pressure of n-hexane was then successively increased to approximately 0.01, 
0.025, 0.25, 0.85 and 1.0 during measurements of helium permeance.  
The n-hexane partial pressure was maintained by mixing a pure stream of helium 
with a flow of helium saturated with n-hexane. At each relative pressure the 
system was allowed to equilibrate. The permeance was measured using a 
flowmeter connected after a condenser which removed the n-hexane. At the first 
activity (P/P0 ~ 0.01) zeolite pores are blocked by n-hexane due to capillary 
condensation and a very low permeance signifies a high quality membrane. 
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Figure 5: Experimental setup for adsorption-branch permporometry

The distribution of flow-through defects can be estimated from the 
permporometry pattern using a simple model for permeation based on Knudsen 
diffusion (Paper VI). 

2.4.3Mixture separation measurements 

Separation of gas mixtures was studied in mixture separation experiments. 
Different combinations of the following components were studied and reported 
in the papers included in this thesis.

Water/Hydrogen/Hexane (Paper I) 
Carbon dioxide/Hydrogen (Paper II-V) 
Carbon dioxide/Hydrogen/Water (Paper IV and V)  
Carbon dioxide/Methane/Water (Paper V) 
Metanol (or Ethanol)/Carbon dioxide/Hydrogen/Water (Paper VII) 

The different mixtures containing carbon dioxide, hydrogen and water are of 
interest when investigating the possbility to use a membrane reactor for Water-
Gas Shift whereas the experiments with mixtures of water, hydrogen and hexane 
give information about potential membrane performance in Fisher-Tropsch 
synthesis, [45, 46, 48]. Also in methanol (or ethanol) synthesis a membrane 
reactor could improve the performance and it is interesting to understand the 
potential of MFI membranes in this application. 

The separation experiments were performed using a Wicke-Kallenbach 
apparatus, see Figure 6. The membranes were mounted in a stainless steel cell and 
sealed with graphite gaskets.  
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Figure 6: Principal sketch of a Wicke-Kallenbach cell. 

The desired feed composition was achieved by mixing gases such as hydrogen, 
carbon dioxide and helium at the proper proportions by using mass flow 
controllers, see Figure 7. The whole feed, or in some cases a certain proportion 
of the feed, was fed to a water saturator kept at a desired temperature by a 
thermostat bath. The exact flowrates and temperatures are given in each paper.  

In the beginning of the experiments, the membranes were always equilibrated 
with the feed at room temperature. Both sides of the membrane cell was always 
kept at atmospheric pressure. A thermocouple (type K) was connected to the 
membrane cell in order to record the temperature at the membrane. A Varian 
3800 GC equipped with a capillary column and two packed columns (molecular 
sieve and chromosorb) was connected online. Thermal conductivity and flame 
ionisation detectors connected in series were used for quantitative analysis of the 
gas compositions. Helium was used as the carrier gas. 
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Figure 7: Principal sketch of the separation experiment setup. 
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3 Results

3.1 General characterization 

3.1.1SEM and EDS (Paper III & IV)  

Figure 8 shows SEM surface images of typical silicalite-1 and ZSM-5 membranes 
prepared in this work. Both membrane types appear smooth and dense. The 
zeolite crystals are clearly visible. Figure 9 shows side view images of a silicalite-1 
and a ZSM-5 membrane. The film thickness was about 550 nm for both 
membrane types. Thus, the surface morphologies and film thicknesses are very 
similar for the sililicalite-1 and ZSM-5 membranes and should not influence 
any differences in separation data. 

Figure 8: SEM surface images of a) a silicalite-1 membrane and b) a ZSM-5 membrane. 

Figure 9: SEM side view images of a) a silicalite-1 membrane and b) a ZSM-5 
membrane. 
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Figure 10a shows a SEM image in low magnification of a typical impregnated 
membrane after calcination. Most of the membrane surface appears featureless at 
this low magnification, such an area is indicated with "c" in this figure and figure 
c shows a high magnification image of that area. The silicalite-1 crystals appears 
clearly, similar to Figure 8a. It thus seems that any calcium compounds present 
on top of the film at this particular location must form a very thin layer, 
transparent to the SEM instrument, or calcium compounds are simply not present 
on the surface at this location. However, calcium compounds may in any case 
still be present inside the film, in grain boundaries and zeolite pores.  

A small fraction of the membrane is covered with features which may be 
relatively large crystals of a calcium compound. Such an area is indicated with "b" 
in figure a. Figure b shows an image at higher magnification of these presumable 
crystals. The diameter of these "crystals" seems to range from about 100 nm to a 
few hundred nm. An image at higher magnification of the featureless area "d" is 
shown in figure d. It appears as though the zeolite crystals in this area are coated 
with a thin and featureless layer of calcium compounds. 

Figure 11 shows EDS spectra recorded at the points b and c in Figure 10. The 
data clearly shows that calcium compounds are present at both points. This 
strengthens the assumption that the "crystals" on top of the film are calcium 
compounds. Although the Ca-signal is stronger from from point b (from 
"crystals"), it is still quite strong from point "c" (from zeolite film), which 
indicates that calcium compounds should be present inside the film, in pores and 
grain boundaries as mentioned above. EDS analysis of the cross section of a 
membrane showed that the impregnation solution had not penetrated very far 
into the substrate, as expected (Paper III). The EDS analysis supports the SEM 
observations.
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Figure 10: SEM surface images of an impregnated silicalite-1 membrane. a) shows an 
overview of a membrane. b), c) and d shows closeups of the points indicated in a.) 

Figure 11: EDS spectra in the points b and c indicated in Figure 10. The spectra are 
offset for clarity. 

3.1.2TEM (Paper III) 

Figure 12a shows HR-TEM images of silicalite-1 crystals taken along the [010]-
direction before impregnation. Figure b shows a different, slightly larger crystal, 
after impregnation. Images at lower magnification show that the crystals have 
approximately the same average size before and after impregnation. The straight 
10-ring channels can be clearly seen as white features in both HR-TEM images. 
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The insets show Fourier transforms of the HR-TEM images. After impregnation, 
the outer parts of the crystals, corresponding to layers with a thickness of the 
order of 10 nm, are amorphous. These layers probably consist of zeolite, in 
which the pores were impregnated with calcium compounds and became 
amorphous during calcination at 600 °C after impregnation. However, the 
interiors of the crystals are still fully crystalline after impregnation. The HR-TEM 
investigation could neither confirm nor rule out the occurrence of calcium 
compounds in the pores in the centre of the impregnated crystals. In our 
opinion, previously published HR-TEM images [49, 50] of impregnated ZSM-5 
catalysts are as inconclusive as our own images regarding the presence of 
impregnated compounds in the interior of the crystals. To show that the 
amorphous layer consists mainly of silica and is not a layer of calcium compounds 
deposited on the outside of the particle, an EDS analysis of the thin amorphous 
layer must be performed, this work is ongoing. 

However, the combination of the observations in SEM and TEM indicate that 
the impregnation was successful and should have an effect on the separation 
properties of the membrane. 

Figure 12: HR-TEM images of silicalite-1 nano-particles taken along the [010]-
direction (a) before and (b) after the Ca-impregnation. The straight 10-ring channels 
can be clearly seen as  white features from both images. Insets: Fourier transforms of the 
HR-TEM images of the nano-particles 
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3.1.3Si/Al ratios in zeolite films 

The Si/Al ratios measured by two different methods are given in Table 1. The 
analysis methods used were XPS and an indirect method (described in detail in 
paper VII) involving determination of the cesium signal in ion exchanged 
samples by EDS.

Table 1: Si/Al ratios in zeolite films 

Membrane type Si/Al ratio estimated 
by EDS (Paper VII) 

Si/Al ratio measured by 
XPS (Paper I) 

Silicalite-1 139 157 
ZSM-5 65 62 

There is excellent agreement between the two methods. The results show that 
even though the supports are masked, which should decrease the leaching of 
aluminium from the support to the synthesis solution, the silicalite-1 films, which 
are prepared from an aluminium free synthesis solution, still contain some 
aluminium. The Si/Al ratios are 139 and 65 in the silicalite-1 and ZSM-5 films, 
respectively. The ZSM-5 films thus contain approximately twice as much 
aluminium as the silicalite-1 films and these two membrane types should be 
suitable for studying the effect of the Si/Al ratio on permeation data.   

3.1.4 ICP (Paper V) 

ICP-AES analysis of the ion exchanged NaZSM-5 powders showed that for the 
sample ion exchanged with Li+ solution, the Li/Na-ratio was 23 (corresponding 
to 96 % Li+) and was thus almost completely in Li+ form. In the sample 
exchanged with Ba2+ solution, the Ba/Na-ratio was 2.4 (corresponding to 71% 
Ba2+) and the powder was thus mainly in Ba2+ form but some Na+ was still 
present. This is expected when a monovalent counter ion is exchanged for a 
divalent ion [51], since the divalent counter ion requires two negatively charged 
sites which need to be situated sufficiently close to each other. Thus, some sites 
can not be utilized by Ba2+ ions and will remain in Na+ form. The ICP-AES 
analysis shows that the ion exchange was successful and that the ion exchanged 
membranes should be suitable for studying the effect of different counter ions on 
separation data.
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3.1.5XRD (Paper I and III) 

Figure 13 shows X-ray diffractograms of a silicalite-1 and a ZSM-5 membrane in 
the two-theta interval 5-50 °. The peaks at about 25.6, 35.1, 37.8, 41.7, 43.4 and 
46.2° 2  emanate from the alumina support. The remaining peaks are typical for 
weakly a-oriented MFI films grown by this procedure and similar results have 
been reported before [37]. The similar relative intensities of the peaks amanating 
from the silicalite-1 and ZSM-5 films shows that the two films types have very 
similar crystal orientation. Since the films also have the same thickness (observed 
in SEM), any difference is permeation data should be attributable to differences in 
Si/Al ratio. 

Figure 13: X-ray diffration patterns of silicalite-1 and ZSM-5 membranes. 

Figure 14 shows X-ray diffractograms of a silicalite-1 membrane before 
impregnation, after impregnation and after impregnation and calcination. The 
top diffractogram shows that the only crystalline phases in the silicalite-1 
membrane were silicalite-1 and -Al2O3. The Al2O3 reflection emanates from the 
support and the silicalite-1 reflections from the film. The second diffractogram 
was collected after impregnation of the film. Two new reflections originating 
from Ca(NO3)2 were observed. The peaks are narrow, which shows that the 
crystals are relatively large. The bottom diffractogram was collected after 
calcination (600 °C, 8h) of the impregnated membrane. In this case two 
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reflections from CaCO3 were observed and the Ca(NO3)2 reflections are absent. 
Again, the reflections are narrow and the crystals are large. These results show 
that some of the calcium nitrate formed large Ca(NO3)2 crystals on top of the 
zeolite film during the impregnation process and that these crystals were 
converted to CaCO3 crystals during the calcination process. 

To confirm that the XRD signal came from large crystals, the X-ray 
diffractogram of a standard sample of large and strain free quartz crystals was 
measured. The Full Width at Half Maximum (FWHM) was determined for the 
reflection at 26.6 °2  and compared to the FWHM of the calcium compound 
reflections. For the quartz standard sample reflection at 26.6 °2 , the FWHM was 
0.09 °2 . The Ca(NO3)2 at 26.2 °2  and the CaCO3 reflection at 29.4 °2  had 
the same FWHM, indicating that the Ca(NO3)2 and CaCO3 reflections orignated 
from large and strain free crystals such as the ones observed by SEM. 

In addition to the large crystals, it is likely that some calcium nitrate was also 
deposited in the zeolite pores. However, the pores are too small for the 
formation of crystals large enough to be detected by XRD. The same is true for 
grain boundaries in the film, but Ca(NO3)2 may still be present in both pores and 
grain boundaries in the form of XRD-amorphous material. 

During heating at 600°C, the nitrate compounds were most likely decomposed 
to CaO. During cooling to room temperature in air, large crystals of CaCO3

formed on top of the membrane and carbonates probably formed in the zeolite 
pores as well, as was also indicated by TEM. The calcium compounds in the 
zeolite pores could make the membrane more CO2 selective.
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Figure 14: X-ray diffraction patterns for a silicalite-1 membrane before impregnation, 
after impregnation and after impregnation and calcination. 
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3.1.6 In-situ DRIFT spectroscopy measurements (Paper III) 

In-situ DRIFT spectroscopy experiments were carried out in order to study the 
adsorption of CO2 in more detail and to appreciate the adsorption strength. The 
sample was exposed to a stream of 5% CO2 in argon at 50°C and then flushed 
with argon for 45 minutes. Several spectra were recorded during flushing and 
successive heating to 450 °C. 
Physisorbed CO2 should produce bands around 2340-2360 cm-1 [52] and 
carbonate species are indicated by bands in the range 1200-1800 cm-1 [52, 53]. 
Figure 15 shows the FTIR spectra of silicalite-1 membranes with and without 
impregnation after CO2 adsorption and five minutes of flushing with argon, in 
the wavenumber ranges of interest. 
The band around 2350cm-1 in figure a can be assigned to physisorbed CO2 [52]. 
For the impregnated silicalite-1 film, this band is significantly stronger than it was 
before the impregnation, indicating increased physisorption of CO2.

Figure 15b shows the FTIR spectra in the range 1200-1800 cm-1. Several 
carbonate species can be formed depending on the interaction between the CO2

molecule and the surface [53, 54]. For the impregnated silicalite-1 film, three 
broad absorption bands were observed. The broad band in the range 1600-1700 
cm-1 might correspond to bicarbonate species [55]. The band at 1495 cm-1 can be 
attributed to calcium carbonate, resulting from chemisorption of of CO2. The 
broad band around 1400 cm-1 is attributable to polydentate carbonate species [53, 
54]. The measurements at higher temperatures revealed that the species in the 
range 1200-1800 cm-1 were more thermally stable compared to those in the 
range 2200-2500 cm-1, confirming that the species between 1200-1800 cm-1 are 
chemisorbed.

Based on the FTIR results, CO2 appears to both physisorb and chemisorb on 
impregnated silicalite-1, the latter resulting in carbonate species. On the silicalite-
1 film without impregnation smaller amounts on physisorbed CO2 and virtually 
no carbonate species were observed, indicating that the impregnation increased 
the amount of both physisorbed and chemisorbed CO2. Thus, the membranes 
should be more CO2 selective after impregnation.  
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Figure 15: FTIR spectra in the wavenumber ranges 1800-1200cm-1 and 2500-2200cm-1

of adsorbed species on silicalite-1 membranes with and without impregnation. 

3.2 n-Hexane permporometry (Paper III and VI) 

n-Hexane permporometry was used throughout this work as a standard 
characterization technique to determine the amount and size of defects in zeolite 
membranes.

Figure 16 shows the n-hexane permporometry data of typical silicalite-1 and 
ZSM-5 membranes and for an impregnated silicalite-1 membrane. For a high 
quality membrane a large drop in permeance was expected between P/P0=0 and 
P/P0=0.025. For the silicalite-1 and ZSM-5 membranes the initial helium 
permeance drop was about 99.5%, indicating very high quality. The 
corresponding value for the impregnated membrane was 97.6%.
However, the helium permeance at p/p0 = 0.025 is about 2 · 10-8 for all 
membranes. This relative pressure corresponds to a pore size of 1.3 nm according 
to the Horvath-Kawazoe equation [56]. The permporometry patterns thus 
indicate that all three membranes have the same amount of flow through defects 
with a diameter larger than about 1.3 nm. The smaller drop in permeance 
between p/p0 = 0 and p/p0 = 0.025 for the impregnated membrane is thus 
caused by a smaller initial helium permeance at p/p0 = 0 for this membrane. This 
lower helium permeance at p/p0 = 0 is likely mainly caused by calcium 
compounds in the pores of the impregnated membrane and the lower drop in 
permeance between p/p0 = 0 and p/p0 = 0.025 is not an indication of more 
defects, but may very well be caused by calcium compounds in the pores of the 
impregnated membrane, resulting in lower permeance at p/p0 = 0. 
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Figure 16: n-Hexane/helium permporometry patterns for silicalite-1, ZSM-5 and 
impregnated silicalite-1 membranes. 

In paper VI the technique was described in detail, the results were confirmed by 
SEM, and the permporometry data were used to estimate separation performance 
of membranes. The n-hexane/helium adsorption-branch permporometry pattern 
for two different silicalite-1 membrane types, U72 and M30, are shown in Figure 
17. The pattern for U72 shows that, in addition to the drop in helium permeance 
when the zeolite pores are blocked (i.e. when p/p0 is increased from zero to 
about 0.025), a significant drop in helium permeance is only observed in the 
relative pressure range above 0.78, which corresponds to defects with a width 
larger than 19 nm (Paper VI). This corresponds well to the crack width of about 
30 nm observed by SEM, see Figure 18.
The permporometry pattern for membrane M30 is very flat in the whole relative 
pressure range 0.025 < p/p0 < 1, i.e. very small amounts of defects are detected 
by permporometry. This is in agreement with SEM observations illustrated in 
Figure 19, where no defects can be observed. If a defect distribution is estimated 
from permporometry data for this type of membrane, it would show that this 
membrane type mostly contains defects that are too small to be detected by SEM 
(Paper VI).  The good agreement between SEM observations and 
permporometry data shows that permporometry can be used to characterize 
defects in zeolite membranes. 
Permporometry data recorded at room temperature was correlated to separation 
factor at room temperature. Figure 20 shows the separation factor n-hexane/DMB at 
room temperature as a function of the helium permeance at p/p0 = 0.01 for six 
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selected membranes of type M30 with high, yet varying quality. For this set of 
membranes, there is a linear correlation with a regression coefficient of 0.74 
between these two variables. For five out of six membranes the relative error in 
prediction of the separation factor is less than 15%. Therefore, adsorption-branch 
permporometry can be used not only for assessment of membrane quality but also 
for prediction of membrane separation performance. 

Figure 17: n-Hexane/helium adsorption permporometry patterns for membranes of 
type U72 and M30 (Paper VI) 

Figure 18:  Top view (a) and cross sectional (b) SEM images of membrane U72 
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Figure 19: Top view (a) and cross sectional (b) SEM images of membrane M30 

Figure 20: Separation factor n-hexane/DMB at room temperature 
as a function of the helium permeance at p/p0 = 0.01 
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3.3 Single gas measurements (Paper III and IV) 

Typical steady state single gas permeances for He, N2, SF6, H2, and CO2 for the 
different membrane types are given in Table 2. The results for the four first 
membrane types are also illustrated graphically in Figure 21.    

Table 2: Single gas permeances [10-7mol·m-2·Pa-1·s-1]

Membrane He H2 CO2 H2/N2 CO2/H2 H2/SF6

Silicalite-1 81 216 128 1.7 0.6 12 
LiZSM-5 64 166 141 1.6 0.9 18 
NaZSM-5 58 124 124 1.5 0.8 20 
BaZSM-5 43 112 123 1.3 1.1 22 

Impreg  Sil-1 - 35 53 - 1.5 - 

The silicalite-1 membranes had the highest permeances of both CO2 and H2 and 
the lowest CO2/H2 permeance ratio. For the three different types of ZSM-5 
membranes in this work, the effective ionic radius of the counter ions is 
increasing [57] in the order Li+<Na+<Ba2+. The permeances for H2 and He were 
decreasing with increasing counter ion size indicating that for these gases, a 
smaller effective pore size gives a lower diffusivity, which agrees with previous 
findings [15, 58].

Figure 21: Average single gas permeances at room temperature for silicalite-1, LiZSM-
5, NaZSM-5 and BaZSM-5 membranes with a P of 0.9 bar. 
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Unlike H2 and He, the CO2 permeances for the silicalite-1 and Li, Na and 
BaZSM-5 membrane types were quite similar and not directly related to the 
counter ion size (see Figure 21). Probably, not only the diffusivity, but also the 
adsorption is affected by the counter ions. As shown in equation 6 the flux is 
proportional to the product of the diffusion coefficient and the adsorption 
coefficient. The high CO2 permeance in the ZSM-5 membranes compared to 
silicalite-1 despite the reduced effective pore size can be explained by enhanced 
adsorption of CO2 in the more polar ZSM-5 [59]. The strong effect of CO2

adsorption on the CO2 permeance explains how LiZSM-5 can have a higher 
CO2 permeance than silicalite-1 despite the smaller pores.

The low CO2/H2 single gas permeance ratios of the silicalite-1 membranes are 
probably a result of the low CO2 adsorption of the zeolite as well as mass transfer 
resistance in the support [41]. For thin films, the pressure drop through the 
support can constitute a large fraction of the total pressure drop through the 
membrane, especially for small molecules which are transported effectively 
through the zeolite film. A model for permeation through the support has been 
developed by Jareman et al [41] and by using this model, the relative pressure 
drop in the support for the silicalite-1 films was estimated to 48 % for H2 and 76 
% for CO2 (Paper III). The mass transfer resistance is thus quite significant in the 
support and in the case of CO2, the support dominates the mass transfer 
resistance. In the support, the pore diameter is similar to the mean free path of 
the diffusing molecules, which will collide frequently with the pore walls. This 
mechanism for mass transport is called Knudsen diffusion and the Knudsen 
selectivity is determined by the molar masses of the different components (see 
equation 7). In the case of CO2 and H2 the Knudsen permeance ratio is 0.21, and 
if the pressure drop over the support approaches 100 % the single gas permeance 
will approach the Knudsen selectivity.  

Since all CO2/H2 single gas permeance ratios were significantly higher than the 
Knudsen ratio of 0.21, it is clear that surface diffusion and/or activated gaseous 
diffusion in the zeolite influences the single gas permeance ratios. Since the H2

permeance decreased with increasing counter ion size, while the CO2 permeance 
was almost constant due to counteracting effects of reduced effective pore size 
and increased adsorption as discussed above, the ZSM-5 membranes all had 
higher CO2/H2 single gas permeance ratios than the silicalite-1 membranes and 
the ratios increased with increasing counter ion size. 

The impregnated membranes had a much lower permeance of both CO2 and H2

than the other types, indicating that mass transport resistance is limited more by 
the calcium compounds than by the counter ions in ZSM-5. However, the 
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permeance of CO2 was not decreased nearly as much as the H2 permeance, 
which leads to a higher single gas CO2/H2 permeance ratio than the other 
membrane types. This indicates that the calcium compounds present in the pores 
of the impregnated silicalite-1 enhanced the adsorption and thereby the transport 
of CO2, which may be related to the formation of calcium carbonate species. 

When the CO2 permeance was measured for impregnated silicalite-1 membranes, 
it did not stabilize quickly. To study this behavior more closely, transient 
measurements were carried out with CO2 followed by H2, see Figure 22. Figure 
22a shows that for the silicalite-1 membranes the permeances of both CO2 and 
H2 were completely constant as a function of time. However, the CO2

permeance for the impregnated membrane was close to zero initially and 
increased after about 2 minutes and stabilized after 5 to 10 minutes. These 
measurements indicated that calcium carbonates formed in the zeolite pores after 
adsorption/reaction with CO2. When the feed changed to H2 (shown in Figure 
22b, the H2 permeance was at first very low but increased and stabilized after 2-5 
minutes. The increased hydrogen permeance may be due to desorption of CO2

and desorption/decomposition of carbonate species.  

Figure 22: Single gas permeances as a function of time for a silicalite-1 membrane and 
an impregnated silicalite-1 membrane. a) CO2 permeance, b) H2 permeance after 
exposure to CO2.
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3.4 Mixture separation measurements

3.4.1Silicalite-1 and ZSM-5 membranes (Paper I and VII) 

Two silicalite-1 and two NaZSM-5 membranes were tested in H2O/H2/n-C6

separation experiments (Paper I). The n-C6 in the feed was added to make the 
feed composition more similar to the reaction mixture in e.g. Fisher-Tropsch 
(FT)-synthesis. In FT-synthesis a water selective membrane is beneficial to 
increase the lifetime of the catalyst. Figure 23 shows separation factors for two 
membranes of each type. The data is very similar for each membrane type, 
indicating excellent reproducibility in membrane preparation and testing. Figure 
23a shows the H2O/H2 and H2O/n-C6 separation factors for the silicalite-1 
membranes S5 and S6 as a function of temperature. At 25 °C, the average 
separation factor -H2O/H2 was 14.3. The membranes were selective also at 100 
°C and the average separation factor was 3.2. This high separation factor is 
attributed to adsorption of water on polar sites, especially at low temperature. 
The separation factor -H2O/n-C6 increases from 1.5 to 3 within the 
investigated temperature range. 

Figure 23b shows the H2O/H2 and H2O/n-C6 separation factors for the ZSM-5 
membranes Z4 and Z5 as a function of temperature. A similar trend for the 
H2O/H2 separation factor is observed for these membranes, but the separation 
factors are higher (2 times at 100 °C) at temperatures below 180 °C, which is 
attributed to stronger polarity in ZSM-5. The higher -H2O/H2 separation 
factor in ZSM-5 is due to stronger adsorption of water (pores more blocked by 
water) in the more polar ZSM-5. For both membrane types the water permeance 
was about 11·10 7 mol · m 2 · s 1 · Pa 1 at 25 °C. Thus, ZSM-5 membranes 
should be more suitable for selective removal of water from e.g. a FT-synthesis 
reactor.
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Figure 23: Ternary H2O/H2/n-C6 selectivity for a a) silicalite-1 and b) ZSM-5 
membrane. Feed water vapor partial pressure is 2.1 KPa, n-hexane vapor partial 
pressure 0.71 KPa, and H2 partial pressure is 42 KPa, with He balance to a total of 
101.3 KPa. Sweep gas; He at 200 ml/min and 101.3 KPa. 

Silicalite-1 and NaZSM-5 membranes were also tested in separation of mixtures 
of methanol or ethanol, hydrogen, carbon dioxide and water (Paper VII). An 
alcohol selective membrane is desirable to avoid the equilibrium limitations in 
e.g. methanol synthesis and such a membrane could also be used to improve the 
selectivity in the synthesis of alcohol synthesis. Permeances and separation factors 
were measured at a pressure of 1 bar and temperatures from 25 °C to 175 °C. 
Separation factors for silicalite-1 and ZSM-5 membranes at room temperatures 
are given in Table 3. The highest measured methanol/hydrogen separation 
factor, 32, was achieved for a ZSM-5 membrane at room temperature, while a 
silicalite-1 membrane was found to give the highest ethanol/hydrogen separation 
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factor of 46. The polar ZSM-5 favours the separation of the polar methanol, 
whereas the less polar silicalite-1 is more favourable for separation of the less 
polar ethanol. These results confirm that the selectivity for these separations can 
be controlled by tailoring the polarity the zeolite. 
The separation was controlled by adsorption, and consequently, the separation 
factors were reduced as the temperature increased. ZSM-5 membranes remained 
selective to higher temperatures than the silicalite-1 membranes, probably as a 
result of stronger adsorption of water and alcohol in the former, more polar 
membranes. The membranes also remained selective at higher temperatures with 
feeds containing ethanol, than with methanol containing feeds. 
The methanol and ethanol permeances were about 10·10 7 mol · m 2 · s 1 · Pa 1

independent of feed composition, membrane type or temperature, which is more 
than 5 times higher than previously reported for other zeolite membranes. By 
comparing the relative pressures of methanol in the experiments in the present 
work with those used in industrial production of methanol, the results indicate 
that the membranes should be selective at the conditions used for industrial 
synthesis of methanol (total pressure 50-100 bar, temperature about 250 °C). The 
results show that a polar ZSM-5 membrane would be suitable for selective 
removal of methanol from a methanol synthesis reactor, whereas a less polar 
silicalite-1 membranes would be better suited for removal of ethanol (or higher 
alcohols) from alcohol synthesis to improve the selectivity. 

Table 3: Separation factors at room temperature for feed mixtures containing hydrogen, 
methanol/ethanol, carbon dioxide, water and inert. 

Membrane type  MeOH/H2  EtOH/H2

ZSM-5 32 15 
Silicalite-1 18 46 

3.4.2 Ion exchanged ZSM-5 membranes (Paper IV) 

The separation properties of ion exchanged ZSM-5 membranes in Li+, Na+ and 
Ba2+ form were investigated for two and three component mixtures of CO2,H2

and H2O. CO2 selective membranes are desirable for upgrading of synthesis gas 
produced by gasification of biomass, which is too rich in CO2. The membranes 
were relatively unselective for binary mixtures of carbon dioxide and hydrogen 
(feed A, see Table 4), but when the feed also contained water (feed C), a 
CO2/H2 separation factor of 6.2 was achieved for a BaZSM-5 membrane at 
room temperature. The CO2 permeance for this membrane was as high as 13·10-
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7mol · m-2 · Pa-1 · s-1. For the other membrane types the CO2 permeances were 
14, 17 and 13·10-7mol · m-2 · Pa-1 · s-1,  which is in good agreement with the 
relative permeances observed in single gas permeance measurements. The 
increased separation factor for feeds containing water was explained by adsorption 
of water in zeolite pores, strongly reducing the permeation of hydrogen but only 
slightly reducing the permeance of carbon dioxide. This was likely an effect of 
the high solubility of carbon dioxide in water or the stronger adsorption of 
carbon dioxide in the zeolite, allowing it to diffuse through the zeolite despite 
the presence of water. However, the presence of water in the pores effectively 
reduced the transport of hydrogen. Due to the reduced adsorption of both CO2

and water at higher temperature, the CO2/H2 separation factor was always 
reduced as the temperature was increased.

Table 4: Average separation factors at 22 C for silicalite-1, LiZSM-5, NaZSM-5 and 
BaZSM-5 membranes using feed A, B and C. Two membranes of each type were 
tested and averages are given with 95 % confidence intervals. 

Feed A CO2/H2 H2O/H2

Silicalite-1 0.64 ± 0.01 - 
NaZSM-5 0.78 ± 0.03 - 
LiZSM-5 0.85 ± 0.01 - 
BaZSM-5 1.09 ± 0.02 - 

Feed B   
Silicalite-1 - 4.4 ± 0.08 
NaZSM-5 - 4.8 ± 0.14 
LiZSM-5 - 5.0 ± 0.01 
BaZSM-5 - 5.6 ± 0.17 
Feed C   

Silicalite-1 2.9 ± 0.07 6.2 ± 0.09 
NaZSM-5 4.1 ± 0.14 8.2 ± 0.17 
LiZSM-5 4.9 ± 0.07  8.0 ± 0.07 
BaZSM-5 6.2 ± 0.42 11.7 ± 1.18 

The CO2/H2 separation factor for the different counter ions decreased in the 
order BaZSM-5 > LiZSM-5 > NaZSM-5 > Silicalite-1, which is the same as 
without water (and the same as in single gas measurements), confirming that the 
water generally has an enhancing effect on the separation on CO2 and H2. When 
the temperature was increased (see Figure 24), the amount of adsorbed water 
decreased rapidly and the separation factor decreased. The separation experiments 
clearly show that a BaZSM-5 membrane would be most suitable for removal 
CO2 from synthesis gas.  
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Figure 24: Ternary CO2/H2 permeances for a silicalite-1 membrane (S1) and three 
ZSM-5 membranes with different counter ions (LiZ1, NaZ1 and BaZ1). The feed 
consisted of 49.6 kPa H2, 49.6 kPa CO2 and 2.1 kPa H2O. Sweep gas; He at 1000 
ml/min and atmospheric pressure. 

3.4.3 Impregnated silicalite-1 membranes (Paper III) 

Impregnated silicalite-1 membranes were tested for separation of CO2 and H2.
CO2 selective membranes could be used to upgrade synthesis gas produced by 
gasification of biomass, which is too rich in CO2.  Figure 25a shows how the 
separation factor -CO2/H2 varies with temperature for two impregnated 
silicalite-1 membranes (M2imp and M4imp) and two silicalite-1 membranes 
without impregnation (M5 and M8). The average separation factor for the 
impregnated membranes at 25 °C was 3.7, which is more that five times higher 
than the separation factor for a silicalite-1 membrane without impregnation. For 
the silicalite-1 membranes, -CO2/H2 was 0.7 at 25 °C, meaning that the 
membrane was actually slightly selective towards H2. Probably, the reason why 
the selectivity is higher in the impregnated membranes is that CO2 adsorbs 
stronger in the pores of the impregnated membranes than in silicalite-1 and is 
thus transported more efficiently through the film. This is supported by the 
DRIFT results. The decrease in -CO2/H2 with temperature is probably due to 
the decreased adsorption of CO2 in the zeolite film at higher temperature. Even 
though the CO2 permeance was decreased significantly by the impregnation, it 
was still as high as about 13 · 10-7 mol · m-2 · Pa-1 · s-1.
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Figure 25: Binary CO2/H2 selectivity and permeances for two impregnated silicalite-1 
membranes and two silicalite-1 membrane without impregnation. The feed consisted of 
50kPa CO2 and 50kPa H2 and the pressure was atmospheric on both sides of the 
membrane. 

3.4.4Amine modified silicalite-1 membranes (Paper V) 

Silicalite-1 membranes, before and after modification with methylamine, were 
investigated for separation of mixtures of CO2/H2 and CO2/CH2 with and 
without the presence of water. Membranes which could separate of CO2 from 
H2 may be used for upgrading of synthesis gas produced by gasification of 
biomass, which contains too much CO2. Membranes which can separate CO2

from a mixture of CO2 and CH4 could be applied in natural gas processing, 
biogas purification and enhanced oil recovery. Natural gas is usually saturated 
with water and it is advantageous if the separation process is effective also in the 
presence of water vapour in the gas. 

The amine modification had significant effects on both permeances and 
separation factors and the selectivity towards CO2 was increased considerably for 
all the feed mixtures tested. Separation factors before and after modification for a 
feed containing CO2/H2/H2O and CO2/CH4/H2O are shown in Figure 26 and 
Figure 27, respectively. Before modification, the presence of water in the feed 
increased the CO2/H2 and CO2/CH4 separation factor somewhat, especially at 
the lowest temperature tested, 22 °C. After modification, the effect of water on 
the separation of other components was enhanced considerably and the 
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maximum separation factors were observed in the range 40-60 °C. The highest 
separation factors were observed for ternary mixtures and were 6.5 for CO2/H2

at 60 C (see Figure 26) and 12 for CO2/CH4 at 40 C (see Figure 27), with 
CO2 permeances as high as 11·10 7 mol  m 2  s 1  Pa-1 and 9·10 7 mol  m 2

s 1  Pa-1 for the CO2/H2/H2O and CO2/CH4/H2O mixtures respectively. The 
separation data clearly shows that amine modified silicalite-1 membranes have 
potential to be applied for separation of CO2 from both and H2 (e.g. in synthesis 
gas) and CH4 (e.g. in natural gas) in the prescence of water. 

Figure 26: Separation factor CO2/H2 for one silicalite-1 membrane and three silicalite-
1 membranes modified with methylamine. The feed consists of 49.6 kPa H2, 49.6 kPa 
CO2 and 2.1 kPa H2O. Results for heating and cooling respectively are marked with 
arrows

Figure 27: Separation factor CO2/CH4 for one silicalite-1 membrane and three 
silicalite-1 membranes modified with methylamine. The feed consists of 49.6 kPa CH4,
49.6 kPa CO2 and 2.1 kPa H2O.
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3.4.5Summary of mixture separation experiments 

In this work a number of different applications were of interest and several 
different membrane types were prepared. Below the general conclusions of the 
separation experiments are summarized briefly: 

To separate CO2 from synthesis gas, the most suitable membrane type 
would be a BaZSM-5 membrane or a silicalite-1 membrane modified with 
methylamine, depending on the temperature of the application. The 
BaZSM-5 has a slightly higher permeance, but the maximum separation 
factor is observed at a lower temperature. The presence of water is 
enhances the separation for both membrane types. 

To separate CO2 from natural gas or biogas an amine modified silicalite-1 
membrane would give the best performance. 

To separate H2O from a Fisher-Tropsh mixture the most suitable 
membrane type would be a polar membrane, such as a NaZSM-5. The 
presence of hydrocarbons such as n-hexane reduces the permeance but 
increases the selectivity. 

To separate methanol from alcohol synthesis mixtures the most suitable 
membrane would be a NaZSM-5 membrane, but if the aim was to 
remove ethanol or higher alcohols a less polar silicalite-1 membrane would 
be more suitable.
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4 Conclusions

Six types of MFI films of high and similar quality with a thickness of 
approximately 550 nm were prepared on -alumina substrates. 

It was shown that the CO2/H2 single gas permeance ratio was larger for ZSM-5 
than silicalite-1, and the ratio in ZSM-5 was related to the counter ion. This was 
explained by a combination of two effects: reduced H2 permeance due to the 
counter ions present in the pores, and maintained CO2 permeance despite 
narrower pores due to increased adsorption and thus increased transport of CO2.
The impregnated silicalite-1 membranes had much lower permeances than the 
other membranes types. However, the permeance of CO2 decreased much less 
than the H2 permeance, leading a higher CO2/H2 permeance ratio than the other 
membrane types. The increased CO2/H2 permeance ratios were both an effect of 
reduced pressure drop in the support and an increased CO2 selectivity of the film. 
The increased CO2 selectivity was also observed in mixture separation 
experiments where the separation factor -CO2/H2 at 25 °C was increased from 
0.7 to 3.7. It is likely that the calcium compounds present in the pores of the 
impregnated silicalite-1 enhanced the adsorption and thereby the transport of 
CO2, which may be related to the formation of calcium carbonate species. This 
could explain both the increased single gas ratio and increased mixture separation 
factor. Despite the enhanced adsorption, the CO2 permeance in the separation 
experiments was decreased about 30 % by the impregnation, which is not 
beneficial for the application.

Modification with methylamine had dramatic effects on both permeances and 
separation factors for mixtures containing CO2, H2O and H2 (or CH4). The 
maximum separation factors CO2/H2 and CO2/CH4 in the presence of water 
were increased from 3 to 6.5 and from 4.5 to 12, respectively. While the 
separation factors increased by a factor 2-3 the CO2 permeance was only 
decreased by around 40 %.  The maximum separation factor was also shifted to 
higher temperature.   

It was also shown that polarity of a zeolite could be tailored by changing the 
Si/Al ratio. Separation of mixtures of H2O, H2 and n-hexane was performed in 
the temperature range 25 to 350 °C. The highest separation factors -H2O/H2

were observed at 25 °C and were 14.3 and 19.7 for silicalite-1 and ZSM-5, 
respectively. The highest selectivity towards water, which is polar, was thus 
observed in the more polar zeolite, ZSM-5.
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It was demonstrated that MFI membranes could be used to separate ethanol or 
methanol from mixtures with carbon dioxide, hydrogen and water. The highest 
separation factors were 32 and 46 for MeOH/H2 and EtOH/H2, respectively. 
The more polar ZSM-5 was more selective for the more polar alcohol, MeOH, 
whereas the less polar silicalite-1 was more selective for EtOH, which is less 
polar.

The main conclusion of this work was that it was possible to enhance the 
separation properties of the MFI membranes by modification, using both the 
traditional methods and the newly developed methods. Significant understanding 
was gained about multi component separation of synthesis gas type mixtures and 
the effect of condensable components such as water or alcohols in the zeolite 
pores on the separation of other components.  
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5 Future work 

This work has increased the understanding of what effects the modification 
procedures have on the properties of MFI membranes. However, there are still 
many challenges left. 

Prepare membranes which are selective at higher temperatures than the 
membranes prepared so far. This could perhaps be achieved by testing 
other strategies to enhance the CO2 selectivity of the membranes, such as 
modification with other amines than methylamine. Also, the separation 
properties of methylamine modified membranes have not yet been studied 
at temperatures higher than 100 C.

Preparation of membranes with improved selectivity by optimizing the 
modification procedures. 

Explore the obvious combination of methylamine modified ZSM-5 
membranes for further improved CO2 selectivity. 

Test membranes at higher pressure to minimize the influence of the 
support.

Perform separation experiments with mixtures even more similar to the 
reaction mixtures in Water Gas Shift, Fisher-Tropsch synthesis and 
methanol synthesis, at realistic temperatures and pressures. Equipment for 
this type of experiments is currently under construction. 

Prepare membranes of other structure types with smaller pores, for 
instance DDR membranes.
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Abstract

MFI films with a thickness of about 550 nm were prepared on a-alumina substrates. The surface Si/Al ratios (XPS) were 157 and 62
for silicalite-1 and ZSM-5 films, respectively, and in accordance, XRD data indicated lower ratios for ZSM-5 films. Higher ratios were
observed by ICP-AES for crystals grown in the bulk of the synthesis mixtures. Six membranes of each type were prepared. Porosimetry
measurements showed that all membranes were of high and similar quality. Single gas permeances for H2, N2, He, CO2 and SF6 at 25 �C
were very similar within each type of membranes. However, the average hydrogen permeance was 27% lower and the average H2/SF6

single gas permeance ratio was 67% higher for ZSM-5 membranes. These differences are attributed to a narrower effective pore diameter
for the ZSM-5 membranes due to the sodium counter ions. Separation of mixtures of H2O, H2 and n-hexane (helium balance) was inves-
tigated in the temperature range 25–350 �C. The highest separation factors a-H2O/H2 were observed at 25 �C and were 14.3 and 19.7 for
silicalite-1 and ZSM-5, respectively. The membranes were selective also at 100 �C and the separation factors were about 3.2 and 6 for
silicalite-1 and ZSM-5, respectively. However, the selectivity decreased at elevated temperatures and the separation factor approached
1 at temperatures above 180 �C for both membrane types. The observed water selectivity was attributed to weak adsorption of water
on polar sites. A low (1.5–3) a-H2O/n-C6 separation factor was observed for both membrane types for the entire investigated temperature
range.
� 2007 Elsevier Inc. All rights reserved.

Keywords: MFI zeolite membranes; Water; Hydrogen; Selectivity; Multicomponent permeance

1. Introduction

Molecular sieve films with well-defined pores may be
used for a variety of purposes such as for membrane appli-
cations [1,2], optical sensors [3–5] and electronic functions
[6]. Zeolite membranes are particularly interesting for sep-
aration as they can withstand the harsh thermal and chem-
ical conditions of many industrial processes [7] where other
(organic) membranes are often found shortcoming due to

their limited temperature stability. The microstructure of
zeolites allows for separation of mixtures with small and
similar molecular diameters. Synthesis, characterization
and separation performance of various zeolite membranes
have been studied including silicalite-1 [8–11], ZSM-5
[12–15], zeolite A [16] and zeolite Y [17,18]. MFI type
membranes have gained particular interest in separation
due to similar pore diameter of these zeolites to the critical
diameter of many industrially important molecules.

Separation by zeolite membranes is due to molecular
sieving and/or preferential adsorption and/or diffusion
effects [19]. The transport in the membranes may be
governed by the dominance of either of the mechanisms
or a combination. The separation selectivity in zeolite
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membranes varies significantly with the structure, crystal
orientation, film thickness, Si/Al ratio, adsorption effects,
composition and kinetic diameter of the permeating species
[19]. By changing the Si/Al ratio in the zeolite the polarity
of a membrane can be adjusted. A more hydrophilic mem-
brane would adsorb polar molecules more strongly and
block the pores for transport of other species as a result
of the stronger adsorption.

Zeolite A membranes have been applied in large-scale
pervaporation plants for solvent dehydration [2]. However,
these zeolite films are often as thick as 30 lm hence show a
high mass transfer resistance. Besides dehydration pro-
cesses, many currently relevant reactions take place in the
presence of water, e.g. the Fischer–Tropsch (FT) synthesis:
yielding hydrocarbons and water from H2 and CO, or
steam reforming of hydrocarbons for H2 production. It
has been reported that water may deactivate the FT
catalyst [20,21], hence selective removal of water may ben-
efit the FT synthesis, whereas selective removal of H2

would improve equilibrium for steam reforming. Although
water vapor may be present in small amounts in many
potential streams for membrane applications, its effect on
the separation efficiency has gained little attention [15,22].
Furthermore, if a thin zeolite membrane is prepared, the
permeance of gases through the membrane will be high
[23] reducing the required membrane area to process a cer-
tain stream.

In the present work, 550 nm MFI membranes with dif-
ferent Si/Al ratios were explored for separation of water/
hydrogen mixtures in the presence of hydrocarbons. All
parameters such as film thickness, preferred orientation
and conditions during testing were kept constant in order
to evaluate the effect of the Si/Al ratio in the film on the
separation.

2. Experimental

2.1. Membrane fabrication

Commercial asymmetric a-alumina microfiltration fil-
ters (Inocermic GmbH) with a disk diameter of 25 mm
were used as supports. The average pore size was 100 nm
in the 30 lm thick top-layer and 3 lm in the 3 mm thick
bottom layer. The supports were masked and seeded as
described previously [23]. TPA-silicalite-1 seeds with an
average crystal size of 60 nm were used for seeding of the
masked supports. The seeds were prepared from a synthesis
solution with the molar composition 9 TPAOH:25
SiO2:360 H2O:100 EtOH. Seeding of the supports was per-
formed in a glass beaker. Each support was placed horizon-
tally with the top surface upwards on the bottom of the
beaker. The level of the seed suspension was approximately
1 mm over the support surface and the ratio between mem-
brane area and volume of seeding solution was approxi-
mately 150 m�1. After seeding, the supports were
immediately immersed in a synthesis solution with a molar
composition of 3 TPAOH:25 SiO2:1450 H2O:100 EtOH for

silicalite-1 films and 3 TPAOH:0.25 Al2O3:Na2O:25
SiO2:1600 H2O:100 EtOH for ZSM-5 films. Hence the Si/
Al ratios for silicalite-1 and ZSM-5 synthesis solutions
were infinite and 50, respectively. The Na/Al ratio is 4 in
the ZSM-5 synthesis mixture. Film synthesis was carried
out in a polyethylene tube under reflux. The tube was
heated by an oil bath kept at 100 �C and the surface of each
support was directed almost vertically but slightly tilted
downwards to avoid any sedimentation or attachment of
gas bubbles from the boiling synthesis solution on the sur-
face of the film. The ratio between membrane area and vol-
ume of synthesis solution was approximately 15 m�1.
However, the seeding and synthesis geometries have been
varied during the years within a range and no effect on film
quality has been observed. For the sake of simplicity, films
grown in a silicalite-1 synthesis mixture were denoted ‘‘sil-
icalite-1’’ and films grown in a ZSM-5 synthesis solution
were denoted ‘‘ZSM-5’’. The silicalite-1 membranes were
grown by hydrothermal treatment for 36 h and the ZSM-
5 membranes for 27 h in order to obtain similar film thick-
nesses. Six replicates of each membrane type were fabri-
cated and labelled Sx or Zx, where S and Z denote
silicalite-1 and ZSM-5, respectively. The letter ‘‘x’’ in the
label is the sample number from 1 to 6. After hydrothermal
treatment the membranes were cooled in the synthesis solu-
tion and rinsed with a 0.1 M NH3 solution for 24 h. Since
each support was masked [23], the interior of each support
was completely filled with polyethylene wax and the top
surface was accessible for seeding. Therefore, no zeolite will
grow inside and only a small amount of zeolite may grow
on the back and lateral sides, while a dense zeolite film
may for on top of each support. After film growth, the
membranes were calcined at 500 �C for 6 h with a heating
rate of 0.2 �C/min and a cooling rate of 0.3 �C/min, in
order to remove template molecules, cationic polymer mol-
ecules used for seeding and hydrocarbon wax used for
masking.

2.2. Physical characterisation

A Philips XL30 scanning electron microscope equipped
with a LaB6 emission source running at 30 kV was used to
study film thickness and morphology of the membranes.
The samples were coated with a thin gold film by sputtering
prior to investigation. X-ray diffraction (XRD) data were
recorded using a Siemens D5000 diffractometer. Samples
were investigated in the two-theta range 5–50� in Bragg–
Brentano geometry. Two-theta scans in the range 44.6–
46.1� were also performed with grazing incidence angle
(1.0�) and thin film accessories, i.e. a long Soller slit and
a LiF monochromator was used in this case. The latter
data was used to determine the positions of the two MFI
peaks at approximately 45.0 and 45.5, 2h in an attempt
to estimate the Si/Al ratio of the MFI film as described
by Bibby et al. [24] for MFI powder. Elemental analysis
of the film surface was carried out by X-ray photoelectron
spectroscopy (XPS) using a KRATOS Axis Ultra electron
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spectrometer. ICP-AES measurements of the elemental
composition of the zeolite crystals that formed in the bulk
of the synthesis mixture during film growth were
performed.

2.3. Permeation measurements

n-Hexane (n-C6) porosimetry was used to estimate the
quality of the prepared membranes. The porosimetry
experiment is described in detail elsewhere [23,25]. It has
been shown that porosimetry can be used to estimate the
amount and size distribution of defects in zeolite mem-
branes and that this method is more informative than sin-
gle gas permeation measurements [26–28]. Single gas
permeation measurements of H2, N2, He, SF6 and CO2

were carried out directly after the calcination procedure.
The membranes were mounted in a stainless steel cell. Rub-
ber gaskets were used for measurements at room tempera-
ture and graphite gaskets were used above room
temperature. An absolute pressure difference of 1 bar was
applied, and the flow through the membrane was measured
using a flowmeter (ADM 1000, J&W Scientific). No sweep
gas was used during single gas measurements.

Separation experiments were performed using a Wicke-
Kallenbach apparatus. The membranes were mounted in a
stainless steel cell and sealed with graphite gaskets. Hydro-
gen and helium were fed by three mass flow controllers to
saturators kept at 20 �C by a thermostat bath. 500 ml/min
of helium were fed to a water saturator, 50 ml/min of
helium were fed to a n-C6 saturator and 400 ml/min of
hydrogen were fed to a water saturator. The feed composi-
tion for the separation measurements was thus 42 kPa
hydrogen, 2.1 kPa water, 0.71 kPa n-C6 and helium balance

to a total of 101.3 kPa at a flowrate of 977 ml/min (STP).
Helium at 200 ml/min (STP) was used as sweep gas with
a pressure of 101.3 kPa. This feed composition was selected
to approach a Fischer–Tropsch reaction mixture, while
keeping the system as simple as possible. A thermocouple
(type K) was connected to the membrane cell in order to
record the temperature at the membrane. A Varian 3800
GC equipped with a capillary column and two packed col-
umns (molecular sieve and chromosorb) was connected
online. Thermal conductivity and flame ionisation detec-
tors connected in series were used for quantitative analysis
of the gas compositions. Helium was used as the carrier
gas. Membranes were reactivated in situ at 400 �C in flow-
ing helium for 8 h at the end of each permeation measure-
ment. The separation factor was calculated as follows:

ai;j ¼
xi=xj
� �

permeate

xi=xj
� �

feed

ð1Þ

with xi = mole fraction of species i.
It should be noted that the fraction of any component in

the feed crossing the membrane remained below 11% even
at the highest temperatures in this work. This is important,
since the composition on the feed side of the membrane
then can be approximated with the feed composition when
calculating the permeance and separation factors (Eq. (1)).

3. Results and discussion

3.1. Physical characterization

Fig. 1a and b show side view images and Fig. 1c and d
show surface images of silicalite-1 and ZSM-5 films, respec-

Fig. 1. Side view images, (a) and (b), and surface images, (c) and (d), of silicalite-1 and ZSM-5 films, respectively.
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tively. The film thickness was about 550 nm for both the
silicalite-1 and ZSM-5 films. Both films appeared dense.

Fig. 2 shows XRD diffractograms of a silicalite-1 and a
ZSM-5 membrane in the two-theta interval 5–50�. The very
strong peaks at about 25.6�, 35.1�, 37.8� and 43.4�, 2h ema-
nate from the alumina support. The remaining peaks are
typical for weakly a-oriented MFI films grown by this pro-
cedure and similar results have been reported before [23].
Table 1 shows the integrated intensity of the MFI peak
at 22.9�2h. The intensity has been normalized using the
very strong alumina peak at 25.6�, 2h as internal standard.
The integrated intensity of this MFI peak is 7.6 ± 0.2 for
silicalite-1 and 7.5 ± 0.3 for ZSM-5, indicating an almost
constant zeolite amount for all samples in accordance with
SEM observations.

The exact position of the two MFI peaks at approxi-
mately 45.0� and 45.5�, 2h were determined in an attempt
to estimate the Si/Al ratio of the MFI film as described
by Bibby et al. [24] for MFI powder. They showed that
the difference in angle, D(�2h), between the two peaks is
inversely proportional to the aluminum content in MFI
powder. For the MFI films prepared in the present work,
D(2h) was 0.446 ± 0.01� (average and 95% confidence inter-
val for four samples) and 0.344 ± 0.01� for silicalite-1 and
ZSM-5, respectively. It is possible that a calibration curve
for zeolite powder is not applicable for determination of
the aluminum content in zeolite films, due to strain in films
amongst other factors. However, since a larger D(2h) was

observed for silicalite-1, this indicates a higher Si/Al ratio
for this sample.

In order to appreciate the composition of the zeolite bet-
ter, in particular the Si/Al ratio, additional characteriza-
tion of the membrane surface with XPS and of the
crystals formed in the bulk of the synthesis mixture with
ICP-AES was carried out. In accordance with the XRD
observations, XPS showed that the Si/Al ratio on the mem-
brane surface was 157 for silicalite-1 and 62.4 for ZSM-5.
These ratios should be compared with the ratios in the syn-
thesis mixtures, which were infinite and 50, for silicalite-1
and ZSM-5, respectively. It is likely that some aluminum
leached from the support and was incorporated in the zeo-
lite during film growth, which may explain the low Si/Al
ratio observed by XPS for the silicalite-1 membrane sur-
face. Furthermore, some of the aluminum detected on the
surface by XPS may be non-framework aluminum, not
affecting the crystal structure for silicalite-1 and ZSM-5.
A higher aluminum concentration in the ZSM-5 system
was also supported by the ICP-AES results for the zeolite
crystals that formed in the bulk of the synthesis mixture
during growth of the zeolite membranes. The observed
Si/Al ratios were >1441 (Al below the detection limit) for
silicalite-1 bulk crystals and 383 for ZSM-5 bulk crystals.
The Si/Na ratios in these crystals were >625 (Na below
the detection limit) and 59 for silicalite-1 and ZSM-5,
respectively. The ZSM-5 crystals were thus in the sodium
form (NaZSM-5), as expected from a synthesis mixture
with a Na/Al ratio of 4. It should be noted that the bulk
composition of the zeolite crystals that formed in the bulk
of the synthesis mixture may differ significantly from the
bulk composition of the film in the zeolite membrane due
to at least two reasons: As stated above, aluminum may
be incorporated in the growing zeolite film due to leaching
of the support and the film is grown from seeds, while the
crystals that form in the bulk of the synthesis solution grow
from nuclei. However, all analyses of the elemental compo-
sition of the samples show more aluminum in the ZSM-5
system.

3.2. Permeation measurements

All membranes were first evaluated by single gas exper-
iments (cf. Table 2). It should be noted that single gas per-
meance ratios are a function of membrane quality, film
thickness, morphology, test conditions [27] and chemical
composition, i.e. Si/Al ratio. However, in the present work,
membrane quality, film thickness, morphology and test
conditions were kept constant. Almost constant perme-
ances were obtained within each group of membranes,
which indicate that the quality of these membranes is
similar.

The silicalite-1 membranes show on average 43% higher
He permeance and 37% higher H2 permeance, which may
be attributed to steric constraints of the counter ions and
hence reduced effective pore diameter in ZSM-5. Since
the permeance of these molecules appear to be influenced

Fig. 2. XRD diffractograms of a silicalite-1 and a ZSM-5 membrane in the
2h range 5–50�.

Table 1
Integrated intensities of the MFI peak at 22.9 �, 2h for three silicalite-1 and
three ZSM-5 membranes

Membrane Integrated intensity (countsÆ�)

S4 7.5
S5 7.8
S6 7.4

Average silicalite-1 7.6 ± 0.2
Z3 7.6
Z4 7.1
Z6 7.7
Average ZSM-5 7.5 ± 0.3

The intensity of the MFI peak has been normalized using the alumina
peak at 25.6 �, 2h as internal standard.
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by pore size and the observed average H2/He permeance
ratio is 2.6–2.7 for both membrane types, which is signifi-
cantly above the Knudsen ratio of 1.4, these results indicate
that the transport of these molecules may involve both
Knudsen like diffusion and surface (configurational) diffu-
sion. This hypothesis is supported by work reported by
Xiao and Wei [27]. In their hypothesis, H2 and He are
probably transported by Knudsen diffusion in ZSM-5,
but the system is a borderline case to configurational
diffusion.

The average permeance ratio of H2/He for the two mem-
brane types differ by as little as about 3%, indicating that
these molecules are not influenced by polarisation and/or
adsorption effects due to different chemical composition
of the membrane types. In contrast, the average H2/N2

and H2/CO2 permeance ratios differ more for the two mem-
brane types and are 15–30% lower for the ZSM-5 mem-
branes. The lower H2/N2 and H2/CO2 permeance ratios
observed for ZSM-5 is caused by enhanced transport of
N2 and CO2 due to their larger quadrupolar moment,
probably by enhanced surface diffusion in addition to
Knudsen like diffusion.

The average H2/SF6 permeance ratio is 67% higher for
the ZSM-5 membranes, as a result of a much larger reduc-
tion of SF6 permeance compared to H2 for ZSM-5. The
size of the SF6 molecule is closer to the critical diameter
of the NaZSM-5 pores compared to the H2 molecule,
which maybe explains why the SF6 permeance is reduced
more than the H2 permeance in NaZSM-5.

Fig. 3 illustrates n-C6 porosimetry data for three silicalite-
1 (a) and three ZSM-5 (b) membranes. As was also indicated
by single gas data, all thesemembranes have high and similar
quality since the He permeance drops about 99% when the
relative partial pressure of n-C6 is increased from 0 to
�0.01. A relative pressure of�0.01 of n-C6 blocks the zeolite
pores and the remaining flow permeates via pores (defects)
larger than the zeolite pores [23,25,26]. In accordance with
the single gas experiments, a difference in helium permeance

at relative pressure of 0 is observed for the two membrane
types. The helium permeance for silicalite-1 is 67.7 ·
10�7 ± 9.1 · 10�7 mol�1 m2 Pa�1, whereas the permeance
for ZSM-5 is 51.9 · 10�7 ± 6.3 · 10�7 mol�1 m2 Pa�1 (aver-
age and standard deviation for three samples). These helium
permeances are slightly smaller than what was observed in
the single gas experiments, which may be caused by some
coke deposition during the separation measurements. The
porosimetrymeasurements were carried out after separation
measurements.

Table 2
Hydrogen permeance/(1 · 10�7 mol/m2 s Pa) and single gas perm-selectivity experiments at room temperature (25 ± 2�C) for 6 silicalite-1 (S1–S6) and 6
ZSM-5 membranes (Z1–Z6), with a DP of 1 bar

Membrane H2 He H2/N2 H2/He H2/SF6 H2/CO2

S1 210 81 1.70 2.59 12.6 1.77
S2 212 77 1.70 2.75 12.9 1.71
S3 202 74 1.67 2.74 11.1 1.35
S4 216 86 1.66 2.51 11.0 –
S5 226 90 1.72 2.50 11.9 –
S6 227 91 1.68 2.5 12.3 –
Average 215.5 ± 8.8 83.2 ± 6.4 1.69 ± 0.02 2.60 ± 0.11 12.0 ± 0.72 1.61 ± 0.19

Z1 161 56 1.53 2.85 20.6 1.28
Z2 158 58 1.46 2.73 20.9 1.22
Z3 126 51 1.53 2.49 16.7 –
Z4 167 61 1.46 2.76 18.7 –
Z5 157 60 1.41 2.61 21.8 –
Z6 172 63 1.46 2.71 21.1 –
Average 156.8 ± 14.7 58.2 ± 3.8 1.48 ± 0.04 2.69 ± 0.11 20.0 ± 1.74 1.25 ± 0.03

Averages are given with standard deviations. CO2 permeance was not measured on all membranes.

Fig. 3. Helium permeance as a function of partial pressure of n-hexane
measured at 25 �C for silicalite-1 (a) and ZSM-5 membranes (b).
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3.3. Separation experiments

Fig. 4 shows separation factors and permeances for two
membranes of each type. The data are similar for each
membrane type, indicating excellent reproducibility in
membrane preparation and testing. Fig. 4a shows the
H2O/H2 and H2O/n-C6 separation factors for membranes
S5 and S6 as a function of temperature. At 25 �C, the aver-
age separation factor a-H2O/H2 was 14.3. The membranes
were selective also at 100 �C and the average separation
factor was 3.2. This high separation factor is attributed
to adsorption of water on polar sites, especially at low tem-
perature. The separation factor approach 0.75 at tempera-
tures above 150 �C. The separation factor a-H2O/n-C6

increases from 1.5 to 3 within the investigated temperature
range.

Fig. 4b shows the H2O/H2 and H2O/n-C6 separation
factors for membranes Z4 and Z5 as a function of temper-
ature. A similar trend for the H2O/H2 separation factor is
observed for these membranes, but the separation factors
are higher (2 times at 100 �C) at temperatures below
180 �C, which is attributed to stronger polarity in ZSM-5.
Similarly, the a-H2O/n-C6 separation factor is increasing
with temperature from 1.5 to 2.2 between 25 � and 400 �C.

Fig. 4c and d shows the permeances as a function of
temperature. The hydrogen permeance increases two
orders of magnitude with increasing temperature. At low
temperatures, the pores are probably blocked by water
and/or n-C6 as in the porosimetry experiment. Silicalite-1

and ZSM-5 with high Si/Al should adsorb hydrocarbons
in favor of water and it is thus likely that n-C6 is responsi-
ble for more pore blocking than water although the con-
centration was three times lower. These molecules are
desorbed at least partially at higher temperatures, allowing
hydrogen to permeate. The hydrogen permeance at 350 �C
is approximately 60 · 10�7 mol�1 m�2 Pa�1 for silicalite-1
and 50 · 10�7 mol�1 m2 Pa�1 for ZSM-5. This is about a
factor 3.4 times lower than observed in the single gas mea-
surements at 25 �C, which may be caused by reduced
adsorption (and surface diffusion) due to higher tempera-
ture, competitive adsorption (of water, helium or n-C6) or
back diffusion of helium from sweep to feed side. The per-
meances of water and n-C6 are less dependent on tempera-
ture, the permeance of water increased by less than a factor
of 3, while that of n-C6 increased by less than 50% over the
same temperature range, possibly due to counteracting
adsorption and diffusion effects.

The rapid decrease for the a-H2O/H2 separation factor
for both membrane types is a result of rapid increase of
H2 permeance with increasing temperature. Also the higher
a-H2O/H2 separation factor in ZSM-5 is due to the lower
H2 permeance in the ZSM-5 membranes (pores more
blocked by water) compared to that for the silicalite-1
membranes. The variation of the water and n-C6 perme-
ance with membrane type has a minor impact on the a-
H2O/H2 separation factor.

The presence of cations in ZSM-5 is expected to favor
the adsorption and permeance of water [29]. However,

Fig. 4. Ternary H2O/H2/n-C6 permeance (a), (b) and selectivity (c) and (d) for silicalite-1 and ZSM-5 membrane. Feed water vapor partial pressure is
2.1 kPa, n-hexane vapor partial pressure 0.71 kPa, and H2 partial pressure is 42 kPa, with He balance to a total of 101.3 kPa. Sweep gas; He at 200 ml/min
and 101.3 kPa.
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the results show that the water permeance and the H2O/n-
C6 separation factor are lower in ZSM-5 at high tempera-
tures while at low temperatures no difference is observed
between the two membrane types. This illustrates the com-
plexity of the interactions during multicomponent separa-
tions and without knowledge of multicomponent
adsorption isotherms it is difficult to explain this behavior.

In the absence of n-C6, the permeances at 25 �C were
about 5 and 6 times higher for H2O and H2, respectively,
than in the presence of n-C6. The a-H2O/H2 separation fac-
tor was about 40% and 55% lower for silicalite-1 and ZSM-
5 membranes, respectively. The a-H2O/H2 separation fac-
tor decreased and the permeances increased with increasing
temperature similarly to the measurements with n-C6 in the
feed. In agreement with the previous discussion n-C6

appears to have a strong pore blocking effect, reducing
the permeances of both H2O and H2 but the permeance
of H2 is reduced more, resulting in a higher a-H2O/H2 sep-
aration factor in the presence of n-C6.

4. Conclusions

Twelve MFI membranes with different Si/Al ratios were
successfully grown on asymmetric a-alumina micro-filtra-
tion filters. The film thickness was about 550 nm for all
membranes according to SEM and XRD data indicated a
constant zeolite amount on all membranes. Porosimetry
results showed that the quality of all membranes was high.
The single gas permeance data was consistent with the
porosimetry data. The chemical composition of the mem-
branes has a significant effect on single gas permeances
and permeance ratios as well as separation factors and per-
meances in multi component separation experiments for
the water/hydrogen/n-hexane system. The addition of alu-
minum results in increased selectivity at low temperatures,
however, above 180 �C this effect is no longer observed.
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ABSTRACT

MFI membranes with equal film thickness were grown on graded alumina supports and 
modified by ion exchange or impregnation. Single gas permeances of CO2 and H2 were 
measured for all membranes. Both impregnation and ion exchange had a significant effect on 
the permeation properties of the membranes. The single gas CO2/H2 permeance ratios were 
0.57, 0.82, 1.7 and 2.2 for silicalite-1, NaZSM-5, BaZSM-5 and silicalite-1 impregnated with 
Ca(NO3)2 , respectively. Selected membranes were tested for separation of a mixture of 90 kPa 
CO2 and 90 kPa H2 in the temperature range 25-400 °C. The separation factors at 25 °C were 
0.7, 2.0 and 4.1 for silicalite-1, BaZSM-5 and impregnated silicalite-1, respectively and 
decreased with increasing temperature. The results show that the separation factor can be 
enhanced significantly by impregnation, lowering of the Si/Al ratio or ion exchange.  
 

1. INTRODUCTION 

Zeolite membranes are of great interest in a large number of applications due to their uniform 
pore size, stability at high temperatures and in harsh environments and potential to separate 
molecules very efficiently. Several parameters have been varied to control the separation 
properties of zeolite membranes, i.e. variation of zeolite structure and corresponding pore size, 
variation of Si/Al-ratio and counterions [1, 2]. Additional modification routes, such as 
impregnation procedures [3] have been developed for zeolite catalysts by researchers in the 
catalysis field. However, to the best of our knowledge, no report of the application of 
impregnation procedures to enhance the separation properties of zeolite membranes has been 
published in the scientific literature. The separation of CO2 and H2 with zeolite membranes is 
an interesting application due to its significance for a large number of applications e.g steam 
reforming. The separation of CO2 and H2 with silicalite-1 membranes has been studied 
previously by e.g. Bakker et al [4] but the membranes in that study were very thick and thus 
had very low permeances. The permeation of gases through zeolite membranes is generally 
described as a combination of adsorption and diffusion [5-7]. Enhanced adsorption OR 
diffusion may thus increase permeance or vice versa. To understand what effect a 
modification will have on the permeation properties, both the effect on adsorption and 
diffusion must be taken into account. CO2 can also be separated from other gases by means of 
selective adsorption e.g. in pressure swing adsorption and similar processes [8, 9]. A clear 
advantage of membrane separation compared to pressure swing adsorption is that membrane 
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separation can be integrated in another unit process, for example in a membrane reactor. The 
goal of this work is to study the effect of Si/Al-ratio, counter ions and, for the first time, 
impregnation procedures on the single and dual component permeation of CO2 and H2 in MFI 
membranes.     

2. EXPERIMENTAL 
 

2.1. Membrane preparation 
Zeolite membranes with an approximately 500 nm thick film were prepared on graded -

alumina supports as described earlier [10]. The supports were masked and seeded with 
colloidal silicalite-1 crystals and a film was grown by hydrothermal synthesis. The 
composition of the synthesis solution was 3 TPAOH: 25 SiO2: 1450 H2O: 100 EtOH for 
silicalite-1 films and 3 TPAOH: 0.25 Al2O3:  Na2O: 25 SiO2: 1600 H2O: 100 EtOH for ZSM-
5 films. The synthesis was followed by rinsing in 0.1 M NH3 and calcination at 500 °C. Four 
types of membranes were prepared: Silicalite-1 membranes, silicalite-1 membranes 
impregnated with Ca(NO3)2 · 4H2O, NaZSM-5 membranes and BaZSM-5 membranes.  

Impregnated silicalite-1 membranes were prepared by applying a thin layer of a 
impregnation solution (5 wt% Ca(NO3)2 · 4H2O in methanol) to the membrane surface. The 
excess of impregnation solution was removed by spinning at 1200 rpm for 30 s (a L.O.T-Oriel 
KL-SCI-50 spin coater was used). The membrane was heated to 600 °C after the 
impregnation procedure in order to thermally decompose the Ca(NO3)2 to CaO. The ZSM-5 
membranes were in the sodium form after synthesis and in order to exchange the counterions 
from Na+ to Ba2+, the membranes were placed in a Ba(NO3)2 solution at 100 °C for 1 hour 
and then rinsed in distilled water for 6 hours at room temperature. 
 

2.2. Permeation measurements 
The permeation measurements were carried out in a stainless steel cell. The membranes 

were dried at 300 °C before testing. In the single gas permeation experiments, the pressure at 
the feed side was 1.9 bar and the permeate was kept at atmospheric pressure. 

Three of the membrane types; silicalite-1, BaZSM-5 and impregnated silicalite-1 
membranes, were also tested for separation of CO2 and H2 mixtures. In these experiments, a 
mixture of 90 kPa CO2 and 90 kPa H2 was fed to the cell at a total flow rate of 800 ml/min. 
The permeate was kept at atmospheric pressure ( p=0.8 bar) and both the retentate and 
permeate was analyzed using a Varian 3800 Gas Chromatograph connected online. All 
flowrates in the permeation experiments were measured with an electronic flow meter (ADM 
1000, J & W Scientific).  

3. RESULTS AND DISCUSSION 
 

Figure 1 shows SEM images of the cross-section, a) and the surface, b) of a NaZSM-5 
membrane. The film thickness is approximately 500 nm and the surface appears relatively 
smooth. The BaZSM-5 and silicalite-1 membranes in the present study have similar 
appearance as the NaZSM-5 membranes. The impregnated silicalite-1 membranes appear 
somewhat different; it seems a very thin layer (presumably calcium compounds) is deposited 
on the entire film, and the silicalite-1 crystals are visible through this layer. In addition, very 
few crystals of calcium carbonates (identified by XRD) are present on the silicalite-1 surface. 
SEM images confirmed that all membranes had equal zeolite film thickness. 
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Fig.  1. SEM images of a) the side view and b) the surface morphology of a NaZSM-5 membrane. 

3.1. Single gas permeances 
Table 1 shows H2 and CO2 single gas permeances for all membrane types (average of 

two membranes for each type). For silicalite-1 the H2 and CO2 permeances are 210×10-7 and 
120×10-7 molm-2s-1Pa-1, respectively. The data is in good agreement with previous 
measurements on high quality silicalite-1 membrane of this type [10].     

Both types of ZSM-5 membranes show a significantly lower H2 permeance than the 
silicalite-1 membranes, which may be explained by narrower effective pores in the ZSM-5 
membranes, which should result in reduced diffusivity. The BaZSM-5 shows even lower H2 
permeance than the NaZSM-5 membrane. It is well known that counter ions affect the 
effective pore radius in zeolites [2, 11]. The larger Ba2+ ion (1.4 Å effective ionic radius, [12]) 
results in narrower pores than the smaller Na+ ion (1.2 Å effective ionic radius, [12]) and thus 
a lower H2 permeance is expected as observed in the present work. Since the maximum 
amount of divalent Ba2+ ions that can be incorporated in the zeolite is half of the monovalent 
Na+ ions, these observations are even more striking. H2 is not very polarizable and is probably 
not adsorbed more strongly in ZSM-5 compared to silicalite-1.  

Similar CO2 permances were observed for Silicalite-1, NaZSM-5 and BaZSM-5 
membranes. Similar CO2 permeance in NaZSM-5 and BaZSM-5 membranes compared to 
silicalite-1 despite the narrower pores is probably caused by enhanced adsorption of the 
polarizable molecule CO2 in the more polar ZSM-5. Again, it is striking that in the case of 
CO2 the increased adsorption due to Ba2+ ions is sufficient to compensate for the reduction in 
effective pore size. Figure 2 shows the CO2 adsorption isotherms measured by Wirawan et al 
for silicalite-1 and BaZSM-5 powder at 50 °C (reproduced from [13]). The adsorption 
isotherms show that BaZSM-5 adsorbs significantly more CO2 than silicalite-1 in the tested 
pressure range. Furthermore, it is also shown that BaZSM-5 adsorbs more CO2 than NaZSM-
5 [13], and this may explain why the CO2 permeance was not smaller in BaZSM-5 
membranes than in NaZSM-5 membranes despite the smaller effective pore size.  
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Table 1 

Permeances and permeance ratios at 25 °C for the four membrane types. The permeances 

were measured with a P of 0.9 bar. Averages of two membranes and standard deviations are 

given. 

 
 

 
Permeances /[10-7 molm-2s-1Pa-1] 

Permeance 
ratios 

 CO2 H2 CO2/H2 
Silicalite-1 120 ± 2.7 210 ± 4.0 0.57 ± 0.02 
NaZSM-5 130 ± 2.8 158 ± 3.1 0.82 ± 0.01 
BaZSM-5 132 ± 3.0 77 ± 5.5 1.72 ± 0.05 
Silicalite-1 impregnated with Ca(NO3)2 33 ± 2.5 15 ± 3.0 2.2 ± 0.28 

The transport of small molecules like CO2 and H2 may involve contributions of various 
transport modes such as Knudsen like diffusion and surface diffusion (configurational 
diffusion) [14, 15].  If the effective pore size of the membrane approaches the size of the 
permeating molecules the influence of surface diffusion becomes even more pronounced [14], 
making the adsorption properties of the zeolite increasingly important. The kinetic diameter 
of the CO2 molecule is significantly larger than the H2 molecule (about 38 %) and the 
transport of CO2 in the zeolite pores thus probably involves more surface diffusion. 
Nishiyama et al [15] has shown that a non adsorbing component such as He is transported 
almost purely by activated gaseous diffusion, retaining its gaseous character even in the 
micropores of the zeolite, whereas a strongly adsorbing component such as ethane is 
transported only by surface diffusion, in a silicalite-1 membrane at 30 °C. The transport of 
CO2 and H2 in BaZSM-5 may occur with transport mechanisms influenced by both activated 
gaseous diffusion, Knudsen diffusion and surface diffusion. The adsorption properties as well 
as the effective pore size of BaZSM-5 may be very different to those of silicalite-1 and this 
must be taken into account when comparing permeation results for different zeolites. 

All CO2/H2 permeance ratios were significantly higher than the Knudsen ratio of 0.21 
indicating that surface diffusion and/or activated gaseous diffusion clearly affects the 
permeance ratios in all the membranes. The silicalite-1 membrane had the lowest CO2/H2 
permeance ratio. This is expected and is a result of the low selectivity of the zeolite as well as 
mass transfer resistance in the support [16]. As a consequence of lower H2 permeance, the 
BaZSM-5 membranes have a higher CO2/H2 permeance ratio than the NaZSM-5 membranes.  

The impregnated membranes have much lower permeances of both CO2 and H2 than the other 
types, indicating that mass transport is limited more by the calcium compounds than by Na+ 
and Ba2+. However, the permeance of CO2 did not decrease as much as the H2 permeance, 
which leads to a higher CO2/H2 permeance ratio than the other membrane types. This 
indicates that the calcium compounds present in the pores of the impregnated silicalite-1 
enhance the adsorption of CO2,  physisorption as well as chemisorption, leading to formation 
of calcium carbonate species (observed by DRIFT spectroscopy, data is not shown) and at the 
same time reduction of the effective pore size. 

3.2. Separation measurements 
Silicalite-1, BaZSM-5 and impregnated silicalite-1 membranes were tested for separation 

of a mixture of 90 kPa CO2 and 90 kPa H2 in the temperature range 25-400 °C. The permeate 
pressure was kept at 100 kPa and no sweep gas was employed. 
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Figure 3 shows the CO2/H2 separation factor as a function of temperature in the range 25-
400 °C for silicalite-1, BaZSM-5 and impregnated silicalite-1 membranes. The separation 
factors at 25 °C are 0.7, 2.0 and 4.1 for silicalite-1, BaZSM-5, and impregnated silicalite-1 
membranes, respectively. All separation factors decrease with increasing temperature and the 
higher separation factor at low temperature is probably explained by physisorption of CO2. 
The separation factor for BaZSM-5 is higher than that for silicalite-1 due to the increased 
adsorption of CO2. The highest CO2/H2 separation factor, 4.1, is observed for the impregnated 
silicalite-1 membrane at 25 °C. The decreased separation factor at high temperature also for 
the impregnated silicalite-1 membranes is probably due to either too little physisorption CO2 

or too strong chemisorption of CO2. 

Fig. 2. CO2 isotherm adsorption curves for 

silicalite-1 and BaZSM-5 powder at 50 °C 

(reproduced from [13]),

Fig. 3. Separation factor,  (CO2/H2), as a 

function of temperature for silicalite-1, BaZSM-5 

and impregnated silicalite-1 membranes. 

4. CONCLUSIONS 

Four types of membranes were successfully prepared and tested. It was shown that it is 
possible to increase the CO2/H2 permeance ratio for MFI membranes by lowering the Si/Al 
ratio, ion exchange with barium, or impregnation with calcium nitrate. It was also shown that 
the separation factors at 25 °C for silicalite-1, BaZSM-5 and impregnated silicalite-1 
membranes were 0.7, 2.0 and 4.1, respectively and that they decreased with increasing 
temperature. 
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Abstract

A new method to enhance the selectivity of silicalite-1 membranes for alternative separation 

tasks has been developed. Calcined membranes were impregnated with a solution of 

Ca(NO3)2 in methanol and calcined at 600 °C to thermally decompose the nitrate. SEM and 

EDS data indicated that calcium compounds were evenly distributed in the entire silicalite-1 

film and in addition, a few crystals of a calcium compound were observed on top of the film 

in some locations. A TEM study of colloidal zeolite crystals before and after impregnation 

and calcination showed that  the zeolite crystals have approximately the same average size 

before and after impregnation and calcination. HR-TEM images showed that after 

impregnation and calcination, the outer part of the crystals, roughly 10 nm, became 

amorphous, while the interior of the crystals still was fully crystalline. It seems as calcium 
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compounds impregnated at least the pores in the outer part of the crystals and that this part 

became amorphous during calcination. The HR-TEM images could neither confirm nor rule 

out the occurrence of calcium compounds in the pores in the centre of the crystals. In 

accordance with the SEM and TEM observations, XRD data showed that calcium compounds 

on top of the film were relatively large CaCO3 crystals and that the zeolite film remained 

crystalline after impregnation. However, eventual calcium compounds in the pores of the 

zeolite could not be studied by XRD since these would probably generate a very weak signal 

of amorphous material. FTIR data indicated that impregnation increased the amount of both 

physisorbed and chemisorbed CO2, the latter resulting in carbonate species in the film. n-

Hexane/helium adsorption branch permporometry showed that the high quality of the 

membranes remained after modification. The single component permeance ratio CO2/H2

increased from 0.6 to 1.5 after impregnation. Calculations indicated that the increased CO2/H2

single component permeance ratios were both an effect of increased adsorption of CO2 in the 

film and reduced pressure drop in the support.  The dual component separation factor CO2/H2

at room temperature increased drastically from 0.7 (H2 selective) to 3.4 (CO2 selective) after 

impregnation. This work shows for the first time that impregnation procedures can be used to 

tailor the diffusion properties of zeolite membranes in a similar way as impregnation 

procedures are used to tailor the catalytic performance of catalysts. 

Keywords: zeolite membrane, impregnation, carbon dioxide, separation, selectivity 



3

Introduction 

Zeolites are microporous crystalline solids with a framework of connected SiO4
4- and AlO4

5-

tetrahedra [1]. Zeolites have uniform channels with diameters ranging from about 0.3 to 1.3 

nm depending on the zeolite type. The AlO4
5- tetrahedrons in the framework result in a net 

negative charge which is balanced by cations. The cations are mobile and can be exchanged 

for other cations. Silicalite-1 has MFI-type structure and the framework consists of silicon and 

oxygen atoms only and the framework has no net negative charge. 

The small and well-defined pore size makes the zeolites very efficient and often selective 

adsorbents. Separation of gases or liquids by selective adsorption in zeolite adsorbents in 

industry is common [2]. The charge balancing cation can be substituted for a proton to obtain 

the acid form of the zeolite. The acid form of zeolites comprise an advantageous combination 

of material properties, i.e. shape/size selectivity and acidity; which is often used as acid 

catalyst in industrial chemical processes [3]. 

Thin films of zeolite can be used as selective separation membranes because of their uniform 

pore size and adsorption properties and are of interest for a large number of applications [4]. 

Zeolite membranes have many advantages over other types of membranes, such as potential 

stability at high temperatures and harsh chemical environments which other types of 

membranes cannot withstand. These properties make zeolite membranes suitable for 

membrane reactor applications [5]. 

There are a number of factors which control the separation properties of a zeolite membrane. 

Both pore size and Si/Al-ratio is very important for the properties of the membrane. If 

counterions are present in the zeolite, these may affect both the adsorption properties and the 

effective pore size of the zeolite. The counterions can be replaced by ion exchange. Generally, 

a large counterion gives a smaller effective pore size [6]. 
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Silicalite-1 membranes have been prepared on steel supports by Bakker et al [7] with a 

CO2/H2 separation factor of 12 at 22 °C. However, the selectivity is significantly lower at 

higher temperatures (about 1.5 at 100 °C). The single gas permeance ratio CO2/H2 for these 

membranes at 22 °C is 1.9, which is significantly lower than the mixture separation factor at 

the same temperature. The membranes have a film thickness of 50-60 μm and thus a high 

mass transfer resistance resulting in as low permeance as 3.8·10-7mol·m2·s-1·Pa-1 for CO2. The 

authors state that the Si/T (T=Al, Fe, Cr) ratio in the synthesized membranes was higher than 

5000 [7]. However, this ratio is estimated by analysis of the synthesis gel before and after 

synthesis under the assumption that the chemical composition of the synthesis mixture and the 

MFI phase are equal [8]. The Si/T ratio in the actual film was thus not measured. It is very 

likely that the assumption is inadequate and that the Si/T ratio in the film is much lower than 

5000 due to leaching of iron and incorporation of Fe3+ ions in the MFI film, which is growing 

on the metal wool support, at the exact location of the leaching process. Incorporation of  Fe3+

in the MFI lattice will result in a more polar zeolite, enhanced CO2 adsorption, transport and 

CO2/H2 separation factor. The membranes reported by Bakker et al [7] may thus be Fe-ZSM-5 

membranes and not silicalite-1 membranes.   

High flux silicalite-1 membranes comprised of a 500 nm thick film on masked graded alpha 

alumina supports have been prepared by Hedlund et.al [9]. It should be stressed that these 

membranes were grown on masked alpha alumina supports, which should result in minimal 

leaching of aluminum and incorporation of Al3+ in the MFI structure. These membranes can 

separate isomers of xylenes, hexanes and butanes effectively, in the first two cases due to 

molecular sieving at high temperature (400 °C) and in the latter case due to adsorption effects 

at lower temperatures. However, unlike the membranes reported by Bakker et al [7], due to 

weak adsorption of CO2 in the silicalite-1 film and high relative pressure drop in the support 
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for small molecules [10], the membranes can not be used directly for effective separation of 

molecules such as CO2 and H2. Impregnation methods are often used to modify the catalytic 

properties of zeolites. Examples are impregnation of zeolite Y with cobalt or nickel nitrate to 

prepare a hydroisomerization catalyst [11] and impregnation of ZSM-5 with zinc acetate and 

platinum chloride to prepare a dehydrogenation catalyst [12]. Altwasser et al [13] and Borko 

et al [14] studied impregnated ZSM-5 by TEM to confirm the presence of particles in the 

pores of the zeolite. Features which could be particles in the zeolite pores were observed, 

however, the TEM observations in these studies were not very convincing. To the best of our 

knowledge, the use of such impregnation procedures to tailor the diffusion properties of 

zeolite membranes has not yet been described in the literature. In the present work, an 

impregnation procedure was developed to enhance the adsorption of, and thus the selectivity 

for CO2 in thin silicalite-1 membranes. The ultimate goal is to prepare thin high flux silicalite-

1 membranes which can effectively separate CO2 from H2 also at high temperatures.

Experimental methods 

Preparation of membranes 

MFI membranes with a 500 nm thick zeolite film were prepared as described earlier [9]. 

Graded porous a-alumina discs with a diameter of 25 mm were used as supports. The top 

layer with a pore size of 100 nm was 30 μm thick, this layer is denoted S1. This layer is 

supported by layer S2, which is 3 mm thick with a pore size of 3 μm. The supports were 

masked and seeded with colloidal silicalite-1 crystals with a diameter of less than 50 nm and a 

film was grown by hydrothermal synthesis. After synthesis, the membranes were rinsed and 

calcined at 500° C with a heating and cooling rate of 0.2 °C/min. The calcined membranes 
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were stored in a desiccator. A Si/Al ratio of 139 in the resulting membranes has been reported 

elsewhere [15]. Thus, although the synthesis mixture was free from aluminum, the silicalite-1 

membranes contain some aluminum which has leached from the alumina support and been 

incorporated in the zeolite film. For the sake of simplicity, the membranes in this work, grown 

in an aluminum free synthesis solution, are denoted silicalite-1 even though they are not 

completely aluminum free. 

Impregnation of membranes 

An impregnation solution was prepared by dissolving 5 wt% of calcium nitrate tetrahydrate 

(Ca(NO3)2·4H2O) in methanol. A thin layer of the impregnation solution was applied on the 

membrane surface by spin-coating. Impregnation solution was first spread on the film to 

cover the film surface. The spin-coater was subsequently started and the sample was spun at 

1200 rpm to remove excess solution. The membranes were allowed to dry in the spin-coater 

running at 1200 rpm for 10 minutes. 

Finally, the membranes were heated in air for 8 hours at 600 °C with a heating and cooling 

rate of 1 °C/min.  

Characterisation 

SEM images were recorded using a Philips XL30 microscope equipped with a LaB6 electron 

gun. The samples were gold coated prior to the SEM investigation. Elemental analysis of the 

membranes was performed using an energy dispersive X-ray spectrometer (EDX, Link Isis) 

attached to the SEM. 

TEM samples of the zeolite with and without impregnation were prepared by seeding a silicon 

wafer in the same way as the alumina supports were seeded [9], with the difference that the 
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seeding procedure was carried out five times in total. The crystals on the seeded silicon wafer 

were then impregnated and calcined in the same way as the membranes. Two TEM samples 

were prepared: one which was impregnated and calcined at 600 °C, and one which was only 

calcined at 600 °C. The crystals were finally dispersed in n-hexane and applied to TEM grids. 

TEM investigations were performed on a JEOL JEM-3010 TEM using an accelerating voltage 

of 300 kV and a JEOL JEM-2100 TEM equipped with EDS using an accelerating voltage of 

200 kV. 

The Ca(NO3)2·4H2O powder used to prepare the impregnation solution was studied with 

Thermogravimetric Analysis (TGA) and Differential Thermal Analysis (DTA) employing a 

Netzch STA 409 instrument using a heating rate of 10 °C/min, argon atmosphere and an 

alumina crucible. 

A Siemens D5000 powder X-ray diffractometer (XRD) was used to collect XRD data. The 

incidence angle  was kept at 1° and the detector was scanned between 22 ° and 33 °2 . Long 

Soller slits were used to collimate the diffracted beam. XRD data was also collected from a 

quartz standard sample using the same instrumental setup in order to estimate the instrumental 

peak broadening. 

To study the effect of impregnation with Ca(NO3)2 on CO2 adsorption in the silicalite-1 films, 

in-situ DRIFT spectroscopy measurements were performed with a rapid scan method using a 

Bio Rad FTS6000 spectrometer and a Harrick Praying Mantis DRIFT cell. Two circular 

samples with a diameter of 6 mm were cut from silicalite-1 membranes prior to and after 

impregnation. The samples were first dried in the cell by heating to 500 °C at a rate of 15 

°C/min in a stream of argon (Ar) and kept at 500 °C for 15 minutes before cooling to the 

adsorption temperature and equilibration in Ar. A background DRIFT spectrum was recorded 

at 50 °C before CO2 adsorption. This background was used for all DRIFT measurements. 
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DRIFT spectra were recorded in the range 4000-1000 cm-1 with a resolution of 4 cm-1. CO2

was adsorbed by exposing the sample to a stream of 5% CO2 in Ar at 50 °C at a total pressure 

of 1 atm until equilibrium was established. The outlet CO2 concentration was monitored by 

Mass Spectrometry (MS) using a Gaslab 300 instrument. When the CO2 signal was constant, 

the sample was considered to be equilibrated. Desorption was conducted by flushing the 

zeolite sample with pure Ar until CO2 in the outlet gas was not detected by MS. First, DRIFT 

spectra were recorded during flushing at 50 °C; spectra were recorded after 5 minutes and 30 

minutes of flushing. When no CO2 could be detected in the outlet (after 45 minutes) the 

temperature was increased, first to 200 °C and then to 450 °C and DRIFT spectra were 

recorded at both temperatures.  

The zeolite membranes were characterized by adsorption branch n-hexane/helium 

permporometry [9, 16, 17]. The membranes were dried at 300 °C overnight in a flow of dry 

helium in a stainless steel cell equipped with graphite gaskets (inner diameter 19 mm, Eriks 

Belgium), and then cooled to room temperature. The permeance of helium was measured at a 

pressure difference of 1 bar and the permeate side was kept at atmospheric pressure. The 

relative pressure of n-hexane was then successively increased from 0 to approximately 0.01, 

0.025, 0.25, 0.85 and 1.0 during measurements of helium permeance. The n-hexane partial 

pressure was maintained by mixing a pure stream of helium with a flow of helium saturated 

with n-hexane. At each relative pressure the system was allowed to equilibrate. The 

permeance was measured using a flowmeter connected after a condenser which removed the 

n-hexane. At the first activity with n-hexane in the feed (P/P0  0.01) zeolite pores are 

blocked by n-hexane due to capillary condensation and a very low helium permeance signifies 

a high quality membrane. 
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Single gas permeation experiments were carried out directly after calcination. The samples 

were removed from the furnace at 110°C and mounted in a stainless steel cell under a flow of 

dry nitrogen. Rubber gaskets (inner diameter 20.3 mm) were used during single gas 

experiments. The pressure at the feed side was 190 kPa and the permeate was kept at 

atmospheric pressure. The permeate flow was measured with an electronic flow meter (ADM 

1000 J&W Scientific). 

It has been reported that the support can contribute significantly to the overall mass transfer 

resistance in high flux zeolite membranes [18-20]. A mathematical model developed by 

Jareman et al [18] was used to estimate the mass transfer resistance (pressure drop) of the 

support. For an isothermal system obeying Henry`s law, diffusion J for a single gas can be 

written [2, 18]:

(1)J 0
PKD

The flux J through layers S1 and S2 is described by equations (2) and (3), respectively: 

(3)
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The mass transport in layer S1 was modelled as a mixture of Knudsen and viscous flow, 

whereas the mass transport in layer S2 was modelled with viscous flow only due to the larger 

pore size. The supports used in the present work were identical to those used by Jareman et al 

and the parameters B0 and K0 determined earlier [18] were used in the model in the present 

work.
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The separation experiments were performed in a similar cell as used for permporometry after 

drying and impregnation as described above. Separation of CO2 and H2 mixtures were carried 

out by first equilibrating the membrane at room temperature by a feed with a total volumetric 

flowrate of 1000 ml/min (STP), consisting of 50 kPa CO2 and 50 kPa H2. 1400 ml/min helium 

was used as a sweep gas and the pressure on both sides of the membrane was atmospheric. A 

thermocouple (type K) was connected to the membrane cell in order to record the 

temperature. A Varian 3800 GC equipped with a capillary column and two packed columns 

(molecular sieve and Chromosorb) was connected online. A thermal conductivity detector 

was used for quantitative analysis of the gas compositions. Helium was used as carrier gas. 

Results and discussion 

Thermal analysis 

Figure 1 a) shows the mass of the Ca(NO3)2·4H2O powder as a function of temperature during 

thermogravimetric analysis. The mass has decreased 76.2 % at 600 °C, which corresponds 

perfectly to the expected weight loss for decomposition of Ca(NO3)2·4H2O to CaO. Figure 1 

b) shows the DTA signal as a function of temperature during differential thermal analysis. 

The endothermic peaks in the range 50-200 °C probably corresponds to the volatilization of 

hydrated water molecules and the endothermic peaks in the range around 600 °C correspond 

to the decomposition of the Ca(NO3)2 to form CaO. The slight lag of the DTA signal 

compared to the TG signal is normal for this heating rate. Based on these results, the 

impregnated membranes were heated at 600 °C to decompose the nitrate to oxide. 
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SEM and EDS 

Figure 2a shows a SEM surface image before impregnation of a typical silicalite-1 membrane 

prepared in this work. These membranes appear smooth and dense, and the individual zeolite 

crystals are clearly visible. Figure 2b shows a side view image of the same silicalite-1 

membrane, which illustrates that the film thickness is about 550 nm. 

Figure 2c shows an image in low magnification of a typical impregnated membrane after 

calcination. Most of the membrane appears featureless at this low magnification, such an area 

is indicated with “e” in this Figure and Figure 2e shows a high magnification image of that 

area. The individual silicalite-1 crystals appear clearly, similar to as in Figure 2a. It thus 

seems that any calcium compounds present on top of the film at this particular location must 

form a very thin layer, transparent to the SEM electron beam, or calcium compounds are 

simply not present on the surface at this location. However, calcium compounds may in any 

case still be present inside the film, in grain boundaries and zeolite pores. A very small 

fraction of the membrane is covered with features, which probably are relatively large crystals 

of a calcium compound. Such an area is indicated with “d” in Figure c. Figure d shows an 

image at higher magnification of these presumable crystals. The diameter of these “crystals” 

ranges from about 100 nm to a few hundred nm. An image at higher magnification of the 

featureless area “f” is shown in figure f. It appears as the zeolite crystals in this area are 

coated with a thin skin of calcium compounds. 

Figure 3 shows EDS spectra recorded at the points d and e in Figure 2. The data clearly shows 

that calcium compounds are present at both points. This strengthens the assumption that the 

“crystals” on top of the film are calcium compounds. Although the Ca-signal is stronger at 

point d (from “crystals”), it is still quite strong at point “e” (from zeolite film), which 
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indicates that calcium compounds should be present also inside the film, in zeolite pores and 

grain boundaries as discussed above. 

Figure 4 a) shows a SEM image of a cross section of an impregnated membrane. Figure 4 b) 

shows EDS data recorded at the cross section illustrated in a). A relatively strong signal from 

calcium compounds is recorded at point A, near the surface. At point B, approximately 10 μm 

from the surface, no signal from calcium compounds can be detected. This indicates that the 

impregnation solution has not penetrated very far into the substrate, as expected. In summary, 

all EDS data support the SEM observations.

TEM 

Figure 5a shows HR-TEM images of silicalite-1 crystals taken along the [010]-direction 

before impregnation. Figure b shows a different, slightly larger crystal, after impregnation. 

Images at lower magnification show that the crystals have approximately the same average 

size before and after impregnation. The straight 10-ring channels can be clearly seen as white 

features in both HR-TEM images. The insets show Fourier transforms of the HR-TEM 

images. After impregnation, the outer parts of the crystals, corresponding to layers with a 

thickness of the order of 10 nm, are amorphous. These layers probably consist of zeolite, in 

which the pores were impregnated with calcium compounds and became amorphous during 

calcination at 600 °C after impregnation. However, the interiors of the crystals are still fully 

crystalline after impregnation. The HR-TEM investigation could neither confirm nor rule out 

the occurrence of calcium compounds in the pores in the centre of the impregnated crystals. In 

our opinion, previously published HR-TEM images [13, 14] of impregnated ZSM-5 catalysts 

are as inconclusive as our own images regarding the presence of impregnated compounds in 

the interior of the crystals. To show that the amorphous layer consists mainly of silica and is 
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not a layer of calcium compounds deposited on the outside of the particle, an EDS analysis of 

the thin amorphous layer must be performed, this work is ongoing. 

XRD

Figure 6 shows XRD data of membranes before and after impregnation. The diffractogram 

from a silicalite-1 membrane before impregnation shows that the only crystalline phases in the 

membrane are silicalite-1 and -Al2O3. After impregnation of the membrane, two new 

reflections originating from Ca(NO3)2 crystals are observed. The FWHM of the Ca(NO3)2

reflection at 26.2 °2  is 0.09 °, which is identical to the FWHM of the reflection at 26.6 °2

from the quartz standard sample. This shows that the Ca(NO3)2 crystals detected by XRD are 

larger than about 300 nm, which results in no peak broadening. However, this does not rule 

out the possibility that Ca(NO3)2 compounds are present also in the zeolite pores. In the 

diffractogram collected after calcination (600 °C, 8h) of the impregnated membrane, two 

reflections from CaCO3 are observed and the Ca(NO3)2 reflections are absent. Again, the 

reflections are narrow, indicating crystals larger than about 300 nm. These results support the 

SEM observations that some large crystals are present on top of the zeolite film. It is possible 

that some calcium nitrate was also deposited in the zeolite pores when the solution of 

Ca(NO3)2·4H2O in methanol was added to the membrane surface. During calcination at 600 

°C, the nitrate compounds were likely decomposed to CaO as indicated by TGA data. During 

cooling to room temperature in air, large crystals of CaCO3 formed on top of the membrane, 

due to reaction with CO2 from the air, and carbonates possibly formed in the zeolite pores as 

well.

In-situ DRIFT spectroscopy measurements 

In-situ DRIFT spectroscopy experiments were carried out to study the adsorption of CO2 in 

more detail and to appreciate the adsorption strength of CO2 in the film. 
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There are a number of IR bands which are expected to be observed in this system. 

Physisorbed CO2 should result in a band around 2340-2360 cm-1 [21]. Depending on the 

interaction between the CO2 molecule and the surface, several carbonate species can 

potentially form after chemisorption [22, 23]. Bands around 1400 cm-1 are possibly 

attributable to polydentate carbonate species [22, 23]. Bands at 1495 cm-1 can be attributed to 

calcium carbonate. Bands around 1650 cm-1 could be attributed to bicarbonate species and 

bands around 1710 cm-1 may be attributed to bicoordinated CO2 (coordinated to a framework 

oxygen and a cation) [23, 24]. 

Figures 7a and c show FTIR spectra in the range 2200-2500 cm-1 for silicalite-1 membranes 

with and without impregnation, after CO2 adsorption. In the spectrum from the silicalite-1 

membrane (Figure a) a band at about 2340-2360 cm-1 was observed after 5 minutes of 

flushing and attributed to physisorbed CO2. For the impregnated silicalite-1 membrane 

(Figure b) this band was significantly stronger. This increased intensity could thus be 

attributed to increased CO2 physisorption due to the calcium compounds present in the 

impregnated membrane. The bands in the range 2340-2360 cm-1 decreased in intensity during 

flushing and after 30 minutes of flushing almost no signal remained in that range, confirming 

that those bands corresponded to weakly adsorbed (physisorbed) CO2. After heating to 200 

and 450 °C and flushing with Ar, no IR absorption bands remained in the range 2200-2500 

cm-1.

Figures 7b and d show FTIR spectra in the range 1200-1800 cm-1. In the spectrum recorded 

on the silicalite-1 membrane (Figure b) a weak band at about 1710 cm-1 was observed after 5 

and 30 minutes of flushing. This band is possibly attributable to bicoordinated chemisorbed 

CO2 [23]. On the impregnated silicalite-1 film (Figure d) three broad absorption bands were 

observed after 5 minutes of flushing with argon. These bands probably correspond to 
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polydentate carbonate species (1400 cm-1), calcium carbonate (1495 cm-1) and bicarbonate 

species (1650-1). None of these bands decreased after additional flushing. When the sample 

was heated 200 °C, the broad band around 1650 cm-1 could no longer be observed in the 

corresponding spectrum. However, the weak band at 1710 cm-1, also observed in the spectrum 

from the silicalite-1 membrane (Figure b), was observed. When the sample was heated to 450 

°C, only a very weak band at 1580 cm-1 was detectable, indicating that most of the carbonate 

species are stable at 200 °C but only a very small portion is still stable at 450 °C. The high 

thermal stability of the species resulting in bands in the range 1200-1800 cm-1 indicated that 

they were chemisorbed. 

Based on the FTIR results, CO2 appears to form two types of adsorbed species on the 

membranes with different thermal stability; i.e. physisorbed CO2, which can be removed by 

flushing with Ar, and carbonate species, which are stable up to at least 200 °C. The 

impregnation increased the amount of physisorbed CO2 and several new chemisorbed species 

formed.  

Adsorption branch n-hexane/helium permporometry 

Figure 8 shows the adsorption branch n-hexane/helium permporometry patterns [9, 16, 17] of 

two silicalite-1 membranes (M5 and M6). For a high quality membrane, a large drop in 

permeance is expected between p/p0=0 and p/p0=0.025 [9]. For the silicalite-1 membranes M5 

and M6, the helium permeance drops 99.7 and 99.8 % between p/p0 = 0 and p/p0 = 0.025, 

which indicates high quality.  For the impregnated membrane M7imp, the corresponding drop 

in permeance is less, i.e. 97.5%. However, the helium permeance at p/p0 = 0.025 is about 2 · 

10-8 for all membranes. This relative pressure corresponds to a pore size of 1.3 nm according 

to the Horvath-Kawazoe equation [25]. The permporometry patterns thus indicate that all 

membranes (M5, M6 and M7imp) have the same amount of flow through defects with a 



16

diameter larger than about 1.3 nm. The smaller drop in permeance between p/p0 = 0 and p/p0

= 0.025 for membrane M7imp is thus caused by a smaller initial helium permeance at p/p0 = 0 

for this membrane. This lower helium permeance at p/p0 = 0 is likely mainly caused by 

calcium compounds in the pores of the impregnated membrane, see next section. Thus, the 

lower drop in permeance between p/p0 = 0 and p/p0 = 0.025 for membrane M7imp is not an 

indication of more defects, but may very well be caused by calcium compounds in the pores 

of the impregnated membrane, resulting in lower permeance at p/p0 = 0.

Single gas permeation measurements 

Steady state single gas permeances for He, N2, H2, and CO2 for 4 silicalite-1 membranes 

before and after impregnation are given in Table 1. Please note that the data is for the same 

membranes before and after impregnation as indicated by the sample codes.  

Before impregnation, the membranes excibit high permeances due to the very thin zeolite film 

and graded substrate, as reported before [9].  The permeances are almost constant for all 

membranes indicating that the quality of all membranes is very similar. H2 had the highest 

permeance, 209.3±8.4·10-7 mol·m2·s-1·Pa-1, followed by N2, CO2 and He, 121.8±3.2·10-7,

132.8±4.7·10-7 and 81.4±4.3·10-7 mol·m2·s-1·Pa-1 respectively. The CO2/H2 permeance ratio is 

0.6, i.e the membranes are H2 selective. This is explained by significant mass transfer 

resistance in the support and is discussed below.

After impregnation, the membranes had a much lower permeance of He (6 times), N2 (5 

times), H2 (6 times) and CO2 (2.5 times) than before impregnation, indicating that the mass 

transport of all probe molecules was significantly reduced by calcium compounds, probably 

present in the pores of the zeolite. However, the permeance of CO2 was not decreased nearly 

as much as the He, N2 or H2 permeance, which leads to a higher CO2/H2 permeance ratio 

(1.50±0.04) than the silicalite-1 membranes (0.63±0.01). This indicates that the calcium 
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compounds present in the pores of the impregnated silicalite-1 enhanced the adsorption and 

thereby the transport of CO2, which may be related to the enhanced physisorption in 

accordance with the DRIFT observations. 

Table 2 shows calculated relative pressure drop over the support and corrected single gas 

permeances for the film only. Before impregnation, the relative pressure drop in the support 

was as much as about 75% for CO2 and about 50% for H2. This indicates that for these very 

thin membranes the support had a significant effect on the single gas permeances. The 

calculated permeance of the film was thus much higher than the measured permeance of the 

whole membrane. The greater effect of the support on the permeance of CO2 is due to the 

larger molar mass of CO2 compared to H2 which gives a lower Knudsen diffusivity in the top 

layer of the support, S1 (1). Since the Knudsen diffusivity in the support is lower for CO2 than 

H2, the corrected CO2/H2 single gas permeance ratio for the film is higher than the measured 

ratio for the membrane. The corrected CO2/H2 single gas permeance ratio for the silicalite-1 

film is 1.40±0.1, i.e. significantly lower than that (1.9) reported by Bakker et al [7]. This 

could possibly be an effect of other T-atoms than silicon in the films prepared by Bakker et al 

due to leaching of e.g iron from the support resulting in a Fe-ZSM-5 film as discussed in the 

introduction. 

After impregnation, the effect of the support was significantly reduced due to the higher 

pressure drop over the film. The relative pressure drop over the support was reduced to 33 and 

9 % for CO2 and H2 respectively.  The corrected CO2/H2 ratio for the film was increased by 

the impregnation from 1.40 to 2.05, indicating that the measured increased CO2/H2 ratio of the 

membrane was not only caused by decreased influence of the support but also an increased 

CO2 selectivity of the film. To clarify this further, the product of D0K was estimated using 

equation (1). 
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If equation (1) is applied to the zeolite film (with thickness ), the product of the diffusion 

coefficient, D0, and the Henry`s law adsorption coefficient, K, can be calculated. Before 

impregnation, the D0K values were 1.25·10-19 and 8.90·10-20 mol/(m·Pa·s) for CO2 and H2,

respectively.  After impregnation, the values decreased to 1.79·10-20 and 8.37·10-21

mol/(m·Pa·s) for CO2 and H2, respectively. It is expected that the diffusion coefficient for both 

CO2 and H2 should be decreased by the impregnation due to plugging of pores and a reduction 

of the effective pore size. This effect should be more pronounced for CO2 due to its larger 

kinetic diameter. However, the D0K value was decreased by a factor of 7 for CO2 and a factor 

of 11 for H2. The much lower decrease of D0K for CO2 is probably explained by an increased 

Henry coefficient K for CO2, due to the increased adsorption of CO2 after impregnation as 

shown by DRIFT measurements.    

Figure 9 shows transient single gas permeances measured directly after calcination. The 

measurements were performed in the same setup used for steady state permeance 

measurements. Thus, very rapid changes in permeance could not be detected due to the 

response time of the experimental setup. First, the transient permeance of CO2 was measured 

as a function of time and after 20 minutes, the feed was changed to H2. The measurement was 

carried out both with a silicalite-1 membrane (M9) and with two impregnated silicalite-1 

membranes (M10imp and M11imp). 

For the silicalite-1 membrane, the CO2 permeance was constant with time. When the feed was 

changed to H2, the permeance changed instantly and was then constant with time.  

For the impregnated silicalite-1 membranes, the permeance changed significantly with time. 

The CO2 permeance was close to zero initially and increased after about 2 minutes and 

stabilized after 5 to 10 minutes. Apparently, the CO2 feed affected the membrane which 

resulted in increased CO2 permeance. It is likely that calcium compounds in the zeolite pores 
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were affected by physi- and chemisorption of CO2. The results indicate that the concentration 

of CO2 in the film due to adsorption increased, leading to an increased CO2 permeance. When 

the feed changed to H2, the H2 permeance was first very low but increased and stabilized after 

2-5 minutes. The increased hydrogen permeance may be due to desorption of CO2 and 

desorption/decomposition of carbonate species blocking the pores for H2 permeance.  

Separation measurements 

Figure 10a shows the mixture separation factor CO2/H2 as a function of temperature for two 

impregnated silicalite-1 membranes and two silicalite-1 membranes without impregnation. 

For the two silicalite-1 membranes, M5 and M8, the separation factor is 0.7 at room 

temperature (H2 selective), which is close to the single gas permeance ratio 0.63. As described 

previously, this is a result of the mass transfer resistance in the support, which controls the 

selectivity of the silicalite-1 membranes. 

The average separation factor for the impregnated membranes at 25 °C was 3.4, which is 

about five times higher than the separation factor for a silicalite-1 membrane without 

impregnation. This is significantly higher than the single gas permeance ratio, which is 1.5, 

and can be explained by a blocking effect. CO2 adsorbs in the pores of the impregnated 

membranes and thus blocks the permeation of H2 which is not adsorbing as much. Figure 10b 

shows the permeances of CO2 and H2 as a function of temperature. The permeances of both 

gases are reduced by the impregnation but are still about 3 times higher than the permeances 

observerved by Bakker et al [7]. The permeances measured in separation measurements are 

approximately 5-7 times lower than those observed in single gas permeance measurements 

and this is probably due to of back diffusion of helium sweep gas from the permeate side. For 

the silicalite-1 membrane, CO2/H2 was 0.7 at 25 °C, i.e. the membrane was H2 selective. The 

higher selectivity for the impregnated membranes is probably due to additional adsorption 
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sites for CO2 in accordance with the DRIFT observations. The decreased separation factors at 

higher temperatures are probably due to the decreased adsorption of CO2 in the zeolite film. 

For instance at a temperature of 200 °C, none of the physisorbed and only a fraction of the 

chemisorbed CO2 species observed by DRIFT at lower temperatures remains in the 

membrane, which explains the reduced separation factor observed by permeation 

experiments. 

Conclusions

In the present work, it has been shown that the selectivity of silicalite-1 membranes can be 

significantly enhanced by an impregnation procedure. The membranes could be impregnated 

evenly, without a large excess of calcium compounds on the membrane surface. The amount 

as well as the adsorption strength of the CO2 adsorbed on the silicalite-1 films could be 

increased by impregnation. The impregnated silicalite-1 membranes had much lower single 

gas permeances than the other membrane type, but the permeance of CO2 decreased much less 

than the H2 permeance, resulting in higher single gas CO2/H2 permeance ratios, still retaining 

a relatively high CO2 permeance. The increased CO2/H2 permeance ratios were both an effect 

of reduced pressure drop in the support and an increased CO2 selectivity of the film. Also the 

mixture CO2/H2 selectivity was significantly enhanced by impregnation and the separation 

factor CO2/H2 at 25 °C was increased from 0.7 to 3.4. The increased single gas ratio and 

increased mixture separation factor could be explained by calcium compounds present in the 

pores of the impregnated silicalite-1, which introduced new adsorption sites and enhanced the 

transport of CO2.
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Tables

Table 1: Measured single gas permeances [10-7 mol m-2Pa-1 s-1] at room temperature (25±2 

°C) for 4 silicalite-1 membranes, before (M1-M4) and after (M1imp-M4imp) impregnation. 

95 % confidence intervals are given for the averages. The permeance of CO2 is measured at 

steady state. 

Membrane He N2 H2 CO2 CO2/H2

M1 83 123 210 129 0.61
M2 78 121 203 131 0.65
M3 88 126 223 141 0.63
M4 77 117 201 130 0.65

Avg. before 81.5±4.3 121.8±3.2 209.3±8.4 132.8±4.7 0.63±0.01
M1imp 14 26 35 50 1.43
M2imp 13 27 36 54 1.50
M3imp 15 31 41 61 1.49
M4imp 11 22 29 45 1.55

Avg. after 13.2±1.6 26.2±3.2 35.3±4.2 52.5±5.7 1.50±0.04
Ratio 6 5 6 2.5 0.4
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Table 2: Calulated relative pressure drop over the support ( P supp (%)) and corrected single 

gas permeances for the film only (Perm film) [10-7 mol m-2Pa-1 s-1] at room temperature for 4 

silicalite-1 membranes before and after impregnation.  95 % confidence intervals are given for 

the averages. 

 CO2  H2  CO2/H2 CO2/H2

Membrane 

P
supp
(%) Perm film 

P
supp
(%)

Perm 
film Membrane Film 

M1 74 500 48 402 0.61 1.24 
M2 75 528 46 378 0.65 1.40 
M3 80 707 51 451 0.63 1.57 
M4 75 513 46 371 0.65 1.38 
Avg 76±2 562±83 48±2 401±31 0.63±0.01 1.40±0.1 

M1imp 32 73 9 38 1.43 1.92 
M2imp 34 82 9 39 1.50 2.08 
M3imp 38 99 10 46 1.49 2.17 
M4imp 29 63 7 31 1.55 2.03 

Avg 33±3 79±13 9±1 39±5 1.49±0.04 2.05±0.09 
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Figures

Figure 1: a)Result from thermogravimetric analysis of Ca(NO3)2·4H2O. b) Differential 

thermal analysis from the same experiment. 
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Figure 2: SEM images of a silicalite-1 membrane before (a,b) and after (c-f) impregnation. a) 

shows the surface of a silicalite-1 membrane before impregnation and b) the cross-section of 

the same membrane. c) shows an surface overview of an impregnated membrane. d), e) and f) 

shows close-ups of the points indicated in c. 
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Figure 3: EDS spectra at the points d and e indicated in Figure 2. The spectra are offset for 

clarity.

Figure 4: a) SEM side view image of an impregnated silicalite-1 membrane. b) EDS spectra 

recorded at the points A and B indicated in Figure a. The spectra are offset for clarity. 
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Figure 5: HRTEM images of silicalite-1 nano-particles taken along the [010]-direction (a) 

before and (b) after the Ca-impregnation. The straight 10-ring channels can be clearly seen as 

white features from both images. Insets: Fourier transforms of the HRTEM images of the 

nano-particles
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Figure 6: X-ray diffraction patterns for a silicalite-1 membrane before impregnation (a), after 

impregnation (b) and after impregnation and heating to 600 °C (c). 
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Figure 7: FTIR spectra in the ranges 1800-1200cm-1 and 2500-2200cm-1 of adsorbed species 

on silicalite-1 membranes with and without impregnation after adsorption of CO2 at 50 °C and 

flushing with argon for a total of 45 minutes followed by subsequent heating to 200 and 450 

°C.
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Figure 8: n-Hexane permporometry data before (M5, M6) and after (M7imp) modification. 

Figure 9: Single gas permeances as a function of time. M9 is a silicalite-1 membrane, 

M10imp and M11imp are impregnated. a) CO2 permeance of an impregnated and calcined 

silicalite-1 membrane. b) H2 permeance after exposure to CO2.
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Figure 10: Binary CO2/H2 selectivity and permeances for two impregnated silicalite-1 

membranes and two silicalite-1 membrane without impregnation. The feed consisted of 50kPa 

CO2 and 50kPa H2 and the pressure was atmospheric on both sides of the membrane.  
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Abstract

Hydrogen addition to or separation of CO2 from synthesis gas generated by gasification of 

biomass is necessary prior to synthesis of fuels such as methanol in order to arrive at a 

synthesis gas with suitable composition, i.e. stoichiometric number. A zeolite membrane 

might be used for this separation task and represent a more effective process compared to 

current technology. In the present work, silicalite-1 and ZSM-5 membranes with three 

different counter ions (Na+, Li+ and Ba2+) were prepared and evaluated for separation of CO2

from binary and ternary mixtures of carbon dioxide, hydrogen and water.

The Si/Al ratio of the membrane, i.e. silicalite-1 or ZSM-5, and the counter ions in the ZSM-5 

membranes had a significant effect on both single gas permeation and mixture separation by 

modifying both the effective pore size and the adsorption properties of the membranes. The 

membranes were relatively unselective for binary mixtures of carbon dioxide and hydrogen, 

but when the feed also contained water, a CO2/H2 separation factor of 6.2 was achieved for a 

BaZSM-5 membrane at room temperature. The CO2 permeance for this membrane was as 

high as 13·10 7 mol  m 2  s 1  Pa-1. The increased separation factor for feeds containing 

water was explained by adsorption of water in zeolite pores, which reduced the permeation of 

hydrogen strongly but only reduced the permeance of carbon dioxide slightly. This was likely 

an effect of the high solubility/interaction of carbon dioxide in/with water or the stronger 
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adsorption of carbon dioxide in the zeolite, allowing it to diffuse through the zeolite despite 

the presence of water. However, the presence of water in the pores effectively reduced the 

transport of hydrogen. Due to the reduced adsorption of both CO2 and water at higher 

temperature, the CO2/H2 separation factor was always reduced as the temperature was 

increased. This work clearly shows that MFI membranes are promising candidates for CO2

separation from synthesis gas.     

Keywords: Zeolite membranes; Single gas permeation; Separation; Synthesis gas; Carbon 
dioxide

1. Introduction 

Due to the depletion of readily available oil and gas reserves, the interest for renewable fuels 

has increased dramatically in recent years. Methanol synthesis from synthesis gas generated 

by gasification of renewable resources has been proposed as one feasible alternative [1]. The 

composition of synthesis gas is generally characterized by the stoichiometric number 

S=(moles H2-moles CO2)/(moles CO+moles CO2), which ideally should be equal to or 

slightly above 2 in synthesis gas for methanol synthesis [1]. A stoichiometric number higher 

than 2 suggests an excess of hydrogen in the synthesis gas whereas values below 2 indicate a 

hydrogen deficiency relative to the ideal for methanol formation. 

The composition of the generated synthesis gas depends on the feedstock used in the 

gasification process. When methane is used, a synthesis gas too rich in H2 is produced and 

CO2 addition may be beneficial for methanol synthesis.  If the synthesis gas is generated from 

butanes, propanes and naptha, the stoichiometry of the generated synthesis gas is 

approximately right for methanol synthesis. Using heavy oil, coal or biomass as a feedstock, a 

synthesis gas rich in CO and CO2 but deficient in hydrogen results [1, 2] and there is thus a 

need for removal of CO2 (and/or CO) from or hydrogen addition to the synthesis gas to adjust 

the composition to suit methanol synthesis. Presently, the main technology for CO2 removal 
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from this type of stream is absorption in aqueous solutions of amines, e.g. monoethanolamine 

[2]. This technology has the advantage of being well established and mature, but the 

regeneration step in this process is very energy intensive. One way to increase the energy 

efficiency of an amine absorption plant would be to increase the concentration of the amine 

solution, but due to the corrosiveness of the amine, the concentration is usually limited to 

about 30-50 wt-% and thus a large circulating load of water must be heated and cooled in the 

process, which reduces the energy efficiency.  

Replacing the absorption unit with a membrane separation unit with a CO2 selective 

membrane could have several important advantages, such as a significant reduction in the 

energy consumption of the process, lower capital and operating cost, smaller space 

requirement and a modular design of the system which makes scale-up easy by adding more 

membrane modules. 

Polymeric membranes are commercially available for CO2 separation from natural gas, but 

these can not be applied at high CO2 partial pressures due to CO2-induced plasticization [3]. 

Also, since polymeric membranes are dense, the CO2 permeance is quite low, thus requiring a 

large membrane area.  

Zeolite membranes thus present a very interesting alternative to polymeric membranes and 

absorption processes for CO2 separation, since these membranes potentially display both high 

permeance and stability at high CO2 partial pressures.  

Zeolite membranes [4] are of general interest for the separation of gases and liquids and 

properties such as stability under high temperatures and harsh chemical environments makes 

zeolite membranes very promising candidates for industrial applications. Separation in zeolite 

membranes follows mechanisms based on molecular sieving, preferential adsorption and 

diffusion effects. Either one or a combination of the mechanisms can govern selective 

transport and the importance of the different mechanisms is also dependent on temperature. 
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The separation selectivity in zeolite membranes can thus depend on membrane properties 

such as structure, crystal orientation, film thickness, Si/Al ratio, counter ions etc, as well as 

chemical composition and kinetic diameter of the permeating species.   

For an isothermal system obeying Henry`s law, the flux J for a single gas can be written [5, 

6]:

(1)J 0
PKD

where D0 is the diffusion coefficient, K is the Henry`s law adsorption coefficient and  is the 

film thickness.  

In many cases, difference in chemical affinity between zeolite and permeating molecules is as 

important for the separation properties as the shape and size of zeolite pores and permeating 

molecules. By ion-exchanging a zeolite with different cations, it is possible to modify the 

interaction between the zeolite and the components in the feed and thereby possibly 

improving the selectivities of zeolite membranes. Only a few studies concerning ion 

exchanged zeolite membranes have previously been reported. Jafar and Budd [7] studied the 

pervaporation performance of zeolite A membranes in Na+ and K+ form, but only concluded 

that the two different counter ions gave comparable results. Kusakabe et al [8] studied the 

effect of different counterions on CO2 and N2 permeances in zeolite Y membranes. The 

membranes were exchanged with Li+, K+, Mg2+, Ca2+ and Ba2+ ions and the CO2/N2

separation factor decreased in the order KY>NaY>LiY. Aoki et al [9] ion exchanged ZSM-5 

membranes with Na+, K+, Cs+, Ca2+ and Ba2+ ions and measured single gas permeances and 

separation of butane isomers. The ion exchange had a significant effect on the single gas 

permeances and there was a strong correlation between permeances and the ion size of the 

respective counter ions. Tarditi and Lombardo [10] ion exchanged ZSM-5 membranes with 
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Na+, Cs+, Sr2+ and Ba2+ ions and investigated the effect of the counter ion on xylene isomer 

separation.

Works on zeolite membranes for CO2 separation have been prepared before, but most 

research has been focused on separation of CO2 from N2 or CH4 [4] and relatively little 

attention has been addressed to separation of CO2 from mixtures containing H2 (such as 

synthesis gas). However, Giannakopoulos et al [4, 11] studied single and multi component 

permeation of CO2 and H2 and achieved a maximum CO2/H2 separation factor of 19.1 at 60 

C with FAU membranes, but the CO2 permeance was as low as 1.3·10 7 mol  m 2  s 1  Pa-1.

To gain real understanding about the separation properties of membranes it is desirable to use 

a feed as similar as possible to the composition of the gas mixture in the intended application, 

but due to the complexity of multi component measurements, reported studies using such 

feeds are rare in literature. In the present work, the separation properties of MFI membranes 

for different binary and ternary carbon dioxide/water/hydrogen mixtures were studied to 

better understand the effect of different components in synthesis gas mixtures on the 

separation in MFI membranes. Silicalite-1 as well as ZSM-5 membranes with different 

counter ions were tested to explore the effect of the Si/Al ratio and various counter ions on the 

separation performance of the membranes in this system for the first time. 

2. Experimental 

2.1 Membrane preparation 

MFI membranes with a 500 nm thick zeolite film were prepared by a procedure described in 

detail earlier [12]. Graded porous -alumina disc supports with a diameter of 25 mm were 

used. The support consists of a 30 μm thick top layer with a pore size of 100 nm and 3 mm 

thick layer with a pore size of 3 μm. The supports were masked and seeded with colloidal 
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silicalite-1 crystals with a diameter of 50 nm and a film was grown by hydrothermal 

synthesis. A synthesis solution with a molar composition of 3 TPAOH: 25 SiO2: 1450 H2O: 

100 EtOH was used for silicalite-1 films [12] and a synthesis solution with a molar 

composition of 3 TPAOH: 0.25 Al2O3:  Na2O: 25 SiO2: 1600 H2O: 100 EtOH [13] was used 

for ZSM-5 films and the duration of the hydrothermal synthesis was 36 hours and 27 hours 

for silicalite-1 and ZSM-5, respectively. The Si/Al ratios in the resulting silicalite-1 and ZSM-

5 membranes have been measured and reported elsewhere [14] and are 139 and 65, 

respectively. Although the synthesis mixture was free from aluminum, the silicalite-1 

membranes contain some aluminum which has leached from the alumina support and been 

incorporated in the zeolite film. These membranes are thus not silicalite-1 by definition but 

for sake of simplicity, the membranes grown in an aluminum free synthesis solution are 

denoted silicalite-1 in this work even though they are not completely aluminum free to 

distinguish them from the ZSM-5 membranes grown in the synthesis mixture containing 

aluminum.  

The ZSM-5 membranes were in Na+ form after synthesis and LiZSM-5 and BaZSM-5 

membranes were prepared by ion exchange. The NaZSM-5 membranes were immersed in a 

0.3 M LiNO3 or BaNO3 solution for 2 hours at 100 C and atmospheric pressure with reflux. 

The membranes were then allowed to cool to room temperature and were rinsed for 6 hours in 

deionised and distilled water, with the rinsing water replaced every hour.

2.2 Physical and chemical characterisation 

A scanning electron microscope (Philips XL 30) equipped with a LaB6 emission source was 

used to study film thickness and morphology of the membranes. The samples were coated 

with a thin gold film by sputtering prior to investigation.  
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ICP-AES (ARL-3560) analysis was performed on a powder of discrete zeolite crystals 

synthesized and ion exchanged in a very similar manner to the films, to indicate the 

concentration of counter ions in the corresponding membranes. 

2.3 Permeation measurements 

Single gas permeance measurements of H2, He, N2, CO2 and SF6 were carried out directly 

after the calcination procedure. The samples were moved from the furnace to the cell when 

the furnace had reached a temperature of 110°C and the membranes were mounted in a 

stainless steel cell under a flow of dry nitrogen. Rubber gaskets (inner diameter 20.3 mm) 

were used during single gas experiments. The pressure at the feed side was 190 kPa and the 

permeate was kept at atmospheric pressure. The permeate flow was measured with an 

electronic flow meter (ADM 1000 J&W Scientific). 

Separation experiments were performed using a Wicke-Kallenbach apparatus. The 

membranes were mounted in a stainless steel cell and sealed with graphite gaskets (inner 

diameter 19 mm). Three different feed compositions, labeled A-C, see Table 1, were used. 

The desired feed composition was achieved by mixing hydrogen, carbon dioxide and helium 

at the proper proportions by using mass flow controllers. For the feeds B and C containing 

water, the whole feed was fed to a water saturator kept at 20 °C by a thermostat bath. The 

feed pressure was atmospheric and the total flow rate was always 1000 ml/min (STP). Helium 

1000 ml/min (STP) at atmospheric pressure was used as sweep gas. The cell temperature was 

recorded by a thermocouple (type K) connected to the membrane cell. A Varian 3800 GC 

with helium as carrier gas was connected online for quantitative analysis of the gas 

compositions. Membranes were dried in-situ at 300 °C in flowing helium before the first 

permeation measurement using the dry feed A. The feed was then changed to feeds containing 
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water (B and C) without any drying between the runs with different feed. For each feed, the 

measurements were started at 22 C and the temperature was increased 1 C/min to 150 C

and the composition of the permeate was analyzed repeatedly every 20 minutes during this 

time. After the separation measurements, n-hexane/helium adsorption-branch Permporometry 

measurements were performed on all membranes as described previously [12]

Table 1: Compositions of the tree feeds used in the separation experiments. The partial 
pressure of each component (kPa) is given in the table. 

Feed CO2 H2 He H2O
A 50.65 50.65 - - 
B - 49.6 49.6 2.1 
C 49.6 49.6 - 2.1 

3. Results and discussion 

3.1 Physical and chemical characterization 

Jareman et al [15] have shown that single gas permeance ratios are dependent on both film 

thickness and membrane morphology. To ensure that the differences in permeation 

performance were studied as a function of Si/Al ratio and counter ions only, it is thus 

important that film thickness, membrane morphology and test conditions are kept constant. 

This requires a careful physical and chemical characterization as a first step.

Figure 1 (a) and (b) show side view images and Figure (c) and (d) show surface images of 

silicalite-1 and ZSM-5 membranes, respectively. The film thickness was about 550 nm for 

both the silicalite-1 and ZSM-5 membranes, and the films were comprised of crystals with the 

same size and the films appeared smooth and dense. 
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Figure 1: Surface images, (a) and (b), and side view images, (c) and (d), of silicalite-1 and 
NaZSM-5 films, respectively. 

XRD data, reported elsewhere [16], shows that the different membrane types have the same 

crystal orientation. The differences in permeation data will thus only be reflecting differences 

in chemical composition between the four membrane types.    

ICP-AES analysis of the ion exchanged NaZSM-5 powders showed that for the sample ion 

exchange with Li+ solution, the Li/Na-ratio was 23 (corresponding to 96 % Li+) and was thus 

almost completely in Li+ form. In the sample exchanged with Ba2+ solution, the Ba/Na-ratio 

was 2.4 (corresponding to 71% Ba2+) and the powder was thus mainly in Ba2+ form but some 

Na+ was still present. This is expected when a monovalent counter ion is exchanged for a 

divalent ion [17], since the divalent counter ion requires two negatively charged sites which 

need to be situated sufficiently close to each other. Thus, some sites can not be utilized by 

Ba2+ ions and will remain in Na+ form. 
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In total, twelve ZSM-5 membranes and four silicalite-1 membranes were prepared and tested 

by single gas permeation measurements directly after calcination and prior to any ion 

exchange. Based on the single gas H2/He permeation ratios, six ZSM-5 membranes and four 

silicalite-1 membranes with very similar ratios were selected for further studies and ion 

exchange.

Figure 2: n-Hexane/helium adsorption-branch permporometry patterns for one membrane of 
each membrane type. 

Figure 2 shows n-hexane/helium adsorption-branch permporometry patterns for one 

membrane of each membrane type. Permporometry measurements have been performed on all 

the selected membranes, but data from only one membrane of each type are presented in the 

figure for clarity.  For all membranes, the helium flow at p/p0 = 0 was in accordance with the 

helium permeance in single gas measurements (see below). When n-hexane vapor is added to 

the feed (p/p0 ~ 0.01), zeolite pores are blocked and the helium permeance is dramatically 

reduced. Any remaining helium flow at this point is permeating through defects. The n-

hexane concentration in the feed is then increased (to p/p0 ~ 0.025) and the helium flow is 

further reduced due to blockage of larger micropores. For all eight membranes included in this 
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work, the helium permeance decreased more than 99.4 % when the relative pressure of n-

hexane was increased from 0 to 0.01, indicating that all the membranes are of high quality and 

that the membranes are suitable for this kind of study. 

3.2 Single gas permeation measurements 

Table 2 shows single gas permeances for all selected membranes in this study.  Two 

membranes of each type were tested and the 95 % confidence interval was always within ± 4 

% of the average for each membrane type, indicating that the two selected membranes of each 

membrane type have almost identical permeation properties. For clarity, the average 

permeance for each membrane type is also shown graphically in Figure 3. The single gas data 

for silicalite-1 membranes was in good agreement with previous measurements on high 

quality silicalite-1 membrane of this type [15].

Table 2: Single gas permeances /[10-7 mol  m 2  s 1  Pa-1] and permeance ratios at room 
temperature for silicalite-1 (S1,S2), LiZSM-5 (LiZ1,LiZ2), NaZSM-5 (NaZ1,NaZ2) and 
BaZSM-5 (BaZ1,BaZ2) membranes with a P of 0.9 bar. Averages are given with 95 % 
confidence intervals.
Membrane He H2 CO2 H2/N2 CO2/H2 H2/SF6

S1 80.4 213.5 127.5 1.72 0.60 12.2 
S2 81.2 218.5 136.5 1.68 0.62 11.8 

Avg 80.8 ± 0.6 216 ± 3.5 132.0 ± 6.2 1.70 ± 0.03 0.61 ± 0.02 12.0 ± 0.27 
LiZ1 63.6 164.8 140.3 1.56 0.85 17.4 
LiZ2 64.2 166.7 141.2 1.56 0.85 18.5 
Avg 63.9 ± 0.4 165.7 ± 1.3 140.7 ± 0.7 1.56 ± 0.01 0.85 ± 0.01 17.9 ± 0.8 

NaZ1 58.2 156.8 125.4 1.48 0.80 20.1 
NaZ2 57.1 154.2 122.0 1.49 0.79 20.6 
Avg 57.7 ± 0.8 155.5 ± 1.8 123.7 ± 2.4 1.49 ± 0.01 0.80 ± 0.01 20.3 ± 0.32 
BaZ1 43.5 115.1 123.5 1.32 1.07 21.7 
BaZ2 42.1 108.3 122.0 1.26 1.13 22.6 
Avg 42.8 ± 1.0 111.7 ± 4.7 122.8 ± 1.0 1.29 ± 0.04 1.10 ± 0.04 22.1 ± 0.59 
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All the ZSM-5 membranes had lower permeances compared to silicalite-1 of the weakly 

adsorbing gases H2 and He, which likely is explained by the counter ions present in the pores 

of the different ZSM-5 membranes which reduces the effective pore size compared to 

silicalite-1 and thus the diffusivity. The effective ionic radius for the three different counter 

ions used in this work is increasing [18] in the order Li+<Na+<Ba2+. The permeances for H2

and He were decreasing with increasing counter ion size indicating that for these gases, the 

diffusivity is controlled by the effective pore size of the zeolite, which agrees with previous 

findings [9, 16]. Important to note is that the maximum amount of divalent Ba2+ ions that can 

be present in the zeolite is half of the monovalent Na+ and Li+ ions, and still, the BaZSM-5 

membranes have the lowest H2 and He permeances.  

Figure 3: Average single gas permeances at room temperature for silicalite-1, LiZSM-5, 
NaZSM-5 and BaZSM-5 membranes with a P of 0.9 bar. 

The CO2 permeances for the different membrane types were quite similar and were not 

directly related to the size of the counter ion as in the case of H2 or He (see Figure 3). This 

indicates that not only the diffusivity, but also the adsorption is affected by the counter ions. 

The high CO2 permeance in the ZSM-5 membranes compared to silicalite-1 despite the 

reduced effective pore size can be explained by enhanced adsorption of CO2 in the more polar 
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ZSM-5. Wirawan et al have performed adsorption measurements on powders and shown that 

NaZSM-5 adsorb considerably more CO2 than silicalite-1 and that BaZSM-5 adsorbs even 

more than NaZSM-5 [19].  As shown in equation 1 the diffusion is proportional to the product 

of the diffusion coefficient and the adsorption coefficient. For BaZSM-5 membranes, the CO2

permeance is only 7 % lower than for silicalite-1 membranes, whereas the H2 permeance is 48 

% lower even though CO2 is a larger molecule than H2. The adsorption of CO2 must thus be 

much higher in BaZSM-5 than in silicalite-1 to obtain such a high CO2 permeance. In the case 

of LiZSM-5, the CO2 permeance is actually higher than for silicalite-1 indicating than CO2

adsorption has a strong effect on the CO2 permeance. Xiao et al  have shown that when the 

effective pore size of the membrane approaches the size of the permeating molecules the 

influence of surface diffusion becomes even more pronounced [20], making the adsorption 

properties of the zeolite increasingly important and this fits well with the observation that the 

permeance of the weakly adsorbing H2 is reduced much more than the strongly adsorbing CO2

when the effective pore size is reduced. 

The N2 permeance was decreasing in the same order as the He and H2 permeances (see Figure 

3). For the BaZSM-5 membranes, the N2 permeance was 32 % lower than for the silicalite-1 

membranes, which is a larger difference than for CO2 but smaller than for H2, suggesting that 

the type of adsorption effects observed for CO2 also affect the permeance of N2 but to a lesser 

extent. The permeance of SF6 also decreased in the same order as He and H2, but the decrease 

was even larger than for H2. This is explained by the larger kinetic diameter of the SF6

molecule, which makes the SF6 permeance sensitive to a small reduction in effective pore 

size.
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The low CO2/H2 single gas permeance ratios (0.61 0.02) of the silicalite-1 membranes, i.e. 

these membranes are H2 selective, are probably a result of the low CO2 adsorption of the 

zeolite as well as mass transfer resistance in the support [15]. For thin films, the pressure drop 

through the support can constitute a large fraction of the total pressure drop through the 

membrane, especially for small molecules which are transported effectively through the 

zeolite film. By using our model for permeation  [15], the relative pressure drop in the support 

for the silicalite-1 films was estimated to 48 % for H2 and 69 % for CO2. The mass transfer 

resistance is thus quite significant in the support and in the case of CO2, the support dominates 

the mass transfer resistance. However, it is clear that surface diffusion and/or activated 

gaseous diffusion in the zeolite influences the single gas permeance ratios since all CO2/H2

single gas permeance ratios were significantly higher than the Knudsen ratio of 0.21. Since 

the H2 permeance decreased with increasing counter ion size, while the CO2 permeance was 

almost constant due to counteracting effects of reduced effective pore size and increased 

adsorption as discussed above, the ZSM-5 membranes all had higher CO2/H2 single gas 

permeance ratios than the silicalite-1 membranes and the ratios increased with increasing 

counter ion size. 

The H2/N2 single gas permeance ratios decrease slightly with increasing counter ion size, 

because the N2 permeance is reduced less than the H2 permeance when the effective pore size 

is decreased, probably due to increased adsorption of the N2 molecule which has a larger 

quadrupolar moment than H2 [21]. The SF6 molecule is much larger than the H2 molecule and 

thus the H2/SF6 single gas permeance ratio increases with increasing counter ion size, as 

would be expected. 
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3.3 Separation experiments 

Separation experiments were carried out using two membranes of each type and the results 

were very similar. Thus, to make the Figures less crowded, data for one membrane of each 

type are shown for the whole temperature range 22-150 C in Figures 4-6 and average 

separation factors and 95% confidence intervals at 22 C for the two membranes of each type 

are given in Table 3.

Table 3: Average separation factors at 22 C for silicalite-1, LiZSM-5, NaZSM-5 and 
BaZSM-5 membranes using feed A, B and C. Two membranes of each type were tested and 
averages are given with 95 % confidence intervals.

Feed A CO2/H2 H2O/H2
Silicalite-1 0.64 ± 0.01 - 
NaZSM-5 0.78 ± 0.03 - 
LiZSM-5 0.85 ± 0.01 - 
BaZSM-5 1.09 ± 0.02 - 

Feed B   
Silicalite-1 - 4.4 ± 0.08 
NaZSM-5 - 4.8 ± 0.14 
LiZSM-5 - 5.0 ± 0.01 
BaZSM-5 - 5.6 ± 0.17 

Feed C   
Silicalite-1 2.9 ± 0.07 6.2 ± 0.09 
NaZSM-5 4.1 ± 0.14 8.2 ± 0.17 
LiZSM-5 4.9 ± 0.07  8.0 ± 0.07 
BaZSM-5 6.2 ± 0.42 11.7 ± 1.18 

Figure 4 shows binary CO2/H2 permeances and separation factor for one silicalite-1 

membrane (S1) and three ZSM-5 membranes with different counter ions (LiZ1, NaZ1 and 

BaZ1) using feed A, a mixture of  50.65 kPa CO2 and 50.65 kPa H2 (see Table 1). Even 

though adsorbed carbon dioxide is not expected to block the permeation of hydrogen 

significantly, or vice versa, the hydrogen and carbon dioxide permeances at 25 C are 5-6 

times lower than the permeances observed in single gas measurements at the same 
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temperature. This is probably explained by a combination of concentration polarization and 

back diffusion of helium from the sweep gas in the mixture separation experiments. 

  (a)            (b) 

Figure 4: Binary CO2/H2 permeances (a) and separation factor (b) for a silicalite-1 membrane 
(S1) and three ZSM-5 membranes with different counter ions (LiZ1, NaZ1 and BaZ1). The 
feed consists of 50.65 kPa H2 and 50.65 kPa CO2. Sweep gas; He at 1000 ml/min and 
atmospheric pressure. 

The hydrogen permeance is lowest at 22 C and increases by a factor of 1.5-2.0 with 

increasing temperature up to 150 C for all membrane types. The differences between the 

different membrane types are in very good accordance with the single gas permeance 

measurements, with silicalite-1 having the highest permeance and BaZSM-5 the lowest. For 

carbon dioxide, the permeance increases slightly in the range from 22 to about 35 C and then 

decreases up to 150 C. This indicates that up to about 35 C the increase in diffusion 

coefficient due to increased temperature was sufficient to compensate for the decreased 

carbon dioxide adsorption, but at higher temperature, the decreased carbon dioxide adsorption 

caused the permeance to decrease. At temperatures above 100 C, the hydrogen permeances 

are approaching 48·10 7 mol  m 2  s 1  Pa-1 for S1 and 31·10 7 mol  m 2  s 1  Pa-1 for BaZ1.
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Highest CO2/H2 separation factor was observed at the lowest temperature in the experiment 

(22 C) and the separation factor decreases with increasing temperature. The separation factor 

at 22 C is very similar to the permeance ratios observed in the single gas measurements, with 

the silicalite-1 membrane having the lowest separation factor (0.63) and the BaZSM-5 

membrane the highest (1.1) indicating that adsorbed carbon dioxide does not block the 

permeation of hydrogen to a significant extent.  

  (a)        (b) 

Figure 5: Binary H2 permeance (a) and H2O/H2 separation factor (b) for a silicalite-1 
membrane (S1) and three ZSM-5 membranes with different counter ions (LiZ1, NaZ1 and 
BaZ1). The feed consists of 49.6 kPa H2, 49.6 kPa He and 2.1 kPa H2O. Sweep gas; He at 
1000 ml/min and atmospheric pressure. 

Figure 5 shows binary H2O/H2 permeances and separation factor for membranes S1, LiZ1, 

NaZ1 and BaZ1 using feed B, a mixture of  49.6 kPa He, 49.6 kPa H2 and 2.1 kPa H2O (see 

Table 1). The hydrogen permeance at 22 C is low (from 5.4·10 7 mol  m 2  s 1  Pa-1 for S1 

to 3.5·10 7 mol  m 2  s 1  Pa-1 for BaZ1), presumably because water is blocking the pores at 

this low temperature. The hydrogen permeance is about 5-6 times lower in the presence of 

water (feed B) than in the presence of carbon dioxide (feed A), probably because water is 

blocking the permeation of hydrogen quite effectively, whereas CO2 seems to block hydrogen 

permeance to a minor extent. The adsorption of water decreases with increasing temperature 
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resulting in an increase in hydrogen permeances to 44·10 7 mol  m 2  s 1  Pa-1 for S1 and 

28·10 7 mol  m 2  s 1  Pa-1 for BaZ1 at 150 C.  The water permeance (not shown in the 

figure) is in the range 22-28·10 7 mol  m 2  s 1  Pa-1 (highest for S1 and lowest for BaZ1) 

and relatively constant with temperature. Since the water permeance is relatively constant 

with temperature and very similar for the different membrane types, the variation in H2O/H2

separation factor is almost entirely determined by the variation in hydrogen permeance. S1 

has the highest hydrogen permeance and thus the lowest H2O/H2 separation factor (4.4), 

whereas BaZ1 has the lowest hydrogen permeance and the highest H2O/H2 separation factor 

(5.6).

  (a)          (b) 

  (c)          (d) 

Figure 6: Ternary CO2/H2O/H2 permeances (a), (b) and separation factors (c), (d) for a 
silicalite-1 membrane (S1) and three ZSM-5 membranes with different counter ions (LiZ1, 
NaZ1 and BaZ1). The feed consists of 49.6 kPa H2, 49.6 kPa CO2 and 2.1 kPa H2O. Sweep 
gas; He at 1000 ml/min and atmospheric pressure. 
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Figure 6 shows ternary CO2/H2O/H2 permeances and separation factors for membranes S1, 

LiZ1, NaZ1 and BaZ1using feed C, a mixture of  49.6 kPa CO2, 49.6 kPa H2 and 2.1 kPa H2O

(see Table 1). The hydrogen permeance (Figure 6a) at 22 C is lower than that observed for 

feed B, indicating that the combination of both water and carbon dioxide blocks the pores 

more efficiently than only water even though very little blocking effect was observed with 

only carbon dioxide (feed A). The difference in hydrogen permeance was larger for the ZSM-

5 membranes; for S1 and BaZ1 the permeance was 8 % and 40 % lower in feed C compared 

to feed B, respectively. The larger combined effect of carbon dioxide and water for e.g BaZ1 

may be either due to the smaller effective pore size or stronger/more adsorption of carbon 

dioxide. The water permeance (Figure 6b) is relatively constant with temperature and similar 

to feed B. The carbon dioxide permeance (Figure 6b) is also relatively constant with 

temperature and at 22 C it is about 13·10 7 mol  m 2  s 1  Pa-1 which is only 20 % lower 

than for feed A. This is a small reduction compared to the hydrogen permeance which is about 

85 % lower than for feed A. This suggests that hydrogen is very effectively blocked by water 

in the pores, whereas carbon dioxide can still permeate at a high rate despite the water, 

perhaps due to the high solubility of carbon dioxide in water or interaction between carbon 

dioxide with water or the stronger adsorption of carbon dioxide in the zeolite.

The temperature dependence of the H2O/H2 and CO2/H2 separation factors in this system 

(feed C) is mainly determined by the hydrogen permeance, which is low at low temperature, 

due to pore blockage of water as discussed above, and increases rapidly with increasing 

temperature. The H2O/H2 separation factor (Figure 6c) is 1.5-2 times higher for feed C than 

for feed B (see figure 5b) due to the lower hydrogen permeance in the presence of both carbon 

dioxide and water. The maximum H2O/H2 separation factor separation factor (10.8) is 
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observed for BaZ1 at 22 C. At temperatures above 100 C the H2O/H2 separation factor 

approaches 0.4-0.5 for all membranes.  

Also for CO2/H2 separation, (Figure 6c) the highest separation factor is observed at the lowest 

temperature. The CO2/H2 separation factor was 5-6 times higher for feed C than for feed A 

(see Figure 4b) for all membrane types and the highest CO2/H2 separation factor (6.0) was 

observed for BaZ1 at the lowest temperature (22 C).

Thus the water in the feed makes the membrane much more carbon dioxide selective versus 

hydrogen, presumably by blocking the hydrogen but still allowing the carbon dioxide to 

permeate through the pores. In [4] Caro et al discussed why moisture increases the CO2/N2

separation factor in FAU membranes, which has been observed in several studies, and 

suggested that the CO2 was dissolved in a water film as in the case of a supported liquid film 

membrane. In the case of zeolite, the term “water film” is misleading, since there can be no 

real water film in zeolite pores.  We thus suggest to denote this phenomenon observed for 

zeolite membranes as “sorption enhanced separation” to indicate that a third component, in 

this case water, is enhancing the separation of the two other components, in this case CO2 and 

H2 by adsorption/absorption effects that is increasing the concentration and thus the transport 

of CO2 in the micropores of the zeolite. It should be noted that the term sorption is used when 

the processes at hand may be either an adsorption or absorption process and the world 

“sorption” is thus an appropriate term to use the describe the process. Sorption enhanced 

separation may thus explain the increased CO2 separation from H2 in the presence of water 

vapor.

Average separation factors for all feeds for two membranes (the same membranes used for 

single gas permeance and permporometry measurements) of each type are given in Table 3. 

The narrow confidence intervals show that the selected membranes of each type have very 
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similar properties, which is also indicated by single gas permeance and permporometry 

measurements. Generally, CO2/H2 and H2O/H2 separation factors increase in the order 

silicalite-1 < NaZSM-5 < LiZSM-5 < BaZSM-5, which almost follows the decrease in 

effective pore diameter. The exception is LiZSM-5, which has a higher CO2/H2 separation 

factor than NaZSM-5 due to a higher CO2 permeance. The higher CO2 permeance despite the 

smaller pore size was also observed in the single gas permeance measurements and is 

probably due to more CO2 adsorption in LiZSM-5 than NaZSM-5. 

4. Conclusions 

Silicalite-1 membranes and ZSM-5 membranes with constant morphology but with three 

different counter ions were successfully prepared on graded -alumina supports. All 

membranes were of high quality according to n-hexane permporometry and both single gas 

permeance data and permporometry indicated that the properties of membranes of the same 

type were very similar. The counter ions had a significant effect on single gas permeances and 

permeance ratios as well as separation factors and permeances in multi component separation 

experiments. The BaZSM-5 membranes had higher H2O/H2 and CO2/H2 separation factors 

than the other membrane types in both binary and ternary mixture and the highest separation 

factors were observed for ternary mixtures at 22 C and were 10.8 for H2O/H2 and 6.0 for 

CO2/H2, with a CO2 permeance as high as 13·10 7 mol  m 2  s 1  Pa-1.

The BaZSM-5 membranes thus show very promising separation properties for use in an 

application where CO2 is separated from synthesis gas, e.g. in order to adjust the composition 

of the synthesis gas to suit methanol synthesis. The term “sorption enhanced separation” was 

introduced to describe the observed increase in separation factor for CO2/H2 as water was 

added to the feed. It should be noted that since the Si/Al ratio for the ZSM-5 membranes in 
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the present study is as high as 65  [14], it is possible that much higher separations factors can 

be reached with membranes with lower Si/Al ratio. Work is ongoing in our laboratory to 

decrease the Si/Al ratio in the zeolite without introducing defects in the membranes.  
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Abstract

Much research on zeolite membranes has been devoted to MFI type zeolite and these 

membranes can be prepared reproducibly with high quality by our group. However, the MFI 

pores are too large for separation of small molecules such as CO2, H2 CH4, and H2O by 

molecular sieving and the CO2 affinity is not sufficiently strong in our current membranes 

with quite high Si/Al ratio to achieve CO2 selective membranes. In the present work, existing 

MFI membranes with high Si/Al ratio are modified with methylamine to increase the CO2

affinity and thus increase the CO2 selectivity. To the best of our knowledge, this is the first 

time this type of modification is used on zeolite membranes. These membranes were then 

evaluated for separation of CO2 from various mixtures of CO2, H2, CH4 and H2O.

The modification had significant effects on both permeances and separation factors and the 

selectivity towards CO2 was increased considerably for all the feed mixtures tested. The 

highest separation factor was observed for a CO2/CH4/H2O mixture and -CO2/CH4 was 12 at 

about 40 C. At the same time, the CO2 permeance was as high as 9·10 7 mol  m 2  s 1  Pa-1.

The separation factor was consistent with previously reported MFI membranes, while the CO2

permeance was higher than reported for other selective MFI membranes.   
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Introduction 

The increasing concentration of carbon dioxide in the atmosphere due to combustion of fossil 

fuels is a pressing issue. Improved technologies for separation of CO2 from various streams, 

for capture and sequestration, from energy production and for other CO2 separation 

applications related to the production of renewable fuels, will be important to battle this 

problem.  

Currently, the main technologies for CO2 removal from gas streams are: absorption in 

aqueous solutions of amines, e.g. monoethanolamine 1, adsorption based technologies 2 and 

membrane based separation 3-5. Most large scale CO2 separation is absorption based, but 

membrane separation systems have some intrinsic advantages, such as low capital cost, 

simple operation, small space requirements, easy scalability, and often low power 

consumption, which should make membranes a better alternative than absorption in many 

applications. 

One challenging process is the separation of CO2 from CH4 for natural gas processing, biogas 

purification and enhanced oil recovery. Removal of CO2 from natural gas (and biogas) is very 

beneficial because the CO2 causes pipe corrosion, reduces the heating value and occupies 

volume in the pipelines. Furthermore, the separated CO2 may be sequestered in the natural gas 

well. Natural gas is usually saturated with water and it is advantageous if the separation 

process is effective also in the presence of water vapour in the gas. In this process, like in 

many other CO2 separation applications, the environment is harsh with acid gases and high 

pressures and temperatures. The stability of the membrane material is thus crucial. 

The commercially available polymer based CO2 separation membranes display good 

separation properties but do not perform well at high CO2 partial pressures (due to CO2-

induced plasticization) and are vulnerable to high temperatures and organic solvents 6.
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Zeolite membranes are known to be very stable under high temperatures and harsh chemical 

environments. Most research on zeolite membranes has been devoted to MFI type zeolite, but 

these membranes are not very selective for separation of small molecules such as CO2, H2 and

CH4 because the pores are larger than these molecules and the CO2 affinity is not sufficiently 

strong to result in very CO2 selective membranes. Only a few studies have been performed on 

separation of CO2 and H2 by MFI membranes and the CO2/H2 separation factors and 

permeances vary significantly. Bakker et al7 prepared silicalite-1 membranes on steel supports 

with a CO2/H2 separation factor of 12 and a CO2 permeance of 3.8·10-7mol · m2 · s-1 · Pa-1 at 22 

°C. However, the silicalite-1 films were grown on metal wool support and it is likely that iron 

leached from the support and that Fe3+ ions were incorporated in the MFI film. Thus, the film 

may very well contain Fe3+ in the MFI lattice, which would result in a more polar zeolite, 

enhanced CO2 adsorption, transport and CO2/H2 separation factor. The membranes reported 

by Bakker et al7 may thus be Fe-ZSM-5 membranes and not silicalite-1 membranes.  

Kanezashi et al8 observed a CO2/H2 separation factor of about 4.5 and a CO2 permeance of 

9·10-8 mol · m2 · s-1 · Pa-1 at 25 °C for a 1:1:1 mixture of CO2, H2 and CO on silicalite-1 

membranes prepared on -alumina supports. Since the supports were not masked, it is likely 

that some aluminium leached from the support and that the films were actually ZSM-5.  

Separation of CO2 and CH4 by MFI membranes has been studied by several groups, e.g. 

Poshusta et al. showed a CO2/CH4 separation factor of 5.5 and a CO2 permeance of 6.4·10 7

mol  m 2  s 1  Pa-1 for a H-ZSM-5 membrane at 30 C.

CO2 separation has also been reported for membranes of other zeolite frameworks with 

different pore size and adsorption properties. Giannakopoulos et al 9, 10 studied permeation of 

CO2 and H2 in FAU membranes and achieved a maximum CO2/H2 separation factor of 19.1 at 
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60 C, but the CO2 permeance was as low as 1.3·10 7 mol  m 2  s 1  Pa-1. Noble and 

Falconer11 have reported a CO2/CH4 separation factor of 170 at 22 C and a CO2 permeance 

of 1.2·10 7 mol  m 2  s 1  Pa-1 for SAPO-34 membranes, however both flux and selectivity 

decrease in the presence of water due to the very hydrophilic nature of SAPO-34. 

Hydrophobic DDR membranes prepared by Tomita et al12 could separate CO2 and CH4 in the 

presence of water with a CO2/CH4 separation factor as high as 220. However, the CO2

permeance was as low as of 4 ·10 8 mol  m 2  s 1  Pa-1.

An alternative approach could be to modify existing MFI membranes to increase the CO2

affinity and improve the CO2 selectivity. Han et al13 have demonstrated that the acid-base 

properties of MFI-type zeolite powder can be modified by methylamine. The methyl amine 

interacted with the framework of the zeolite and the modified zeolite powder had a both a 

larger amount of basic sites and also stronger basic sites. The carbon dioxide adsorption 

capacity was dramatically increased by the modification13. Sakamoto et al14 prepared 

mesoporous silica membranes and surface modified the pore walls by grafting amino-silane in 

order to increase the CO2 affinity of the membranes and achieve a higher CO2

permselectivity. The membranes were tested for CO2/N2 mixture separation and the amine 

modification dramatically improved the CO2 selectivity. 

In the present work, the concept of modifying MFI zeolite with methylamine to increase the 

CO2 adsorption was applied to MFI membranes to increase the CO2 selectivity for the first 

time. Four MFI membranes were prepared and three were modified with methylamine. The 

separation properties for binary carbon dioxide/hydrogen and carbon dioxide/methane 

mixtures as well as ternary carbon dioxide/hydrogen/water and carbon dioxide/methane/water 

mixtures were studied to better understand the effect of the modification procedure on the 

separation of industrially relevant mixtures. 
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Experimental

Membrane preparation 

MFI membranes with a 500 nm thick zeolite film were prepared by a procedure described 

earlier15. Graded porous -alumina disc supports with a diameter of 25 mm consisting of a 30 

μm thick top layer with a pore size of 100 nm and 3 mm thick layer with a pore size of 3 μm 

were used. The supports were masked and seeded with colloidal silicalite-1 crystals with a 

diameter of 50 nm and a film was grown by hydrothermal synthesis. The synthesis solution 

had a molar composition of 3 TPAOH: 25 SiO2: 1450 H2O: 100 EtOH and the duration of the 

hydrothermal synthesis was 36 hours.  

Membrane modification 

The membrane modification procedure was carried out in-situ in a Wicke-Kallenbach 

apparatus also used for the separation measurements. The membranes were mounted in a 

stainless steel cell and sealed with graphite gaskets (inner diameter 19 mm). Membranes were 

dried in-situ at 300 °C in flowing helium and were then cooled to 25 °C. Methyl amine gas 

(anhydrous, 98+%, Aldrich) was fed to the cell on both the feed and sweep side until amine 

was detected in the outlet by bubbling the gas through a water solution of phenolphthalein. 

The cell inlets and outlets were then kept closed for 24 hours, but every 6 hours, some more 

methylamine was fed to the cell to ensure that the cell contained pure methyl amine gas and 

the zeolite was fully saturated with amine. After 24 hours, both sides of the cell were flushed 

with helium to remove all excess amine not adsorbed in the zeolite. According to Han et al13,

an Si-N-Si linkage is formed between the amine and the zeolite when the saturated zeolite is 

heated to 50 C and for this reason, the membrane was heated to 50 C for 3 hours with a 
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heating and cooling rate of 1 C/min. Immediately after the membranes had been cooled to 

room temperature, the separation experiments were performed.  

General characterisation 

A scanning electron microscope (Philips XL30) equipped with a LaB6 emission source was 

used to study film thickness and morphology of the membranes. Prior to investigation, the 

samples were coated with a thin gold film by sputtering. 

Permeation measurements 

The single gas permeances of H2, He, N2, CO2 and SF6 were measured on all membranes 

immediately after the calcination procedure, i.e. before modification. When the furnace had 

reached a temperature of 110°C, the membranes were removed from the furnace and mounted 

in a stainless steel cell under a flow of dry nitrogen. Rubber gaskets (inner diameter 20.3 mm) 

were used during single gas experiments. The pressure at the feed side was 190 kPa and the 

permeate was kept at atmospheric pressure. The permeate flow was measured with an 

electronic flow meter (ADM 1000, J&W Scientific). 

Following the single gas permeance measurements, the membranes were mounted in a Wicke-

Kallenback apparatus and three of the four membranes (M1-M3) were modified as described 

above. After modification the membranes are denoted M1mod-M3mod. One membrane (M4) 

was not modified and was used as a reference when studying the effect of the modification on 

the separation properties of the membranes. This membrane is denoted “unmodified”.  

Mixture separation experiments were performed on the four membranes using four different 

feed compositions, labelled A-D, see Table 1. All membrane were tested with all four feed 
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mixtures, in the order A-D, without any drying or other treatment between the different feeds. 

To achieve the desired feed composition, mass flow controllers were use to mix the proper 

proportion of the different gases; and a water saturator at 20 C, through which all the gas was 

fed, was used to achieve the proper partial pressure of water in feed C and D. The feed 

pressure was atmospheric and the total flowrate was 1000 ml/min (STP). Helium at 

atmospheric pressure was used as sweep gas; 200 ml/min (STP) for M1mod-M3mod and 

1000 ml/min (STP) for M4. A thermocouple (type K) connected to the membrane cell 

recorded the cell temperature. A Varian 3800 Gas Chromatograph with helium as carrier gas, 

connected online, was used for quantitative analysis of the gas compositions. The membrane 

was equilibrated with the feed at room temperature in the beginning of each separation 

experiment. After equilibration, the measurements were started at 22-24 C and the 

temperature was increased 0.5 C/min to 100 C followed by cooling at about 0.5 C/min 

back to 22-24 C. The composition of the permeate was analyzed repeatedly every 12 minutes 

during the whole heating and cooling cycle. 

After the last separation experiment, the membranes were dried in-situ at 300 °C in flowing 

helium and n-hexane/helium adsorption-branch permporometry measurements were 

performed on all membranes. 

Table 1: Compositions of the four feeds used in the separation experiments. Partial pressure of each 
component (kPa) is given in the table. 

Feed CO2 H2 CH4 H2O
A 50.65 50.65 - - 
B 50.65 - 50.65 - 
C 49.6 49.6 - 2.1 
D 49.6 - 49.6 2.1 
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Results and discussion 

General characterisation 

            (a)      (b) 

Figure 1: Surface morphology (a) and side view (b) of a silicalite-1 film

Figure 1 (a) and (b) show surface and side view images, respectively, of a silicalite-1 film. 

The film appeared smooth and dense and the film thickness was about 550 nm.   

Figure 2: n-Hexane/helium adsorption-branch permporometry patterns for one unmodified silicalite-1 
membrane and three silicalite-1 membranes modified with methylamine (M1mod-M3mod) 
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Figure 2 shows n-Hexane/helium adsorption-branch permporometry patterns for one 

unmodified silicalite-1 membrane and three silicalite-1 membranes modified with 

methylamine (M1mod-M3mod). The measurements were performed after the separation 

measurements were finished. For the unmodified membrane, the helium flow at p/p0 = 0 was 

in good agreement with the helium permeance observed in single gas measurements. For the 

three modified membranes (M1mod-M3mod) the helium permeance at p/p0 = 0 was about 45 

% lower than for the unmodified membrane. This shows that an effect of the modification 

remains even though the membranes have been dried at 300 °C. When n-hexane vapour is 

added to the feed (p/p0 ~ 0.01) zeolite pores are blocked by n-hexane and the helium 

permeance is dramatically reduced. At this point all zeolite pores are blocked and any 

remaining helium flow is permeating through defects. As the n-hexane concentration in the 

feed is then increased (to p/p0 ~ 0.025) larger micropores are also blocked and the helium 

flow is further reduced. The helium permeance decreased 99.5 % when the relative pressure 

of n-hexane was increased from 0 to 0.01 for the unmodified membrane, which indicates that 

this membrane is of high quality. 

At relative pressures of 0.01 and higher the permeances are very similar for all membranes, 

indicating that all membranes also are of high quality and no significant defects have formed 

in the modified membranes as a consequence of the modification procedure or separation 

experiments.

Single gas permeation measurements 

Table 2 shows single gas permeances for all membranes in this study, before modifications. 

The average permeances were in accordance with previous studies on high quality membranes 

of this type16 and the four membranes had very similar permeances of all gases, with the 95 % 
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confidence intervals always within ± 4 % of the average. Thus, if three of the membranes are 

modified (M1mod-M3mod) and one is kept unmodified for comparison, the differences in 

permeation properties observed later can be attributed to the modification. 

Table 2: Single gas permeances /[10 7 mol  m 2  s 1  Pa-1] at room temperature for four 
silicalite-1 membranes, before any modification, with a P of 0.9 bar. Averages are given 
with 95 % confidence intervals. 
Membrane He H2 CO2 N2 SF6

M1 79.8 214 128 124 17.6 
M2 81.9 219 138 130 18.7 
M3 84.1 227 141 134 19.2 
M4 81.0 215 129 125 17.9 

Average 81.7 ± 1.6 218.7 ± 5.2 134.1 ± 5.4 128.3 ± 3.9 18.4 ± 0.6 

Separation experiments 

Figure 3a and b shows binary CO2/H2 permeances and separation factor for one unmodified 

and three modified membranes using a feed mixture of  50.65 kPa CO2 and 50.65 kPa H2

(feed A, see Table 1). For an unmodified membrane, the permeance of both CO2 (Figure 3a) 

and H2 (Figure 3b) varies relatively little with temperature and the permeance is the same 

during heating and cooling at all temperatures. For the modified membranes, the permeances 

of both gases are first very low at 22 C, likely because the zeolite pores are still filled with 

methylamine from the modification procedure. At low temperature, the H2 permeance was 

about 3-5 times higher than the CO2 permeance, possibly because the only open path for 

permeation is the very few defects present in the membrane. In the defects the transport is 

governed by Knudsen diffusion and the expected CO2/H2 separation factor is about 0.21, 

which fits well with the observed separation factor, which is 0.2-0.4 below 70 C (see figure 

3c). As the temperature is increased, the permeances increase slowly and at about 70 C the 

permeances begin to increase more rapidly up to 100 C. This increase in CO2 and H2
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permeance is probably caused by evaporation/desorption of methylamine from the pores, 

which results in more open zeolite pores. As the temperature is decreased, the permeance of 

both CO2 and H2 remains quite high which again indicates that some of the methylamine 

desorbed from the pores.

(a)          (b) 

(c)

Figure 3: Binary CO2/H2 permeances (a), (b) and separation factor (c), for one unmodified silicalite-1 
membrane and three silicalite-1 membranes modified with methylamine (M1mod-M3mod). The feed 
consists of 50.65 kPa H2 and 50.65 kPa CO2. Results for heating and cooling respectively are marked 
with arrows

After heating to 100 C, the permeances at 22 C were as high as  13·10 7 mol  m 2  s 1  Pa-1 

and 5·10 7 mol  m 2  s 1  Pa-1 for CO2 and H2 respectively. The permeances of both CO2 and 

H2 at 22 C are lower than for an unmodified membrane indicating that amine is still present 

in the pores after heating to 100 C, but the permeance of H2 was decreased much more (~80 
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%) compared to CO2 (~30%). This is probably explained by enhanced transport of CO2 due to 

increased CO2 adsorption in the modified membranes. Due to this large decrease in H2

permeance, the CO2/H2 separation factors (figure 3c) for the modified membranes are around 

2.2 at 22 C, compared to 0.6 for an unmodified membrane.  

  (a)        (b) 

Figure 4: Binary CO2/CH4 permeances (a) and separation factor (b) for one unmodified silicalite-1 
membrane and three silicalite-1 membranes modified with methylamine (M1mod-M3mod). The feed 
consists of 50.65 kPa CH4 and 50.65 kPa CO2. Results for heating and cooling respectively are marked 
with arrows

Figure 4a shows binary CO2/CH4 permeances using a feed mixture of 50.65 kPa CO2 and 

50.65 kPa CH4 (feed B, see Table 1). For an unmodified membrane the CO2 permeance is 

similar to that for feed A. The CH4 permeance is slightly lower than the CO2 permeance, 

likely due to the slightly larger kinetic diameter of CH4 (3.8 Å compared to 3.3 Å for CO2)17

and/or the weaker adsorption of CH4 in the zeolite compared to CO2. Thus, the separation 

factor CO2/CH4 (figure 4b) for the unmodified membrane is just slightly above 1 over the 

whole temperature range. For the modified membranes, the permeances of CO2 and CH4 are 

reduced about 30% and 75%, respectively. The permeances were slightly higher during 

cooling than heating, indicating that a small amount of amine was desorbed from the zeolite 

during the experiment, although the membranes already had been heated to 100 C in the 
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previous experiment (feed A). Similarly to feed A, the separation factor CO2/CH4 was 

increased by the modification from about 1.2 to about 3.3 at 22 C (see figure 4b). 

  (a)          (b) 

  (c)          (d) 

Figure 5: Ternary CO2/H2/H2O permeances (a)-(c) and separation factor CO2/H2 (d) for one 
unmodified silicalite-1 membrane and three silicalite-1 membranes modified with methylamine 
(M1mod-M3mod). The feed consists of 49.6 kPa H2, 49.6 kPa CO2 and 2.1 kPa H2O. Results for 
heating and cooling respectively are marked with arrows  

Figure 5 shows ternary CO2/H2/H2O permeances (a)-(c) and separation factor CO2/H2 (d) 

using a feed mixture of 49.6 kPa CO2, 49.6 kPa H2 and 2.1 kPa H2O (feed C, see Table 1). For 

an unmodified membrane, the CO2 permeance at 22 C was about 20 % lower than for feed 

A, indicating that the water did not block the permeation of CO2 to a very large extent, even at 

low temperature. However, the H2 permeance was reduced as much as 85 % at 22 C due to 
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water blocking the zeolite pores. There may be several reasons why H2 is blocked to a larger 

extent by water in the pores: CO2 adsorbs stronger in the zeolite than H2 and may be 

transported by surface diffusion through the pores despite the presence of water. CO2 is also 

much more soluble in water than H2 and may be transported in the water by a solution-

diffusion mechanism. Thus, the water in the feed makes the membrane much more carbon 

dioxide selective versus hydrogen. This phenomenon has been observed before by our group18

and has been denoted “sorption enhanced separation” to indicate that a third component, in 

this case water, is enhancing the separation of the two other components, in this case CO2 and 

H2 by adsorption/absorption effects. The unmodified membrane, which was H2 selective in 

the absence of water in the feed, is CO2 selective in the presence of water at low temperature, 

with a maximum CO2/H2 separation factor of 2.9 at 22 C.

In the modified membranes, the permeance of both H2 and CO2 was as low as about 1·10 7

mol  m 2  s 1  Pa-1  at 22 C for feed C, indicating that pores were almost completely 

blocked by water. This may be explained by a combination of the smaller effective pore size 

in the presence of methylamine on the pore walls and stronger water adsorption in the 

modified zeolite. The permeance of water through the modified membrane at 22 C is 

extremely low, about 1·10 8 mol  m 2  s 1  Pa-1 compared to about 3·10 7 mol  m 2  s 1  Pa-

1 for an unmodified membrane, perhaps because the water is blocked or adsorbed too hard at 

low temperature in the presence of amine in the zeolite. The permeance of CO2 increases with 

increasing temperature from 22 C, up to about 60 C where it reaches a stable value. 

However, the H2 permeance remains low up to almost 60 C and then begins to increase. 

For an unmodified membrane, the CO2/H2 separation factor (see figure 5d) has its maximum 

at 22 C and the trend indicates that it would be even higher at lower temperature. For the 
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modified membranes, the maximum has been shifted to higher temperature and the highest 

separation factor, 6.5, is observed at 60 C, with a CO2 permeance of about 10·10 7 mol  m 2

 s 1  Pa-1. It is reasonable that this could be explained by stronger adsorption of water and 

CO2 in the modified zeolite.

A very interesting observation is that during cooling the permeances of all gases are higher 

than during the heating, but at 22 C the permeances are identical. This behaviour is probably 

caused by hysteresis effects in the adsorption/desorption of water in the zeolite. The same 

effect can be observed in the unmodified membrane, but to a much smaller extent.       

  (a)          (b) 

Figure 6: Ternary CO2/CH4/H2O permeances (a) and separation factor CO2/CH4 (b) for one 
unmodified silicalite-1 membrane and three silicalite-1 membranes modified with methylamine 
(M1mod-M3mod). The feed consists of 49.6 kPa CH4, 49.6 kPa CO2 and 2.1 kPa H2O. Results for 
heating and cooling respectively are marked with arrows  

Figure 6 shows ternary CO2/CH4/H2O permeances (a) and separation factor CO2/CH4 (b) 

using a feed mixture of 49.6 kPa CO2, 49.6 kPa CH4 and 2.1 kPa H2O (feed D, see Table 1). 

Generally, the results for feed D were very similar to the results for feed C, but the permeance 

of CH4 in feed D was lower than for H2 in feed C, likely due to the larger kinetic diameter of 

CH4 compared to H2. Both before and after modification, the CO2/CH4 separation factor was 

higher than the CO2/H2 separation factor. For an unmodified membrane, the maximum 
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CO2/CH4 separation factor was 4.5 and was observed at 22 C. For the modified membranes 

the maximum was observed at about 40 C and was as high as 12 with a CO2 permeance as 

high as 9·10 7 mol  m 2  s 1  Pa-1.

The observed CO2/H2 and CO2/CH4 separation factors are some of the very highest observed 

on MFI membranes. Although the modification procedure reduces the permeances of all 

gases, the CO2 permeance is still high compared to other membrane types such as SAPO-34 

or DDR. Thus, it is probably possible to further increase the CO2 selectivity of MFI 

membranes by the use of e.g. other amines and still have a reasonable permeance.   

Conclusions

Silicalite-1 membranes were successfully prepared and modified methylamine in-situ in a 

membrane cell. The membranes were all of high quality and n-hexane/helium adsorption-

branch permporometry indicated that the membranes retained their high quality after the 

modification procedure. The modification procedure had dramatic effects on the separation 

factors and permeances in multi component separation experiments. The presence of water in 

the feed increased the CO2/H2 and CO2/CH4 separation factors and the highest separation 

factors were observed for ternary mixtures and were 6.5 for CO2/H2 (at 60 C) and 12 for 

CO2/CH4 (at 40 C), with a CO2 permeance as high as 9·10 7 mol  m 2  s 1  Pa-1 for the 

CO2/CH4/H2O mixture. The separation properties obtained after modification with 

methylamine show that this procedure clearly increases the CO2 selectivity of silicalite-1 

membranes. The separation factors are consistent with previously reported MFI membranes, 

and even though the modification reduces the CO2 permeance significantly it is still higher 

than for other selective MFI membranes. 
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a b s t r a c t

In permporometry analysis of zeolite membranes, the permeance of a non-adsorbing gas, such as helium,
is measured as a function of pressure of a strongly adsorbing compound, such as n-hexane in the case of
silicalite-1 membranes. The adsorbing compound effectively blocks the transport of the non-adsorbing
gas already at very low activity of the adsorbing compound. The plot of the permeance of the non-
adsorbing gas as a function of relative pressure of the adsorbing compound is denoted a permporometry
pattern. The present work is based on experimental data for a number of thin MFI membranes with a film
thickness ranging from 300 to 1800 nm. An adsorption-branch permporometry experiment is simple and
straightforward and after activation of the membrane by removing adsorbed species at 300 ◦C in a flow
of dry gas, a full permporometry pattern is recorded within about 7 h for such membranes. It is shown
how the distribution of flow-through defects can be estimated from the permporometry pattern using a
simple model for permeation based on Knudsen diffusion. The estimated defect distribution is supported
by SEM observations. In addition, the permeance of the non-adsorbing gas through defects measured
in permporometry can be used to predict the permeance of molecules diffusing through defects in the
membrane in mixture separation experiments and also indicate the separation factor. For instance, the
helium permeance through defects in an MFI membrane measured by helium/n-hexane permporometry
at room temperature can be used to estimate the permeance of 2,2-dimethylbutane (DMB) in a mixture
separation experiment at a higher temperature with a feed containing both DMB and n-hexane by assum-
ing Knudsen diffusion for both helium and DMB in the defects. Also, the separation factor ˛n-hexane/DMB

in a mixture separation experiment at a certain temperature with an MFI membrane with a given defect
distribution can be estimated from n-hexane/helium permporometry data recorded at the same tempera-
ture through an empirical correlation. In summary, adsorption-branch permporometry is a very effective
tool for analysis of thin zeolite membranes, that in short time gives data that can be used to estimate the
distribution of flow-through defects in the membrane and to estimate the transport of large molecules
through defects in separation experiments and also estimate separation performance.

© 2009 Elsevier B.V. All rights reserved.

1. Introduction18

Zeolite membranes have the potential to achieve both high19

flux and selectivity due to the well defined micropores in the20

zeolite crystals as demonstrated in recent publications. One exam-21

ple is the MFI membranes prepared by Tsapatsis and co-workers22

[1]. The MFI crystals were b-oriented and the film thickness23

was about 1 �m. These membranes have a separation factor of24

about 400 for a mixture of p/o-xylene and a p-xylene perme-25

ance of about 2 × 10−7 mol m−2 s−1 Pa−1 at 200 ◦C. Our group has26

also reported MFI membranes with very high flux and selec-27

tivity [2]. These membranes had a 500 nm thick film on a28

graded alumina support. A separation factor of 227 for a n-29

hexane/2,2-dimethylbutane mixture and a n-hexane permeance30

∗ Corresponding author. Tel.: +46 920 492105; fax: +46 920 491199.
E-mail address: Jonas.Hedlund@ltu.se (J. Hedlund).

of 6 × 10−7 mol m−2 s−1 Pa−1 at 400 ◦C was reported [2]. The H2 31

permeance for the latter membranes at room temperature was as 32

high as about 220 × 10−7 mol m−2 s−1 Pa−1, which is unparalleled 33

by permeances reported for other zeolite membranes. To obtain 34

high separation factors, the membranes must practically be defect 35

free. However, in the case of MFI membranes supported on alumina, 36

cracks may form during the calcination process [3]. The MFI crystals 37

experience a weak contraction at about 175 ◦C (dehydration) and a 38

strong contraction in the temperature range 275–500 ◦C (template 39

removal) while the alumina support expands. Depending on how 40

well the MFI crystals are intergrown, this difference in thermal con- 41

traction/expansion may result in stress in the composite and crack 42

formation [3]. In the development of defect free membranes, an 43

effective characterization tool for flow-through defects is essen- 44

tial. Electron microscopy may be useful, but only defects visible at 45

the surface of the samples can be characterized nondestructively 46

by SEM. If the observed defects are in the form of cracks or pin- 47

holes, such defects are likely flow-through defects. However, open 48

0376-7388/$ – see front matter © 2009 Elsevier B.V. All rights reserved.
doi:10.1016/j.memsci.2009.09.012
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grain boundaries in the micropore range are difficult to observe by49

SEM due to the limited resolution and the question if any observed50

open grain boundaries on the surface of the membrane actually are51

flow-through defects remains unanswered. Non-destructive imag-52

ing of grain boundaries by fluorescence confocal optical microscopy53

(FCOM) was demonstrated [4] a few years ago. In FCOM, grain54

boundaries are impregnated with fluorescent molecules and these55

molecules are viewed by confocal microscopy. A great advantage56

with FCOM is that the grain boundaries can be viewed across the57

entire cross-section of the membrane in a non-destructive manner58

and it is thus possible to identify flow-through defects. However,59

a disadvantage is the limited lateral and axial resolution of about60

0.25 and 0.5 �m, respectively. This is close to or greater than the61

grain size and thickness of the zeolite layer in high flux zeolite mem-62

branes [1,2] and FCOM is thus only useful for relatively thick zeolite63

membranes. Various forms of a non-destructive technique denoted64

Permporometry have been developed for characterization of flow-65

through pores in ceramic membranes [5–10]. This technique was66

adapted to analysis of zeolite membranes by researchers at Exxon,67

which first was presented at a conference [11] and more recently,68

the extension of the technique for determination of adsorption con-69

stants has been described [12]. In this technique, the permeance of70

a non-adsorbing gas such as helium is measured as a function of71

pressure of a strongly adsorbing compound such as n-hexane that72

effectively blocks the transport of the non-adsorbing gas through73

zeolite pores already at low activity of the adsorbing compound.74

First, the permeance through zeolite pores and defects of the non-75

adsorbing gas is measured for a dry membrane at zero pressure76

of the adsorbing compound (point 1). Then, a low pressure of the77

adsorbing compound is introduced in the feed and the permeance78

of the non-adsorbing gas is measured at steady state (point 2). It79

is important that the adsorbing compound completely blocks the80

transport of the non-adsorbing gas through the zeolite pores at81

point 2, and at the same time leaves as much of the defects larger82

than zeolite pores open. This calls for the use of a compound that83

is adsorbing strongly in the zeolite, such as n-hexane in the case84

of silicalite-1 membranes and water for polar zeolite membranes85

such as zeolite A and FAU. In this case, the remaining permeance86

of the non-adsorbing gas in the presence of the adsorbing com-87

pound at point 2 will stem from transport of the non-adsorbing88

gas through defects that are larger than the pore size estimated89

from the pressure of the adsorbing compound by for instance the90

Horvath–Kawazoe (H–K) potential function [13]. The pressure of91

the adsorbing compound is then increased step-wise (points 3, 4,92

5, . . .) and the permeance of the non-adsorbing gas is measured93

at steady state. The corresponding pore size at these points can be94

estimated using for instance the Kelvin equation. This data, i.e. per-95

meance of non-adsorbing gas and corresponding pore sizes can be96

used to estimate a defect distribution in the membrane.97

We have reported the synthesis and testing of various types98

of zeolite membranes with varying morphology during sev-99

eral years [2,14,15]. The conclusions have partially been based100

on permporometry data. More recently, other groups have also101

employed the technique for characterization of zeolite mem-102

branes and a few examples are given in the reference list103

[16–19].104

Based on our long experience with the technique [2,14,15], 105

the present work describes the use of adsorption-branch 106

n-hexane/helium permporometry at room temperature for char- 107

acterization of flow-through defects in a range of MFI membranes 108

with varying morphology as observed by SEM. Based on new data, 109

the present work will also illustrate how permporometry can be 110

used to estimate the distribution of flow-through defects in a zeo- 111

lite membrane and predict permeance of molecules that are mainly 112

permeating through defects in the same zeolite membrane in sep- 113

aration experiments and, based on permporometry data, estimate 114

the mixture separation performance of the zeolite membranes for 115

the first time. In summary, the present work will show that n- 116

hexane permporometry is an excellent characterization tool for MFI 117

zeolite membranes. 118

2. Experimental 119

2.1. Membrane preparation 120

MFI membranes with varying film thickness were grown on 121

masked or non-masked graded supports as described earlier [2,15]. 122

The sample codes and preparation procedure are summarized in 123

Table 1. In membranes of types U72, U30 and M72, cracks form 124

reproducibly, which has been discussed in detail in earlier work. 125

The observed crack widths by SEM for these membranes are given 126

in Table 1. In membranes grown on unmasked supports (sam- 127

ple code starts with U) the cracks are wider than in membranes 128

grown on masked supports (sample codes starts with M) at a given 129

film thickness. The film thickness is controlled by the duration 130

of hydrothermal treatment in hours (indicated in the membrane 131

code). The cracks are wider in thicker films. For membranes with 132

thin films grown on masked supports of types M30 [2] and M30R 133

[14], no cracks are observed by SEM. Open grain boundaries are 134

introduced by 30 days rinsing in 0.1 M NH3 in membranes of type 135

M30R as discussed in detail before [14]. 136

2.2. Single gas permeation experiments 137

Single gas permeance data were recorded at room temperature 138

directly after calcination of the membranes using a feed pressure 139

of 0.8 bar and atmospheric permeate pressure. 140

2.3. Permporometry 141

Adsorption-branch n-hexane/helium permporometry data 142

were recorded for all membranes at room temperature using the 143

experimental setup outlined in Fig. 1. 144

The membrane was first mounted in a stainless steel cell using 145

graphite gaskets (Eriks, The Netherlands) for sealing. The mem- 146

branes were heated to 300 ◦C overnight in a flow of dry helium 147

and then cooled to room temperature. The feed pressure was then 148

adjusted to 0.5–1.0 bar, depending on the permeance, using a pres- 149

sure regulator of membrane type (Moore Products CO, Model 63 150

SU-L). The feed pressure was continuously recorded with a pressure 151

meter (Chrompak FP-meter Model FP-407) connected to a com- 152

puter. The permeate was kept at atmospheric pressure. Helium 153

Table 1
Sample codes, preparation procedures and SEM observations.

Membrane code Support masking Duration of hydrothermal
treatment (h)

Rinsing procedure SEM film thickness (nm) Defects observed by SEM Reference

U72 No 72 0.1 M NH3; ∼24 h 1800 30 nm cracks and support cracks [15]
U30 No 30 0.1 M NH3; ∼24 h 900 15 nm cracks [15]
M72 Yes 72 0.1 M NH3; ∼24 h 1100 10–15 nm cracks [15]
M30 Yes 30 0.1 M NH3; ∼24 h 500 No cracks [15,20]
M30R Yes 30 0.1 M NH3; 30 days 300 Pinholes [14]
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Fig. 1. Experimental setup for adsorption-branch permporometry.

gas (AGA 99.999%) was fed to the membrane via two mass flow154

controllers (Bronkhorst HI-TEC). One of the helium streams was155

saturated with n-hexane (Alfa Aesar, 99%), p-xylene (Aldrich, anhy-156

drous, >99%) or benzene (Fluka, ≥99.5%) by bubbling through two157

saturators, the first kept at room temperature and the second in a158

water bath kept at lower temperature, i.e. 17.2 ± 0.1 ◦C controlled159

by a thermostat. The two helium streams were mixed to arrive at160

the required relative pressure of hydrocarbon.161

Increasing concentrations of hydrocarbon was added to the feed162

and the helium permeance was continuously recorded using a dig-163

ital flow meter (Chrompak FP-meter Model FP-407) connected to164

a computer. When steady state flow was reached, the flow was165

measured with a suitable soap bubble flow meter. The helium flow166

measured with the soap bubble flow meter was used in subsequent167

calculations. A relative pressure of n-hexane of about 0.025 or 0.01168

was chosen at point 2, in early work and later work, respectively,169

in order to ensure that the MFI zeolite is completely blocked by170

n-hexane. These relative pressures of n-hexane corresponds to a171

defect size of about 1.9 nm or 1.7 nm, respectively, (see Section172

3) and defects that are larger than this can thus be characterized173

by these permporometry experiments. The relative pressure of n-174

hexane was then increased stepwise to about 0.025, 0.1, 0.2, 0.4,175

0.7 and 1 and the helium permeance at steady state was measured.176

The thickness of the adsorbed layer (t) at a given pressure (pi) of177

n-hexane was estimated using the Harkins–Jura (HJ) equation [21]:178

t =
√

C

B − lg(p/p0)
(1)179

The constants B (−0.04) and C (16.77 Å2) were fitted to reported180

thickness of adsorbed layer of n-hexane at corresponding relative181

pressure of n-hexane for silicalite-1 [22].182

For defects narrower than 2 nm, the Horvath–Kawazoe (H–K)183

equation [23] was used to estimate the width of defects (d0) blocked184

by n-hexane at given pressure:185

RT ln
(

p

p0

)
=�HADS

d−d0

[
�10

9d9
0

− �4

3d3
0

− �10

9(2d−d0)9
+ �4

3(2d−d0)3

]
, (2)186

di = 2d − ds, (2a)187

d0 = ds + da

2
, (2b)188

where di is the pore diameter, ds the diameter of a surface atom189

in the zeolite pores, da the diameter of n-hexane, d the slit pore190

half width, � the zero interaction energy distance, � = (2/5)1/6d0,191

�HADS the isosteric heat of adsorption (�HADS for silicalite-1 is192

71.8 kJ mol−1 [24]) and p/p0 is the relative pressure of the hydro-193

carbon.194

For defects wider than 2 nm, the Kelvin equation [21] was used195

to estimate the width of defects (d0) blocked by n-hexane at the196

given pressure: 197

ri = −2�Vm

RT ln(p/p0)
, (3) 198

where ri is the radius of pores, � the surface tension of hydrocar- 199

bon (for n-hexane � is 1.84 × 10−2 N m−1 [25]) and Vm is the molar 200

volume of hydrocarbon (for n-hexane Vm is 1.31 × 10−4 m3 mol−1). 201

Since adsorption occurs before capillary condensation, the 202

width of defects (di) was estimated by summing the HK (dHK) or 203

Kelvin diameter (dK) and the thicknesses of the two adsorbed lay- 204

ers: 205

di = dHK + 2t (for pores < 2 nm), (4) 206

di = dK + 2t (for pores > 2 nm). (4a) 207

It should be noted that the defects in the zeolite membrane is in 208

the form of cracks and open grain boundaries [4,15], i.e. the defects 209

are likely slit shaped. The HK equation is derived for slit-shaped 210

pores and is thus appropriate to use. However, the Kelvin equation 211

is derived for circular pores. Nevertheless, the width of defects esti- 212

mated by Eq. (4a) from permporometry data is in good agreement 213

with SEM observations (see below), which justify the use of the 214

Kelvin equation. The flux through defects was assumed to follow 215

Fick’s law: 216

J = −DK

RT

dp

dz
, (5) 217

where dp/dz is the pressure gradient across the membrane. The 218

area Ai of defects with widths in an interval di–di+1 was estimated 219

from the measured molar helium flows Fi and Fi+1 at equilibrium at 220

n-hexane pressures pi and pi+1, respectively: 221

Ai = Fi − Fi+1

J
. (6) 222

The Knudsen diffusion coefficient DK,i allowing for the constric- 223

tion factor (ϕp) and the tortuosity (�̃) was estimated from the 224

relation [21]: 225

DK,i = �p3.068ri

�̃

√
T

M
, (7) 226

which is valid for cylindrical pores with radius ri. As pointed out 227

above, the defects are in the form of cracks and open grain bound- 228

aries and not cylindrical pores. However, since Eq. (4a) is used to 229

estimate the widths of defects, it is appropriate to use Eq. (7) to esti- 230

mate the Knudsen diffusion coefficient. The radius ri was taken as 231

half of the average defect width in the interval under consideration: 232

ri = di + di+1

4
(8) 233

Fig. 2 shows adsorption isotherms for a few hydrocarbons in MFI 234

zeolite. It illustrates that n-hexane is adsorbing and saturates MFI 235
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Fig. 2. Adsorption isotherms for various hydrocarbons in MFI zeolite [26,27].

zeolite at a relative pressure of n-hexane of about 0.001. In addition,236

about 8 n-hexane molecules per unit cell are present at saturation.237

The transport of the non-condensable gas should thus be com-238

pletely blocked at a relative pressure of n-hexane of about 0.001. In239

principle, the relative pressure at point 2 could thus be set as low as240

0.001 in n-hexane permporometry using a MFI membrane, which241

corresponds to a defect size of about 1.5 nm (Eq. (4)). The smallest242

defects in MFI membranes that can be characterized by n-hexane243

permporometry are thus >1.5 nm if 8 molecules per unit cell are244

needed to block the transport of helium completely. However, our245

current experimental setup is not designed to accurately control246

such low relative pressures of n-hexane, and we have thus cho-247

sen 0.01 as the relative pressure in point 2. n-Pentane is probably248

also a very suitable hydrocarbon for permporometry characteri-249

zation of MFI zeolite membranes, since the adsorption isotherm250

for n-pentane is similar to the one for n-hexane. Also n-heptane251

and p-xylene seems to be useful adsorbates, if the relative pres-252

sure at point 2 is 0.01 or higher. Based on the adsorption isotherm,253

it is uncertain if benzene is a suitable adsorbing compound in254

permporometry analysis of MFI membranes. If the relative pres-255

sure at point 2 is taken as 0.01, only 4 molecules of benzene per256

unit cell will be absorbed. However, if this is sufficient to block the257

MFI pores completely for helium transport, benzene may also be258

useful for permporometry characterization of MFI membranes.259

2.4. Separation experiments260

After completion of the permporometry experiment, the feed261

was changed to a mixture of 11 kPa n-hexane, 11 kPa 2,2-262

dimethylbutane (Fluka, ≥99%) with helium balance to 101 kPa and263

mixture separation experiments were carried out using 101 kPa264

helium as a sweep gas. The membrane was first equilibrated with265

the feed overnight at room temperature and the following day, the 266

measurement started at 25 ◦C and the temperature was increased 267

to about 350 ◦C with a heating rate of 0.5 ◦C/min. The permeate 268

was analyzed every 22 min using a GC (Varian chrompack CP-3800) 269

connected on-line. The separation factor ˛n-hexane/DMB was then 270

calculated from: 271

˛n-hexane/DMB = yn-hexane/yDMB

xn-hexane/xDMB
, (9) 272

where x and y are the molar fractions of n-hexane and DMB in the 273

feed and permeate respectively. 274

2.5. An attempt to estimate DMB transport in mixture separation 275

experiments from He permeance recorded in permporometry 276

experiment by a simple model 277

The corresponding relative pressure (p/p0)m in the mixture in 278

the separation experiment was estimated from the pressure of n- 279

hexane (pn-hexane) and DMB (pDMB) in the feed using Raoult’s law 280

[28]: 281(
p

p0

)
m

= pn-hexane + pDMB

xn-hexanepn-hexane
0 + xDMBpDMB

0

. (10) 282

Since the feed composition was 11 kPa n-hexane, 11 kPa 2,2- 283

dimethylbutane, this corresponds to a relative pressure of 0.86 284

at room temperature according to Eq. (10). Analogous to the 285

permporometry experiment, defects smaller than about 30 nm (Eq. 286

(4a)) will thus be blocked for gas flow in the separation experiment 287

at room temperature, see Fig. 3. 288

Since the diffusivity of DMB in the zeolite pores has been 289

reported as small as 4.6 × 10−20 m2 s−1 [29], the DMB flow through 290

zeolite pores in the membrane should be as small as about 291

1 × 10−15 mol s−1 at room temperature in the separation experi- 292

ment. Using the Wilke–Chang equation [30], the DMB diffusivity in 293

liquid phase was estimated to 3.6 × 10−9 m2 s−1. The Wilke–Chang 294

equation can be used to estimate diffusivities in ordinary liquids 295

and it is possible that the DMB diffusivity in the liquid phase 296

that has condensed in defects smaller than 30 nm in the zeolite 297

membrane may be even smaller. However, by using this diffusiv- 298

ity, the DMB transported in the liquid phase that has condensed 299

in defects smaller than 30 nm (see Fig. 3) should be as small as 300

about 5 × 10−10 mol s−1 for a membrane with a defect distribution 301

according to Table 3 at room temperature. The Knudsen diffusiv- 302

ity for DMB in defects larger than 30 nm is 2.8 × 10−6 m2 s−1 (Eq. 303

(7)). The Knudsen flow of DMB through defects larger than 30 nm 304

that are open (free of condensed phase), see Fig. 3, is thus about 305

5 × 10−9 mol s−1, which is several orders of magnitude larger than 306

the DMB flow through zeolite pores and also about one order of 307

magnitude larger than DMB flow through liquid condensed in the 308

defects. Therefore, at room temperature, the flow of DMB through 309

zeolite pores and the DMB flow through liquid phase condensed in 310

defects can be neglected compared to the flow of DMB transported 311

by Knudsen diffusion through the open defects. Furthermore, this 312

Fig. 3. Schematic representation of DMB transport through an MFI membrane in separation experiments.
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should also be true for our separation experiments at higher tem-313

peratures. Since the feed composition is kept constant and the314

temperature is increased during the separation experiment, the315

relative fraction of open defects will increase and the relative frac-316

tion of defects blocked by liquid phase will decrease, and transport317

of DMB by Knudsen diffusion in gas phase via open defects will318

dominate.319

The DMB flow (FDMB) at a certain temperature (Tseparation) and320

thus a certain relative pressure (p/p0i
) in the separation experiment321

was therefore estimated from permporometry data by interpolat-322

ing (see Eq. (11)) the helium flow (Fp/p0i±1He ) in the permporometry323

experiment at room temperature (Tpermporometry) measured at324

lower relative pressure (p/p0i−1
) than p/p0i

and at higher relative325

pressure (p/p0i+1
) than p/p0i to the helium flow (Fp/p0iHe ) at p/p0i .326

Fp/p0iHe = Fp/p0i+1He + Fp/p0i+1He − Fp/p0i−1He

p/p0i+1
− p/p0i−1

(
p

p0i

− p

p0i−1

)
. (11)327

The DMB flow (FDMB) in the separation experiment was esti-328

mated by scaling the helium flow at p/p0i
assuming Knudsen329

diffusion and accounting for differences in temperature, driving330

force and differences in molecular weight between helium and331

DMB:332

FDMB = Fp/p0
He

√
MHe

MDMB

Tpermporometry

Tseparation

�PDMB

�PHe
, (12)333

where FDMB is the estimated DMB flow in the separation exper-334

iment, Fp/p0iHe the He flow in the permporometry experiment at a335

certain relative pressure of n-hexane, MHe the molecular weight of336

He, MDMB the molecular weight of DMB, Tpermporometry the tempera-337

ture in the permporometry experiment, Tseparation the temperature338

in the separation experiment, �PDMB the partial pressure difference339

of DMB across the membrane in the separation experiment and340

�PHe is the partial pressure difference of He across the membrane341

in the permporometry experiment.342

2.6. Electron microscopy343

The membranes were characterized by SEM using a Philips XL344

30 instrument with LaB6 electron gun after gold coating by sputter-345

ing. Since the events leading to crack formation likely are occurring346

at high temperatures, i.e. at 175 ◦C (dehydration) and 275–500 ◦C347

(template removal) [3] during calcination of the membrane as348

described above, it is unlikely that new cracks formed during sam-349

ple preparation for SEM analysis.350

Fig. 4. Permporometry raw data for membrane M305 of type M30.

3. Results and discussion 351

3.1. Permporometry pattern and defect distribution 352

Fig. 4 shows the recorded helium flow as a function of time dur- 353

ing a permporometry experiment for membrane M305 of type M30 354

with high quality. A helium flow of 345 ml min−1 is recorded ini- 355

tially, at p/p0 = 0. When some hydrocarbon vapour is introduced in 356

the feed (p/p0 ∼ 0.01), steady state is reached after about 25 min 357

(the plateau at about 7000 s indicated p/p0 = 0.01), and the helium 358

flow is reduced to about 2.6 ml min−1 due to blockage of zeo- 359

lite pores and some micropores by n-hexane (see below). After 360

increasing the n-hexane concentration in the feed (p/p0 ∼ 0.02), the 361

helium flow is reduced further to about 1.8 ml min−1 due to block- 362

age of larger micropores. As the relative pressure of n-hexane is 363

increased stepwise to 0.99, the helium flow is reduced further and 364

the duration of the whole experiment (counting from introduction 365

of hydrocarbons at p/p0 ∼ 0.01 until steady state at p/p0 ∼ 0.99) is 366

about 7 h. 367

3.2. SEM observations and permporometry patterns 368

Fig. 5a shows a SEM top-view image of a membrane of type U72. 369

Cracks with a width of about 30 nm are observed. These cracks are of 370

both inter- and trans-granular type, i.e. the cracks propagate both 371

in grain boundaries and through grains. It should be noted that 372

these cracks are far apart and high magnification is required to dis- 373

Fig. 5. Top view (a) and cross-sectional (b) SEM images of membrane U72.
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Fig. 6. n-Hexane/helium adsorption-branch permporometry patterns for mem-
branes of types U72, U30, M72, M30 and M30R.

cover the defects. However, the cracks are easy to find for a skilled374

SEM operator used to work with zeolite membranes. In addition,375

the cracks are evenly distributed with regular spacing between the376

cracks over the entire membrane surface. Fig. 5b shows a cross-377

sectional image of the membrane, which illustrates that at least378

some of the cracks propagate throughout the entire zeolite film,379

even into the support, i.e. support cracks.380

The n-hexane/helium adsorption-branch permporometry pat-381

tern for a membrane of type U72 is shown in Fig. 6, please note the382

logarithmic y-scale. In addition to the drop in helium permeance383

when the zeolite pores are blocked (i.e. when p/p0 is increased from384

zero to about 0.025), a significant drop in helium permeance is only 385

observed in the relative pressure range above 0.78, which corre- 386

sponds to defects with a width larger than 19 nm (estimated using 387

Eqs. (2)–(4a)). This corresponds well to the crack width of about 388

30 nm observed by SEM. The helium permeance at p/p0 ∼ 1 is as 389

high as 6 × 10−7 mol m−2 s−1 Pa−1, which indicates the presence of 390

larger defects, that apparently cannot be blocked by condensation 391

of n-hexane, such as support cracks, as observed by SEM. 392

Fig. 7 shows SEM images of membrane U30. In this case, cracks 393

with a width of about 15 nm, but no support cracks, are observed. 394

In the permporometry pattern, a large drop in permeance is 395

observed in the relative pressure range p/p0 > 0.73, which corre- 396

sponds to defects with a width larger than 15 nm, in agreement with 397

SEM observations. Furthermore, the helium permeance at p/p0 ∼ 1 398

is as low as 0.09 × 10−7 mol m−2 s−1 Pa−1, which indicates that no 399

larger defects, such as support cracks should be at hand, in agree- 400

ment with SEM observations. 401

Fig. 8 shows SEM images of membrane M72. In this case, 402

cracks with a width of about 10–15 nm and no support cracks 403

are observed. In the permporometry pattern, a significant per- 404

meance drop is only observed in the relative pressure range 405

0.22 < p/p0 < 0.75, which corresponds to defects with a width 406

between 3.6 and 16 nm, in perfect agreement with SEM observa- 407

tions. 408

Fig. 9 shows SEM images of membrane M30. In this case, no 409

defects are observed by SEM. The permporometry pattern for this 410

membrane type is also very flat in the whole relative pressure range 411

0.025 < p/p0 < 1, i.e. very small amounts of defects are detected by 412

permporometry in agreement with SEM observations. However, a 413

defect distribution for this type of membrane, which mostly con- 414

tains defects that are too small to be detected by SEM, can be 415

estimated from permporometry data, see below. 416

Fig. 7. Top view (a) and cross-sectional (b) SEM images of membrane U30.

Fig. 8. Top view (a) and cross-sectional (b) SEM images of membrane M72.
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Fig. 9. Top view (a) and cross-sectional (b) SEM images of membrane M30.

Table 2
Lengths of the unit cell axes in empty MFI crystals in a powder and after loading with about 8 eight molecules of p-xylene, benzene and n-hexane, respectively.

Empty [32] 8 p-xylene [33] 8 benzene [32] Approximately 8 n-hexane [34]

a (Å) 20.101 20.120 19.996 19.911

b (Å) 19.872 19.827 19.935 20.135

c (Å) 13.365 13.435 13.427 13.408
Difference in a (%) – 0.09 −0.52 −0.95
Difference in b (%) – −0.23 0.32 1.32
Difference in c (%) – 0.52 0.46 0.32
Unit cell volume change (%) – 0.39 0.26 0.69

Fig. 10 shows SEM images of membrane M30R. The zeolite417

film thickness after synthesis in this membrane is somewhat less418

(400 nm) than in membranes of type M30 (500 nm), which is prob-419

ably due to that other chemicals were used during the synthesis of420

membrane M30R. Membrane M30R has been rinsed for 30 days in421

a 0.1 M NH3 solution prepared from silicate free water (distilled in422

a Teflon apparatus), which was replaced every day. This treatment423

dissolved some of the zeolite film, which reduced the film thick-424

ness to about 320 nm after rinsing, and opened grain boundaries425

between the crystals, as discussed elsewhere [14]. However, no426

defects or open grain boundaries are observed by SEM, as illustrated427

in Fig. 10.428

The permporometry pattern for membrane M30R is shown in429

Fig. 6. A significant permeance drop is observed in the whole rela-430

tive pressure range up to p/p0 = 0.69, which corresponds to defects431

with a diameter smaller than 13 nm. Since these defects obvi-432

ously not are cracks, but rather open grain boundaries between433

the crystals, it is difficult to observe these defects by SEM,434

as illustrated in Fig. 10. The helium permeance at p/p0 ∼ 1 is435

1.4 × 10−7 mol m−2 s−1 Pa−1, which indicates the presence of a few436

larger defects, which apparently cannot be blocked by condensa- 437

tion of n-hexane. Pinholes were observed by SEM. 438

In summary, the excellent agreement between SEM observa- 439

tions and defect widths estimated from permporometry data using 440

Eqs. (4) and (4a) demonstrates that n-hexane permporometry is a 441

very effective and accurate characterization tool for flow-through 442

defects in MFI membranes. 443

In a recent paper from Falconer and co-workers [19], it is cor- 444

rectly pointed out that n-hexane expands calcined MFI crystals to 445

some extent. Table 2 shows the unit cell axes lengths for calcined 446

powders of MFI zeolite as well as MFI zeolite powder loaded with 447

approximately eight molecules of p-xylene, benzene and n-hexane, 448

respectively. Some of the axes expand while others contract upon 449

hydrocarbon adsorption. However, the unit cell volume of MFI zeo- 450

lite powder is increasing about 0.7% by adsorption of n-hexane at 451

room temperature. It should be noted that in a supported zeolite 452

film such in a membrane, the crystals may behave differently than 453

in a powder as recently reported by our group [31]. The different 454

behaviour of crystals in a supported film may be caused by both 455

the bonding of the crystals to the support and to each other in a 456

Fig. 10. Top view (a) and cross-sectional (b) SEM images of membrane M30R.
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rigid film which obviously should diminish the crystal expansion457

in the support plane upon adsorption of hydrocarbons. The width458

of the largest grains on the surface of M30 membranes is about459

200 nm, see Fig. 9. However, all these grains grew from a densely460

packed layer of seed crystals with a width of about 50 nm and the461

average width of a grain is thus roughly 100 nm × 100 nm × 500 nm.462

If this grain expands 0.7%, it corresponds to about 0.7 nm in the463

membrane plane. Furthermore, it is likely that the formation of464

defects in the form of open grain boundaries and cracks is at least465

a partially irreversible process and that the defects may remain466

fully open even after adsorption of hydrocarbons. In addition, the467

excellent agreement between SEM observations and permporom-468

etry data indicates that the expansion of MFI crystals is at least not469

affecting the defects observable by SEM to any larger extent. As470

shown in Table 2, all hydrocarbons, such as p-xylene and benzene,471

also expand MFI powder crystals upon adsorption, and eventual472

expansion of the zeolite is difficult to avoid and will occur in most473

applications of zeolite membranes.474

Falconer and co-workers [19] further point out that MFI crystals475

in powder expand less upon benzene adsorption and that benzene476

is a more suitable adsorbate in permporometry experiments. How-477

ever, the expansion upon adsorption of benzene still is about 0.3%,478

i.e. almost half of that for n-hexane, see Table 2.479

Falconer and co-workers [19] state that “Methods that480

use n-hexane (n-hexane permporometry and n-hexane/2,2-481

dimethylbutane (DMB) separation) are shown to not be effective for482

characterizing MFI zeolite membranes because n-hexane adsorp-483

tion swells MFI crystals and shrinks the size of nonzeolitic pores.”484

The authors further find benzene permporometry more suitable485

than n-hexane permporometry. This conclusion is questioned. First486

of all, their permporometry data for a boron substituted ZSM-5 (B-487

ZSM-5) membrane shows that a n-hexane activity of 1.6 × 10−3
488

reduced the helium flux to <1% of that a n-hexane activity of 0489

at 298 K. This data indicates that the quality of these membranes490

is good but not excellent and comparable to our membrane M303491

(see below). However, at a benzene activity as high as about 0.9,492

the helium flux was only reduced to about 30% of that for a dry493

membrane. Based on this information and pervaporation data these494

authors conclude that benzene is a more suitable adsorbate for495

permporometry experiments. However, if as much as 30% of the496

helium flux remains at a benzene activity of about 0.9, it indi-497

cates that the B-ZSM-5 membrane is highly defective with cracks498

larger than about 46 nm (using Eq. (4a) adapted to benzene)! It is499

highly unlikely that such large defects can be blocked by expan-500

sion of the zeolite crystals upon n-hexane adsorption as suggested501

[19]. Furthermore, these membranes showed low separation fac-502

tors (˛ between 1.3 and 3.9) in mixture pervaporation experiments503

using mixtures of n-hexane and DMB again indicating highly defec-504

tive membranes. If n-hexane would expand the crystals and block505

most of the defects as suggested, high separation factors would be506

observed in the pervaporation experiments with n-hexane in the507

feed. The data presented thus seems highly inconsistent and the508

conclusions erroneous. In order to shed some light on this issue,509

we recorded adsorption-branch He permporometry patterns using510

n-hexane, benzene and p-xylene as adsorbates for two additional511

M30 membranes with high, yet varying quality, see Fig. 11.512

Nearly identical results are obtained with n-hexane, benzene513

and p-xylene as adsorbates for our MFI membranes as opposed to514

the dramatical differences observed for B-ZSM-5 membranes [19].515

The small difference in expansion of the MFI zeolite crystals upon516

adsorption of hydrocarbons thus seems to have no or very small517

effect on the permporometry pattern for our MFI membranes. This518

is likely due to that the formation of defects in the form of open519

grain boundaries and cracks in the membranes is at least a partially520

irreversible process as discussed above. The very different results521

observed here compared to the results presented by Falconer and522

Fig. 11. Adsorption-branch He permporometry data for two membranes of type
M30 using n-hexane, benzene and p-xylene as adsorbates.

co-workers [19] may be related to the different compositions of 523

the membranes, i.e. B-ZSM-5 versus silicalite-1, the average crystal 524

size 15 �m × 15 �m × 0.5 �m versus 100 nm × 100 nm × 500 nm, 525

differences in preferred orientation of the crystals in Falconers and 526

Nobles membranes [19] and our membranes, respectively, or errors 527

in the measurements [19]. 528

Furthermore, our data at p/p0 ∼ 0.01 indicates that as few as 4 529

benzene molecules per unit cell blocks the helium transport in the 530

zeolite pores almost as effectively as 8 n-hexane molecules or 8 531

p-xylene molecules per unit cell, which is somewhat surprising. 532

It is also well known that calcined MFI crystals have an unusual 533

thermal behaviour [35]. The volume expansion coefficient of cal- 534

cined MFI is positive at low temperatures and negative at high 535

temperatures and about 27.7 × 10−6 K−1 between 298 and 348 K 536

and −15 × 10−6 K−1 between 393 and 975 K. Thus, if calcined MFI 537

zeolite is heated from 25 to 75 ◦C, the unit cell volume of the zeo- 538

lite crystals expands by about 0.14%. This is as much as 1/5 of the 539

expansion caused by the adsorption of n-hexane. If the MFI zeolite 540

is further heated from 75 to 400 ◦C (common temperature for gas 541

phase separations by MFI membranes) the unit cell contracts by 542

about 0.45%, i.e. this volume change is comparable to the volume 543

change caused by adsorption of hydrocarbons. 544

The conclusion from the discussion above is that although 545

hydrocarbons expand MFI zeolite powder upon adsorption, this 546
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Table 3
Typical permporometry data and estimated defect distribution for the high quality membrane M301 of type M30.

Relative pressure Helium permeance at
equilibrium (mol s−1 m−2 Pa−1)

Width of defect (nm) Defect interval (nm) Relative areaa of defects (10−5)

0.0000 7.69 × 10−6 – – –
0.0085 4.11 × 10−8 1.64 – –
0.0219 1.98 × 10−8 1.88 1.64–1.88 3.64
0.1291 9.41 × 10−9 2.86 1.88–2.86 1.32
0.2099 7.51 × 10−9 3.51 2.86–3.51 0.18
0.4240 6.56 × 10−9 5.94 3.51–5.94 0.06

0.7216 5.15 × 10−9 14.43 5.94–14.43 0.04
>14.43 0.11

a Defect area divided by membrane area.

seems to have no effect on the defect distribution in films and thus547

the permporometry data for our MFI zeolite membranes.548

3.3. Estimation of defect distribution from permporometry data549

Table 3 shows permporometry data for the high quality550

membrane M301 of type M30. The helium permenace is about551

8 × 10−6 mol s−1 m−2 Pa−1 for a “dry” membrane at a relative pres-552

sure of 0. This permeance is in line with what we have reported553

previously [2]. The H2 permeance for this membrane is about554

20 × 10−6 mol s−1 m−2 Pa−1. These permeances are about 10 times555

higher than reported by other groups. As discussed previously [2],556

this high permeance is a result of the thin film (500 nm) grown on557

a graded support, that was masked during film growth to reduce558

support invasion. Already at a relative pressure of about 0.009,559

the zeolite pores are blocked by strongly adsorbed hydrocarbon560

molecules, and the helium permeance is reduced over two orders of561

magnitude to about 4 × 10−8 mol s−1 m−2 Pa−1. This relative pres-562

sure corresponds to a defect width of 1.64 nm and the observed563

helium permeance should thus emanate from permeance through564

defects larger than 1.64 nm. At the next relative pressure, 0.022,565

which corresponds to a defect width of 1.88 nm, the helium per-566

meance is reduced further. The difference in helium permeance567

recorded at relative pressure of ∼0.01 and 0.022 can be used to568

estimate a relative area of defects (defect area/membrane area)569

with a width between 1.64 and 1.88 nm using Eqs. (5)–(8). For this570

particular membrane, this relative defect area is as small as about571

3.6 × 10−5, i.e. as little as about 36 ppm of the surface is comprised of572

defects with this width. However, these defects are difficult to char-573

acterize by scanning electron microscopy, even by the best in-lens574

or semi in-lens cold field emission gun SEM instruments. However,575

this is something we will attempt to do in the future. By treat-576

ing the remaining permporometry data in the same way, a defect577

distribution for the whole membrane can be estimated, see Table 3.578

The relative area of defects for membrane M301 in the interval579

5.94–14.4 nm is as small as about 4 × 10−7, i.e. only 0.4 ppm of the580

membrane area is comprised of defects of this size. Although these581

defects are large enough to be observed by SEM, the amount of these582

defects is very small and it is not surprising that the membrane583

appears defect free when observed by SEM.584

3.4. Single gas permeation data vs. permporometry patterns585

To indicate any correlation between permporometry, single586

gas and mixture separation data, a number of membranes of587

type M30 were fabricated and evaluated by single gas perme-588

ation experiments and permporometry. Based on this data, a range589

of membranes of type M30 with high but varying quality, were590

selected for further evaluation by separation experiments. Fig. 12591

shows permporometry patterns for these membranes. It is clear592

that all membranes have similar permporometry patterns, indicat-593

ing that all membranes have relatively high and similar quality and594

Fig. 12. n-Hexane/helium adsorption-branch permporometry patterns for six
selected membranes of type M30 with high, yet varying quality.

are crack free. By “relatively high quality” we suggest that these 595

membranes are similar in quality to the membrane of type M30 596

with permporometry pattern as in Fig. 6 and with a defect free 597

appearance in the electron microscope as illustrated in Fig. 9. The 598

membranes are thus significantly better (of higher quality) than the 599

membranes of types U30, U72, M72 and M30R. 600

As follows from above, the helium permeance at a n-hexane 601

relative pressure of about 0.01 (point 2), reflects the total area of 602

defects in the membrane, i.e. the higher helium permeance at point 603

2, the more defects. Fig. 13 illustrates single gas permeance ratios 604

as a function of the helium permeance at p/p0 ∼ 0.01. These single 605

gas ratios are in line with our previous reports and characteristic 606

for our isomer selective silica rich MFI membranes [2] tested under 607

these conditions. As we have shown before [36], these ratios are 608

dependent on film thickness and feed pressure. In addition, the 609

SF6 diffusivity in these silica rich MFI membranes is quite high 610

and in combination with the strong adsorption of this molecule, 611

this results in high SF6 permeance and a relatively low He/SF6 per- 612

meance ratio of about 5–6 under these experimental conditions 613

[36]. Much lower SF6 permeances, and consequently, higher He/SF6 614

permeance ratios are observed for alumina rich MFI membranes 615

[37]. The quite different ratios reported by other groups for MFI 616

membranes can be explained by differences in film thickness, feed 617

pressure and Si/Al ratio in the MFI zeolite. It is clear that the sin- 618

gle gas permeance ratios illustrated in Fig. 13 are independent of 619

the helium permeance at p/p0 ∼ 0.01 for this selection of mem- 620

branes, that all have relatively high quality. These results are in 621

line with a previous report [38] from our group. In this report 622

it was shown that if the membrane is not very defective, single 623

gas permeance ratios are much more affected by the variations in 624
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Fig. 13. Permeance ratios as a function of the He permeance at p/p0 = 0.01 for mem-
branes of type M30.

the substrate and by variations of pressure drop than by defects.625

Thus, the minor differences in the observed permeance ratios in626

the present work are likely caused only by experimental errors or627

small differences in membrane thickness or substrate morphology.628

Therefore, single gas permeance ratios cannot indicate membrane629

quality for membranes that all have relatively high quality. The630

almost constant single gas permeance ratios for these membranes631

thus reflect intrinsic diffusion in the zeolite pores rather than dif-632

fusion in defects.633

3.5. Estimation of DMB transport and separation performance634

from permporometry data635

The separation factor ˛n-hexane/DMB as a function of temperature636

for membranes M301 and M303 is shown in Fig. 14. Membrane637

M301 has a separation factor of about 30 and membrane M303 has638

a separation factor of about 40 at room temperature. The separation639

factor is then increasing to about 60 for membrane M303 and to 50640

for membrane M301 when the temperature is increased to 50 ◦C.641

Fig. 14. Separation factor ˛Hex/DMB as a function of temperature for membranes
M301 and M303 of type M30.

Fig. 15. Measured and predicted DMB flows as a function of temperature for mem-
brane M303 (a) and M301 (b).

Then the two membranes behave completely different. The separa- 642

tion factor for membrane M303 is almost constant at 50 when the 643

temperature is increased to 350 ◦C. For membrane M301, the sepa- 644

ration factor is increasing to about 120 at 200 ◦C and then drops to 645

50 at 350 ◦C as for membrane M301. We speculate that this differ- 646

ence in temperature dependency of separation factor is related to 647

small differences in the onset of coke formation in the defects in the 648

two membranes as the temperature is increased. The appearance 649

of the membranes changed from white before the measurements 650

to grey and carbon was detected by EDS analysis (no gold coat- 651

ing in this case) on the membranes after measurements. It appears 652

as coke formation started in membrane M301 already at temper- 653

atures above 100 ◦C, which resulted in very high separation factor 654

at 200 ◦C. It appears as coke formation started at higher tempera- 655

tures in membrane M303 and that the defects in both membranes 656

were equally blocked by coke at 350 ◦C, which resulted in identical 657

separation factors at 350 ◦C. Random variations in separation fac- 658

tor as a function of temperature, perhaps caused by random onset 659

of coke formation, were observed for all membranes M301–M306. 660

The main conclusion from these observations is that defect charac- 661

terization by permporometry should be carried out at the intended 662

separation temperature. 663

Fig. 15a shows measured DMB flow in the separation experi- 664

ment as a function of temperature and predicted DMB flow from 665
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Table 4
Prediction of separation factor.

Membrane He permeance (10−7 mol s−1 m−2 Pa−1) Measured separation factor Predicted separation factor Relative error (%)

M303 0.29 40.0 35.8 10.6
M304 0.39 21.3 28.8 −35.1
M301 0.41 29.5 27.5 6.7
M302 0.46 25.2 24.0 4.6
M306 0.47 21.1 23.3 −10.6
M305 0.61 16.6 14.3 14.0

Fig. 16. Separation factor ˛n-hexane/DMB at room temperature as a function of the
helium permeance at p/p0 = 0.01.

permporometry data by Eq. (12) for membrane M303. At room666

temperature, the predicted DMB flow through the membrane via667

defects by Knudsen diffusion is about 10 times lower than the mea-668

sured flow. This indicates that DMB is mainly transported through669

an additional diffusion mechanism, such as via surface diffusion670

[21] through both open defects and defects “blocked” by hydro-671

carbon in the zeolite membrane. However, at higher temperatures,672

the predicted DMB flow is approaching the estimated DMB flow by673

Knudsen diffusion, and at 215 ◦C, the difference in estimated and674

predicted flow is only about 25%. Again, this indicates that surface675

diffusion dominates at low temperatures, and at high temperatures,676

DMB is mainly transported by Knudsen diffusion through the open677

defects, which explains the good correlation between estimated678

flow by Knudsen diffusion with measured DMB flow at 215 ◦C.679

Similar trends were observed for membrane M301, see Fig. 15b.680

However, in this case, the predicted DMB flow at 215 ◦C is around 3681

times higher than the measured flow, probably due to coke forma-682

tion in the defects in this membrane, which reduced the measured683

DMB flow and increased the separation factor as discussed above.684

The discussion above clearly shows that it may be difficult685

to predict membrane performance at higher temperatures from686

permporometry data recorded at room temperature due to coke687

formation at higher temperatures. Also, DMB transport is proba-688

bly occurring via both Knudsen diffusion and surface diffusion and689

can only be estimated if the transport by both Knudsen and surface690

diffusion are known. However, it should be possible to correlate691

permporometry data recorded at room temperature to separation692

factor at room temperature as illustrated in Fig. 16.693

This figure shows the separation factor ˛h-hexane/DMB at room694

temperature as a function of the helium permeance at p/p0 = 0.01.695

For this set of membranes, there is a linear correlation with a regres-696

sion coefficient of 0.74 between these two variables. The separation697

factor ˛n-hexane/DMB at room temperature can thus be predicted by698

the empirical correlation: 699

˛n-hexane/DMB = −68˘He
0.01 + 55 (13) 700

where ˘He
0.01 is the helium permeance at p/p0 = 0.01. 701

It should be noted that other correlations in addition to the 702

one above were also evaluated such as the separation factor 703

˛h-hexane/DMB at room temperature as a function of the ratio of the 704

He permeance at p/p0 = 0 to the He permeance at p/p0 = 0.01. All of 705

them resulted in lower correlations than 0.74. 706

Table 4 shows the measured separation factor at room temper- 707

ature, the separation factor predicted by Eq. (13) and the relative 708

error. 709

For five out of six membranes the relative error in prediction 710

of the separation factor is less than 15%. Therefore, adsorption- 711

branch permporometry can be used not only for assessment of 712

membrane quality but also for prediction of membrane separation 713

performance. 714

4. Conclusions 715

Adsorption-branch permporometry is a simple and powerful 716

technique to estimate the distribution of flow-through defects in 717

zeolite membranes. For similar membranes of high quality, there 718

is no correlation between permporometry data and single gas 719

permeance ratios and the latter does not reflect small variations 720

in membrane quality. The permeance of the non-adsorbing gas 721

through defects measured in permporometry can be used to pre- 722

dict the permeance of molecules diffusing through defects in the 723

membrane and also the separation factor in mixture separation 724

experiments. 725
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Abstract

Methanol or ethanol production from synthesis gas is limited by thermodynamic equilibrium and
separation of the alcohol product in or near the reactor at reaction conditions could improve the
process. Separation of methanol and ethanol from synthesis gas by ZSM-5 membranes with a
silicon to aluminium ratio of 65 and silicalite-1 membranes with a silicon to aluminium ratio of
139, both with a film thickness of 500 nm has therefore been evaluated in the present work.

Mixtures of methanol or ethanol, hydrogen, carbon dioxide and water were fed to the zeolite
membranes, and permeances and separation factors were measured at atmospheric pressure and
temperatures from 25 ◦C to 175 ◦C.

The highest measured methanol/hydrogen separation factor, 32, was observed for a ZSM-5
membrane, while the highest ethanol/hydrogen separation factor, 46, was observed for a silicalite-
1 membrane, both at room temperature. The separation was controlled by adsorption, and conse-
quently, the separation factors were reduced as the temperature increased, since the feed composi-
tion was kept constant.

ZSM-5 membranes remained selective to higher temperatures than the silicalite-1 membranes,
probably as a result of stronger adsorption of water and alcohol in the former, more polar mem-
branes. The membranes also remained selective at higher temperatures with feeds containing
ethanol, than with methanol containing feeds, again likely due to stronger adsorption of ethanol
than methanol.

The methanol and ethanol permeances were about 10·10−7 mol m−2 s−1 Pa−1 independent of
feed composition, membrane type or temperature, which is more than three times higher than
previously reported for gas phase separation in zeolite membranes.

By comparing the relative pressures of methanol in the experiments in the present work with
those in an industrial methanol synthesis reactor operating at a total pressure of 50-100 bar and
a temperature of about 250 ◦C, the results indicate that the membranes should be selective at
industrial conditions.
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1. Introduction

Due to limited fossil oil resources and the greenhouse effect, the demand for renewable fuels is
increasing. Synthesis gas produced via gasification of biomass can be used to generate renewable
fuels such as methanol, ethanol or paraffins (Diesel or jet fuel) [1]. Methanol is also an intermedi-
ate for production of dimethyl ether (DME), an alternative fuel for Diesel engines, or for gasoline
in the methanol-to-gasoline (MTG) process.

Methanol formation from synthesis gas is represented by [2]:

CO2 + 3H2 → CH3OH + H2O (1)

The methanol formation is coupled with the water-gas-shift reaction

CO2 + H2 → CO + H2O (2)

and a combination of reactions 1 and 2 gives

CO + 2H2 → CH3OH (3)

Methanol synthesis is usually performed at pressures of 50-100 bar and a temperature of about
250 ◦C [1]. Thermodynamic equilibria are limiting the reactions, and hence the conversion per
pass is low. Methanol and water are therefore separated by condensation at low temperature after
the reactor, and unreacted gas is reheated and recycled to the reactor inlet, where it is mixed with
fresh feed [3]. It has been shown [2, 4] that continuous removal of condensable products through
a zeolite membrane could increase the productivity of a conventional methanol synthesis process.
In addition to reducing the rate of the reverse reaction of methanol formation, reaction 1, and
thus improving the overall reaction rate, the equilibrium limitation will be avoided by methanol
removal [2].

In methanol plants processing synthesis gas produced by steam reforming of natural gas, typi-
cal gas compositions (vol%) in the reactor are: hydrogen inlet 81 and exit 78; water inlet 0.1 and
exit 1.5; carbon monoxide inlet 3.7 and exit 2.4; carbon dioxide inlet 3.4 and exit 2.4; methanol
inlet 0.4 and exit 3.3; inerts inlet 10.3 and exit 12.6 [3]. Hydrogen is thus in a great surplus. Syn-
thesis gas derived from gasification of biomass contains much more carbon dioxide and much less
hydrogen than synthesis gas produced by steam reforming of natural gas [5].

It is also possible to catalytically produce ethanol and higher alcohols from synthesis gas.
This can be achieved either directly or via methanol as an intermediate, by direct conversion of
synthesis gas to ethanol (equation 4), methanol homologation (equation 5) or a multistep process
(equations 6, 7 and 8) [6].

2CO + 4H2 → C2H5OH + H2O (4)

CH3OH +CO + 2H2 → C2H5OH + H2O (5)

CO + 2H2 → CH3OH (6)

CH3OH +CO→ CH3COOH (7)

CH3COOH + 2H2 → C2H5OH + H2O (8)
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No process to catalytically produce ethanol from synthesis gas is operated commercially today.
Many of the current catalytical processes suffer from low yield and poor selectivity, which calls
for improvements in catalyst design and process development [6]. An ethanol-selective zeolite
membrane could increase both the yield of and selectivity for ethanol and also increase the reaction
rate and reduce equilibrium limitations, and thus improve the process drastically.

The concept of methanol synthesis in a membrane reactor has been considered before. Struis
et al. [7] used Nafion membranes for continuous removal of water and methanol from the reactor,
and found that this increased the methanol yield. At 1 bar and 200 ◦C, separation factors of 5.6 for
methanol/hydrogen and 32 for water/hydrogen were observed using Li-Nafion membranes. The
permeance of methanol was 3·10−9 mol m−2 s−1 Pa−1.

The separation performance of zeolite membranes for mixtures similar to the one present in
methanol synthesis has been reported by a few groups. Jia et al. [8] evaluated the separation of
methanol/hydrogen mixtures using a 10 μm thick silicalite-1 film. The separation measurements
were performed at 100 ◦C and a total feed pressure of 1-10 bar. It was found that for methanol
partial pressures below saturation pressures, the separation factor was only 3-4. However, at high
methanol partial pressures (supersaturation at the feed side), the separation factor was greater than
1000. The methanol permeance at 10 bar was around 1.8·10−7 mol m−2 s−1 Pa−1.

The separation performance for 10 μm thick FAU-type membranes was evaluated up to 50 bar
and 180 ◦C by Sato et al [9]. The methanol synthesis mixture was represented by water (2.9%),
methanol (26.3%) and hydrogen (70.8%). A significant reduction of hydrogen permeation in the
presence of water and methanol was observed, even at methanol partial pressures below saturation.
The separation factor for metanol/hydrogen was decreasing with temperature (from 150 at 130 ◦C
to 35 at 180 ◦C, at a pressure of 10 bar). The observed methanol permeance was about 2·10−7 mol
m−2 s−1 Pa−1.

Sawamura et al. [10] used a mordenite membrane to selectively permeate water from a mix-
ture of water, methanol and hydrogen. At 250 ◦C, the methanol and hydrogen permeances were
around 10−10 mol m−2 s−1 Pa−1, while the water permeance was 1.8·10−8 mol m−2 s−1 Pa−1. The
water/methanol separation factor was 101.

Separation of ethanol/oxygen mixtures in silicalite-1 membranes on γ-alumina supports was
performed by Piera et al. [11]. An ethanol/oxyygen separation factor of 91 with an ethanol perme-
ance of about 2.7·10−7 mol m−2 s−1 Pa−1 was achieved. The maximum ethanol/oxygen separation
factor, 7415, was observed in an ethanol/methanol/oxygen feed mixture.

In the present work, MFI membranes were tested for separations of methanol/synthesis gas and
ethanol/synthesis gas. The synthesis gas was initially represented by hydrogen. Carbon dioxide
and water was subsequently added to the gas, in order to study their effects on the separations.

In order to investigate the effect of varying polarity of the membrane, two types of MFI mem-
branes were studied in this work, i.e. silicalite-1 and ZSM-5.

2. Experimental

2.1. Membrane Preparation

Porous graded α-alumina discs (Inocermic GmbH, Germany) were used as supports. The discs
were 25 mm in diameter and 3 mm thick, and consisted of two layers. The top layer had 100 nm
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pores and was 30 μm thick, while the main part of the support had 3 μm pores.
The supports were masked and seeded as described previously [12]. The seeded supports were

immediately immersed in a hydrolyzed synthesis solution and treated at 100 ◦C under atmospheric
pressure and reflux. Silicalite-1 membranes were grown by hydrothermal treatment for 36 hours
(membrane S1) or 42 hours (membrane S2), and the molar composition of the synthesis solution
was 3TPAOH: 25SiO2: 1450H2O: 100EtOH. For ZSM-5 membranes, the composition of the syn-
thesis mixture was 3TPAOH: 0.25Al2O3: Na2O: 25SiO2: 1600H2O: 100EtOH and the duration of
the hydrothermal treatment was 27 hours.

After synthesis, all membranes were rinsed in a 0.1 M NH3 solution for 24 hours. Calcination
was then performed at 500 ◦C for 6 hours, with a heating rate of 0.2 ◦C min−1 and a cooling rate
of 0.3 ◦C min−1.

2.2. Characterization

Scanning electron microscopy (SEM) images were recorded using a Philips XL30 microscope
with a LaB6 filament. Samples for imaging were gold coated prior to the investigation, and samples
for EDS measurements were coated with carbon.

Single gas permeation experiments were performed directly after calcination and when the
furnace had cooled to 110 ◦C, the membrane was quickly mounted in a stainless steel cell with
rubber gaskets. A flow of dry gas was used to avoid water adsorption from the room air during
mounting. The single gas permeance of hydrogen, helium, nitrogen, carbon dioxide and SF6 was
measured at a pressure difference of 0.9 bar, with the permeate side kept at atmospheric pressure.

In order to estimate the defect size distribution, the membranes were also characterized by
n-hexane permporometry [12, 13]. The membranes were mounted in a stainless steel cell with
graphite gaskets with an inner diameter of 19 mm. In order to remove adsorbed species, the
membranes were dried at 300 ◦C overnight in a flow of pure helium, and then cooled to room
temperature. For all measurements, the pressure difference across the membrane was 1 bar, and the
permeate side was kept at atmospheric pressure. The relative pressure of n-hexane was increased
in steps from 0 to approximately 0.01, 0.025, 0.25, 0.85 and 1.0, and the system was allowed to
equilibrate at each step. The relative pressure was controlled by mixing a pure stream of helium
with a flow of helium saturated with n-hexane.

The permeance of helium was measured at steady state using a suitable soap bubble flow meter.
A condenser removed most of the condensable gas from the permeate prior to measurement, in
order to prevent the n-hexane from affecting the flow meter.

2.3. Separation Measurements

The separation experiments were carried out in a Wicke-Kallenbach setup. The membranes
were mounted in a cell similar to the one used in permporometry, and all membranes were also
dried in the same manner prior to each measurement. The cell temperature was monitored by
means of a type K thermocouple. The separation measurements started at 25 ◦C, and the tempera-
ture was then increased 0.5 ◦C per minute to 175 ◦C.

Three mass flow controllers and two temperature controlled saturators were used to achieve
the feed gas compositions presented in Table 1. The feed flow rate was 1000 ml min−1, and the
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Table 1: Compositions (kPa) of the feed mixtures used in the present work. Total pressure 101 kPa.
Partial pressure (kPa)

Feed Methanol Ethanol H2 CO2 H2O He
1 5.9 - 40.0 - - 55.1
2 5.9 - 40.0 10.0 - 45.1
3 5.8 - 40.0 10.0 0.6 44.6
4 - 5.9 40.0 - - 55.1
5 - 5.4 40.0 10.0 - 45.6
6 - 3.0 40.0 10.0 0.8 47.2

sweep gas (He) flow rate was 150 ml min−1 (STP) below 75 ◦C, and 1000 ml min−1 at higher
temperatures.

The separation performance of two silicalite-1 membranes (denoted S1 and S2) and two ZSM-
5 membranes (denoted Z1 and Z2) were evaluated for all feed compositions.

A Varian 3800 GC with a chromosorb 107 column was connected online, and a thermal con-
ductivity detector was used for quantitative analysis of the gas compositions.

2.4. Estimation of Si/Al ratio in the membranes

The silicon to aluminium (Si/Al) ratios of the silicalite-1 and the ZSM-5 membranes were es-
timated using energy dispersive spectroscopy (EDS). Since the films are very thin with a very low
concentration of aluminium and in addition, aluminium signal from the support would interfere
with a direct measurement of the aluminium signal, an indirect method involving determination
of the cesium signal in ion exchanged samples was used to determine the Si/Al ratio. Cesium is
known [14] to ion exchange almost quantitatively resulting in a cesium to aluminium ratio close
to 1 in ZSM-5.

The membranes and powder samples with known Si/Al ratio were first ion exchanged to cesium
form. By measurement of the cesium signal, the aluminium content of the zeolite film can thus be
quantified without influence of aluminium signal from the support, by comparing with the cesium
signal from powders with known composition. Furthermore, since cesium is a much heavier atom
than aluminium, a much stronger cesium signal will emanate from the sample, which results in
lower detection limit. Therefore, the estimations of the Si/Al ratios in the films were based on the
cesium and silicon signals.

Two membranes, one silicalite-1 and one ZSM-5 membrane prepared as described above, were
ion exchanged to cesium form by three one-hour treatments in a 0.1 M cesium chloride (p.a.,
Merck) solution at 100 ◦C, under atmospheric pressure and reflux of evaporated solution. Between
and after treatments, the membranes were thoroughly rinsed with deionized and distilled water.

Powders of discrete crystals were also prepared. ZSM-5 and silicalite-1 synthesis solutions
were prepared as described above for membrane synthesis. The solutions were then seeded by
adding 1000 ppm of the same seeds as used for membrane synthesis (i.e. 60 nm silicalite-1 crys-
tals). The dispersions were then hydrothermally treated, also this identically to the membrane syn-
thesis, for 27 and 36 hours for ZSM-5 and silicalite-1, respectively. The crystals were dried and
calcined, and then the powders were ion exchanged to cesium form mimicking the ion exchange
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1 μm

(a) Surface

500 nm

(b) Cross section

Figure 1: SEM images the surface and cross section of a ZSM-5 membrane.

procedure for membranes, with the difference that between each heat treatment, the crystals were
separated by centrifugation, and redispersed in distilled water. The powder was then centrifuged
again. The whole procedure, from adding of the cesium chloride solution, was then repeated two
more times. Finally, the zeolite was cleaned by centrifugation and redispersion in distilled water
several times.

A commercial ZSM-5 powder (Eka Nobel AB, Sweden, Si/Al of 115) was also ion exchanged
to cesium form. The ion exchange procedure was the same as for the homemade crystals. Because
of the much larger crystal size of the commercial powder (about 5 μm, compared to 500 nm in
the membranes and homemade crystals), the described procedure was not sufficient to achieve
complete ion exchange. A fourth treatment in 0.1 M cesium chloride at 100 ◦C was therefore
added to the procedure. This additional treatment was performed for 6 hours instead of only one
hour.

All powders were analyzed by Ion Coupled Plasma Atomic Emission Spectroscopy (ICP-AES)
analysis. All ion-exchanged samples were analyzed using EDS.

3. Results and Discussion

3.1. Film thickness

SEM images of a ZSM-5 membrane, prepared in the same batch as the ZSM-5 membranes
Z1 and Z2, are shown in Figure 1. The membrane appears to be comprised of well intergrown
crystals, and no defects were observed. SEM images of the silicalite-1 membrane S1 were very
similar and are not shown here. The silicalite-1 membrane S2 was found to be slightly thicker than
membrane S1, due to the longer synthesis time. Film thicknesses are reported in Table 2.

3.2. Si/Al ratio in the membranes

The results of the ICP and EDS measurements of the Si/Al and silicon to cesium (Si/Cs) ratios
in the zeolite samples are shown in Table 3. By comparing the Si/Cs ratio measured by EDS
and the Si/Al ratio measured by ICP of the homemade ZSM-5 crystals, it was concluded that the
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Table 2: Film thicknesses (nm), single gas permeances (10−7 mol m−2 s−1 Pa−1) and single gas perm-selectivity (-) at
room temperature using a feed pressure of 1.9 bar and atmospheric permeate pressure.

Membrane Film thickness H2 N2 He CO2 SF6 H2/He H2/SF6

S1 500 218 126 95.0 154 19.1 2.29 11.4
S2 550 171 99 67.6 130 11.3 2.53 15.1
Z1 500 168 106 65.5 142 10.4 2.56 16.1
Z2 500 168 108 63.9 153 9.8 2.63 17.2

Table 3: Si/Al ratios determined by ICP, Si/Cs ratios determined by EDS and estimated Si/Al ratios
Sample ICP Si/Al EDS Si/Cs Estimated Si/Al
Homemade ZSM-5 crystals 140 137 140
Homemade silicalite-1 crystals >6000 >500 >500
Silicalite-1 film - 136 139
ZSM-5 film - 64 65
Commercial ZSM-5 126 121 124

former ratio is about 2% lower than the Si/Al ratio measured by ICP. By using this information, the
Si/Al ratios were estimated for all samples from the Si/Cs ratios measured by EDS. The estimated
Si/Al ratio using EDS data differs by only 2 % from the Si/Al measured by ICP for the commercial
ZSM-5 powder, which demonstrates the accuracy of the method.

For the homemade silicalite-1 crystals, the aluminium content was found to be below the de-
tection limit of the ICP method used. Also, no cesium could be detected with EDS.

The estimated Si/Al ratios are 139 in the silicalite-1 film and 65 in the ZSM-5 film. These
results are in line with previous XPS measurements on the films, which showed Si/Al ratios of
62 on the surface of a ZSM-5 membrane and 157 on the surface of a silicalite-1 membrane [15].
For the sake of simplicity, membranes prepared with no aluminium in the synthesis solution are
denoted silicalite-1 in this work, even though they have been shown to contain some aluminium,
which must have leached from the support during synthesis and been incorporated in the film.

3.3. Single Gas Permeation Measurements and Permporometry

Single gas permeation data for the membranes are shown in Table 2. Membrane S2 has a larger
film thickness than membrane S1, and as a consequence all permeances are lower in membrane
S2, compared to membrane S1. Differences in film thickness has also been shown [16] to affect
single gas permeance ratios. For the sake of simplicity, the following discussion is therefore based
on membranes S1, Z1 and Z2, which all have a film thickness of 500 nm. However, the discussion
could be extended to include membrane S2 as well, by considering the effect of film thickness on
single gas permeance and permeance ratios as discussed before [16].

The permeances of hydrogen, nitrogen, helium and SF6 are all lower in the ZSM-5 membranes,
compared to the silicalite-1 membrane, likely due to the sodium counter-ions in ZSM-5, causing a
smaller effective pore radius. The carbon dioxide permeance, on the other hand, is approximately
the same in the two membrane types, likely because carbon dioxide adsorbs stronger in ZSM-5
than in silicalite-1, counteracting the effect of the reduced pore radius. Our group [15] has reported
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Figure 2: Adsorption branch He permporometry using n-hexane as adsorbate.

single gas data for a larger number of membranes of the same types and thicknesses as here, and
the results were similar.

Figure 2 shows permporometry data for the four membranes used in the present work. The
data indicates that all membranes are of very high quality, since the permeance drops more than
99% when a small amount of n-hexane (relative pressure of n-hexane ∼0.01) is added to the feed.

3.4. Mixture separation

Separation experiments with all feed compositions were performed using all the membranes
Z1, Z2, S1 and S2. Only the results of one membrane of each type, Z1 and S1, are shown here,
since the results for the other membrane of the same type were similar. However, membrane S2
was slightly thicker than the other membranes, resulting in slightly lower permeances, but the
trends were the same.

Water permeance could only be evaluated up to a temperature of 75 ◦C, since the low amount
of water present could only be quantified when the sweep gas flow rate was low.

3.4.1. Effects of temperature on methanol separation
Permeances observed in the separation measurements of methanol mixtures using the ZSM-5

membrane Z1 are shown in Figures 3(a) and 3(b). The hydrogen permeance at room tempera-
ture is low, about 0.5·10−7 mol m−2 s−1 Pa−1 for membrane Z1 for all three feed compositions.
This is likely because methanol, and water, when present, are blocking the pores at this temper-
ature. Above 50 ◦C, the adsorption of methanol and water is decreasing, resulting in increased
hydrogen permeance. The hydrogen permeance is approaching about 30·10−7 mol m−2 s−1 Pa−1

at temperatures above 150 ◦C. This is more than 5 times lower than the hydrogen permeance ob-
served in single gas measurements at 25 ◦C. A lower hydrogen permeance at high temperatures
in multi-component mixtures, compared to room temperature single gas measurements, has been
observed and discussed in an earlier publication by our group [15]. The most likely cause of
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(a) Hydrogen permeance, membrane Z1
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(b) Carbon dioxide permeance, membrane Z1
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Figure 3: Permeances and separation factors of methanol mixtures in membrane Z1. (◦) - 40 kPa H2, 5.9 kPa MeOH,
(�) - 40 kPa H2, 5.9 kPa MeOH, 10 kPa CO2, (�) - 40 kPa H2, 5.8 kPa MeOH, 10 kPa CO2, 0.6 kPa H2O
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this phenomenon is concentration polarization in the support, but back diffusion of helium from
sweep to feed side, the higher temperature or competitive adsorption could also be influencing the
permeance.

The methanol permeance (not shown) is approximately constant with temperature, between
11 and 14·10−7 mol m−2 s−1 Pa−1 for all feed compositions. The almost constant permeance is
likely explained by counteracting effects of increased diffusivity and decreased adsorption as the
temperature increases.

Also the carbon dioxide transport is reduced by adsorbed methanol and water, when present,
at low temperatures. At temperatures above 75 ◦C, the carbon dioxide permeance is similar to the
methanol permeance.

The water permeance (not shown) is around 17·10−7 mol m−2 s−1 Pa−1 in the temperature
interval from room temperature to 75 ◦C.

Figures 3(c) and 3(d) illustrate that both methanol/hydrogen and methanol/carbon dioxide sep-
aration factors are high at room temperature, but steadily declining as the temperature is increased,
since the permeances of hydrogen and carbon dioxide increase when the temperature is increased
while the methanol permeance is almost constant. The highest measured separation factors are 33
for methanol/hydrogen and 9 for methanol/carbon dioxide. Both are observed for the feed con-
taining both carbon dioxide and water in addition to hydrogen and methanol. The methanol/water
separation factor (not shown) is around 0.7-0.8 in the temperature interval from room temperature
to 75 ◦C, i.e. the membranes are slightly water selective.

3.4.2. Effects of membrane type on methanol separation
The observed permeances and separation factors for the silicalite-1 membrane S1 are shown

in Figure 4.
All permeances are roughly the same as for ZSM-5 membranes, but there are also some differ-

ences. The hydrogen permeance starts to increase at a lower temperature for the silicalite-1 mem-
branes than for the ZSM-5 membranes. At 50 ◦C, the silicalite-1 pores seem to be less blocked
by adsorbed molecules, and the hydrogen permeance is noticeably larger than at room tempera-
ture. This is not true for the ZSM-5 membranes, c.f. Figure 3(a). Also for the carbon dioxide
permeance, a steeper increase with increasing temperature is observed in silicalite-1, compared to
ZSM-5.

Figure 5 shows heats of adsorption of the feed molecules used in this work vs coverage for
ZSM-5 and silicalite-1 extracted from literature [17, 18, 19, 20, 21, 22, 23]. The higher polarity of
ZSM-5 results in stronger adsorption of the polar water and methanol molecules. More strongly
adsorbed molecules will remain adsorbed at higher temperatures, thereby blocking permeation of
more weakly adsorbing molecules like hydrogen and carbon dioxide. Even though the silicalite-
1 membranes in this study contain some aluminium, the observed differences between the two
membrane types are most likely caused by differences in heat of adsorption. It should be noted
that enhanced heat of sorption for a molecule type at low pore fillings can be caused by chemical
or structural non-ideality of the zeolite, for example silanol groups [21]. This implies that data at
low coverage from different studies should be compared with caution. Also at higher coverage,
reported values of heats of adsorption vary. For example, Vigne-Maeder et al. reports a heat of
adsorption of around 67 kJ mol−1 for 0.5 mmol of methanol per gram silicalite-1 [23], which is

10



Pe
rm

ea
nc

e
(1

0−
7

m
ol

m
−

2
s−

1
Pa
−

1
)

Temperature (◦C)
50 100 150

0
0

10

20

30

40

(a) Hydrogen permeance, membrane S1
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Figure 4: Permeances and separation factors of methanol mixtures membrane S1. (◦) - 40 kPa H2, 5.9 kPa MeOH,
(�) - 40 kPa H2, 5.9 kPa MeOH, 10 kPa CO2, (�) - 40 kPa H2, 5.8 kPa MeOH, 10 kPa CO2, 0.6 kPa H2O
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Figure 5: Differential heats of adsorption vs coverage for various molecules in Na-ZSM-5 and silicalite-1 at temper-
atures close to room temperature: a) methanol, ethanol, CO2 (all Si/Al of 32.5) [17, 18], water (Si/Al of 46.3) [19]
and hydrogen (Si/Al of 40, T 77-90 K) [20]; b) methanol [21], ethanol [21], CO2 [18, 22], water [23] and hydrogen
(simulated, high pressure) [22].

significantly higher than 45 kJ mol−1, reported by Thamm et al. [21] for the same coverage. The
steep increase in heat of adsorption for high loadings of water in silicalite-1 is proposed to be
caused by reorientation of water molecules into a clathrate-like structure at high loadings [19].

The permeances of the weakly adsorbing hydrogen and carbon dioxide molecules are slightly
higher in the silicalite-1 membrane, compared to the ZSM-5 membrane, at high temperatures, i.e.
non-adsorbing conditions. This is due to the larger pore size of silicalite-1, caused by a lower
amount of sodium counter-ions. The methanol permeance (not shown) is very similar in the two
membrane types, being between 11 and 14·10−7 mol m−2 s−1 Pa−1 for all feed compositions and
temperatures also for silicalite-1. This is probably due to the counteracting effects of a larger pore
size and weaker adsorption of methanol in silicalite-1. Also the water permeance is similar in the
two membrane types, being about 15·10−7 mol m−2 s−1 Pa−1 for membrane S1 in the temperature
interval from room temperature to 75 ◦C. The methanol/water separation factor is around 0.9 at
room temperature. Hence, for this feed mixture, methanol and water are almost not separated,
even though both membrane types are slightly water selective.

3.4.3. Effects of feed composition on methanol separation
Figures 3(c) and 3(d), and 4(c) and 4(d) show separation factors for the membranes Z1 and

S1, respectively. For both membrane types, the highest methanol/hydrogen and methanol/carbon
dioxide separation factors were observed in the feed mixture containing hydrogen, methanol, car-
bon dioxide and water. Hence, adsorbed water in addition to methanol in the pores is blocking the
permeation of hydrogen and carbon dioxide more effectively than when only methanol is adsorbed.
According to literature data, at room temperature and the relative pressures used in this work, the
amount of methanol and water adsorbed should be about 3.5 mmol g−1 (Na-ZSM-5, Si/Al of 32.5)
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[17] and 1.4 mmol g−1 (Na-ZSM-5, Si/Al of 46.3) [19], respectively. The methanol permeance in
this work is not affected by the presence of water, which implies that the adsorption of methanol
and water is not competitive and/or that methanol interacts with water at these conditions. The
increased pore blocking by water, which reduces the hydrogen and carbon dioxide permeance, is
therefore believed to be caused by an increased total amount of adsorbed components in the pores.

3.4.4. Effects of temperature on ethanol separation
Observed permeances in the separation experiments with mixtures containing ethanol using

the ZSM-5 membrane Z1 are shown in Figure 6. As for separation measurements with feeds
containing methanol, the hydrogen permeance is low at low temperatures, and then increases with
increasing temperature up to a plateau value. However, for feeds containing ethanol, the hydrogen
permeance remains low to higher temperatures, up to 80 ◦C or more. This is probably an effect of
the stronger adsorption of ethanol compared to methanol, see Figure 5.

The ethanol permeance (not shown) is, like the methanol permeance, approximately constant
with temperature. It is slightly lower than the methanol permeance though, about 8-11·10−7 mol
m−2 s−1 Pa−1 for all feed compositions and temperatures. The lower ethanol permeance is probably
due to the larger size of the ethanol molecule, resulting in a lower diffusivity in the zeolite pores,
compared to methanol.

The permeance of carbon dioxide is lower with ethanol in the feed than in the measurements
with methanol in the feed. For ZSM-5 membranes at room temperature, the carbon dioxide perme-
ance is about 0.2·10−7 mol m−2 s−1 Pa−1 and 1·10−7 mol m−2 s−1 Pa−1 for feeds containing ethanol
and methanol, respectively. The carbon dioxide permeance also remains low to a higher temper-
ature when the feed mixture contains ethanol. At 50 ◦C, the observed carbon dioxide permeance
is about 0.9-1.5 ·10−7 mol m−2 s−1 Pa−1 in the experiments with ethanol in the feed, depending on
feed composition, compared to 6.5-8.6·10−7 mol m−2 s−1 Pa−1 in the experiments with methanol in
the feed. These low carbon dioxide permeances are probably caused by the stronger adsorption of
ethanol, compared to methanol, resulting in more effective pore blocking, and/or reduced carbon
dioxide adsorption, both resulting in lower carbon dioxide permeance.

The water permeance (not shown) is about 11·10−7 mol m−2 s−1 Pa−1 at room temperature and
14·10−7 mol m−2 s−1 Pa−1 at 75 ◦C for all feed compositions, which is slightly lower than in the
measurements with methanol in the feed.

Separation factors for membrane Z1 are shown in Figures 6(c) and 6(d). The temperature
trends of the ethanol/hydrogen separation factor is similar to the methanol/hydrogen separation
factor for the same membrane, c.f. Figure 3(c). A difference from the observations with mixtures
containing methanol is, as mentioned earlier, that the ethanol/hydrogen separation factor remains
high to a higher temperature; the membranes are ethanol selective up to almost 100 ◦C. The sepa-
ration of ethanol/carbon dioxide is also more effective than separation of methanol/carbon dioxide,
with a maximum separation factor of about 30 for the former at room temperature, which should
be compared with about 9 for the mixtures containing methanol. The ethanol/water separation
factor is around 0.8 at room temperature.
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(a) Hydrogen permeance, membrane Z1
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(b) Carbon dioxide permeance, membrane Z1

Temperature (◦C)

α
E

tO
H
/H

2

50 100 150
0
0

10

20

25

30

5

15

(c) Ethanol/hydrogen separation factor, membrane Z1.
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Figure 6: Permeances and separation factors of ethanol mixtures in membrane Z1. (◦) - 40 kPa H2, 5.9 kPa EtOH,
(�) - 40 kPa H2, 5.4 kPa EtOH, 10 kPa CO2, (�) - 40 kPa H2, 3.0 kPa EtOH, 10 kPa CO2, 0.6 kPa H2O
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3.4.5. Effects of membrane type on ethanol separation
The permeances observed for ethanol mixtures using the silicalite-1 membrane S1 are shown

in Figure 7. Again, all permeances are roughly the same as for the ZSM-5 membranes. The most
important difference with the silicalite-1 membranes, compared to ZSM-5 membranes, is once
again that the hydrogen and carbon dioxide permeances start to increase at a lower temperature.
As discussed for the measurements using feeds containing methanol, this is likely caused by the
weaker adsorption of polar molecules in the silicalite-1 membranes, resulting in less pore blocking.
The hydrogen and carbon dioxide permeances at high temperatures are also higher in the silicalite-
1 membrane, due to the slightly larger pore size.

The ethanol permeance (not shown) is very similar in the two membrane types, being about 9-
12·10−7 mol m−2 s−1 Pa−1 for the silicalite-1 membrane for all feed compositions and temperature.
Also the water permeance (not shown) is in the same range for the silicalite-1 membrane, being
12·10−7 mol m−2 s−1 Pa−1 at room temperature and 15·10−7 mol m−2 s−1 Pa−1 at 75 ◦C.

An ethanol/hydrogen separation factor as high as 46 at room temperature was observed for the
silicalite-1 membrane S1. The ethanol/carbon dioxide separation factors are not as high as for the
ZSM-5 membranes, but higher than the methanol/carbon dioxide separation factors observed for
silicalite-1 membranes.

Just as in the measurements with methanol in the feed mixture, the separation factors decrease
faster as the temperature is increased for the silicalite-1 membranes than for the ZSM-5 mem-
branes.

The ethanol/water separation factor for the silicalite-1 membrane S1 is about 0.8, which means
that both membrane types are slightly water selective.

3.4.6. Effects of feed composition on ethanol separation
The ethanol permeance is almost not affected by the presence of carbon dioxide and water,

being nearly constant with the three different feed compositions, both in the ZSM-5 and in the
silicalite-1 membrane.

The presence of water in the feed is beneficial for both the ethanol/hydrogen and the ethanol/
carbon dioxide separation using the silicalite-1 membrane, see Figures 7(c) and 7(d). For the
ZSM-5 membrane, water is beneficial for the separation of ethanol/carbon dioxide, see Figure
6(d), while the influence of water on the ethanol/hydrogen separation is weak or absent, see Figure
6(c).

Overall, the influence of water is thus the same as in the feed mixtures containing methanol,
i.e. an increased pore blocking, resulting in decreased permeances of molecules adsorbing weakly,
such as hydrogen and carbon dioxide.

3.5. Selecting the best membrane for a given separation task

Table 4 shows separation factors at room temperature for feed mixtures containing carbon diox-
ide and water, in addition to hydrogen and methanol or ethanol. When the feed mixture contains
polar methanol molecules, a polar ZSM-5 membrane is the best choice, and a methanol/hydrogen
separation factor of 32 is observed, compared to 18 for the silicalite-1 membrane. On the con-
trary, the less polar silicalite-1 membrane is more suitable for the less polar ethanol molecules. An
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(a) Hydrogen permeance, membrane S1
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Figure 7: Permeances and separation factors of ethanol mixtures in membrane S1. (◦) - 40 kPa H2, 5.9 kPa EtOH,
(�) - 40 kPa H2, 5.4 kPa EtOH, 10 kPa CO2, (�) - 40 kPa H2, 3.0 kPa EtOH, 10 kPa CO2, 0.6 kPa H2O
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Table 4: Separation factors at room temperature for feed mixtures containing hydrogen, methanol/ethanol, carbon
dioxide, water and inert.

Membrane type αMeOH/H2 α EtOH/H2

ZSM-5 32 15
Silicalite-1 18 46
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Figure 8: Separation factors as functions of the relative pressure of alcohol. (◦) - Methanol/hydrogen separation
factor in membrane Z1, at 40 kPa H2, 5.8 kPa MeOH, 10 kPa CO2, 0.6 kPa H2O. (�) - Ethanol/hydrogen separation
factor in membrane S1, at 40 kPa H2, 3.0 kPa EtOH, 10 kPa CO2, 0.6 kPa H2O.

ethanol/hydrogen separation factor of 46 was observed for the silicalite-1 membrane, compared to
15 for the ZSM-5 membrane.

3.6. Prediction of selectivity at the conditions of industrial alcohol synthesis

In the industrial methanol synthesis process, the temperature is about 250 ◦C and the total
pressure is considerably higher (50-100 bar) than in the experiments performed in the present work
(atmospheric pressure). If the relative pressure (p/p0) of methanol controls the adsorption and pore
blocking and thereby the separation performance of the membranes, the membrane performance
at industrial conditions can be estimated from our experimental data at atmospheric pressure.

In Figure 8, alcohol/hydrogen separation factors shown in Figures 3(c) and 7(c) are plotted as
a function of the relative pressure of alcohol in the mixture instead of temperature.

The relative pressure of methanol was also calculated for two industrially plausible conditions,
i.e. a methanol content in the gas of 5.9%, which is the same content as was used in the experi-
mental part of this work, and a total pressure of 50 or 100 bar. At 50 bar, 250 ◦C and a methanol
content of 5.9%, the relative pressure of methanol is 0.33. At this relative pressure of methanol,
we observed a methanol/hydrogen separation factor of about 25 for the feed mixture containing
hydrogen, methanol, carbon dioxide and water, see Figure 8. At 100 bar, 250 ◦C and a methanol
content of 5.9%, the relative pressure of methanol is 0.66, which is larger than the highest rela-
tive pressure evaluated in the present work. It is thus possible that very high methanol/hydrogen
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separation factors would be observed at these conditions.
Figure 8 also indicates that the membranes are likely to be ethanol selective at high partial

pressures of ethanol, such as in an industrial application like catalytic production of ethanol.

4. Conclusions

The present work has shown that methanol or ethanol can be successfully separated from
hydrogen and carbon dioxide using MFI membranes. The permeances of the alcohols were found
to be higher than previously reported.

Separation was possible at conditions where the alcohol is adsorbing and blocking the zeolite
pores. ZSM-5 membranes were also selective at higher temperatures than silicalite-1 membranes,
likely due to stronger adsorption of the polar methanol and ethanol molecules. All membranes
were also selective at higher temperatures when ethanol was in the feed, compared to methanol,
likely because of stronger adsorption of ethanol molecules, compared to methanol molecules.

The polar ZSM-5 membranes reached higher separation factors for feed mixtures containing
polar methanol molecules, compared to less polar silicalite-1 membranes, while the highest sep-
aration factors for feed mixtures containing ethanol were achieved with the less polar silicalite-1
membranes.

The presence of small amounts of water was found to contribute to pore blocking and reduce
the permeance of less adsorbing molecules like hydrogen and carbon dioxide, which resulted in
higher separation factors.

Since the membranes are selective at partial pressures comparable to those used for industrial
methanol synthesis, it is anticipated that the separations could be performed with these membranes
at industrial conditions.
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