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Abstract

The greenhouse effect and the limited fossil oil resources have increased the

demand for renewable fuels. Zeolite membranes have potential applications

in numerous separation processes, and could be useful in the development of

efficient processes for renewable fuel production.

Synthesis gas is a gas mixture containing mainly carbon monoxide, hydro-

gen and carbon dioxide. Synthesis gas produced from biomass usually con-

tains more carbon dioxide than desired, and it also contains hydrogen sulphide.

These components need to be removed prior to synthesis of e.g. methanol.

Membrane separation is an energy efficient separation method, and zeolite

membranes potentially offer high flux combined with high selectivity as well

as high temperature and chemical stability. The multicomponent separation

performance of a zeolite MFI membrane was in this work investigated for syn-

thesis gas at industrially relevant pressures. The membrane displayed very

high carbon dioxide flux for pure cylinder gas mixtures. Also, competitive

adsorption was found to effectively block hydrogen permeance, resulting in a

high carbon dioxide/hydrogen selectivity. For synthesis gas produced in pilot

scale by black liquor gasification, the membrane selectively permeated carbon

dioxide, hydrogen sulphide and water. The presence of hydrogen sulphide and

water vapour in the feed was however found to reduce the carbon dioxide flux

through the membrane as well as the carbon dioxide/hydrogen selectivity.

Methanol synthesis from synthesis gas is equilibrium limited, and contin-

uous removal of products could improve the productivity of a conventional

methanol synthesis process. In this work, membranes of two types of zeolite

structures, MFI and FAU, were synthesized and evaluated for the separation

of methanol from synthesis gas. The synthesis gas was represented by a mix-

ture of hydrogen, carbon dioxide and water vapour. All evaluated membranes

were found to display large permeances of methanol and water. At conditions

where methanol and water were adsorbing, hydrogen and carbon dioxide were
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blocked from permeating through the membranes, and the membranes were

hence selective. More polar membranes were found to be selective also at

higher temperatures.

In the process of developing defect free zeolite membranes, it is impor-

tant to have a tool to characterize flow-through defects. One such tool is

permporometry. In this work, permporometry data was compared with SEM

observations and mixture separation data. It was shown that permporometry

can detect small defects, and that permporometry data correlate well with SEM

observations and membrane separation performance.

In summary, the present work has contributed to the knowledge of mul-

ticomponent separation processes in zeolite membranes. The work has also

shown that zeolite membranes could be useful in the challenge of producing

renewable fuels, for example by removing carbon dioxide from bio-synthesis

gas.



Acknowledgements

First of all, I would like to thank my supervisor, Prof. Jonas Hedlund. Your

ideas, guidance and support made this work possible. I would also like to thank

my assistant supervisor, Assoc. Prof. Allan Holmgren, for nice cooperation and

helpful discussions during the last part of my work.

I also wish to thank Danil Korelskiy, Erik Sjöberg, Dr. Jonas Lindmark

and Dr. Charlotte Andersson. It has been a true pleasure working with you!

Thanks also to everyone else who has been working in the research subject

during these years.

All my co-authors are gratefully thanked for fruitful cooperation. I would

also like to thank Dr. Olov Öhrman for assistance with the design of the high-

pressure rig and for always being concerned about the safety of me and my

colleagues. Dr. Johanne Mouzon is thanked for help with the SEM. Thanks

also to all my colleagues at the division of Sustainable Process Engineering

for all the help and for the friendly atmosphere.

I started my Ph.D. studies at the Research Trainee programme, and I would

like to thank Prof. Staffan Lundström for allowing me to take part of it.

The Swedish Research Council and the Swedish Energy Agency, through

the Northern European Innovative Energy Research Programme (N-INNER),

are gratefully acknowledged for financially supporting this work.

Finally, I wish to thank my family and my friends, especially my husband

Nils for encouragement and support, and my daughter Hilda for being who she

is. Tack.

v



vi



List of papers

I Very High Flux MFI Membrane for CO2 Separation

Linda Sandström, Erik Sjöberg and Jonas Hedlund

Journal of Membrane Science, 380 (2011) 232–240

II Separation of CO2 and H2S from Black Liquor Derived Syngas
using an MFI Membrane

Erik Sjöberg, Linda Sandström, Olov Öhrman and Jonas Hedlund

To be submitted to Bioresource Technology

III Separation of Methanol and Ethanol from Synthesis gas using MFI
Membranes

Linda Sandström, Jonas Lindmark and Jonas Hedlund

Journal of Membrane Science, 360 (2010) 265–275

IV High Flux Zeolite X Membranes

Linda Sandström, Miguel Palomino and Jonas Hedlund

Journal of Membrane Science, 354 (2010) 171–177

V Permporometry Analysis of Zeolite Membranes

Jonas Hedlund, Danil Korelskiy, Linda Sandström and Jonas

Lindmark

Journal of Membrane Science, 345 (2009) 276–287

vii



viii

My contribution to the appended papers

I Most of the planning, evaluation and writing. About half of the

experimental work. A large part of the planning and construction of a

new experimental set-up for membrane experiments involving toxic

and explosive gases at high pressure.

II About half of the experimental work. Some of the planning, evaluation

and writing.

III All experimental work. Most of the planning, evaluation and writing.

IV Nearly all planning and all published experimental work, most of the

evaluation and writing.

V Participated in the planning. Performed experimental work by

introducing Danil Korelskiy, then a master’s thesis student, to the field

and to the experimental techniques and the set-up. Participated a little

in the evaluation and writing.

Other papers by the author, not included in the thesis

Membrane Processes for Effective Methanol Synthesis in the Forest
Based Biorefinery

Erik Sjöberg, Linda Sandström and Jonas Hedlund

Catalysis Today, 156 (2010) 87–92

Maxwell-Stefan modeling of the separation of H2 and CO2 at high
pressure in an MFI membrane

Jani Kangas, Linda Sandström, Ilkka Malinen, Jonas Hedlund and

Juha Tanskanen

To be submitted



ix

Contributions at international conferences, not included in the thesis

Understanding and controlling carbon dioxide transport in zeolite
membranes

Linda Sandström, Jonas Lindmark and Jonas Hedlund

5th International Zeolite Membrane Meeting, Loutraki, Greece,

2010

Oral presentation (given by Linda Sandström)

Membrane Processes for Effective Methanol Synthesis in the Forest
Based Biorefinery

Erik Sjöberg, Linda Sandström and Jonas Hedlund

9th International Conference on Catalysis in Membrane Reactors,

Lyon, France, 2009

Keynote presentation (given by Jonas Hedlund)



x



Contents

Abstract iii

Acknowledgements v

List of papers vii

1 Introduction 1
1.1 Zeolite membranes . . . . . . . . . . . . . . . . . . . . . . . 1

1.2 Biosyngas production by black liquor gasification . . . . . . . 1

1.3 Production of methanol from biosyngas . . . . . . . . . . . . 3

1.4 Scope of the present work . . . . . . . . . . . . . . . . . . . . 4

2 Background 5
2.1 Zeolites . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 5

2.2 Transport regimes in porous media . . . . . . . . . . . . . . . 6

2.2.1 Gas phase flow . . . . . . . . . . . . . . . . . . . . . 6

2.2.2 Surface flow . . . . . . . . . . . . . . . . . . . . . . 7

2.2.3 Diffusion in zeolites . . . . . . . . . . . . . . . . . . 7

2.2.4 Multilayer diffusion and flow in the capillary condensate 8

2.3 Membranes . . . . . . . . . . . . . . . . . . . . . . . . . . . 9

2.3.1 Membrane terminology . . . . . . . . . . . . . . . . . 10

2.3.2 Membrane separation process design . . . . . . . . . 11

2.4 Zeolite Membranes . . . . . . . . . . . . . . . . . . . . . . . 12

2.4.1 Synthesis of zeolite membranes . . . . . . . . . . . . 13

2.4.2 Separation using zeolite membranes . . . . . . . . . . 14

2.5 Permporometry . . . . . . . . . . . . . . . . . . . . . . . . . 15

xi



xii CONTENTS

3 Experimental 17
3.1 Membrane Preparation . . . . . . . . . . . . . . . . . . . . . 17

3.2 Characterization . . . . . . . . . . . . . . . . . . . . . . . . . 18

3.2.1 Scanning Electron Microscopy . . . . . . . . . . . . . 18

3.2.2 Estimation of Si/Al ratios of the membranes . . . . . . 18

3.3 Permeation measurements . . . . . . . . . . . . . . . . . . . 19

3.3.1 Permporometry . . . . . . . . . . . . . . . . . . . . . 19

3.3.2 Multicomponent separation at high pressure . . . . . . 19

3.3.3 Multicomponent separation at atmospheric pressure . . 21

4 Results and Discussion 25
4.1 Characterization . . . . . . . . . . . . . . . . . . . . . . . . . 25

4.1.1 Silicon to aluminium ratio (papers III and IV) . . . . . 25

4.1.2 SEM investigation (papers III, IV and V) . . . . . . . 26

4.1.3 Permporometry (paper V) . . . . . . . . . . . . . . . 27

4.2 Multicomponent separation . . . . . . . . . . . . . . . . . . . 29

4.2.1 Separation of carbon dioxide from synthesis gas at high

pressure (papers I and II) . . . . . . . . . . . . . . . . 29

4.2.2 Separation of methanol from synthesis gas at atmo-

spheric pressure (papers III and IV) . . . . . . . . . . 36

4.2.3 Prediction of selectivity at the conditions of industrial

methanol synthesis (paper III) . . . . . . . . . . . . . 38

5 Conclusions 45

6 Future Work 47

References 49



1 Introduction

1.1 Zeolite membranes

Separation by zeolite membranes may be a less energy-intensive alternative to

established separation technologies such as distillation or crystallization [1].

The membranes could be used for efficient production of biofuels, but also to

reduce energy consumption in numerous other processes in chemical industry.

Compared to polymeric membranes, zeolite membranes offer high thermal and

chemical stability coupled with potentially high flux and selectivity. Difficul-

ties in scale up and high costs have however slowed down commercialization

[1], and today the only large-scale application of zeolite membranes is solvent

dehydration [2, 3].

For large-scale membrane separation applications, high selectivity must

be combined with a high flux through the membrane. A challenge for the

future is thus the reliable manufacturing of large membrane areas with low

defect density and a low film thickness [1]. Our group has worked for a long

time with the development of thin zeolite films and membranes [4]. Efforts

have been made to understand and reduce defect formation in the membranes

[5] as well as to evaluate the separation performance of the membranes for

multicomponent gas mixtures [6].

1.2 Biosyngas production by black liquor gasi-

fication

Due to the greenhouse effect and the limited fossil oil resources, the demand

for bio-based chemical products and fuels is increasing. Much research and

development is today aimed at the implementation of so called biorefineries.

1



2 1. INTRODUCTION

Figure 1.1: Concentrated black liquor

In biorefineries, production of biomaterials, such as paper, is fully integrated

with biofuel and biopower production [7].

Black liquor is a stream in the Kraft pulping process containing spent cook-

ing chemicals and dissolved organic material from the wood, mainly lignin.

Approximately half of the organic material that was originally in the wood

ends up in the black liquor [8]. Normally black liquor is burned in a recovery

boiler, where the cooking chemicals are recovered while the organic mate-

rial is completely oxidized to provide heat for high pressure steam generation

[9]. Alternatively, the black liquor could be gasified into synthesis gas (or

‘syngas’), containing mainly CO, H2, CO2, H2S and CH4. The pulping chem-

icals are then recovered in a way similar as in the recovery boiler, while the

biosyngas can be used to produce biofuels, biochemicals or electricity [8, 9].

Well-established technologies exist to produce a variety of biofuels such as hy-

drogen, methanol and Fischer Tropsch liquid fuels from synthesis gas. Other

possibilities of the synthesis gas include production of dimethyl ether (DME),

higher alcohols, and the methanol-to-gasoline (MTG) and methanol-to-olefins

(MTO) processes.

A pilot scale development plant for pressurised black liquor gasification

was taken into operation in 2005 in Piteå, Sweden [10], and in July 2011,

BioDME was produced in a downstream DME pilot plant [11].
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1.3 Production of methanol from biosyngas

Methanol can be used directly as a fuel, but it is also an intermediate for pro-

duction of DME (an alternative fuel for Diesel engines), or for gasoline in the

methanol-to-gasoline (MTG) process.

Methanol synthesis is usually performed at a temperature of around 250 ◦C
and pressures of 50–100 bar [12]. When a Cu/ZnO catalyst is used, methanol

is produced from CO2 in synthesis gas [13]:

CO2+3H2�CH3OH+H2O (1.1)

The water-gas-shift reaction occurs simultaneously at the catalyst

CO+H2O�CO2+H2 (1.2)

Ideally, synthesis gas for methanol production should have a composition

corresponding to a stoichiometric number, (H2−CO2)/(CO+CO2), of 2 [14].

Biosyngas usually contains much more CO2 and much less H2 than synthesis

gas derived from natural gas [15], resulting in a lower stoichiometric number

than desired. The black liquor-derived synthesis gas used in this work has a

stoichiometric number of about 0.02 (paper II). Hence, the composition of

biosyngas often needs to be modified prior to methanol synthesis [15]. CO2

removal by novel membrane separation techniques may reduce capital and en-

ergy costs compared to established technologies, like CO2 absorption in amine,

chilled methanol or chilled ethylene glycol [16]. Membrane separation could

therefore be an interesting option, especially since the plant scale for synthesis

gas production from biomass may be smaller compared to the scale of existing

plants utilizing fossil raw materials. Polymeric membranes are relatively inex-

pensive and modules with large membrane areas can easily be prepared [16],

and a commercial polymeric membrane for separation of CO2 from synthesis

gas has very recently been marketed [17]. However, as already mentioned, ze-

olite membranes have potentially higher fluxes and better thermal and chem-

ical stability than polymeric membranes. Zeolite membranes could thus be

promising candidates for separation of CO2 from synthesis gas.

The synthesis of methanol is limited by thermodynamic equilibria. Un-

reacted gas therefore needs to be recycled [12]. After exiting the reactor,

methanol and water are separated from unreacted gas by condensation, and

the remaining gas is reheated to the reaction temperature and mixed with fresh

feed. It has been shown [18, 19] that continuous removal of methanol and
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water using a zeolite membrane reactor obviously could increase the conver-

sion, selectivity and yield of a conventional methanol synthesis process. The

selective removal of methanol and water avoids the equilibrium limitation and

increases the conversion of reaction 1.1. However, previous works mostly con-

sider hypothetical membranes or have not studied membrane performance sep-

arately, which is done in the present work.

1.4 Scope of the present work

The aim of the present work was to evaluate the performance of zeolite mem-

branes in multicomponent gas phase separations, particularly separations rele-

vant for the production of renewable fuels via synthesis gas.

Upgrading of synthesis gas by removal of carbon dioxide was studied both

using pure cylinder gases and with synthesis gas derived from black liquor.

Product removal by separation of methanol from synthesis gas was evalu-

ated using one type of FAU membrane and two types of MFI membranes.

To facilitate future development of defect free membranes, the present

work also aimed at developing the permporometry technique for characteri-

zation of defects in the membranes.



2 Background

2.1 Zeolites

Zeolites are microporous materials based on a three dimensional network of

silica and alumina tetrahedra, linked to each other by shared oxygen atoms.

The alumina tetrahedra give the lattice a negative charge, which is compen-

sated by non framework cations [20]. The silicon to aluminium (Si/Al) ratio

affects many properties of the zeolite, such as the ion exchange capacity and

the adsorption properties [20]. The pores of the zeolite are defined by the

crystal structure.

Zeolites exist as natural minerals, but are also produced synthetically. There

are many industrial applications of zeolites, of which the main is as catalysts

in the refining of petroleum [20].

The International Union of Pure and Applied Chemistry (IUPAC) recom-

mend that the zeolite frameworks are represented by three capital letters. The

structures used in the present work are MFI and FAU zeolites.

The zeolite structures ZSM-5 and silicalite-1 used in this work both be-

long to the MFI structure. MFI zeolite can be prepared with Si/Al ratios rang-

ing from 10 to infinity [21], and it is the pure silica polymorph that is named

silicalite-1. The MFI structure has straight pores running in one direction and

sinusoidal pores in the other, and the pore diameters are 0.51 to 0.56 nm [21].

A representation of the MFI structure is shown in Figure 2.1(a).

The FAU framework includes the rare natural mineral faujasite, as well

as the synthetic zeolite X and Y. Zeolite X has a Si/Al ratio of 1–1.5, while

the Si/Al ratio of zeolite Y is 1.5–3 [21]. Hence FAU zeolite contains more

aluminium than MFI zeolite, and since each aluminium atom incorporates a

net negative charge in the zeolite framework, FAU is a more polar framework

than MFI. The pore system of FAU zeolite is three dimensional with 0.74 nm

5
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(a) MFI zeolite (b) FAU zeolite

Figure 2.1: Structures of the zeolite frameworks used in the present work [22].

diameter pores [21]. A representation of the FAU structure is shown in Figure

2.1(b).

2.2 Transport regimes in porous media

2.2.1 Gas phase flow

The molecules of a gas collide frequently and are constantly exchanging ki-

netic energy. The mean free path is the mean distance between two such

molecular collisions [23]. For molecules diffusing in a porous material, also

collisions with the walls will occur. Different flow mechanisms will dominate,

depending on the ratio between the mean free path and the pore diameter. The

Knudsen number, Kn, is used to classify the different types of gas flow and is

defined as the mean free path divided by the characteristic pore diameter [24].

If the mean free path is much larger than the pore diameter (Kn � 1), the

probability of a molecule-molecule collision is negligible compared to that of

a molecule-wall collision. The flow is then in the Knudsen regime. Knud-

sen flow for a multicomponent mixture is separative with respect to molecular

mass [24].

If the mean free path is much smaller than the pore diameter (Kn � 1),

intermolecular collisions will dominate over molecule-wall collisions. The

molecules are not noticeably affected by the pore wall, and bulk diffusion oc-
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curs. This diffusion regime is also known as gaseous or molecular diffusion,

and may be significant for large pore sizes and high pressures.

When the Knudsen number is low and when there is a total pressure gradi-

ent, viscous (or Poiseuille) flow occurs. Whereas Knudsen and bulk diffusion

occur together, viscous flow occurs in parallel to these two mechanisms [25].

Viscous flow of a multicomponent mixture is nonsegregative. Another impor-

tant feature is that gaseous viscous flow permeability is linearly proportional

to the pressure [24]. This is in contrast to Knudsen permeability, which is

independent of pressure.

2.2.2 Surface flow

Knudsen and viscous flow both apply to molecules in the gaseous phase. How-

ever, in porous media, molecules may also be adsorbed. This gives rise to a

flow regime denoted surface flow. Surface flow can be described starting with

adsorption of a gas molecule on a site on the surface. After vibrating for a

time, the molecule acquires an amount of energy enough to hop to another

site, where it continues to vibrate. The molecule makes a certain number of

hops until it acquires enough energy to escape from the surface and return to

the gaseous phase [23]. A net flow on the surface occurs because of a concen-

tration gradient of the hopping molecules. Surface flow should be considered

in addition to gas-phase transport.

Surface diffusion is an activated process, and the diffusivity is increasing

with temperature [24]. However, at high temperatures, surface flow is low

due to the low amount of adsorbed molecules [23]. Gas-phase transport then

dominates the flow. The surface diffusivity is a strong function of surface

concentration, and usually increases with increasing amount adsorbed [24].

2.2.3 Diffusion in zeolites

In small pores, such as in a zeolite, steric and other effects associated with the

proximity of the pore walls become important [24]. The molecules can not

escape from the potential field of the zeolite, and are therefore not as free as in

Knudsen diffusion [26]. Diffusion is then an activated process. This diffusion

mode is sometimes called configurational diffusion, intracrystalline diffusion

or simply micropore diffusion [24]. Diffusion in zeolites has many similarities

to surface diffusion [24], described above.

Similarly as for surface diffusion, the concentration dependence of zeolite

diffusion is usually strong. This is because at high concentrations, molecules in
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the zeolite interact not only with the lattice but also with each other. Depending

on the system, both increasing and decreasing trends of diffusivity as a function

of surface coverage have been observed [27].

Xiao and Wei [26] studied hydrocarbon diffusion in zeolites, and devel-

oped an activated gaseous diffusion model called the gas translation (GT)

model. Similarly as for surface diffusion, the flow is imagined to occur by

jumping motions from site to site in the zeolite. In the GT model, the molecules

diffusing in the zeolite maintain gaseous character, but the movement from site

to site has to overcome an energy barrier [26].

Diffusion is often described by Fick’s first law of diffusion,

Ji = − Di

RT
dpi

dz
(2.1)

where Ji is molar diffusion flux of species i (mol m−2 s−1), Di is the effective

Fick diffusivity (m2/s) and dpi/dz is the pressure gradient of component i across

the membrane. Equation 2.1 is however only valid for binary mixtures or for

diffusion of dilute species i in a multicomponent mixture, and this formula-

tion also requires the absence of an external force field [25]. Because of these

limitations, diffusion in a zeolite is often described using the Maxwell-Stefan

formulation. In this approach, the force acting on a species, i, is balanced by

friction between the species in the mixture [25]. The zeolite pore wall is added

to the model as a pseudo species. In the Maxwell-Stefan formulation, diffu-

sion of a multicomponent mixture is usually described in matrix form. Drag

and thermodynamic effects are decoupled, i.e. drag effects are accounted for

by one matrix ([B]) and thermodynamic effects by another ([Γ]). For a multi-

component mixture, these matrices relate to a matrix of Fick’s diffusivities by

[25]

[D] = [B]−1[Γ] (2.2)

2.2.4 Multilayer diffusion and flow in the capillary condensate

At high gas pressures and temperatures below the critical temperature, surface

coverage is high and multilayer diffusion and capillary condensation can occur.

The transport of multilayer-adsorbed molecules differs from surface diffusion,

since the transport occurs on a layer of adsorbed molecules rather than on the

surface itself.

Since zeolite is a microporous material (i.e. pores smaller than 2 nm), mul-

tilayers are not readily formed in the pores. Multilayer diffusion and capillary

condensation can however play an important role for transport through defects
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500 nm

Figure 2.2: Zeolite film which may contain mesoporous defects such as open grain

boundaries.

(cracks, pinholes, open grain boundaries etc.) in a zeolite film, which may be

mesoporous (between 2 and 50 nm), see Figure 2.2.

The pore size at which condensation occurs in a mesopore for a given

partial pressure is given by the Kelvin equation [28], which assuming perfect

wetting is

ri =
−2γVm

RT ln(p/p0)
, (2.3)

where ri is the pore radius, γ is the surface tension of the condensate, Vm is the

molar volume of the liquid, p is the gas phase pressure and p0 is the saturation

pressure.

Generally, multilayers start to accumulate even before the formation of a

monolayer is completed, and capillary condensation at a heterogeneous surface

begins to occur before the completion of multilayer adsorption. Differentiat-

ing the contributions from the various transport mechanisms is therefore very

difficult [24].

2.3 Membranes

According to IUPAC recommendations 1996 [29], a membrane is ‘a structure,

having lateral dimensions much greater than its thickness, through which mass

transfer may occur under a variety of driving forces’. Membranes are used

mainly for separation applications [30], usually in the liquid phase, like for



10 2. BACKGROUND

Membrane

Feed Retentate

Permeate Sweep

(a) Wicke-Kallenbach

set-up

Membrane

Feed Retentate

RetentatePermeate

(b) Pressure difference

driven set-up

Figure 2.3: Membrane separation set-ups, with and without the use of sweep gas.

example in water purification. Gas separation by membranes has been stud-

ied since the nineteenth century, but has become a major industrial applica-

tion only during the past 20 years [30]. Both porous and dense films can be

used for selective gas separation, although virtually all commercial gas sepa-

ration membranes are dense polymer membranes where separation occurs by

a solution-diffusion mechanism [30]. The present work is however focussed

on porous membranes, i.e. zeolite membranes, which potentially display much

larger flux than dense membranes.

2.3.1 Membrane terminology

Two types of membrane separation set-ups are shown in Figure 2.3. The fluid

that is supplied to a membrane is denoted feed, while the permeate is the fluid

that passes through the membrane. The part of the feed that is rejected by the

membrane is denoted retentate. The sweep is a stream on the permeate side of

the membrane with the purpose of reducing the permeant concentration.

As already mentioned, the number of moles of a component i passing per

unit time through a unit of membrane surface area is denoted flux, Ji (mol m−2

s−1). From this, permeance can be derived, which is the flux per unit driving

force (mol m−2 s−1 Pa−1) [29].

In single component permeation experiments, the feed consists of one sin-

gle component. The ratio of the permeances of two components, measured in

single component permeation experiments, is called permselectivity or ideal
selectivity.
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For mixture component separation, the separation factor, α, is here defined

as

α =
yi/y j

xi/x j
(2.4)

where xi and yi are molar fractions of component i in the feed and permeate

streams, respectively. The separation performance of a zeolite membrane for

a multicomponent mixture can be very different from the permselectivity mea-

sured in single component permeation experiments. The selectivity for mixture

separation can also be given as the ratio of the permeances of components i and

j, sometimes referred to as separation selectivity.

2.3.2 Membrane separation process design

Industrial gas separations are normally performed without using a sweep gas.

The driving force for flow through the membrane is in this case created by a

total pressure difference across the membrane, as in Figure 2.3(b). Three fac-

tors determine the performance of a membrane gas separation system when

sweep gas is not used: membrane intrinsic selectivity, the ratio of feed pres-

sure to permeate pressure (usually called the pressure ratio) and the membrane

stage-cut which is the fraction of the feed gas that permeates the membrane

[30].

When no sweep gas is used, the permeate pressure is built up only by

the preferentially permeating compound/-s, if the membrane is very selec-

tive. The driving force for flow of the preferentially permeating compound/-s

through the membrane will hence be lower than that of the non-permeating

compound/-s. Therefore, for a membrane with a high intrinsic selectivity, the

observed selectivity (α, equation 2.4) will be limited by the pressure ratio,

as long as the pressure ratio is not very high. The system is more sensitive

to pressure-ratio limitations if the concentration of the permeating compound

in the feed is low. Achieving large pressure ratios by compressing the feed

stream to very high pressures or drawing a very hard vacuum on the permeate

side both require extra energy and process equipment such as pumps. Typi-

cal practical pressure ratios used for industrial gas separations are in the range

5–20 [30]. Because of this practical limitation of pressure ratio, the benefit of

very highly selective membranes is often less than might be expected [30].

The stage-cut is the fraction of the feed gas that permeates the membrane,

and it represents a compromise. By using large stage-cut (large membrane

areas), membranes with moderate selectivities can produce very pure reten-

tate gas streams enriched in the less permeable component, although at low
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recoveries [30]. On the contrary, at very low stage cut it is possible to pro-

duce a concentrated permeate stream, although the concentration of permeable

component/-s in the retentate stream will in this case be high. The enrich-

ment of the more permeable component in the permeate can however never

be more than the membrane intrinsic selectivity [30]. Because of the stage-

cut compromise, a single-stage membrane process can be designed for either

maximum recovery or maximum purity, but not both. Combinations of mem-

brane units, such as multistep separations or recycle designs, or combination

of membrane units with other separation units such as condensers, might con-

tribute to achieve the required separations at reasonable costs [30].

2.4 Zeolite Membranes

In order to achieve mechanically stable membranes with high permeance, ze-

olite membranes are often comprised of a thin zeolite film on top of a porous

support of another material. Porous ceramics, such as porous α-alumina, are

commonly used support materials [31], and was used also in the present work.

Another form of zeolite membranes is zeolite-filled polymeric (mixed-matrix)

membranes [1, 32].

The main advantages of zeolite membranes, compared to e.g. polymeric

membranes, are the thermal and chemical stability, combined with the poten-

tially high selectivity and flux [33]. The main disadvantage is the high mem-

brane cost, of which the majority can be attributed to the cost of the ceramic

support [2]. Because of this disadvantage, high flux membranes are needed in

order to make the required membrane area for an application as low as possi-

ble. Zeolite film thicknesses well below the micrometer range will likely be

needed for large-scale applications [1].

Most of the reported zeolite membrane separation results have been ob-

served for rather thick zeolite films, resulting in low permeances. For exam-

ple, the separation of carbon dioxide and hydrogen has been reported for a

number of membranes, including a FAU membrane [34], a SAPO-34 mem-

brane [35] (a zeolite-like material), and an MFI membrane [36], all with film

thicknesses in the range 5–10 μm. Observed carbon dioxide permeances were

in the range 0.4–7·10−7 mol m−2 s−1Pa−1. The separation performance of a

10 μm thick FAU membrane has been evaluated up to 5 MPa feed pressure

on a methanol/hydrogen/water gas mixture by Sato et al. [37]. The observed

methanol permeance was about 2·10−7 mol m−2 s−1Pa−1.

Some reports of thin (<2 μm) membranes can also be found in literature,
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such as for zeolite A [38, 39] and for b-oriented MFI [40]. White et al. [41]

synthesized a zeolite Y membrane consisting of a dense zeolite film of 350–

600 nm thickness, covered with a 25 μm porous layer of zeolite crystals. The

observed single gas carbon dioxide permeance was however rather low, about

1·10−7 mol m−2 s−1Pa−1. Our group has worked for a long time with high-

flux MFI membranes [42], and a carbon dioxide permeance of 9·10−7 mol m−2

s−1Pa−1 has been reported for an amine modified membrane [43] and 13·10−7

mol m−2 s−1Pa−1 for a membrane ion exchanged to barium form [44], both

observed for a feed mixture of carbon dioxide and hydrogen.

High flux can also be obtained by other means than a thin zeolite film, such

as the existence of a non-zeolite pore system in the membrane [45, 46], or by

synthesising the zeolite film on a support with a very low resistance to mass

transfer.

2.4.1 Synthesis of zeolite membranes

There are two main synthesis methods for zeolite membranes described in the

literature. In in-situ crystallization, the support is placed in a synthesis solu-

tion and crystals nucleate and grow into a film in a single step. When seeded
growth is used, small zeolite crystals denoted seeds are attached to the sur-

face of the support. The seeds are then hydrothermally treated in a synthesis

solution and grown into a film [33]. A seeding technique [42] was used to

synthesize membranes in the present work. This technique was developed by

our group in collaboration with Exxon Mobil, and was a pioneering work on

seeded synthesis of thin zeolite films [4].

In order to achieve high flux membranes, zeolite formation in the support

pores during synthesis should be avoided. The MFI membranes in this work

were masked with a method previously developed in the group. Masking is

a method in which the support pores are protected with wax during the zeo-

lite synthesis process [42]. This prevents zeolite invasion of the support, and

also reduces leaching of aluminium from the support during synthesis, thereby

limiting aluminium incorporation into the growing zeolite film. The wax is

removed after synthesis by calcination. Other methods to reduce support in-

vasion and leaching have been reported, for example, Lai et al. coated the top

layer of the support with a mesoporous silica layer before synthesis of the ze-

olite film [40].
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Figure 2.4: Influence of temperature and partial pressure on the selectivity of a zeolite

film (from [47]).

2.4.2 Separation using zeolite membranes

Many separations in zeolite membranes occur as a result of surface diffusion,

multilayer adsorption and capillary condensation processes. For a given mem-

brane, changing operating conditions like temperature and partial pressure of

the permeating molecules can change the separation selectivity [47]. This

is shown schematically in Figure 2.4 (from [47]), where component A is a

small polar molecule that is preferentially adsorbed in the membrane and B

is a small, essentially non-adsorbing permanent gas. Component C is a large

size molecule that can only permeate the membrane through defects. At low

temperatures, A blocks the permeance of B in the smallest (zeolite) pores by

adsorption. At a slightly higher temperature the blocking situation can be

maintained by a higher partial pressure of A [47]. If the partial pressure of

A is further increased and the temperature is lowered, multilayer adsorption

and capillary condensation of A results in blocking of larger pores (defects).

Hence, also the permeance of component C is blocked under these conditions.

This effect can result in high selectivity even for a membrane that is not per-

fect [47]. Increasing the temperature and/or decreasing the partial pressure

of A decreases adsorption, and the separation selectivity for A over B is lost.
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Compound C can however still only permeate the membrane through defects

[47].

Another separation mechanism that may occur in zeolite membranes is

molecular sieving, where some molecules are too large to penetrate the zeolite

pores, and separation is based on differences in diffusion rates.

The separation selectivity of a zeolite membrane can be altered by modi-

fication of the adsorption properties of the zeolite, for example by altering the

Si/Al ratio of the zeolite as in paper III, or by introducing foreign compounds

in the pore system [43]. The vast number of known zeolite structures also

offers the possibility to tailor the pore size of the membrane by the selected

zeolite type.

However, the chemical structure of the zeolite is not the sole factor deter-

mining the separation properties of a zeolite membrane. For thin supported ze-

olite membranes, like the membranes in this work, the resistance of the porous

support layer also has an impact. Obviously, the flux through the membrane is

lowered by support resistance, and if the transport through the support occurs

entirely or partly by Knudsen diffusion, the support can also affect the mem-

brane selectivity. As illustrated by Figure 2.4, also defects (cracks, pinholes

etc.) in the zeolite film affects the separation performance of the membrane.

An effective tool for characterization of defects is described below.

2.5 Permporometry

In the development of defect free membranes, an effective characterization

tool for flow-through defects is essential. Permporometry is a non-destructive

method used for characterization of flow-through pores in ceramic membranes

[48, 49], and the method has later been adapted to the analysis of zeolite mem-

branes [50, 51].

In a permporometry experiment, the permeance of a non-adsorbing gas,

such as helium, is measured as a function of the partial pressure of a strongly

adsorbing compound, such as n-hexane.

A typical permporometry curve is shown in Figure 2.5. First, the perme-

ance of the non-adsorbing gas through a dry membrane at zero pressure of the

adsorbing compound is measured (point 1). Then, a low pressure (p/p0 ∼ 0.01)

of the strongly adsorbing compound is introduced in the feed. This blocks the

transport of the non-adsorbing gas through the smallest pores, i.e. the zeolite

pores, and some of the smallest defects in the membrane. The permeance

of the non-adsorbing gas decreases and is measured at steady state (point 2).
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Figure 2.5: Typical permporometry curve with estimated corresponding pore diame-

ters.

The remaining permeance of the non-adsorbing gas at point 2 will stem from

transport through defects that are too large to be blocked at the current partial

pressure of the adsorbing compound. Therefore, the permeance measured at

point 2 can be used to estimate the total area of defects in the membrane.

Subsequently, the pressure of the adsorbing compound is increased step-

wise (points 3, 4, 5. . . ) and the permeance of the non-adsorbing gas is mea-

sured at steady state at each point. The pore size that is blocked at a given

partial pressure can at lower partial pressures be estimated using the Horvath-

Kawazoe equation [52], and at higher partial pressures using the Kelvin equa-

tion (equation 2.3). The Kelvin equation is valid for mesopores (i.e. 2 nm < d <

50 nm). Since adsorption occurs before capillary condensation, it is necessary

to account for the thickness of the adsorbed layer in the calculations, which in

the present work was estimated using the Harkins-Jura equation [28].

Finally, the collected data, i.e. permeance of non-adsorbing gas and corre-

sponding pore sizes, can be used to estimate a defect distribution of the mem-

brane.



3 Experimental

3.1 Membrane Preparation

The zeolite membranes studied in this work are thin (about 0.5–1 μm) and

are supported by porous, graded α-alumina support discs (Fraunhofer IKTS,

Germany). The supports are 25 mm in diameter and 3 mm thick, and consist of

two distinct layers. The fine-grained top layer (100 nm pore size) supports the

zeolite film, while the thicker layer has larger pores and provides mechanical

strength to the membrane. A representation of the membranes is shown in

Figure 3.1.

For synthesis of MFI membranes, the supports were first masked, i.e. the

pores of the support were filled with wax. A cationic polymer was then ad-

sorbed on the surface, on which 50 nm colloidal silicalite-1 crystals could be

electrostatically adsorbed, as described in detail by Hedlund et al. [42].

For synthesis of zeolite X membranes, the supports were not masked. Col-

loidal FAU seeds, about 80 nm in size, were prepared as described elsewhere

[53]. The seeding was performed as for MFI membranes, with the difference

that it was performed twice in order to achieve a dense seed layer.

The seeded supports were immediately immersed in clear synthesis solu-

tions and treated at 100 ◦C under atmospheric pressure and with reflux of evap-

0.5-1 μm

30 μm

3 mm

Zeolite film

Support

Figure 3.1: Schematic drawing of membranes used in this work.
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orated solution, as described in detail elsewhere [42, 53]. MFI membranes with

high Si/Al ratio (papers I, II, III and V) were grown by hydrothermal treatment

in a synthesis solution with a molar composition of 3 TPAOH : 25 SiO2 : 1450

H2O : 100 EtOH. For MFI membranes with low Si/Al ratio (paper III), the

composition of the synthesis mixture was 3 TPAOH : 0.25 Al2O3 : Na2O : 25

SiO2: 1600 H2O : 100 EtOH. A synthesis solution with a molar composition

of 80 Na2O : 1 Al2O3 : 9 SiO2 : 5000 H2O was used for growth of zeolite X

membranes (paper IV).

After synthesis, MFI membranes were rinsed in a 0.1 M NH3 solution and

then calcined at 500 ◦C. The zeolite X membranes were after synthesis rinsed

in methanol, and were not calcined.

3.2 Characterization

3.2.1 Scanning Electron Microscopy

SEM images and EDS measurements were recorded with a Philips XL 30 in-

strument with a LaB6 electron gun (papers III and V) and a FEI Magellan 400

field emission XHR-SEM (paper IV). EDS data presented in paper IV were

recorded with an Oxford instruments X-Max 80 mm2 SDD detector.

3.2.2 Estimation of Si/Al ratios of the membranes

The Si/Al ratios of the membranes were estimated using energy dispersive

spectroscopy (EDS). For the MFI membranes in paper III, an indirect method

involving cesium was used since aluminium signal from the support would in-

terfere with a direct measurement of the aluminium content in the very thin

zeolite film. By ion exchange of the MFI membranes to cesium form, the alu-

minium content of the zeolite film could be indirectly quantified by comparing

the cesium signal to the cesium signal from zeolite powders with known com-

position. Cesium is known [54] to ion exchange almost quantitatively resulting

in a cesium to aluminium ratio close to one in ZSM-5. Furthermore, cesium is

a much heavier atom than aluminium, which facilitates its detection by EDS,

even in low concentrations.

One MFI membrane with a low Si/Al ratio and one with a high Si/Al ratio,

prepared as described above, were ion exchanged to cesium form. Details of

the ion exchanging procedure are provided in paper III. Powders of discrete

crystals were also prepared. Two types of MFI synthesis solutions, with and

without aluminium, were prepared as described for membrane synthesis and
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seeded with 1000 wtppm of 60 nm silicalite-1 crystals of the same kind as used

for membrane synthesis. The dispersions were then hydrothermally treated,

also identically to the membrane synthesis procedure, for 27 and 36 hours for

synthesis solutions with and without aluminium, respectively. The crystals

were dried and calcined, and the powders were ion exchanged to cesium form.

A commercial ZSM-5 powder (Eka Nobel AB, Sweden, Si/Al of 115) was also

ion exchanged to cesium form.

All ion-exchanged samples were analyzed using EDS, and all powders

were in addition analyzed by Ion Coupled Plasma Atomic Emission Spec-

troscopy (ICP-AES) analysis.

The silicon profile and Si/Al ratio of the zeolite X membranes in paper IV

were determined in a direct measurement by EDS. Due to the slightly larger

thickness of the zeolite X membranes, and the use of a low accelerating voltage

(5 kV), direct measurement of the Si/Al ratio in the film was possible without

interference of aluminium signal from the support.

3.3 Permeation measurements

3.3.1 Permporometry

All MFI membranes were characterized using n-hexane permporometry [42,

50]. This technique has been used for many years by our group to characterize

zeolite membranes. The technique is also further developed in the present

work, as described in paper V, and in subsequent publications by our group

[55, 56].

Before the permporometry experiment, any adsorbed species were removed

by keeping the membrane at 300 ◦C for six hours in a flow of pure helium.

All permporometry measurements were performed at room temperature,

with a pressure difference across the membrane of one bar and the permeate

side kept at atmospheric pressure. Helium was fed to the membrane, and the

relative pressure of n-hexane was increased step-wise from zero to approxi-

mately 0.01, 0.025, 0.25, 0.85 and 1.0. The helium permeance was monitored

continuously, and the system was allowed to reach steady state at each step.

The experimental set-up is outlined in Figure 3.2.

3.3.2 Multicomponent separation at high pressure

Multicomponent separation experiments at high pressure were performed with-

out the use of sweep gas, as shown in the principle sketch in Figure 2.3(b). A
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Figure 3.2: Sketch showing the outline of the experimental set-up for permporometry

experiments

simplified sketch of the experimental set-up is shown in Figure 3.3(a). Back

pressure regulators (BP-60, GO Regulators) were used to control retentate and

permeate pressures. The temperature of the membrane cell was monitored by

a type K thermocouple. Adsorbed components were removed from the mem-

brane prior to the experiments by keeping the membrane at 300 ◦C for 6 hours

in a flow of nitrogen on both sides. The sweep gas line (MFC 4 in Figure

3.3(a)) was used for this purpose only. A drum-type gas meter (Ritter Appa-

ratebau GmbH) was used to measure gas flow in the permeate stream.

For separation experiments using cylinder gas (paper I), the desired feed

gas mixtures were obtained using mass flow controllers. Feed and permeate

compositions were analyzed online by a GC (Varian CP-3800) equipped with

a thermal conductivity detector. Feed compositions and feed and permeate

pressures are shown in Table 3.1. All separations were carried out at room

temperature (about 295 K) and sub-ambient temperature (about 276 K).

For separation experiments using synthesis gas from the pilot scale black

liquor gasifier (paper II), the feed flow was set to 15 l/min using a mass flow

controller. After the mass flow controller, a bed of activated carbon and a bed

of silica gel were placed. The purpose of the activated carbon bed was to re-

move hydrocarbons from the feed while the silica bed was used to decrease the

amount of water vapour in the synthesis gas and to obtain a varying H2S con-

centration in the feed to the membrane (to observe the effects of an increasing

H2S concentration). The activated carbon bed consisted of 30 g crushed and

sieved (0.5–2 mm) activated carbon (WS490, Chemviron) and the silica gel

bed consisted of 4.5 kg of silica gel (2–5 mm, Merck). Prior to the separation

experiments, the silica gel bed was dried for 3 h at 150 ◦C in a flow of nitrogen.

Gas samples for analysis were taken using sampling bags (Flex Foil Standard,
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Table 3.1: Compositions (MPa) of feed mixtures evaluated at high pressure.

Feed Pressure (MPa) Pressure

No. H2 CO2 CO Feed tot. Permeate ratio

HP1 0.3 0.3 - 0.6 0.12 5

HP2 0.5 0.5 - 1.0 0.2 5

HP3 0.75 0.75 - 1.5 0.3 5

HP4 1.0 1.0 - 2.0 0.4 5

HP5 1.25 1.25 - 2.5 0.5 5

HP6 1.5 1.5 - 3.0 0.6 5

HP7 0.3 0.3 0.3 0.9 0.12 7.5

HP8 0.5 0.5 0.5 1.5 0.2 7.5

HP9 0.75 0.75 0.75 2.25 0.3 7.5

HP10 1.0 1.0 1.0 3.0 0.4 7.5

SKC Inc.). Sampling points were before the two beds, after the silica gel bed

and on the permeate side of the membrane, as shown in Figure 3.3(a). Gas

compositions were analysed by GC, just as the online measurements, while an

FTIR (Bruker Vertex 80v, 4 cm−1 resolution, 256 scans) equipped with a 10

cm gas cell (Specac) was used to analyse the H2O concentration. The feed

pressure was kept at 2.25 MPa and the permeate pressure at 0.3 MPa, resulting

in a pressure ratio of 7.5, like in experiment HP9 in Table 3.1. The separation

experiments were performed for approximately 10 hours and at room temper-

ature.

3.3.3 Multicomponent separation at atmospheric pressure

Multicomponent separation experiments at atmospheric pressure were per-

formed in a Wicke-Kallenbach set-up, shown schematically in Figure 2.3(a).

The cell temperature was varied, using heating and cooling rates of 0.5 ◦C per

minute. The temperature was monitored by means of a type K thermocou-

ple. A Varian 3800 GC with a chromosorb 107 column was connected online,

and a thermal conductivity detector was used for quantitative analysis of the

gas compositions. Three mass flow controllers and two temperature controlled

saturators were used to achieve the feed gas composition presented in Table

3.2. A simplified sketch of the experimental set-up is shown in Figure 3.3(b).

Helium was used as sweep gas, and in order to limit the back diffusion of he-

lium from the sweep side to the feed side of the membrane, helium was also

added to the feed mixture.
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Figure 3.3: Sketches showing the outlines of the experimental set-ups for separation

experiments.
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Table 3.2: Composition (kPa) of the feed mixture used for separation experiments at

atmospheric pressure.

Feed Partial pressure (kPa) Membrane

No. H2 CO2 H2O Methanol He type

AP1 40.0 10.0 0.6 5.8 44.6 MFI, FAU

For MFI membranes, adsorbed components were removed at 300 ◦C, in the

same manner as for permporometry. The zeolite X membranes were retrieved

directly from the methanol storage solution and mounted into the cell. The

membranes were then conditioned over night at 45 ◦C in a flow of carbon

dioxide, methane and water vapour on the feed side, and helium sweep on the

permeate side.

The total feed flow rate was 1000 ml min−1 and the sweep gas flow rate was

150 ml min−1. For the MFI membranes, the sweep gas flow rate was increased

to 1000 ml min−1 at temperatures above 75 ◦C. The separation performance of

two membranes of each type (two MFI membranes with low Si/Al ratio, two

MFI membranes with high Si/Al ratio and two zeolite X membranes) were

evaluated for the separation of methanol from synthesis gas. The separation

performance of the twin membranes were similar for all membrane types, and

the results from only one membrane of each type are shown here.
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4 Results and Discussion

4.1 Characterization

4.1.1 Silicon to aluminium ratio (papers III and IV)

As stated in the experimental section, the Si/Al ratio of the MFI membranes

could not be measured directly, since aluminium signal from the support would

interfere with the measurement. An indirect method, where the samples were

first ion exchanged to cesium, was therefore used. According to literature [54],

the cesium to aluminium (Cs/Al) ratio should be close to one. The Si/Al ratio

could therefore be determined by analyzing the Si/Cs ratio. Both films and

crystals were ion exchanged. Table 4.1 shows the results of the ICP and EDS

measurements of the Si/Al and Si/Cs ratios of the ion-exchanged MFI sam-

ples. Based on data for the homemade ZSM-5 crystals, it was concluded that

the Si/Cs ratio measured by EDS is about 2% lower than the Si/Al ratio mea-

sured by ICP. By using this 2% correction, the Si/Al ratios were estimated for

all samples, based on the Si/Cs ratios measured by EDS. For the commercial

ZSM-5 powder, the estimated Si/Al ratio using EDS data differs by only 2%

Table 4.1: Si/Al ratios determined by ICP, Si/Cs ratios determined by EDS and esti-

mated Si/Al ratios

Sample ICP Si/Al EDS Si/Cs Estimated Si/Al

Homemade ZSM-5 crystals 140 137 140

Homemade silicalite-1 crystals >6000 >500 >500

Film, high Si/Al ratio - 136 139

Film, low Si/Al ratio - 64 65

Commercial ZSM-5 126 121 124

25
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from the Si/Al ratio measured by ICP. This demonstrates the accuracy of the

method.

For the homemade silicalite-1 crystals, the aluminium content was below

the detection limit of the ICP method used, and no cesium could be detected

with EDS.

The estimated Si/Al ratios were 139 and 65 in the films with high and low

Si/Al ratios, respectively. This is in line with previous XPS measurements on

films of the same type as in this work. The XPS measurements showed Si/Al

ratios of 157 and 62 on the surface of membranes prepared with high and low

Si/Al ratios, respectively [57].

The Si/Al ratio of a zeolite X membrane was measured directly with EDS

to about 1.2.

The Si/Al ratios of the membranes in the present work are thus 139, 65

and 1.2 for MFI with high Si/Al ratio, MFI with low Si/Al ratio and zeolite X,

respectively, and the membrane types are hereafter denoted M139, M65 and

X1.2.

4.1.2 SEM investigation (papers III, IV and V)

SEM images of a membrane of type X1.2 are shown in Figure 4.1. The mem-

brane appears to be comprised of well intergrown crystals, which are about

0.1–0.5 μm in diameter at the top surface of the membrane. No defects are

observed at the surface. The membrane thickness is about 0.9–1.5 μm. No ze-

olite invasion of the support is observed by SEM. An EDS line scan of silicon

along the vertical line in Figure 4.1(b) confirms that there is very little zeolite

invasion of the support. The silicon content decreases sharply at the interface

between the zeolite film and the alumina support. Hence, no zeolite has formed

in the support during film synthesis, and the support pores are fully open.

A membrane of type M65 is shown in Figure 4.2. The membrane is about

0.5 μm thick and the sizes of the crystals on the surface are similar to those of

the type X1.2 membrane.

SEM images of a membrane of type M139 are shown in Figures 4.3(a) and

4.3(b). The membrane is sputtered with gold prior to the SEM investigation,

resulting in a slightly granular appearance of the surface. The membrane ap-

pears to be defect free by the SEM inspection, and the thickness is about 0.5

μm. The membrane in Figures 4.3(c) and 4.3(d) (paper V) is similar to type

M139 membranes, but is deliberately made thicker, about 1.1 μm, which in-

troduces cracks in the membrane. The width of the observed cracks is about

10–15 nm, see Figure 4.3(c).
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Figure 4.1: SEM images of a membrane of type X1.2.
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(a) MFI, type M65, top view
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(b) MFI, type M65, side view

Figure 4.2: SEM images of a membrane of type M65.

4.1.3 Permporometry (paper V)

In paper V, the efficiency of permporometry as a characterization tool for flow-

through defects in MFI membranes was demonstrated. Permporometry pat-

terns of membranes of the same types as in Figure 4.3 are shown in Figure 4.4.

As discussed in the introduction, when the relative pressure of n-hexane is in-

creased, larger and larger defects are blocked by capillary condensation. This

results in a decrease of the observed helium permeance. If pores or defects of

a certain size are abundant in the membrane, a large decrease in permeance

is observed at the relative pressure of n-hexane where pores or defects of this

size become blocked by condensed hexane.

In the pattern of the thicker membrane, a significant permeance drop is
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Figure 4.3: SEM images of MFI membranes with an Si/Al ratio of about 139.

observed in the relative pressure range 0.22<p/p0<0.75, which corresponds

to defects with a width of 3.6 nm to 16 nm. This corresponds well with the

10–15 nm size of the defects observed by SEM, see Figure 4.3(c). No defects

in the membrane of type M139 were observed by SEM, see Figure 4.3(a). The

permporometry pattern for this membrane type is also very flat (no significant

permeance drop) in the whole relative pressure range 0.025<p/p0<1, i.e. very

small amounts of defects are detected by permporometry.

In paper V, permporometry data were also found to correlate linearly

(R2=0.74) to the room temperature separation factor αn−hexane/DMB in mixture

separation experiments for a set of six high quality membranes of type M139.

This further demonstrates that permporometry at least under some conditions

can predict membrane separation performance.

Permporometry data for the four MFI membranes used in paper III and the
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Figure 4.4: n-Hexane/helium adsorption-branch permporometry patterns for low- and

highly defective MFI membranes with Si/Al ratio of about 139.

MFI membrane used in papers I and II show that all membranes are of very

high quality. The permeance drops more than 99% when a small amount of

n-hexane (relative pressure of n-hexane ∼0.01) is added to the feed. Hence,

more than 99% of the permeance through the membranes is through zeolite

pores or defects smaller than 1.6 nm (estimated as described in paper V).

In the present work, membranes of type X1.2 were not characterized by

permporometry. The method requires complete removal of adsorbed compo-

nents prior to the measurements [51], and in order to avoid possible defect

formation due to dewatering, as reported by other groups [59, 60], the mem-

branes in this study were not dried prior to separation measurements.

4.2 Multicomponent separation

4.2.1 Separation of carbon dioxide from synthesis gas at high pressure
(papers I and II)

In this work, separation of carbon dioxide from synthesis gas was performed

both using pure cylinder gas (paper I) and using synthesis gas from a pilot scale

black liquor gasifier (paper II). An MFI membrane of type M139 was used.
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4.2.1.1 Separation of gas from cylinders (paper I)

For an equimolar (1:1) mixture of carbon dioxide and hydrogen, (HP1–6 in Ta-

ble 3.1), the membrane was found to be selective to carbon dioxide. A carbon

dioxide flux as high as 657 kg m−2 h−1 was observed at room temperature, 3.0

MPa feed pressure and 0.6 MPa permeate pressure. This flux is many times

larger than previously reported for any zeolite membrane and is a result of a

combination of factors such as a low film thickness, an open support and a

high pressure drop. The observed carbon dioxide/hydrogen separation factor

at these conditions was 16 and the separation selectivity was 26. The selec-

tivity is likely caused by effective blocking of hydrogen transport by carbon

dioxide adsorption, as illustrated schematically in Figure 2.4.

The membrane separation performance for the same feed (equimolar car-

bon dioxide/hydrogen mixture) was also investigated at a membrane temper-

ature of 2◦C. At this temperature, the membrane selectivity is higher than at

room temperature, while the carbon dioxide flux is lower. For example, at

1.0 MPa feed pressure and 0.2 MPa permeate pressure, a carbon dioxide flux

of 332 kg m−2 h−1, a carbon dioxide/hydrogen separation factor of 32 and a

carbon dioxide/hydrogen separation selectivity of 53 was observed.

Synthesis gas also contains carbon monoxide (CO). The membrane sep-

aration results at room temperature for an equimolar (1:1:1) feed mixture of

carbon dioxide, hydrogen and carbon monoxide (HP7–10 in Table 3.1) are

shown in Figure 4.5. Also for this feed composition, the carbon dioxide flux

and permeance are very high, while the hydrogen permeance is low, again

likely due to blocking of the transport of hydrogen by adsorbed carbon diox-

ide. Also the carbon monoxide permeance is low and appears to be blocked by

adsorbed carbon dioxide. The carbon monoxide permeance is however larger

than the hydrogen permeance, probably due to stronger adsorption of carbon

monoxide compared to hydrogen in the zeolite. The carbon dioxide perme-

ance is slightly lower for the ternary feed than for the binary feed, likely due

to competitive adsorption between carbon dioxide and carbon monoxide. Still,

the maximum observed carbon dioxide flux is as high as 547 kg m−2 h−1. At

the investigated conditions, the observed carbon dioxide/hydrogen separation

factor was about 9–12, while the carbon dioxide/carbon monoxide separation

factor was about 3–5 and the carbon monoxide/hydrogen separation factor was

about 2–3. Hence, the membrane can effectively separate carbon dioxide also

from a synthesis gas containing carbon monoxide.

At a membrane temperature of 4 ◦C, observed permeances and fluxes are

lower while the selectivity is higher, just as in the experiments with the bi-
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Figure 4.5: Room temperature fluxes, permeances, separation factors and separation

selectivities for an equimolar mixture of carbon dioxide, carbon monoxide and hydro-

gen.

nary feed mixture. At a feed pressure of 1.5 MPa and a permeate pressure of

0.2 MPa, the observed carbon dioxide flux was 220 kg m−2 h−1, the carbon

dioxide/hydrogen separation factor was 23 and the carbon dioxide/hydrogen

separation selectivity was 35.

4.2.1.2 Separation of synthesis gas from a pilot scale black liquor gasifier
(paper II)

In paper II, a membrane of type M139 (the same MFI membrane as in paper

I) was used to separate carbon dioxide and hydrogen sulphide from synthesis

gas produced by black liquor gasification. The separation experiments were

performed at room temperature. As stated in the experimental section, the

synthesis gas was passed through a bed of active carbon and a bed of silica

before it was sent to the membrane. The purpose of the active carbon bed

was to remove hydrocarbons, while the silica bed was used to remove some of

the water vapour from the synthesis gas. Water and hydrocarbons are strongly
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Figure 4.6: The membrane feed concentration as a function of time.

adsorbing in the zeolite, and would lower the fluxes of other components sub-

stantially. Adsorption of hydrogen sulphide in the silica bed also resulted in a

varying hydrogen sulphide concentration in the feed to the membrane, which

facilitated evaluation of the membrane performance as a function of the con-

centration of hydrogen sulphide. The resulting membrane feed composition is

shown in Figure 4.6. After about three to four hours, the feed concentrations

of carbon dioxide, hydrogen and carbon monoxide are stable at about 34%,

35% and 28%, respectively. The water concentration is stable at about 0.07%

throughout the whole experiment, which is about 39% less compared to the gas

fed to the beds. The hydrogen sulphide concentration is increasing through-

out the experiment, from less than 0.001% after 18 minutes to about 1.70% at

the end of the experiment. The feed also contains nearly 2.7% methane and

nitrogen in total.

Membrane fluxes as a function of time are shown in Figure 4.7. Since the

fluxes in the first minutes of the experiment were very unstable, ‘initial’ fluxes

here refer to fluxes observed after about one hour. The carbon dioxide flux

decreases some during the experiment, from an initial flux of 67.0 kg m−2 h−1

to 61.4 kg m−2 h−1 at the end of the experiment. This is lower than for the

ternary feed from gas cylinders, where a carbon dioxide flux of 426 kg m−2

h−1 was observed at similar feed conditions, c.f. Figure 4.5. The reason for the

lower flux is likely competitive adsorption of hydrogen sulphide and water in

the feed from the gasifier. A more detailed discussion of this is given at the end

of this section. The hydrogen sulphide flux through the membrane increases
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Figure 4.7: Fluxes through the membrane at room temperature as a function of time.
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Figure 4.8: Separation factors at room temperature as a function of time.

throughout the experiment, probably as a consequence of the increasing con-

centration of hydrogen sulphide in the membrane feed. The trend of the water

flux is opposite to that of hydrogen sulphide, indicating competitive adsorption

between water and hydrogen sulphide in the zeolite film. The fluxes of carbon

monoxide and hydrogen are lower than in the ternary feed from gas cylinders,

likely due to pore blocking by hydrogen sulphide and water in a similar manner

as for carbon dioxide.

Figure 4.8 shows separation factors, α, as a function of time. The sepa-

ration factors decrease throughout the experiment. This is likely because of
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Figure 4.9: Carbon dioxide and hydrogen flux and carbon dioxide/hydrogen separa-

tion factor at different feed compositions. G indicates that the feed was taken from

the gasifier and then passed through beds of active carbon and silica (see Figure 4.6

at 69, 183 and 559 minutes, respectively). All data are recorded at room temperature.

The pressures of carbon dioxide and hydrogen are about 0.75 MPa each in all cases,

while the total pressure is 1.5 MPa for the binary feed and 2.25 for the other feed

compositions. Note the three different y-scales.

increased adsorption of hydrogen sulphide in the membrane, which reduces

the selectivity of the membrane, as will be discussed more below. The con-

centration of hydrogen sulphide in an industrial application should therefore

preferably be low, in order to reach good separation performance of the mem-

brane.

4.2.1.3 Influence of feed composition on membrane separation performance

Figure 4.9 shows carbon dioxide and hydrogen flux through the membrane as

well as carbon dioxide/hydrogen separation factor at different feed composi-

tions. For a binary CO2/H2 feed, the carbon dioxide flux is 570 kg m−2 h−1,

while the hydrogen flux is 1.9 kg m−2 h−1, and the separation factor is 15.6.

When carbon monoxide is introduced in the feed, i.e. in a ternary CO2/CO/H2

feed, the carbon dioxide flux decreases by about 25% while the hydrogen flux

only decreases by about 7.5%. The separation factor is therefore also lowered,

to 12.0. The reason why the carbon dioxide flux is lower in the ternary feed

mixture is likely competitive adsorption with CO. The hydrogen permeance is
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on the other hand quite similar in the binary and ternary feed mixtures, imply-

ing that hydrogen permeance is equally blocked when only carbon dioxide is

adsorbed as when carbon dioxide and small amounts of carbon monoxide are

adsorbed in the zeolite.

Compared to the ternary feed, the carbon dioxide flux in the feed taken

from the gasifier and then passed through beds of active carbon and silica is

84% lower, while the hydrogen flux is about 75% lower, at a concentration of

0.5% hydrogen sulphide in the feed. These much lower fluxes are likely ex-

plained by the presence of hydrogen sulphide and water vapour in the synthe-

sis gas. Hydrogen sulphide and water have higher heats of adsorption than the

other components in the feed gas, and are thus partly blocking carbon diox-

ide as well as hydrogen from transporting through the membrane film. As

both carbon dioxide and hydrogen flux are decreased to about the same extent,

the observed carbon dioxide/hydrogen separation factor is similar as for the

ternary feed.

As the feed concentration of hydrogen sulphide increases from 0.5% to

1.7%, the carbon dioxide flux remains rather stable, it decreases only by about

8%. The hydrogen flux, on the other hand, increases by about 33% in the

same interval. The increasing hydrogen flux could be because as the hydrogen

sulphide concentration in the feed increases, the total flux through the mem-

brane decreases. This reduces the pressure drop in the support and increases

the pressure drop across the film. This, in turn, results in an increase in the

flux through defects, which could explain the increasing hydrogen flux as well

as the decreasing membrane selectivity. Another explanation could be that the

pore blocking of hydrogen by competitive adsorption becomes less effective

when more hydrogen sulphide is adsorbed in the zeolite pores.

A conclusion from this comparison is that in order to achieve high car-

bon dioxide flux and carbon dioxide/hydrogen selectivity, water and hydro-

gen sulphide concentrations in the membrane feed should be low. Synthesis

gas generated by gasification of sulphur rich black liquor is unusually rich in

hydrogen sulphide. In fact, the typical concentration range for hydrogen sul-

phide in synthesis gas generated from biomass is much lower, about 20–200

ppm. The separation performance of this membrane would likely be better for

this synthesis gas. For gas mixtures containing high amounts of hydrogen sul-

phide, this hydrogen sulphide could of course also be removed from the gas

stream prior to separation. Important to note, however, is that even for as high

concentration as 1.7% of hydrogen sulphide in the feed, the membrane is still

selective, with a carbon dioxide flux of 61.4 kg m−2 h−1, a hydrogen flux of

0.57 kg m−2 h−1 and a separation factor of 5.0.
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4.2.2 Separation of methanol from synthesis gas at atmospheric pres-
sure (papers III and IV)

In this work, separation of methanol from synthesis gas has been performed

using two types of MFI membranes (M65 and M139, paper III) and one type

of FAU membrane (X1.2, paper IV). The synthesis gas was represented by

a mixture of hydrogen, carbon dioxide, water vapour and helium, see Table

3.2. The feed composition mimics, except for the presence of helium and the

absence of carbon monoxide, the composition of the effluent from a commer-

cial methanol reactor. Two membranes of each type were tested, but only the

results of one membrane of each type are reported here since, in each case,

similar results were obtained for both membranes.

Permeances and separation factors observed using feed mixture AP1, see

Table 3.2, for the three membrane types as a function of temperature are shown

in Figure 4.10.

At room temperature, all membrane types are selective to methanol and

water over hydrogen and carbon dioxide, i.e. methanol and water permeances

are high whereas hydrogen and carbon dioxide permeances are low. This is

likely because the polar, strongly adsorbing methanol and water molecules are

blocking the pores. As a result, permeances of the less adsorbing hydrogen

and carbon dioxide molecules are low, similarly as illustrated schematically in

Figure 2.4. In the MFI membranes, probably also adsorption of carbon dioxide

is reducing hydrogen transport, as discussed in the previous section. At higher

temperatures, the adsorption of methanol and water decreases. This results

in decreased pore blocking, an increase in the hydrogen and carbon dioxide

permeances, and decreased separation factors. The temperature at which this

occurs appears to be dependent on the polarity of the membrane. A more polar

membrane (lower Si/Al ratio) is selective at higher temperatures compared to

less polar membranes. This is likely because of stronger adsorption of the

polar methanol and water molecules in the more polar membranes.

To the best of the author’s knowledge, the observed methanol permeance of

about 5–15·10−7 mol m−2 s−1 Pa−1 is several times higher than previously re-

ported in the open literature for gas phase separation using zeolite membranes.

The low thickness of the film, as well as the open, graded support are likely

contributing factors to this high permeance. The methanol permeance is nearly

constant with temperature for the MFI membranes. This is likely because of

the counteracting effects of increased diffusivity and decreased adsorption as

the temperature increases. For the X1.2 membrane, the methanol permeance

is increasing with increasing temperature. This is possibly because the adsorp-



4.2. MULTICOMPONENT SEPARATION 37

Figure 4.10: Permeances and separation factors of feed AP1 in MFI (M139 and M65)

and FAU (X1.2) membranes. Note the two different y-scales in (e).

tion of methanol is not decreasing as drastically with increasing temperature

in FAU zeolite as in MFI zeolite, and hence the increasing diffusivity is not

fully counteracted. The room temperature permeance of methanol is lower for

the X1.2 membrane than for the MFI membranes, possibly due to the larger

thickness of the X1.2 membrane. The water permeance, like the methanol

permeance, is very high for all membrane types.
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The methanol/carbon dioxide separation factor for the X1.2 membrane is

very high, around 130 in a broad temperature range from 35 ◦C to 70 ◦C. A

separation factor above 10 is maintained up to a temperature as high as about

150 ◦C. In the same temperature range, 35 ◦C to 150 ◦C, the membrane is

also selective to methanol over hydrogen, although with a lower separation

factor (about 7–8). Hence a membrane of type X1.2 can separate methanol

from synthesis gas at temperatures well above room temperature. The lower

methanol/hydrogen selectivity compared to the methanol/carbon dioxide se-

lectivity for the X1.2 membrane is probably because of the smaller size of the

hydrogen molecule compared to carbon dioxide. The diffusion of the larger

carbon dioxide molecule is probably almost completely blocked by adsorbed

and/or condensed methanol and water, while the smaller hydrogen molecule

still can diffuse slowly through pores and/or defects.

For the MFI membranes, the situation is different. All selectivities de-

crease sharply with temperature, indicating that for this separation, an MFI

membrane should be used at temperatures around or possibly even lower than

room temperature. Also, the methanol/carbon dioxide selectivity is lower than

the methanol/hydrogen selectivity. A possible explanation may be the fact that

in MFI zeolite, carbon dioxide is adsorbing and hence permeating to some ex-

tent even in the presence of water [44]. In FAU zeolite, on the other hand,

water has been shown to reduce the adsorption of carbon dioxide substantially

[61, 62]. It is possible that also methanol follows the same trend, blocking car-

bon dioxide permeance to a larger extent in FAU zeolite than in MFI zeolite.

This would explain the higher carbon dioxide permeance observed for the MFI

membranes compared to the X1.2 membrane. The higher methanol/hydrogen

separation factors in the MFI membranes, compared to the X1.2 membrane,

could be because of lower amount of small defects in the MFI membranes, or

because the smaller MFI pores are blocked more completely by methanol and

water than the larger zeolite X pores.

4.2.3 Prediction of selectivity at the conditions of industrial methanol
synthesis (paper III)

In the industrial methanol synthesis process the total pressure is considerably

higher (50–100 bar) than in the experiments performed in the present work

(atmospheric pressure), and the temperature is about 250 ◦C. Since our re-

sults indicate that membrane selectivity is controlled by selective adsorption

of methanol and water, a model similar as described by Dong et al. [63] was

developed and fitted to our experimental data. The fitted model was then used
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to estimate membrane performance at industrial conditions.

4.2.3.1 Hydrogen permeance

In this model [63], the hydrogen flux is given by

JH2
= DH2,app

(
1− θ f

)
· ΔPH2

RTl
(4.1)

where the surface coverage (the fraction of zeolite pores filled by adsorbed

components) is described by the Langmuir isotherm equation

θ =
bPAds

1+bPAds
(4.2)

The nomenclature used in the modelling is given in Table 4.2. The affinity

constant b has the temperature dependence [28]

b = kT−0.5 exp
( Q
RT

)
, (4.3)

where k is a constant.

The pressure of methanol is in our experiments several times higher than

that of water, and the adsorption enthalpy for methanol and water on the zeolite

are similar. Also, the adsorption enthalpies for carbon dioxide and hydrogen

are much lower than those of methanol and water (see Figure 5 in paper III).

The pressure of the adsorbing gas in this model can therefore be approximated

by the pressure of methanol. The apparent diffusivity of hydrogen is approxi-

mated by an Arrhenius type equation, similarly as in the model by Dong et al.

[63],

DH2,app = AH2
· exp

(
−EH2,app

RT

)
(4.4)

Hence, combining equations 4.4 and 4.1, the estimated hydrogen perme-

ance can be fitted to experimental observations by

ΠH2
= AH2

· exp

(
−EH2,app

RT

)
1− θ f

RT l
(4.5)

The experimentally observed hydrogen permeance for feed AP1 (see Table

3.2) using the membrane of type M65 was used to fit the unknown parameters

in equations 4.2, 4.3 and 4.5 (AH2
, EH2,app, k and Q), and the results are shown

in Table 4.3. A similar fitting was also performed for a membrane of type

M139 and a feed mixture containing ethanol, see paper III. The fitted value
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Table 4.2: Nomenclature for parameters used in the modelling.

Parameter Description

J Flux (mol m−2 s−1)

D Fick’s diffusivity (m2 s−1)

θ Surface coverage (-)

P Partial pressure (Pa)

ΔP Partial pressure difference across the membrane (Pa)

l Membrane thickness (m)

Q Heat of adsorption (kJ mol−1)

A Arrhenius pre-exponential factor (m2 s−1)

E Activation energy for diffusion (kJ mol−1)

C Adsorbed concentration (mol m−3)

C∗ Maximum adsorbed concentration (mol m−3)

Ð Maxwell-Stefan surface diffusivity (m2 s−1)

Subscript Description

H2 Hydrogen

MeOH Methanol

f Feed side of membrane

p Permeate side of membrane

Ads Adsorbent

app Apparent

Table 4.3: Parameters obtained from regression for methanol/water mixture adsorp-

tion and hydrogen and methanol diffusion

Parameter Feed AP1, membrane M65

AH2
3.6 ·10−8 m2 s−1

EH2,app 7.0 kJ mol−1

k 1.0 ·10−15 K0.5 Pa−1

Q 84 kJ mol−1

C∗ ·AMeOH,1 3.6 ·10−8 mol m−1 s−1

AMeOH,2 3.4 ·10−9 m2 s−1

EMeOH,app,1 7.5 kJ mol−1

EMeOH,app,2 1.5 kJ mol−1
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Figure 4.11: Experimentally observed and modelled permeance for membrane M65.

for heat of adsorption of methanol is in reasonable agreement with reported

heats of adsorption, c.f. Figure 5 in paper III. The fitted curve of equation 4.5,

as well as the experimentally observed hydrogen permeance using membrane

M65, is shown in Figure 4.11. The Figure illustrates that the model fits the

experimental data very well.

4.2.3.2 Methanol permeance

At adsorbing conditions, the methanol was assumed to pass through the mem-

brane by a mechanism following Fick’s first law of diffusion,

JMeOH = −DMeOH,app · ∂CMeOH

∂z
(4.6)

where ∂CMeOH/∂z is the concentration gradient of methanol along the mem-

brane thickness. The permeate pressure of methanol was accounted for in our

model, unlike in the model by Dong et al. [63], where the permeate side par-

tial pressures could be neglected. Further, the Fick surface diffusivity was

expressed as [25]

DMeOH,app = ÐMeOH,app ·Γ (4.7)

where Ð is the Maxwell-Stefan surface diffusivity. Ð follows an Arrhenius

temperature dependence [25], and is in this model approximated by

ÐMeOH,app = AMeOH · exp

(
−EMeOH,app

RT

)
(4.8)
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The thermodynamic factor Γ is

Γ =
1

1− θ (4.9)

for single component diffusion and a Langmuir adsorption isotherm [25]. Sin-

gle component diffusion was assumed due to the low hydrogen adsorption and

the low hydrogen permeance at conditions where methanol is adsorbing. As

discussed earlier, the presence of carbon dioxide and water were experimen-

tally observed not to effect the methanol permeance significantly, and were

neglected in the model.

The concentration of adsorbed methanol is related to θ by

θ =
CMeOH

C∗
MeOH

(4.10)

where C∗ is the maximum amount of methanol that can be adsorbed on the

zeolite.

Hence, at adsorbing conditions, the methanol flux was in this model ex-

pressed by

JMeOH = −C∗
MeOH ·ÐMeOH,app · ∂θ

(1− θ)∂z (4.11)

which on integration over the membrane thickness, l, gives

JMeOH =
C∗

MeOH ·ÐMeOH,app

l
· ln
(
1− θp

1− θ f

)
(4.12)

where θp is the fraction of zeolite pores filled with methanol on the permeate

side of the membrane.

A non-adsorptive transport mechanism, similar as described for hydrogen

in equation 4.1, was in this model assumed to contribute to the methanol flux,

especially at low θ. This extension is unlike the model developed by Dong et

al. [63], but was necessary to describe the methanol flux at high temperatures.

Hence, the methanol permeance in the membrane was estimated as the sum of

permeance following an adsorption-diffusion mechanism and a non-adsorptive

mechanism,

ΠMeOH =
C∗

l
(
P f −Pp

) ·AMeOH,1 · exp

(
−EMeOH,app,1

RT

)
· ln
(
1− θp

1− θ f

)

+ AMeOH,2 · exp

(
−EMeOH,app,2

RT

)
1− θ f

RT l
(4.13)
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The unknown parameters of eq. 4.13 (C∗ ·AMeOH,1, AMeOH,2, EMeOH,app,1

and EMeOH,app,2) were fitted using experimentally observed methanol perme-

ances for feed AP1 using membrane M65, and the results are shown in Table

4.3. The fitted curves of equation 4.13, as well as the experimentally observed

methanol permeance, are shown in Figure 4.11. The Figure illustrates that the

model fits the experimental data very well.

4.2.3.3 Membrane selectivity

Defining the membrane separation selectivity as αMeOH/H2
= ΠMeOH/ΠH2

, a

combination of equations 4.2, 4.5 and 4.13 gives

αMeOH/H2
=

C∗ ·ÐMeOH,app ·RT(
P f −Pp

) · ln
(
1+bP f

1+bPp

)
+

DMeOH,app,2

1+bP f

DH2,app

1+bP f

(4.14)

where DMeOH,app,2 is the Fick’s diffusivity of the non-adsorbing fraction of the

methanol permeance.

The membranes are however only selective at high θ, when the non-adsorp-

tive flux is much smaller than the adsorptive flux. Also, bPAds is then much

larger than one, and equation 4.14 simplifies to

αMeOH/H2
=

C∗
MeOH ·ÐMeOH,app ·RTb · ln(n)

DH2,app
(
1− 1

n

) (4.15)

where n is the pressure ratio, P f /Pp. Equation 4.15 shows that the separation

factor is independent of total pressure, as long as the initial requirement, that

θ is high, is fulfilled. Equation 4.15 also shows that the observed selectivity

could be increased by increasing the pressure ratio, P f /Pp. At low θ, the

adsorptive methanol flux is very low, and membrane selectivity is controlled

by the ratio of diffusivities.

Hence, membrane selectivity is only temperature dependent and essen-

tially independent of the total feed pressure and composition. This is in line

with the model by Dong et al. [63], where the membrane selectivity was also

found to be independent of the total feed pressure and the feed composition.

This conclusion is valid provided that the coefficients in equation 4.15 are

pressure independent as in our model, and provided that the temperature de-

pendence of θ is stronger than the pressure dependence. A calculation of θ

at industrial conditions, using the fitted values for k and Q, gives values of θ
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lower than 0.01 at the conditions of industrial methanol synthesis. These re-

sults therefore indicate that the MFI membranes studied in this work would not

be selective at reaction temperature.

If methanol synthesis is performed in a membrane module process [64],

where the reactor and membrane are kept separate, the temperature in the

membrane modules can be kept lower than in the reactor. The model thus indi-

cate that these membranes may be useful for methanol synthesis in a membrane

module process.



5 Conclusions

In the present work, the performance of zeolite membranes was evaluated for

multicomponent gas phase separations. Systems relevant for the production

of renewable fuels, especially for synthesis of methanol via gasification of

biomass, were chosen for the study.

Observed fluxes and permeances of the preferentially permeating com-

pounds were several times higher than previously reported for gas phase sep-

aration using zeolite membranes. This very high flux was a result of several

factors such as a low film thickness and an open, graded support in combina-

tion with small but relatively heavy molecules.

An MFI membrane with high Si/Al ratio (about 139) was used to separate

‘dry’ mixtures of carbon dioxide/hydrogen and carbon dioxide/carbon monox-

ide/hydrogen at high feed pressures (0.5–3.0 MPa), without the use of sweep

gas. Very high carbon dioxide fluxes, up to 657 kg m−2 h−1, were observed.

The presence of carbon monoxide was found to affect the carbon dioxide per-

meance only to a small extent and hydrogen permeance barely at all. The

highest observed carbon dioxide/hydrogen separation factors were 32 for the

binary feed mixture and 23 for the ternary feed mixture. The separation ex-

periments were evaluated at room temperature and at about 3 ◦C. At the lower

temperature, observed selectivities were higher, and fluxes were slightly lower

than at room temperature. The separation is believed to be controlled by selec-

tive adsorption of carbon dioxide.

The separation performance for the same MFI membrane was also evalu-

ated for ‘wet’ synthesis gas produced by black liquor gasification. A CO2/H2

separation factor of 10.4 and a carbon dioxide flux of 68.3 kg m−2 h−1 were ob-

served at room temperature and 2.25 MPa feed pressure and a concentration of

about 0.07% water and a relatively high concentration of hydrogen sulphide of

about 0.33% in the feed. Also, a H2S/H2 separation factor of 18.9 and a H2S

flux of 3.58 kg m−2 h−1 were observed. The separation performance of the
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membrane was however reduced when the concentration of hydrogen sulphide

in the membrane feed increased further.

Two types of MFI membranes (with Si/Al ratios of about 139 and 65)

and one type of FAU membrane (zeolite X, with an Si/Al ratio of about 1.2)

were prepared and evaluated in multicomponent separation experiments at at-

mospheric pressure using helium as sweep gas. It was found that methanol

and water can be successfully separated from hydrogen and carbon dioxide us-

ing these three membrane types. Separation was possible at conditions where

the methanol was adsorbing and blocking the zeolite pores, i.e. at low and

moderate temperatures. The highest observed methanol/carbon dioxide sepa-

ration factor, 138, was observed for the zeolite X membrane at 43 ◦C, while

the highest methanol/hydrogen separation factor was 32, and was observed at

room temperature for an MFI membrane with low Si/Al ratio. The observed

methanol permeance was for all membranes very high, in the range 5–15·10−7

mol m−2 s−1Pa−1. MFI membranes with low Si/Al ratio were selective towards

methanol at higher temperatures than MFI membranes with high Si/Al ratio,

and the zeolite X membranes were methanol selective at much higher temper-

atures than both types of MFI membranes. A methanol/carbon dioxide separa-

tion factor of 10 was observed at a temperature as high as 150 ◦C for the zeolite

X membrane. A general trend was thus that more polar membranes were se-

lective at higher temperatures. None of the investigated membrane types were

however selective at the temperature of methanol synthesis, about 250 ◦C. A

mathematical model for the MFI membranes indicated that the membranes

would not be selective at industrial conditions (about 250 ◦C and 50–100 bar).

In the present work it has also been shown that permporometry data of

defects in a membrane correlate well with SEM observations and membrane

separation performance.

The present work has contributed to an increased understanding of multi-

component gas phase separations by high flux (thin) zeolite membranes. The

work has also shown that zeolite membranes could contribute in the quest of

developing sustainable production methods of renewable fuels.



6 FutureWork

This work has shown that zeolite membranes could be an interesting alterna-

tive to other separation techniques in the production of biofuels. However,

the membranes could also be used to reduce energy consumption in numer-

ous other processes in chemical industry. Much work can however still be

performed to tailor the membranes for the separation task of interest.

Since hydrogen sulphide affects the membrane separation performance for

carbon dioxide in a negative way, it would be interesting to evaluate the mem-

branes for industrial or pilot plant synthesis gas containing much lower con-

centrations of hydrogen sulphide. This is true for almost any bio-synthesis gas

which is not produced via black liquor gasification. It could also be interest-

ing to investigate more thoroughly the influence of water vapour and hydrogen

sulphide on the membrane separation performance, to evaluate at which feed

concentrations the membrane separation performance is still good.

Zeolite frameworks with smaller pores, like DDR, could be interesting to

evaluate for this type of separations. Also, modification of a zeolite by altering

the counter-ion and/or introduction of foreign compounds in the pores could

be a way to tailor the membranes to the separation of interest.

It would be very interesting to model a membrane gas separation system

for a specific application. If the required membrane area could be estimated,

this could facilitate the comparison of the cost for a zeolite membrane separa-

tion system with other separation methods and with other types of membranes.

The membranes in this work were all prepared on support discs. How-

ever, from the industrial application point of view, tubular membranes are more

suitable because of easier scale-up. Therefore, transferring the membrane syn-

thesis methods to tubular supports is a very important future step. After this,

stepwise scale-up could bring the membranes towards commercialization.
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a b s t  r  a  c  t

Membrane  separation  of  CO2 from  synthesis  gas,  natural  gas or biogas  may  be  a simple and  energy-

efficient  alternative to other  separation  techniques. In this  work, membranes  comprised  an about  0.7  �m

thick MFI film  on  a graded alumina support  was used to  separate mixtures of  CO2/H2,  CO2/CO/H2 and

CO2/CH4 gas at high pressure.  The membranes were prepared  on masked  supports.

The  single gas  permeance  of H2 was larger than that of CO2,  but  for  a  binary  CO2/H2 mixture, the  H2

permeability  was  blocked  and the membrane  was  CO2 selective. A  CO2 flux  as  high  as  657  kg m−2 h−1

was observed  at room temperature,  3000 kPa feed pressure and  600 kPa permeate pressure.  Under these

conditions,  the  CO2/H2 separation factor was 16.2.  The  maximum CO2/H2 separation factor was 32.1,  and

was observed at  1000  kPa  feed pressure,  a permeate pressure  of  200 kPa  and  a  temperature  of 275 K.  Under

these  conditions,  the CO2 flux  was still as  high as  332 kg  m−2 h−1. The  highest measured CO2 permeance

for  the  binary  CO2/H2 mixture  was 93  ×  10−7 mol m−2 s−1 Pa−1. The  membrane  was also  CO2 selective for

a  CO2/CO/H2 mixture. However,  both the CO2 flux and  the CO2/H2 separation factor  were  reduced  slightly

in  the  presence of  CO,  probably as  a result of  competing adsorption between  CO  and  CO2. The  CO2/CH4

separation  factor  was  much  lower than the CO2/H2 separation factor, probably as a  result of competing

adsorption  between  CO2 and  CH4 in  the first case. The  highest measured  CO2/CH4 separation  factor was

4.5.

The  results show  that  MFI  membranes  are promising candidates  for  separation of CO2 from  synthesis

gas,  natural  gas or  biogas.  The  very high CO2 fluxes  likely result from  a  combination of  several  factors such

as:  low film  thickness,  a  fully open  graded support,  high CO2 pressure  in  the feed resulting in saturation

of  the zeolite at the feed  side, relatively high  CO2 diffusivity in MFI  pores, relatively high  molecular

weight,  and  high  pressure  drop. The  separation is  likely caused by  efficient  blocking of H2 transport  by

CO2 adsorption.

© 2011 Elsevier B.V. All rights reserved.

1. Introduction

Synthesis gas is a  mixture of mainly CO, CO2, H2 and  H2O, but  the

proportions of the components may  vary substantially. Biomass-

derived synthesis gas is an  environmentally friendly feed  stock

that may  be  used for production of a wide range of products, such

as hydrogen, methanol and Fischer Tropsch Diesel via established

processes. Other possibilities for  utilizing synthesis gas include pro-

duction of higher alcohols, and the methanol-to-gasoline (MTG)

and methanol-to-olefines (MTO) processes. Hydrogen addition to

or CO2 separation from synthesis gas generated from biomass may

be necessary to  achieve a  suitable composition of  the gas prior  to

synthesis of fuels such as methanol.

∗ Corresponding author. Tel.: +46 920  491460.

E-mail address: erik.sjoberg@ltu.se (E. Sjöberg).

Biomass can also be  converted by microorganisms into a  gas

mixture containing mainly CH4 and CO2, denoted biogas. Natural

gas also contains mainly CH4 and  CO2. Removal of CO2 from biogas

and natural gas is  necessary since, CO2 reduces the heating value,

causes pipe corrosion and occupies volume in  the pipeline.

Removal of CO2 from H2 and  CH4 can  be achieved by

e.g., water scrubbing, alkanolamine absorption, pressure swing

adsorption, cryogenic separation or membrane separation [1].  For

post-combustion CO2 capture (CO2/N2 separation), amine-based

absorption is the most common technology [2]. Membrane sepa-

ration processes offer high energy efficiency with simple process

equipment [1] and may  be especially advantageous for  small-to-

medium-scale applications [3,4].  Polymeric membranes are already

commercially available for natural gas upgrading [1], however,

polymeric membranes generally suffer from low resistance to  con-

taminants, physical aging and membrane plasticization at high

pressures of CO2 [3]. Zeolite membranes potentially have better

thermal and  chemical stability than  polymers and could thus be

0376-7388/$ – see front matter ©  2011 Elsevier B.V. All rights reserved.
doi:10.1016/j.memsci.2011.07.011
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used under conditions in which current polymeric  membranes are

not suitable. Furthermore, there are currently no commercially

available membranes for separation of  CO2 from synthesis gas [5].

To compete with polymeric membranes, it is  important that the  flux

of the zeolite membrane is  high, so that the required membrane

area will be  low.

Several types of zeolite and zeolite-like membranes have been

investigated for CO2 separation from CH4. Small-pore membranes,

like DDR, zeolite T  and SAPO-34 have shown  high selectivities

for CO2/CH4 gas mixtures, although with low  CO2 permeances.

CO2 selectivities in the range of 100–560 [6–10] and CO2 per-

meances in the range 0.4–5 × 10−7 mol  m−2 s−1 Pa−1 [6–10] have

been reported. Tian et al. have, however, reported SAPO-34 mem-

branes with CO2 permeance as high as 25 × 10−7 mol  m−2 s−1 Pa−1

and a  CO2/CH4 separation selectivity of about 9 [11]. For zeo-

lite membranes with larger pores, like FAU and MFI,  the reported

CO2/CH4 selectivity is  in general lower (5–40 [12–14]),  but

the reported CO2 permeance is in return higher  (in the range

7.5–9 × 10−7 mol  m−2 s−1 Pa−1 [12–14]).

CO2 separation from H2 has also been performed with zeolite

and zeolite-like membranes. Hong et al. reported a CO2/H2 sepa-

ration selectivity of about 140 at 253 K for a  SAPO-34 membrane

[15]. The reported selectivity drops with increasing temperature;

at 275 K the observed separation selectivity was  about  45 and  at

296 K the selectivity was  about 20. The low CO2 permeance was  in

the range of 0.2–0.4 × 10−7 mol  m−2 s−1 Pa−1. Giannakopoulos et  al.

studied separation of  CO2/H2 mixtures using FAU membranes, and

achieved a maximum separation factor of 19 at  333 K with  a  CO2

permeance of about 1.3 × 10−7 mol  m−2 s−1 Pa−1 [16,17].  Kusakabe

et al. observed a CO2/H2 separation selectivity of  28 and a  CO2

permeance of about 7 × 10−7 mol  m−2 s−1 Pa−1 at  308  K  for  a FAU

(NaY) zeolite membrane [18]. For CO2/H2/H2O  gas mixtures, we

have reported a CO2/H2 separation factor of 6.2 and a CO2 perme-

ance of 13 × 10−7 mol  m−2 s−1 Pa−1 for a  Ba-ZSM-5 membrane at

room temperature [19], and a  CO2/H2 separation factor of 6.5  and

a CO2 permeance of 10  × 10−7 mol  m−2 s−1 Pa−1 at about 333  K for

a MFI  membrane modified with amine groups [14].

Kanezashi and  Lin  investigated the effect  of  CO2 adsorp-

tion on ternary gas separation (H2, CO and  CO2) for  an

MFI-type zeolite membrane [20]. At room temperature, the

observed permeances were about 0.9 × 10−7 mol  m−2 s−1 Pa−1

for CO2,  0.15 × 10−7 mol  m−2 s−1 Pa−1 for  H2 and

0.1 × 10−7 mol  m−2 s−1 Pa−1 for CO. These reported perme-

ances give separation selectivities of  about 6 for CO2/H2 and  9 for

CO2/CO.

In the present work, a  high-flux MFI  membrane [21]  with a

thickness of about 0.7 �m was  used to separate CO2/H2, CO2/CO/H2

and CO2/CH4 gas mixtures. As the feed pressure in many industrial

applications may  be high, the separations were  performed using

high feed pressure (600–3000 kPa).

2. Experimental

2.1. Membrane synthesis and  characterization

Membranes were prepared as reported in detail previously [21]

and briefly described here. Porous graded �-alumina discs  (Fraun-

hofer IKTS, Germany) were used as supports. The  supports consist

of a 30 �m thick top layer with a pore  size of 100 nm  and  a 3 mm

thick layer with a pore size of 3 �m. The diameter is 25 mm.  The

supports were masked and  seeded as described in  detail elsewhere

[21]. In  the masking procedure polymethylmethacrylate (PMMA,

Mw = 100,000 g/mol, q = 1.8, CM 205, Polykemi AB, Sweden) and

a polyethylene wax  (Sasolwax C105, Carbona AB, Sweden) were

used. The support was  seeded by immersion in  a 1 wt%  dispersion

of 50  nm seeds. The cationic polymer solution used in the seed-

ing step contained 0.4 wt%  cationic polymer (Eka ATC 4150, Eka

Chemicals AB, Sweden). The masking and seeding of the membrane

were performed in a clean-room. MFI  films were grown in a syn-

thesis mixture with the molar composition 3  TPAOH:25 SiO2:1450

H2O:100 EtOH kept in a  plastic tube in an oil  bath at 100 ◦C  for  36 h

under reflux. After synthesis, the membranes were rinsed in a  0.1 M

NH3 solution. Calcination was  then performed at 500 ◦C for  6  h, with

a heating rate  of 0.2 ◦C/min and  a  cooling rate  of 0.3 ◦C/min.

After calcination, the membrane was  mounted in a stainless

steel cell, sealed with graphite gaskets (to prevent leaking within

the cell) and cupper gaskets (to prevent leaking out from the cell).

n-Hexane/helium adsorption-branch permporometry [22] mea-

surements were then performed.

2.2. Separation experiments

Prior to separation experiments, the membrane was  dried  for 6  h

at 300 ◦C in a flow of nitrogen. The membrane cell was  heated by

heating cables, and the temperature inside the cell was  monitored

by a type K thermocouple.

Sub-ambient membrane temperatures were achieved by sub-

merging the membrane cell in  a mixture of water and ice.

Permeation of  single gases and gas mixtures was  performed in

a continuous flow mode. Gas was  fed to  the membrane cell, and

the retentate and permeate pressures were controlled by back-

pressure regulators. The differential pressure across the membrane

was monitored by a differential pressure gauge. No sweep gas was

used. Gas flow in the permeate stream was  measured using a drum-

type gas meter (Ritter Apparatebau GmbH), and the composition

of feed and  permeate streams was  analyzed using a GC (Varian CP-

3800). For gas mixtures, the desired feed composition was  achieved

by mixing pure gases in desired proportions using mass flow con-

trollers. The mass flow controllers were calibrated at  different feed

pressures using the gas meters, and  the resulting gas mixture com-

position was  also controlled with the GC.

Single gas permeances of  CO2 and H2 were measured at feed

pressures up to 4000 kPa and a  pressure difference across the mem-

brane of 100 kPa.

CO2/H2 (1:1) and  CO2/CH4 (1:1) mixtures were fed to  the mem-

brane at total pressures from 600 kPa to 3000 kPa. The  total feed

flow was  adjusted so that the fraction of any component permeat-

ing the membrane did not exceed 0.25. For binary feed mixtures,

the pressure ratio, ϕ = PFeed/PPerm,  was  set to 5. For the ternary feed

mixture, CO2/CO/H2 (1:1:1), the partial pressures of CO2 and H2

as well as the total permeate pressures were kept as in the exper-

iments with binary feed mixtures. Hence, the total feed pressure

at each experimental point was  50% higher for the ternary feed

mixture, compared to  the binary. Also, the pressure ratio was 7.5

for the ternary feed mixture experiments. The feed and permeate

pressures used in all mixture separation experiments are shown in

Table 1.

For all mixture separation experiments, E1–E16, separations

were carried out at room temperature (about 295 K) and sub-

ambient temperature (around 276 K). Experiments E12 and  E16,

with an equimolar feed mixture of CO2 and CH4,  were also  per-

formed at 315 K. The effect of higher temperatures (up  to  368 K)

was investigated using an equimolar feed mixture of  CO2 and H2

at a  total feed pressure of  1000 kPa and a pressure ratio of 5 (E2 in

Table 1).

When calculating the permeances in the separation experi-

ments the average partial pressure difference across the membrane

was used. The average partial feed pressure (average of feed and

retentate partial pressures) was  used on the feed side and the pres-

sure in the permeate stream on the permeate side. The composition

in both feed and  permeate streams is known (from GC  analysis).



234 L. Sandström et  al. / Journal of  Membrane Science 380 (2011) 232– 240

Table 1
Feed and permeate pressures used in the mixture separation experiments.

Experimental code Pressure (kPa) Pressure ratio, ϕ

CO2 H2 CO  CH4 Feed tot. Permeate

E1 300  300 – – 600 120 5

E2 500  500 – – 1000 200 5

E3 750 750 – – 1500 300 5

E4 1000 1000 – – 2000 400 5

E5 1250 1250 – – 2500 500 5

E6 1500 1500 – – 3000 600 5

E7 300  300 300 – 900 120 7.5

E8 500  500 500 – 1500 200 7.5

E9 750 750 750 – 2250 300 7.5

E10 1000 1000 1000 – 3000 400 7.5

E11 300 – – 300 600 120 5

E12 500  – – 500 1000 200 5

E13 750 – – 750 1500 300 5

E14 1000 – – 1000 2000 400 5

E15 1250 – – 1250 2500 500 5

E16 1500 – – 1500 3000 600 5

However, the composition in the retentate stream  was  unknown

but was  calculated using a  mass balance.

Membrane selectivity is  in this work described by the sepa-

ration factor ˛ = (yi/yj)/(xi/xj),  where xi and yi are molar fractions

of species i in the feed and  permeate streams, respectively. This

definition should not be confused with the permeance-based selec-

tivity (sometimes referred to as separation selectivity), ˛p =  ˘ i/˘ j,

where ˘ i and ˘ j are the permeance of  species i  and j  in  the perme-

ate stream, respectively. Separation selectivity has  been reported

frequently by many research groups and  a few examples are given

in Refs. [9,13,23]. For a flow to  occur from the feed side through

the membrane to the permeate side, the partial pressure of com-

ponent i  on the feed side has to be larger than the partial  pressure of

component i on the permeate side, i.e., xiPFeed > yiPPerm. The  maxi-

mum separation possible that can be achieved is then expressed by

yi/xi ≤ PFeed/PPerm = ϕ. For a  separation performed without sweep

gas where the separation selectivity is  very much  larger than the

pressure ratio, i.e., ˛p�  ϕ,  membrane performance is  determined

only by the pressure ratio across the membrane. This means that

the composition of the permeate stream is controlled by the pres-

sure ratio, and yi/xi = ϕ [5]. For example, a  separation performed at

low pressure ratio (ϕ is  close to 1), the permeate composition can

be nearly identical to the feed composition, and  still a high sepa-

ration selectivity, ˛p,  is observed. For these conditions, ˛p gives no

information regarding actual membrane separation  performance

and has no practical significance. However, in order  to simplify

comparison between the results presented in this  work and  results

reported by other groups, both separation factor and  separation

selectivity are reported in this work.

3. Modelling of single gas permeation

Simple models describing the single gas permeation of CO2

and H2 were developed in the present work. We  have previously

shown that CO2 and H2 transport in these membranes predomi-

nantly occur by surface diffusion at room temperature [24]. The H2

permeance was  modelled assuming surface diffusion in the Henry

regime in the zeolite pores, while the CO2 permeance was  modelled

assuming surface diffusion outside the Henry regime. The mem-

brane was  assumed to  be defect free and external mass-transport

was neglected and an isothermal system was  considered.

In the case of H2 transport in the Henry regime, the  flux equation

(Fick’s law) can be  integrated over the membrane thickness, ı, and

the surface flux of hydrogen can be  written as [5]:

JS = DSKH
�P

ı
(1)

where  DS is  surface diffusivity and  KH is  Henry’s adsorption coeffi-

cient. In  the case of CO2 transport, a  nonlinear adsorption isotherm

has to be  taken into account and the surface flux of  CO2 can be

written as:

JS = −DS
d ln(P)

d ln(C)

dC

dz
(2)

In this work, the Langmuir isotherm [25] was  used to  describe

the relation between the amount adsorbed of CO2,  q, and  the pres-

sure of  CO2, P:

� = q

qsat
= bP

1 + bP
(3)

where �  is  the fractional surface coverage and b is the Langmuir

adsorption coefficient. The Langmuir adsorption coefficient was

estimated from the following equation [25]:

b =  b0 exp

(−�H
RT

)
= exp

(−�S
R

)
exp

(−�H
RT

)
(4)

Parameters for CO2 and  H2 used in the modelling are given in

Table 2.  The diffusion coefficients were fitted to  experimental data

using a  least square method.

4. Results and discussion

4.1. Membrane characterization

As reported earlier, our  membrane preparation procedure

results in membranes comprised a  thin MFI  film on a fully open

graded support [21]. Although the synthesis mixture is  free from

aluminium, some is incorporated in the growing film by leach-

ing from the support, resulting in a Si/Al ratio of about 139 in

the film [26]. Fig. 1 shows n-hexane/helium adsorption-branch

permporometry data for the membrane used in this  work. We

have shown earlier [22] that the technique is an  excellent tool

Table 2
Membrane and adsorption parameters used in the modelling of the single gas per-

meation data.

Property Value Units Ref.

−�HCO2
23.6 kJ mol−1 [24]

−�SCO2
74.9 J mol−1 K−1 [24]

qsat
CO2

2.025 mmol g−1 [24]

KH2
1.47E-2 mol kg−1 atm−1 [28]

�  1.76 g  cm−3 [23]

ı 710a nm

a Assumed membrane thickness, see Section 4.
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Fig. 1. n-Hexane/helium adsorption-branch permporometry pattern for the mem-

brane used in this work. Lines are  a guide for the eye.

for evaluating membrane quality, and that nearly identical results

are obtained using n-hexane, p-xylene and benzene as adsorbates.

The permporometry results correlate well with SEM observations

and separation performance. At p/p0 = 0, the helium  permeance is

large, 61  × 10−7 mol  m−2 s−1 Pa−1
. When n-hexane is added to the

feed (p/p0 =  0.01), the zeolite pores are blocked  and the helium

permeance is  dramatically reduced. Any remaining helium flow

at this point is permeating through defects larger than about

1.6 nm [22]. For the membrane used in this  work, the helium

permeance decreased by 99.4% when the relative pressure of n-

hexane increased from 0 to 0.01. This indicates a  membrane of

very high quality, similar to that reported earlier by our group

[19,21,22]. However, the helium permeance at  p/p0 = 0 in the

permporometry experiment and the single gas permeance at  low

feed pressure (not shown), are a  bit lower for the particular mem-

brane in the present work compared to what we have reported

previously. We  have reported an average helium  permeance of

87 × 10−7 mol  m−2 s−1 Pa−1 for 10 membranes of  the same type  [21]

with a film  thickness of about 500 nm.  By assuming that the per-

meance is inversely proportional to film  thickness, the particular

membrane in the present work should be about  43% thicker than

500 nm,  i.e., about 710 nm.  We  have recently experienced repro-

ducibility problems regarding the film thickness, and finally tracked

down the problem to  varying viscosity of the oil in  the oil baths  used

for film growth. Oil with lower viscosity in the oil bath  leads to  bet-

ter heat transfer, increased temperature in the synthesis mixture

and increased growth rate  of the film. However, it should be  pointed

out that if oil  with constant viscosity is used for membrane prepa-

ration, the membrane preparation is  reproducible. For this type of

membrane we have previously reported an excellent reproducibil-

ity [21]. For a batch of 10  membranes, prepared in  the similar way

as in the present paper, the relative He permeance via micropores

(p/p0 = 0.025) was  above 99% for all membranes except one.

4.2. Single gas experiments

Single gas experiments at high feed pressures were  performed

with CO2 and H2 at room temperature and  a differential pressure of

100 kPa, and the experimentally determined permeances are  indi-

cated with points in Fig. 2.  The H2 permeance is  not  varying with

feed pressure. This is expected for  a molecule transported by  sur-

face diffusion in the Henry regime. Consequently, the H2 transport

was modelled assuming surface diffusion in the Henry regime in  the

zeolite pores (Eq. (1)) and the dashed line indicates the fitted model.

Fig. 2. Single gas data for CO2 and H2 at  room temperature and a differential pressure

of 100 kPa with fitted models using Eq. (1) for H2 and Eq. (2) for CO2.

The fitted diffusion coefficient of  H2 is  4.4 × 10−8 m2 s−1, which is

slightly higher than that reported by Miachon (0.80 ×10−8 m2 s−1

at 298 K) [27] and recent results by our group (1.7 × 10−8 m2 s−1

at 298 K) [24]. However, the data in the present work were deter-

mined at room temperature and varying pressure (500–4000 kPa),

rather than at low pressure (101 kPa) and varying temperature as

in previous work [24,27].  In  contrast to the H2 permeance, the CO2

permeance decreases significantly with increasing feed pressure.

The lower CO2 permeance at  high feed (and permeate) pressures

is likely due to  the fact that the zeolite is  close to  saturation [28]

(high fractional surface coverage, Eq. (3)) at  both the feed and

the permeate side,  which results in a low concentration gradi-

ent in the zeolite and  a low driving force. Consequently, the CO2

permeance was  modelled assuming surface diffusion, with con-

stant diffusion coefficient, outside the Henry regime (Eq. (2)). The

fitted diffusion coefficient of CO2 is  0.17 × 10−8 m2 s−1,  which is

in reasonable agreement with that reported by van den Broeke

(0.64 × 10−8 m2 s−1 at 298 K) [23]. We have previously reported a

higher surface diffusion coefficient (3.2 × 10−8 m2 s−1 at 298 K) for

CO2 at low pressures [24], while the diffusion coefficient in the

present work was  determined from high pressure (500–4000 kPa)

data. The much lower diffusion coefficient observed for CO2 at high

pressures here may  be  associated with reduced diffusivity at high

fractional surface coverage. The good fit between the experimental

data and the models indicates that the transport of  both CO2 and H2

occurs by surface diffusion as reported earlier [24]. H2 is  adsorbing

to a much lower extent and, hence, the H2 adsorption is in the Henry

regime, and  H2 permeance is independent of pressure. The  Henry’s

constant for CO2 has been reported to  be about 3.9  mol  kg−1 atm−1

at 305 K, while for  H2 it is only 0.015 mol  kg−1 atm−1 for  silicalite-1

[28]. It  is  important to note that the H2 permeance is  higher than

the CO2 permeance throughout the whole investigated range of

feed pressures.

4.3. Separation of CO2/H2

The  same MFI  membrane was  used to  separate an equimolar

CO2/H2 mixture at varying feed pressures and  a fixed pressure ratio

of 5  (detailed information displayed in Table 1, experiments E1–E6).

Fig. 3 illustrates the results for membrane temperatures of  296 K

and 275 K.

The flux through the MFI membrane is  very high and  the highest

observed CO2 flux was  657 kg m−2 h−1 at  a  temperature of 296 K, a

feed pressure of 3000 kPa and a pressure drop of 2400 kPa. This can
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Fig.  3. Fluxes, permeances, separation factors and  separation selectivities for an equimolar CO2/H2 feed at 296 K and 275 K. Pressure ratio is 5.

be compared to  the highest previously reported CO2 flux known  to

the authors, which is 21 kg  m−2 h−1 [9] for a  SAPO-34 membrane at

295 K and a pressure drop of  3000 kPa (25% higher  than our  pres-

sure drop). The pore size of  MFI  is about 0.55 nm,  while SAPO-34

has a pore size of  about 0.38 nm.  Also, the membrane thickness is

different: our  MFI  membrane has a  thickness of about  0.7  �m, while

the thickness of the SAPO-34 membrane is about  5  �m [9].  These

differences are probably the main explanation for the much higher

flux observed for  our membrane than for the SAPO-34 membrane.

The very high CO2 flux reported here is  likely the result of:

• A low film  thickness of about 0.7 �m on a  fully open graded sup-

port, as reported previously [21].
• High CO2 pressure in the feed resulting in nearly saturation of  the

zeolite at the feed side and relatively high CO2 diffusivity in MFI

pores, as discussed above.
• Relatively high molecular weight of  CO2,  and high pressure drop,

up to 2400 kPa.

Fig. 3 shows that the CO2 flux is lower at low  feed pressure and

pressure drop (permeate pressures shown in Table 1, E1–E6) as

expected, but is still  as high as >200 kg m−2 h−1,  even for  a  feed pres-

sure of 600 kPa and a permeate pressure of  120 kPa.  The observed

permeances are also very high; the highest observed CO2 perme-

ance is 93 × 10−7 mol  m−2 s−1 Pa−1. When the feed and permeate

pressures are increased, the CO2 permeance decreases. As in the

single gas experiment, the decreasing CO2 permeance at  high pres-

sures is  likely due to  the fact the zeolite is close to  saturation at  both

the feed and the permeate side, resulting in a low driving force. The

same mechanism probably also  results in a nearly constant CO2 flux

at high feed pressures that is  not  increasing with increasing feed

pressure and pressure drop.

The CO2 and  H2 fluxes and permeances are generally lower  at

the lower temperature, probably due to  lower diffusivity.

Unlike in the single gas experiments, H2 has lower permeance

than CO2 in the mixture separation experiments. This is  probably

because CO2 is adsorbing much more than H2 and  thereby blocking

H2 permeance when a  binary mixture is fed to the  membrane. As

discussed above, the Henry coefficient is much larger for CO2 than

for H2. The  membrane is hence CO2 selective, and  the observed

CO2/H2 selectivity is  high throughout the whole investigated range

of conditions. The  highest CO2/H2 separation factors are 32.1 at

275 K and 16.2 at 296 K.  The  maximum separation selectivities (i.e.,

permeance ratios) are 52.9 at 275 K and 26.0 at 296 K.

Other groups have also reported separation data for  CO2/H2 at

high pressure. For a microporous titanosilicate ETS-10 membrane,

a separation factor of 9.0 was  obtained at a delta pressure close

to 10 bar and room temperature [29]. The H2 flux decreased with

increasing feed pressure, which was  attributed to  the increased

CO2 adsorption. The CO2 permeance for this type of  membrane was

reported to be  0.19 × 10−7 mol  m−2 s−1 Pa−1. Also, for  a nanocom-

posite MFI/alumina fibre, a  CO2/H2 separation factor up to about

10 at high pressures (about 330 kPa) and room temperature, with a

CO2 permeance of 1.2 × 10−7 mol  m−2 s−1 Pa−1,  has been reported

[30].

The effect of elevated membrane temperatures was  investi-

gated at a  feed pressure of  1000 kPa (experimental condition E2

in Table 1), and the results are shown in Fig. 4.

Probably due to reduced CO2 adsorption at higher temperatures,

the blocking effect of CO2 declines, since the fractional loading

decreases by about 25% when the temperature is  increased from

275 K to 369 K (estimated using Eqs. (3)  and (4)).  As a result, the

H2 fluxes and  permeances increase with increasing temperature.

However, some blocking of  CO2 seems to remain at the high-

est investigated temperature (368 K), resulting in a H2 permeance

lower than the CO2 permeance, unlike in the single gas experiments

(cf. Fig. 2).  As follows from the above, membrane selectivity declines

with increasing temperature. Membrane selectivity is  therefore

highest at the lowest investigated temperature. The membrane

separation properties were in this work only investigated down

to 275 K since it may  be too costly to apply lower temperatures

industrially. It should be kept in mind that CO2 separation by mem-

brane processes competes with rather inexpensive processes such

as water scrubbing.

4.4. Separation of CO2/CO/H2

Synthesis gas contains CO in addition to CO2 and  H2. Hence

membrane separation performance was  also investigated for a  gas

mixture of  CO2,  CO and  H2 (equimolar mixture, experimental con-
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Fig. 4. Fluxes, permeances, separation factors and separation selectivities for  an equimolar CO2/H2 feed at varying temperatures. Feed pressure is 1000 kPa, permeate pressure

200 kPa.

ditions E7–E10 in Table 1)  at room temperature. The results are

shown in Fig. 5.

Also for this feed composition, the observed CO2 permeance is

high and similar to  the dual component feed, while  the CO  and

H2 permeances are low: hence, CO2 adsorption is likely block-

ing both CO and  H2 transport. The permeance of CO is larger

than the H2 permeance, probably due to  stronger adsorption of

CO compared to H2. Henry’s constants of  0.26 mol  kg−1 atm−1 and

0.015 mol  kg−1 atm−1 for CO and  H2 on  silicalite-1 at  305  K,  respec-

tively, have been reported [28], which supports the discussion

above. The CO2/H2 separation factor is  around 9–12 in the investi-

gated pressure range, while the CO2/CO separation factor is around

3–5 and  the CO/H2 separation factor is around 2–3. The membrane

can thus effectively separate CO2 also from a synthesis gas contain-

ing CO.

The  results obtained for the ternary feed mixture at 277 K are

shown in Fig. 6.

As observed for the binary feed mixture, membrane selectivity

is higher at  a  lower membrane temperature. A  maximum CO2/H2

separation factor of 23.0 or a CO2/H2 separation selectivity of 35.0

Fig. 5. Fluxes, permeances, separation factors and separation selectivities for an equimolar CO2/CO/H2 feed  at  296 K. Pressure ratio is 7.5.
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Fig. 6. Fluxes, permeances, separation factors and separation selectivities for an equimolar CO2/CO/H2 feed  at  277 K. Pressure ratio is 7.5.

is observed at 277 K. The CO2/CO separation factor is around 7–9,

while the CO/H2 separation factor is around 2–3.

As in the experiments with binary feed, observed permeances

and fluxes are lower at the lower membrane temperature. The CO2

fluxes at  277 K are nevertheless high; the maximum observed CO2

flux is 333 kg m−2 h−1 at this temperature.

The effect of  the presence of CO  in the feed mixture  on CO2 and

H2 permeance is illustrated in Fig. 7.  At the lowest investigated CO2

feed pressure, the permeance of CO2 is  at both membrane tem-

peratures similar for the binary and  the ternary feed  mixture. At

higher pressures, however, the permeance of CO2 is slightly lower

when CO is  present in the feed mixture. This is true at membrane

temperatures of both 277 K and 296 K.  The  reason  for  the slightly

lower CO2 permeance in the ternary feed mixture is likely competi-

tive adsorption with CO. The H2 permeance is at  both temperatures

very similar in the binary and the ternary feed mixture, implying

that H2 permeance is equally blocked when only CO2 is adsorbed

as when CO2 and small amounts of CO  are adsorbed in  the  zeolite.

CO therefore affects CO2 permeance only to  a  small extent and

H2 permeance barely at all. This results in similar CO2/H2 separation

factors with and without CO in the feed; the maximum  CO2/H2

separation factor is  12.0 for the ternary feed mixture, which can  be

compared to  16.2 for the binary feed mixture.

4.5. Separation of CO2/CH4

The  MFI  membrane was  also used to separate a 1:1 mixture of

CO2 and CH4. Separation performance at two  temperatures, 277

and 295 K, was  investigated and the total feed pressure was  varied

from 600 to 3000 kPa with a pressure ratio across the membrane

of 5 (experimental conditions E11–E16 in Table 1).  The results are

shown in Fig. 8.

Compared to the CO2/H2 feed, the selectivity for CO2 is lower for

the CO2/CH4 feed. The maximum observed CO2/CH4 separation fac-

tor is 4.5, which under these conditions corresponds to a separation

selectivity of 6.2. This can be compared to the maximum observed

CO2/H2 separation factor, which was  32.1. The lower CO2 selectivity

for the CO2/CH4 feed mixture is probably due to stronger adsorp-

tion of CH4 compared to H2 in the membrane. Henry’s constants

of 0.72 mol  kg−1 atm−1 and 0.015 mol  kg−1 atm−1 on silicalite-1

at 305 K, for CH4 and  H2, respectively, have been reported [28].

CH4 is hence adsorbing competitively with CO2 to  a  much larger

extent than H2 does. As a result, CH4 permeance is higher than

H2 permeance under similar conditions. Furthermore, the com-

petitive adsorption of  CH4 reduces the amount of adsorbed CO2

and hence the CO2 flux and  permeance is slightly lower in

the experiments with CO2/CH4 feed than with CO2/H2 feed (c.f.

Fig. 7. CO2 and H2 permeance at 277 K  and 296 K with and without CO in the feed. Note that the scale of the  x-axis is  partial feed pressures (MPa), not total feed  pressures.
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Fig. 8. Fluxes, permeances, separation factors and separation selectivities for an equimolar CO2/CH4 feed at 295 K and 277 K. Pressure ratio is 5.

Fig. 3).  The highest observed CO2 flux is  428 kg m−2 h−1, which

still is  very high, though slightly lower than for  the  CO2/H2 feed.

The maximum observed CO2 permeance for the CO2/CH4 feed

is 70 × 10−7 mol  m−2 s−1 Pa−1,  which can be  compared to  about

90 ×10−7 mol  m−2 s−1 Pa−1 for  the CO2/H2 feed (see Fig. 3).  For a

high permeance SAPO-34 membrane, Tian et al. have reported a

CO2 permeance of 25 × 10−7 mol  m−2 s−1 Pa−1 for  a CO2/CH4 feed

mixture [11].

SAPO-34 membranes have a pore size of 0.38  nm,  i.e., similar

to the size of  CH4,  but larger than CO2 [9].  As  a  result, CH4 trans-

port is sterically hindered in SAPO-34 membranes and observed

CO2/CH4 selectivity tends to be similar or higher than  CO2/H2

selectivity for these membranes. For example,  for a SAPO-34 mem-

brane at  253 K and  atmospheric permeate pressure, a CO2/CH4

separation selectivity of 180 at 3080 kPa feed pressure [9] and

a CO2/H2 separation selectivity of 140 at 1160  kPa feed pressure

[15] were reported by the same group. Our group has reported

the separation performance for MFI  membranes modified with

methylamine. For feed mixtures saturated with H2O  at room tem-

perature, we reported a maximum CO2/CH4 separation factor of

12, while the highest observed CO2/H2 separation factor was  6.5

[14]. This trend is opposite to  what is  observed in the present

work, where the CO2/H2 separation factor was  larger than  the

CO2/CH4 separation factor. However, the amine modification was

probably favouring CO2 adsorption in the competitive adsorption

between CO2 and  CH4. Also, the amine modified MFI membranes

likely had  smaller effective pore  size than the membrane investi-

gated in the present work, since methylamine was  present in  the

pores. This might have reduced the transport of the  larger  CH4

molecules more than that of  the CO2 molecules. The  combination

of these two  effects may  explain the differences in separation fac-

tors observed for modified MFI membranes and  the non-modified

MFI membranes used in the present work. For NaY-type zeolite

membranes, which have larger pores than MFI, higher CO2/H2

selectivity than CO2/CH4 selectivity is often reported. A CO2/H2

separation selectivity of  28 [18] and  CO2/CH4 separation selec-

tivity in the range 10–16  [12] have been reported, both results

from the same group. Hence, small pores and  low  CH4 adsorption

compared to  CO2 adsorption is beneficial for  CO2/CH4 separa-

tion.

Fig. 9. Separation factor for an equimolar CO2/CH4 feed as a  function of membrane

temperature at two feed pressures, 1000 kPa and 3000 kPa. Pressure ratio is 5.

For two  of  the investigated feed pressures, 1000 kPa and

3000 kPa (experimental conditions E12 and E16 in Table 1), the

membrane CO2/CH4 separation performance was  investigated at

three membrane temperatures, 277 K, 295 K and  315 K. The result-

ing separation factors are shown in Fig. 9.

Similarly as for  the CO2/H2 feed mixture, membrane selectiv-

ity decreases as the temperature is  increased, which is  likely due

to decreased adsorption, as discussed above. This is true for both

investigated feed pressures. The  difference between the two  feed

pressures is largest at the lowest investigated temperature (277 K).

5. Conclusions

An MFI  membrane comprised an  approximately 0.7 �m film

on a  fully  open and  graded porous alumina support was  used to

separate CO2/H2, CO2/CO/H2 and CO2/CH4 mixtures at high pres-

sures. The CO2 permeance and  flux were very high; fluxes up to

657 kg m−2 h−1 were observed, which is many times larger than
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previously reported for any zeolite membrane. The  very  high flux

was a result of low film thickness, open support, and high pressure,

relatively high diffusivity, molecular weight and  pressure drop (all

the latter of CO2).

The membrane was  also selective and  the selectivity was con-

trolled by CO2 adsorption. The highest observed CO2/H2 separation

factor was  32  for a  binary feed mixture. Likely due  to  competitive

adsorption of CO2 and CH4, the maximum observed CO2/CH4 sep-

aration factor was, however, lower. For a CO2/CO/H2 feed mixture,

the membrane was  also  CO2 selective. The presence of  CO only

had a small effect on the CO2 and H2 permeances, and  a  CO2/H2

separation factor of 23  was  observed for the ternary feed mixture.

The results show that MFI membranes are promising candidates

for membrane separation of CO2 from synthesis gas, natural gas or

biogas at  high pressures.
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Abstract 

An MFI membrane was used to separate CO2 and H2S from syngas produced by 

gasification of black liquor.  To study the influence of H2S on the membrane separation 

performance, the gas was first allowed to pass an adsorbent, which was saturated during 

the course of the experiment. The membrane separated CO2 and H2S from the synthesis 

gas at a feed pressure of 2.25 MPa, a permeate pressure of 0.3 MPa and room 

temperature. In the beginning of the experiment, when the H2S concentration in the feed 

was 0.5%, and the concentration of water in the feed was 0.07%, a CO2/H2 separation 

factor of 10.4 and a H2S/H2 separation factor of 18.9 were observed. At the same time 

the CO2 and H2S flux was 67.0 kg m-2 h-1 and 1.8 kg m-2 h-1, respectively. However, the 

separation performance decreased during the experiment as the H2S concentration in the 

membrane feed increased. 
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Highlights  

 An MFI membrane was used to separate CO2 and H2S from synthesis gas. 

 Synthesis gas produced by a pilot scale black liquor gasifier was used. 

 A CO2/H2 separation factor of 10.4 and a CO2 flux of 67.0 kg m-2 h-1 were 

observed. 

 A H2S/H2 separation factor of 18.9 and a H2S flux of 1.8 kg m-2 h-1 were 

observed. 

 Selectivity resulted from competitive adsorption. 

 

 

Keywords: Zeolite membrane; Separation; Carbon dioxide; Hydrogen sulphide; Black 

liquor gasification  
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1. Introduction 

Synthesis gas is a mixture of mainly hydrogen, carbon monoxide and carbon dioxide, 

which can be used to produce a wide variety of chemicals and fuels, including methanol 

and dimethyl ether (DME). In 2005, a development plant (DP-1) for pressurized 

gasification of black liquor to synthesis gas was taken into operation in Piteå, Sweden. 

Black liquor is an internal stream in the Kraft pulping process and consists roughly of 

40% lignin and organic substances originating from wood. The remaining 60% of the 

black liquor is mainly water and the cooking chemicals. The DP-1 plant has a capacity 

of 20 ton (content of dry solids) of black liquor per 24 h. The gasifier consists of an 

entrained flow reactor where the black liquor is partially oxidized at 1000°C and 3 MPa. 

The valuable cooking chemicals are separated from the gas and recycled to the pulp 

mill. Impurities and particles are removed from the synthesis gas in a counter current 

condenser. Production of DME via methanol synthesis has recently been demonstrated 

from the gas in pilot scale. 

 

The ideal synthesis gas composition for methanol synthesis can be represented by the 

stoichiometric number, SN=(H2-CO2)/(CO+CO2), which should be equal to or slightly 

above 2 (Lange, 2001). Synthesis gas produced via gasification of biomass, e.g. black 

liquor, is usually too rich in CO2 (Yin et al., 2005) and it sometimes also contains H2S. 

The synthesis gas produced by the DP-1 gasifier contains (N2 and H2O free basis) about 

34.8% H2, 33.6% CO2, 28.5% CO, 1.7% H2S and 1.4% CH4 (Wiinikka et al., 2010), 

which corresponds to a stoichiometric number of about 0.02.  The composition of the 

gas must therefore be modified substantially prior to methanol synthesis and one 
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possibility is to remove CO2 from the gas and also to carry out the water gas shift 

reaction in order to increase the stoichiometric number. The high H2S concentration in 

the synthesis gas is a result of the high sulphur content of the cooking chemicals used in 

the Kraft process (Berglin and Berntsson, 1998). H2S is a poison for methanol catalysts 

and for water gas shift catalyst (Torres et al., 2007).  These components (CO2 and H2S) 

must therefore be removed from the gas prior to methanol synthesis, a process 

sometimes referred to as sweetening of the gas.  Membrane gas separation could in this 

case perhaps offer low energy costs, viable economics, and simple and compact 

equipment which are easy to operate (Pandey and Chauhan, 2001). Polymeric 

membranes are commercially available for a number of gas separation processes 

including: N2 separation from air, hydrogen recovery from ammonia purge gas, CO2 

separation from natural gas, dehydration of air and vapour/gas separations (Baker, 

2004). However, porous inorganic membranes, e.g. zeolite membranes, have many 

potential advantages compared to organic membranes, but zeolite membranes are not 

yet commercially available for gas separations. Because of their porous nature, zeolite 

membranes have potential to provide much higher flux compared to the dense 

polymeric membranes. In addition, due to the very narrow pore size distribution of 

zeolites, the membranes may also provide high selectivity. Inorganic membranes should 

also in principle be more resistant to high temperatures and pressures, impurities in the 

feed, fouling, and regeneration treatments than organic membranes (Ebner and Ritter, 

2009).  

 

Zeolite membranes are a promising type of inorganic membranes that have received a 

lot of attention during the last two decades (Caro and Noack, 2008). Zeolites are 
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crystalline aluminosilicates with a three-dimensional system of channels within the 

structure. Only a few studies of zeolite membranes for CO2 separation from mixtures 

like synthesis gas have been reported in the open literature. To the best knowledge of 

the authors, H2S separation using zeolite membranes has not been reported at all.   

 

(Kusakabe et al., 1999)  -alumina supports 

and measured a CO2 permeance of about 7 x 10-7 mol m2 s-1 Pa-1 and a CO2/H2 

separation selectivity of 28 at 35°C for a binary mixture. (Hong et al., 2008) prepared 

SAPO-34 type zeolite membranes by in situ crystallization on tubular stainless steel 

supports and reported a CO2/H2 separation selectivity of 140 at -20°C for a binary 

mixture. (Bakker et al., 1996) synthesized MFI type zeolite membranes on stainless 

steel supports that showed a CO2 permeance of about 3.8 x 10-7 mol m2 s-1 Pa-1 and a 

CO2/H2 separation factor of 12 at 22°C for a binary gas mixture. (Guo et al., 2006) 

prepared stainless steel embedded MFI type zeolite membranes with CO2 permeances 

around 7 x 10-7 mol m2 s-1 Pa-1 and a CO2/H2 separation factor of about 15 at 20°C for a 

binary gas mixture. (Alshebani et al., 2008) prepared MFI type zeolite membranes by 

so-called pore plugging synthesis on tubular alumina hollow fibre supports with a CO2 

permeance of 1.2 x 10-7 mol m2 s-1 Pa-1 and a separation factor of about 10 at room 

temperature for a binary mixture. (Kanezashi and Lin, 2009) prepared MFI type zeolite 

-alumina disks with a CO2 permeance of about 0.9 x 10-7 mol m2 s-1 

Pa-1 and CO2/H2 separation selectivity of around 6 at room temperature for a ternary 

mixture (CO2, CO, and H2).  
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Previously, 0.5 m -alumina disks (Hedlund et al., 2002) 

have been developed. The membranes have been impregnated with Ca(NO3)2 and a CO2 

permeance of  about 12 x 10^-7 mol m2 s-1 Pa-1 and CO2/H2 separation factor of 3.4 at 

25°C for a binary mixture was observed (Lindmark et al., 2010). The membranes have 

also been amine grafted (Lindmark and Hedlund, 2010a) and a CO2 permeance of 13 x 

10^-7 mol m2 s-1 Pa-1 and a CO2/H2 separation factor of 2.2 at 22°C for a binary mixture 

(CO2 and H2) was reported. For a ternary mixture (CO2, H2 and H2O) a CO2 permeance 

of about 10 x 10^-7 mol m2 s-1 Pa-1 with a CO2/H2 separation factor of 6.5 at 60°C was 

observed. The membranes have also been ion-exchanged, and an average CO2 

permeance of 11.7 x 10-7 mol m2 s-1 Pa-1 and an average CO2/H2 separation factor of 6.2 

at room temperature for a ternary mixture (CO2, H2 and H2O) were observed for two 

ZSM-5 membranes exchanged to the barium form (Lindmark and Hedlund, 2010b). 

More recently, the separation performance at elevated pressures was evaluated for non-

modified MFI membranes (Sandström et al., 2011). A CO2 permeance of 93 x 10^-7 

mol m2 s-1 Pa-1 (which corresponds to nearly 19500 Barrer) and a separation factor of 15 

at 23°C was observed for a binary mixture at a feed pressure of 1 MPa. For a ternary gas 

mixture (CO2, CO and H2) (Sandström et al., 2011) observed a CO2 permeance of about 

55 x 10^-7 mol m2 s-1 Pa-1 (which corresponds to nearly 11500 Barrer) and a CO2/H2 

separation factor of around 12 at room temperature at a feed pressure of 2.25 MPa. This 

can be compared to relative recent scientific reports on development of polymeric 

membranes for CO2 removal from synthesis gas, for which a separation selectivity of 

nearly 12 and a permeability of 300 Barrer at 10°C were observed (Lin et al., 2006). 

The film thickness for the membranes described in these reports was 70 to 500 m, 



7 
 

while the typical film thickness for commercial polymeric membranes is often less than 

0.1 m (Baker, 2004). 

 

In the present work, the same MFI membrane as in our aforementioned work 

(Sandström, Sjöberg and Hedlund, 2011) was used for the first time for separation of 

CO2 and H2S from synthesis gas produced by black liquor gasification in the DP-1 pilot 

plant.  
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2. Material and methods 

2.1. Membrane 

The MFI membrane preparation procedure has been reported in detail previously 

(Hedlund et al., 2002), and will only be briefly -alumina 

discs (Fraunhofer IKTS, Germany) were used as supports. The support, with a diameter 

of 25 mm, consists of a 30 m thick top layer with a pore size of 100 nm and a 3 mm 

thick layer with a pore size of 3 m. The support was masked and seeded as described 

previously in detail (Hedlund et al., 2003). An MFI film was grown on the seeded 

support in a synthesis mixture with a molar composition of 3 TPAOH:25 SiO2:1450 

H2O:100 EtOH. The masked and seeded support was immersed in the synthesis solution 

in a polypropylene tube kept in an oil bath for 36 h at 100°C with reflux of evaporated 

solution. After synthesis, the membrane was rinsed in a 0.1 M NH3 solution. Calcination 

was then performed at 500 °C for 6h, with a heating rate of 0.2°C/min and a cooling rate 

of 0.3°C/min. 

 

The resulting MFI membrane was comprised of an MFI film with a thickness of about 

0.7 m on a fully open graded support (Sandström et al., 2011). Even though the 

synthesis mixture was free from aluminium, some of the aluminium from the support 

leached during synthesis, and was incorporated in the growing film. The resulting Si/Al 

ratio in the film was estimated to about 139 (Sandström, Lindmark and Hedlund, 2010).  

 

Permporometry is an excellent tool for evaluating zeolite membrane quality and 

performance (Hedlund et al., 2009; Korelskiy et al., 2012). Permporometry results 
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correlate well with SEM observations and separation performance and similar results 

have been obtained using n-hexane, p-xylene and benzene as adsorbate (Hedlund et al., 

2009; Korelskiy et al., 2012; Hedlund et al., 2012). For the membrane in the present 

study, the pure helium permeance was 61 x 10^-7 mol m-2 s-1 Pa-1. At a n-hexane 

relative pressure, p/p0 (where p is the partial pressure of the adsorbate and p0 is the 

vapour pressure of the adsorbate) of 0.01, all zeolite pores and defects smaller than 

about 1.6 nm are blocked by n-hexane (Hedlund et al., 2009). When this amount of n-

hexane was introduced to the membrane, the helium permeance was reduced by 99.4% 

(Sandström et al., 2011). This shows that only about 0.6% of the pure helium 

permeance through the membrane occurs through defects larger than 1.6 nm and the 

remaining permeance occurs through zeolite pores and any defects smaller than 1.6 nm 

(Hedlund et al., 2009). More details regarding the membrane properties, and single gas 

and multicomponent separation performance of this membrane have been published 

earlier (Sandström et al., 2011). 

 

2.3 Separation experiments 

Figure 1 shows a principle scheme of the equipment used in the present work. The flow 

of cylinder gas and synthesis gas from the gasifier to the experimental setup were 

controlled by mass flow controllers (SL5056, Brooks Instruments). After the mass flow 

controllers, the gas was passed through a bed of activated carbon and then through a bed 

of silica gel in order to remove hydrocarbons and to achieve a variation of the H2S 

concentration in the synthesis gas fed to the membrane over time as the bed of silica gel 

gradually was saturated with H2S. The bed of activated carbon consisted of 30 g crushed 

and sieved (0.5-2 mm) activated carbon (WS490, Chemviron) which was kept in a 
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stainless steel tube of 19 mm I.D. and 400 mm length. The bed of silica gel consisted of 

4.5 kg of silica gel (2-5 mm, Merck), which was kept in a stainless steel tube of 97 mm 

I.D. and 900 mm length. The silica gel was dried for 3 h at 150 °C in a flow of nitrogen 

(99.9990%, AGA) prior to separation experiments. During drying, the bed was heated 

by heating cables, and the temperature inside the bed was monitored by a type K 

thermocouple.  

 

The MFI membrane was placed in a stainless steel cell for separation experiments. The 

cell was sealed with graphite gaskets (Sigraflex HD, ERIKS), to prevent leaking within 

the cell, and cupper gaskets, to prevent leaking out from the cell. Before separation 

experiments, the membrane was dried for 6 h at 300 °C in a flow of nitrogen 

(99.9990%, AGA) with a heating and cooling rate of about 1°C/min. The membrane 

cell was heated by heating cables, and the temperature was monitored by a type K 

thermocouple on the feed side during drying. 

 

During separation experiments, synthesis gas was fed through the beds kept at room 

temperature to the membrane cell and the retentate and permeate pressures were 

controlled using back pressure regulators (BP-60, GO Regulators). The pressure on feed 

and permeate side was monitored using manometers. The gas flow in the permeate 

stream was measured by a drum type gas meter (TG 5, Ritter Apparatebau GmbH). Gas 

samples for analysis were taken before and after the two beds and on the permeate side 

of the membrane using gas sample bags (5-10L, Flex Foil Standard, SKC Inc.).  
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Figure 1: Principle scheme of the equipment used for separation experiments. 

 

The separation experiments were carried out using synthesis gas produced by the DP-1 

plant for approximately 10 h with a feed flow rate to the membrane of 15 dm3N/min. 

The feed pressure was kept at 2.25 MPa and the permeate pressure was kept at 0.3 MPa. 

The membrane cell was kept at room temperature during the experiment. 

 

For comparison with previously reported data (Sandström et al., 2011), separation 

experiments with a dry CO2/H2 (1:1) mixture from gas cylinders were carried out at feed 

pressures of 1.5 MPa and permeate pressures of 0.3 MPa using a feed flow rate to the 

membrane of 14 dm3N/min. In the experiments using dry gas from cylinders, the 

activated carbon bed and silica gel bed were not used.  

 

Gas compositions were measured using a gas chromatograph (GC) (Varian CP-3800) 

equipped with a thermal conductivity detector. An FT-IR instrument (Bruker Vertex 

80v, 4 cm-1 resolution, 256 scans) equipped with a 10 cm gas cell (Specac) was used to 

analyse the H2O concentration in the gas. 
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The average partial pressure difference (average of feed and retentate partial pressure) 

across the membrane was used when calculating the permeances in the separation 

experiments. The composition of the retentate stream was calculated using a mass 

balance. The average partial pressure difference was calculated from the measured 

compositions of the permeate and feed streams and the mass balance. Since the feed 

composition varied during the experiment, due to the adsorption of CO2 and H2S and 

H2O in the silica gel bed, and since feed and permeate samples could not be taken 

simultaneously, samples from the feed were taken before and after each permeate 

sample, and the feed composition was estimated by interpolation. To evaluate 

membrane performance, the separation factor, i/ j / xi/xj), where xi and i are molar 

fractions of species i and j in the feed and permeate streams, respectively, was 

calculated. To ease comparison between the present work and results reported by other 

research groups the separation selectivity, p i/ j, where i and j are the 

permeances of species i and j, was also evaluated. 
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4. Results and discussion 

4.1 Membrane feed  

Figure 2 shows the composition of the feed to the membrane as a function of time. In 

the beginning of the experiment, a large fraction of the CO2 is adsorbed on the silica gel 

and the CO2 concentration in the membrane feed increases as the silica gel bed is 

approaching saturation with CO2. The CO2 concentration in the feed is reaching 33.7 

mol% after about four hours and remains rather stable at about 33.7±0.26 mol% during 

the remaining 6 h of the experiment. Consequently, reverse trends are observed for the 

H2 and CO concentrations in the membrane feed. After about four hours, stable 

concentrations of about 34.6±0.21 mol% for H2 and 27.5±0.14 mol% for CO are 

reached. The silica bed is saturated more slowly with H2S, compared to CO2. After 18 

min, the H2S concentration is less than 0.001 mol%, and at the end of the experiment 

after nearly ten hours, the H2S concentration in the membrane feed has increased to  

 
Figure 2: The concentration of components in the feed to the membrane as a function of time. Lines are 

a uide for the e e. 
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about 1.70 mol%. The H2O concentration in the feed to the membrane is quite constant 

at around 711±54 ppm during the whole experiment, which is about 39% less compared 

to the gas fed to the beds of carbon and silica. The feed also contains nearly 2.7% CH4 

and N2 in total. 

4.2 Separation performance 

Figure 3 shows the flux through the MFI membrane as a function of time from about 

one hour of the experiment, after which the membrane had stabilized, and onwards. For 

the sake of simplicity, observations at about 1 h of the experiments are denoted “initial” 

and observations in the end of the experiment (after 550 minutes) are denoted “final” in 

the discussion below. The CO2 flux decreases from an initial flux of 67.0 kg m-2 h-1 

during the whole experiment and the final CO2 flux is 61.4 kg m-2 h-1. In a recent study, 

the same MFI membrane was used to study the separation of CO2 from a H2S and H2O 

free synthesis gas (Sandström et al., 2011), prepared from gas cylinders. A CO2 flux 

 

Figure 3: Fluxes through the membrane as a function of time. xperimental data are represented b  

points, and lines are a guide for the e e. 
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through the membrane of 426 kg m2 h-1 was obtained at equivalent feed conditions 

(except the low concentrations of H2O, H2S, CH4 and N2 in the present work), which is 

nearly 6.4 times higher compared to the initial CO2 flux observed in the present work. 

The lower fluxes observed in the present work are likely explained by competitive 

adsorption of H2S and H2O. Water has much higher heat of adsorption than the other 

components in the feed gas, and is probably blocking the other molecules from 

adsorbing and transporting through the membrane (see Table 1). To the best of 

knowledge of the authors, there are no published data on the heat of adsorption of H2S 

in H-ZSM-5, but due to the polar and acidic nature of the molecule, it can be assumed 

that it adsorbs rather strongly. In order to achieve higher CO2 flux and CO2/H2 

selectivity as in previous work (Sandström et al., 2011), all H2S and H2O should 

therefore be removed from the membrane feed. 

 

The H2S flux through the membrane increases throughout the experiment, probably as a 

consequence of the increasing H2S concentration in the feed to the membrane. The 

initial H2S flux is 1.8 kg m-2 h-1 and the final H2S flux is 3.7 kg m-2 h-1. The H2O flux 

displays a reversed trend compared to the H2S flux, which indicates that H2O and H2S 

compete for adsorption sites in the zeolite.  The initial CO flux is 8.0 kg m-2 h-1 and 

Table 1: Comparison of isosteric heat of adsorption for various molecules in H-ZSM-5a 

Molecule - Hads (kJ/mol) Refs. 
H2 3.8 (Xiao-ming Du, 2006) 
CO 29.4 (Otero Areán, 2008)  
CO2 38.0 (Dunne et al., 1996) 
H2O 90 (Lee et al., 1997) 

 a Inevitably the Si/Al ratios for the ZSM-5 type zeolites described in the reports are 
varying in the range 27-30. 
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increases to 8.2 kg m-2 h-1, the initial H2 flux is 0.4 kg m-2 h-1 and increases to 0.6 kg m-2 

h-1, which compared to the results reported by (Sandström et al., 2011), is about 6.9 and 

4.3 times lower for CO and H2
 at equivalent feed conditions, respectively. These lower 

fluxes are likely explained by competitive adsorption of H2S and H2O, which blocks 

transport also of CO and H2, as discussed earlier for CO2. 

 

Figure 4 shows the permeance through the membrane as a function of time. The initial 

CO2 permeance is 11.0 x 10^-7 mol m2 s-1 Pa-1 and this permeance is decreasing 

throughout the experiment to 6.9 x 10^-7 mol m2 s-1 Pa-1. The decreased CO2 permeance 

is probably due to the increase of H2S in the feed, which leads to increased adsorption 

of H2S in the MFI film, likely causing blocking of CO2 permeance. The H2S permeance 

first decreases rapidly and becomes almost stable at about 300 minutes, which may be 

caused by that the film is approaching saturation with H2S after 300 minutes, although 

the concentration in the feed is still increasing after 300 minutes.  The highest H2O 

permeance is observed at the beginning of the experiment and the initial H2O 

permeance is 9.0 x 10^-7 mol m2 s-1 Pa-1. This is probably because of less competitive 

adsorption by CO2 and H2S in the beginning of the experiment. As the concentration of 

CO2 and H2S increase in the feed to the membrane, the H2O permeance decreases and 

the final permeance is about 2.15 x 10^-7 mol m2 s-1 Pa-1. The CO and H2 permeances 

increase slightly throughout the experiment. An explanation of this could be that as the 

H2S concentration in the feed increases, the total flux through the membrane decreases, 

see Figure 2. This reduces the pressure drop over the support, which could explain the 

increasing CO and H2 permeances. Another explanation could be that the pore blocking 
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of CO and H2 by competitive adsorption becomes less effective when H2S is adsorbed 

in the zeolite pores.  

 

Figure 5 shows separation factors, p, as a function of 

time. The separation factors decrease throughout the experiment. The initial CO2/H2 

separation factor is about 10.4 and decreases to about 5.0 and the initial H2S/H2 

separation factor is about 18.9 and decreases to about 7.8. All the separation factors and 

separation selectivities follow the same trend. This trend is likely due to increased 

adsorption of H2S in the membrane, which reduces CO2 (competitive adsorption 

between CO2 and H2S) and H2S permeances (the membrane becomes saturated with 

H2S) while the permeance of CO and H2 are increased as discussed above. As illustrated 

by Figures 2 and 4, the separation performance in terms of flux and separation factor, is 

highest in the beginning of the experiment when most of the H2S in the synthesis gas is 

adsorbed in the silica gel bed. This type of membrane is thus more suited for removal of 

 

Figure 4: Permeances as a function of time. xperimental data are represented b  points, and lines are a 

guide for the e e. 
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CO2 from synthesis gas containing only low amounts of H2S. Synthesis gas generated 

by gasification of sulphur rich black liquor, is unusually rich in H2S. The typical 

concentration range for H2S in synthesis gas generated from biomass is much lower, 

about 20-200 ppm (Torres et al., 2007) and the separation performance for this 

membrane would consequently be better for this synthesis gas. H2S could of course also 

be removed from the gas stream prior to membrane separation. 

 

As described in the introduction, the membrane in the present work was initially used 

for separation experiments using water and hydrogen sulphide free gas from gas 

cylinders (Sandström et al., 2011). In total, the membrane has been used for separation 

experiments during 2 years and has been exposed to more than 20 heating and cooling 

cycles, and exposed to black liquor derived synthesis gas for more than 24 hours in 

total. To verify that the performance of the membrane not has decreased during this 

period of time, the separation performance of the membrane was evaluated for dry gas 

 

Figure 5: Separation factors and separation selectivities as a function of time. Experimental data are 

represented b  points, and lines are a guide for the e e. 
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from cylinders in the same way as in previous work (Sandström et al., 2011). The 

conclusion is that the membrane separation performance (not shown here) did not 

decrease, which could indicate that these MFI membranes exhibit long term stability 

under industrial relevant conditions. However, more long term tests are necessary in 

order to evaluate the long term stability of the membranes. Such tests are however 

beyond the scope of the present work. 
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5. Conclusions 

An MFI membrane was used for the first time to separate CO2 and H2S from synthesis 

gas produced by a pilot scale black liquor gasifier. The membrane could successfully 

separate CO2 and H2S from the synthesis gas at a feed pressure of 2.25 MPa, a permeate 

pressure of 0.3 MPa and room temperature. The CO2 separation performance was 

highest in the beginning of the experiment, when the H2S concentration in the 

membrane feed was low. 
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a b s t r a c t

Methanol or ethanol production from synthesis gas is limited by thermodynamic equilibrium and sepa-

ration of the alcohol product in or near the reactor at reaction conditions (about 250 ◦ C and 50 bar) could

improve the process. Separation of methanol and ethanol from synthesis gas by MFI membranes with

two different Si/Al ratios has therefore been evaluated in the present work. The synthesis gas was rep-

resented by hydrogen, carbon dioxide and water, and membrane separation performance was evaluated

at atmospheric pressure and varying temperatures.

The highest measured methanol/hydrogen separation factor, 32, was observed for the more polar mem-

brane type with the lowest Si/Al ratio, while the highest ethanol/hydrogen separation factor, 46, was

observed for the less polar membrane type with the highest Si/Al ratio, both at room temperature. The

separation was controlled by adsorption, and consequently, the separation factors were reduced as the

temperature increased, since the feed composition was kept constant.

The methanol and ethanol permeances were about 10 × 10−7 mol m−2 s−1 Pa−1 independent of feed

composition, membrane type or temperature, which is more than three times higher than previously

reported for gas phase separation using zeolite membranes.

A simple mathematical model was successfully fitted to the experimental data. The model suggests that

membrane selectivity is temperature dependent, as also observed experimentally, but independent of

feed pressure. Experimental data and mathematical modelling thus suggest that the membranes would

be alcohol selective at reaction pressure (50 bar) and room temperature, but not at reaction temperature

(250 ◦C).

© 2010 Elsevier B.V. All rights reserved.

1. Introduction

Due to limited fossil oil resources and the greenhouse effect,

the demand for renewable fuels is increasing. Synthesis gas pro-

duced via gasification of biomass can be used to generate renewable

fuels such as methanol, ethanol or paraffins (Diesel or jet fuel) [1].

Methanol is also an intermediate for production of dimethyl ether

(DME), an alternative fuel for Diesel engines, or for gasoline in the

methanol-to-gasoline (MTG) process.

Methanol formation from synthesis gas is represented by [2]:

CO2 + 3H2 � CH3OH + H2O (1)

The methanol formation is coupled with the water-gas-shift

reaction

CO + H2O � CO2 + H2 (2)

and a combination of reactions 1 and 2 gives

CO + 2H2 � CH3OH (3)

∗ Corresponding author. Tel.: +46 920491419.

E-mail address: linda.sandstrom@ltu.se (L. Sandström).

Methanol synthesis is usually performed at pressures of

50–100 bar and a temperature of about 250 ◦ C [1]. Thermodynamic

equilibria are limiting the reactions, and hence the conversion per

pass is low. Methanol and water are therefore separated by con-

densation at low temperature after the reactor, and unreacted gas

is reheated and recycled to the reactor inlet, where it is mixed

with fresh feed [3]. It has been shown [2,4,?] that continuous

removal of condensable products through a zeolite membrane

could increase the productivity of a conventional methanol synthe-

sis process. In addition to reducing the rate of the reverse reaction

of methanol formation, reaction (1), and thus improving the over-

all reaction rate, the equilibrium limitation will be avoided by

methanol removal [2].

In methanol plants processing synthesis gas produced by steam

reforming of natural gas, typical gas compositions (vol%) in the

reactor are: hydrogen inlet 81 and exit 78; water inlet 0.1 and exit

1.5; carbon monoxide inlet 3.7 and exit 2.4; carbon dioxide inlet

3.4 and exit 2.4; methanol inlet 0.4 and exit 3.3; inerts inlet 10.3

and exit 12.6 [3]. Hydrogen is thus in a great surplus. Synthesis gas

derived from gasification of biomass contains much more carbon

dioxide and much less hydrogen than synthesis gas produced by

steam reforming of natural gas [6].

0376-7388/$ – see front matter © 2010 Elsevier B.V. All rights reserved.
doi:10.1016/j.memsci.2010.05.022
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It is also possible to catalytically produce ethanol and higher

alcohols from synthesis gas. This can be achieved either directly or

via methanol as an intermediate, by direct conversion of synthe-

sis gas to ethanol (Eq. (4)), methanol homologation (Eq. (5)) or a

multistep process (Eqs. (6), (7) and (8)) [7].

2CO + 4H2 � C2H5OH + H2O (4)

CH3OH + CO + 2H2 � C2H5OH + H2O (5)

CO + 2H2 � CH3OH (6)

CH3OH + CO � CH3COOH (7)

CH3COOH + 2H2 � C2H5OH + H2O (8)

No process to catalytically produce ethanol from synthesis gas is

operated commercially today. Many of the current catalytical pro-

cesses suffer from low yield and poor selectivity, which calls for

improvements in catalyst design and process development [7]. An

ethanol-selective zeolite membrane could increase both the yield

of and selectivity for ethanol and also increase the reaction rate

and reduce equilibrium limitations, and thus improve the process

drastically.

The concept of methanol synthesis in a membrane reactor has

been considered before. Struis et al. [8] used Nafion membranes

for continuous removal of water and methanol from the reactor,

and found that this increased the methanol yield. At 1 bar and

200 ◦C, separation factors of 5.6 for methanol/hydrogen and 32 for

water/hydrogen were observed using Li–Nafion membranes. The

permeance of methanol was 3 × 10−9 mol m−2 s−1 Pa−1.

The separation performance of zeolite membranes for mix-

tures similar to the one present in methanol synthesis has been

reported by a few groups. Jia et al. [9] evaluated the separation

of methanol/hydrogen mixtures using a 10 �m thick silicalite-

1 film. The separation measurements were performed at 100 ◦

C and a total feed pressure of 1–10 bar. It was found that for

methanol partial pressures below saturation pressures, the sep-

aration factor was only 3–4. However, at high methanol partial

pressures (supersaturation at the feed side), the separation fac-

tor was greater than 1000. The methanol permeance at 10 bar was

around 1.8 × 10−7 mol m−2 s−1 Pa−1.

The separation performance for 10 �m thick FAU-type mem-

branes was evaluated up to 50 bar and 180 ◦ C by Sato et al. [10].

The methanol synthesis mixture was represented by water (2.9%),

methanol (26.3%) and hydrogen (70.8%). A significant reduction

of hydrogen permeation in the presence of water and methanol

was observed, even at methanol partial pressures below satura-

tion. The separation factor for methanol/hydrogen was decreasing

with temperature (from 150 at 130 ◦ C to 35 at 180 ◦C, at a pres-

sure of 10 bar). The observed methanol permeance was about

2 × 10−7 mol m−2 s−1 Pa−1.

Sawamura et al. [11] used a mordenite membrane to selec-

tively permeate water from a mixture of water, methanol and

hydrogen. At 250 ◦C, the methanol and hydrogen permeances were

around 10−10 mol m−2 s−1 Pa−1, while the water permeance was

1.8 × 10−8 mol m−2 s−1 Pa−1. The water/methanol separation fac-

tor was 101.

Separation of ethanol/oxygen mixtures in silicalite-1 mem-

branes on �-alumina supports was performed by Piera et al. [12].

An ethanol/oxygen separation factor of 91 with an ethanol per-

meance of about 2.7 × 10−7 mol m−2 s−1 Pa−1 was achieved. The

maximum ethanol/oxygen separation factor, 7415, was observed

in an ethanol/methanol/oxygen feed mixture.

In the present work, MFI membranes were tested for separations

of methanol/synthesis gas and ethanol/synthesis gas. The synthe-

sis gas was initially represented by hydrogen. Carbon dioxide and

water was subsequently added to the gas, in order to study their

effects on the separations.

In order to investigate the effect of varying polarity of the mem-

brane, two types of MFI membranes with different Si/Al ratios were

prepared and studied in this work.

2. Experimental

2.1. Membrane preparation

Porous graded ˛-alumina discs (Inocermic GmbH, Germany)

were used as supports. The discs were 25 mm in diameter and 3 mm

thick, and consisted of two layers. The top layer had 100 nm pores

and was 30 �m thick, while the main part of the support had 3 �m

pores.

The supports were masked and seeded as described previously

[13]. The seeded supports were immediately immersed in a

hydrolyzed synthesis solution and treated at 100 ◦ C under atmo-

spheric pressure and reflux. Membranes with high Si/Al ratios were

grown by hydrothermal treatment for 36 h (membrane M139-1)

or 42 h (membrane M139-2), and the molar composition of the

synthesis solution was 3TPAOH:25SiO2:1450H2O:100EtOH.

For membranes with low Si/Al ratios, membrane M65-1

and M65-2, the composition of the synthesis mixture was

3TPAOH:0.25Al2O3:Na2O:25SiO2:1600H2O:100EtOH and the

duration of the hydrothermal treatment was 27 h.

After synthesis, all membranes were rinsed in a 0.1 M NH3 solu-

tion for 24 h. Calcination was then performed at 500 ◦ C for 6 h, with

a heating rate of 0.2 ◦C min−1 and a cooling rate of 0.3 ◦C min−1.

2.2. Characterization

Scanning electron microscopy (SEM) images were recorded

using a Philips XL30 microscope with a LaB6 filament. Samples for

imaging were gold coated prior to the investigation, and samples

for EDS measurements were coated with carbon.

Single gas permeation experiments were performed directly

after calcination and when the furnace had cooled to 110 ◦C, the

membrane was quickly mounted in a stainless steel cell with rub-

ber gaskets. A flow of dry gas was used to avoid water adsorption

from the room air during mounting. The single gas permeance of

hydrogen, helium, nitrogen, carbon dioxide and SF6 was measured

at a pressure difference of 0.9 bar, with the permeate side kept at

atmospheric pressure.

In order to estimate the defect size distribution, the membranes

were also characterized by n-hexane permporometry [13,14]. The

membranes were mounted in a stainless steel cell with graphite

gaskets with an inner diameter of 19 mm. In order to remove

adsorbed species, the membranes were dried at 300 ◦ C overnight

in a flow of pure helium, and then cooled to room temperature. For

all measurements, the pressure difference across the membrane

was 1 bar, and the permeate side was kept at atmospheric pres-

sure. The relative pressure of n-hexane was increased in steps from

0 to approximately 0.01, 0.025, 0.25, 0.85 and 1.0, and the system

was allowed to equilibrate at each step. The relative pressure was

controlled by mixing a pure stream of helium with a flow of helium

saturated with n-hexane.

The permeance of helium was measured at steady state using

a suitable soap bubble flow meter. A condenser removed most of

the condensable gas from the permeate prior to measurement, in

order to prevent the n-hexane from affecting the flow meter.

2.3. Separation measurements

The separation experiments were carried out in a Wicke-

Kallenbach setup. The membranes were mounted in a cell similar

to the one used in permporometry, and all membranes were also
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Table 1
Compositions (kPa) of the feed mixtures used in the present work. Total pressure

101 kPa.

Feed Partial pressure (kPa)

MeOH EtOH H2 CO2 H2O He

1 5.9 – 40.0 – – 55.1

2 5.9 – 40.0 10.0 – 45.1

3 5.8 – 40.0 10.0 0.6 44.6

4 – 5.9 40.0 – – 55.1

5 – 5.4 40.0 10.0 – 45.6

6 – 3.0 40.0 10.0 0.8 47.2

dried in the same manner prior to each measurement. The cell tem-

perature was monitored by means of a type K thermocouple. The

separation measurements started at 25 ◦C, and the temperature

was then increased 0.5 ◦C min−1 to 175 ◦C. Above 175 ◦C, catalytic

reactions occurred for some of the feed mixtures, which obscured

evaluation of separation performance and this data was therefore

omitted.

Three mass flow controllers and two temperature controlled

saturators were used to achieve the feed gas compositions pre-

sented in Table 1.

The feed flow rate was 1000 ml min−1, and the sweep gas (He)

flow rate was 150 ml min−1 (STP) below 75 ◦C, and 1000 ml min−1

at higher temperatures.

The separation performance of two membranes of each type

were evaluated for all feed compositions.

A Varian 3800 GC with a chromosorb 107 column was con-

nected online, and a thermal conductivity detector was used for

quantitative analysis of the gas compositions.

2.4. Estimation of Si/Al ratio in the membranes

The silicon to aluminium (Si/Al) ratios of the membranes were

estimated using energy dispersive spectroscopy (EDS). Since the

films are very thin with a very low concentration of aluminium and

in addition, aluminium signal from the support would interfere

with a direct measurement of the aluminium signal, an indi-

rect method involving determination of the cesium signal in ion

exchanged samples was used to determine the Si/Al ratio. Cesium

is known [15] to ion exchange almost quantitatively resulting in a

cesium to aluminium ratio close to 1 in Cs-ZSM-5.

The membranes and powder samples with known Si/Al ratio

were first ion exchanged to cesium form. By measurement of the

cesium signal, the aluminium content of the zeolite film can thus be

quantified without influence of aluminium signal from the support,

by comparing with the cesium signal from powders with known

composition. Furthermore, since cesium is a much heavier atom

than aluminium, a much stronger cesium signal will emanate from

the sample, which results in lower detection limit. Therefore, the

estimations of the Si/Al ratios in the films were based on the cesium

and silicon signals.

Two membranes, one of each type prepared as described above,

were ion exchanged to cesium form by three 1-h treatments in

a 0.1 M cesium chloride (p.a., Merck) solution at 100 ◦C, under

atmospheric pressure and reflux of evaporated solution. Between

and after treatments, the membranes were thoroughly rinsed with

deionized and distilled water.

Powders of discrete crystals were also prepared. Two types

of synthesis solutions were prepared as described above for

membrane synthesis. The solutions were then seeded by adding

1000 ppm of the same seeds as used for membrane synthesis (i.e.

60 nm silicalite-1 crystals). The dispersions were then hydrother-

mally treated, also this identically to the membrane synthesis,

for 27 and 36 h for membranes of type M65 and M139, respec-

tively. The crystals were dried and calcined, and then the powders

were ion exchanged to cesium form mimicking the ion exchange

procedure for membranes, with the difference that between each

heat treatment, the crystals were separated by centrifugation, and

redispersed in distilled water. The dispersion was then centrifuged

again. The whole procedure (ion exchange, centrifugation and

redispersion) was then repeated two more times. Finally, the zeolite

was cleaned by centrifugation and redispersion in distilled water

several times.

A commercial ZSM-5 powder (Eka Nobel AB, Sweden, Si/Al

of 115) was also ion exchanged to cesium form. An identical

ion exchange procedure as for the homemade crystals was used.

Because of the much larger size of the crystals in the commer-

cial powder (about 5 �m, compared to 500 nm in the membranes

and homemade crystals), the described procedure was not suffi-

cient to achieve complete ion exchange. A fourth treatment in 0.1 M

cesium chloride at 100 ◦ C was therefore added to the procedure.

This additional treatment was extended to 6 h instead of only 1 h.

All powders were analyzed by Ion Coupled Plasma Atomic Emis-

sion Spectroscopy (ICP-AES) analysis. All ion-exchanged samples

were analyzed using EDS.

3. Results and discussion

3.1. Film thickness

SEM images of a ZSM-5 membrane prepared in the same batch

as membranes M65-1 and M65-2, are shown in Fig. 1.

The membrane appears to be comprised of a 500 nm thick film

of well intergrown crystals, and no defects were observed. SEM

images of the membranes of type M139 were very similar and are

not shown here. The membrane M139-2 was found to be slightly

thicker (550 nm) than membrane M139-1, due to the longer syn-

thesis time. Film thicknesses are reported in Table 2.

Fig. 1. SEM images the surface and cross-section of a membrane of type M65.
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Table 2
Film thicknesses (nm), single gas permeances (10−7 mol m−2 s−1 Pa−1) and single gas perm-selectivity (–) at room temperature using a feed pressure of 1.9 bar and atmospheric

permeate pressure.

Membrane Film thickness H2 N2 He CO2 SF6 H2/He H2/SF6

M139-1 500 218 126 95.0 154 19.1 2.29 11.4

M139-2 550 171 99 67.6 130 11.3 2.53 15.1

M65-1 500 168 106 65.5 142 10.4 2.56 16.1

M65-2 500 168 108 63.9 153 9.8 2.63 17.2

3.2. Si/Al ratio in the membranes

The results of the ICP and EDS measurements of the Si/Al and

silicon to cesium (Si/Cs) ratios in the zeolite samples are shown in

Table 3.

By comparing the Si/Cs ratio measured by EDS and the Si/Al ratio

measured by ICP of the homemade ZSM-5 crystals, it was concluded

that the former ratio is about 2% lower than the Si/Al ratio measured

by ICP. By using this information, the Si/Al ratios were estimated

for all samples from the Si/Cs ratios measured by EDS. The esti-

mated Si/Al ratio using EDS data differs by only 2% from the Si/Al

ratio measured by ICP for the commercial ZSM-5 powder, which

demonstrates the accuracy of the method.

For the homemade silicalite-1 crystals, the aluminium content

was found to be below the detection limit of the ICP method used.

Also, no cesium could be detected with EDS.

The estimated Si/Al ratios are 139 in the membranes with high

Si/Al ratio and 65 in the membranes with low Si/Al ratio. The mem-

brane types are therefore from now on denoted M139 and M65,

respectively. These results are in line with previous XPS measure-

ments on the films, which showed Si/Al ratios of 62 on the surface

of a membrane of the same type as membranes M65, and 157 on

the surface of a membrane of type M139 [16].

3.3. Single gas permeation measurements and permporometry

Single gas permeation data for the membranes are shown in

Table 2. Membrane M139-2 has a somewhat greater film thick-

ness than membrane M139-1, and as a consequence all permeances

are somewhat lower for membrane M139-2, compared to mem-

brane M139-1. Differences in film thickness have also been shown

[17] to affect single gas permeance ratios. For the sake of sim-

plicity, the following discussion is therefore based on membranes

M139-1, M65-1 and M65-2, which all have a film thickness of 500

nm. However, the discussion could be extended to include mem-

brane M139-2 as well, by considering the effect of film thickness

on single gas permeance and permeance ratios as discussed before

[17].

The permeances of hydrogen, nitrogen, helium and SF6 are all

lower for the membranes of type M65, compared to membrane

M139-1, likely due to the larger amount of sodium counter-ions

in membranes of type M65, causing a smaller effective pore radius.

The carbon dioxide permeance, on the other hand, is approximately

the same for the two membrane types, likely because carbon diox-

ide adsorbs stronger in more polar membranes, counteracting the

effect of the reduced pore radius. Our group [16] has reported sin-

Table 3
Si/Al ratios determined by ICP, Si/Cs ratios determined by EDS and estimated Si/Al

ratios.

Sample ICP Si/Al EDS Si/Cs Estimated Si/Al

Homemade ZSM-5 crystals 140 137 140

Homemade silicalite-1 crystals >6000 >500 >500

Film, high Si/Al ratio – 136 139

Film, low Si/Al ratio – 64 65

Commercial ZSM-5 126 121 124

gle gas data for a larger number of membranes of the same types

and thicknesses as here, and the results were similar.

Fig. 2 shows permporometry data for the four membranes used

in the present work. The data indicates that all membranes are of

very high quality, since the helium permeance drops more than 99%

when a small amount of n-hexane (relative pressure of n-hexane

∼0.01) is added to the feed.

3.4. Mixture separation

Separation experiments with all feed compositions were per-

formed using all the membranes M65-1, M65-2, M139-1 and

M139-2. Only the results of one membrane of each type, M65-1

and M139-1, are shown here, since the results for the other mem-

brane of the same type were similar. However, as discussed above

membrane M139-2 was slightly thicker than the other membranes,

resulting in slightly lower permeances, but the trends were the

same.

Water permeance could only be evaluated up to a tempera-

ture of 75 ◦C, since the low amount of water present could only

be quantified when the sweep gas flow rate was low.

3.4.1. Effects of temperature on methanol separation

Permeances observed during the separation experiments of

mixtures containing methanol using membrane M65-1 are shown

in Fig. 3(a) and (b).

The hydrogen permeance at room temperature is low, about

0.5 × 10−7 mol m−2 s−1 Pa−1 for membrane M65-1 for all three feed

compositions. This is likely because methanol, and water, when

present, are blocking the pores for hydrogen transport at this tem-

perature. Above 50 ◦C, the adsorption of methanol and water is

decreasing, resulting in increased hydrogen permeance. The hydro-

gen permeance is approaching about 30 × 10−7 mol m−2 s−1 Pa−1 at

temperatures above 150 ◦C. This is more than five times lower than

the hydrogen permeance observed in single gas measurements at

25 ◦C. A lower hydrogen permeance at high temperatures in multi-

Fig. 2. Adsorption branch He permporometry using n-hexane as adsorbate.
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component mixtures, compared to room temperature single gas

measurements, has been observed and discussed in an earlier publi-

cation by our group [16]. The most likely cause of this phenomenon

is concentration polarization in the support, but back diffusion of

helium from sweep to feed side, the higher temperature or com-

petitive adsorption could also be influencing the permeance.

The methanol permeance (not shown) is approx-

imately constant with temperature, between 11 and

14 × 10−7 mol m−2 s−1 Pa−1 for all feed compositions. The almost

constant permeance is likely explained by counteracting effects of

increased diffusivity and decreased adsorption as the temperature

increases.

Also the carbon dioxide transport is reduced, likely by adsorbed

methanol and water, when present, at low temperatures. At tem-

peratures above 75 ◦C, the carbon dioxide permeance is similar to

the methanol permeance.

The water permeance (not shown) is around 17 ×
10−7 mol m−2 s−1 Pa−1 in the temperature interval from room

temperature to 75 ◦C.

Fig. 3 (c) and (d) illustrate that both methanol/hydrogen and

methanol/carbon dioxide separation factors are high at room tem-

perature, but steadily declining as the temperature is increased,

again likely due to reduced pore blocking at high temperature. The

highest measured separation factors are 33 for methanol/hydrogen

and 9 for methanol/carbon dioxide. Both are observed at room tem-

perature for the feed containing both carbon dioxide and water

in addition to hydrogen and methanol. The methanol/water sep-

aration factor (not shown) is around 0.7–0.8 in the temperature

interval from room temperature to 75 ◦C, i.e. the membranes are

slightly water selective.

3.4.2. Effects of membrane type on methanol separation

The observed permeances and separation factors for membrane

M139-1 are shown in Fig. 4.

All permeances are roughly the same as for membrane M65-1,

but there are also some differences. The hydrogen permeance starts

to increase at a lower temperature for membranes of type M139

than for membranes of type M65. At 50 ◦C, the pores in membrane

M139-1 seem to be less blocked by adsorbed molecules, and the

hydrogen permeance is noticeably larger than at room tempera-

ture. The hydrogen permeance for membrane M65-1 is increasing

to a much smaller extent in the same temperature range, see

Fig. 3(a). Also for the carbon dioxide permeance, a steeper increase

with increasing temperature is observed for membrane M139-1,

compared to membrane M65-1.

Fig. 5 shows heats of adsorption of the feed molecules used in

this work vs. coverage for ZSM-5 and silicalite-1 extracted from

literature [18–24].

The higher polarity of ZSM-5 results in stronger adsorption of

the polar water and methanol molecules. More strongly adsorbed

molecules will remain adsorbed at higher temperatures, thereby

blocking permeation of more weakly adsorbing molecules like

hydrogen and carbon dioxide. Even though both membrane types in

this work are ZSM-5 membranes, the observed differences between

the two membrane types are most likely caused by differences in

heat of adsorption due to polarity differences. It should be noted

that enhanced heat of sorption for a molecule type at low pore fill-

ings can be caused by chemical or structural non-ideality of the

zeolite, for example silanol groups [22]. This implies that data at

low coverage from different studies should be compared with cau-

tion. Also at higher coverage, reported values of heats of adsorption

Fig. 3. Permeances and separation factors of methanol mixtures in membrane M65-1. (◦) 40 kPa H2, 5.9 kPa MeOH, (�) 40 kPa H2, 5.9 kPa MeOH, 10 kPa CO2, (♦) 40 kPa H2,

5.8 kPa MeOH, 10 kPa CO2, 0.6 kPa H2O.
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Fig. 4. Permeances and separation factors of methanol mixtures membrane M139-1. (◦) 40 kPa H2, 5.9 kPa MeOH, (�) 40 kPa H2, 5.9 kPa MeOH, 10 kPa CO2, (♦) 40 kPa H2,

5.8 kPa MeOH, 10 kPa CO2, 0.6 kPa H2O.

vary. For example, Vigne-Maeder and Auroux report heat of adsorp-

tion of around 67 kJ mol−1 for 0.5 mmol methanol g−1 silicalite-1

[24], which is significantly higher than 45 kJ mol−1, reported by

Thamm et al. [22] for the same coverage. The steep increase in heat

of adsorption for high loadings of water in silicalite-1 is proposed to

be caused by reorientation of water molecules into a clathrate-like

structure at high loadings [20].

The permeances of the weakly adsorbing hydrogen and car-

bon dioxide molecules are slightly higher for membrane M139-1,

compared to membrane M65-1, at high temperatures, i.e. non-

adsorbing conditions. This is likely due to the larger pore size of

membrane M139-1, caused by a lower amount of sodium counter-

ions as discussed above. The methanol permeance (not shown) is

very similar for the two membrane types, being between 11 and

14 × 10−7 mol m−2 s−1 Pa−1 for all feed compositions and temper-

atures. This is probably due to the counteracting effects of a larger

pore size and weaker adsorption of methanol in the less polar

membranes of type M139. Also the water permeance is similar for

the two membrane types, being about 15 × 10−7 mol m−2 s−1 Pa−1

in the temperature interval from room temperature to 75 ◦C. The

Fig. 5. Differential heats of adsorption vs. coverage for various molecules in Na-ZSM-5 and silicalite-1 at temperatures close to room temperature: (a) methanol, ethanol,

CO2 (all Si/Al of 32.5) [18,19], water (Si/Al of 46.3) [20] and hydrogen (Si/Al of 40, T 77–90 K) [21]; (b) methanol [22], ethanol [22], CO2[19,23], water [24] and hydrogen

(simulated, high pressure) [23].
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Fig. 6. Permeances and separation factors of ethanol mixtures in membrane M65-1. (◦) 40 kPa H2, 5.9 kPa EtOH, (�) 40 kPa H2, 5.4 kPa EtOH, 10 kPa CO2, (♦) 40 kPa H2, 3.0 kPa

EtOH, 10 kPa CO2, 0.6 kPa H2O.

methanol/water separation factor is around 0.9 at room temper-

ature. Hence, methanol and water are almost not separated, even

though membranes of both types are slightly water selective.

3.4.3. Effects of feed composition on methanol separation

Figs. 3(c) and (d), and 4 (c) and (d) show separation factors

for membranes M65-1 and M139-1, respectively. For both mem-

brane types, the highest methanol/hydrogen and methanol/carbon

dioxide separation factors were observed for the feed mixture

containing hydrogen, methanol, carbon dioxide and water. Hence,

adsorbed water in addition to methanol in the pores appears to

block the permeation of hydrogen and carbon dioxide more effec-

tively than when only methanol is adsorbed. According to literature

data, at room temperature and the relative pressures used in this

work, the amount of methanol and water adsorbed should be about

3.5 mmol g−1 (Na-ZSM-5, Si/Al of 32.5) [18] and 1.4 mmol g−1 (Na-

ZSM-5, Si/Al of 46.3) [20], respectively. The methanol permeance

observed in this work is not affected by the presence of water, which

implies that the adsorption of methanol and water is not compet-

itive and/or that methanol interacts with adsorbed water at these

conditions. The increased pore blocking by water, which reduces

the hydrogen and carbon dioxide permeance, is therefore believed

to be caused by an increased total amount of adsorbed components

in the pores.

3.4.4. Effects of temperature on ethanol separation

Observed permeances for separation experiments with mix-

tures containing ethanol using membrane M65-1 are shown in

Fig. 6.

As for separation measurements with feeds containing

methanol, the hydrogen permeance is low at low temperatures, and

then increases with increasing temperature up to a plateau value.

However, for feeds containing ethanol, the hydrogen permeance

remains low to higher temperatures, up to 80 ◦ C or more. This is

probably an effect of the stronger adsorption of ethanol compared

to methanol, see Fig. 5.

The ethanol permeance (not shown) is, like the methanol per-

meance, approximately constant with temperature. It is slightly

lower than the methanol permeance though, about 8–11 ×
10−7 mol m−2 s−1 Pa−1 for all feed compositions and temperatures.

The lower ethanol permeance is probably due to the larger size of

the ethanol molecule, resulting in a lower diffusivity in the zeolite

pores, compared to methanol.

The permeance of carbon dioxide is lower with ethanol in the

feed than in the measurements with methanol in the feed. For

membranes of type M65 at room temperature, the carbon diox-

ide permeance is about 0.2 × 10−7 and 1 × 10−7 mol m−2 s−1 Pa−1

for feeds containing ethanol and methanol, respectively. The car-

bon dioxide permeance also remains low to a higher temperature

when the feed mixture contains ethanol. At 50 ◦C, the observed car-

bon dioxide permeance is about 0.9–1.5 × 10−7 mol m−2 s−1 Pa−1

in the experiments with ethanol in the feed, depending on feed

composition, compared to 6.5–8.6 × 10−7 mol m−2 s−1 Pa−1 in the

experiments with methanol in the feed. These low carbon diox-

ide permeances are probably caused by the stronger adsorption

of ethanol, compared to methanol, resulting in more effective pore

blocking, and/or reduced carbon dioxide adsorption, both resulting

in lower carbon dioxide permeance.

The water permeance (not shown) is about 11 ×
10−7 mol m−2 s−1 Pa−1 at room temperature and 14 ×
10−7 mol m−2 s−1 Pa−1 at 75 ◦ C for all feed compositions, which is

slightly lower than in the measurements with methanol in the feed.
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Fig. 7. Permeances and separation factors of ethanol mixtures in membrane M139-1. (◦) 40 kPa H2, 5.9 kPa EtOH, (�) 40 kPa H2, 5.4 kPa EtOH, 10 kPa CO2, (♦) 40 kPa H2,

3.0 kPa EtOH, 10 kPa CO2, 0.6 kPa H2O.

Separation factors for membrane M65-1 are shown in Fig. 6(c)

and (d). The temperature trends of the ethanol/hydrogen separa-

tion factor are similar to the methanol/hydrogen separation factor

for the same membrane, c.f. Fig. 3(c). As mentioned earlier, a dif-

ference from the observations with mixtures containing methanol

is that the ethanol/hydrogen separation factor remains high to a

higher temperature, likely due to the stronger adsorption of ethanol

compared to methanol. The membranes are ethanol selective up

to almost 100 ◦C. The separation of ethanol/carbon dioxide is also

more effective than separation of methanol/carbon dioxide, with

a maximum separation factor of about 30 for the former at room

temperature, which should be compared with about 9 for the mix-

tures containing methanol. The ethanol/water separation factor is

around 0.8 at room temperature.

3.4.5. Effects of membrane type on ethanol separation

The permeances observed for ethanol mixtures using the less

polar membrane M139-1 are shown in Fig. 7.

Again, all permeances are roughly the same as for membranes

of type M65. The most important difference is once again that the

hydrogen and carbon dioxide permeances start to increase at a

lower temperature for membranes of type M139 than for M65 type

membranes. As discussed for the measurements using feeds con-

taining methanol, this is likely caused by the weaker adsorption of

polar molecules in the less polar M139 type membranes, resulting

in less pore blocking. The hydrogen and carbon dioxide permeances

at high temperatures are also higher for the membranes of type

M139, likely due to the slightly larger pore size.

The ethanol permeance (not shown) is very similar in the

two membrane types, being about 9–12 × 10−7 mol m−2 s−1 Pa−1

for membrane M139-1 for all feed compositions and tempera-

tures. Also the water permeance (not shown) is in the same range

for membrane M139-1, being 12 × 10−7 mol m−2 s−1 Pa−1 at room

temperature and 15 × 10−7 mol m−2 s−1 Pa−1 at 75 ◦C.

An ethanol/hydrogen separation factor as high as 46 at

room temperature was observed for membrane M139-1. The

ethanol/carbon dioxide separation factors are not as high as for the

M65 type membranes, due to higher carbon dioxide permeance

for the less polar M139-1 membrane. The ethanol/carbon dioxide

separation factors for membrane M139-1 are however higher than

the methanol/carbon dioxide separation factors observed for the

same membrane (Fig. 4(d)), probably due to stronger adsorption of

ethanol compared to methanol, as discussed earlier.

Just as in the measurements with methanol in the feed mix-

ture, the separation factors decrease faster as the temperature is

increased for the membranes of type M139 than for the membranes

of type M65. As stated earlier, this is probably due to stronger

adsorption of the polar ethanol and water molecules in the more

polar M65 type membranes.

The ethanol/water separation factor for the membrane M139-1

is about 0.8, which means that both membrane types are slightly

water selective.

3.4.6. Effects of feed composition on ethanol separation

The ethanol permeance is almost not affected by the presence

of carbon dioxide and water, being nearly constant for the three

different feed compositions in both types of membranes. Hence,

adsorption of water and ethanol does not seem to be competitive

and/or ethanol is interacting with adsorbed water, just as described

for methanol and water earlier.
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Table 4
Separation factors at room temperature for feed mixtures containing hydrogen,

methanol/ethanol, carbon dioxide, water and inert.

Membrane type ˛ MeOH/H2 ˛ EtOH/H2

M65 32 15

M139 18 46

The presence of water in the feed is beneficial for both the

ethanol/hydrogen and the ethanol/carbon dioxide separation using

the membrane M139-1, see Fig. 7(c) and (d). For the membrane

M65-1, water is beneficial for the separation of ethanol/carbon

dioxide, see Fig. 6(d), while the influence of water on the

ethanol/hydrogen separation is weak or absent, see Fig. 6(c). Over-

all, the influence of water is thus the same as in the feed mixtures

containing methanol, i.e. an increased pore blocking, resulting in

decreased permeances of molecules adsorbing weakly, such as

hydrogen and carbon dioxide.

3.5. Selecting the best membrane for a given separation task

Table 4 shows separation factors at room temperature for feed

mixtures containing carbon dioxide and water, in addition to

hydrogen and methanol or ethanol. When the feed mixture con-

tains polar methanol molecules, a polar membrane of type M65 is

the best choice, and a methanol/hydrogen separation factor of 32 is

observed, compared to 18 for the membrane M139-1. On the con-

trary, a less polar membrane of type M139 is more suitable for the

less polar ethanol molecules. An ethanol/hydrogen separation fac-

tor of 46 was observed for membrane M139-1, compared to 15 for

membrane M65-1.

3.6. Prediction of selectivity at the conditions of industrial alcohol

synthesis

In the industrial methanol synthesis process, the tempera-

ture is about 250 ◦ C and the total pressure is considerably

higher (50–100 bar) than in the experiments performed in the

present work (atmospheric pressure). Since our results indicate

that adsorption of methanol and water controls membrane selec-

tivity, a similar model as described by Dong and Lin [25] for

separation of hydrocarbons from hydrogen was developed further

and fitted to our experimental data. The fitted model was then used

to estimate membrane performance at industrial conditions. In this

model [25], the hydrogen flux is given by

JH2
= DH2,app

(
1 − �f

)
· �PH2

RTl
(9)

where JH2
is hydrogen flux, DH2,app is apparent Fick’s diffusivity of

hydrogen, �f is the fraction of zeolite pores filled with the adsorbing

compound on the feed side of the membrane, �PH2
is the par-

tial pressure difference of hydrogen across the membrane and l
is the membrane thickness. The fraction of zeolite pores filled by

adsorbed components is described by the Langmuir isotherm equa-

tion

� = bPAds
1 + bPAds

, (10)

where PAds is the pressure of the adsorbing gas, and b is the affinity

constant with the temperature dependence [26]

b = kAdsT
−0.5 exp

(
Q

RT

)
, (11)

where Q is the heat of adsorption and kAds is a constant. In this

model, the pressure of the adsorbing gas is approximated by the

pressure of alcohol. This is a fair approximation, since in our exper-

iments, the pressure of alcohol is several times higher than that of

Table 5
Parameters obtained from regression for alcohol/water mixture adsorption and

hydrogen diffusion.

Parameter Feed 3, membrane M65-1 Feed 6, membrane M139-1

AH2
3.6 × 10−8 m2 s−1 3.5 × 10−8 m2 s−1

EaH2
7.0 kJ mol−1 6.0 kJ mol−1

kAds 1.0 × 10−15 K0.5 Pa−1 5.2 × 10−14 K0.5 Pa−1

Q 84 kJ mol−1 80 kJ mol−1

C∗ · AAlcohol1 3.6 × 10−8 mol m−1 s−1 3.5 × 10−9 mol m−1 s−1

AAlcohol2 3.4 × 10−9 m2 s−1 2.7 × 10−9 m2 s−1

EaAlcohol1 7.5 kJ mol−1 4.0 kJ mol−1

EaAlcohol2 1.5 kJ mol−1 1.0 kJ mol−1

water, and the adsorption enthalpies for alcohol and water on the

zeolite are similar. The apparent diffusivity of hydrogen is approx-

imated by an Arrhenius type equation, similarly as in the model by

Dong and Lin [25],

DH2,app = AH2
· exp

(
−EaH2

RT

)
(12)

where EaH2
is the apparent activation energy for hydrogen diffu-

sion.

Hence, the estimated hydrogen permeance can be fitted to

experimental observations by

˘H2
= AH2

· exp

(
−EaH2

RT

)
1 − �f
RTl

(13)

The experimentally observed hydrogen permeance for feed 3 using

membrane M65-1 and feed 6 using membrane M139-1 were

used to fit the unknown parameters in Eqs. (10), (11) and (13)

(AH2
, EaH2

, kAds and Q ), and the results are shown in Table 5. Both

fitted values for heat of adsorption of the alcohols are in reason-

able agreement with reported heats of adsorption, c.f. Fig. 5. Since

no catalytic reactions were observed for these feed mixtures, likely

because of the presence of water, experimental data up to close

to 300 ◦ C was used to fit the parameters of the model. The fitted

curves of Eq. (13), as well as the experimentally observed hydro-

gen permeance, are shown as a function of temperature for feed 3

using membrane M65-1 and for feed 6 using membrane M139-1 in

Fig. 8(a).

The figure illustrates that the model fits the experimental data

very well.

At adsorbing conditions, the alcohols (methanol and

ethanol) were assumed to pass through the membrane by an

adsorption–diffusion mechanism,

JAlcohol = −DAlcohol,app ·
∂CAlcohol

∂z
(14)

where ∂CAlcohol is the concentration gradient of alcohol in the

membrane, and z is the direction coordinate along the membrane

thickness. Since the alcohol pressure in the permeate in some cases

was as high as about 25% compared to that in the feed, the permeate

pressure of alcohol was accounted for in our model. This is unlike

the model by Dong and Lin [25], where the permeation rate was

less than 10% of the feed rate, and the permeate side partial pres-

sures could be neglected. Further, the amount of adsorbed alcohol

was assumed to influence the apparent alcohol diffusivity, as in the

Maxwell-Stefan formulation. This was accounted for by expressing

the Fick surface diffusivity as [27]

DAlcohol,app = ÐHAlcohol,app ·� (15)

where ÐH is the Maxwell–Stefan surface diffusivity. ÐH follows

an Arrhenius temperature dependence [27], and is in this model

approximated by

ÐHAlcohol,app = AAlcohol · exp
(
−EaAlcohol

RT

)
(16)
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Fig. 8. Experimentally observed and modelled permeance, membrane M65-1, feed 40 kPa H2, 5.8 kPa MeOH, 10 kPa CO2, 0.6 kPa H2O and membrane M139-1, feed 40 kPa

H2, 3.0 kPa EtOH, 10 kPa CO2, 0.6 kPa H2O.

and the thermodynamic factor � is

� = 1

1 − �
(17)

for single component diffusion and a Langmuir adsorption isotherm

[27]. Single component diffusion was assumed due to the low

hydrogen adsorption and the low hydrogen permeance at condi-

tions where alcohol is adsorbing. The presence of carbon dioxide

and water were experimentally observed not to effect the alcohol

permeance significantly, as discussed earlier.

The concentration of adsorbed alcohol is related to � by

� = CAlcohol,adsorbed
C∗ (18)

where C∗ is the maximum amount of alcohol that can be adsorbed

on the zeolite.

Hence, the methanol flux at adsorbing conditions was in this

model expressed by

JAlcohol = −C∗ · ÐHAlcohol,app ·
∂�(

1 − �
)
∂z

(19)

which on integration over the membrane thickness, l, gives

JAlcohol =
C∗ · ÐHAlcohol,app

l
· ln

(
1 − �p
1 − �f

)
(20)

where �p is the fraction of zeolite pores filled with alcohol on the

permeate side of the membrane.

In the model developed in the present work (unlike the model by

Dong and Lin [25]), a non-adsorptive transport mechanism, simi-

larly as described for hydrogen in Eq. (9), was assumed to contribute

to the alcohol flux, especially at low �. This extension of the model

was necessary to describe the alcohol flux at high temperatures.

Hence, alcohol permeances in the membranes were estimated as

the sum of permeance following an adsorption-diffusion mecha-

nism and a non-adsorptive mechanism,

˘Alcohol =
C∗

l
(
Pf − Pp

) · AAlcohol1 · exp

(
−EaAlcohol1

RT

)
· ln

(
1 − �p
1 − �f

)

+AAlcohol2 · exp

(
−EaAlcohol2

RT

)
1 − �f
RTl

(21)

where Pf and Pp are the feed and permeate alcohol pressures,

respectively.

The unknown parameters of equation 15 (C∗ · AAlcohol1 , AAlcohol2,

EaAlcohol1 and EaAlcohol2 ) were fitted using experimentally observed

methanol permeances for feed 3 using membrane M65-1 and feed

6 using membrane M139-1, and the results are shown in Table 5.

Fig. 8(b) shows the fitted curves of Eq. (15), as well as experimen-

tally observed methanol and ethanol permeances for feeds 3 and 6,

for membranes M65-1 and M139-1, respectively. The figure illus-

trates that the model fits the experimental data very well.

Defining membrane alcohol selectivity as ˛Alcohol/H2
=

˘Alcohol/˘H2
, a combination of Eqs. (10), (13) and (15) gives

˛Alcohol/H2
=

C∗·ÐHAlcohol,app·RT
(Pf−Pp)

· ln
(

1+bPf
1+bPp

)
+ DAlcohol,app2

1+bPf
DH2,app

1+bPf

(22)

whereDAlcohol,app2
is the Fick’s diffusivity of the non-adsorbing frac-

tion of the methanol permeance.

However, the membranes are only selective at high �, when the

non-adsorptive flux is much smaller than the adsorptive flux. Also,

bPAds is then much larger than one, and Eq. (15) simplifies to

˛Alcohol/H2
=
C∗ · ÐHAlcohol,app · RTb · ln

(
1
n

)
DH2,app (1 − n)

(23)

where n is the ratio Pp/Pf . Eq. (15) shows that the separation factor

is independent of total pressure, as long as the initial requirement,

that � is high, is fulfilled. Eq. (15) also shows that the observed

selectivity could be increased by decreasing the ratio Pp/Pf . At low

�, the adsorptive alcohol flux is very low, and membrane selectivity

is controlled by the ratio of diffusivities.

Hence, membrane selectivity is only temperature dependent

and essentially independent of the total feed pressure and com-

position, provided that the coefficients in Eq. (22) are pressure

independent as in our model. This conclusion is in line with the

model by Dong and Lin [25], where the membrane selectivity was

also found to be independent of the total feed pressure and the feed

composition.

The mathematical model indicates that membrane selectivity

at high pressures would be nearly equal to the experimentally

observed selectivity at atmospheric pressure.

Hence, the model suggest that the membranes studied in this

work would be alcohol selective at reaction pressure (50 bar) and

room temperature, but not at reaction temperature. If alcohol syn-

thesis is performed in a membrane module process [?], where the

reactor and membrane are kept separate, the temperature in the

membrane modules can be kept lower than in the reactor. The

model thus indicates that these membranes may be useful for alco-

hol synthesis in a membrane module process.
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4. Conclusions

The present work has shown that methanol or ethanol can be

successfully separated from hydrogen and carbon dioxide using

MFI membranes. The permeances of the alcohols were found to

be higher than previously reported.

Separation was possible at conditions where the alcohol is

adsorbing and blocking the zeolite pores. More polar membranes

were also selective at higher temperatures than less polar mem-

branes, likely due to stronger adsorption of the polar methanol and

ethanol molecules. All membranes were also selective at higher

temperatures when ethanol was in the feed, compared to methanol,

likely because of stronger adsorption of ethanol molecules, com-

pared to methanol molecules.

The more polar membranes reached higher separation factors

for feed mixtures containing polar methanol molecules, compared

to less polar membranes, while the highest separation factors for

feed mixtures containing ethanol were achieved with the less polar

membranes.

The presence of small amounts of water was found to con-

tribute to pore blocking and reduce the permeance of less adsorbing

molecules like hydrogen and carbon dioxide, which resulted in

higher separation factors.

Mathematical modelling indicated that membrane selectivity

is temperature dependent, as also observed experimentally, but

independent of feed pressure.
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a b s t r a c t

Methanol synthesis from synthesis gas is equilibrium limited and selective removal of products could

improve the process. In the present work, zeolite X membranes with a film thickness of about 1 �m were

evaluated for this separation. A maximum methanol/carbon dioxide separation factor of about 140 and

a maximum methanol/hydrogen separation factor of about 8 were observed in the temperature range

of 50–100 ◦C. In the same temperature range, the maximum water/carbon dioxide and water/hydrogen

separation factors were about 250 and 15, respectively.

The membranes were also evaluated for room temperature drying of synthesis gas and natural gas. The

observed water/carbon dioxide separation factors were 482 and 252 for carbon dioxide/hydrogen/water

and carbon dioxide/methane/water feed mixtures, respectively.

In all separation experiments performed in the present work, the observed water and methanol per-

meances were very high. The water permeance was in the range of (15–24)×10−7 mol m−2 s−1 Pa−1 for

all evaluated feed mixtures and temperatures, while the methanol permeance in the methanol/synthesis

gas feed mixture was (12–14)×10−7 mol m−2 s−1 Pa−1 in the temperature range of 100–150 ◦C. To the

best knowledge of the authors, the observed methanol and water permeances are several times higher

than previously reported in the open literature for gas phase separations using FAU membranes.

In summary, the membranes were found to be selective for the most polar components in a feed

mixture, and the observed permeances were high.

© 2010 Elsevier B.V. All rights reserved.

1. Introduction

FAU zeolite has a three dimensional channel system with pores

of 12 T-atoms and a pore opening of 7.4 Å [1]. Common synthetic

forms of FAU zeolite are zeolite X, with a Si/Al ratio of 1–1.5, and

zeolite Y, with a Si/Al ratio of 1.5–3 [1]. The application of FAU-type

zeolite membranes for separation of a wide range of gas mix-

tures, including saturated/unsaturated hydrocarbons [2], carbon

dioxide/nitrogen [3] and water/methanol/hydrogen [4] has been

reported in the scientific literature. The thickness of the zeolite

layer for FAU membranes reported in literature varies at least from

0.7 �m [5] to 50 �m [6], but thicknesses of about 3–10 �m are the

most common [2–4]. For large-scale applications of zeolite mem-

branes, sufficient selectivity must be combined with high flux, and

in a recent review article [7] on zeolite membranes, reduction of

the film thickness to well below the micrometer range is identified

as one important goal of the future.

Because of the high aluminium content in the framework,

FAU-type zeolite is highly polar. Hence, polar molecules are prefer-

∗ Corresponding author. Tel.: +46 920 49 14 19; fax: +46 920 49 11 99.

E-mail address: linda.sandstrom@ltu.se (L. Sandström).
1 Present address: Instituto de Tecnologia Quımica (CSIC-UPV), Universidad

Politecnica de Valencia, Avda. de los Naranjos s/n., 46022 Valencia, Spain.

entially adsorbed, and FAU-type zeolite membranes are therefore

generally selective to the most polar components in a feed

mixture. The selectivity for polar components is observed for exam-

ple in the separation of quadrupolar carbon dioxide molecules

from less polar nitrogen molecules [3], and in the separation of

polar water and methanol molecules from less polar hydrogen

molecules [4]. Similar trends have also been observed using per-

vaporation experiments, where application of FAU membranes

for dehydration of water/ethanol mixtures [4,8] and separation

of methanol from MTBE and benzene molecules [8,9] have been

reported.

Interestingly, for feed mixtures of carbon dioxide and methane,

FAU membranes have been reported to be selective both to carbon

dioxide over methane [10] and the opposite [11]. In [11], possi-

ble reasons of contradictive separation results for FAU membranes

are discussed. One hypothesis is that differences in water con-

tent in the framework could influence the results. Because of the

hydrophilicity of the FAU framework, even small amounts of water

can significantly affect the adsorption of other molecules. This has

been shown e.g. for zeolite X [12] and zeolite Y [13], where the

adsorption of carbon dioxide was observed to decrease drastically

in the presence of water. It has also been shown [14] that many of

the dewatering procedures reported in literature are not sufficient

to remove all the adsorbed water from the FAU framework. The zeo-

lite X membranes in the present work are not dewatered prior to the

0376-7388/$ – see front matter © 2010 Elsevier B.V. All rights reserved.
doi:10.1016/j.memsci.2010.02.050
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separation experiments, and all evaluated feed mixtures contain

water.

In the present work, the separation performance of zeolite X

membranes for a feed mixture containing methanol, carbon diox-

ide, hydrogen and water is evaluated. The mixture mimics, except

for the absence of carbon monoxide, and the dilution with helium,

the composition of a methanol reactor effluent. Methanol forma-

tion is represented by Eq. (1) [15],

CO2 + 3H2 ↔ CH3OH + H2O (1)

Industrial methanol production is usually performed at a tem-

perature of around 250 ◦C and pressures of 50–100 bar [16].

Thermodynamic equilibria are limiting the synthesis, and the

one-pass conversion is low. It has been shown [15,17,18] that con-

tinuous removal of methanol and water in a membrane reactor is of

course increasing the conversion per pass as well as the methanol

selectivity and yield.

Separation of methanol from synthesis gas using MFI (silicalite-

1 and ZSM-5) membranes has been reported by our group [19]. A

methanol/hydrogen separation factor of 32 and a methanol/carbon

dioxide separation factor of 9 were obtained at room temperature

and atmospheric pressure for a ZSM-5 membrane. The methanol

permeance was about (11–14)×10−7 mol m−2 s−1 Pa−1.

Similar feed mixtures have also been separated by zeolite

membranes by other groups. Sato et al. fed a mixture containing

water (2.9%), methanol (26.3%) and hydrogen (70.8%) to 10 �m

thick FAU membranes [4]. The methanol/hydrogen separation fac-

tor at 10 bar was 150 at 130 ◦C and 35 at 180 ◦C. The observed

methanol permeance was about 2×10−7 mol m−2 s−1 Pa−1. The

separation performance of a 10 �m thick silicalite-1 membrane

for a mixture of methanol and hydrogen was evaluated by Jia

et al. [20]. For methanol partial pressures below saturation, the

separation factor was about 3, but for higher methanol partial

pressures (supersaturation at the feed side) the separation fac-

tor was more than 1000. The observed methanol permeance was

about 2×10−7 mol m−2 s−1 Pa−1 at 100 ◦C and 10 bar. Sawamura

et al. [21] used Na-ZSM-5 membranes to separate a 50/51 kPa

methanol/hydrogen feed mixture at 150–300 ◦C. The observed

methanol/hydrogen separation factor was about 100, while the

methanol permeance was about 1×10−7 mol m−2 s−1 Pa−1 in the

investigated temperature range.

To increase the hydrogen concentration of synthesis gas pro-

duced by gasification of coal or biomass prior to for instance

methanol synthesis, the water gas shift (WGS) reaction is used

and water is added in surplus to the synthesis gas prior to WGS.

It is necessary to remove most of the water from the synthesis gas

after WGS prior to methanol synthesis [22]. The removal of water

from synthesis gas (represented by hydrogen and carbon dioxide)

at room temperature was therefore also investigated in the present

work. Water removal from synthesis gas may also be beneficial for

Fischer-Tropsch synthesis [23], since water reduce catalyst perfor-

mance. This concerns not only the pre-treatment of the gas, but

also continuous removal of water from the synthesis process, since

water is the main by-product of the Fischer-Tropsch reaction.

Drying of natural gas (represented by methane, carbon diox-

ide and water) was also investigated in the present work. Water

removal from natural gas is necessary to avoid corrosion in the gas

distribution system [24].

Several reports on drying of gas mixtures using zeolite mem-

branes have been published, and some examples are given in

Table 1. The highest water permeances have been observed for LTA

(zeolite-4A) membranes, while the highest water/hydrogen sepa-

ration factor has been reported for FAU membranes at high pressure

in the presence of methanol. These FAU membranes [4] were also

selective to methanol/hydrogen (separation factor 340), and the

FAU membranes reported by Gu et al. [3] were also selective to

carbon dioxide/nitrogen (separation factor 4.6).

The aim of this work was to prepare thin zeolite X membranes

and to evaluate the separation performance for the applications

described above, namely product (methanol and water) removal

from synthesis gas, as well as drying of synthesis gas and natural

gas.

2. Experimental

2.1. Membrane preparation

Graded �-alumina discs (Inocermic GmbH), 25 mm in diame-

ter and 3 mm thick, were used as supports for the membranes. The

top layer of the supports was 30 �m thick, with 100 nm pores. Col-

loidal FAU seeds, about 80 nm in size, were prepared as described

earlier [25]. The seeds were electrostatically adsorbed on the sup-

ports as described earlier for MFI seeds [26]. The seeding procedure

was performed twice. A clear synthesis solution with a molar com-

position of 80 Na2O:1 Al2O3:9 SiO2:5000 H2O was used for film

growth [25]. The seeded supports were placed in the synthesis

solution tilting approximately 45◦ with the top side facing down-

wards. Hydrothermal treatment was then conducted for 80 min in

an oil bath at 100 ◦C and atmospheric pressure and with reflux of

evaporated solution.

After synthesis, the membranes were rinsed for 3 days in

methanol and the methanol was replaced every day. Methanol was

chosen since alcohol has been shown to be very mild to zeolite MFI

membranes at room temperature [27]. However, long-term expo-

sure to liquid phase ethanol at elevated temperatures (100 ◦C) has

been shown to alter membrane properties, possibly by formation of

ethoxy species by reaction of ethanol with the silanol groups [28].

2.2. Separation measurements

The separation experiments were performed in a

Wicke–Kallenbach setup. In order to avoid possible defect

formation as reported by other groups [14,29], the membranes in

this study were not dried prior to separation measurements and

consequently permporometry [30] was not used to characterize

Table 1
Examples of drying of gas mixtures using zeolite membranes published in literature. ˘H2O: approximate water permeance (10−7 mol m−2 s−1 Pa−1). ˛x/y: approximate

separation factors.

Zeolite Feed mixture Ptot (bar) T (◦C) ˘H2O ˛H2O/H2
˛H2O/CO2

˛H2O/CH4
Ref.

MFI H2O, H2 1 150 3 200 – – [21]

LTA H2O, H2 1 30 20 309 – – [41]

LTA H2O, CH4 1 30 20 – – 615 [41]

LTA H2O, H2 1 35 2 235 – – [47]

LTA H2O, CO2 1 200 2 – 22 – [47]

LTA H2O, CH4 1 200 0.3 – – 247 [47]

MOR H2O, CH3OH, H2 7 250 0.18 49 – – [48]

FAU H2O, CH3OH, H2 30 130 4.5 830 – – [4]

FAU CO2, N2, H2O 1 200 1.85 – 6 – [3]
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Table 2
Compositions (kPa) of the feed mixtures used in the present work.

Feed CH4 H2 CO2 H2O Methanol He

1 – 40.0 10.0 0.6 5.8 44.6

2 – 49.3 49.3 2.3 – –

3 49.3 – 49.3 2.3 – –

the membranes, since the method requires complete removal

of adsorbed components prior to the measurements. Instead,

the membranes were retrieved from the methanol solution and

mounted directly in a stainless steel cell with graphite gaskets.

Prior to the separation experiments, the membranes were condi-

tioned over night at 45 ◦C in a flow of carbon dioxide (49.3 kPa),

methane (49.3 kPa) and water (2.3 kPa) on the feed side, and

helium as sweep gas. The purpose of the conditioning was to

remove methanol from the substrate and to replace methanol in

the zeolite pores with water.

A Varian 3800 GC with a chromosorb 107 column was connected

online, and a thermal conductivity detector was used for quantita-

tive analysis of the gas compositions. With the aid of mass flow

controllers and temperature controlled saturators, three different

feed mixtures were obtained, with compositions shown in Table 2.

Separation using feed mixture 1 was evaluated in the temper-

ature interval from 25 ◦C to 225 ◦C, while separations using feed

mixtures 2 and 3 were evaluated from room temperature to slightly

less than 100 ◦C. Membrane separation performance for feed mix-

tures 2 and 3 was evaluated both during heating and cooling. All

heating and cooling of the membranes was performed at a rate

of 0.5 ◦C min−1. As discussed earlier, long-time exposure to alco-

hol and water at elevated temperatures could alter the membrane

properties by formation of hydrophobic and/or hydrophilic groups

on the zeolite surface as proposed by Kuhn et al. [28]. The long-term

stability of membrane properties was however not investigated in

the present work.

For all measurements, the total feed flow rate was 1000 ml/min

and the sweep gas (helium) flow rate was 150 ml/min. The high

feed flow rate ensured that the feed composition did not change

considerably as a result of membrane permeation, while the low

sweep gas flow rate facilitated detection of permeating species in

the gas chromatograph. For membrane M2 and feed 1, the sweep

gas flow rate was increased to 1000 ml/min at a temperature of

70 ◦C. As a result, the recorded data for membrane M2 contain more

noise than the data for membrane M1.

2.3. Scanning electron microscopy and X-ray diffraction

X-ray diffraction (XRD) data were collected using a Siemens

D 5000 diffractometer run in Bragg-Brentano geometry. Scanning

electron microscopy (SEM) images were recorded with a FEI Mag-

ellan 400 field emission XHR-SEM and EDS data were recorded

with an Oxford instruments X-Max80 SDD detector. The samples

were not coated prior to SEM and EDS analysis. SEM images were

recorded using an accelerating voltage of 2 kV and EDS data were

recorded using accelerating voltages of 3.5 kV and 5 kV for quanti-

tative analysis and qualitative line scan, respectively.

3. Results and discussion

3.1. Characterization

The XRD pattern of a membrane is shown in Fig. 1. A simulated

powder pattern of randomly oriented hydrated zeolite Na–X crys-

tals [31] is indicated by vertical lines. The experimental data show

that the membrane consists of nearly randomly oriented FAU crys-

tals. We have previously reported on how the texture of MFI films is

Fig. 1. Curve: XRD diffractogram of a zeolite X membrane in the 2� range 5–34◦ .Ver-
tical lines: simulated powder pattern of randomly oriented hydrated zeolite Na–X

crystals [31]. The line at 6◦ extends beyond the scale of the figure. Asterisks: reflec-

tions emanating from FAU crystals. Circle: reflection emanating from the alumina

support.

developed through competitive growth [32–34] which leads to ori-

ented MFI films. We have also reported how randomly oriented FAU

films are developed on polished wafers [35], albeit with a slightly

different composition of the synthesis solution than in the present

work. In the latter case, the seed crystals are oriented with the

{1 1 1} pyramid parallel to the substrate surface and thin films are

1 1 1 oriented. However, films with a thickness of about 1 �m are

almost randomly oriented due to the attachment/nucleation of sec-

ondary crystals on the growing film. An uneven support such as the

porous alumina supports used in the present work, will lead to a

layer of less oriented seed crystals and the crystals in thicker films

should maintain random orientation as observed here.

SEM images of the top surface and cross-section of a membrane

are shown in Fig. 2a and b, respectively. The crystals appear to be

well intergrown and no defects were observed. The film thickness

is about 0.9–1.5 �m. No zeolite invasion of the support [36], i.e.

growth of zeolite in the support pores, is observed in the images.

An EDS line scan of silicon along the vertical line in Fig. 2b confirms

that there is very little zeolite invasion of the support; the silicon

signal decreases sharply in the interface between the zeolite film

and the alumina support and the signal is close to zero in the inte-

rior of the support. As illustrated by the EDS signal, it was possible

to record data with high spatial resolution. This was facilitated by

use of an accelerating voltage as low as 5 kV. Hence, no zeolite has

formed in the support during the synthesis of the film, and the

support pores are fully open. For high flux zeolite membranes, the

relative pressure drop over the support may be significant as we

have shown previously [37,38].

To arrive at high flux membranes [26], it is important to min-

imize support invasion and use graded supports in combination

with thin zeolite films. The SEM and EDS data show that the zeolite

X membranes developed in the present work fulfil these criteria

and high fluxes should be observed in separation experiments.

An EDS measurement of the Si/Al ratio in the membrane con-

firms that the membranes are zeolite X membranes, with a Si/Al

ratio of about 1.2.

3.2. Separation measurements

3.2.1. Separation of methanol and water from synthesis gas

The separation performance of two zeolite X membranes,

denoted M1 and M2, was evaluated for a feed mixture of hydro-

gen, carbon dioxide, water and methanol (see feed 1 in Table 2),

and permeances as a function of temperature are shown in Fig. 3.

The permeances of the polar water and methanol molecules,

shown in Fig. 3a, are very high. The water permeance is about
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Fig. 2. SEM images of (a) the surface and (b) the cross-section of a zeolite X mem-

brane.

17×10−7 mol m−2 s−1 Pa−1 for both tested membranes in the

whole temperature range, while the methanol permeance in mem-

brane M1 is increasing from about 6×10−7 mol m−2 s−1 Pa−1 at

room temperature to about 14×10−7 mol m−2 s−1 Pa−1 at high

temperatures. The transport of water and methanol through the

membrane is thus likely controlled by an adsorption/diffusion

mechanism. As the temperature is increasing, the adsorption is

decreasing, while the diffusivity is increasing, which results in

almost constant methanol and water permeances as the temper-

ature is changed.

Only small differences in permeance between the two mem-

branes were observed. The observed permeance for membrane M2

is somewhat noisier than for membrane M1, due to the higher

sweep gas flow rate used during testing of membrane M2. Fur-

thermore, at temperatures exceeding about 150 ◦C, the permeance

for membrane M2 is slightly decreasing with temperature, while

the permeance for membrane M1 is increasing. However, since this

small difference in permeance is only observed above about 150 ◦C,

where the membranes are not selective, the causes were not further

investigated.

In a temperature range from room temperature to 150 ◦C, the

observed hydrogen and carbon dioxide permeances illustrated in

Fig. 3b are substantially lower than the methanol and water per-

meances, likely due to blocking of the pores by adsorbed methanol

and water as discussed above. The membranes are hence very

methanol and water selective in this range. The carbon diox-

ide permeance increases from 0.05×10−7 mol m−2 s−1 Pa−1 at low

Fig. 3. Permeance in membranes M1 and M2 as a function of temperature.

temperatures to about 1×10−7 mol m−2 s−1 Pa−1 at 150 ◦C, while

the hydrogen permeance is about (1–2)×10−7 mol m−2 s−1 Pa−1

for both membranes in this temperature range. Above about 180 ◦C,

the hydrogen and carbon dioxide permeances increase drastically

with temperature, indicating decreased pore blocking due to a

decreased amount of adsorbed methanol and water molecules.

The hydrogen and carbon dioxide transport through the mem-

brane is thus likely controlled by pore blocking by methanol and

water.

As discussed above, the methanol and water permeances remain

essentially constant with temperature, likely due to an adsorp-

tion/diffusion mechanism. This is in line with previously reported

findings of the same feed mixture in ZSM-5 membranes [19].

According to temperature programmed desorption (TPD) studies,

a considerable amount of methanol remains adsorbed in zeo-

lite Na–X at temperatures above 180 ◦C [39], and this adsorbed

methanol may contribute to the methanol permeance at high tem-

peratures, even though it is not blocking the pores for hydrogen

and carbon dioxide permeance. The same is true for water [40],

although to a lesser extent.

The observed methanol permeance reported in Fig. 3a is con-

siderably higher than the permeance 2×10−7 mol m−2 s−1 Pa−1,

reported by Sato et al. for FAU membranes for gas phase separa-

tion at 130 and 180 ◦C [4]. The observed methanol permeance is

comparable to the permeance for 500 nm thick ZSM-5 membranes

((11–14)×10−7 mol m−2 s−1 Pa−1) reported by our group [19]. Also

the water permeance is high; it is comparable to the permeance

observed for LTA membranes [41], and higher than the reported
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Fig. 4. Methanol/carbon dioxide and methanol/hydrogen separation factors as a

function of temperature for membranes M1 and M2.

water permeances for FAU membranes, see Table 2 [3,4]. The very

high permeances observed for the membranes in the present work

are likely a result of the combination of a very thin zeolite X film

and a graded support free from zeolite invasion as observed by SEM

and EDS.

Zhu et al. [42] evaluated single gas permeances for 5 �m thick

FAU membranes at 120 ◦C by feeding pure methanol or water

vapour to the membranes, measuring the flow rate of the per-

meate without the use of a sweep gas. The pressure at the feed

side was atmospheric. The observed methanol permeance was

about (3–4)×10−7 mol m−2 s−1 Pa−1, and the water permeance

was about (30–40)×10−7 mol m−2 s−1 Pa−1. This observed water

permeance is higher than the water permeance observed in the

present work. However, the results by Zhu et al. are not directly

comparable to the results presented in this work. In mixture sepa-

ration experiments, concentration polarization effects might affect

the observed membrane performance. Further, the present work

was performed in a Wicke–Kallenbach setup, while Zhu et al. did

not use a sweep gas. We usually observe several times lower perme-

ances in separation experiments performed in a Wicke–Kallenbach

setup than in single gas experiments [43,44], likely due to concen-

tration polarization effects or back diffusion of helium from the

sweep gas.

Methanol/carbon dioxide and methanol/hydrogen separation

factors as a function of temperature using membranes M1 and

M2 are shown in Fig. 4. Likely due to increased methanol diffusiv-

ity with increasing temperature, and thereby increased methanol

permeance, both separation factors are initially increasing with

Fig. 5. Water/carbon dioxide and water/hydrogen separation factors as a function

of temperature for membranes M1 and M2.

temperature. A maximum methanol/carbon dioxide separation

factor of about 140 is observed for both membranes, while the

maximum methanol/hydrogen separation factor is about 8.

At 75 ◦C, the methanol/carbon dioxide separation factor is about

120 for membrane M1 and 137 for membrane M2, while the

methanol/hydrogen separation factor is 8 for membrane M1 and

7 for membrane M2. At this temperature, the methanol perme-

ance was as high as about (11–12)×10−7 mol m−2 s−1 Pa−1 for both

membranes, and a temperature of 75 ◦C is thus optimal for effective

methanol separation at these process conditions.

Water/carbon dioxide and water/hydrogen separation factors

are shown in Fig. 5. In the temperature interval from room temper-

ature to 60 ◦C, the water/carbon dioxide separation factor is about

200–250 for both membranes. As illustrated by Figs. 4 and 5, the

membranes are selective to methanol and water over hydrogen and

carbon dioxide in a temperature interval from room temperature to

about 150 ◦C. This is very different from what we observed for high

flux ZSM-5 membranes with a Si/Al ratio of 65. These membranes

lost selectivity for a similar feed mixture at temperatures above

about 50 ◦C at atmospheric pressure [19]. At 75 ◦C, the water/carbon

dioxide separation factor is about 165 for membrane M1 and 230

for membrane M2 while the water/hydrogen separation factor at

75 ◦C is as high as about 10–12 for both membranes. As already

stated, the water permeance is almost constant with temperature,

at about 17×10−7 mol m−2 s−1 Pa−1 for both membranes. Effective

separation of both water and methanol is thus observed at 75 ◦C.
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Table 3
Permeance (10−7 mol m−2 s−1 Pa−1) and separation factors for membrane M3 at room temperature.

Feed (kPa) CH4 H2 CO2 H2O H2O/CH4 H2O/CO2 H2O/H2

2. H2, CO2, H2O (49.3, 49.3, 2.3) – 0.6 0.05 24 – 482 42

3. CH4, CO2, H2O (49.3, 49.3, 2.3) 0.07 – 0.06 17 225 252 –

3.2.2. Separation of water from synthesis gas and methane

The separation performance of membrane M3 was evaluated for

feed mixtures 2 and 3, see Table 2. The results at room temperature

are summarized in Table 3.

For feed mixture 2, containing hydrogen, carbon dioxide and

water, the membrane is highly water selective. A water/carbon

dioxide separation factor of 482, a water/hydrogen separation fac-

tor of 42, and a water permeance of 24×10−7 mol m−2 s−1 Pa−1

are observed. These membranes may thus be used for drying of

synthesis gas, for instance after the water gas shift reaction.

For separation of feed mixture 3, very high water/methane and

water/carbon dioxide separation factors of 225 and 252 respec-

tively, are observed. Again, the water permeance is very high. The

membranes are thus very effective for water removal from natural

gas.

Adsorbed water in membrane M3 is thus not only reducing the

carbon dioxide permeance, as observed in MFI [44], AlPO4 [45],

and DDR [46] membranes, but blocking the permeance of carbon

Fig. 6. Permeance of feed mixtures 2 (a) and 3 (b) in membrane M3 as a function of

temperature. The arrows indicate heating and cooling.

dioxide almost completely. Since the hydrogen and methane per-

meances are also very low, while the water permeance is high, the

membrane is highly water selective.

The separation performance of membrane M3 for feed mixtures

2 and 3 was also evaluated at higher temperatures, both during

heating and cooling of the membrane, see Fig. 6.

As the temperature is increased, the permeances of hydrogen,

carbon dioxide and methane increase. This is likely due to reduced

pore blocking by less adsorbed water at higher temperatures. As

the temperature is reduced, a hysteresis effect is observed for both

feed mixtures. This strengthens the hypothesis that adsorbed water

is controlling the permeance of all other components and mem-

brane selectivity. The water permeance (not shown) is increasing

only slightly with temperature for both feed mixtures, being about

(24–28)×10−7 mol m−2 s−1 Pa−1 in the whole temperature range

for feed mixture 2, and (17–20)×10−7 mol m−2 s−1 Pa−1 for feed

mixture 3. Hence, the water selectivity of the membrane is reduced

as the temperature is increased.

4. Conclusions

Zeolite X membranes, with a film thickness of about 1 �m, were

prepared on graded alumina supports. No zeolite invasion of the

support was observed, and consequently, the measured perme-

ances were very high. It was found that the membranes successfully

separated methanol and water from carbon dioxide and hydro-

gen in a temperature interval from room temperature to 150 ◦C, at

atmospheric pressure. The membranes could also separate water

very effectively from synthesis gas and natural gas at room tem-

perature.
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a b s t r a c t

In permporometry analysis of zeolite membranes, the permeance of a non-adsorbing gas, such as helium,

is measured as a function of pressure of a strongly adsorbing compound, such as n-hexane in the case of

silicalite-1 membranes. The adsorbing compound effectively blocks the transport of the non-adsorbing

gas already at very low activity of the adsorbing compound. The plot of the permeance of the non-

adsorbing gas as a function of relative pressure of the adsorbing compound is denoted a permporometry

pattern. The present work is based on experimental data for a number of thin MFI membranes with a film

thickness ranging from 300 to 1800 nm. An adsorption-branch permporometry experiment is simple and

straightforward and after activation of the membrane by removing adsorbed species at 300 ◦C in a flow

of dry gas, a full permporometry pattern is recorded within about 7 h for such membranes. It is shown

how the distribution of flow-through defects can be estimated from the permporometry pattern using a

simple model for permeation based on Knudsen diffusion. The estimated defect distribution is supported

by SEM observations. In addition, the permeance of the non-adsorbing gas through defects measured

in permporometry can be used to predict the permeance of molecules diffusing through defects in the

membrane in mixture separation experiments and also indicate the separation factor. For instance, the

helium permeance through defects in an MFI membrane measured by helium/n-hexane permporometry

at room temperature can be used to estimate the permeance of 2,2-dimethylbutane (DMB) in a mixture

separation experiment at a higher temperature with a feed containing both DMB and n-hexane by assum-

ing Knudsen diffusion for both helium and DMB in the defects. Also, the separation factor ˛n-hexane/DMB

in a mixture separation experiment at a certain temperature with an MFI membrane with a given defect

distribution can be estimated from n-hexane/helium permporometry data recorded at the same tempera-

ture through an empirical correlation. In summary, adsorption-branch permporometry is a very effective

tool for analysis of thin zeolite membranes, that in short time gives data that can be used to estimate the

distribution of flow-through defects in the membrane and to estimate the transport of large molecules

through defects in separation experiments and also estimate separation performance.

© 2009 Elsevier B.V. All rights reserved.

1. Introduction

Zeolite membranes have the potential to achieve both high

flux and selectivity due to the well defined micropores in the

zeolite crystals as demonstrated in recent publications. One exam-

ple is the MFI membranes prepared by Tsapatsis and co-workers

[1]. The MFI crystals were b-oriented and the film thickness

was about 1 �m. These membranes have a separation factor of

about 400 for a mixture of p/o-xylene and a p-xylene perme-

ance of about 2×10−7 mol m−2 s−1 Pa−1 at 200 ◦C. Our group has

also reported MFI membranes with very high flux and selec-

tivity [2]. These membranes had a 500 nm thick film on a

graded alumina support. A separation factor of 227 for a n-

hexane/2,2-dimethylbutane mixture and a n-hexane permeance

∗ Corresponding author. Tel.: +46 920 492105; fax: +46 920 491199.

E-mail address: Jonas.Hedlund@ltu.se (J. Hedlund).

of 6×10−7 mol m−2 s−1 Pa−1 at 400 ◦C was reported [2]. The H2

permeance for the latter membranes at room temperature was as

high as about 220×10−7 mol m−2 s−1 Pa−1, which is unparalleled

by permeances reported for other zeolite membranes. To obtain

high separation factors, the membranes must practically be defect

free. However, in the case of MFI membranes supported on alumina,

cracks may form during the calcination process [3]. The MFI crystals

experience a weak contraction at about 175 ◦C (dehydration) and a

strong contraction in the temperature range 275–500 ◦C (template

removal) while the alumina support expands. Depending on how

well the MFI crystals are intergrown, this difference in thermal con-

traction/expansion may result in stress in the composite and crack

formation [3]. In the development of defect free membranes, an

effective characterization tool for flow-through defects is essen-

tial. Electron microscopy may be useful, but only defects visible at

the surface of the samples can be characterized nondestructively

by SEM. If the observed defects are in the form of cracks or pin-

holes, such defects are likely flow-through defects. However, open

0376-7388/$ – see front matter © 2009 Elsevier B.V. All rights reserved.
doi:10.1016/j.memsci.2009.09.012
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grain boundaries in the micropore range are difficult to observe by

SEM due to the limited resolution and the question if any observed

open grain boundaries on the surface of the membrane actually are

flow-through defects remains unanswered. Non-destructive imag-

ing of grain boundaries by fluorescence confocal optical microscopy

(FCOM) was demonstrated [4] a few years ago. In FCOM, grain

boundaries are impregnated with fluorescent molecules and these

molecules are viewed by confocal microscopy. A great advantage

with FCOM is that the grain boundaries can be viewed across the

entire cross-section of the membrane in a non-destructive manner

and it is thus possible to identify flow-through defects. However,

a disadvantage is the limited lateral and axial resolution of about

0.25 and 0.5 �m, respectively. This is close to or greater than the

grain size and thickness of the zeolite layer in high flux zeolite mem-

branes [1,2] and FCOM is thus only useful for relatively thick zeolite

membranes. Various forms of a non-destructive technique denoted

Permporometry have been developed for characterization of flow-

through pores in ceramic membranes [5–10]. This technique was

adapted to analysis of zeolite membranes by researchers at Exxon,

which first was presented at a conference [11] and more recently,

the extension of the technique for determination of adsorption con-

stants has been described [12]. In this technique, the permeance of

a non-adsorbing gas such as helium is measured as a function of

pressure of a strongly adsorbing compound such as n-hexane that

effectively blocks the transport of the non-adsorbing gas through

zeolite pores already at low activity of the adsorbing compound.

First, the permeance through zeolite pores and defects of the non-

adsorbing gas is measured for a dry membrane at zero pressure

of the adsorbing compound (point 1). Then, a low pressure of the

adsorbing compound is introduced in the feed and the permeance

of the non-adsorbing gas is measured at steady state (point 2). It

is important that the adsorbing compound completely blocks the

transport of the non-adsorbing gas through the zeolite pores at

point 2, and at the same time leaves as much of the defects larger

than zeolite pores open. This calls for the use of a compound that

is adsorbing strongly in the zeolite, such as n-hexane in the case

of silicalite-1 membranes and water for polar zeolite membranes

such as zeolite A and FAU. In this case, the remaining permeance

of the non-adsorbing gas in the presence of the adsorbing com-

pound at point 2 will stem from transport of the non-adsorbing

gas through defects that are larger than the pore size estimated

from the pressure of the adsorbing compound by for instance the

Horvath–Kawazoe (H–K) potential function [13]. The pressure of

the adsorbing compound is then increased step-wise (points 3, 4,

5, . . .) and the permeance of the non-adsorbing gas is measured

at steady state. The corresponding pore size at these points can be

estimated using for instance the Kelvin equation. This data, i.e. per-

meance of non-adsorbing gas and corresponding pore sizes can be

used to estimate a defect distribution in the membrane.

We have reported the synthesis and testing of various types

of zeolite membranes with varying morphology during sev-

eral years [2,14,15]. The conclusions have partially been based

on permporometry data. More recently, other groups have also

employed the technique for characterization of zeolite mem-

branes and a few examples are given in the reference list

[16–19].

Based on our long experience with the technique [2,14,15],

the present work describes the use of adsorption-branch

n-hexane/helium permporometry at room temperature for char-

acterization of flow-through defects in a range of MFI membranes

with varying morphology as observed by SEM. Based on new data,

the present work will also illustrate how permporometry can be

used to estimate the distribution of flow-through defects in a zeo-

lite membrane and predict permeance of molecules that are mainly

permeating through defects in the same zeolite membrane in sep-

aration experiments and, based on permporometry data, estimate

the mixture separation performance of the zeolite membranes for

the first time. In summary, the present work will show that n-

hexane permporometry is an excellent characterization tool for MFI

zeolite membranes.

2. Experimental

2.1. Membrane preparation

MFI membranes with varying film thickness were grown on

masked or non-masked graded supports as described earlier [2,15].

The sample codes and preparation procedure are summarized in

Table 1. In membranes of types U72, U30 and M72, cracks form

reproducibly, which has been discussed in detail in earlier work.

The observed crack widths by SEM for these membranes are given

in Table 1. In membranes grown on unmasked supports (sam-

ple code starts with U) the cracks are wider than in membranes

grown on masked supports (sample codes starts with M) at a given

film thickness. The film thickness is controlled by the duration

of hydrothermal treatment in hours (indicated in the membrane

code). The cracks are wider in thicker films. For membranes with

thin films grown on masked supports of types M30 [2] and M30R

[14], no cracks are observed by SEM. Open grain boundaries are

introduced by 30 days rinsing in 0.1 M NH3 in membranes of type

M30R as discussed in detail before [14].

2.2. Single gas permeation experiments

Single gas permeance data were recorded at room temperature

directly after calcination of the membranes using a feed pressure

of 0.8 bar and atmospheric permeate pressure.

2.3. Permporometry

Adsorption-branch n-hexane/helium permporometry data

were recorded for all membranes at room temperature using the

experimental setup outlined in Fig. 1.

The membrane was first mounted in a stainless steel cell using

graphite gaskets (Eriks, The Netherlands) for sealing. The mem-

branes were heated to 300 ◦C overnight in a flow of dry helium

and then cooled to room temperature. The feed pressure was then

adjusted to 0.5–1.0 bar, depending on the permeance, using a pres-

sure regulator of membrane type (Moore Products CO, Model 63

SU-L). The feed pressure was continuously recorded with a pressure

meter (Chrompak FP-meter Model FP-407) connected to a com-

puter. The permeate was kept at atmospheric pressure. Helium

Table 1
Sample codes, preparation procedures and SEM observations.

Membrane code Support masking Duration of hydrothermal

treatment (h)

Rinsing procedure SEM film thickness (nm) Defects observed by SEM Reference

U72 No 72 0.1 M NH3; ∼24 h 1800 30 nm cracks and support cracks [15]

U30 No 30 0.1 M NH3; ∼24 h 900 15 nm cracks [15]

M72 Yes 72 0.1 M NH3; ∼24 h 1100 10–15 nm cracks [15]

M30 Yes 30 0.1 M NH3; ∼24 h 500 No cracks [15,20]

M30R Yes 30 0.1 M NH3; 30 days 300 Pinholes [14]
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Fig. 1. Experimental setup for adsorption-branch permporometry.

gas (AGA 99.999%) was fed to the membrane via two mass flow

controllers (Bronkhorst HI-TEC). One of the helium streams was

saturated with n-hexane (Alfa Aesar, 99%), p-xylene (Aldrich, anhy-

drous, >99%) or benzene (Fluka, ≥99.5%) by bubbling through two

saturators, the first kept at room temperature and the second in a

water bath kept at lower temperature, i.e. 17.2±0.1 ◦C controlled

by a thermostat. The two helium streams were mixed to arrive at

the required relative pressure of hydrocarbon.

Increasing concentrations of hydrocarbon was added to the feed

and the helium permeance was continuously recorded using a dig-

ital flow meter (Chrompak FP-meter Model FP-407) connected to

a computer. When steady state flow was reached, the flow was

measured with a suitable soap bubble flow meter. The helium flow

measured with the soap bubble flow meter was used in subsequent

calculations. A relative pressure of n-hexane of about 0.025 or 0.01

was chosen at point 2, in early work and later work, respectively,

in order to ensure that the MFI zeolite is completely blocked by

n-hexane. These relative pressures of n-hexane corresponds to a

defect size of about 1.9 nm or 1.7 nm, respectively, (see Section

3) and defects that are larger than this can thus be characterized

by these permporometry experiments. The relative pressure of n-

hexane was then increased stepwise to about 0.025, 0.1, 0.2, 0.4,

0.7 and 1 and the helium permeance at steady state was measured.

The thickness of the adsorbed layer (t) at a given pressure (pi) of

n-hexane was estimated using the Harkins–Jura (HJ) equation [21]:

t =
√

C

B− lg(p/p0)
(1)

The constants B (−0.04) and C (16.77 Å2) were fitted to reported

thickness of adsorbed layer of n-hexane at corresponding relative

pressure of n-hexane for silicalite-1 [22].

For defects narrower than 2 nm, the Horvath–Kawazoe (H–K)

equation [23] was used to estimate the width of defects (di) blocked

by n-hexane at given pressure:

RT ln

(
p

p0

)
=�HADS

d−d0

[
	10

9d9
0

− 	4

3d3
0

− 	10

9(2d−d0)9
+ 	4

3(2d−d0)3

]
, (2)

di = 2d− ds, (2a)

d0 = ds + da

2
, (2b)

where di is the pore diameter, ds the diameter of a surface atom

in the zeolite pores, da the diameter of n-hexane, d the slit pore

half width, 	 the zero interaction energy distance, 	 = (2/5)
1/6d0,

�HADS the isosteric heat of adsorption (�HADS for silicalite-1 is

71.8 kJ mol−1 [24]) and p/p0 is the relative pressure of the hydro-

carbon.

For defects wider than 2 nm, the Kelvin equation [21] was used

to estimate the width of defects (di) blocked by n-hexane at the

given pressure:

ri =
−2�Vm

RT ln(p/p0)
, (3)

where ri is the radius of pores, � the surface tension of hydrocar-

bon (for n-hexane � is 1.84×10−2 N m−1 [25]) and Vm is the molar

volume of hydrocarbon (for n-hexane Vm is 1.31×10−4 m3 mol−1).

Since adsorption occurs before capillary condensation, the

width of defects (di) was estimated by summing the HK (dHK) or

Kelvin diameter (dK) and the thicknesses of the two adsorbed lay-

ers:

di = dHK + 2t (for pores < 2 nm), (4)

di = dK + 2t (for pores > 2 nm). (4a)

It should be noted that the defects in the zeolite membrane is in

the form of cracks and open grain boundaries [4,15], i.e. the defects

are likely slit shaped. The HK equation is derived for slit-shaped

pores and is thus appropriate to use. However, the Kelvin equation

is derived for circular pores. Nevertheless, the width of defects esti-

mated by Eq. (4a) from permporometry data is in good agreement

with SEM observations (see below), which justify the use of the

Kelvin equation. The flux through defects was assumed to follow

Fick’s law:

J = −DK

RT

dp

dz
, (5)

where dp/dz is the pressure gradient across the membrane. The

area Ai of defects with widths in an interval di–di+1 was estimated

from the measured molar helium flows Fi and Fi+1 at equilibrium at

n-hexane pressures pi and pi+1, respectively:

Ai =
Fi − Fi+1

J
. (6)

The Knudsen diffusion coefficient DK,i allowing for the constric-

tion factor (ϕp) and the tortuosity (
̃) was estimated from the

relation [21]:

DK,i =
�p3.068ri


̃

√
T

M
, (7)

which is valid for cylindrical pores with radius ri. As pointed out

above, the defects are in the form of cracks and open grain bound-

aries and not cylindrical pores. However, since Eq. (4a) is used to

estimate the widths of defects, it is appropriate to use Eq. (7) to esti-

mate the Knudsen diffusion coefficient. The radius ri was taken as

half of the average defect width in the interval under consideration:

ri =
di + di+1

4
(8)

Fig. 2 shows adsorption isotherms for a few hydrocarbons in MFI

zeolite. It illustrates that n-hexane is adsorbing and saturates MFI
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Fig. 2. Adsorption isotherms for various hydrocarbons in MFI zeolite [26,27].

zeolite at a relative pressure of n-hexane of about 0.001. In addition,

about 8 n-hexane molecules per unit cell are present at saturation.

The transport of the non-condensable gas should thus be com-

pletely blocked at a relative pressure of n-hexane of about 0.001. In

principle, the relative pressure at point 2 could thus be set as low as

0.001 in n-hexane permporometry using a MFI membrane, which

corresponds to a defect size of about 1.5 nm (Eq. (4)). The smallest

defects in MFI membranes that can be characterized by n-hexane

permporometry are thus >1.5 nm if 8 molecules per unit cell are

needed to block the transport of helium completely. However, our

current experimental setup is not designed to accurately control

such low relative pressures of n-hexane, and we have thus cho-

sen 0.01 as the relative pressure in point 2. n-Pentane is probably

also a very suitable hydrocarbon for permporometry characteri-

zation of MFI zeolite membranes, since the adsorption isotherm

for n-pentane is similar to the one for n-hexane. Also n-heptane

and p-xylene seems to be useful adsorbates, if the relative pres-

sure at point 2 is 0.01 or higher. Based on the adsorption isotherm,

it is uncertain if benzene is a suitable adsorbing compound in

permporometry analysis of MFI membranes. If the relative pres-

sure at point 2 is taken as 0.01, only 4 molecules of benzene per

unit cell will be absorbed. However, if this is sufficient to block the

MFI pores completely for helium transport, benzene may also be

useful for permporometry characterization of MFI membranes.

2.4. Separation experiments

After completion of the permporometry experiment, the feed

was changed to a mixture of 11 kPa n-hexane, 11 kPa 2,2-

dimethylbutane (Fluka, ≥99%) with helium balance to 101 kPa and

mixture separation experiments were carried out using 101 kPa

helium as a sweep gas. The membrane was first equilibrated with

the feed overnight at room temperature and the following day, the

measurement started at 25 ◦C and the temperature was increased

to about 350 ◦C with a heating rate of 0.5 ◦C/min. The permeate

was analyzed every 22 min using a GC (Varian chrompack CP-3800)

connected on-line. The separation factor ˛n-hexane/DMB was then

calculated from:

˛n-hexane/DMB = yn-hexane/yDMB

xn-hexane/xDMB
, (9)

where x and y are the molar fractions of n-hexane and DMB in the

feed and permeate respectively.

2.5. An attempt to estimate DMB transport in mixture separation

experiments from He permeance recorded in permporometry

experiment by a simple model

The corresponding relative pressure (p/p0)m in the mixture in

the separation experiment was estimated from the pressure of n-

hexane (pn-hexane) and DMB (pDMB) in the feed using Raoult’s law

[28]:(
p

p0

)
m

= pn-hexane + pDMB

xn-hexanepn-hexane
0

+ xDMBpDMB
0

. (10)

Since the feed composition was 11 kPa n-hexane, 11 kPa 2,2-

dimethylbutane, this corresponds to a relative pressure of 0.86

at room temperature according to Eq. (10). Analogous to the

permporometry experiment, defects smaller than about 30 nm (Eq.

(4a)) will thus be blocked for gas flow in the separation experiment

at room temperature, see Fig. 3.

Since the diffusivity of DMB in the zeolite pores has been

reported as small as 4.6×10−20 m2 s−1 [29], the DMB flow through

zeolite pores in the membrane should be as small as about

1×10−15 mol s−1 at room temperature in the separation experi-

ment. Using the Wilke–Chang equation [30], the DMB diffusivity in

liquid phase was estimated to 3.6×10−9 m2 s−1. The Wilke–Chang

equation can be used to estimate diffusivities in ordinary liquids

and it is possible that the DMB diffusivity in the liquid phase

that has condensed in defects smaller than 30 nm in the zeolite

membrane may be even smaller. However, by using this diffusiv-

ity, the DMB transported in the liquid phase that has condensed

in defects smaller than 30 nm (see Fig. 3) should be as small as

about 5×10−10 mol s−1 for a membrane with a defect distribution

according to Table 3 at room temperature. The Knudsen diffusiv-

ity for DMB in defects larger than 30 nm is 2.8×10−6 m2 s−1 (Eq.

(7)). The Knudsen flow of DMB through defects larger than 30 nm

that are open (free of condensed phase), see Fig. 3, is thus about

5×10−9 mol s−1, which is several orders of magnitude larger than

the DMB flow through zeolite pores and also about one order of

magnitude larger than DMB flow through liquid condensed in the

defects. Therefore, at room temperature, the flow of DMB through

zeolite pores and the DMB flow through liquid phase condensed in

defects can be neglected compared to the flow of DMB transported

by Knudsen diffusion through the open defects. Furthermore, this

Fig. 3. Schematic representation of DMB transport through an MFI membrane in separation experiments.
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should also be true for our separation experiments at higher tem-

peratures. Since the feed composition is kept constant and the

temperature is increased during the separation experiment, the

relative fraction of open defects will increase and the relative frac-

tion of defects blocked by liquid phase will decrease, and transport

of DMB by Knudsen diffusion in gas phase via open defects will

dominate.

The DMB flow (FDMB) at a certain temperature (Tseparation) and

thus a certain relative pressure (p/p0i
) in the separation experiment

was therefore estimated from permporometry data by interpolat-

ing (see Eq. (11)) the helium flow (Fp/p0i±1He
) in the permporometry

experiment at room temperature (Tpermporometry) measured at

lower relative pressure (p/p0i−1
) than p/p0i

and at higher relative

pressure (p/p0i+1
) than p/p0i to the helium flow (Fp/p0iHe

) at p/p0i .

Fp/p0iHe = Fp/p0i+1He + Fp/p0i+1He
− Fp/p0i−1He

p/p0i+1
− p/p0i−1

(
p

p0i

− p

p0i−1

)
. (11)

The DMB flow (FDMB) in the separation experiment was esti-

mated by scaling the helium flow at p/p0i
assuming Knudsen

diffusion and accounting for differences in temperature, driving

force and differences in molecular weight between helium and

DMB:

FDMB = Fp/p0i
He

√
MHe

MDMB

Tpermporometry

Tseparation

�PDMB

�PHe
, (12)

where FDMB is the estimated DMB flow in the separation exper-

iment, Fp/p0i
He the He flow in the permporometry experiment at a

certain relative pressure of n-hexane, MHe the molecular weight of

He,MDMB the molecular weight of DMB, Tpermporometry the tempera-

ture in the permporometry experiment, Tseparation the temperature

in the separation experiment,�PDMB the partial pressure difference

of DMB across the membrane in the separation experiment and

�PHe is the partial pressure difference of He across the membrane

in the permporometry experiment.

2.6. Electron microscopy

The membranes were characterized by SEM using a Philips XL

30 instrument with LaB6 electron gun after gold coating by sputter-

ing. Since the events leading to crack formation likely are occurring

at high temperatures, i.e. at 175 ◦C (dehydration) and 275–500 ◦C
(template removal) [3] during calcination of the membrane as

described above, it is unlikely that new cracks formed during sam-

ple preparation for SEM analysis.

Fig. 4. Permporometry raw data for membrane M305 of type M30.

3. Results and discussion

3.1. Permporometry pattern and defect distribution

Fig. 4 shows the recorded helium flow as a function of time dur-

ing a permporometry experiment for membrane M305 of type M30

with high quality. A helium flow of 345 ml min−1 is recorded ini-

tially, at p/p0 = 0. When some hydrocarbon vapour is introduced in

the feed (p/p0 ∼0.01), steady state is reached after about 25 min

(the plateau at about 7000 s indicated p/p0 = 0.01), and the helium

flow is reduced to about 2.6 ml min−1 due to blockage of zeo-

lite pores and some micropores by n-hexane (see below). After

increasing the n-hexane concentration in the feed (p/p0 ∼0.02), the

helium flow is reduced further to about 1.8 ml min−1 due to block-

age of larger micropores. As the relative pressure of n-hexane is

increased stepwise to 0.99, the helium flow is reduced further and

the duration of the whole experiment (counting from introduction

of hydrocarbons at p/p0 ∼0.01 until steady state at p/p0 ∼0.99) is

about 7 h.

3.2. SEM observations and permporometry patterns

Fig. 5a shows a SEM top-view image of a membrane of type U72.

Cracks with a width of about 30 nm are observed. These cracks are of

both inter- and trans-granular type, i.e. the cracks propagate both

in grain boundaries and through grains. It should be noted that

these cracks are far apart and high magnification is required to dis-

Fig. 5. Top view (a) and cross-sectional (b) SEM images of membrane U72.



J. Hedlund et al. / Journal of Membrane Science 345 (2009) 276–287 281

Fig. 6. n-Hexane/helium adsorption-branch permporometry patterns for mem-

branes of types U72, U30, M72, M30 and M30R.

cover the defects. However, the cracks are easy to find for a skilled

SEM operator used to work with zeolite membranes. In addition,

the cracks are evenly distributed with regular spacing between the

cracks over the entire membrane surface. Fig. 5b shows a cross-

sectional image of the membrane, which illustrates that at least

some of the cracks propagate throughout the entire zeolite film,

even into the support, i.e. support cracks.

The n-hexane/helium adsorption-branch permporometry pat-

tern for a membrane of type U72 is shown in Fig. 6, please note the

logarithmic y-scale. In addition to the drop in helium permeance

when the zeolite pores are blocked (i.e. when p/p0 is increased from

zero to about 0.025), a significant drop in helium permeance is only

observed in the relative pressure range above 0.78, which corre-

sponds to defects with a width larger than 19 nm (estimated using

Eqs. (2)–(4a)). This corresponds well to the crack width of about

30 nm observed by SEM. The helium permeance at p/p0 ∼1 is as

high as 6×10−7 mol m−2 s−1 Pa−1, which indicates the presence of

larger defects, that apparently cannot be blocked by condensation

of n-hexane, such as support cracks, as observed by SEM.

Fig. 7 shows SEM images of membrane U30. In this case, cracks

with a width of about 15 nm, but no support cracks, are observed.

In the permporometry pattern, a large drop in permeance is

observed in the relative pressure range p/p0 > 0.73, which corre-

sponds to defects with a width larger than 15 nm, in agreement with

SEM observations. Furthermore, the helium permeance at p/p0 ∼1

is as low as 0.09×10−7 mol m−2 s−1 Pa−1, which indicates that no

larger defects, such as support cracks should be at hand, in agree-

ment with SEM observations.

Fig. 8 shows SEM images of membrane M72. In this case,

cracks with a width of about 10–15 nm and no support cracks

are observed. In the permporometry pattern, a significant per-

meance drop is only observed in the relative pressure range

0.22 <p/p0 < 0.75, which corresponds to defects with a width

between 3.6 and 16 nm, in perfect agreement with SEM observa-

tions.

Fig. 9 shows SEM images of membrane M30. In this case, no

defects are observed by SEM. The permporometry pattern for this

membrane type is also very flat in the whole relative pressure range

0.025 <p/p0 < 1, i.e. very small amounts of defects are detected by

permporometry in agreement with SEM observations. However, a

defect distribution for this type of membrane, which mostly con-

tains defects that are too small to be detected by SEM, can be

estimated from permporometry data, see below.

Fig. 7. Top view (a) and cross-sectional (b) SEM images of membrane U30.

Fig. 8. Top view (a) and cross-sectional (b) SEM images of membrane M72.
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Fig. 9. Top view (a) and cross-sectional (b) SEM images of membrane M30.

Table 2
Lengths of the unit cell axes in empty MFI crystals in a powder and after loading with about 8 eight molecules of p-xylene, benzene and n-hexane, respectively.

Empty [32] 8 p-xylene [33] 8 benzene [32] Approximately 8 n-hexane [34]

a (Å) 20.101 20.120 19.996 19.911

b (Å) 19.872 19.827 19.935 20.135

c (Å) 13.365 13.435 13.427 13.408

Difference in a (%) – 0.09 −0.52 −0.95

Difference in b (%) – −0.23 0.32 1.32

Difference in c (%) – 0.52 0.46 0.32

Unit cell volume change (%) – 0.39 0.26 0.69

Fig. 10 shows SEM images of membrane M30R. The zeolite

film thickness after synthesis in this membrane is somewhat less

(400 nm) than in membranes of type M30 (500 nm), which is prob-

ably due to that other chemicals were used during the synthesis of

membrane M30R. Membrane M30R has been rinsed for 30 days in

a 0.1 M NH3 solution prepared from silicate free water (distilled in

a Teflon apparatus), which was replaced every day. This treatment

dissolved some of the zeolite film, which reduced the film thick-

ness to about 320 nm after rinsing, and opened grain boundaries

between the crystals, as discussed elsewhere [14]. However, no

defects or open grain boundaries are observed by SEM, as illustrated

in Fig. 10.

The permporometry pattern for membrane M30R is shown in

Fig. 6. A significant permeance drop is observed in the whole rela-

tive pressure range up to p/p0 = 0.69, which corresponds to defects

with a diameter smaller than 13 nm. Since these defects obvi-

ously not are cracks, but rather open grain boundaries between

the crystals, it is difficult to observe these defects by SEM,

as illustrated in Fig. 10. The helium permeance at p/p0 ∼1 is

1.4×10−7 mol m−2 s−1 Pa−1, which indicates the presence of a few

larger defects, which apparently cannot be blocked by condensa-

tion of n-hexane. Pinholes were observed by SEM.

In summary, the excellent agreement between SEM observa-

tions and defect widths estimated from permporometry data using

Eqs. (4) and (4a) demonstrates that n-hexane permporometry is a

very effective and accurate characterization tool for flow-through

defects in MFI membranes.

In a recent paper from Falconer and co-workers [19], it is cor-

rectly pointed out that n-hexane expands calcined MFI crystals to

some extent. Table 2 shows the unit cell axes lengths for calcined

powders of MFI zeolite as well as MFI zeolite powder loaded with

approximately eight molecules of p-xylene, benzene and n-hexane,

respectively. Some of the axes expand while others contract upon

hydrocarbon adsorption. However, the unit cell volume of MFI zeo-

lite powder is increasing about 0.7% by adsorption of n-hexane at

room temperature. It should be noted that in a supported zeolite

film such in a membrane, the crystals may behave differently than

in a powder as recently reported by our group [31]. The different

behaviour of crystals in a supported film may be caused by both

the bonding of the crystals to the support and to each other in a

Fig. 10. Top view (a) and cross-sectional (b) SEM images of membrane M30R.
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rigid film which obviously should diminish the crystal expansion

in the support plane upon adsorption of hydrocarbons. The width

of the largest grains on the surface of M30 membranes is about

200 nm, see Fig. 9. However, all these grains grew from a densely

packed layer of seed crystals with a width of about 50 nm and the

average width of a grain is thus roughly 100 nm×100 nm×500 nm.

If this grain expands 0.7%, it corresponds to about 0.7 nm in the

membrane plane. Furthermore, it is likely that the formation of

defects in the form of open grain boundaries and cracks is at least

a partially irreversible process and that the defects may remain

fully open even after adsorption of hydrocarbons. In addition, the

excellent agreement between SEM observations and permporom-

etry data indicates that the expansion of MFI crystals is at least not

affecting the defects observable by SEM to any larger extent. As

shown in Table 2, all hydrocarbons, such as p-xylene and benzene,

also expand MFI powder crystals upon adsorption, and eventual

expansion of the zeolite is difficult to avoid and will occur in most

applications of zeolite membranes.

Falconer and co-workers [19] further point out that MFI crystals

in powder expand less upon benzene adsorption and that benzene

is a more suitable adsorbate in permporometry experiments. How-

ever, the expansion upon adsorption of benzene still is about 0.3%,

i.e. almost half of that for n-hexane, see Table 2.

Falconer and co-workers [19] state that “Methods that

use n-hexane (n-hexane permporometry and n-hexane/2,2-

dimethylbutane (DMB) separation) are shown tonotbe effective for

characterizing MFI zeolite membranes because n-hexane adsorp-

tion swells MFI crystals and shrinks the size of nonzeolitic pores.”

The authors further find benzene permporometry more suitable

than n-hexane permporometry. This conclusion is questioned. First

of all, their permporometry data for a boron substituted ZSM-5 (B-

ZSM-5) membrane shows that a n-hexane activity of 1.6×10−3

reduced the helium flux to <1% of that a n-hexane activity of 0

at 298 K. This data indicates that the quality of these membranes

is good but not excellent and comparable to our membrane M303

(see below). However, at a benzene activity as high as about 0.9,

the helium flux was only reduced to about 30% of that for a dry

membrane. Based on this information and pervaporation data these

authors conclude that benzene is a more suitable adsorbate for

permporometry experiments. However, if as much as 30% of the

helium flux remains at a benzene activity of about 0.9, it indi-

cates that the B-ZSM-5 membrane is highly defective with cracks

larger than about 46 nm (using Eq. (4a) adapted to benzene)! It is

highly unlikely that such large defects can be blocked by expan-

sion of the zeolite crystals upon n-hexane adsorption as suggested

[19]. Furthermore, these membranes showed low separation fac-

tors (˛ between 1.3 and 3.9) in mixture pervaporation experiments

using mixtures of n-hexane and DMB again indicating highly defec-

tive membranes. If n-hexane would expand the crystals and block

most of the defects as suggested, high separation factors would be

observed in the pervaporation experiments with n-hexane in the

feed. The data presented thus seems highly inconsistent and the

conclusions erroneous. In order to shed some light on this issue,

we recorded adsorption-branch He permporometry patterns using

n-hexane, benzene and p-xylene as adsorbates for two additional

M30 membranes with high, yet varying quality, see Fig. 11.

Nearly identical results are obtained with n-hexane, benzene

and p-xylene as adsorbates for our MFI membranes as opposed to

the dramatical differences observed for B-ZSM-5 membranes [19].

The small difference in expansion of the MFI zeolite crystals upon

adsorption of hydrocarbons thus seems to have no or very small

effect on the permporometry pattern for our MFI membranes. This

is likely due to that the formation of defects in the form of open

grain boundaries and cracks in the membranes is at least a partially

irreversible process as discussed above. The very different results

observed here compared to the results presented by Falconer and

Fig. 11. Adsorption-branch He permporometry data for two membranes of type

M30 using n-hexane, benzene and p-xylene as adsorbates.

co-workers [19] may be related to the different compositions of

the membranes, i.e. B-ZSM-5 versus silicalite-1, the average crystal

size 15 �m×15 �m×0.5 �m versus 100 nm×100 nm×500 nm,

differences in preferred orientation of the crystals in Falconers and

Nobles membranes [19] and our membranes, respectively, or errors

in the measurements [19].

Furthermore, our data at p/p0 ∼0.01 indicates that as few as 4

benzene molecules per unit cell blocks the helium transport in the

zeolite pores almost as effectively as 8 n-hexane molecules or 8

p-xylene molecules per unit cell, which is somewhat surprising.

It is also well known that calcined MFI crystals have an unusual

thermal behaviour [35]. The volume expansion coefficient of cal-

cined MFI is positive at low temperatures and negative at high

temperatures and about 27.7×10−6 K−1 between 298 and 348 K

and −15×10−6 K−1 between 393 and 975 K. Thus, if calcined MFI

zeolite is heated from 25 to 75 ◦C, the unit cell volume of the zeo-

lite crystals expands by about 0.14%. This is as much as 1/5 of the

expansion caused by the adsorption of n-hexane. If the MFI zeolite

is further heated from 75 to 400 ◦C (common temperature for gas

phase separations by MFI membranes) the unit cell contracts by

about 0.45%, i.e. this volume change is comparable to the volume

change caused by adsorption of hydrocarbons.

The conclusion from the discussion above is that although

hydrocarbons expand MFI zeolite powder upon adsorption, this
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Table 3
Typical permporometry data and estimated defect distribution for the high quality membrane M301 of type M30.

Relative pressure Helium permeance at

equilibrium (mol s−1 m−2 Pa−1)

Width of defect (nm) Defect interval (nm) Relative areaa of defects (10−5)

0.0000 7.69×10−6 – – –

0.0085 4.11×10−8 1.64 – –

0.0219 1.98×10−8 1.88 1.64–1.88 3.64

0.1291 9.41×10−9 2.86 1.88–2.86 1.32

0.2099 7.51×10−9 3.51 2.86–3.51 0.18

0.4240 6.56×10−9 5.94 3.51–5.94 0.06

0.7216 5.15×10−9 14.43 5.94–14.43 0.04

>14.43 0.11

a Defect area divided by membrane area.

seems to have no effect on the defect distribution in films and thus

the permporometry data for our MFI zeolite membranes.

3.3. Estimation of defect distribution from permporometry data

Table 3 shows permporometry data for the high quality

membrane M301 of type M30. The helium permenace is about

8×10−6 mol s−1 m−2 Pa−1 for a “dry” membrane at a relative pres-

sure of 0. This permeance is in line with what we have reported

previously [2]. The H2 permeance for this membrane is about

20×10−6 mol s−1 m−2 Pa−1. These permeances are about 10 times

higher than reported by other groups. As discussed previously [2],

this high permeance is a result of the thin film (500 nm) grown on

a graded support, that was masked during film growth to reduce

support invasion. Already at a relative pressure of about 0.009,

the zeolite pores are blocked by strongly adsorbed hydrocarbon

molecules, and the helium permeance is reduced over two orders of

magnitude to about 4×10−8 mol s−1 m−2 Pa−1. This relative pres-

sure corresponds to a defect width of 1.64 nm and the observed

helium permeance should thus emanate from permeance through

defects larger than 1.64 nm. At the next relative pressure, 0.022,

which corresponds to a defect width of 1.88 nm, the helium per-

meance is reduced further. The difference in helium permeance

recorded at relative pressure of ∼0.01 and 0.022 can be used to

estimate a relative area of defects (defect area/membrane area)

with a width between 1.64 and 1.88 nm using Eqs. (5)–(8). For this

particular membrane, this relative defect area is as small as about

3.6×10−5, i.e. as little as about 36 ppm of the surface is comprised of

defects with this width. However, these defects are difficult to char-

acterize by scanning electron microscopy, even by the best in-lens

or semi in-lens cold field emission gun SEM instruments. However,

this is something we will attempt to do in the future. By treat-

ing the remaining permporometry data in the same way, a defect

distribution for the whole membrane can be estimated, see Table 3.

The relative area of defects for membrane M301 in the interval

5.94–14.4 nm is as small as about 4×10−7, i.e. only 0.4 ppm of the

membrane area is comprised of defects of this size. Although these

defects are large enough to be observed by SEM, the amount of these

defects is very small and it is not surprising that the membrane

appears defect free when observed by SEM.

3.4. Single gas permeation data vs. permporometry patterns

To indicate any correlation between permporometry, single

gas and mixture separation data, a number of membranes of

type M30 were fabricated and evaluated by single gas perme-

ation experiments and permporometry. Based on this data, a range

of membranes of type M30 with high but varying quality, were

selected for further evaluation by separation experiments. Fig. 12

shows permporometry patterns for these membranes. It is clear

that all membranes have similar permporometry patterns, indicat-

ing that all membranes have relatively high and similar quality and

Fig. 12. n-Hexane/helium adsorption-branch permporometry patterns for six

selected membranes of type M30 with high, yet varying quality.

are crack free. By “relatively high quality” we suggest that these

membranes are similar in quality to the membrane of type M30

with permporometry pattern as in Fig. 6 and with a defect free

appearance in the electron microscope as illustrated in Fig. 9. The

membranes are thus significantly better (of higher quality) than the

membranes of types U30, U72, M72 and M30R.

As follows from above, the helium permeance at a n-hexane

relative pressure of about 0.01 (point 2), reflects the total area of

defects in the membrane, i.e. the higher helium permeance at point

2, the more defects. Fig. 13 illustrates single gas permeance ratios

as a function of the helium permeance at p/p0 ∼0.01. These single

gas ratios are in line with our previous reports and characteristic

for our isomer selective silica rich MFI membranes [2] tested under

these conditions. As we have shown before [36], these ratios are

dependent on film thickness and feed pressure. In addition, the

SF6 diffusivity in these silica rich MFI membranes is quite high

and in combination with the strong adsorption of this molecule,

this results in high SF6 permeance and a relatively low He/SF6 per-

meance ratio of about 5–6 under these experimental conditions

[36]. Much lower SF6 permeances, and consequently, higher He/SF6

permeance ratios are observed for alumina rich MFI membranes

[37]. The quite different ratios reported by other groups for MFI

membranes can be explained by differences in film thickness, feed

pressure and Si/Al ratio in the MFI zeolite. It is clear that the sin-

gle gas permeance ratios illustrated in Fig. 13 are independent of

the helium permeance at p/p0 ∼0.01 for this selection of mem-

branes, that all have relatively high quality. These results are in

line with a previous report [38] from our group. In this report

it was shown that if the membrane is not very defective, single

gas permeance ratios are much more affected by the variations in
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Fig. 13. Permeance ratios as a function of the He permeance at p/p0 = 0.01 for mem-

branes of type M30.

the substrate and by variations of pressure drop than by defects.

Thus, the minor differences in the observed permeance ratios in

the present work are likely caused only by experimental errors or

small differences in membrane thickness or substrate morphology.

Therefore, single gas permeance ratios cannot indicate membrane

quality for membranes that all have relatively high quality. The

almost constant single gas permeance ratios for these membranes

thus reflect intrinsic diffusion in the zeolite pores rather than dif-

fusion in defects.

3.5. Estimation of DMB transport and separation performance

from permporometry data

The separation factor ˛n-hexane/DMB as a function of temperature

for membranes M301 and M303 is shown in Fig. 14. Membrane

M301 has a separation factor of about 30 and membrane M303 has

a separation factor of about 40 at room temperature. The separation

factor is then increasing to about 60 for membrane M303 and to 50

for membrane M301 when the temperature is increased to 50 ◦C.

Fig. 14. Separation factor ˛n-hexane/DMB as a function of temperature for membranes

M301 and M303 of type M30.

Fig. 15. Measured and predicted DMB flows as a function of temperature for mem-

brane M303 (a) and M301 (b).

Then the two membranes behave completely different. The separa-

tion factor for membrane M303 is almost constant at 50 when the

temperature is increased to 350 ◦C. For membrane M301, the sepa-

ration factor is increasing to about 120 at 200 ◦C and then drops to

50 at 350 ◦C as for membrane M301. We speculate that this differ-

ence in temperature dependency of separation factor is related to

small differences in the onset of coke formation in the defects in the

two membranes as the temperature is increased. The appearance

of the membranes changed from white before the measurements

to grey and carbon was detected by EDS analysis (no gold coat-

ing in this case) on the membranes after measurements. It appears

as coke formation started in membrane M301 already at temper-

atures above 100 ◦C, which resulted in very high separation factor

at 200 ◦C. It appears as coke formation started at higher tempera-

tures in membrane M303 and that the defects in both membranes

were equally blocked by coke at 350 ◦C, which resulted in identical

separation factors at 350 ◦C. Random variations in separation fac-

tor as a function of temperature, perhaps caused by random onset

of coke formation, were observed for all membranes M301–M306.

The main conclusion from these observations is that defect charac-

terization by permporometry should be carried out at the intended

separation temperature.

Fig. 15a shows measured DMB flow in the separation experi-

ment as a function of temperature and predicted DMB flow from
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Table 4
Prediction of separation factor.

Membrane He permeance (10−7 mol s−1 m−2 Pa−1) Measured separation factor Predicted separation factor Relative error (%)

M303 0.29 40.0 35.8 10.6

M304 0.39 21.3 28.8 −35.1

M301 0.41 29.5 27.5 6.7

M302 0.46 25.2 24.0 4.6

M306 0.47 21.1 23.3 −10.6

M305 0.61 16.6 14.3 14.0

Fig. 16. Separation factor ˛n-hexane/DMB at room temperature as a function of the

helium permeance at p/p0 = 0.01.

permporometry data by Eq. (12) for membrane M303. At room

temperature, the predicted DMB flow through the membrane via

defects by Knudsen diffusion is about 10 times lower than the mea-

sured flow. This indicates that DMB is mainly transported through

an additional diffusion mechanism, such as via surface diffusion

[21] through both open defects and defects “blocked” by hydro-

carbon in the zeolite membrane. However, at higher temperatures,

the predicted DMB flow is approaching the estimated DMB flow by

Knudsen diffusion, and at 215 ◦C, the difference in estimated and

predicted flow is only about 25%. Again, this indicates that surface

diffusion dominates at low temperatures, and at high temperatures,

DMB is mainly transported by Knudsen diffusion through the open

defects, which explains the good correlation between estimated

flow by Knudsen diffusion with measured DMB flow at 215 ◦C.

Similar trends were observed for membrane M301, see Fig. 15b.

However, in this case, the predicted DMB flow at 215 ◦C is around 3

times higher than the measured flow, probably due to coke forma-

tion in the defects in this membrane, which reduced the measured

DMB flow and increased the separation factor as discussed above.

The discussion above clearly shows that it may be difficult

to predict membrane performance at higher temperatures from

permporometry data recorded at room temperature due to coke

formation at higher temperatures. Also, DMB transport is proba-

bly occurring via both Knudsen diffusion and surface diffusion and

can only be estimated if the transport by both Knudsen and surface

diffusion are known. However, it should be possible to correlate

permporometry data recorded at room temperature to separation

factor at room temperature as illustrated in Fig. 16.

This figure shows the separation factor ˛n-hexane/DMB at room

temperature as a function of the helium permeance at p/p0 = 0.01.

For this set of membranes, there is a linear correlation with a regres-

sion coefficient of 0.74 between these two variables. The separation

factor ˛n-hexane/DMB at room temperature can thus be predicted by

the empirical correlation:

˛n-hexane/DMB = −68˘He
0.01 + 55 (13)

where ˘He
0.01

is the helium permeance at p/p0 = 0.01.

It should be noted that other correlations in addition to the

one above were also evaluated such as the separation factor

˛n-hexane/DMB at room temperature as a function of the ratio of the

He permeance at p/p0 = 0 to the He permeance at p/p0 = 0.01. All of

them resulted in lower correlations than 0.74.

Table 4 shows the measured separation factor at room temper-

ature, the separation factor predicted by Eq. (13) and the relative

error.

For five out of six membranes the relative error in prediction

of the separation factor is less than 15%. Therefore, adsorption-

branch permporometry can be used not only for assessment of

membrane quality but also for prediction of membrane separation

performance.

4. Conclusions

Adsorption-branch permporometry is a simple and powerful

technique to estimate the distribution of flow-through defects in

zeolite membranes. For similar membranes of high quality, there

is no correlation between permporometry data and single gas

permeance ratios and the latter does not reflect small variations

in membrane quality. The permeance of the non-adsorbing gas

through defects measured in permporometry can be used to pre-

dict the permeance of molecules diffusing through defects in the

membrane and also the separation factor in mixture separation

experiments.
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