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“The dose makes the poison” 
– Paracelsus 
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ABSTRACT 
 
 
 
Zeolite membranes displaying high flux and high selectivity are of major 
interest for potential industrial applications, such as gas and liquid separations. 
In order to achieve high flux and high selectivity, the zeolite membrane must 
be thin (< 1 m) and free from flow-through defects. The development of 
thin defect-free zeolite membranes requires powerful tools for 
characterisation of the defects in the membranes. Permporometry is one of 
the most straightforward, non-destructive and powerful techniques for 
characterisation of flow-through pores in inorganic membranes. In 
permporometry, the flow of a non-adsorbing gas, e.g., helium, through the 
membrane is monitored as a function of the activity of a strongly adsorbing 
compound, e.g., hydrocarbon. 
 
In the present work, MFI membranes with a thickness of ca. 0.5 m were 
characterised by permporometry using helium as the non-adsorbing gas and 
n-hexane or benzene as the adsorbate. In order to appreciate permporometry 
data, the membranes were also characterised by scanning electron microscopy 
(SEM), single gas permeation and separation experiments.  
 
The work showed how permporometry can be used to quantify defects in the 
mesopore range in MFI membranes. The results were in excellent agreement 
with SEM observations and separation experiments. 
 
The permporometry technique was further developed for characterisation of 
micropore defects. A model describing helium transport in the zeolite pores 
in the presence of n-hexane or benzene was developed in order to determine 
the conditions of the permporometry experiment needed to block the zeolite 
pores. The model is based on percolation theory and knowledge of the 
adsorption isotherms and adsorption sites for n-hexane and benzene in the 
zeolite pores. Parameters needed in the model were estimated by density 
functional theory (DFT) using the local-density approximation (LDA). It was 
demonstrated that the model could adequately describe helium transport in 
zeolite pores in the presence of the hydrocarbons. The model revealed that at 
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50°C the MFI pores were virtually totally blocked at relative pressures higher 
than about 2 × 10-4 for n-hexane and 3.5 × 10-4 for benzene. 
 
For the first time, it was shown that flow-through defects down to 0.7 nm in 
size in MFI membranes could be detected by permporometry and quantified 
using the permporometry data. The total amount of defects in high quality 
MFI membranes was found to be small accounting for less than 1% of the 
total membrane area. In turn, defects with a width below 1 nm constituted as 
much as 97% of the total area of defects for the best membranes. The 
permporometry results were consistent with SEM observations and separation 
experiments, demonstrating that permporometry data adequately reflect 
membrane quality and that the technique is a very powerful and reliable 
characterisation tool. 
 
This work also illustrated that single gas permeance ratios could not detect 
slight variations in the membrane quality. For membranes with similar 
however slightly different amount of defects, the ratios are mainly affected by 
the membrane thickness and support morphology. 
 
The MFI membranes were also evaluated for separation of dilute aqueous 
solutions of n-butanol and ethanol by pervaporation. In addition to MFI 
membranes, 1 m zeolite X membranes were prepared using a similar 
synthesis method and evaluated for separation of water from ethanol using 
pervaporation. In pervaporation, a liquid mixture is fed to a membrane unit 
for separation. The permeate is a vapour, which is enriched in one of the 
components of the feed mixture depending on the membrane selectivity. The 
process is normally driven by a pressure gradient created by using vacuum on 
the permeate side. 
 
The MFI membranes were selective to n-butanol and ethanol, whereas 
zeolite X membranes were selective to water. The flux observed for the MFI 
membranes was about 100 times higher than those previously reported for n-
butanol/water and about 5 times higher than the highest reported for 
ethanol/water separation by pervaporation. At 60°C, the observed n-
butanol/water flux was about 4 kg m-2 h-1 and the n-butanol/water separation 
factor was about 10. At the same temperature, the membranes displayed an 
ethanol/water flux of ca. 9 kg m-2 h-1 and an ethanol/water separation factor 
of ca. 5. The zeolite X membranes showed good pervaporation performance 
in terms of both flux and selectivity. For instance, a water/ethanol separation 
factor of ca. 400 and a flux of ca. 1.5 kg m-2 h-1 were achieved at 50°C. 
However, both flux and selectivity were found to be reduced by a significant 
mass transfer resistance in the support in all the pervaporation experiments. At 
the same time, heat transfer limitations were found to be negligible. 
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1. INTRODUCTION 
 
 
 
1.1. ZEOLITES AT A GLANCE 
 
Zeolites (from the Greek words [1] “zeo” – boiling and “lithos” - stone) are 
inorganic crystalline materials composed of silicon, aluminium and oxygen 
supplemented with charge-balancing cations, such as Na+, H+, etc. Zeolites 
can be found in nature or prepared synthetically. The main feature of zeolites 
is a uniform and well-defined pore structure [2]. Based on the IUPAC 
classification [3], all pores can be divided into: micropores (< 2 nm in size), 
mesopores (2–50 nm in size) and macropores (> 50 nm in size). Zeolite pores are 
micropores varying in size from 0.3 to 1.3 nm [4] depending on the 
framework type [2]. According to the International Zeolite Association [5], 
around 200 different zeolite framework types have been identified thus far. 
Each framework type is assigned with a three letter code, for instance, FAU, 
LTA and MFI. Figure 1.1 shows skeletal models of the MFI and FAU 
frameworks. Zeolites with these two structures were prepared in the present 
work. The MFI zeolite pore structure is comprised of two types of 
intersecting pores, namely tortuous and straight, running in directions 
perpendicular to each other with an average pore diameter of ca. 0.55 nm. 
The intersections, where the two types of pores are connected, are elongated 
cavities with a diameter of at most 0.9 nm. The FAU zeolite pore structure is 

  
 

Figure 1.1. Skeletal models of MFI (left) and FAU (right) frameworks [5]. 
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three-dimensional with relatively large pores, i.e., 0.74 nm in diameter, 
running perpendicular to each other in all three directions in space. The 
pores are interconnected via a so-called supercage with a diameter of ca. 
1.2 nm. 
 
Apart from the pore size, zeolites may have different aluminium content 
normally expressed as the silicon-to-aluminium ratio (Si/Al ratio). In 
synthetic zeolites, the ratio can be adjusted by the synthesis procedure [2]. 
The higher the ratio, the less polar is the zeolite. Thus, the material properties 
may be tailored by altering the ratio to suit a particular application. 
Depending on the ratio, zeolites of MFI type are classified into ZSM-5 with a 
Si/Al ratio of 10–200, and silicalite-1 with a Si/Al ratio of more than 200 [6]. 
Silicalite-1 containing no aluminium is often referred to as all-silica zeolite 
[6]. Similarly to MFI, FAU zeolites are divided into zeolite X and zeolite Y 
possessing Si/Al ratios of 1–1.5 and 1.5–3 [6], respectively. 
 
Owing to their unique properties, zeolites have found numerous applications, 
including large industrial applications, such as catalysts for fluid catalytic 
cracking [2], ion-exchangers for water softening [7], adsorbents; and 
developing applications, such as chemical sensors and membranes. 
 
1.2. MEMBRANES 
 
1.2.1. An Introduction to Membrane Science 
 
A membrane (from the Latin word “membrum” – a limb of the body [8]) is a 
medium which chemical species or particles traverse in a controlled manner. 
This implies that the species or particles transport through (permeate) the 
membrane at a certain rate that may be regulated by altering the membrane 
properties, such as structure, composition, etc. The ability to control the 
permeation rate is exploited in a variety of separation applications. In a 
membrane separation process, a membrane resembles a very fine filter 
allowing separation of particles from 1–10 m in size and down to molecular 
level [9]. As in a regular filtration process, certain particles will be retained by 
the membrane, whereas the other particles will permeate the membrane. The 
permeation can be driven by any gradient in chemical potential, such as a 
pressure gradient (partial or total), temperature gradient, concentration 
gradient or electrical potential gradient [9]. 
 
In a membrane separation process, feed refers to the flow entering the 
membrane unit for separation. Permeate denotes the flow traversing the 
membrane, while retentate refers to the flow retained by the membrane. In 
most practical applications, the permeation is driven by a pressure gradient. A 
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total pressure gradient across the membrane is usually maintained by using a 
pressurised feed or by creating vacuum on the permeate side by using, e.g., a 
vacuum pump. In case a partial pressure gradient is used to drive the 
permeation, a flow of an inert gas, e.g., helium, referred to as sweep gas, is fed 
to the permeate side to maintain the gradient. Membrane performance is 
normally evaluated in terms of flux, permeance and separation factor. The molar 
flux Ji (mol s-1 m-2) of component i is defined as [9] 
 

film

i
i A

F
J , (1.1) 

  
where Fi (mol s-1) is the molar flow rate of component i through the 
membrane; 

filmA  (m2) is the membrane area. 

 
The permeance i  (mol s-1 m-2 Pa-1) of component i can be derived from the 
flux as [9] 
 

ifilm

i

i

i
i PA

F

P

J
, (1.2) 

  
where Pi (Pa) is the partial pressure difference of component i across the 
membrane. 
 
The separation factor ji /  is typically defined as the ratio of component 

concentrations in the permeate to those in the feed [9]: 
 

feedji

permeateji
ji nn

nn

)/(

)/(
/ , (1.3) 

  
where in  and jn  are the concentrations (e.g., mole fractions or 

weight fractions) of the separated components i and j, respectively. 
 

 
Based on the material used for membrane fabrication, membranes can be 
organic (usually polymeric), inorganic (e.g., ceramic, metal) or composite [9, 
10]. Also, membranes can be porous or dense (nonporous), and supported or 
non-supported (self-supported). The purpose of the support (also referred to as 
substrate) is to provide mechanical stability, and it is always used in the case of 
thin (< 1 m) membranes. The number of membrane applications is vast [9, 
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10], including well-established processes, such as reverse osmosis, 
ultrafiltration, microfiltration, electrodialysis and hemodialysis; recently 
established processes, such as gas separation and pervaporation; and 
developing or recently emerging membrane applications, such as 
piezodialysis, membrane contactors and membrane reactors. 
 
1.2.2. Zeolite Membranes 
 
Zeolite membranes are inorganic polycrystalline membranes composed of 
well-intergrown zeolite crystals. Zeolite membranes are microporous 
membranes with a well-defined pore structure determined by the zeolite 
framework. Due to their porous nature, zeolite membranes normally exhibit 
higher fluxes compared to dense polymeric membranes. Since the pore size is 
determined by the crystal structure, the selectivity may be very high, 
depending on the size and adsorption properties of the molecules to be 
separated. The membranes may also possess high chemical, thermal and 
mechanical stability. The combination of high flux, high separation 
performance and high durability lends great potential advantage to zeolite 
membranes over polymeric membranes in numerous separation 
processes [11]. 
 
A separation process using zeolite membranes can follow any of the three 
mechanisms: preferential adsorption, preferential diffusion or molecular sieving, see 
Figure 1.2. In the adsorption governed separation, one or several of the 
components in the mixture are adsorbing in the membrane and can traverse 
the membrane, whereas the non-adsorbing components are retained. If the 

 
 

Figure 1.2. The principal separation mechanisms in zeolite membranes. 
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separated components have different diffusivities in the membrane pores, the 
component diffusing faster will preferentially permeate the membrane. In the 
size-based separations (molecular sieving), solely the components smaller than 
the membrane pores can permeate. In a real separation process, the separation 
is often governed by a combination of different mechanisms. 
 
As mentioned above, there are as many as 200 different zeolite frameworks, 
however, only a few have been prepared as membranes [12], with the most 
common being: MFI, FAU and LTA. In turn, among the prepared 
membranes only LTA membranes [13] have been demonstrated in large-scale 
for ethanol dehydration by pervaporation. In order to be feasible in industrial 
applications, the membranes should display high fluxes and sufficient 
selectivities. This implies that the produced membranes should be very thin 
(< 1 m) to achieve a high flux, and possess essentially no defects, i.e., no 
pores larger than the zeolite pores, to display a sufficient selectivity. It is 
possible to prepare very thin zeolite membranes using rigid substrates as a 
mechanical support, as mentioned above. However, all membranes have 
defects to a certain extent. There are different types of defects in zeolite 
membranes. A very common type of defects is open grain boundaries. Open 
grain boundaries are intercrystalline pores between two adjacent grains. An 
open grain boundary may in fact propagate throughout the entire film 
thickness, thereby significantly affecting the selectivity. Insufficient film 
growth or poor seeding, i.e., the coverage of the support surface with zeolite 
crystals prior to the film synthesis [14], may result in formation of pinholes 
[15]. Membranes may also contain cracks. The cracks may form during 
heating of supported zeolite membranes to high temperatures (  500°C), e.g., 
during calcination, if there is a mismatch in the thermal expansion between 
the zeolite film and the support [16, 17]. In addition, zeolite crystals 
composing the film may as well contain defects referred to as intracrystalline 
defects, such as broken Si–O–Si bonds [18] resulting in formation of 
micropore defects. Broken Si–O–Si bonds may also lead to an increased 
polarity of the zeolite as polar OHSi  groups may form. 
 
The defects mentioned above are normally permeable and it is the permeable 
defects that are of major importance, which explains the use of the term flow-
through defects. The presence of flow-through defects results in lower 
selectivity of the membrane, and hence lower efficiency of the separation 
process. Thus, elimination of the defects is of great importance to improve 
the separation performance of zeolite membranes. It is evident, however, that 
in order to eliminate defects, the defects must be studied and characterised, 
which calls for effective and reliable tools for characterisation of defects in the 
membranes. The present work is partly focused on the development of 
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permporometry as a powerful technique for characterisation of the size and 
amount of defects in zeolite membranes. 
 
1.3. AN OVERVIEW OF PERMPOROMETRY 
 
Permporometry, also known as porosimetry [19] and permporosimetry [20], 
is a flow-through technique for characterisation of size and amount of pores 
in porous membranes. It was first applied for the characterisation of ceramic 
membranes [21-27], and since 2001 there have also been many reports on 
characterisation of defects in zeolite membranes by permporometry [19, 28-
34]. It should be noted that the technique has primarily been used for 
characterisation of mesopore defects. The principle of the method is based on 
monitoring how the permeance of a non-adsorbing gas, e.g., helium, through 
the membrane is varying with the concentration of an adsorbate (heavy 
component), e.g., n-hexane, in the feed. The major advantage of 
permporometry analysis is its simple and non-destructive nature. 
 
In a permporometry experiment, the dry membrane is first fed with the non-
adsorbing gas only. The gas molecules can go through any kinds of pores 
since all the pores are fully open, see Figure 1.3. The initial gas permeance 
thus reflects the total permeance through the membrane. Subsequently, a 
small amount of the adsorbate is added to the feed. This small amount is only 
sufficient to block pores smaller than a certain size, whereas all the larger 
pores will remain open and hence permeable for the gas. A further increase in 
the adsorbate concentration in the feed will cause larger pores to be blocked. 
The increase in the concentration is performed in a step-wise manner 
resulting in a gradual blockage of the pores. The concentration of this 
component in the feed is proportional to the size of the blocked pores. Thus 

 
 

Figure 1.3. Schematic illustration of the permporometry principle. 
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knowing the concentration, the pore size can be estimated. The two main 
approaches used for this estimation are the Horvàth-Kawazoe approach [35] 
applied for micropores, and the Kelvin approach [36] applied for mesopores. 
In addition to the pore size estimation, the amount of pores (defects) of a 
specific size can also be evaluated. A model for this evaluation was developed 
in the present work. 
 
1.4. DIFFUSION IN POROUS MEDIA 
 
1.4.1. An Overview 
 
Diffusion of fluids inside a porous medium has always been of great interest 
and importance since catalysts, adsorbents and membranes are typically 
porous. Depending on the pore size, the size of the molecules traversing the 
pore and the operating conditions, the diffusion mechanism can vary greatly 
from system to system. In general, four principal types of diffusion 
mechanisms in porous media can be distinguished, as portrayed schematically 
in Figure 1.4: 
 
I. Molecular (or bulk) diffusion. This type of diffusion usually prevails in large 

pores and at high pressures, when the moving diffusant molecules 
collide with each other rather than with the pore walls. If transport in a 
macroporous medium is driven by a total pressure gradient, the diffusion 
is considered to be governed by viscous flow, also referred to as Poiseulle 
flow [37]; 

  
II. Knudsen diffusion. This type of diffusion is significant when the mean 

free path of the diffusant molecules is greater than the pore size. In this 
case, the molecules traverse the pore mainly by colliding with the pore 
walls. It is worth pointing out that when molecules bounce off the walls 
they are immediately adsorbed and re-emitted in a random direction 
[38]. Knudsen diffusion normally prevails in mesopores and small 
macropores when the ratio between the mean free path and the pore 
diameter is greater than 10 [39]; 

  
III. Surface diffusion. This type of diffusion is governed by adsorption of the 

diffusant molecules on the pore wall surface. The molecules travel along 
the wall by hopping from one adsorption site to another (site-to-site 
hopping). This mechanism normally prevails in microporous structures, 
thereby often being referred to as micropore diffusion, and in the case of 
diffusion of strongly adsorbing species; 

  
IV. Configurational (or activated) diffusion. Such a mechanism has a prominent 
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contribution to the diffusion when the pore size is comparable to the 
size of the diffusant molecule. This is often the case for the transport in 
zeolites, hence the diffusion in zeolites is typically considered to be 
configurational diffusion [40, 41]. Configurational diffusion is an 
activated process following the “hopping” mechanism [42]. Since the 
pore and diffusant molecule sizes are similar to each other, the diffusant 
molecules are always in close contact with the pore walls and hence may 
spend a long time at certain sites while travelling along the pore, 
resembling the hopping from one adsorption site to another in surface 
diffusion. In some cases the transport may also be enhanced or entirely 
governed by adsorption. In fact, there is no explicit difference between 
configurational and surface diffusion. In the literature, the former is 
often considered as only a type of surface diffusion. 

 
1.4.2. Modelling of Diffusion in Zeolites 
 
As mentioned above, diffusion in zeolites is considered to be configurational 
(or activated) diffusion, whereby the diffusant molecules are always in close 
proximity to the pore walls, and the transport is strongly dependent on the 
pore size and topology. In general, motion of molecules within a zeolite 
structure can be characterised by the two models [41]: 
 
I. Gas translational (GT) model. The molecules inside the zeolite are 

assumed to retain the gaseous nature despite the fact that the movements 
are restricted by the structure; 

  
II. Solid vibration (SV) model. The molecules inside the zeolite are assumed 

to lose the gaseous nature due to the strong interaction with the zeolite 
structure. 

 

 
 

Figure 1.4. Principal types of diffusion mechanisms in porous media 
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In most studies published in the open literature, the motion of molecules has 
been described by the GT model. The SV model might be apposite when 
studying the diffusion of very polar molecules or at extremely low 
temperatures [41]. 
 
Due to the wide variety of zeolite structures and different nature of 
transported species, adequate modelling of diffusion in zeolites may become 
challenging. Three principal approaches to model diffusion may be 
distinguished [42]: microscopic, mesoscopic and macroscopic. It is worth pointing 
out that the approaches can be used in conjunction with each other, and the 
output from one approach can often be the input for another, so-called 
multiscale modelling. 
 
1.4.2.1. Microscopic Approach 
 
In the microscopic (atomistic) approach, the interactions between elements 
(atoms or molecules) of a certain zeolite-diffusant system are simulated by 
using classical or quantum mechanical methods. Such methods are detailed 
and sophisticated requiring extensive computational resources. It is worth 
pointing out that quantum mechanical methods, such as density functional 
theory (DFT) or ab initio molecular dynamics, allow to obtain the system 
properties from first principles. 
 
The microscopic methods are widely used for modelling diffusion of single 
components, such as noble gases, “spherical” gas molecules (e.g., CH4, CF4), 
certain hydrocarbons (e.g., butane, hexane, benzene), etc., in zeolites. 
However, the methods are rarely used for simulations of complex systems, 
such as zeolite structures loaded with large molecules or a mixture of large 
molecules due to a prohibitively long computational time [42]. 
 
1.4.2.2. Mesoscopic Approach 
 
In mesoscopic methods for modelling the diffusion, the zeolite structure is 
simplified to a lattice comprised of a grid of coarse-grained adsorption sites 
connected by bonds. Molecules are assumed to diffuse by hopping from site 
to site along the bonds. The movements can be described by a certain set of 
equations. Diffusivities and other parameters can further be estimated by 
solving the equations. 
 
Among the principal mesoscopic methods are dynamic Monte-Carlo 
simulations, transition-state theory and percolation theory. Mesoscopic 
simulations are generally less detailed than microscopic simulations, however, 
the mesoscopic methods are faster and simpler than the microscopic ones 
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[42]. In the present work, percolation theory was used to model the transport 
of helium in MFI zeolite loaded with n-hexane or benzene. A brief 
introduction to percolation theory is given in one of the following sections. 
 
1.4.2.3. Macroscopic Approach 
 
The most common macroscopic approach is a phenomenological approach 
relying on Fick’s first law of diffusion postulating that the net molar flux Ji of 
species i traversing the medium in a certain direction is proportional to the 
species concentration gradient as 
 

x

c
DJ i

ii , (1.4) 

  
where Di (m

2 s-1) is the diffusion coefficient or diffusivity; 
xci  (mol m-4) is the concentration gradient of species i in direction x. 

 
Irrespective of diffusion mechanism, the diffusivity Di of a molecule in a pore 
can be expressed as [41, 43] 
 

RT

E
LuD gi exp , (1.5) 

  
where g (–) is the geometrical probability (or geometrical factor), i.e., the 
probability that the molecule will diffuse in the desired direction; 
L (m) is the diffusional length, i.e., the average distance between collisions or 
hops; 
u (m s-1) is the velocity, at which the species travels; 
R (J mol-1 K-1) is the gas constant; 
T (K) is the temperature; 

E (J mol-1) is the activation energy (energy barrier) for the diffusion. Surface 
and configurational diffusion, occurring in micropores, are activated diffusion, 
i.e., E  0 [40, 42]. It should be noted, however, that with increasing pore 
size, the activation energy decreases, tending to zero, and the diffusion regime 
reaches Knudsen diffusion [41]. 
 
The main advantage of this macroscopic approach to diffusion is its 
simplicity. Despite its simplicity, this approach provides satisfactory results in 
most cases and it is therefore commonly used  to estimate diffusivities in a 
variety of systems [40]. This diffusivity is often referred to as Fickian 
diffusivity. 
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Another common macroscopic approach is the Maxwell-Stefan approach. It is a 
more general and fundamental macroscopic approach to mixture diffusion in 
zeolites accounting for thermodynamic non-idealities of the system and 
effects of external force fields on the transport [40, 42]. In this approach, the 
zeolite is treated as an additional species which is immobile, and the gradient 
in chemical potential (not concentration) is considered as the driving force for 
the diffusion of mobile species [44]. The diffusivity of species i in this case is 
referred to as Maxwell-Stefan diffusivity (Ð), and for a binary mixture it can 
be related to Fickian diffusivity as 
 

ÐDi , (1.6) 
  
where  (–) is the thermodynamic factor.  
 
It should be noted that  is equal to unity for gaseous mixtures at low and 
moderate pressures, and for thermodynamically ideal liquid mixtures [40]. 
Hence, for such mixtures the Maxwell-Stefan and Fickian diffusivities are 
identical. 
 
1.4.2.4. A Brief Introduction to Percolation Theory 
 
Percolation is a mathematical theory introduced in 1957 by Broadbent and 
Hammersley [45] to describe the transport of a fluid in porous media. Such a 
medium is comprised of a set of interconnected channels (also, pathways or 
bonds), which may allow a fluid to pass through the medium [46], see Figure 
1.5. The pathways may be open or blocked, partially or fully. 

 
 

Figure 1.5. Schematic illustration of the structure of a porous medium 
with open and blocked (partially or fully) sites and bonds. 
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To describe the medium, one can introduce sites (nodes), or intersections, 
connected with bonds, or channels. If the transport of a fluid is primarily 
dependent on the blockage of the bonds, the system may be described by a 
bond percolation model [46]. In the other case, i.e., when the intersections are 
considered to be open or blocked, a site percolation model should be used [46]. 
It is worth pointing out that site models are more general than bond models. 
The latter implies that each bond model can be converted into a site model 
but not vice versa [46]. 
 
Percolation has been used to model a variety of real systems. For instance, 
percolation models have been introduced to describe spreading of oil in water 
[47], infections [48], wildfires [49], and conductivities in composite materials 
[50]. Percolation theory has also been applied to describe diffusion in zeolites. 
Beyne and Froment [51] described ZSM-5 catalyst deactivation by coke 
formation using a percolation model. Chmelik et al. [52] investigated the 
transport of n-butane/iso-butane mixtures in silicalite-1, and a percolation 
approach was used to describe the accessibility of different regions in the 
silicalite-1 crystal for n-butane. Keffer et al. [53] studied the effects of 
percolation using Monte-Carlo lattice dynamics on hypothetical zeolite 
lattices. The authors demonstrated that the percolation theory was apposite to 
a wide variety of transport problems in zeolites. However, in none of the 
studies the effect of defects in the zeolite on mass transport was taken into 
consideration. 
 
For an analytical treatment of percolation problems, certain approximations 
should be introduced. One of the most commonly used approximations is the 
effective medium approximation (EMA) [44]. By applying the EMA to a 
percolation problem, the diffusivities in the lattices comprised of blocked and 
vacant sites (or bonds) can be estimated [44]. The main principle behind this 
approximation is that the disordered network with randomly blocked sites (or 
bonds) is replaced with a uniform effective medium, having the same 
diffusivities between all connected sites. The EMA has been shown to be 
rather accurate and adequate in predicting diffusivities [44, 51, 54], and it was 
also used in the present work. 
 
Prior to developing a percolation model, whereby adsorbed species block the 
transport, it is important to know the adsorption isotherm and the location of 
the adsorption sites within the framework. The MFI pore system is well 
studied, and adsorption can occur in intersections, straight and tortuous 
channels. For MFI, adsorption isotherms have been measured for numerous 
compounds, including n-hexane [55, 56] and benzene [57, 58]. These two 
molecules were used as adsorbates in the permporometry experiments in the 
present work. According to Monte-Carlo simulations of the n-hexane/MFI 
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system [59], n-hexane molecules adsorb equally in intersections, straight and 
tortuous channels at loadings below 4 molecules per unit cell. At higher 
loadings, the adsorbate occupies only the channels. Benzene exhibits a slightly 
more complicated adsorption behaviour [60, 61]. In the low loading range, 
i.e., < 4 molecules per unit cell, all benzene molecules occupy the 
intersections only. A further increase of the loading to 6 molecules per unit 
cell results in the two extra benzene molecules to adsorb in the tortuous 
channels. At the loading ranging from 6 to 8 molecules per unit cell, four 
benzene molecules occupy the intersections and the remaining molecules are 
distributed in the straight channels [61]. 
 
1.5. PERVAPORATION FOR PRODUCTION OF BIOFUELS 
 
Biofuels are currently of tremendous interest for the reasons of energy saving, 
diversity, and sustainability as well as diminishing the greenhouse effect. The 
feedstock for biofuels is biomass. Industrial biomass is mainly represented by 
wood, corn, sugarcane or products of their processing, such as pulp, tall oil, 
corn steep liquor, etc. In order to increase the use of biofuels, efficient 
processes able to compete with the production of fossil fuels have to be 
developed. 
 
Pervaporation is a membrane based technology used for separation of liquid 
mixtures. In the process, the feed is a liquid mixture flowing on one side of 
the membrane, and the permeate is a vapour removed from the other side of 
the membrane. Transport through the membrane is driven by the partial 
pressure (fugacity) difference across the membrane. In order to maintain the 
difference, vacuum is usually created on the permeate side by either a vacuum 
pump (when operating in the laboratory) or by cooling down the permeate 
vapours below the dew point. The retentate, i.e., the part of the feed retained 
by the membrane, is normally recirculated. 
 
Both polymeric and inorganic membranes can be used in pervaporation. 
Pervaporation is especially attractive as a more energy efficient alternative to 
distillation for separation of azeotropes and liquid mixtures comprised of 
close-boiling or thermally unstable components. The energy efficiency ensues 
from the fact that only a small fraction of the feed mixture needs to be 
vaporised since the process is normally designed in the way that the minor 
component of the mixture should permeate. In general, it is an appealing 
technique for water purification, organic/organic separations, and 
dehydration of solvents and biofuels, such as bioethanol or biobutanol. 
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Bioethanol is produced by fermentation of sugars from biomass. In essence, 
the bioethanol is a lean ethanol solution with a concentration varying from 5 
to 8 wt.% [62]. Separation of this water-ethanol mixture by distillation is an 
extremely energy consuming process. Concentration and dehydration of 
bioethanol by pervaporation would increase both the energy efficiency of the 
process and the productivity of the fermenters since the ethanol in principle 
could be removed continuously from the fermentation broth preventing 
inhibition of the microorganisms [62]. Hydrophobic membranes, such as MFI 
zeolite membranes, could be used for the concentration step, while 
hydrophilic membranes, such as FAU zeolite membranes, could be used for 
dehydration of the concentrated bioethanol solution, see Figure 1.6. 
 
Liquid fuels from biomass can also be produced by the so-called acetone-
butanol-ethanol (ABE) fermentation. Biobutanol appears to be a very 
appealing biofuel due to its relatively long hydrocarbon chain. However, the 
biobutanol produced by ABE is a very dilute solution, normally with a 
butanol content below 3 wt.%, and concentration of such a solution by 
distillation would require more energy than the energy content of the 
biofuel. In order to make the process energetically and economically 
attractive, efficient butanol recovery techniques are needed [63], and 
pervaporation is considered to be one of the most promising alternatives. As 
in the case with bioethanol, membranes could be used for both the 
concentration and final dehydration of the biobutanol, see Figure 1.6. 
 
1.6. SCOPE OF THE PRESENT WORK 
 
The main goals of the present work were to: 
 
I. Develop permporometry for a detailed characterisation of defects in 

MFI membranes. The work aimed at achieving a better understanding 

 
 

Figure 1.6. Fermentation route for production of dry alcohol fuels. Yellow 
blocks indicate potential membrane application (pervaporation). 
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of the transport of molecules used in permporometry, and at improving 
the technique to enable characterisation of a broad range of defects, 
including micropore defects with the size close to the size of the zeolite 
pores; 

  
II. Benchmark permporometry against other techniques for membrane 

characterisation, such as scanning electron microscopy, single gas 
permeation and separation experiments; 

  
III. For the first time evaluate the performance of ultra-thin MFI and FAU 

membranes for separation of aqueous solutions of n-butanol and ethanol 
by pervaporation. 
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2. EXPERIMENTAL 
 
 
 
2.1. MEMBRANE SYNTHESIS 
 
2.1.1. MFI Membranes 
 
MFI membranes with different film thicknesses were grown on masked or 
non-masked graded alumina discs (Fraunhofer IKTS, Germany) using a 
seeding method as described in detail elsewhere [15, 19]. The masking 
procedure [15] prevents the zeolite film from growing into the support. The 
discs with a diameter of 25 mm are comprised of two layers: a thin top layer 
with a thickness of 30 m and 100 nm pores; and a thicker base layer with a 
thickness of 3 mm and 3 m pores. A schematic representation of the 
composite membrane is shown in Figure 3.1. A colloidal dispersion of 50 nm 
MFI crystals was used for seeding. The film was grown by hydrothermal 
treatment in a synthesis solution with the molar composition: 3TPAOH : 
25SiO2 : 1450H2O : 100C2H5OH at 100°C. Table 2.1 summarises the 
differences in the fabrication procedure of the synthesised membranes. In the 
sample codes, U indicates membranes prepared on non-masked substrates and 
M on masked substrates. The film thickness was controlled by the duration of 
the hydrothermal treatment. The duration in hours is indicated in the 
membrane code with the two digits following the letter U or M. After the 
synthesis, the membranes were rinsed with a 0.1 M ammonia solution for 
24 h and calcined for 6 h at 500°C using a heating rate of 0.2°C min-1 and a 
cooling rate of 0.3°C min-1. 
 
Table 2.1. Sample codes, preparation procedures and film thicknesses. 
Membrane 

code Support masking Synthesis time (h) Film thickness ( m) 

U72 No 72 1.8 
U30 No 30 0.9 
M72 Yes 72 1.1 
M30 Yes 30 * 0.5 

* The synthesis time was increased to 36 h in the work described in Papers II, III and 
IV to achieve a film thickness of 0.5 m 
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2.1.2. Zeolite X Membranes 
 
Supported zeolite X (FAU) membranes with a film thickness of ca. 1 m 
were prepared as described in detail in Paper V and in brief below. The same 
graded alumina discs as for MFI membranes were used as supports for the 
zeolite X membranes. Colloidal FAU seed crystals with a size of ca. 80 nm 
were prepared from a clear homogeneous solution [64] with the composition: 
2.46(TMA)2O : 0.032Na2O : 1Al2O3 : 3.4SiO2 : 400H2O using a one-step 
synthesis method. The seeds were then deposited on the support surface using 
a one-step seeding method described elsewhere [19]. The seeded supports 
were calcined for 8 h at 500°C at heating and cooling rates of 0.3°C min-1. 
Further, a zeolite film was grown by a hydrothermal treatment in a synthesis 
solution for 80 min at 100°C. The molar composition of the solution was 
80Na2O : 1Al2O3 : 9SiO2 : 5000H2O [65]. After the synthesis the membranes 
were rinsed in methanol for one week. 
 
2.2. SINGLE GAS PERMEATION EXPERIMENTS 
 
The flows of He, H2, N2 and SF6 through the membrane were measured by a 
digital flow meter (ADM 2000, Agilent Technologies) at room temperature 
directly after calcination of the membranes using a feed pressure of 1.8 bar 
and atmospheric permeate pressure. 
 
2.3. PERMPOROMETRY EXPERIMENTS 
 
Permporometry experiments were carried out using the experimental set-up 
illustrated in Figure 2.1. Helium was used as the non-adsorbing gas and n-

 
 

Figure 2.1. Schematic illustration of the permporometry set-up. 
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hexane or benzene was used as the adsorbate. 
 
The membranes, sealed in a stainless steel cell with graphite gaskets (Eriks, 
The Netherlands), were first heated to 300°C at a heating rate of 1°C min-1 
and then kept at this temperature for 6 h in a flow of pure helium. 
Thereafter, the membranes were allowed to cool to room temperature (Paper 
I) or 50°C (Papers II, III and IV). The feed pressure was adjusted to 101 kPa 
using a back pressure regulator of membrane type (Moore Products CO, 
Model 63 SU-L). The permeate pressure was kept at atmospheric pressure. 
The pressure difference was continuously recorded with a combined 
flow/pressure meter (Chrompak FP-meter Model FP-407). Helium gas 
(AGA 99.999%) was fed to the membrane via mass flow controllers 
(Bronkhorst HI-TEC). One helium stream was fed directly to the membrane, 
while another one was first saturated with n-hexane (Alfa Aesar, 99%) or 
benzene (Fluka, 99.5%) by passing through three saturators connected in 
series. The first saturator was kept at room temperature, the second in a water 
bath at 17.5±0.1°C controlled by a thermostat. The third saturator was kept 
in a thermostatically controlled silicone bath at –40.00±0.01°C in the case of 
n-hexane or 6.00±0.01°C in the case of benzene. It should be noted that the 
set-up used in the work described in Paper I lacked the third saturator. The 
two helium streams were mixed before entering the cell in order to arrive at 
the required relative pressure of the hydrocarbons. The relative pressure was 
increased in a step-wise manner. The permeate containing helium and one of 
the hydrocarbons was directed to a condenser followed by a column filled 
with activated carbon to remove the hydrocarbon from the stream prior to 
measuring the flow rate of helium. The flow of helium was continuously 
monitored by means of a combined flow/pressure meter (Chrompak FP-
meter Model FP-407). At each measuring point, the system was allowed to 
equilibrate until a steady-state flow of helium was reached. The flow rate was 
then measured accurately with a suitable soap bubble flow meter. These data 
were used in the subsequent calculations. 
 
2.4. GAS SEPARATION EXPERIMENTS 
 
In the present work, separation of two gaseous mixtures was carried out. One 
was a mixture of n-hexane and 2,2-dimethylbutane (DMB) (Paper I), and the 
other was a mixture of n-hexane and 1,3,5-trimethylbenzene (TMB) (Paper 
III). 
 
Separation experiments with a mixture of n-hexane and DMB (Fluka, 99%) 
in a flow of helium as a carrier gas (atmospheric pressure) were performed 
directly after completion of the permporometry experiment as follows. The 
membrane was equilibrated with the mixture overnight at room temperature 
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using helium as a sweep gas (atmospheric pressure). On the following day, 
the measurement started at 25°C, and the temperature was increased to about 
350°C with a heating rate of 0.5°C min-1. The permeate was analysed every 
22 minutes using a GC (Varian CP-3800) connected on-line. 
 
Separation experiments using n-hexane and TMB (Sigma-Aldrich, 99.0%) 
were performed directly after completion of the permporometry experiment 
as described below. Helium at atmospheric pressure was used as a carrier gas 
for the feed and as a sweep gas for the permeate. Prior to the separation 
experiments, the membrane was allowed to equilibrate with the feed 
overnight at 50°C. On the following day, the separation experiments were 
carried out at about 50, 160, 300 and 400°C. The permeate was analysed 
using a GC (Varian CP-3800) connected on-line. 
 
The separation factor hexane/HC-n  was estimated as 
 

feedn

permeaten
n yy

yy

HChexane-

HChexane-
hexane/HC- /

/
, (2.1) 

  
where HC is DMB or TMB; 
y is the mole fraction. 
 
2.5. SEM ANALYSIS 
 
SEM analysis of membranes was carried out using a Philips XL 30 SEM with 
a LaB6 electron gun (Paper I) or an FEI Magellan 400 field emission XHR-
SEM (Papers II–V). The SEM samples in the work described in Paper I were 
gold coated, while the samples in the work reported in Papers II–V were 
analysed without any coating. 
 
2.6. PERVAPORATION EXPERIMENTS 
 
Separation of homogeneous aqueous solutions of n-butanol and ethanol by 
pervaporation were carried out using a set-up illustrated in Figure 2.2. The 
liquid mixture was fed to the membrane cell at a flow rate of ca. 0.7 kg min-1 
from a stainless steel vessel. The total volume of the feed was ca. 3 l. The 
retentate was recirculated into the feed tank. In the case of MFI membranes, 
the concentrations of n-butanol/water and ethanol/water feed mixtures were 
3/97 wt.% and 10/90 wt.%, respectively. In the case of zeolite X membranes, 
the feed mixture contained 90 wt.% of ethanol and 10 wt.% of water. The 
composition of the feed during the experiment was nearly constant due to 
insignificant weight losses. The desired temperature in the feed tank was 
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maintained by a temperature control system connected to a heating jacket 
surrounding the tank. The feed and retentate piping as well as the membrane 
cell were insulated to minimise heat losses. The temperature of the cell was 
monitored by a thermocouple. On the permeate side, vacuum was created by 
a vacuum pump. The permeate pressure was controlled by a needle valve 
installed on the suction line. The permeate was collected in a liquid nitrogen 
cold trap. The system was allowed to equilibrate for 1 h at each temperature 
prior to collecting the samples. The total duration of the pervaporation 
experiment was 4 h. There were two parallel cold traps in order to enable 
continuous operation. Permeate samples were collected at fixed times. The 
composition of the samples was analysed using a GC (Agilent Technologies 
6890N Network GC System equipped with a flame ionization detector). In 
the case of n-butanol, the two-phase permeate sample was diluted with Milli-
Q water prior to analysis in order to obtain a homogeneous sample. 
 

Separation performance was evaluated in terms of total mass flux w
tJ  (kg m-2 

h-1) and separation factor ji / : 

 

film
w
t AmJ / , (2.2) 

  
where m  (kg h-1) is the permeate mass flow rate. 
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where w is the weight fraction. 
 
 

 
 

Figure 2.2. Schematic illustration of the pervaporation set-up. 
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3. MODELLING 
 
 
 
3.1. PERCOLATION MODELS 
 
The effective medium approximation (EMA) allows an approximative but 
analytical treatment of percolation [53, 54, 66]. In this work, EMA-based 
percolation models (further referred to as percolation models) were used to 
estimate the flow of helium through zeolite pores in the presence of the 
adsorbates n-hexane or benzene. The lattice of an MFI crystal is equivalent to 
the diamond lattice with a coordination number of 4. In the presence of 
adsorbing species, the lattice bonds, i.e., channels in a zeolite lattice, or nodes, 
i.e., intersections, can become partially or completely blocked by the 
adsorbates. The mean diffusivity through the zeolite Dm for bond percolation 
is given by [53, 66] 
 

0
120

g(D)dD
DDz/

DD

m

m , (3.1) 

  
where z (–) is the average coordination number; 
g(D) (–) is the distribution of bond conductances. 
 
In the current work, a bimodal distribution was used: 
 

01 DDDDg(D) bondbbond , (3.2) 
  
where bond is the fraction of blocked channels (loading); 
(1 – bond) is the fraction of vacant channels; 
 is the Dirac delta function; 

D0 is the diffusivity through a vacant channel; 
Db is the diffusivity through a blocked channel. 
 
Further, one can define a slip coefficient f (–) as the ratio between Db and D0. 
A solution of Equations 3.1 and 3.2 together provides: 
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where 
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For site percolation the following expression [67] was used: 
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where  
  

/)1(Q , (3.4a) 
  
where  is determined from the lattice Green function for a diamond lattice 
[68]. In this case, Q was estimated to be 1.26; 
D0b is the intermediate diffusivity in the connection between a blocked and a 
vacant site determined as [69] 
 

bb DDD /1/15.0/1 00 . (3.4b) 
 
It should be noted that Equation 3.4 was originally derived for the case of 
limiting concentrations, i.e., blocked sites ( site) 0 and vacant sites (1–

site) 0, however, it was shown [67] that the expression was valid over all 
concentrations provided that the slip coefficient was much lower than unity. 
In the present work, slip coefficients for both n-hexane and benzene were 
estimated using ab initio density functional theory employing the local density 
approximation (DFT–LDA) as described in Paper II, allowing us to develop 
percolation models with no adjustable parameters. 
 
The DFT–LDA calculations resulted in the slip coefficients well below unity 
for both n-hexane and benzene, namely 1.73 × 10-5 and 8.2 × 10-5, 
respectively. We have demonstrated that it is sufficient with a small slip 
coefficient to adequately describe the experimental data using percolation 
models, see Paper II for more details. 
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3.2. MASS TRANSPORT IN ZEOLITE FILM 
 
As will be discussed below (see Section 4.1.2), mass transport in zeolite pores 
and defects in the zeolite film should primarily occur in parallel (or 
independent) processes. Thus, the measured helium permeance through the 
zeolite film at each point i in the permporometry experiment film,i can be 
expressed as a sum of the helium permeance through zeolite pores zp,i and 
the helium permeance through defects defects,i: 
 

idefectsizpifilm ,,, . (3.5) 
 

film,i was estimated from the helium flow measured in the permporometry 
experiment considering the pressure drop across the film only, i.e., the 
pressure drop over the support was removed as described earlier [70]. 
 
As discussed in Section 1.4.2.4, n-hexane primarily adsorbs in the channels 
(bonds) at all n-hexane loadings ( n-hexane) and, therefore, a bond percolation 
model was used for the n-hexane/helium system. The relationship between 

n-hexane and bond is consequently: n-hexane = bond. Benzene mainly adsorbs in the 
intersections (sites) at the loadings studied ( benzene), and, hence, a site 
percolation model was used for the benzene/helium system. The relation 
between site and benzene is: site = benzene/0.559, where 0.559 corresponds to the 
benzene loading at which all the intersections are occupied, see Paper II for 
more details. Further, using the percolation models, the permeance of helium 
through zeolite pores ( zp,i) at a certain loading of the hydrocarbon can be 
estimated from 
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where zp,0 is the helium permeance through zeolite pores at zero loading 
estimated from experimental data as described below in Section 4.1.1.2. 
 
Using Equation 3.5, the permeance through defects defects,i can then be 
estimated from the measured permeance through the film film,i and the 
estimated permeance through zeolite pores zp,i. 
 
The molar flow through defects Fdefects,i was estimated as 
 

ifilmfilmidefectsidefects PAF ,,, , (3.7) 
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where Pfilm,i is the pressure drop across the film. 
 
The area of defects Ai (m

2) with widths in the interval di–di+1 was estimated 
from the molar flow through defects Fdefects,i as 
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where Fi and Fi+1 represent the helium molar flows through the defects with 
the widths corresponding to the hydrocarbon relative pressures Pi and Pi+1, 
respectively (see Equations 3.10 and 3.11); 

idefectsJ ,  is the helium molar flux through the defects estimated from Fick’s first 

law of diffusion as 
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where film  (m) is the zeolite film thickness (0.5 m); 

iD  is the helium diffusivity in the defects. 
 

Following the GT model, the diffusivity iD  of a gas molecule in a pore can 
be expressed as [41, 43] 
 

RT
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M

RT
dD igi exp

8
, (3.9) 

  

where id  (m) is the pore diameter; 
M (kg mol-1) is the molar weight of the gas molecule. 
 
In order to estimate helium diffusivity in the defects using Equation 3.9, the 
following assumptions were made: 
 
I. Activation energy for helium diffusion in the zeolite pores zpE ,He  was 

estimated as an average between the activation energies for helium 
diffusion in the straight and zig-zag channels. The latter values were 
determined by DFT to be 5.2 kJ mol-1 and 5.9 kJ mol-1, respectively, 
resulting in zpE ,He  of 5.6 kJ mol-1; 
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II. In order to estimate the activation energy for helium diffusion in defects 
with varying width, the atom-slab van der Waals interaction [71] 
between helium molecules and defect walls was used. Accordingly, the 
activation energy was assumed to vary as a function of a channel size 
as [71] 

  
 3kxE , (3.9a) 
   
 where x is the half width of a channel (zeolite pore or defect); 

k is the proportionality coefficient, in this case determined from the 

ratio: 3
,He )2//( zpzp dE , where dzp is the average diameter of the 

zeolite pores equal to 0.55 nm [72]; 
 
III. The slit-shaped defects were assumed to be equivalent to straight 

cylinders with the diameter id , and the geometrical probability g in the 
defects was assumed to be 1/3 referring to the case of no spatial 
obstructions in the pathway of the diffusant moving in three-
dimensional space [43]. This assumption is fair since the defects are 
considered to be fully open until a certain relative pressure of the 
hydrocarbon sufficient to block the defects is reached; 

  
 

In the case of defects, id  was estimated as the average defect width in 
the interval under consideration, i.e., 

IV. 

  
 2/1iii ddd ; (3.9b) 
 
V. Helium diffusivity in the defects was then calculated using Equation 3.9. 
 
In the micropore range (< 2 nm), the width of defects di blocked by n-
hexane or benzene at a given relative pressure was estimated using the 
Horvàth-Kawazoe (HK) equation [70]: 
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where ds (m) is the diameter of a surface atom in the zeolite 
pores (2.76 × 10-10 m [70]); 
da (m) is the diameter of the adsorbate (4.3 × 10-10 m for n-hexane [70] 
and 5.9 × 10-10 m for benzene [73]); 
d (m) is the slit pore half width; 

 (m) is the zero interaction energy distance: 0
6 4.0 d ; 

HADS (J mol-1) is the isosteric heat of adsorption (71.8 kJ mol-1 for 
n-hexane [74] and 56.5 kJ mol-1 for benzene [75]); 
P/P0 (–) is the relative pressure of the adsorbate. 
 
In the mesopore range (2–50 nm), the width of defects di was estimated as 
[36] 
 

tdd Ki 2 , (3.11) 
  
where dK is the Kelvin diameter given by the Kelvin equation [36]: 
 

0/ln

4

PPRT

V
d m

K , (3.11a) 

 
where  (N m-1) is the surface tension of the adsorbate (  is equal to 
1.54 × 10-2 N m-1 for n-hexane and 2.51 × 10-2 N m-1 for benzene [76]); 
Vm (m3 mol-1) is the molar volume of the adsorbate (Vm is equal to 
1.36 × 10-4 m3 mol-1 for n-hexane and 9.22 × 10-5 m3 mol-1 for benzene). 
t (m) is the thickness of adsorbed layer given by the Harkins-Jura 
equation [37]: 
 

0/lg PPB

C
t , (3.11b) 

  
B (–) is –0.04 for n-hexane [36] and 0.02 for benzene [77]; 
C (m2) is 16.77 Å2 for n-hexane [36] and 6.34 Å2 for benzene [77]. 
 
In order to identify a correlation between permporometry and separation 
data, the TMB flow was predicted from the permporometry data based on 
the following assumptions: 
 
I. TMB possessing a kinetic diameter of 0.75 nm [73] was assumed to 

permeate through defects with id  larger than 0.75 nm; 
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II. The activation energy for TMB diffusion in the defects was assumed to 

be proportional to 3x , where x is the half width of the defect; 
  
III. Using the above mentioned proportionality, the values of the activation 

energies for TMB diffusion in the defects were fitted to the 
experimental data on the total TMB flow for membrane M30-7. 

 
Thus, the TMB molar flow can be estimated from the helium molar flow 
obtained from permporometry data using the following expression: 
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where MHe is the molecular weight of helium; 
MTMB is the molecular weight of TMB; 
Tperm is the temperature in the permporometry experiment; 
Tsep is the temperature in the separation experiment; 

PTMB is the partial pressure difference of TMB across the membrane in the 
separation experiment; 

PHe is the partial pressure difference of helium across the membrane in the 
permporometry experiment; 

EHe,i is the activation energy for helium diffusion in defect interval i; 
ETMB,i is the activation energy for TMB diffusion in defect interval i. 

 
3.3. EFFECT OF SUPPORT IN PERVAPORATION 
 
The effect of the support on the mass transport during pervaporation 
experiments was estimated as describe below. The driving force for 
permeation in pervaporation is given by the difference between the feed 
fugacity and the permeate fugacity. The permeate can safely be assumed to be 
an ideal gas at the low pressures (< 2.3 kPa) used in the present work. 
Therefore, the component fugacities can be expressed as partial pressures on 
the permeate side of the membrane. The component mass fluxes can thus be 
represented as 
 

)()( ,, permeatei
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iii
w
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w
i

w
i PyPxffJ , (3.13) 

  
where fi,feed (Pa) is the feed fugacity; 
fi,permeate (Pa) is the permeate fugacity; 

w
i  (kg m-2 h-1 Pa-1) is the permeance based on mass flux; 
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ix  and iy  are the mole fractions of component i in feed and permeate, 
respectively; 

i is the activity coefficient; 
sat

iP  (Pa) is the saturated vapour pressure; 
Ppermeate (Pa) is the permeate total pressure. 
 
For high flux zeolite membranes, the support may give a significant 
contribution to the total mass transfer resistance over the membrane [70, 78-
81]. The additional resistance over the support limits the mass transfer by 
lowering the effective difference in fugacity across the zeolite film. A 
schematic representation of the composite zeolite membrane considered in 
this study and the pressure drop across the zeolite film and support is 
illustrated in Figure 3.1. 
 
The support layers are macroporous and thus the transport in the layers Ji,j can 
be governed by either Knudsen diffusion or/and viscous (Poiseuille) flow 
[78], i.e., jiVisjiKnji JJJ ,,,,, . As mentioned earlier, Knudsen diffusion 

normally prevails over the viscous flow if the ratio between the mean free 
path and the pore diameter is greater than 10 [39]. The latter condition is 

 
 

Figure 3.1. Schematic representation of the composite zeolite membrane 
and the pressure profile across the zeolite film (Z) 

and support layers 1 (L1) and 2 (L2). 
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fulfilled for the first support layer (L1) for all the three components upon the 
conditions studied, and, hence, Knudsen diffusion is expected to dominate in 
this layer. Knudsen molar flux jiKnJ ,,   can be defined as 

 

ji
eff

jiKnjiKn PD
RT

J ,,,,,
1

, (3.14) 

  
where jiP ,  (Pa m-1) is the partial pressure gradient of component i across 

layer j; 
eff

jiKnD ,,  is the effective Knudsen diffusivity defined as 

 

i
j

eff
jiKn M

T
KD 97,, , (3.14a) 

 
where Kj (m) is the Knudsen structural parameter for layer j; The structural 
parameter for Knudsen diffusion was estimated as 
 

j
j

j
j rK , (3.14b) 

 
where j (–) is the porosity of layer j; 

j (–) is the tortuosity of the pores in layer j; 
rj (m) is the average pore radius in layer j. 
 
For viscous flow, the molar flux jiVisJ ,,  can be expressed as 

 

j

eff
jji

jiVis P
B

RT

P
J ,0,

,, , (3.15) 

  
where jiP ,  is the arithmetic average pressure of component i in layer j; 

 (Pa s) is the viscosity of the fluid; 
eff

jB ,0  (m2) is the effective permeability for layer j; 

jP  (Pa m-1) is the total pressure gradient across layer j. 

 
The values of the effective permeability and the Knudsen structural parameter 
for the top support layer (L1) having 100 nm pores were estimated from the 
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single gas permeation data as described in detail earlier [70, 82]. The Knudsen 
structural parameter for the coarse layer (L2) was determined using Equation 
3.14(b) assuming a porosity of 0.34 and a tortuosity of 2.5 [78]. The values of 
the Knudsen structural parameter and the effective permeability estimated for 
the two support layers are summarised in Table 3.1. The obtained values are 
consistent with those previously reported for a similar support [82]. 
 
Table 3.1. Knudsen structural parameters and effective permeabilities 
estimated for the support used in the present work. 

KL1 (m) eff
LB 1,0  (m2) KL2 (m) eff

LB 2,0  (m2) 

29.4 × 10-10 14.5 × 10-17 2.0 × 10-7 6.5 × 10-13 

where L1 denotes layer 1; L2 – layer 2. 
 
The relative mass transfer resistance in the support for each component and 
layer can thus be estimated by solving the following equations: 
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where 1Ll  and 2Ll  (m) are the thicknesses of support layers 1 (30 m) and 2 
(3 mm), respectively. 
 
The component partial fluxes and permeate partial pressures were obtained 
from the experimental data. The Antoine equation [83] was used to estimate 
the saturation vapour pressures. The activity coefficients of the components 
in the feed mixture and viscosity of the permeate vapour were obtained from 
the process simulation software Aspen Plus using the Wilson property 
package for ethanol/water mixtures and the NRTL model (LLE-Aspen) for 
n-butanol/water mixtures. It should be noted that in the modelling of 
support resistance in the pervaporative dehydration of the rich ethanol 
solution using zeolite X membranes, water was assumed to be the only 
species permeating the membrane, which is a fair assumption since the 
membranes were rather water-selective. 
 
The contribution of each layer (zeolite film, support layers 1 and 2) to the 
total mass transfer resistance was calculated as the ratio of the pressure drop 
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across the respective layer to the total pressure drop across the entire 
membrane ( totiP , ). The relative pressure drop (%) across the entire support 

( totitotSi PP ,,, ) was estimated as 

 

%100 % 
,,

,1,,

permeateifeedi

permeateiLZi

i,tot

S,toti

Pf

PP

P

P
. (3.18) 

 
The Knudsen share (%) was estimated as %100/ ,,,,,, jiVisjiKnjiKn JJJ . 

 
3.4. HEAT TRANSFER LIMITATIONS IN PERVAPORATION 
 
In order to analyse whether heat transfer was limiting the performance of the 
membranes during pervaporation experiments in the present work, the heat 
transfer of the process was modelled as described in detail in Paper IV. A brief 
summary of the modelling procedure is given below. The pervaporation 
process was assumed to be comprised of the following steps: 
 
I. Adsorption at the feed side of the zeolite film; 
II. Mass transfer through the zeolite film; 
III. Desorption to a liquid permeate in the same state as the feed; 
IV. Vaporisation of the liquid permeate forming a vapour at the saturation 

pressure; 
V. Expansion of the vapour to the operating permeate pressure. 
 
All the steps listed above, except for step II, involve heat exchange. Thus, the 
overall change in heat Qproc (kJ m-2 s-1) of the process may be expressed as 
 

expvapdesadsproc QQQQQ . (3.19) 
 
Since the heat of adsorption and the heat of desorption have the same 
magnitude but opposite sign, Equation 3.19 can be simplified to 
 

expvapproc QQQ , (3.20) 
  
where vapQ  and expQ  were estimated as  
  

i
w
i HJQ ,vapvap  (3.20a) 
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where w
iJ  (kg m-2 s-1) is the permeate mass flux of component i; 

Hvap,i (kJ kg-1) is the heat of vaporisation of component i; 
ni is the number of moles in 1 kg of permeating species i; 
P1,i and P2,i are the permeate pressures upon the standard and actual 
conditions, respectively. 
 
The heat consumed in the pervaporation process is usually considered as 
being supplied from the liquid feed. The heat transport from the feed to the 
permeate side, where the heat is consumed, was described as a resistance-in-
series-model with the following steps: 
 
I. Heat transfer from the bulk of the liquid feed to the feed-film interface 

(external heat transfer); 
II. Heat transfer through the zeolite film; 
III. Consumption of heat at the permeate side by vaporisation and 

expansion of the vapour; 
 
The heat transfer phenomenon may thus be expressed as 
 

)()()(proc pmmmfbpfov TThTThTThQ , (3.21) 
  
where hov (W m-2 K-1) is the overall heat transfer coefficient; 
Tf is the bulk temperature of the feed; 
TP is the temperature of the permeate; 
Tm is the temperature at the feed-film interface; 
hb and hm are the heat transfer coefficients for convection at the feed-film 
interface and for heat transfer through the film, respectively. 
 
hb was estimated from (see Paper IV for more details) 
 

fluid

hbdh
Nu , (3.21a) 

  
where Nu is the Nusselt number estimated from the correlation between the 
Reynolds (Re) and Prandtl (Pr) numbers for the Wicke–Kallenbach cell 
derived by Perdana et al. [84]; 

fluid is the heat conductivity of the fluid; 
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dh is the mean hydraulic diameter of the compartment on the feed side of the 
membrane. 
 
and hm was calculated as 
 

filmmmh / , (3.21b) 
  
where m (W m-1 K-1) is the heat conductivity of the zeolite film. The thermal 
conductivity of water loaded zeolite of 0.6 W m-1 K-1 reported by Kuhn et 
al. [85] was used in this work. 
 
In a membrane process, there is also a mass flux occurring through the 
boundary layer increasing the heat transfer capacity of the liquid boundary 
layer. Therefore, the heat transfer coefficient should be corrected. Bird et al. 
[86] and Rautenbach and Albrecht [87] suggested the following correction: 
 

bhJCb
e

JC
h

/1
, (3.21c) 

  
where C (kJ kg-1 K-1) is the heat capacity of the feed. 
 
The temperature drop over the liquid boundary layer can then be determined 
from Equation 3.21. The properties of the liquid mixtures were calculated in 
the CHEMCAD process simulation software using the NRTL model. 
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4. RESULTS AND DISCUSSION 
 
 
 
4.1. PERMPOROMETRY STUDY 
 
4.1.1. Permporometry Data 
 
4.1.1.1. Permporometry Pattern 
 
In order to present permporometry data, the flow (or permeance) measured 
in the permporometry experiment is normally plotted against the relative 
pressure of the adsorbate. This plot is referred to as a permporometry pattern, see 
Figure 4.1(a). 
 
In a permporometry pattern, a drop in the flow (or permeance) in a specific 
relative pressure range indicates the presence of defects with widths 
corresponding to relative pressures in the range (see Equations 3.10 and 3.11). 
For instance, as illustrated in Figure 4.1(a), there is a significant drop in the 
helium flow in the relative pressure range of 0–0.01. The relative pressure of 
0.01 corresponds to a pore size of ca. 1 nm (Equation 3.10). This drop 
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Figure 4.1. The flow of helium as a function of relative pressure of n-hexane (a) 
and time (b) for membrane M30-5. 
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therefore indicates that the membrane contains pores  ca. 1 nm and, in this 
particular case, these pores appear to be the main type of pores since the flow 
dropped by about 99%. On the other hand, the pattern in Figure 4.1(a) is 
nearly flat at relative pressures  ca. 0.4 corresponding to defects widths  ca. 
4 nm. This indicates that practically no defects larger than ca. 4 nm should be 
present in the membrane. 
 
Figure 4.1(b) shows the recorded helium flow as a function of time during 
the permporometry experiment for the same membrane. The plateaus in the 
figure correspond to the equilibration time at each experimental point. This 
time normally varies from 2–3 hours for the low relative pressure range (< 
10-3) to 20–30 min for the relative pressure range of 0.1–1. Depending on the 
number of experimental points and the relative pressure used at each point, 
the total duration of the permporometry experiments carried out in the 
present work varied from about 5 to 15 hours. 
 
4.1.1.2. Helium Transport in Zeolite Film (Papers II and III) 
 
Figure 4.2 illustrates the helium permeance through the film as well as the 
helium permeance through the zeolite pores and defects as a function of 
relative pressure of n-hexane (a) and benzene (b) for membrane M30-7 of 
M30 type. Figure 4.2 also shows curves corresponding to the percolation 
models. Logarithmic scales are used to highlight differences in the data in the 
low relative pressure range. In order to evaluate the data reported in Figure 
4.2, the following assumptions were made: 
 
I. The permeance through zeolite pores for relative pressures exceeding 

2.1 × 10-4 for n-hexane and 3.5 × 10-4 for benzene, i.e., Region II in 
Figure 4.2, was estimated using the percolation models. In this region, 
the permeances through defects were estimated from the measured 
permeance of the film using Equation 3.5; 

  
II. At the very low relative pressures, i.e.,  2.1 × 10-4 and 3.5 × 10-4 

(Region I) for n-hexane and benzene, respectively, the defects, which 
per definition are larger than the zeolite pores, should be fully open. 
Accordingly, the permeance through defects in this region was assumed 
to be constant. This constant permeance was fitted to the experimental 
data using a least square fitting between the loading estimated from the 
percolation models and loading given by the adsorption isotherms for n-
hexane and benzene simultaneously. The constant permeance through 
defects was estimated to be 8.69 × 10-7 mol m-2 Pa-1 s-1 for both 
adsorbates for this particular membrane. The permeance through zeolite 
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Figure 4.2. Permeance through the film ( film ), zeolite pores ( zp ) and 

defects ( defects ) as a function of relative pressure of n-hexane (a) or benzene 

(b) for membrane M30-7. The points represent values estimated from 
experimental data and the lines represent the percolation models. 
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 pores in this relative pressure range, including P/P0 = 0, i.e., the zero 
loading ( 0,zp  in Equation 3.6), was then calculated by subtracting 8.69 

× 10-7 mol m-2 Pa-1 s-1 from the measured permeance of the film; 
  
III. Loading for benzene is not increasing beyond 0.56, i.e., no second step 

in the experimental adsorption isotherm is present, see Figure 4.3. 
 
Experimentally determined helium permeance through the zeolite pores, see 
Region I in Figure 4.2, is well described by the percolation models. The fit is 
good for both n-hexane and benzene indicating that the developed models 
adequately describe the helium transport in the zeolite pores in the presence of 
n-hexane or benzene. It is thus fair to use the percolation models to estimate 
helium permeance through the zeolite pores in the entire relative pressure 
range. 
 
At relative pressures higher than 2.1 × 10-4 for n-hexane and 3.5 × 10-4 for 
benzene, see Region II in Figure 4.2, the helium permeance through the 
zeolite pores is more than two orders of magnitude smaller than the helium 
permeance through the film, i.e., the permeance through the film essentially 
occurs through defects. Hence, these relative pressures, higher than 2.1 × 10-4 for 
n-hexane and 3.5 × 10-4 for benzene, can be used to determine helium 
permeance through the defects and, thus, estimate the defect size distribution. 
The P/P0 values of 2.1 × 10-4 and 3.5 × 10-4 correspond to HK diameters of 
0.71 and 0.85 nm, respectively (see Equation 3.10), providing an opportunity 
to carry out a detailed characterization of defects in the micropore range. 
 
Figure 4.3 shows adsorption isotherms for n-hexane [56] and benzene [57, 
58] measured gravimetrically on MFI zeolite powder at 60°C and 50°C, 
respectively. The curves shown in the figure represent Langmuir models 
fitted to the data and in the case of n-hexane the curve was also shifted to the 
experimental temperature of 50°C as described in Papers II and III. The 
circles represent data obtained in the present work. The values of loading 
were estimated from Equations 3.3 and 3.4 for each experimentally 
determined permeance through zeolite pores, i.e., for the permeance in 
Region I in Figure 4.2. The agreement between the reference data and our 
data is good but not perfect. Nevertheless, the good agreement indicates that 
the percolation models are realistic. 
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4.1.1.3. Defect Size Distribution (Papers I and III) 
 
Figure 4.4 shows the helium diffusivity in the zeolite pores estimated from 
experimental data (filled circle). In addition, helium diffusivities in defects as a 
function of pore diameter are indicated by open circles. These diffusivities 
were estimated as described in Section 3.2. In the zeolite pores and small 
defects, the diffusivities are lower than the Knudsen diffusivities, indicated by 
the dashed line. This is as expected, since configurational (or activated) 
diffusion has been reported [41, 43, 88, 89] to prevail in micropores. With 
increasing pore size, the estimated diffusivities in the defects are approaching 
Knudsen diffusivities, as expected since Knudsen diffusion is typically a 
dominating mechanism for gas transport in mesopores [90]. 
 
Knowing the diffusivities in the defects, the distribution of defects in terms of 
area of defects can be estimated as described in Section 3.2. Tables 4.1 and 
4.2 show typical examples of defect size distributions determined from n-
hexane and benzene permporometry data. The distribution of defects is 
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Figure 4.3. Adsorption isotherms for n-hexane (top) determined at 60°C 

[56] and benzene (bottom) determined at 50°C [57, 58] by gravimetry (filled 
triangles). The curves illustrate Langmuir adsorption isotherms fitted to the 

gravimetrical data and for n-hexane shifted to 50°C. Open symbols represent 
our data, recorded at 50°C, derived from the percolation models. 
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expressed as relative areas, i.e., the ratio between the area of defects and the 
total membrane area. 
 
For this particular membrane, the major fraction of defects, accounting for 
97% of the total area of defects, is the defects smaller than 1 nm, i.e., 
micropore defects. A number of NMR and FTIR studies [18, 91-93] 
revealed the presence of short-range, or intracrystalline, defects in MFI 
crystals prepared in a similar way as the MFI membranes in the present work, 
i.e., using hydroxide ions as the mineralising agent and using high pH in the 
synthesis mixture. Such defects originate from imperfections of the crystal 
lattices due to the presence of broken Si–O–Si bonds. The broken bonds 
result in formation of silanol groups and micropores that are larger than the 
MFI pores, i.e., micropore defects. Hence, the flow-through defects smaller 
than 1 nm in size detected by permporometry in the present work may very 
well be intracrystalline micropore defects emanating from broken bonds in 
the zeolite crystals. The amount of defects in the range of 2–4 nm in size, 
determined by both n-hexane and benzene permporometry, is very low and 
constitutes as little as 0.001% of the total membrane area for this particular 
membrane. These defects are most likely defects in the form of open grain 
boundaries. The relative area of defects larger than 4 nm is also very small and 
amounts to ca. 0.001% of the total membrane area, and these defects may as 
well be open grain boundaries or a few small cracks in the membrane. 
 
The presented defect distribution is typical for high quality membranes of 
type M30. The amount of defects is usually low and the defects are mainly 
micropores. Permporometry patterns for such membranes appear to be nearly 
flat at elevated relative pressures, i.e., above 0.4, as illustrated in Figure 4.1(a). 
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Figure 4.4. Helium diffusivity in open zeolite pores 
and defects as a function of a pore diameter. 
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Table 4.1. Helium permeance via defects and relative areas of the defects for 
membrane M30-7 estimated from n-hexane permporometry data. 

P/P0 
(–) 

Permeance via defects 
(10-7 mol s-1 m-2 Pa-1) 

Defect size 
(nm) 

Defect interval 
(nm) 

Relative area of 
defects * (%) 

     
2.14 × 10-4 8.69 0.71 – – 

3.53 × 10-4 6.27 0.73 0.71 – 0.73 0.25 

1.07 × 10-3 3.21 0.80 0.73 – 0.80 0.26 

3.60 × 10-3 1.52 0.91 0.80 – 0.91 0.105 

1.05 × 10-2 0.79 1.04 0.91 – 1.04 0.033 

2.40 × 10-2 0.51 1.19 1.04 – 1.19 0.0101 

1.16 × 10-1 0.25 1.78 1.19 – 1.78 0.0060 

2.07 × 10-1 0.23 2.97 1.78 – 2.97 0.00034 

3.56 × 10-1 0.19 4.25 2.97 – 4.25 0.00038 

   > 4.25 0.0014 
     

 Total: 0.67 
   

* area of defects divided by the membrane area 

 
Table 4.2. Helium permeance via defects and relative areas of the defects for 
membrane M30-7 estimated from benzene permporometry data. 

P/P0 
(–) 

Permeance via defects 
(10-7 mol s-1 m-2 Pa-1) 

Defect size 
(nm) 

Defect interval 
(nm) 

Relative area of 
defects * (%) 

     
3.55 × 10-4 8.69 0.85 – – 

1.08 × 10-3 4.62 0.92 0.85 – 0.92 0.23 

3.64 × 10-3 3.20 1.03 0.92 – 1.03 0.065 

9.78 × 10-3 1.29 1.14 1.03 – 1.14 0.070 

2.62 × 10-2 0.54 1.33 1.14 – 1.33 0.023 

1.01 × 10-1 0.26 1.80 1.33 – 1.80 0.0061 

1.87 × 10-1 0.21 2.60 1.80 – 2.60 0.00062 

3.58 × 10-1 0.18 4.05 2.60 – 4.05 0.00028 

   > 4.05 0.0014 
     

   Total: 0.40 
     

* area of defects divided by the membrane area 
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The results obtained from permporometry characterisation using different 
adsorbates are rather similar. Defect size distribution estimated from n-hexane 
permporometry data resembles that estimated from benzene permporometry 
data, as illustrated in Figure 4.5. The good agreement between the two 
alternatives of the technique indicates that the estimated defect area 
distribution was not influenced by the adsorbates to any major extent, as 
expected. It should be pointed out, however, that a research group at 
University of Colorado led by Profs. Falconer and Noble have repeatedly 
reported the opposite, i.e., dramatic differences between benzene 
permporometry data and n-hexane permporometry data for MFI membranes. 
For a review of the work from Colorado, see reference 93. However, we 
believe that all these reports rest on an unfortunate erroneous conclusion 
from one experiment. In their work [94], a B-ZSM-5 membrane was 
characterised by permporometry using n-hexane and benzene as adsorbates, 
and the data on the amount of defects differed dramatically. The dramatic 
difference was attributed to swelling of the zeolite by n-hexane. However, a 
more likely explanation for the observation is that benzene is not adsorbed 
readily in B-ZSM-5, that has smaller pores than H-ZSM-5 and silicalite-1 
[95]. In this case, benzene will not, of course, block the helium transport in 
the zeolite pores, and the membrane will appear very defective. In contrast, 
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Figure 4.5. Relative area of defects as a function of defect width. 
Lines are only guides for the eye. 
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n-hexane readily adsorbs in B-ZSM-5 allowing to perform a proper 
permporometry characterisation. At the same time, the same group has also 
reported n-hexane and benzene permporometry data for a silicalite-1 
membrane, which is similar to the ones prepared in the current work, and the 
two permporometry patterns were also very similar to each other, supporting 
our observations and speculations. 
 
4.1.2. SEM Analysis (Papers I and III) 
 
Scanning Electron Microscopy (SEM) is widely used for characterisation of 
morphology of zeolites in general and defects in zeolite membranes in 
particular. In the present work, a number of membranes with a different 
amount and type of defects according to permporometry were inspected by 
SEM in order to benchmark the permporometry technique. The main 
findings are summarised below. 
 
Figure 4.6 illustrates four permporometry patterns recorded for membranes of 
the following types: U72, U30, M72 and M30. The appearance of the 
permporometry patterns is different in each case indicating different amounts 
and types of defects in the membranes. Top view and cross-sectional SEM 
images for the same membranes are shown in Figures 4.7–4.10, respectively. 
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Figure 4.6. n-Hexane/helium permporometry patterns 
for membranes of types U72, U30, M72 and M30. 
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Figure 4.7. Top view (a) and cross-sectional (b) SEM images of 
membrane U72. 

 

 
 

Figure 4.8. Top view (a) and cross-sectional (b) SEM images of 
membrane U30. 

 

 
 

Figure 4.9. Top view (a) and cross-sectional (b) SEM images of 
membrane M72. 
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Figure 4.10. Top view (a) and cross-sectional (b) HR-SEM images of 
membrane M30. 

 
 
SEM inspection of membranes U72, U30 and M72 revealed the presence of 
cracks in the membranes (see Figures 4.7 – 4.9, respectively). It should be 
noted that cracks form reproducibly in membranes of types U30, U72 and 
M72 as discussed in more detail elsewhere [15]. The cracks in membrane 
U72 are about 25–30 nm in width and sometimes, the cracks even propagate 
into the support, see Figure 4.7(b). The permporometry pattern for this 
membrane indicates the presence of defects larger than 19 nm, inferred from 
a significant permeance drop at relative pressures higher than 0.78, see Figure 
4.6. There is thus good agreement between defect width observed by SEM 
and permporometry. Moreover, the high residual helium permeance, i.e., the 
permeance at P/P0  1, indicates the presence of larger defects (macropores), 
that are not blocked by capillary condensation and are remaining open at that 
pressure. These defects are probably the support cracks, as the one shown in 
Figure 4.7(b), or pinholes that could also be detected by SEM on some 
membranes (see Paper I for the details), again demonstrating excellent 
agreement with the SEM observations. 
 
The cracks in membranes U30 and M72 are narrower than in membrane 
U72 and have a width of about 15 and 10–15 nm, respectively. Also, no 
support cracks were observed by SEM. In the permporometry pattern for 
membrane U30, a large drop in permeance is observed at the relative pressure 
above 0.73, which corresponds to defects with a width larger than 15 nm, in 
agreement with SEM observations. The permporometry data for membrane 
M72 indicate a significant permeance drop only in the relative pressure range 
0.22–0.75 corresponding to the defects with widths between 3.6–16 nm, in 
perfect agreement with SEM observations. 
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Figure 4.10 shows HR-SEM images of the top surface (a) and the cross-
section (b) of a membrane of type M30. The defect distribution for this 
membrane is similar to that presented in Tables 4.1 and 4.2, i.e., most of the 
defects are micropores smaller than about 1 nm as indicated by the significant 
drop in helium permeance at P/P0 < 0.025 (Figure 4.6). It is worth pointing 
out that these defects are too small to be detected even by high resolution 
(HR) SEM analysis. The SEM observation did not reveal any large, i.e., 
> 5 nm, cracks or pinholes on the surface of the membrane, in line with the 
permporometry data. Figure 4.10(a) shows zeolite grains with a width of 
more than 100 nm and grain boundaries. The grain boundary in the middle 
of the image represents one of the widest grain boundaries observed on the 
membrane surface. The width of the boundary appears to be about 5 nm, but 
this grain boundary could also be narrower within the membrane than at the 
surface. Several grain boundaries that are narrower than 5 nm at the surface 
can also be observed in the image. A close inspection of the cross-section 
SEM images as presented in Figure 4.10(b) reveals that at least some of the 
observable grain boundaries propagate throughout the entire film, i.e., from 
the top surface to the support. We have previously discussed [96] that the 
crystals in such zeolite films grow following a competitive growth 
mechanism. The growth of some crystals ceases as the crystals become 
encased in the film, whereas other crystals, with a favourable orientation, will 
continue growing up to the top surface. Accordingly, some of the grain 
boundaries will propagate from the support to the film top surface, as 
observed by SEM. In turn, if the diffusivity in the grain boundaries is much 
greater than in the zeolite pores, the transport in the pores and grain 
boundaries should primarily occur in parallel (or independent) processes. 
Such a case should be expected for mass transport of helium through the film, 
especially when the zeolite pores are partially or fully blocked by adsorbates. 
This is in fact demonstrated in Figure 4.4 for the extreme case of fully open 
pores and defects: the observed helium diffusivity in fully open zeolite pores 
is lower than that in fully open defects. Overall, the HR-SEM analysis is 
consistent with the permporometry data, i.e., the membranes are free of large 
defects but grain boundaries are certainly present. 
 
In summary, the excellent agreement between SEM observations and defect 
widths estimated from permporometry data demonstrates that permporometry 
is an excellent characterisation tool for flow-through defects in MFI 
membranes. 
 
4.1.3. Single Gas Permeation Data (Paper I) 
 
Single gas permeation data is often used to estimate the quality of membranes. 
The method based on comparing the permeances of different gases is simple 
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and fast [97-100]. In the present work, permeances of He, H2, N2 and SF6 
were measured for six membranes of type M30 with a varying amount of 
defects larger than 1 nm according to permporometry analysis. The aim was 
to identify any correlation between the permporometry data and single gas 
data. 
 
Figure 4.11 shows permporometry patterns for the selected membranes. As 
illustrated, all the membranes are of relatively high quality, i.e., similar to the 
membrane M30 discussed in the previous section. However, the appearance 
of the patterns at P/P0 > 0.01 differs from one membrane to another, 
indicating different amounts of defects larger than 1 nm (Equation 3.10). The 
permeance at P/P0 = 0.01 represents total permeance through defects larger 
than 1 nm. The lower the permeance, the lower is the area of the defects and 
the higher is the membrane quality. To identify any correlation between 
helium permeance at P/P0 = 0.01 and single gas permeation data obtained for 
the six membranes, the single gas permeance ratios were plotted against the 
permeance, see Figure 4.12. 
 
It is evident that the single gas permeance ratios illustrated in Figure 4.12 are 
nearly constant and independent of the helium permeance at P/P0 = 0.01 for 
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Figure 4.11. n-Hexane/helium permporometry patterns for six selected 
membranes of type M30 with high, yet varying quality. 
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this selection of membranes, which all have relatively high quality. Jareman et 
al. [101] showed that if the membrane was not very defective, single gas 
permeance ratios were affected by the variations in membrane thickness, 
substrate morphology and pressure drop rather than by defects. Thus, the 
minor differences in the observed permeance ratios most likely emanate from 
the experimental errors or small differences in the membrane thicknesses or 
substrate morphology. Hence, single gas permeance ratios cannot indicate 
membrane quality for membranes of relatively high quality. Instead, single gas 
permeance ratios mostly reflect the intrinsic properties of zeolite crystals and 
are rather insensitive to small differences in the amount of defects. Not even 
the He/SF6 ratio reflects differences in the amount of defects. This is probably 
the case since SF6 molecules readily diffuse through zeolite pores as discussed 
earlier by Jareman et al. [98]. 
 
4.1.4. Gas Separation Experiments (Papers I and III) 
 
Separation performance of a membrane in most cases is strongly dependent 
on the membrane quality, i.e., the amount of defects. In the separated 
mixtures, one component usually has high permeability through the zeolite 
pores and another low, whereas the permeability through defects is often 
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Figure 4.12. Permeance ratios as a function of He permeance at 
a P/P0 of n-hexane of 0.01 for six membranes of type M30. 
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similar. In this case, membranes of higher quality, i.e., with lower amount of 
defects, exhibit greater separation performance than membranes of poorer 
quality. In other words, separation performance is a direct measure of 
membrane quality for a suitable combination of kinetic diameters of the 
separated molecules and pore size of the membrane. In the present work, a 
number of membranes of type M30 with a low but slightly varying amount 
of defects according to permporometry were selected for separation 
experiments with mixtures of n-hexane and DMB (Paper I), and n-hexane 
and TMB (Paper III). n-Hexane, with a kinetic diameter of 0.46 nm,  should 
have high permeability in MFI pores, while DMB (0.61 nm) and TMB 
(0.75 nm) should have very low permeability in MFI pores, and hence 
permeate mainly through defects. 
 
The six membranes discussed in the previous section, i.e., M30-1–M30-6, 
were tested for the separation of n-hexane and DMB. Figure 4.13 shows n-
hexane/DMB separation factor recorded at room temperature as a function of 
the helium permeance at a relative pressure of n-hexane of 0.01 measured in 
the permporometry experiment. A strong and almost linear correlation 
between the separation factor and the helium permeance at P/P0 = 0.01 is 
observed for five out of six membranes. In other words, for five out of six 
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Figure 4.13. n-Hexane/DMB separation factor observed at room 
temperature as a function of He permeance at a P/P0 of n-hexane of 0.01. 
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membranes, the quality indicated by permporometry is in excellent 
agreement with the separation performance. It is possible that more defects 
formed in membrane M30-4 after characterisation by permporometry, which 
may explain the unexpectedly low separation factor observed for this 
membrane. 
 
Separation experiments were also carried out using a mixture of n-hexane and 
TMB. The latter molecule was selected due to the large kinetic diameter of 
0.75 nm [73]. Accordingly, TMB molecules should transport primarily via 
defects larger than 0.75 nm and not at all through zeolite pores and, hence, 
the permeance of TMB should reflect the amount of these defects in a 
membrane. To minimise the effect of adsorption on TMB transport 
(sufficiently high temperature needed) without introducing defects 
(sufficiently low temperature needed), the separation tests were performed at 
160°C. Three membranes of type M30 denoted M30-7, M30-8 and M30-9, 
possessing different amount of defects larger than 0.75 nm according to 
permporometry, were selected for the experiments. The relative area of 
defects larger than 0.75 nm was 0.42, 0.48 and 0.60% for membranes M30-7, 
M30-8 and M30-9, respectively. Figure 4.14 shows a n-hexane/TMB 
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Figure 4.14. n-Hexane/TMB separation factor and TMB permeance 
observed at 160°C as a function of relative area of the defects larger than 

0.75 nm. Lines are only guides for the eye. 



 

 53

separation factor and TMB permeance observed at 160°C as a function of 
relative area of defects larger than 0.75 nm. 
 
The figure demonstrates a correlation between the separation data and the 
permporometry data: a more defective membrane displays higher TMB 
permeance and a lower n-hexane/TMB separation factor, as anticipated. To 
evaluate the data further, and appreciate if the estimated amount of defects by 
permporometry is reasonable, the molar flow of TMB was predicted from the 
helium flow through defects larger than 0.75 nm as described in Section 3.2, 
and the results are summarised in Table 4.3. 
 
There is a perfect match between the measured and predicted TMB flows for 
membrane M30-7 since the activation energies for TMB diffusion in the 
defects were fitted to the experimental data on the total TMB flow for this 
membrane. In the studied defect range, the estimated activation energies 
varied from ca. 9000 J mol-1 to ca. 50 J mol-1, i.e., E  0, indicating that 
configurational, or activated, diffusion is dominating in this defect range. This 
is reasonable since configurational, or activated, diffusion should prevail when 
the pore size is comparable to or slightly larger than the molecule size [41], 
which is the case here. 
 
The values of activation energies obtained for M30-7 were used to predict 
TMB flow by Equation 3.12 for membranes M30-8 and M30-9. The 
predicted TMB flow for membrane M30-8 is 60% of the measured one 
demonstrating good agreement between permporometry and separation data 
for this membrane. The predicted TMB flow for membrane M30-9 is greater 
than the measured by a factor of about two. The latter fact can probably be 
attributed to the noticeably higher amount (0.033%) of large defects (> 
4.25 nm) in membrane M30-9 compared to that in M30-7 (0.0014%) and 
M30-8 (0.0012%). Localised transport of TMB (and helium) in such large 
defects is not accounted for in our model. Localised transport in large defects 
may result in other transport mechanism than activated diffusion and, in 
addition, in local concentration gradients in the support. Thus, in order to 

Table 4.3. Measured and predicted TMB flows. 

Membrane Measured TMB flow Predicted TMB flow Ratio 
Pred./Meas. (10-8 mol s-1) 

    
M30-7 0.52 0.52 * 1.0 
M30-8 0.90 0.55 0.6 
M30-9 1.14 2.40 2.1 

    
* fitted value 
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perform a more accurate estimation of the TMB flow for a membrane similar 
to M30-9, another model is probably needed. Nevertheless, the similarity 
between the measured and predicted values of the TMB flow for all three 
membranes is indicating that the defect area distribution obtained from 
permporometry characterisation is reasonable. 
 
In summary, the results demonstrate that permporometry data adequately 
reflect the membrane quality and can serve as a very effective and reliable tool 
for membrane quality characterisation. 
 
4.2. PERVAPORATION STUDY 
 
4.2.1. Butanol/Water Pervaporation (Paper IV) 
 
n-Butanol/water pervaporation tests were performed at 30°C and 60°C using 
the synthesised MFI membranes with defect distribution similar to that shown 
in Table 4.1. The results are summarised in Table 4.4. The fluxes and 
separation factors estimated by Equations 2.2 and 2.3, respectively, are 
presented as an average of the three values measured during the four hour 
long pervaporation experiment. The standard deviations are shown as well. 
For comparison, the best fluxes and separation factors reported in the 
literature for the same system are also given in the table. 
 
The membranes prepared in the present work display 10 to 100 times higher 
fluxes than those previously reported. The high flux is ascribed to the much 
lower film thickness of the synthesised membranes compared to that of the 
membranes reported in the literature. 
 
The membranes prepared and tested in the present work were selective to n-
butanol, and the selectivity was greater at 60°C than that at 30°C. This 
should be an effect of the larger driving force, i.e., fugacity difference, for n-

Table 4.4. Summary of the best fluxes and n-butanol/water separation factors 
achieved in the present work and by other groups. 

T (°C) Membrane Flux (kg m-2 h-1) BuOH/water 
Membrane 

thickness ( m) 
Ref. 

30 
M30-10 1.1 ± 0.1 4.7 ± 0.1 

0.5 
present 
work 

M30-11 1.4 ± 0.1 4.0 ± 0.3 

60 M30-10 3.6 ± 0.1 10.2 ± 0.4 
M30-11 6.3 ± 0.1 7.0 ± 0.5 

30 – 0.02 19 30 [102] 
45 – 0.04 465 20 [103] 
70 – 0.1 150 10 [104] 
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butanol compared to that for water at the higher temperature, see Paper IV 
for more details. The separation factors observed in the present work are 
lower than those previously reported in the literature due to the effect of the 
support on the mass transport in the process, which will be discussed below 
in this section. 
 
Despite the lower selectivity, the membranes prepared in the present work 
may have a great potential for n-butanol recovery from dilute aqueous 
solutions. This ensues from the fact that in order to produce 80 wt.% n-
butanol at 30°C from a 3 wt.% n-butanol/water mixture, an actual separation 
factor of above 3 would be sufficient. At 30°C, an aqueous solution of n-
butanol with  a concentration higher than 7 wt.% separates into two phases: 
one phase with a n-butanol concentration of 80 wt.%, and the other with a 
n-butanol concentration of 7 wt.%. Hence, in order to produce an 80 wt.% 
n-butanol solution from a 3 wt.% n-butanol solution (corresponding to a 
separation factor of 130) it would be sufficient to shift the initial composition 
to the immiscible region by pervaporation using a membrane with a 
separation factor of above 3 if the membrane pervaporation unit was followed 
by a settler carrying out the phase separation, a very easy additional separation 
step. In this case, the water rich phase could be recycled and the n-butanol 
rich phase could further be dehydrated by pervaporation with hydrophilic 
membranes, e.g., FAU [105] or LTA [13]. It needs to be added, however, 
that in such a process, the relative amount of the two phases depends on the 
separation factor of the membrane. Hence, membrane separation factors 
higher than 3, as observed at 60 C in the present work, would certainly be 
preferable. 
 
Table 4.5 reports the pressure drop across the support estimated for n-butanol 
and water as described in Section 3.3. According to the data presented in the 
table, a substantial contribution (25–60%) to the mass transfer resistance is 
made by the support, reducing both flux and selectivity. The effect of 
Knudsen diffusion on the mass transport in the support was found to be 
significant, particularly in layer 1. Knudsen diffusion in this case favours 
permeation of water resulting in lower overall selectivity to n-butanol. In 
order to appreciate the magnitude of the negative effect of the support on the 
selectivity, the separation factors for the zeolite film only were estimated as 
described in Paper IV, and the values are shown in Table 4.5. The separation 
factors achieved by the film are nearly 50% higher than those achieved by the 
entire membrane. Therefore, in order to improve both flux and selectivity in 
the pervaporation process, the resistance in the support should be minimised. 
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Table 4.5. Effect of the support on the mass transport and separation 
performance in the n-butanol/water pervaporation experiments. 

Membr. T (°C) 

Water n-Butanol 
BuOH/water 

for zeolite 
film 

Pressure 
drop (%) 

Knudsen 
share (%) Pressure 

drop (%) 

Knudsen 
share (%) 

L1 L2 L1 L2 

M30-10 
30 46.0 97.7 55.3 32.7 96.5 44.4 6.8 

60 24.5 95.2 41.9 24.4 92.7 29.6 14.5 

M30-11 
30 59.5 97.1 49.6 38.6 95.7 38.9 6.4 

60 41.0 92.7 32.1 31.9 89.2 21.5 11.6 

where L1 denotes layer 1 in the support and L2 – layer 2. 
 
4.2.2. Ethanol/Water Pervaporation (Papers IV and V) 
 
The synthesised MFI membranes were tested for concentration of a 10 wt.% 
aqueous solution of ethanol by using pervaporation, and zeolite X (FAU) 
membranes were tested for pervaporative dehydration of a 90 wt.% aqueous 
solution of ethanol. The results are summarised in Tables 4.6 and 4.7. 
 
Table 4.6. Summary of the best fluxes and ethanol/water separation factors 
achieved with MFI membranes in the present work and by other groups. 

T (°C) Membrane Flux (kg m-2 h-1) EtOH/water 
Membrane 

thickness ( m) Ref. 

30 
M30-10 1.9 ± 0.1 4.4 ± 0.4 

0.5 
present 
work 

M30-11 2.4 ± 0.1 4.4 ± 0.1 

60 M30-10 8.5 ± 0.2 4.8 ± 0.4 
M30-11 10.7 ± 0.4 4.2 ± 0.5 

30 – 0.6 64 400 [106] 
45 – 4.02 30 10 [107] 
70 – 0.93 106 10–30 [108] 

 
Table 4.7. Summary of the best fluxes and water/ethanol separation factors 
achieved with FAU membranes in the present work and by other groups. 

T (°C) Flux (kg m-2 h-1)  water/EtOH 
Membrane 

thickness ( m) 
Pressure drop 
in support (%) 

Ref. 

40 1.3 ± 0.1 256 ± 3 
1 

95 
present 
work 

50 1.5 ± 0.1 410 ± 4 61 
65 3.4 ± 0.1 296 ± 4 58 
65 1.5 380 7 – [109] 
75 5.5 230 10 – [110] 
30 0.1 100 5 – [111] 
75 1.9 170 20–30 – [112] 
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Table 4.8. Effect of the support on the performance of the synthesised MFI 
membranes for the ethanol concentration by pervaporation. 

Membr. T (°C) 

Water Ethanol 
EtOH/water 

for zeolite 
film 

Pressure 
drop (%) 

Knudsen 
share (%) Pressure 

drop (%) 

Knudsen 
share (%) 

L1 L2 L1 L2 

M30-10 
30 58.6 96.8 49.4 39.3 95.7 41.7 6.5 

60 42.7 91.6 31.1 31.8 89.1 23.7 7.2 

M30-11 
30 78.8 96.0 42.9 47.0 94.8 35.8 6.0 

60 56.7 89.9 26.3 32.9 86.9 19.8 5.7 

Where L1 denotes layer 1 in the support and L2 – layer 2. 
 
MFI membranes prepared in the present work are ethanol selective and 
exhibit rather high fluxes compared to those recorded in the literature. The 
observed separation factors are lower than those previously reported, again 
most likely for the same reason as discussed in the previous section. Also, the 
separation factors are rather independent of the temperature probably due to 
the fact that the ratio between the driving forces, i.e., fugacity differences, for 
ethanol and water slightly decreases as the temperature increases, see Paper IV 
for more details. Thus, despite the increasing membrane selectivity to ethanol 
at the higher temperature, the overall process selectivity remains constant. As 
in the case of n-butanol/water pervaporation, the pervaporation performance 
of the current membranes is deteriorated by a considerable mass transfer 
resistance in the support, see Table 4.8. As a result, the estimated separation 
factors for the film are greater than those obtained for the entire membrane. 
 
The pervaporation performance of the synthesised FAU membranes is good 
in terms of both flux and selectivity, see Table 4.7. It should be noted, 
however, that despite the fact that the film thickness of the synthesised FAU 
membranes is several times lower than that of the membranes prepared by 
other groups, the observed pervaporation performance is very similar to that 
previously reported. The observed flux, for instance, is lower than 
anticipated. The limited performance is most likely caused by a high mass 
transfer resistance in the support varying from 58 to 95% of the total mass 
transfer resistance, see Table 4.7. 
 
4.2.3. Evaluation of Heat Transfer Limitations (Paper IV) 
 
A pervaporation process is normally assumed to be isothermal. This is a safe 
assumption in most cases since the pervaporation flux is typically low, 
resulting in negligible temperature differences across the membrane layer. In 
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the present work, the membranes are high flux membranes. In order to 
evaluate if there were heat transfer limitations during the process, the 
temperature drop from the feed bulk to the permeate was estimated using the 
method described in Section 3.4 and the experimental data obtained for the 
MFI membranes. Table 4.9 shows the estimated temperature drop at the 
different conditions tested. 
 
At the conditions studied, the temperature drop estimated was at most ca. 
1°C indicating that the pervaporation process can be considered isothermal 
with negligible heat transfer limitations despite the high fluxes obtained. It is 
worth pointing out that in this work a high feed flow rate was used to 
suppress concentration polarisation on the feed side. Additionally, this high 
flow rate is certainly beneficial for the heat transport as well as it compresses 
the external boundary layer. In order to estimate the effect of the feed flow 
rate on the heat transfer, the temperature drop at a feed flow rate 10 times 
smaller than used in this work was calculated assuming that the flux and 
selectivities were unaffected. At these feed flow rates, the estimated 
temperature drop for the highest and lowest fluxes were much higher: 5 and 
1°C, respectively, illustrating the importance of the feed flow rate (or rather 
the Reynolds number) on heat transfer in pervaporation using high flux 
membranes. 
 
Additional simulations were also carried out to estimate the effect of permeate 
flux on the temperature drop across the membrane. The flux was assumed to 
be 25 kg m-2 h-1, i.e., ca. a factor of 2.5 higher than the highest flux observed 
in the present work. All other parameters were kept unchanged. The 
simulations revealed that the temperature drops were in the range of 2–3°C 
for both the n-butanol/water and the ethanol/water systems, indicating that 

Table 4.9. Estimated temperature drop from the bulk feed to the permeate. 
n-Butanol/water pervaporation 

T (°C) Membrane Flux (kg m-2 h-1) Temperature drop (°C) 

30 M30-10 1.1 < 1 
M30-11 1.4 < 1 

60 
M30-10 3.6 < 1 
M30-11 6.3  1 

Ethanol/water pervaporation 
T (°C) Membrane Flux (kg m-2 h-1) Temperature drop (°C) 

30 
M30-10 1.9 < 1 
M30-11 2.5 < 1 

60 
M30-10 8.5  1 
M30-11 10.7  1 
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the temperature drop would still be rather low. At the same time, if the feed 
flow rate again was 10 times smaller than in the experiments, the temperature 
drop at a flux of 25 kg m-2 h-1 would be substantial, namely in the range of 
10–17°C, again illustrating the importance of the flow conditions of the feed 
side. It is also worth pointing out that since these membranes were selective 
to the organic component in the mixtures and that the specific heat of 
vaporisation for n-butanol and ethanol is lower than that for water (by ca. a 
factor of 2.5), an increased selectivity to the organic compound would lead to 
a smaller temperature drop at the same flux. 
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5. CONCLUSIONS 
 
 
 
The present work showed that the transport of helium through MFI zeolite 
membranes in the presence of hydrocarbons could be described adequately by 
percolation models. The models revealed that the relative pressure needed to 
block zeolite pores at 50 C was about 2 × 10-4 for n-hexane and 3.5 × 10-4 
for benzene. This finding opened up an opportunity for analysis of defects in 
the micropore range by permporometry. For the first time, defects as small as 
0.7 nm in MFI membranes could be detected and characterised. The work 
has also demonstrated how the area distribution of the defects could be 
obtained from the permporometry data. The results were consistent with 
SEM analysis and separation experiments using mixtures of n-hexane and 2,2-
dimethylbutane (DMB), and n-hexane and 1,3,5-trimethylbenzene (TMB). It 
has therefore been illustrated that permporometry is a very effective and 
accurate tool for characterisation of defects in the micropore and mesopore 
range in MFI membranes. The data obtained by permporometry adequately 
reflect the membrane quality. Even defects in the macropore range can be 
indicated by permporometry.  
 
Single gas permeation data were shown to be insensitive to slight variations in 
membrane quality for the membranes with a low amount of defects. For this 
kind of membranes, the single gas ratios are mainly affected by the membrane 
thickness and support morphology and not by the amount of defects. 
 
In addition, pervaporation performance of high quality MFI membranes and 
also zeolite X membranes was studied. The MFI membranes were selective to 
n-butanol and ethanol, and exhibited the highest ever reported flux for 
pervaporation of 3 wt.% n-butanol/water and 10 wt.% ethanol/water 
mixtures. For instance, with the n-butanol/water separation factor of around 
10, the n-butanol/water flux observed at 60°C was about 4 kg m-2 h-1, which 
is nearly 100 times greater than the flux recorded in the literature for MFI 
membranes. The zeolite X (FAU) membranes displayed good separation 
performance for pervaporative dehydration of a 90 wt.% aqueous solution of 
ethanol. For instance, a water/ethanol separation factor of ca. 400 and a flux 
of ca. 1.5 kg m-2 h-1 were achieved at 50°C. 
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Modelling results of the mass transport indicated that there was a significant 
pressure drop across the support in all the pervaporation experiments, 
reducing the flux and selectivity, whereas heat transfer limitations were found 
to be negligible upon the conditions studied. 
 



 

 63

6. FUTURE WORK 
 
 
 
The permporometry analysis revealed that even high quality MFI membranes 
contain a certain amount of small micropore defects affecting the selectivity. 
Hence, in order to improve the membrane performance, such defects should 
be eliminated. It is thus important to proceed with the development of 
methods resulting in a preparation of defect-free membranes. For instance, it 
would be valuable to improve the membrane synthesis procedure to avoid or 
at least minimise formation of intracrystalline defects, i.e., formation of 
broken bonds and silanol groups. Further, the remaining defects could 
probably be eliminated by applying a certain post-treatment procedure on the 
prepared membrane, for instance, chemical vapour deposition (CVD) or 
coking. The development of such procedures would be of great interest. 
 
It would also be interesting to test the zeolite X membranes for pervaporative 
dehydration of concentrated aqueous solutions of n-butanol. 
 
According to the modelling results of the mass transport in pervaporation, the 
current supports for the zeolite films significantly contribute to the total mass 
transfer resistance in the pervaporation process reducing both flux and 
selectivity. Hence, it would be valuable to study ways to minimise the 
support resistance, for instance, by optimisation of the support properties or 
operating conditions. 
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a b s t r a c t

In permporometry analysis of zeolite membranes, the permeance of a non-adsorbing gas, such as helium,
is measured as a function of pressure of a strongly adsorbing compound, such as n-hexane in the case of
silicalite-1 membranes. The adsorbing compound effectively blocks the transport of the non-adsorbing
gas already at very low activity of the adsorbing compound. The plot of the permeance of the non-
adsorbing gas as a function of relative pressure of the adsorbing compound is denoted a permporometry
pattern. The present work is based on experimental data for a number of thin MFI membranes with a film
thickness ranging from 300 to 1800 nm. An adsorption-branch permporometry experiment is simple and
straightforward and after activation of the membrane by removing adsorbed species at 300 ◦C in a flow
of dry gas, a full permporometry pattern is recorded within about 7 h for such membranes. It is shown
how the distribution of flow-through defects can be estimated from the permporometry pattern using a
simple model for permeation based on Knudsen diffusion. The estimated defect distribution is supported
by SEM observations. In addition, the permeance of the non-adsorbing gas through defects measured
in permporometry can be used to predict the permeance of molecules diffusing through defects in the
membrane in mixture separation experiments and also indicate the separation factor. For instance, the
helium permeance through defects in an MFI membrane measured by helium/n-hexane permporometry
at room temperature can be used to estimate the permeance of 2,2-dimethylbutane (DMB) in a mixture
separation experiment at a higher temperature with a feed containing both DMB and n-hexane by assum-
ing Knudsen diffusion for both helium and DMB in the defects. Also, the separation factor ˛n-hexane/DMB

in a mixture separation experiment at a certain temperature with an MFI membrane with a given defect
distribution can be estimated from n-hexane/helium permporometry data recorded at the same tempera-
ture through an empirical correlation. In summary, adsorption-branch permporometry is a very effective
tool for analysis of thin zeolite membranes, that in short time gives data that can be used to estimate the
distribution of flow-through defects in the membrane and to estimate the transport of large molecules
through defects in separation experiments and also estimate separation performance.

© 2009 Elsevier B.V. All rights reserved.

1. Introduction

Zeolite membranes have the potential to achieve both high
flux and selectivity due to the well defined micropores in the
zeolite crystals as demonstrated in recent publications. One exam-
ple is the MFI membranes prepared by Tsapatsis and co-workers
[1]. The MFI crystals were b-oriented and the film thickness
was about 1 �m. These membranes have a separation factor of
about 400 for a mixture of p/o-xylene and a p-xylene perme-
ance of about 2×10−7 mol m−2 s−1 Pa−1 at 200 ◦C. Our group has
also reported MFI membranes with very high flux and selec-
tivity [2]. These membranes had a 500 nm thick film on a
graded alumina support. A separation factor of 227 for a n-
hexane/2,2-dimethylbutane mixture and a n-hexane permeance

∗ Corresponding author. Tel.: +46 920 492105; fax: +46 920 491199.
E-mail address: Jonas.Hedlund@ltu.se (J. Hedlund).

of 6×10−7 mol m−2 s−1 Pa−1 at 400 ◦C was reported [2]. The H2
permeance for the latter membranes at room temperature was as
high as about 220×10−7 mol m−2 s−1 Pa−1, which is unparalleled
by permeances reported for other zeolite membranes. To obtain
high separation factors, the membranes must practically be defect
free. However, in the case of MFI membranes supported on alumina,
cracks may form during the calcination process [3]. The MFI crystals
experience a weak contraction at about 175 ◦C (dehydration) and a
strong contraction in the temperature range 275–500 ◦C (template
removal) while the alumina support expands. Depending on how
well the MFI crystals are intergrown, this difference in thermal con-
traction/expansion may result in stress in the composite and crack
formation [3]. In the development of defect free membranes, an
effective characterization tool for flow-through defects is essen-
tial. Electron microscopy may be useful, but only defects visible at
the surface of the samples can be characterized nondestructively
by SEM. If the observed defects are in the form of cracks or pin-
holes, such defects are likely flow-through defects. However, open

0376-7388/$ – see front matter © 2009 Elsevier B.V. All rights reserved.
doi:10.1016/j.memsci.2009.09.012
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grain boundaries in the micropore range are difficult to observe by
SEM due to the limited resolution and the question if any observed
open grain boundaries on the surface of the membrane actually are
flow-through defects remains unanswered. Non-destructive imag-
ing of grain boundaries by fluorescence confocal optical microscopy
(FCOM) was demonstrated [4] a few years ago. In FCOM, grain
boundaries are impregnated with fluorescent molecules and these
molecules are viewed by confocal microscopy. A great advantage
with FCOM is that the grain boundaries can be viewed across the
entire cross-section of the membrane in a non-destructive manner
and it is thus possible to identify flow-through defects. However,
a disadvantage is the limited lateral and axial resolution of about
0.25 and 0.5 �m, respectively. This is close to or greater than the
grain size and thickness of the zeolite layer in high flux zeolite mem-
branes [1,2] and FCOM is thus only useful for relatively thick zeolite
membranes. Various forms of a non-destructive technique denoted
Permporometry have been developed for characterization of flow-
through pores in ceramic membranes [5–10]. This technique was
adapted to analysis of zeolite membranes by researchers at Exxon,
which first was presented at a conference [11] and more recently,
the extension of the technique for determination of adsorption con-
stants has been described [12]. In this technique, the permeance of
a non-adsorbing gas such as helium is measured as a function of
pressure of a strongly adsorbing compound such as n-hexane that
effectively blocks the transport of the non-adsorbing gas through
zeolite pores already at low activity of the adsorbing compound.
First, the permeance through zeolite pores and defects of the non-
adsorbing gas is measured for a dry membrane at zero pressure
of the adsorbing compound (point 1). Then, a low pressure of the
adsorbing compound is introduced in the feed and the permeance
of the non-adsorbing gas is measured at steady state (point 2). It
is important that the adsorbing compound completely blocks the
transport of the non-adsorbing gas through the zeolite pores at
point 2, and at the same time leaves as much of the defects larger
than zeolite pores open. This calls for the use of a compound that
is adsorbing strongly in the zeolite, such as n-hexane in the case
of silicalite-1 membranes and water for polar zeolite membranes
such as zeolite A and FAU. In this case, the remaining permeance
of the non-adsorbing gas in the presence of the adsorbing com-
pound at point 2 will stem from transport of the non-adsorbing
gas through defects that are larger than the pore size estimated
from the pressure of the adsorbing compound by for instance the
Horvath–Kawazoe (H–K) potential function [13]. The pressure of
the adsorbing compound is then increased step-wise (points 3, 4,
5, . . .) and the permeance of the non-adsorbing gas is measured
at steady state. The corresponding pore size at these points can be
estimated using for instance the Kelvin equation. This data, i.e. per-
meance of non-adsorbing gas and corresponding pore sizes can be
used to estimate a defect distribution in the membrane.

We have reported the synthesis and testing of various types
of zeolite membranes with varying morphology during sev-
eral years [2,14,15]. The conclusions have partially been based
on permporometry data. More recently, other groups have also
employed the technique for characterization of zeolite mem-
branes and a few examples are given in the reference list
[16–19].

Based on our long experience with the technique [2,14,15],
the present work describes the use of adsorption-branch
n-hexane/helium permporometry at room temperature for char-
acterization of flow-through defects in a range of MFI membranes
with varying morphology as observed by SEM. Based on new data,
the present work will also illustrate how permporometry can be
used to estimate the distribution of flow-through defects in a zeo-
lite membrane and predict permeance of molecules that are mainly
permeating through defects in the same zeolite membrane in sep-
aration experiments and, based on permporometry data, estimate
the mixture separation performance of the zeolite membranes for
the first time. In summary, the present work will show that n-
hexane permporometry is an excellent characterization tool for MFI
zeolite membranes.

2. Experimental

2.1. Membrane preparation

MFI membranes with varying film thickness were grown on
masked or non-masked graded supports as described earlier [2,15].
The sample codes and preparation procedure are summarized in
Table 1. In membranes of types U72, U30 and M72, cracks form
reproducibly, which has been discussed in detail in earlier work.
The observed crack widths by SEM for these membranes are given
in Table 1. In membranes grown on unmasked supports (sam-
ple code starts with U) the cracks are wider than in membranes
grown on masked supports (sample codes starts with M) at a given
film thickness. The film thickness is controlled by the duration
of hydrothermal treatment in hours (indicated in the membrane
code). The cracks are wider in thicker films. For membranes with
thin films grown on masked supports of types M30 [2] and M30R
[14], no cracks are observed by SEM. Open grain boundaries are
introduced by 30 days rinsing in 0.1 M NH3 in membranes of type
M30R as discussed in detail before [14].

2.2. Single gas permeation experiments

Single gas permeance data were recorded at room temperature
directly after calcination of the membranes using a feed pressure
of 0.8 bar and atmospheric permeate pressure.

2.3. Permporometry

Adsorption-branch n-hexane/helium permporometry data
were recorded for all membranes at room temperature using the
experimental setup outlined in Fig. 1.

The membrane was first mounted in a stainless steel cell using
graphite gaskets (Eriks, The Netherlands) for sealing. The mem-
branes were heated to 300 ◦C overnight in a flow of dry helium
and then cooled to room temperature. The feed pressure was then
adjusted to 0.5–1.0 bar, depending on the permeance, using a pres-
sure regulator of membrane type (Moore Products CO, Model 63
SU-L). The feed pressure was continuously recorded with a pressure
meter (Chrompak FP-meter Model FP-407) connected to a com-
puter. The permeate was kept at atmospheric pressure. Helium

Table 1
Sample codes, preparation procedures and SEM observations.

Membrane code Support masking Duration of hydrothermal
treatment (h)

Rinsing procedure SEM film thickness (nm) Defects observed by SEM Reference

U72 No 72 0.1 M NH3; ∼24 h 1800 30 nm cracks and support cracks [15]
U30 No 30 0.1 M NH3; ∼24 h 900 15 nm cracks [15]
M72 Yes 72 0.1 M NH3; ∼24 h 1100 10–15 nm cracks [15]
M30 Yes 30 0.1 M NH3; ∼24 h 500 No cracks [15,20]
M30R Yes 30 0.1 M NH3; 30 days 300 Pinholes [14]
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Fig. 1. Experimental setup for adsorption-branch permporometry.

gas (AGA 99.999%) was fed to the membrane via two mass flow
controllers (Bronkhorst HI-TEC). One of the helium streams was
saturated with n-hexane (Alfa Aesar, 99%), p-xylene (Aldrich, anhy-
drous, >99%) or benzene (Fluka, ≥99.5%) by bubbling through two
saturators, the first kept at room temperature and the second in a
water bath kept at lower temperature, i.e. 17.2±0.1 ◦C controlled
by a thermostat. The two helium streams were mixed to arrive at
the required relative pressure of hydrocarbon.

Increasing concentrations of hydrocarbon was added to the feed
and the helium permeance was continuously recorded using a dig-
ital flow meter (Chrompak FP-meter Model FP-407) connected to
a computer. When steady state flow was reached, the flow was
measured with a suitable soap bubble flow meter. The helium flow
measured with the soap bubble flow meter was used in subsequent
calculations. A relative pressure of n-hexane of about 0.025 or 0.01
was chosen at point 2, in early work and later work, respectively,
in order to ensure that the MFI zeolite is completely blocked by
n-hexane. These relative pressures of n-hexane corresponds to a
defect size of about 1.9 nm or 1.7 nm, respectively, (see Section
3) and defects that are larger than this can thus be characterized
by these permporometry experiments. The relative pressure of n-
hexane was then increased stepwise to about 0.025, 0.1, 0.2, 0.4,
0.7 and 1 and the helium permeance at steady state was measured.

The thickness of the adsorbed layer (t) at a given pressure (pi) of
n-hexane was estimated using the Harkins–Jura (HJ) equation [21]:

t =
√

C

B− lg(p/p0)
(1)

The constants B (−0.04) and C (16.77 Å2) were fitted to reported
thickness of adsorbed layer of n-hexane at corresponding relative
pressure of n-hexane for silicalite-1 [22].

For defects narrower than 2 nm, the Horvath–Kawazoe (H–K)
equation [23] was used to estimate the width of defects (di) blocked
by n-hexane at given pressure:

RT ln
(
p

p0

)
=�HADS

d−d0

[
�10

9d9
0

− �4

3d3
0

− �10

9(2d−d0)9
+ �4

3(2d−d0)3

]
, (2)

di = 2d− ds, (2a)

d0 = ds + da

2
, (2b)

where di is the pore diameter, ds the diameter of a surface atom
in the zeolite pores, da the diameter of n-hexane, d the slit pore
half width, � the zero interaction energy distance, � = (2/5)1/6d0,
�HADS the isosteric heat of adsorption (�HADS for silicalite-1 is
71.8 kJ mol−1 [24]) and p/p0 is the relative pressure of the hydro-
carbon.

For defects wider than 2 nm, the Kelvin equation [21] was used
to estimate the width of defects (di) blocked by n-hexane at the

given pressure:

ri =
−2�Vm

RT ln(p/p0)
, (3)

where ri is the radius of pores, � the surface tension of hydrocar-
bon (for n-hexane � is 1.84×10−2 N m−1 [25]) and Vm is the molar
volume of hydrocarbon (for n-hexane Vm is 1.31×10−4 m3 mol−1).

Since adsorption occurs before capillary condensation, the
width of defects (di) was estimated by summing the HK (dHK) or
Kelvin diameter (dK) and the thicknesses of the two adsorbed lay-
ers:

di = dHK + 2t (for pores < 2 nm), (4)

di = dK + 2t (for pores > 2 nm). (4a)

It should be noted that the defects in the zeolite membrane is in
the form of cracks and open grain boundaries [4,15], i.e. the defects
are likely slit shaped. The HK equation is derived for slit-shaped
pores and is thus appropriate to use. However, the Kelvin equation
is derived for circular pores. Nevertheless, the width of defects esti-
mated by Eq. (4a) from permporometry data is in good agreement
with SEM observations (see below), which justify the use of the
Kelvin equation. The flux through defects was assumed to follow
Fick’s law:

J = −DK

RT

dp
dz
, (5)

where dp/dz is the pressure gradient across the membrane. The
area Ai of defects with widths in an interval di–di+1 was estimated
from the measured molar helium flows Fi and Fi+1 at equilibrium at
n-hexane pressures pi and pi+1, respectively:

Ai =
Fi − Fi+1

J
. (6)

The Knudsen diffusion coefficient DK,i allowing for the constric-
tion factor (ϕp) and the tortuosity (�̃) was estimated from the
relation [21]:

DK,i =
�p3.068ri

�̃

√
T

M
, (7)

which is valid for cylindrical pores with radius ri. As pointed out
above, the defects are in the form of cracks and open grain bound-
aries and not cylindrical pores. However, since Eq. (4a) is used to
estimate the widths of defects, it is appropriate to use Eq. (7) to esti-
mate the Knudsen diffusion coefficient. The radius ri was taken as
half of the average defect width in the interval under consideration:

ri =
di + di+1

4
(8)

Fig. 2 shows adsorption isotherms for a few hydrocarbons in MFI
zeolite. It illustrates that n-hexane is adsorbing and saturates MFI
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Fig. 2. Adsorption isotherms for various hydrocarbons in MFI zeolite [26,27].

zeolite at a relative pressure of n-hexane of about 0.001. In addition,
about 8 n-hexane molecules per unit cell are present at saturation.
The transport of the non-condensable gas should thus be com-
pletely blocked at a relative pressure of n-hexane of about 0.001. In
principle, the relative pressure at point 2 could thus be set as low as
0.001 in n-hexane permporometry using a MFI membrane, which
corresponds to a defect size of about 1.5 nm (Eq. (4)). The smallest
defects in MFI membranes that can be characterized by n-hexane
permporometry are thus >1.5 nm if 8 molecules per unit cell are
needed to block the transport of helium completely. However, our
current experimental setup is not designed to accurately control
such low relative pressures of n-hexane, and we have thus cho-
sen 0.01 as the relative pressure in point 2. n-Pentane is probably
also a very suitable hydrocarbon for permporometry characteri-
zation of MFI zeolite membranes, since the adsorption isotherm
for n-pentane is similar to the one for n-hexane. Also n-heptane
and p-xylene seems to be useful adsorbates, if the relative pres-
sure at point 2 is 0.01 or higher. Based on the adsorption isotherm,
it is uncertain if benzene is a suitable adsorbing compound in
permporometry analysis of MFI membranes. If the relative pres-
sure at point 2 is taken as 0.01, only 4 molecules of benzene per
unit cell will be absorbed. However, if this is sufficient to block the
MFI pores completely for helium transport, benzene may also be
useful for permporometry characterization of MFI membranes.

2.4. Separation experiments

After completion of the permporometry experiment, the feed
was changed to a mixture of 11 kPa n-hexane, 11 kPa 2,2-
dimethylbutane (Fluka, ≥99%) with helium balance to 101 kPa and
mixture separation experiments were carried out using 101 kPa
helium as a sweep gas. The membrane was first equilibrated with

the feed overnight at room temperature and the following day, the
measurement started at 25 ◦C and the temperature was increased
to about 350 ◦C with a heating rate of 0.5 ◦C/min. The permeate
was analyzed every 22 min using a GC (Varian chrompack CP-3800)
connected on-line. The separation factor ˛n-hexane/DMB was then
calculated from:

˛n-hexane/DMB = yn-hexane/yDMB

xn-hexane/xDMB
, (9)

where x and y are the molar fractions of n-hexane and DMB in the
feed and permeate respectively.

2.5. An attempt to estimate DMB transport in mixture separation
experiments from He permeance recorded in permporometry
experiment by a simple model

The corresponding relative pressure (p/p0)m in the mixture in
the separation experiment was estimated from the pressure of n-
hexane (pn-hexane) and DMB (pDMB) in the feed using Raoult’s law
[28]:(
p

p0

)
m

= pn-hexane + pDMB

xn-hexanepn-hexane
0 + xDMBpDMB

0

. (10)

Since the feed composition was 11 kPa n-hexane, 11 kPa 2,2-
dimethylbutane, this corresponds to a relative pressure of 0.86
at room temperature according to Eq. (10). Analogous to the
permporometry experiment, defects smaller than about 30 nm (Eq.
(4a)) will thus be blocked for gas flow in the separation experiment
at room temperature, see Fig. 3.

Since the diffusivity of DMB in the zeolite pores has been
reported as small as 4.6×10−20 m2 s−1 [29], the DMB flow through
zeolite pores in the membrane should be as small as about
1×10−15 mol s−1 at room temperature in the separation experi-
ment. Using the Wilke–Chang equation [30], the DMB diffusivity in
liquid phase was estimated to 3.6×10−9 m2 s−1. The Wilke–Chang
equation can be used to estimate diffusivities in ordinary liquids
and it is possible that the DMB diffusivity in the liquid phase
that has condensed in defects smaller than 30 nm in the zeolite
membrane may be even smaller. However, by using this diffusiv-
ity, the DMB transported in the liquid phase that has condensed
in defects smaller than 30 nm (see Fig. 3) should be as small as
about 5×10−10 mol s−1 for a membrane with a defect distribution
according to Table 3 at room temperature. The Knudsen diffusiv-
ity for DMB in defects larger than 30 nm is 2.8×10−6 m2 s−1 (Eq.
(7)). The Knudsen flow of DMB through defects larger than 30 nm
that are open (free of condensed phase), see Fig. 3, is thus about
5×10−9 mol s−1, which is several orders of magnitude larger than
the DMB flow through zeolite pores and also about one order of
magnitude larger than DMB flow through liquid condensed in the
defects. Therefore, at room temperature, the flow of DMB through
zeolite pores and the DMB flow through liquid phase condensed in
defects can be neglected compared to the flow of DMB transported
by Knudsen diffusion through the open defects. Furthermore, this

Fig. 3. Schematic representation of DMB transport through an MFI membrane in separation experiments.
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should also be true for our separation experiments at higher tem-
peratures. Since the feed composition is kept constant and the
temperature is increased during the separation experiment, the
relative fraction of open defects will increase and the relative frac-
tion of defects blocked by liquid phase will decrease, and transport
of DMB by Knudsen diffusion in gas phase via open defects will
dominate.

The DMB flow (FDMB) at a certain temperature (Tseparation) and
thus a certain relative pressure (p/p0i

) in the separation experiment
was therefore estimated from permporometry data by interpolat-
ing (see Eq. (11)) the helium flow (Fp/p0i±1He ) in the permporometry
experiment at room temperature (Tpermporometry) measured at
lower relative pressure (p/p0i−1

) than p/p0i
and at higher relative

pressure (p/p0i+1
) than p/p0i to the helium flow (Fp/p0iHe ) at p/p0i .

Fp/p0iHe = Fp/p0i+1He + Fp/p0i+1He − Fp/p0i−1He

p/p0i+1
− p/p0i−1

(
p

p0i

− p

p0i−1

)
. (11)

The DMB flow (FDMB) in the separation experiment was esti-
mated by scaling the helium flow at p/p0i

assuming Knudsen
diffusion and accounting for differences in temperature, driving
force and differences in molecular weight between helium and
DMB:

FDMB = Fp/p0i
He

√
MHe

MDMB

Tpermporometry

Tseparation

�PDMB

�PHe
, (12)

where FDMB is the estimated DMB flow in the separation exper-
iment, Fp/p0i

He the He flow in the permporometry experiment at a
certain relative pressure of n-hexane, MHe the molecular weight of
He,MDMB the molecular weight of DMB, Tpermporometry the tempera-
ture in the permporometry experiment, Tseparation the temperature
in the separation experiment,�PDMB the partial pressure difference
of DMB across the membrane in the separation experiment and
�PHe is the partial pressure difference of He across the membrane
in the permporometry experiment.

2.6. Electron microscopy

The membranes were characterized by SEM using a Philips XL
30 instrument with LaB6 electron gun after gold coating by sputter-
ing. Since the events leading to crack formation likely are occurring
at high temperatures, i.e. at 175 ◦C (dehydration) and 275–500 ◦C
(template removal) [3] during calcination of the membrane as
described above, it is unlikely that new cracks formed during sam-
ple preparation for SEM analysis.

Fig. 4. Permporometry raw data for membrane M305 of type M30.

3. Results and discussion

3.1. Permporometry pattern and defect distribution

Fig. 4 shows the recorded helium flow as a function of time dur-
ing a permporometry experiment for membrane M305 of type M30
with high quality. A helium flow of 345 ml min−1 is recorded ini-
tially, at p/p0 = 0. When some hydrocarbon vapour is introduced in
the feed (p/p0 ∼0.01), steady state is reached after about 25 min
(the plateau at about 7000 s indicated p/p0 = 0.01), and the helium
flow is reduced to about 2.6 ml min−1 due to blockage of zeo-
lite pores and some micropores by n-hexane (see below). After
increasing the n-hexane concentration in the feed (p/p0 ∼0.02), the
helium flow is reduced further to about 1.8 ml min−1 due to block-
age of larger micropores. As the relative pressure of n-hexane is
increased stepwise to 0.99, the helium flow is reduced further and
the duration of the whole experiment (counting from introduction
of hydrocarbons at p/p0 ∼0.01 until steady state at p/p0 ∼0.99) is
about 7 h.

3.2. SEM observations and permporometry patterns

Fig. 5a shows a SEM top-view image of a membrane of type U72.
Cracks with a width of about 30 nm are observed. These cracks are of
both inter- and trans-granular type, i.e. the cracks propagate both
in grain boundaries and through grains. It should be noted that
these cracks are far apart and high magnification is required to dis-

Fig. 5. Top view (a) and cross-sectional (b) SEM images of membrane U72.
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Fig. 6. n-Hexane/helium adsorption-branch permporometry patterns for mem-
branes of types U72, U30, M72, M30 and M30R.

cover the defects. However, the cracks are easy to find for a skilled
SEM operator used to work with zeolite membranes. In addition,
the cracks are evenly distributed with regular spacing between the
cracks over the entire membrane surface. Fig. 5b shows a cross-
sectional image of the membrane, which illustrates that at least
some of the cracks propagate throughout the entire zeolite film,
even into the support, i.e. support cracks.

The n-hexane/helium adsorption-branch permporometry pat-
tern for a membrane of type U72 is shown in Fig. 6, please note the
logarithmic y-scale. In addition to the drop in helium permeance
when the zeolite pores are blocked (i.e. when p/p0 is increased from

zero to about 0.025), a significant drop in helium permeance is only
observed in the relative pressure range above 0.78, which corre-
sponds to defects with a width larger than 19 nm (estimated using
Eqs. (2)–(4a)). This corresponds well to the crack width of about
30 nm observed by SEM. The helium permeance at p/p0 ∼1 is as
high as 6×10−7 mol m−2 s−1 Pa−1, which indicates the presence of
larger defects, that apparently cannot be blocked by condensation
of n-hexane, such as support cracks, as observed by SEM.

Fig. 7 shows SEM images of membrane U30. In this case, cracks
with a width of about 15 nm, but no support cracks, are observed.

In the permporometry pattern, a large drop in permeance is
observed in the relative pressure range p/p0 > 0.73, which corre-
sponds to defects with a width larger than 15 nm, in agreement with
SEM observations. Furthermore, the helium permeance at p/p0 ∼1
is as low as 0.09×10−7 mol m−2 s−1 Pa−1, which indicates that no
larger defects, such as support cracks should be at hand, in agree-
ment with SEM observations.

Fig. 8 shows SEM images of membrane M72. In this case,
cracks with a width of about 10–15 nm and no support cracks
are observed. In the permporometry pattern, a significant per-
meance drop is only observed in the relative pressure range
0.22 <p/p0 < 0.75, which corresponds to defects with a width
between 3.6 and 16 nm, in perfect agreement with SEM observa-
tions.

Fig. 9 shows SEM images of membrane M30. In this case, no
defects are observed by SEM. The permporometry pattern for this
membrane type is also very flat in the whole relative pressure range
0.025 <p/p0 < 1, i.e. very small amounts of defects are detected by
permporometry in agreement with SEM observations. However, a
defect distribution for this type of membrane, which mostly con-
tains defects that are too small to be detected by SEM, can be
estimated from permporometry data, see below.

Fig. 7. Top view (a) and cross-sectional (b) SEM images of membrane U30.

Fig. 8. Top view (a) and cross-sectional (b) SEM images of membrane M72.
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Fig. 9. Top view (a) and cross-sectional (b) SEM images of membrane M30.

Table 2
Lengths of the unit cell axes in empty MFI crystals in a powder and after loading with about 8 eight molecules of p-xylene, benzene and n-hexane, respectively.

Empty [32] 8 p-xylene [33] 8 benzene [32] Approximately 8 n-hexane [34]

a (Å) 20.101 20.120 19.996 19.911
b (Å) 19.872 19.827 19.935 20.135
c (Å) 13.365 13.435 13.427 13.408
Difference in a (%) – 0.09 −0.52 −0.95
Difference in b (%) – −0.23 0.32 1.32
Difference in c (%) – 0.52 0.46 0.32
Unit cell volume change (%) – 0.39 0.26 0.69

Fig. 10 shows SEM images of membrane M30R. The zeolite
film thickness after synthesis in this membrane is somewhat less
(400 nm) than in membranes of type M30 (500 nm), which is prob-
ably due to that other chemicals were used during the synthesis of
membrane M30R. Membrane M30R has been rinsed for 30 days in
a 0.1 M NH3 solution prepared from silicate free water (distilled in
a Teflon apparatus), which was replaced every day. This treatment
dissolved some of the zeolite film, which reduced the film thick-
ness to about 320 nm after rinsing, and opened grain boundaries
between the crystals, as discussed elsewhere [14]. However, no
defects or open grain boundaries are observed by SEM, as illustrated
in Fig. 10.

The permporometry pattern for membrane M30R is shown in
Fig. 6. A significant permeance drop is observed in the whole rela-
tive pressure range up to p/p0 = 0.69, which corresponds to defects
with a diameter smaller than 13 nm. Since these defects obvi-
ously not are cracks, but rather open grain boundaries between
the crystals, it is difficult to observe these defects by SEM,
as illustrated in Fig. 10. The helium permeance at p/p0 ∼1 is
1.4×10−7 mol m−2 s−1 Pa−1, which indicates the presence of a few

larger defects, which apparently cannot be blocked by condensa-
tion of n-hexane. Pinholes were observed by SEM.

In summary, the excellent agreement between SEM observa-
tions and defect widths estimated from permporometry data using
Eqs. (4) and (4a) demonstrates that n-hexane permporometry is a
very effective and accurate characterization tool for flow-through
defects in MFI membranes.

In a recent paper from Falconer and co-workers [19], it is cor-
rectly pointed out that n-hexane expands calcined MFI crystals to
some extent. Table 2 shows the unit cell axes lengths for calcined
powders of MFI zeolite as well as MFI zeolite powder loaded with
approximately eight molecules of p-xylene, benzene and n-hexane,
respectively. Some of the axes expand while others contract upon
hydrocarbon adsorption. However, the unit cell volume of MFI zeo-
lite powder is increasing about 0.7% by adsorption of n-hexane at
room temperature. It should be noted that in a supported zeolite
film such in a membrane, the crystals may behave differently than
in a powder as recently reported by our group [31]. The different
behaviour of crystals in a supported film may be caused by both
the bonding of the crystals to the support and to each other in a

Fig. 10. Top view (a) and cross-sectional (b) SEM images of membrane M30R.
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rigid film which obviously should diminish the crystal expansion
in the support plane upon adsorption of hydrocarbons. The width
of the largest grains on the surface of M30 membranes is about
200 nm, see Fig. 9. However, all these grains grew from a densely
packed layer of seed crystals with a width of about 50 nm and the
average width of a grain is thus roughly 100 nm×100 nm×500 nm.
If this grain expands 0.7%, it corresponds to about 0.7 nm in the
membrane plane. Furthermore, it is likely that the formation of
defects in the form of open grain boundaries and cracks is at least
a partially irreversible process and that the defects may remain
fully open even after adsorption of hydrocarbons. In addition, the
excellent agreement between SEM observations and permporom-
etry data indicates that the expansion of MFI crystals is at least not
affecting the defects observable by SEM to any larger extent. As
shown in Table 2, all hydrocarbons, such as p-xylene and benzene,
also expand MFI powder crystals upon adsorption, and eventual
expansion of the zeolite is difficult to avoid and will occur in most
applications of zeolite membranes.

Falconer and co-workers [19] further point out that MFI crystals
in powder expand less upon benzene adsorption and that benzene
is a more suitable adsorbate in permporometry experiments. How-
ever, the expansion upon adsorption of benzene still is about 0.3%,
i.e. almost half of that for n-hexane, see Table 2.

Falconer and co-workers [19] state that “Methods that
use n-hexane (n-hexane permporometry and n-hexane/2,2-
dimethylbutane (DMB) separation) are shown tonotbe effective for
characterizing MFI zeolite membranes because n-hexane adsorp-
tion swells MFI crystals and shrinks the size of nonzeolitic pores.”
The authors further find benzene permporometry more suitable
than n-hexane permporometry. This conclusion is questioned. First
of all, their permporometry data for a boron substituted ZSM-5 (B-
ZSM-5) membrane shows that a n-hexane activity of 1.6×10−3

reduced the helium flux to <1% of that a n-hexane activity of 0
at 298 K. This data indicates that the quality of these membranes
is good but not excellent and comparable to our membrane M303
(see below). However, at a benzene activity as high as about 0.9,
the helium flux was only reduced to about 30% of that for a dry
membrane. Based on this information and pervaporation data these
authors conclude that benzene is a more suitable adsorbate for
permporometry experiments. However, if as much as 30% of the
helium flux remains at a benzene activity of about 0.9, it indi-
cates that the B-ZSM-5 membrane is highly defective with cracks
larger than about 46 nm (using Eq. (4a) adapted to benzene)! It is
highly unlikely that such large defects can be blocked by expan-
sion of the zeolite crystals upon n-hexane adsorption as suggested
[19]. Furthermore, these membranes showed low separation fac-
tors (˛ between 1.3 and 3.9) in mixture pervaporation experiments
using mixtures of n-hexane and DMB again indicating highly defec-
tive membranes. If n-hexane would expand the crystals and block
most of the defects as suggested, high separation factors would be
observed in the pervaporation experiments with n-hexane in the
feed. The data presented thus seems highly inconsistent and the
conclusions erroneous. In order to shed some light on this issue,
we recorded adsorption-branch He permporometry patterns using
n-hexane, benzene and p-xylene as adsorbates for two additional
M30 membranes with high, yet varying quality, see Fig. 11.

Nearly identical results are obtained with n-hexane, benzene
and p-xylene as adsorbates for our MFI membranes as opposed to
the dramatical differences observed for B-ZSM-5 membranes [19].
The small difference in expansion of the MFI zeolite crystals upon
adsorption of hydrocarbons thus seems to have no or very small
effect on the permporometry pattern for our MFI membranes. This
is likely due to that the formation of defects in the form of open
grain boundaries and cracks in the membranes is at least a partially
irreversible process as discussed above. The very different results
observed here compared to the results presented by Falconer and

Fig. 11. Adsorption-branch He permporometry data for two membranes of type
M30 using n-hexane, benzene and p-xylene as adsorbates.

co-workers [19] may be related to the different compositions of
the membranes, i.e. B-ZSM-5 versus silicalite-1, the average crystal
size 15 �m×15 �m×0.5 �m versus 100 nm×100 nm×500 nm,
differences in preferred orientation of the crystals in Falconers and
Nobles membranes [19] and our membranes, respectively, or errors
in the measurements [19].

Furthermore, our data at p/p0 ∼0.01 indicates that as few as 4
benzene molecules per unit cell blocks the helium transport in the
zeolite pores almost as effectively as 8 n-hexane molecules or 8
p-xylene molecules per unit cell, which is somewhat surprising.

It is also well known that calcined MFI crystals have an unusual
thermal behaviour [35]. The volume expansion coefficient of cal-
cined MFI is positive at low temperatures and negative at high
temperatures and about 27.7×10−6 K−1 between 298 and 348 K
and −15×10−6 K−1 between 393 and 975 K. Thus, if calcined MFI
zeolite is heated from 25 to 75 ◦C, the unit cell volume of the zeo-
lite crystals expands by about 0.14%. This is as much as 1/5 of the
expansion caused by the adsorption of n-hexane. If the MFI zeolite
is further heated from 75 to 400 ◦C (common temperature for gas
phase separations by MFI membranes) the unit cell contracts by
about 0.45%, i.e. this volume change is comparable to the volume
change caused by adsorption of hydrocarbons.

The conclusion from the discussion above is that although
hydrocarbons expand MFI zeolite powder upon adsorption, this
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Table 3
Typical permporometry data and estimated defect distribution for the high quality membrane M301 of type M30.

Relative pressure Helium permeance at
equilibrium (mol s−1 m−2 Pa−1)

Width of defect (nm) Defect interval (nm) Relative areaa of defects (10−5)

0.0000 7.69×10−6 – – –
0.0085 4.11×10−8 1.64 – –
0.0219 1.98×10−8 1.88 1.64–1.88 3.64
0.1291 9.41×10−9 2.86 1.88–2.86 1.32
0.2099 7.51×10−9 3.51 2.86–3.51 0.18
0.4240 6.56×10−9 5.94 3.51–5.94 0.06

0.7216 5.15×10−9 14.43 5.94–14.43 0.04
>14.43 0.11

a Defect area divided by membrane area.

seems to have no effect on the defect distribution in films and thus
the permporometry data for our MFI zeolite membranes.

3.3. Estimation of defect distribution from permporometry data

Table 3 shows permporometry data for the high quality
membrane M301 of type M30. The helium permenace is about
8×10−6 mol s−1 m−2 Pa−1 for a “dry” membrane at a relative pres-
sure of 0. This permeance is in line with what we have reported
previously [2]. The H2 permeance for this membrane is about
20×10−6 mol s−1 m−2 Pa−1. These permeances are about 10 times
higher than reported by other groups. As discussed previously [2],
this high permeance is a result of the thin film (500 nm) grown on
a graded support, that was masked during film growth to reduce
support invasion. Already at a relative pressure of about 0.009,
the zeolite pores are blocked by strongly adsorbed hydrocarbon
molecules, and the helium permeance is reduced over two orders of
magnitude to about 4×10−8 mol s−1 m−2 Pa−1. This relative pres-
sure corresponds to a defect width of 1.64 nm and the observed
helium permeance should thus emanate from permeance through
defects larger than 1.64 nm. At the next relative pressure, 0.022,
which corresponds to a defect width of 1.88 nm, the helium per-
meance is reduced further. The difference in helium permeance
recorded at relative pressure of ∼0.01 and 0.022 can be used to
estimate a relative area of defects (defect area/membrane area)
with a width between 1.64 and 1.88 nm using Eqs. (5)–(8). For this
particular membrane, this relative defect area is as small as about
3.6×10−5, i.e. as little as about 36 ppm of the surface is comprised of
defects with this width. However, these defects are difficult to char-
acterize by scanning electron microscopy, even by the best in-lens
or semi in-lens cold field emission gun SEM instruments. However,
this is something we will attempt to do in the future. By treat-
ing the remaining permporometry data in the same way, a defect
distribution for the whole membrane can be estimated, see Table 3.

The relative area of defects for membrane M301 in the interval
5.94–14.4 nm is as small as about 4×10−7, i.e. only 0.4 ppm of the
membrane area is comprised of defects of this size. Although these
defects are large enough to be observed by SEM, the amount of these
defects is very small and it is not surprising that the membrane
appears defect free when observed by SEM.

3.4. Single gas permeation data vs. permporometry patterns

To indicate any correlation between permporometry, single
gas and mixture separation data, a number of membranes of
type M30 were fabricated and evaluated by single gas perme-
ation experiments and permporometry. Based on this data, a range
of membranes of type M30 with high but varying quality, were
selected for further evaluation by separation experiments. Fig. 12
shows permporometry patterns for these membranes. It is clear
that all membranes have similar permporometry patterns, indicat-
ing that all membranes have relatively high and similar quality and

Fig. 12. n-Hexane/helium adsorption-branch permporometry patterns for six
selected membranes of type M30 with high, yet varying quality.

are crack free. By “relatively high quality” we suggest that these
membranes are similar in quality to the membrane of type M30
with permporometry pattern as in Fig. 6 and with a defect free
appearance in the electron microscope as illustrated in Fig. 9. The
membranes are thus significantly better (of higher quality) than the
membranes of types U30, U72, M72 and M30R.

As follows from above, the helium permeance at a n-hexane
relative pressure of about 0.01 (point 2), reflects the total area of
defects in the membrane, i.e. the higher helium permeance at point
2, the more defects. Fig. 13 illustrates single gas permeance ratios
as a function of the helium permeance at p/p0 ∼0.01. These single
gas ratios are in line with our previous reports and characteristic
for our isomer selective silica rich MFI membranes [2] tested under
these conditions. As we have shown before [36], these ratios are
dependent on film thickness and feed pressure. In addition, the
SF6 diffusivity in these silica rich MFI membranes is quite high
and in combination with the strong adsorption of this molecule,
this results in high SF6 permeance and a relatively low He/SF6 per-
meance ratio of about 5–6 under these experimental conditions
[36]. Much lower SF6 permeances, and consequently, higher He/SF6
permeance ratios are observed for alumina rich MFI membranes
[37]. The quite different ratios reported by other groups for MFI
membranes can be explained by differences in film thickness, feed
pressure and Si/Al ratio in the MFI zeolite. It is clear that the sin-
gle gas permeance ratios illustrated in Fig. 13 are independent of
the helium permeance at p/p0 ∼0.01 for this selection of mem-
branes, that all have relatively high quality. These results are in
line with a previous report [38] from our group. In this report
it was shown that if the membrane is not very defective, single
gas permeance ratios are much more affected by the variations in
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Fig. 13. Permeance ratios as a function of the He permeance at p/p0 = 0.01 for mem-
branes of type M30.

the substrate and by variations of pressure drop than by defects.
Thus, the minor differences in the observed permeance ratios in
the present work are likely caused only by experimental errors or
small differences in membrane thickness or substrate morphology.
Therefore, single gas permeance ratios cannot indicate membrane
quality for membranes that all have relatively high quality. The
almost constant single gas permeance ratios for these membranes
thus reflect intrinsic diffusion in the zeolite pores rather than dif-
fusion in defects.

3.5. Estimation of DMB transport and separation performance
from permporometry data

The separation factor ˛n-hexane/DMB as a function of temperature
for membranes M301 and M303 is shown in Fig. 14. Membrane
M301 has a separation factor of about 30 and membrane M303 has
a separation factor of about 40 at room temperature. The separation
factor is then increasing to about 60 for membrane M303 and to 50
for membrane M301 when the temperature is increased to 50 ◦C.

Fig. 14. Separation factor ˛n-hexane/DMB as a function of temperature for membranes
M301 and M303 of type M30.

Fig. 15. Measured and predicted DMB flows as a function of temperature for mem-
brane M303 (a) and M301 (b).

Then the two membranes behave completely different. The separa-
tion factor for membrane M303 is almost constant at 50 when the
temperature is increased to 350 ◦C. For membrane M301, the sepa-
ration factor is increasing to about 120 at 200 ◦C and then drops to
50 at 350 ◦C as for membrane M301. We speculate that this differ-
ence in temperature dependency of separation factor is related to
small differences in the onset of coke formation in the defects in the
two membranes as the temperature is increased. The appearance
of the membranes changed from white before the measurements
to grey and carbon was detected by EDS analysis (no gold coat-
ing in this case) on the membranes after measurements. It appears
as coke formation started in membrane M301 already at temper-
atures above 100 ◦C, which resulted in very high separation factor
at 200 ◦C. It appears as coke formation started at higher tempera-
tures in membrane M303 and that the defects in both membranes
were equally blocked by coke at 350 ◦C, which resulted in identical
separation factors at 350 ◦C. Random variations in separation fac-
tor as a function of temperature, perhaps caused by random onset
of coke formation, were observed for all membranes M301–M306.
The main conclusion from these observations is that defect charac-
terization by permporometry should be carried out at the intended
separation temperature.

Fig. 15a shows measured DMB flow in the separation experi-
ment as a function of temperature and predicted DMB flow from
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Table 4
Prediction of separation factor.

Membrane He permeance (10−7 mol s−1 m−2 Pa−1) Measured separation factor Predicted separation factor Relative error (%)

M303 0.29 40.0 35.8 10.6
M304 0.39 21.3 28.8 −35.1
M301 0.41 29.5 27.5 6.7
M302 0.46 25.2 24.0 4.6
M306 0.47 21.1 23.3 −10.6
M305 0.61 16.6 14.3 14.0

Fig. 16. Separation factor ˛n-hexane/DMB at room temperature as a function of the
helium permeance at p/p0 = 0.01.

permporometry data by Eq. (12) for membrane M303. At room
temperature, the predicted DMB flow through the membrane via
defects by Knudsen diffusion is about 10 times lower than the mea-
sured flow. This indicates that DMB is mainly transported through
an additional diffusion mechanism, such as via surface diffusion
[21] through both open defects and defects “blocked” by hydro-
carbon in the zeolite membrane. However, at higher temperatures,
the predicted DMB flow is approaching the estimated DMB flow by
Knudsen diffusion, and at 215 ◦C, the difference in estimated and
predicted flow is only about 25%. Again, this indicates that surface
diffusion dominates at low temperatures, and at high temperatures,
DMB is mainly transported by Knudsen diffusion through the open
defects, which explains the good correlation between estimated
flow by Knudsen diffusion with measured DMB flow at 215 ◦C.

Similar trends were observed for membrane M301, see Fig. 15b.
However, in this case, the predicted DMB flow at 215 ◦C is around 3
times higher than the measured flow, probably due to coke forma-
tion in the defects in this membrane, which reduced the measured
DMB flow and increased the separation factor as discussed above.

The discussion above clearly shows that it may be difficult
to predict membrane performance at higher temperatures from
permporometry data recorded at room temperature due to coke
formation at higher temperatures. Also, DMB transport is proba-
bly occurring via both Knudsen diffusion and surface diffusion and
can only be estimated if the transport by both Knudsen and surface
diffusion are known. However, it should be possible to correlate
permporometry data recorded at room temperature to separation
factor at room temperature as illustrated in Fig. 16.

This figure shows the separation factor ˛n-hexane/DMB at room
temperature as a function of the helium permeance at p/p0 = 0.01.
For this set of membranes, there is a linear correlation with a regres-
sion coefficient of 0.74 between these two variables. The separation
factor ˛n-hexane/DMB at room temperature can thus be predicted by

the empirical correlation:

˛n-hexane/DMB = −68˘He
0.01 + 55 (13)

where ˘He
0.01 is the helium permeance at p/p0 = 0.01.

It should be noted that other correlations in addition to the
one above were also evaluated such as the separation factor
˛n-hexane/DMB at room temperature as a function of the ratio of the
He permeance at p/p0 = 0 to the He permeance at p/p0 = 0.01. All of
them resulted in lower correlations than 0.74.

Table 4 shows the measured separation factor at room temper-
ature, the separation factor predicted by Eq. (13) and the relative
error.

For five out of six membranes the relative error in prediction
of the separation factor is less than 15%. Therefore, adsorption-
branch permporometry can be used not only for assessment of
membrane quality but also for prediction of membrane separation
performance.

4. Conclusions

Adsorption-branch permporometry is a simple and powerful
technique to estimate the distribution of flow-through defects in
zeolite membranes. For similar membranes of high quality, there
is no correlation between permporometry data and single gas
permeance ratios and the latter does not reflect small variations
in membrane quality. The permeance of the non-adsorbing gas
through defects measured in permporometry can be used to pre-
dict the permeance of molecules diffusing through defects in the
membrane and also the separation factor in mixture separation
experiments.
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a b s t r a c t

In the present work, the mass transport of helium through zeolite is experimentally determined by

measuring the flow of helium through a zeolite membrane. By using a mathematical model, the mass

transport through defects was accounted for to arrive at mass transport through zeolite pores. For the

first time, we could thereby experimentally show that the mass transport of helium in zeolite pores is

strongly controlled by the amount and location of hydrocarbons in the zeolite pores and varies several

orders of magnitude. The mass transport of helium in ZSM-5 zeolite pores is first reduced gradually

more than one order of magnitude when the loading of n-hexane is increased from 0 to 47% of

saturation. As the loading of n-hexane is further increased to 54% of saturation, the mass transport of

helium in the zeolite pores is further reduced abruptly by more than two orders of magnitude. This

gradual decrease followed by an abrupt decrease of mass transport is caused by adsorption of n-hexane

in the zeolite pores. In a similar yet different fashion, the mass transport of helium in the zeolite pores

is reduced abruptly by almost two orders of magnitude when the loading of benzene is increased from

0 to 19% of saturation due to adsorption of benzene in the pore intersections. Effective medium

approximation percolation models with parameters estimated using density functional theory employ-

ing the local density approximation, i.e. models with no adjustable parameters and the most

sophisticated theory yet applied to this system, can adequately describe the experimental observations.

& 2012 Elsevier B.V. All rights reserved.

1. Introduction

Zeolites are microporous materials with well-defined channel
systems and there are almost 200 known unique zeolite frame-
work types [1]. A few of the zeolites are widely used in industry
as catalysts and adsorbents. A major application of zeolites in
industry is the use of zeolite Y as catalyst in the fluid catalytic
cracking (FCC) process at oil refineries for the production of
gasoline from heavy feedstock. In this process, the catalyst is
deactivated within a few seconds due to coke formation in the
zeolite pores, i.e. coke blocks the mass transport of reactants and
products to and from the catalyst. In the process, the catalyst is
continuously circulated between the reactor and a regenerator, in
which the coke is removed from the catalyst by oxidation. Coke
formation in zeolite catalysts [2] is thus one example of a system
of great industrial importance in which the mass transport of a
light and/or weakly adsorbing component is controlled by a heavy

and/or strongly adsorbing compound in the zeolite. Zeolites are
also used as adsorbents in cyclic gas separations processes, for
instance for recovery of pure hydrogen from gas streams also
containing hydrocarbons in oil refineries. In such processes, the
zeolite adsorbent may be deactivated by coke formation or by
partial pore closure due to slow loss of crystallinity of the
adsorbent [3]. Zeolite membranes [4] are currently under devel-
opment for gas separations in research laboratories and have also
been evaluated for water removal from alcohols in large scale
processes. Zeolite-type materials have also been recently pro-
posed as candidates for the removal and storage of carbon dioxide
from the atmosphere [5]. There are numerous examples of
separations using zeolite membranes in which a heavy and/or
strongly adsorbing compound in the zeolite controls the mass
transport of a lighter or non-adsorbing compound and a few
examples are given in the reference list [6–10]. Finally, evaluation
of zeolite membrane quality by permporometry [11] relies on the
transport of helium through the zeolite being blocked by
hydrocarbons.

Diffusion in zeolites has been studied by a number of experi-
mental techniques such as NMR [12,13], zero length column
technique [14], IR microscopy [15], QENS [16] and membranes
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[17]. A number of mathematical modeling techniques have also
been used to describe diffusion in zeolites [18,19].

The Maxwell–Stefan formulation for bulk fluids has been
adapted to fluids in mesoporous materials, which is known as
the dusty gas model [20,21]. Many research groups, including us,
have used a similar approach also for modeling diffusion in
microporous materials, for instance zeolite membranes. However,
as pointed out by Liu et al. [22], the Maxwell–Stefan model does
not consider the very restricted space in zeolite pores, where
molecules cannot easily pass each other.

On the contrary, percolation theory [23] is well developed to
describe flow in porous media [24], and has also been applied to
zeolites to describe catalyst deactivation [2] and diffusion [13,15,
25,26]. Beyne and Froment [27] have developed a percolation model
employing the effective medium approximation (EMA) to describe
catalyst deactivation by coke formation. Chmelik et al. [15]
studied adsorption and diffusion of n-butane/iso-butane mixtures
in silicalite-1 crystals using infrared microscopy. A site-percolation
threshold was used as a rough estimate to explain why some
regions of the crystals were initially inaccessible to n-butane.
Keffer et al. [25] investigated percolation effects using Monte Carlo
lattice dynamics on hypothetical zeolite lattices and suggested that
percolation theory can be applicable to a wide variety of zeolite
transport problems. Nivarthi et al. [13] showed that the self-
diffusivity of methane in zeolite Y is influenced by the presence of
ethylene and benzene. Iyengar and Coppens [26] first described
the use of EMA and mean-field theory to predict diffusion in zeolites
in the presence of a strongly co-adsorbing species. However, in none
of the experimental studies [13,15], the influence of defects in the
zeolite on mass transport was accounted for. Intracrystalline defects
such as connectivity defects, i.e. broken Si–O bonds in the lattice,
resulting in increased micro- and mesoporosity [28], occur frequently
in zeolites.

ZSM-5 zeolite is used in several industrial processes and also
frequently studied by scientists and understanding of diffusion
processes in ZSM-5 is thus of great importance. ZSM-5 has an MFI
framework with zig-zag channels with a diameter of approxi-
mately 5.3 Å running in the a-direction and intersecting straight
channels with a diameter of approximately 5.5 Å running in the
b-direction.

A prerequisite for application of percolation theory is knowl-
edge of the adsorption isotherm and the location of the adsorp-
tion sites for the compound blocking the pore system. Adsorption
isotherms for MFI zeolite have been determined for many
adsorbates including n-hexane [29,30] and benzene [31,32].
Monte Carlo simulations of the n-hexane/MFI system at low
occupancy [33] have shown that n-hexane adsorbs mostly in
the channels. However, Monte Carlo simulations [34] have also
shown that at low n-hexane loadings (oca 4 molecules per unit
cell), the n-hexane molecules are uniformly distributed in the
intersections, straight- and zig-zag channels. Whereas at higher
loadings (4ca 4 molecules per unit cell), the n-hexane molecules
are localized in the channels, enabling a maximum adsorption of
eight molecules per unit cell, four molecules in the zig-zag and
four in the straight channels. Benzene shows a complex adsorp-
tion behavior in MFI with two steps in the isotherm [35]. At low
loadings (o4 molecules per unit cell), benzene adsorbs in the
channel intersections [36,37]. In the range 4–6 molecules per unit
cell, four molecules occupy the intersections whereas the remain-
ing molecules are adsorbing in the zig-zag channels. Further, in
the high loading range (6–8 molecules per unit cell), four
molecules are occupying the intersection and the remaining
molecules adsorb in the straight channels. Liu et al. [22] examined
binary diffusion in ZSM-5 by Dynamic Monte Carlo simulations
and compared the results with the Maxwell–Stefan approach and
a percolation model. The Monte Carlo simulations indicated that

the Maxwell–Stefan approach may be an inappropriate descrip-
tion for diffusion in microporous materials, especially for systems
with high static heterogeneity such as ZSM-5 and that a percola-
tion model may be more suitable in this case.

In the present work, we used an MFI zeolite membrane and
directly measured the mass transport of helium through the
membrane as a function of loading of n-hexane or benzene. By
using a mathematical model, the mass transport through defects
was estimated and the mass transport through the zeolite pores
could be determined from the experimental data. It was thereby
possible to for the first time experimentally verify that diffusion
of light components in zeolite pores varies several orders of
magnitude in the presence of heavy components. Furthermore,
the experimental results could be described well by percolation
models with no adjustable parameters. Density functional theory
with the local density approximation (DFT–LDA) was used to
determine helium diffusivities in open channels/intersections and
blocked channels/intersections in the zeolite as an input to the
percolation models.

2. Experimental

An H-ZSM-5 zeolite membrane supported on a porous
a-alumina disk was prepared as previously reported [38]. A
monolayer of seed crystals was first attached to the alumina
surface and the crystals were then grown to a zeolite film by
hydrothermal treatment. The thickness of the zeolite film in the
membranes is about 500 nm [38] and the Si/Al ratio is about
139 [8]. The helium permeance through the membrane was
measured as a function of relative pressure of n-hexane or
benzene at a temperature of 50 1C and a total pressure difference
across the membrane of 1 bar. The permeate was kept at atmo-
spheric pressure. The helium flow was saturated with the hydro-
carbon by passing through a series of three saturators. The first
saturator was kept at room temperature, the second saturator – at
17.570.1 1C in a thermostatically controlled water bath, and the
third saturator – at �4070.01 1C for n-hexane and 670.01 1C for
benzene in a thermostatically controlled silicone oil bath. In order
to arrive at the required relative pressure, the saturated helium
flow was also mixed with a certain flow of pure helium prior to
being fed to the membrane. At each measuring point the system
was allowed to equilibrate until a steady-state flow was reached,
which typically required several hours. Prior to measuring the
volumetric flow rate with a soup bubble flow meter, the hydro-
carbon was removed from the helium flow by a condenser and a
bed column filled with activated carbon. The loading y of the
zeolite at 50 1C was estimated from the adsorption isotherms of
n-hexane in H-ZSM-5 [30] with a Si/Al ratio of 132 recorded at
60 1C and of benzene in H-ZSM-5 [31] with a Si/Al ratio of 82
determined at 50 1C by gravimetry. Since the Si/Al ratio can
influence the adsorption properties of the zeolite, data recorded
for zeolite with as similar Si/Al ratio as possible as that in the
membrane were selected from the literature. For n-hexane, a dual
site Langmuir isotherm model was fitted to the data and the
isotherm was shifted to 50 1C by considering a heat of adsorption
of �70 kJ mol�1 [29]. HR-SEM images of membranes were recorded
with a Magellan 400L SEM instrument without any coating.

3. Modeling

The ZSM-5 lattice is topologically equivalent to the diamond
lattice with a coordination number of 4. In the lattice, either the
bonds (channels in a zeolite lattice) or nodes (intersections) may
be blocked by adsorbed species, the blockage may be partial or
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complete. The percolation problem may be treated analytically by
introduction of the effective medium approximation (EMA) and
the mean diffusivity through the zeolite, Dm, for bond percolation
can be obtained from [25,39]:Z 1

0

Dm�D
ððz=2Þ�1ÞDmþDgðDÞdD¼ 0, ð1Þ

where z is the average coordination number and g(D) is the
distribution of bond conductances. In this work a bimodal
distribution was used

gðDÞ ¼ ybonddðD�DbÞþð1�ybondÞdðD�D0Þ, ð2Þ
where ybond is the fraction of blocked channels, (1–ybond) is the
fraction of vacant channels, d is the Dirac delta function, Db is the
diffusivity through a blocked channel and D0 is the diffusivity
through a vacant channel. Further, a slip coefficient, f, may be
defined as f¼Db/D0. Solving Eq. (1) with the bimodal probability
distribution as defined above yields

Dm
D0

¼ 1

2
Aþ A2þ 4f

ððz=2Þ�1Þ

� �1=2( )
, ð3Þ

where

A¼ 1�ybondþ fybond�
ðf þybond�fybondÞ

ððz=2Þ�1Þ : ð3aÞ

For site percolation the following expression [40] was used:

y2site
1

DbþQDm
þ2ysiteð1�ysiteÞ

1

D0bþQDm
þð1�ysiteÞ2

1

D0þQDm
¼ 1

ð1þQ ÞDm
, ð4Þ

where Q is determined from the lattice Green function for a
diamond lattice [41] to be 1.26, and D0b, representing an inter-
mediate diffusivity in the connection between an occupied and an
unoccupied site, can be calculated from [42]

1=D0b ¼ 0:5ð1=D0þ1=DbÞ: ð4aÞ
Although Eq. (4) was originally derived for the case of limiting

concentrations i.e. blocked sites (ysite)-0 and vacant sites
(1–ysite)-0, the authors show that the expression is valid over
all concentrations provided that the slip coefficient is )1 [40] as in
the present work.

Percolation models with parameters estimated by DFT–LDA
calculations were used to describe the transport of helium in the
presence of hydrocarbons. A bond percolation model was used for
the case of n-hexane since it is mostly adsorbed in the channels,
i.e. the relationship between n-hexane loading (yn-hexane) and the
n-hexane occupancy of channels (ybond) is ybond¼yn-hexane and this

relation was used in the bond percolation model for n-hexane. In
the case of benzene, a site percolation model was used since
benzene molecules are only occupying the intersections at the
loading studied. The first step of the adsorption isotherm [31],
corresponding to adsorption in the intersections, reaches satura-
tion at ybenzene¼0.559. At this loading, all intersections are
occupied by benzene molecules. Thus, the relationship between
benzene loading (ybenzene) and benzene occupancy of the inter-
sections (ysite) is ysite¼ybenzene/0.559, and this relation was used in
the site percolation model for benzene.

DFT calculations were carried out using the AIMPRO package
[43–45] in 288 atom (counting only Si and O atoms) orthorhombic
unit cells at the gamma point. The local density approximation (LDA)
to the exchange-correlation functional was used throughout and core
electrons were omitted with the use of normconserving pseudopo-
tentials [46]. A ddpp basis optimized for quartz (4 exponents/28 basis
functions per atom, see [43] for more information) was used for both
Si and O. The resulting pure MFI lattice parameters were calculated to
a¼20.05 Å, b¼19.70 Å and c¼13.19 Å. These compare extremely
well to accepted values, for example, a¼20.09 Å, b¼19.74 Å and
c¼13.14 Å [1]. For the elements H, He and C ppp, ddpppp and
pdddddp basis sets were used, respectively. These are very large basis
sets, however as typically only a small number of the total number of
atoms are H, He or C, the effect of using such a large basis on the
computational effort of the calculation is small. Diffusion barriers
were calculated using the nudged elastic band method [47,48].

4. Results and discussion

Fig. 1 (left) shows an HR-SEM image of the top surface of one of the membranes.

It illustrates zeolite grains with a size exceeding 100 nm. As known from the

structure [1], about 18% of the external area of the grains is comprised of zeolite

pores, but the zeolite pores and any intracrystalline defects are too small to be viewed

even with an HR-SEM. However, some open grain boundaries, i.e. intercrystalline

defects in the membrane, are observed clearly. The width of the open grain boundary

in the center of the image is o5 nm. This image was intentionally recorded to

illustrate one of the widest open grain boundaries that can be observed on the

sample. The grain boundaries at the surface are typically narrower than the one in the

center of this image, as illustrated by all the other grain boundaries visible in the

image. The grain boundaries may be narrower inside the zeolite layer. No larger

defects (45 nm) in the form of cracks etc. can be observed by HR-SEM. We have

previously shown that these membranes are comprised of pure MFI phase and that

the membranes are isomer selective [38] and can for instance separate p-xylene

(kinetic diameter 0.6 nm) from o-xylene (kinetic diameter 0.7 nm) by molecular

sieving at 400 1C. p-Xylene can diffuse through the MFI pores, while it is likely that o-

xylene diffuses predominantly through defects in the membrane. We have also

reported that although open grain boundaries can be observed at the surface by SEM,

the total area of permeable grain boundaries and intracrystalline defects is small

compared to the area of zeolite pores [11], which explains why the membranes can

display isomer selectivity. Fig. 1 (right) shows the cross section of one of the

membranes and illustrates that the thickness of the zeolite film on the porous

Fig. 1. HR-SEM images of the top surface (left) and the cross section (right) of one the membranes.
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alumina substrate is about 500 nm. The very low film thickness results in a very high

flux for these zeolite membranes [38]. Upon close inspection of the cross section in

Fig. 1, it is clear that at least some of the observable grain boundaries extend from the

top surface to the support. As we have discussed earlier [49], these films grow with a

competitive growth mechanism. In such films, some of the seed crystals, with

favorable orientation, will grow all the way to the top surface of the film, while other

seed crystals will only grow until they become encapsulated in the film. Conse-

quently, at least some of the grain boundaries will extend from the support to the top

surface of the film. Therefore, in the case of the diffusion coefficient in the grain

boundaries being much higher than in the zeolite pores, mass transport in zeolite

pores and grain boundaries in the film should predominantly occur in parallel

(or independent) processes. Such a case would, for instance, occur for mass transport

of helium, especially when the zeolite pores are partially or fully blocked by

hydrocarbons.

Fig. 2 shows the measured helium permeance through the membrane as a

function of relative pressure of n-hexane or benzene. The measured helium

permeance through the membrane is reduced somewhat, especially at low relative

pressures, by pressure drop in the support. The pressure drop in the support can

be estimated using our previously developed model [50,51]. Since mass transport

in zeolite pores and grain boundaries in the film should predominantly occur in

parallel processes, the measured helium permeance through the membrane

should be the sum of helium permeance through zeolite pores and helium

permeance through defects. At the very low relative pressures, i.e. below

4�10�4, of n-hexane and benzene considered here, the defects, that are larger

than zeolite pores (both intra- and intercrystalline defects), should be fully open

and consequently, the helium permeance through defects should be constant. The

helium permeance through defects was fitted to experimental data by minimizing

the sum of squared differences between estimated loading y from the percolation

models and loading from the adsorption isotherms for n-hexane data and benzene

data simultaneously. The estimated helium permeance through defects is

8.7�10�7 mol m�2 s�1 Pa�1 for this particular membrane. Fig. 2 also shows

helium permeance through the zeolite pores determined from experimental data

recorded at 50 1C, i.e. helium permeance corrected for pressure drop in the support

and helium permeance through defects, as a function of relative pressure of

n-hexane or benzene. The data should thus represent helium permeance through

perfect zeolite crystals without defects. The corrections are rather small at relative

pressures close to zero and increase up to almost 8.7�10�7 mol m�2 s�1 Pa�1 at

higher relative pressures, since the pressure drop across the support approaches

zero here. The data in Fig. 2 show that it is sufficient with very low relative

pressures of the two hydrocarbons to almost completely block the mass transport of

helium through the zeolite pores. In particular, this is the case for n-hexane, which

is related to the loading of n-hexane in the zeolite being higher than that of benzene

at a given relative pressure, as shown by the adsorption isotherms, see Fig. 6.

Similar results, i.e. that it is sufficient with very low relative pressures of benzene or

n-hexane to almost completely block the transport of lighter compounds through

MFI membranes with low aluminum concentration, have been reported by Yu et al.

[52] (see Fig. 6(a), membrane 1 in [52]) and our group [11]. However, for B-ZSM-5

membranes, Yu et al. [52] (see Fig. 6(a), membrane 2 in [52]) have observed a

dramatic difference between n-hexane and benzene permporometry data. The

difference has been attributed to much larger expansion of the zeolite crystals

and more blockage of defects in the membrane upon n-hexane adsorption

compared to benzene adsorption. However, our interpretation of the permporo-

metry data for membrane 2 [52] is that the zeolite pores are almost not blocked at

all by benzene, because nearly no reduction in helium permeance is observed when

benzene is introduced to the helium feed. It seems that benzene is not adsorbing

easily in B-ZSM-5, that has smaller pores than H-ZSM-5 and silicalite-1 [53], and

thus benzene appears to be an unsuitable adsorbate for characterization of B-ZSM-5

membranes by permporometry. On the contrary, n-hexane appears to be a suitable

adsorbate for permporometry analysis of B-ZSM-5 membranes [52], since the

permeance was reduced several orders of magnitude when a low concentration

of n-hexane was added to the helium feed, presumably due to adsorption of

n-hexane in the zeolite pores.

The points in Fig. 3 show the helium permeance through zeolite pores at 50 1C as a

function of loading y of hydrocarbons in the zeolite pores. The loading was determined

from the experimental relative pressure and adsorption isotherms from the literature

[30,31] shifted to 50 1C. The helium permeance through zeolite pores is about

80�10�7 mol m�2 s�1 Pa�1 at zero loading (y¼0) of both n-hexane and benzene.

As the loading of n-hexane is increased from 0 to 0.47, the helium permeance drops

gradually by more than one order of magnitude, to 3.6�10�7mol m�2 s�1 Pa�1.

As the loading of n-hexane is increased from 0.47 to 0.54, the helium permeance drops

rapidly, by more than two orders of magnitude, to 0.015�10�7 mol m�2 s�1 Pa�1.

This gradual decrease followed by a more rapid decrease in the permeance as the

loading is increased should be caused by adsorption of n-hexane in the zeolite

channels.

Table 1 shows diffusion barriers for helium diffusing via the different

adsorption sites in MFI with and without n-hexane adsorbed as determined by

DFT–LDA. The different scenarios for diffusion indicated in the table are labeled A,

B, C and correspond to the paths shown in Fig. 4. Since diffusion scenarios A and B

have much higher diffusion barriers than scenario C, it is clear that n-hexane

adsorbed in a channel is much more effective in blocking helium transport than n-

hexane adsorbed in an intersection. In addition, n-hexane molecules mostly

adsorb in channels as discussed above. A bond percolation model is therefore

expected to well describe helium transport in the presence of n-hexane.

The slip coefficient fn-hexane was estimated to be 1.73�10�5 from the DFT–

LDA data given in Table 1 by assuming that the diffusion of helium is an activated

process such that

Dm
D0

¼ Amexpð�EAm=kBTÞ
A0expð�EA0=kBTÞ

, ð5Þ

Fig. 2. Measured helium permeance through the zeolite membrane and helium

permeance through zeolite pores (corrected for pressure drop over the support

and flow through defects) as a function of relative pressure of n-hexane or

benzene represented by points. Lines are only guides for the eye.

Fig. 3. Helium permeance through zeolite pores as a function of loading of n-

hexane (yn-hexane) or benzene (ybenzene) in the zeolite. The loading was determined

from adsorption isotherms determined by gravimetry [30,31]. Experimental data

are represented by points and the curves represent the percolation and 1�y
models.

Table 1
Diffusion barriers (kJ mol�1) for helium diffusing via the different adsorption sites

in MFI with and without n-hexane adsorbed determined by DFT–LDA.

Straight

channel, no

n-hexane

Zig-zag

channel, no

n-hexane

Straight

channel,

n-hexane (A)

Zig-zag

channel,

n-hexane (B)

Intersection,

n-hexane, straight

to straight (C)

5.2 5.9 32.8 48.8 12.2
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where Ai are the pre-exponential or frequency coefficients and EAi are the

activation energies of diffusion (or energy barriers), kB and T are the Boltzmann

constant and temperature, respectively. Further, it was assumed that the

frequency of attempts for helium to pass a channel was not affected by the

presence of adsorbate in the channel, i.e. Am¼A0, and as n-hexane should

be uniformly distributed in the two channel types (straight and zig-zag), the

contribution from each channel type was taken to be equal.

As illustrated by the curve (solid line) in Fig. 3, the experimentally determined

helium permeance through zeolite pores as a function of loading of n-hexane is

described very well by a bond percolation model with a slip coefficient fn-hexane of

1.73�10�5. It should be pointed out that the percolation models used in the

present work had no adjustable parameters but a constant flow through defects

was removed from all experimental data.

Quite a different trend is observed experimentally for benzene, probably since

benzene adsorbs only at the intersections in the zeolite at these low loadings. In

this case, the helium permeance drops by almost two orders of magnitude when

the loading is increased from zero up to about 0.2.

Table 2 shows diffusion barriers for helium diffusing via the different

adsorption sites at the intersections in MFI with and without benzene adsorbed

determined by DFT–LDA. The different scenarios for diffusion indicated in the

table are labeled D, E, F and correspond to the paths shown in Fig. 5. The diffusion

alternative (E) straight to straight 2 represents a benzene molecule oriented with

its axis perpendicular to the trajectory of the helium atom and consequently, this

represents the highest barrier for diffusion.

Reports indicate that benzene rotates around its C2 axis when adsorbed in the

intersection of MFI [54]. Snurr et al. [55] reported characteristic times of flips

around the C2 axis of 10�9–10�10 s at 300 K. In the present work, the character-

istic times of flips were estimated using the activation energy for C2 rotation of

50 kJ mol�1 [56] and the Arrhenius equation to 10�10–10�11 s at 323 K. At the

same time, the time for a helium atom to pass an intersection (assuming that the

intersection has a diameter of 0.9 nm) without any benzene present was

estimated from our helium permeance data using Fick’s law to be 7�10�10 s.

The characteristic time for rotation/flip around the C2 axis is therefore ca 1–2

orders of magnitude shorter than that of diffusive transport of helium and thus,

the benzene molecules should resemble spherical barriers with the same cross

section as the diameter of a benzene molecule. This scenario of diffusion

resembles the scenario benzene straight to straight 2. Using the barrier for

diffusion estimated by DFT–LDA for this scenario, the slip coefficient fbenzene was

estimated to be 8.2�10�5 using Eq. (5).

For benzene, the site percolation model was used for the loadings yo0.2

when benzene adsorbs in the intersections. The curve (solid line) in Fig. 3 shows

that a site percolation model with a slip coefficient fbenzene of 8.2�10�5 describes

the experimental data very well.

To study the robustness of the percolation model, the slip coefficient fn-hexane
was varied a factor of 10 larger or smaller and the helium permeance through

defects was fitted to experimental data as described above. Table 3 shows that

neither the fitted helium permeance through defects, nor the sum of squares

changed to any larger extent when the slip coefficient for n-hexane was varied.

This illustrates that it is sufficient with a small slip coefficient to describe the

experimental data for n-hexane with a percolation model.

To summarize, percolation models with coefficients determined by DFT–LDA,

i.e. models without adjustable parameters, could adequately describe the experi-

mentally determined mass transport of helium through the zeolite pores, which

varied several orders of magnitude, as a function of loading of both n-hexane and

benzene.

A simple and common ‘‘engineering’’ approach previously used by us as well

as other groups [6,8,57] to model the diffusion of a light and/or weakly adsorbing

component in the presence of a heavy and/or strongly adsorbing compound in a

zeolite membrane has been to assume that the diffusion of the light component is

proportional to (1–y), where y¼q/qs represents the loading of the strongly

adsorbing compound in the zeolite. However, quite a different dependence of y
is predicted by percolation theory and our experimental observations. For

comparison, the dashed line in Fig. 3 illustrates a model with proportionality

between helium permeance and (1�y). It is clear that this model cannot at all

describe the experimental observations for either n-hexane or benzene as

adsorbates.

Fig. 6 illustrates adsorption isotherms for MFI zeolite determined by gravi-

metry (diamonds) for n-hexane [30] at 60 1C and benzene [31] at 50 1C reported in

the literature. The curves illustrate Langmuir models fitted to the data, and in the

case of n-hexane, shifted to 50 1C. Our y values estimated using Fig. 3 by at each

permeance, corresponding to a certain relative pressure, reading the y value from

the percolation curve are shown as circles in Fig. 6. This figure illustrates excellent

agreement between our data and gravimetrical data shifted to the same tempera-

ture. However, it should be noted that since a good correlation was observed

between the percolation models and experimental data as illustrated in Fig. 3,

there will also be a good correlation with the adsorption isotherms as illustrated

in Fig. 6.

5. Conclusions

For the first time, this work has experimentally shown that
mass transport of helium through zeolite pores varies several
orders of magnitude as a function of loading and location of
hydrocarbons. EMA percolation models with coefficients deter-
mined by DFT–LDA, i.e. models without adjustable parameters,
could adequately describe the experimental results. Consequently,
the experimental observations also match very well adsorption
isotherms from the literature. We have also illustrated that a
(1�y) model fails to describe the experimental observations,
although such models are sometimes used to describe mass trans-
port in zeolites.
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a b s t r a c t

Permporometry was used for the first time to characterize flow-through micropore defects down to

0.7 nm in size in MFI zeolite membranes. Helium was used as the non-adsorbing gas and n-hexane or

benzene was used as the adsorbate. The helium flow through zeolite pores was estimated using

percolation theory and the remaining flow was assigned to flow-through defects. The area distribution

of flow-through defects was estimated from the data using a simple model and similar results were

obtained using both adsorbates. The total area of defects determined using n-hexane as the adsorbate

was as low as about 0.7% of the membrane area and defects with a width below 1 nm constituted 97%

of the total defect area for the best membrane. The permporometry results were supported by

n-hexane/1,3,5-trimethylbenzene separation experiments. The permporometry data were also consis-

tent with HR-SEM observations indicating the presence of narrow open grain boundaries, and absence

of large cracks and pinholes.

& 2012 Elsevier B.V. All rights reserved.

1. Introduction

The development of zeolite membranes is a challenging issue
and not feasible without effective tools for characterization of flow-
through defects in the membranes. The characterization of flow-
through defects obviously requires a flow-through technique.

By comparing the permeances of different gases through the
membrane it is possible to roughly appreciate membrane quality
when comparing data for different membranes [1–4]. The per-
meances are dependent on material properties and experimental
conditions [5] and a model is needed to interpret the results.
However, we have shown that single gas permeance ratios could
not indicate membrane quality for membranes that all have
relatively high quality, yet with varying amount of flow-through
defects. The almost constant single gas permeance ratios
observed for these membranes reflect intrinsic diffusion in the
zeolite pores rather than diffusion in defects [6], and single gas
permeance data are therefore quite non-sensitive to variations in
the amount of flow-through defects for membranes with varying
but relatively high quality.

Permporometry is a non-destructive and simple way for
characterization of flow-through properties of membranes and
was first employed for pore size characterization in ceramic
membranes [7–13]. More recently, it has been adopted for

characterization of flow-through defects in zeolite membranes
by our [6,14–16] and many other zeolite research groups, and
some examples are given on the reference list [17–21]. Perm-
porometry is based on monitoring a flow of a non-condensable
gas, e.g., helium, as a function of relative pressure of a strongly
adsorbing compound, e.g., n-hexane. We [6] have recently
demonstrated how adsorption-branch n-hexane/helium perm-
porometry data could be used to estimate the distribution of
flow-through defects in the mesopore range in MFI membranes.
Excellent agreement between permporometry, SEM observations
and separation experiments was demonstrated. However, the
smallest defect size probed by permporometry in our earlier
work [6] was limited to 1.6 nm due to experimental limitations.
In the previous experimental set-up [6], the membrane was kept
at room temperature, the lowest temperature for saturation of the
helium flow with the hydrocarbons was 17.5 1C, and the feed
could be diluted to arrive at the relative pressure down to only
0.01. In the updated experimental set-up, the membrane can be
kept at 50 1C, the saturators can be cooled down to �40 1C,
and the feed can be diluted to arrive at the relative pressure down
to 10�6.

Percolation theory [22–24] can be used to describe diffusion in
media comprised of interconnected pores such as zeolites and
several works devoted to percolation theory to describe diffusion
in zeolites have been published [25–27]. Chmelik et al. [25]
investigated the transport of n-butane/iso-butane mixtures in
silicalite-1. A percolation approach was applied to describe
accessibility of different regions in the silicalite-1 crystal for
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n-butane. Froment [26] described deactivation of a ZSM-5 catalyst
by coke formation using percolation theory. Keffer et al. [27]
studied the effects of percolation using Monte Carlo lattice
dynamics on hypothetical zeolite lattices. The authors demon-
strated that the percolation theory was apposite for a wide variety
of transport problems in zeolites.

A percolation approach has also been applied to permporo-
metry. Mourhatch et al. [28] have recently developed an invasion
percolation model utilizing the concepts of contact angle and
surface tension for determination of pore size distribution in
meso and macroporous inorganic membranes. In the model, the
pore connectivity in the meso and macroporous membranes was
accounted for when analyzing permporometry data. It should be
noted, however, that in microporous membranes such as zeolite
membranes, the concepts of contact angle and surface tension are
ill-defined [29], and hence not applicable. Instead, the pore
blockage is normally related to the adsorption isotherms of the
adsorbing species, which, in turn, is conveniently accounted for in
the effective medium approximation approach [27] used in the
present work.

Recently, we have improved our permporometry set-up and
demonstrated that percolation theory could describe the diffusion
of helium in zeolite pores in the presence of n-hexane or benzene
adequately [30]. In the present work, we show that permporo-
metry can be used to characterize defects down to 0.7 nm when
the helium flow through zeolite pores is estimated using percola-
tion theory and the remaining flow is assigned to defects. A
simple model is used to estimate the defect distribution from the
flow-through defects as a function of relative pressure of
n-hexane or benzene. The results are supported by SEM observa-
tions and permeation experiments.

2. Experimental

2.1. Membrane preparation

H-ZSM-5 membranes with a film thickness of about 0.5 mm
and a Si/Al ratio of about 139 [31] were prepared by a seeding
method as described earlier [16]. Graded porous a-alumina disks
(Fraunhofer IKTS, Germany) with a diameter of 25 mm and a total
thickness of 3 mm were used as substrates. The substrates were
first masked using PMMA CM205 (Polykemi) and sasol wax C-105
(Carbona AB) as described earlier [15], and then seeded with
colloidal MFI crystals of 50 nm in size. Thereafter, a zeolite film
was grown by hydrothermal treatment in a synthesis solution for
36 h at 100 1C. The molar composition of the synthesis solution

was 3TPAOH: 25SiO2: 1450H2O: 100C2H5OH. The presence of
aluminum in the film is caused by aluminum leaching from the
support during the synthesis as studied by our group earlier [31].
Finally, the membranes were rinsed with a 0.1 M ammonia
solution for 24 h and calcined for 6 h at 500 1C using a heating
rate of 0.2 1C min�1 and a cooling rate of 0.3 1C min�1. In this
work, three membranes, denoted M1–M3, with varying quality
according to permporometry analysis were selected for charac-
terization by separation experiments.

2.2. Permporometry

Adsorption-branch permporometry analysis was carried out at
50 1C for all membranes using the experimental set-up illustrated
in Fig. 1. Helium was used as the non-condensable gas and
n-hexane or benzene were used as the adsorbing compound.

The membranes sealed in a stainless steel cell with graphite
gaskets (Eriks, The Netherlands) were first heated to 300 1C at a
heating rate of 1 1C min�1 and then kept at 300 1C for 6 h in a flow
of pure helium. Thereafter, the membranes were allowed to cool
to 50 1C. The feed pressure was adjusted to 200 kPa using a back
pressure regulator of membrane type (Moore Products CO, Model
63 SU-L). The permeate pressure was atmospheric, i.e., the
pressure difference across the membrane was ca. 100 kPa. The
latter was continuously recorded with a combined flow/pressure
meter (Chrompak FP-meter Model FP-407). Helium gas (AGA
99.999%) was fed to the membrane via mass flow controllers
(Bronkhorst HI-TEC). One helium stream was fed directly towards
the membrane, while another one was first saturated with
n-hexane (Alfa Aesar, 99%) or benzene (FlukaZ99.5%) by passing
through three saturators connected in series. The first saturator
was kept at room temperature, the second in a water bath kept at
17.570.1 1C controlled by a thermostat. The third saturator was
kept in a thermostatically controlled silicone oil bath at
�40.0070.01 1C in the case of n-hexane, or 6.0070.01 1C in
the case of benzene. The two helium streams were mixed before
entering the cell in order to arrive at the required relative
pressure of the hydrocarbons. The relative pressure of hydrocar-
bon in the membrane cell was controlled from about 1�10�5 to
about 4�10�1 for n-hexane and from about 8�10�5 to about
4�10�1 for benzene. Increasing of the relative pressure was
performed in a step-wise manner. The permeate containing
helium and one of the hydrocarbons was directed to a condenser
followed by a column filled with activated carbon to remove the
hydrocarbon from the stream prior to measuring the flow rate of
helium. It should also be noted that the condenser only has a
function when the feed is no longer passing through the last

Fig. 1. Permporometry set-up.
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saturator. The flow of helium was continuously recorded by
means of a digital combined flow/pressure meter (Chrompak
FP-meter Model FP-407). At each measuring point, the system
was allowed to equilibrate until a steady state flow of helium was
reached. The flow was then measured accurately with a suitable
soap bubble flow meter. These data were used in the subsequent
calculations.

2.3. Separation experiments

After completion of the permporometry experiment, the feed
was changed to a mixture of n-hexane and 1,3,5-trimethylben-
zene (Sigma-AldrichZ99.0%) in a flow of helium. The feed
pressure as well as the permeate pressure were kept at atmo-
spheric pressure. The membrane was first equilibrated with the
feed at 50 1C over night. The next day, separation experiments
were carried out using helium as sweep gas. Separation perfor-
mance was investigated at about 50, 160, 300 and 400 1C for
membrane M1, and at about 160 1C for membranes M2 and M3.
The permeate was analyzed with a GC (Varian chrompack
CP-3800) connected on-line.

2.4. SEM observations

The membranes were characterized using a FEI Magellan 400
field emission XHR-SEM. Top-view images were recorded prior to
permporometry and separation measurements. Cross-section
images were recorded after completion of all permeation experi-
ments. The samples were not coated.

2.5. Data evaluation

The effective medium approximation (EMA) allows an approx-
imative but analytical treatment of percolation [27,32,33]. In this
work, EMA-based percolation models (further referred to as
percolation models) were used to estimate the flow of helium
through zeolite pores in the presence of the adsorbates n-hexane
or benzene. The lattice of a ZSM-5 crystal is equivalent to the
diamond lattice with a coordination number of 4. In the presence
of adsorbing species, the lattice bonds, i.e., channels in a zeolite
lattice, or nodes, i.e., intersections, can become partially or
completely blocked by the adsorbates. By implication of the
effective medium approximation (EMA), analytical treatment of
the percolation problem is possible. The mean diffusivity through
the zeolite, Dm, for bond percolation is given by [27,33]

Dm
D0

¼ 1

2
Aþ A2þ 4f

z=2
� ��1
� �

" #1=28<
:

9=
;, ð1Þ

where

A¼ 1�ybondþ fybond�
f þybond�fybondð Þ

z=2
� ��1
� � , ð1aÞ

where z is the average coordination number, ybond is the fraction
of blocked channels, and D0 is the diffusivity through an
unblocked (vacant) channel. Further, one can define a slip
coefficient, f, as the ratio between Db and D0, where Db is the
diffusivity through a blocked channel.

For site percolation the following expression [34] was used

y2site
1

DbþQDm
þ2ysite 1�ysiteð Þ 1

D0bþQDm
þ 1�ysiteð Þ2 1

D0þQDm
¼ 1

1þQð ÞDm
,

ð2Þ
where ysite is the fraction of blocked sites (intersections),

Q ¼ ð1�LÞ=L, ð2aÞ

and L is determined from the lattice Green function for a
diamond lattice [35]. In this case Q was determined to be 1.26.
D0b, representing an intermediate diffusivity in the connection
between an occupied and an unoccupied site, can be calculated
from [36]

1=D0b ¼ 0:5 1=D0þ1=Db
� �

: ð2bÞ

It should be noted that Eq. (2) was originally derived for the
case of limiting concentrations, i.e., blocked sites (ysite)-0 and
vacant sites (1–ysite)-0, however, we have shown [30] that the
expression is valid over all concentrations provided that the slip
coefficient is much lower than unity [37]. In our previous work
[30], slip coefficients for both n-hexane and benzene were
estimated using density functional theory employing the local
density approximation (DFT–LDA), the most sophisticated theory
yet applied to this system, allowing us to develop percolation
models with no adjustable parameters. The DFT–LDA calculations
resulted in the slip coefficients of 1.73�10�5 and 8.2�10�5, i.e.,
5 1, for n-hexane and benzene, respectively. We have also
demonstrated [30] that it is sufficient with such a small slip
coefficient to adequately describe experimental data using perco-
lation models.

As will be discussed below (see Section 3.2), mass transport in
the zeolite pores and defects in the film should primarily occur in
parallel (or independent) processes. Thus, the measured helium
permeance through the zeolite film at each point i in the
permporometry experiment, Pfilm,i, can be expressed as a sum
of the helium permeance through zeolite pores, Pzp,i, and the
helium permeance through defects, Pdefects,i

Pf ilm,i ¼Pzp,iþPdef ects,i, ð3Þ

Pfilm,i was estimated from the helium flow measured in the
permporometry experiment considering the pressure drop across
the film only as described earlier [38], i.e., the pressure drop over
the support was removed. The latter, as a percentage of the total
pressure drop across the entire membrane, varied from ca. 20% at
P/P0¼0 to ca. 0.05% for the last experimental point, i.e., at P/P0 of
about 0.4.

As discussed earlier [30], n-hexane primarily adsorbs in the
channels (bonds) at all n-hexane loadings (yn-hexane), i.e., ybond¼
yn-hexane, and, thus, a bond percolation model should be suitable
for the n-hexane/helium system. We have shown [30] that helium
transport through zeolite pores in the presence of n-hexane is
described well by a bond percolation model using an average
coordination number of 4 and a slip coefficient of 1.7�10�5

estimated by DFT–LDA. Furthermore, we have demonstrated [30]
that in the case of benzene, which mainly adsorbs in the inter-
sections (sites) at the loadings studied (ybenzene), i.e., a site
percolation model should be suitable, the helium transport is
described well by a site percolation model using an average
coordination number of 4 and a slip coefficient of 8.2�10�5

estimated by DFT–LDA. The relation between ysite and ybenzene is:
ysite¼ybenzene/0.559, where 0.559 corresponds to the benzene
loading at which all the intersections are occupied, see our
previous work [30] for more details. Further, using the bond
percolation model for the n-hexane/helium system and the site
percolation model for benzene/helium system, the permeance of
helium through zeolite pores (Pzp,i) at a certain loading of the
hydrocarbon can be estimated from

Pzp,i ¼
Dm,i

D0
P0
zp, ð4Þ

where P0
zp is the helium permeance through zeolite pores at zero

loading estimated as described in Section 3.1.
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Using Eq. (3), the permeance through defects, Pdefects,i, can
then be estimated from the measured permeance of the film,
Pfilm,i, and the estimated permeance through zeolite pores, Pzp,i.

The molar flow through defects, Fdefects,i, was then calculated
by

Fdef ects,i ¼Pdef ects,iAf ilmDPf ilm,i, ð5Þ

where Afilm is the total membrane area and DPfilm,i is the pressure
drop across the film.

The area, Ai, of defects with widths in the interval di�diþ1 was
estimated from the molar flow through defects, Fdefects,i, as

Ai ¼
Fdef ects,i�Fdef ects,iþ1

Jdef ects,i
, ð6Þ

where Fi and Fiþ1 represent the helium molar flows through the
defects of the width corresponding to the hydrocarbon relative
pressures Pi and Piþ1, respectively (see Eqs. (9) and (10)), Jdef ects,i
is the helium molar flux through the defects estimated from Fick’s
law

Jdef ects,i ¼
Di
RT

DPf ilm,i

df ilm
, ð7Þ

where df ilm is the film thickness (0.5 mm); Di is the helium
diffusivity in the defects; R is the gas constant and T is the
temperature.

According to the gas-translational model, the diffusivity of a
gas molecule in a porous medium can be expressed as [39]

Di ¼ rgdi

ffiffiffiffiffiffiffiffiffi
8RT

pM

r
exp �DE

RT

� �
, ð8Þ

where rg is the geometrical probability, i.e., the probability that
the gas molecule will move in the desired direction [39]; di is
the pore diameter; M is the molar weight of the gas molecule
and DE is the activation energy (energy barrier) for the diffusion
process defined by the pore opening geometry [39]. For
activated (or configurational) diffusion DE40, for Knudsen diffu-
sion DE¼0, and for surface diffusion DEo0 [40]. It should also be
noted that Eq. (8) applies to a single pore and not the entire
porous medium.

In order to estimate helium diffusivity in the defects using
Eq. (8), the following assumptions were made

I Activation energy for helium diffusion in the zeolite pores,
DEHe,zp, was estimated as an average between the activation
energies for helium diffusion in the straight and zig-zag
channels. We [30] have previously estimated these by DFT to
be 5.2 kJ mol�1 and 5.9 kJ mol�1, respectively, resulting in
DEHe,zp of 5.6 kJ mol�1, i.e., helium diffusion in the zeolite
pores is an activated diffusion process;

II In order to estimate the activation energy for diffusion in
defects with varying width, the atom-slab Van der Waals
interaction [41] between helium molecules and defect walls
was used. Accordingly, the activation energy was assumed to
vary as a function of a channel size as [41]

DE¼ kx�3, ð8aÞ
where x is the half width of a channel (zeolite pore or defect)
and k is the proportionality coefficient determined, in this
case, from the ratio: DEHe,zp=ðdzp=2Þ�3, where dzp is the average
diameter of the zeolite pores equal to 0.55 nm [42];

III The slit-shaped defects were assumed to be equivalent to
straight cylinders with the diameter di, and the geometrical
probability rg in the defects was assumed to be 1/3 referring to
the case of no spatial obstructions in the pathway of the diffusant
moving in three-dimensional space [39]. This assumption is fair

since the defects are considered to be fully open until a certain
relative pressure of the hydrocarbon sufficient to block the
defects is reached;

IV In the case of defects, di was estimated as the average defect
width in the interval under consideration, i.e.,

di ¼ diþdiþ1

� �
=2; ð8bÞ

V Helium diffusivity in the defects was then calculated using
Eq. (8).

In the micropore range (o2 nm [43]), the width of defects, di,
blocked by n-hexane or benzene at a given relative pressure was
estimated using the Horv�ath-Kawazoe (HK) equation [38]

RTln
P

P0

� �
¼ DHADS

ðd�d0Þ
s10

9d90
� s4

3d30
� s10

9ð2d�d0Þ9
þ s4

3ð2d�d0Þ3

" #
, ð9Þ

di ¼ 2d�ds, ð9aÞ

d0 ¼ dsþdað Þ=2, ð9bÞ
where ds is the diameter of a surface atom in the zeolite pores
(2.76�10�10 m [38]), da is the diameter of the adsorbate
(4.3�10�10 m for n-hexane [38] and 5.9�10�10 m for benzene
[44]), d is the slit pore half width, s is the zero interaction energy
distance, s¼

ffiffiffiffiffiffiffi
0:46

p
d0, DHADS is the isosteric heat of adsorption

(71.8 kJ mol�1 for n-hexane [45] and 56.5 kJ mol�1 for benzene
[46]) and P/P0 is the relative pressure of the adsorbate.

In the mesopore range (2–50 nm [43]), the width of defects di
was estimated by [47]

di ¼ dKþ2t, ð10Þ
where dK is the Kelvin diameter estimated from the Kelvin
equation as [47]

dK ¼
�4gVm

RTln P=P0
� � , ð10aÞ

where g is the surface tension of the condensing compound (g is
1.54�10�2 N m�1 for n-hexane and 2.51�10�2 N m�1 for ben-
zene [48]); Vm is the molar volume of the condensing compound (Vm
is 1.36�10�4 m3 mol�1 for n-hexane and 1.36�10�4 m3 mol�1

for benzene); t is the thickness of adsorbed layer given by the
Harkins-Jura equation [29]

t¼
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi

C

B�lg P=P0
� �

s
: ð10bÞ

where B is �0.04 for n-hexane [47] and 0.02 for benzene [49]; C is
16.77 Å2 for n-hexane [47] and 6.34 Å2 for benzene [49].

Separation performance of the membranes was evaluated in
terms of separation factor and permeance. The separation factor,
an-hexane/TMB, was calculated by

an-hexane=TMB ¼
yn-hexane=yTMB

� �
xn-hexane=xTMB

� � , ð11Þ

where x and y are the molar fractions of n-hexane or 1,3,5-
trimethylbenzene in the feed and permeate, respectively.

In order to predict the TMB flow from permporometry data,
the following assumptions were made

I. TMB possessing a kinetic diameter of 0.75 nm [44] was
assumed to permeate through defects with di larger than
0.75 nm;

II. The activation energy for TMB diffusion in the defects was
assumed to be proportional to x�3, where x is the half width of
the defect;
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III. Using the above mentioned proportionality, the values of the
activation energies in the defects were fitted to the experi-
mental data on the total TMB flow for membrane M1.

Thus, the TMB molar flow can be estimated from the helium
molar flow obtained from permporometry data using the following
expression:

FTMB ¼
X

FHe,i

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
MHe

MTMB

Tpermporometry

Tseparation

s
DPTMB

DPHe,i

 

�exp
DEHe,i

RTpermporometry
� DETMB,i

RTseparation

� ��
, ð12Þ

where FHe,i is the helium molar flow through the defects in defect
interval i, MHe is the molecular weight of helium, MTMB is the
molecular weight of TMB, Tpermporometry is the temperature in
the permporometry experiment, Tseparation is the temperature in the
separation experiment, DPTMB is the partial pressure difference of
TMB across the membrane in the separation experiment, DPHe,i is the
partial pressure difference of helium across the membrane for defect
interval i in the permporometry experiment, DEHe,i is the activation
energy for helium diffusion in defect interval i and DETMB,i is the
activation energy for TMB diffusion in defect interval i.

3. Results and discussion

3.1. Permporometry data

Fig. 2 shows permporometry data for the high quality membrane M1. The

initial flow of helium is nearly identical for both runs and amounts to

273 ml min�1 and 268 ml min�1 for n-hexane and benzene adsorbates, respec-

tively. This observation indicates that the membrane properties did not change in-

between the two permporometry experiments. As the relative pressure increases

from about 1�10�5 to about 1�10�2, the helium flow dropped by more than

98% in both cases. A relative pressure of 1�10�2 corresponds to an HK diameter

of about 1 nm (Eq. 9) for both adsorbates. Hence, most of the initial helium flow

should occur through pores smaller than 1 nm, indicating high quality of the

membrane. An increase of the relative pressure by one order of magnitude to

about 1�10�1 resulted in reduction of the helium flow to approximately 1 ml

min�1 for both adsorbates, i.e., the initial helium flow was reduced by more than

99.5% at this relative pressure. A relative pressure of 1�10�1 corresponds to an

HK diameter of 1.8 nm for both adsorbates. In other words, more than 99.5% of the

initial helium flow should be transported through pores smaller than 2 nm, i.e.,

micropores [43]. As the relative pressure of both adsorbates was increased further,

the helium flow was reduced slightly for both adsorbates. With a linear relative

pressure scale as in Fig. 2, the flow patterns for the two adsorbates appear very

similar as we have reported earlier [6]. However, a closer inspection of the region

of very low relative pressures revealed clear differences between the two

adsorbates.

Fig. 3 illustrates the helium permeance through the film as well as the helium

permeance through the zeolite pores and defects as a function of relative pressure

of n-hexane (a) and benzene (b) for membrane M1. Logarithmic scales are used to

highlight differences in the data in the low relative pressure range.

To evaluate these data, the following assumptions were made

I. The permeance through zeolite pores for relative pressures exceeding

2.1�10�4 and 3.5�10�4 for n-hexane and benzene, respectively, was

estimated using the percolation models. In this range of relative pressures,

the permeances through defects were estimated from the measured per-

meance of the film using Eq. (3);

II. At the very low relative pressures, i.e., r2.1�10�4 and 3.5�10�4 for n-hexane

and benzene, respectively, the defects, which per definition are larger than the

zeolite pores, should be fully open. It has to be noted, however, that this

assumption is entirely correct if the heat of adsorption in the zeolite pores is

much greater than that in the defects. Accordingly, the permeance through defects

was assumed to be constant in this relative pressure range. This constant

permeance was fitted to the experimental data using an iteration procedureFig. 2. Permporometry data for the high quality membrane M1.

Fig. 3. Permeance through the film (Pfilm), zeolite pores (Pzp) and defects (Pdefects)

as a function of relative pressure of n-hexane (a) or benzene (b). The points

represent values estimated from experimental data and the lines represent the

percolation models.
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aiming at approaching the smallest sum of squared differences between loading

estimated from the percolation models and loading given by the adsorption

isotherms for n-hexane and benzene simultaneously. The constant permeance

through defects was estimated to be 8.69�10�7 mol m�2 Pa�1 s�1 for both

adsorbates for this particular membrane. The permeance through zeolite pores in

this relative pressure range, including P/P0¼0, i.e., the zero loading (P0
zp in Eq. (4)),

was then calculated by subtracting 8.69�10�7 mol m�2 Pa�1 s�1 from the

measured permeance of the film;

III. Loading for benzene is not increasing beyond 0.56, i.e., no second step in the

experimental adsorption isotherm is present, see Fig. 4.

The initial helium permeance through the zeolite pores, i.e., at P/P0¼0,

estimated for the n-hexane and benzene runs amounts to nearly the same value

of about 80�10�7 mol m�2 Pa�1 s�1. The percolation models show that the

permeance through zeolite pores is lower than 1�10�7 mol m�2 Pa�1 s�1 at

relative pressures exceeding 2.1�10�4 and 3.5�10�4 for n-hexane and benzene,

respectively. The measured helium permeances for the film at relative pressures of

2.1�10�4 and 3.5�10�4 and higher for n-hexane and benzene, respectively, are

much larger than the permeances through zeolite pores at the corresponding

relative pressure. In other words, the measured helium permeances at relative

pressures of 2.1�10�4 and 3.5�10�4 and higher for n-hexane and benzene,

respectively, correspond essentially to helium permeance through defects,

see Fig. 3. These low relative pressures correspond to HK diameters of 0.71 and

0.85 nm for n-hexane and benzene, respectively, providing an opportunity for

characterization of flow-through defects in the micropore range, as will be

discussed below. In previous work [6], the lowest applied relative pressure of

n-hexane and benzene was as high as about 1�10�2 due to experimental

limitations. This restricted the technique to characterization of flow-through

mesopores in the membranes.

At relative pressures lower than 2.1�10�4 and 3.5�10�4 for n-hexane and

benzene, respectively, the helium permeance through zeolite pores increases

considerably according to the percolation model, i.e., the zeolite pores are only

partially blocked with hydrocarbons at these low relative pressures. At the relative

pressure of about 1�10�5 of n-hexane, corresponding to an HK diameter of

0.59 nm, i.e., nearly the size of the MFI pores, the helium permeance was reduced

substantially, by about half compared to the initial helium permeance. Experi-

mental observation of a large reduction in helium permeance at a relative pressure

corresponding to an HK diameter close to the MFI pore size is qualitatively

indicating that the HK equation is applicable at these low relative pressures. Tsuru

et al. [13] reported similar permporometry results for an MFI membrane using

helium and n-hexane for the permporometry characterization at 60 1C. However,

the major decrease in the helium permeance (490%) was observed at a much

higher n-hexane relative pressure than that in the present work, above 4�10�3.

The higher relative pressure required for the pore blocking in the work reported by

Tsuru et al. [13] is most likely attributed to the higher temperature of the

experiment and greater polarity of the membrane (Si/Al¼25) than in the

present work.

The defects, which per definition are larger than the zeolite pores, should be

fully open at low relative pressures of adsorbates resulting in a constant helium

permeance through defects at such relative pressures. As the relative pressure is

increasing, the permeance through defects is decreasing, see Fig. 3. The remaining

helium permeance at a relative pressure of about 0.4 of both adsorbates is as low

as about 0.2�10�7 mol s�1 m�2 Pa�1, which is less than 0.25% of the initial

helium permeance. This permeance should occur through defects larger than

about 4 nm. This shows that membrane M1 is essentially free of defects larger

than 4 nm. The highest relative pressure used in this work is about 0.4. However,

in the previous work, permporometry data with n-hexane and benzene as the

adsorbates for higher relative pressures was reported [6]. The helium permeance

was shown to be reduced equally by both n-hexane and benzene in the higher

relative pressure range in line with the findings reported here for the intermediate

pressure range 0.025–0.4.

Fig. 4 shows adsorption isotherms for n-hexane [50] and benzene [51]

measured gravimetrically on MFI zeolite powder at 60 1C and 50 1C, respectively.
The curves shown in the figure represent Langmuir models fitted to the data. For

n-hexane, a dual site Langmuir model was used [53,54], and the isotherm was

shifted to 50 1C using the adsorption equilibrium constants and heats of adsorp-

tion reported earlier [39]. As benzene adsorbs in MFI, it first occupies the

intersections up to y¼0.5 (P/P0¼0.1) and thereafter adsorption occurs in the

channels [55]. Therefore, a sequential Langmuir adsorption model comprised of

two different single-site models was used for benzene. One single-site Langmuir

model was used for the relative pressures up to ca. 0.1 corresponding to the

adsorption in the intersections. The other single-site Langmuir model was used for

the relative pressures higher than ca. 0.1 corresponding to the adsorption in the

channels. The circles represent data determined in the current work by, from each

experimentally determined permeance through zeolite pores, measured at a given

relative pressure, estimating y from the percolation Eqs. (1) and (2).

In the case of n-hexane, the permeance through defects at relative pressures

higher than 2.1�10�4 was fitted to arrive at the desired values of the loading, i.e.,

the values obtained from the Langmuir model (see Fig. 4). Consequently, our data

fit perfectly with the Langmuir models in this pressure range. At lower relative

pressures, the agreement is still very good but not perfect, since the permeance

through the defects was assumed constant in this relative pressure range. The very

good agreement with the adsorption isotherm at these low pressures indicates

that the percolation model for n-hexane is reasonably correct, as shown

earlier [30].

Similar results were obtained for benzene. Our data fit with the adsorption

isotherm in the relative pressure range from about 2.1�10�4 to about 1�10�1,

since permeance through defects in this pressure range was fitted to arrive at the

desired values of the loading as in the case of n-hexane. For the lower relative

pressures, with constant permeance through defects, the y values estimated from

permporometry data are rather similar to but not exactly the same as the y values

according to the Langmuir adsorption isotherm, which again indicates that the

percolation model for benzene is reasonably correct, as shown earlier [30]. By

assuming that the loading for benzene is not increasing beyond 0.56, i.e., beyond

the first step of the adsorption isotherm, the flow through defects determined in

the benzene permporometry experiment becomes nearly identical to that deter-

mined in the n-hexane permporometry experiment, as will be discussed below.

Both benzene and p-xylene display adsorption isotherms with distinct steps in

MFI zeolite powder [52,56,57] and to reach high loadings, the unit cell must

change dimensions slightly [56,58]. However, quite different adsorption behavior

for zeolite films has been reported by us [54]. For adsorption of p-xylene in

silicalite-1 films [54], the saturation capacity was only about half of that

previously reported for powders, which indicates that p-xylene molecules do

not adsorb in the sinusoidal channels in the film. The latter fact is most likely

attributed to strain in the crystals of supported films due to bonding of the crystals

to the support [54] resulting in lower flexibility of the unit cell in the films

compared to powders. The benzene permporometry results in the present work

indicate that benzene has a similar adsorption behavior in MFI films as we

reported for p-xylene, i.e., only half the saturation loading is reached.

3.2. Defect distribution

Fig. 5 shows helium diffusivities in the zeolite pores and defects as a function

of a pore diameter. The helium diffusivity in the zeolite pores (0.55 nm) was

estimated to be 6.1�10�8 m2 s�1 from the permeance through zeolite pores at

P/P0¼0 from the experimental permporometry data, by considering that 17.5% of

the total area of the MFI unit cell [42] is comprised of zeolite pores. The helium

diffusivity in the 0.55 nm zeolite pores estimated from the experimental data is

about one order of magnitude smaller than that (2.4�10�8 m2 s�1) given by the

Knudsen equation [29] for 0.55 nm pores. This is as expected, since our DFT

calculations [30] show that the activation energy for helium diffusion in the

zeolite pores DEHe,zp is positive amounting to 5.6 kJ mol�1, and also configura-

tional (or activated) diffusion has been reported [39,59–61] to prevail in very

small pores such as zeolite pores. The helium diffusivities in the defects were

estimated using the procedure described in Section 2.5. With increasing pore size,

the estimated diffusivities for the defects are approaching Knudsen diffusivities,

especially for defects larger than ca. 2 nm, as expected since Knudsen diffusion is

typically a dominating mechanism for gas transport in mesopores [62].

Fig. 4. Adsorption isotherms for n-hexane (top) determined at 60 1C [50] and

benzene (bottom) determined at 50 1C [51,52] by gravimetry (diamonds). The

curves illustrate Langmuir adsorption isotherms fitted to the gravimetrical data,

but the isotherm for n-hexane was shifted to 50 1C. Circles represent our data,

recorded at 50 1C, derived from the percolation models.
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Tables 1 and 2 report helium permeance through defects as well as the relative

areas of the defects estimated for membrane M1 from n-hexane and benzene

permporometry data using Eq. (6). The smallest defects probed by n-hexane

permporometry are micropores with a width of 0.71 nm at a relative pressure of

about 2.1�10�4. The relative area of defects in the interval 0.71–0.73 nm is about

0.25% of the membrane area and about 38% of the total area of defects. The

smallest defects detected using benzene permporometry are micropores with a

width of 0.85 nm. The contribution of defects in the interval 0.85–0.92 nm is about

0.23% of the membrane area and about 60% of the total area of defects. Another

significant fraction of the defects according to n-hexane permporometry data is

represented by defects in the interval 0.73–0.80 nm. These defects account for

about 40% of the total area of defects. According to n-hexane permporometry data,

defects smaller than about 1 nm in size constitute as much as about 97% of the

total area of defects in the membrane. A number of NMR and FTIR studies [63–66]

revealed the presence of short-range, or intracrystalline, defects in MFI crystals

prepared in a similar way as the ones in the present work. Such defects originate

from imperfections of the crystal lattices due to the presence of non-intact Si–O–Si

bonds. The non-intact Si–O–Si bonds may in turn result in formation of micro-

pores that are larger than the MFI pores, i.e., micropore defects. Hence, the flow-

through defects smaller than 1 nm in size detected by permporometry in the

present work may very well be intracrystalline micropore defects emanating from

non-ideality of the zeolite crystals.

The amount of defects in the range of 2–4 nm in size, determined both by

n-hexane and benzene permporometry, is very low and accounts for as little as

0.0007% of the total membrane area. The relative area of defects larger than 4 nm

is as small as 0.001% of the total membrane area. These defects are most likely

defects in the form of open grain boundaries. Overall, the defect distribution

estimated by means of n-hexane permporometry data is rather similar to the

defect distribution obtained from benzene permporometry data. The total amount

of defects larger than 0.8 nm and 0.85 nm, determined by n-hexane and benzene

permporometry respectively, amounts to ca. 0.16% and 0.40%, i.e., the benzene

permporometry data indicates about 2.5 times more ‘‘large’’ defects than n-hexane

data, illustrating only small differences between the two alternatives of the

technique. This is in line with n-hexane and benzene permporometry patterns

for silicalite-1 membranes reported by Lee et al. [67] as well as us [6]. Both groups

have reported similar patterns for both adsorbates, but keep in mind that

n-hexane permporometry data show that a large fraction of the total amount of

defects is smaller than 0.8 nm, and these defects cannot be detected by benzene

permporometry. However, Lee et al. [67] have reported dramatic differences

between n-hexane and benzene permporometry data for a B-ZSM-5 membrane. It

was speculated that the dramatic difference was caused by swelling of the zeolite

by n-hexane. However, an alternative explanation is that benzene is not adsorbed

readily in B-ZSM-5, that has smaller pores than H-ZSM-5 [68]. If benzene is not

adsorbed, it will not block the helium transport, which would explain the dramatic

differences observed for n-hexane and benzene permporometry [67]. If that is the

case, benzene is just an unsuitable adsorbate for characterization of B-ZSM-5

membranes by permporometry.

HR-SEM images of the cross-section (a) and the top surface (b) of a membrane

with defect distribution similar to that presented in Tables 1 and 2 are shown in

Fig. 6. The zeolite film appears to be rather even with a thickness of around

0.5 mm. No cracks or pinholes can be observed on this membrane. The surface

image shows zeolite grains of more than 100 nm in width and grain boundaries.

The grain boundary in the middle of the image represents one of the widest grain

boundaries observed on the membrane surface. The width of the boundary

appears to be about 5 nm, but this grain boundary could certainly be narrower

within the membrane than at the surface. Several grain boundaries that are

narrower than 5 nm at the surface can also be observed in the image. A close

inspection of the cross-section SEM images as presented in Fig. 6a reveals that at

least some of the observable grain boundaries propagate throughout the entire

film, i.e., from the top surface to the support. We have previously discussed [69]

that the crystals in such zeolite films grow following a competitive growth

mechanism. The growth of some crystals ceases as the crystals become encased

in the film whereas other crystals, normally with a favorable orientation, will

continue growing up to the top surface. Accordingly, some of the grain boundaries

will propagate from the support to the film top surface, as observed by SEM. In

turn, if the diffusivity in the grain boundaries is greater than in the zeolite pores,

the transport in the pores and grain boundaries should primarily occur in parallel

(or independent) processes. Such a case should be expected for mass transport of

helium through the film, especially when the zeolite pores are partially or fully

blocked by adsorbates. Overall, the HR-SEM observations are consistent with the

observations by permporometry data, i.e., the membranes are free of larger

defects, but grain boundaries are definitely present.

3.3. Separation experiments

Fig. 7 illustrates the n-hexane/TMB separation factor as a function of

temperature for membrane M1, i.e., the same membrane with defect distributions

presented in Tables 1 and 2. The separation factor is about 3 at a temperature of

about 50 1C. As the temperature was increased to 300 1C, the separation factor

increased to approximately 100 most likely due to a much greater transport of

n-hexane in the zeolite pores at the higher temperature. A further increase of the

temperature to about 400 1C resulted in a minor decrease of the separation factor.

Slightly lower separation factors were observed at corresponding temperatures

during cooling of the membrane. The slightly reduced separation performance is

Fig. 5. Helium diffusivity as a function of a pore diameter.

Table 1
Helium permeance via defects and relative areas of the defects for membrane M1

estimated from n-hexane permporometry data.

P/P0 (–) Permeance via

defects

Defect width (nm) Defect

interval

Relative area

of defects a (%)

(10�7 mol s�1

m�2 Pa�1)

(nm)

2.14�10�4 8.69 0.71 – –

3.53�10�4 6.27 0.73 0.71–0.73 0.25

1.07�10�3 3.21 0.80 0.73–0.80 0.26

3.60�10�3 1.52 0.91 0.80–0.91 0.105

1.05�10�2 0.79 1.04 0.91–1.04 0.033

2.40�10�2 0.51 1.19 1.04–1.19 0.0101

1.16�10�1 0.25 1.78 1.19–1.78 0.0060

2.07�10�1 0.23 2.97 1.78–2.97 0.00034

3.56�10�1 0.19 4.25 2.97–4.25 0.00038

– – – 4 4.25 0.0014

Total: 0.67

a Area of defects divided by the membrane area.

Table 2
Helium permeance via defects and relative areas of the defects for membrane M1

estimated from benzene permporometry data.

P/P0 (–) Permeance via

defects

Defect

width

Defect

interval

Relative area of

defects a (%)

(10�7 mol s�1

m �2 Pa�1)

(nm) (nm)

3.55�10�4 8.69 0.85 – –

1.08�10�3 4.62 0.92 0.85–0.92 0.23

3.64�10�3 3.20 1.03 0.92–1.03 0.065

9.78�10�3 1.29 1.14 1.03–1.14 0.070

2.62�10�2 0.54 1.33 1.14–1.33 0.023

1.01�10�1 0.26 1.80 1.33–1.80 0.0061

1.87�10�1 0.21 2.60 1.80–2.60 0.00062

3.58�10�1 0.18 4.05 2.60–4.05 0.00028

– – – 44.05 0.0014

Total: 0.40

a Area of defects divided by the membrane area.
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likely due to introduction of some defects during heating of the membrane to

400 1C or due to coke formation. In order to clarify these observations, an

additional permporometry analysis of membrane M1 was carried out after

completion of the separation tests. Table 3 shows the defect distribution

estimated from the additional n-hexane permporometry data.

The total relative area of defects is somewhat smaller after (0.56%) than that

before (0.67%) the separation experiment. However, the decrease in the total

relative area of defects emanates primarily from the decrease in the amount of

defects in the interval 0.7–0.9 nm. At the same time, the total relative area of the

defects larger than 0.9 nm increased to a minor extent from ca. 0.051% to ca.

0.054%. The decrease in the amount of defects smaller than 0.9 nm is likely caused

by coke formation in the defects. The helium permeance through the zeolite pores

also dropped from about 72 before to about 60�10-7 mol s�1 m�2 Pa�1 after the

separation experiment, most likely due to coke formation in the zeolite pores.

TMB with a kinetic diameter of 0.75 nm [44] should mostly diffuse via

defects larger than 0.75 nm. Thus, TMB permeance may serve as an indication

of the amount of defects larger than 0.75 nm in the membrane. TMB permeance

increased slightly from about 1.3 to about 1.4�10�7 mol s�1 m�2 Pa�1 in

the two separation experiments at 50 1C, and from about 0.3 to about

0.5�10�7 mol s�1 m�2 Pa�1 in the two separation experiments at 160 1C after

heating of the membrane to 400 1C. The slight increase in the TMB permeance may

very well correspond to the slight increase in the amount of defects larger than

0.9 nm, demonstrating good agreement between the permporometry and separa-

tion data. The separation data obtained at 300 1C are difficult to compare due to

uncertainty of the onset and termination of the coke formation.

To minimize the effect of adsorption on TMB transport without introducing

defects, further separation tests were carried out at 160 1C. Three as-synthesized

membranes (M1, M2 and M3) of different quality according to the permporometry

analysis were selected for n-hexane/TMB separation experiments at 160 1C. The
relative area of defects larger than 0.75 nm amounts to 0.42, 0.48 and 0.60% for

membranes M1, M2 and M3, respectively. Fig. 8 shows n-hexane/TMB separation

factor and TMB permeance observed at 160 1C as a function of relative area of

defects larger than 0.75 nm.

Fig. 8 illustrates some correlation between area of defects larger than 0.75 nm

determined by permporometry and n-hexane/TMB separation factor and TMB

permeance. To evaluate the data further, the molar flow of TMB was predicted

from the helium flow through defects larger than 0.75 nm as described in Section

2.5. Table 4 shows TMB molar flows measured at 160 1C in the separation

experiments and estimated using Eq. (12) for membranes M1–M3, as well as

the ratio between the latter and the former. There is a perfect match between the

measured and predicted TMB flows for membrane M1 since the activated energies

for TMB diffusion in the defects were fitted to the experimental data on the total

TMB flow for this membrane. The estimated activation energies varied from ca.

9000 J mol�1 (di¼0.77 nm) to ca. 50 J mol�1 (di¼4.25 nm) indicating that acti-

vated, or configurational diffusion should be dominating in the entire defect range.

This is reasonable since activated, or configurational, diffusion is known to prevail

when the pore size is comparable to or slightly larger than the molecule size [60].

The same values of activation energies were used to predict TMB flow by Eq. (12)

for membranes M2 and M3. The predicted value of the TMB flow for membrane

Fig. 6. SEM images of cross-section (a) and top view (b) of an H-ZSM-5 membrane.

Fig. 7. n-Hexane/TMB separation factor as a function of temperature for mem-

brane M1. Lines are only guides for the eye.

Table 3
Helium permeance via defects and relative areas of defects for membrane M1

estimated from n-hexane permporometry analysis after the separation

experiments.

P/P0 (–) Permeance via

defects

Defect

width

Defect

interval

Relative area of

defects a (%)

(10�7 mol s�1

m�2 Pa�1)

(nm) (nm)

2.14�10�4 7.51 0.71 – –

3.53�10�4 5.76 0.73 0.71–0.73 0.18

1.07�10�3 2.91 0.80 0.73–0.80 0.24

3.60�10�3 1.58 0.91 0.80–0.91 0.083

1.05�10�2 0.80 1.04 0.91–1.04 0.036

2.40�10�2 0.51 1.19 1.04–1.19 0.0102

1.16�10�1 0.26 1.78 1.19–1.78 0.0059

2.07�10�1 0.21 2.97 1.78–2.97 0.00061

3.56�10�1 0.18 4.25 2.97–4.25 0.00030

– – – 44.25 0.0012

Total: 0.56

a Area of pores divided by the membrane area.
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M2 is rather similar to the measured one demonstrating good agreement between

permporometry and separation data for this membrane. The predicted TMB flow

for membrane M3 is greater than the measured by a factor of about two. The latter

fact can probably be attributed to the noticeably higher amount (0.033%) of large

defects (44.25 nm) in membrane M3 compared to that in M1 (0.0014%) and M2

(0.0012%). Localized transport of TMB (and helium) in such large defects is not

accounted for in our model. Localized transport in large defects may result in other

transport mechanism than activated diffusion and, in addition, in local concentra-

tion gradients in the support. Thus, in order to perform a more accurate estimation

of the TMB flow for a membrane similar to M3, another model is probably needed.

Nevertheless, the similarity between the measured and predicted values of the

TMB flow for all three membranes is rather strong indicating that the area

distribution obtained from permporometry characterization is reasonable. In

summary, the results demonstrate that permporometry data adequately reflect

the membrane quality and can serve as a very effective and reliable tool for

membrane quality characterization.

4. Conclusions

The present work has demonstrated how adsorption-branch
permporometry analysis can be used to estimate helium trans-
port in flow-through micropore defects in MFI membranes. The
work has also shown how the area distribution of the micropores
can be obtained using n-hexane or benzene as the adsorbates. The
results were corroborated by separation experiments using a
mixture of n-hexane and 1,3,5-trimethylbenzene (TMB). The
permporometry data were also in line with HR-SEM observations.
To summarize, excellent agreement observed between permporo-
metry data, HR-SEM analysis and separation tests indicates that
permporometry analysis adequately reflects the membrane qual-
ity and it is a very effective and reliable technique for membrane
quality characterization.
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Abstract 

 

MFI membranes with a thickness of 0.5 m prepared on a graded -alumina support were 

evaluated for separation of feed mixtures of 3 wt.% n-butanol/water and 10 wt.% 

ethanol/water by pervaporation. The membranes were selective to n-butanol and ethanol. The 

flux observed in the present work was about 100 times higher than that previously reported 

for n-butanol/water separation by pervaporation and about 5 times higher than that for 

ethanol/water separation by pervaporation. At 60°C, the observed n-butanol/water flux was 

about 4 kg m-2 h-1 and the n-butanol/water separation factor was about 10 for the best 

membrane. At the same temperature, the membrane displayed an ethanol/water flux of ca. 9 
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kg m-2 h-1 and an ethanol/water separation factor of ca. 5. A mathematical model indicated 

significant mass transfer resistance in the support, which reduced the flux and the selectivity 

of the membranes. 

 

Keywords: Pervaporation; MFI; Membrane; Butanol; Ethanol. 

 

1. Introduction 

 

New sustainable and low energy consuming separation technologies are currently of 

tremendous interest. Membrane based separation technologies normally fulfil the criteria for 

sustainability and energy efficiency. Pervaporation is a membrane based technology used for 

separation of liquid mixtures. In pervaporation, a liquid mixture is fed to a membrane, the 

mixture components selectively permeate through the membrane and vaporise on the other 

side of the membrane where the pressure is maintained low. The energy efficiency of a 

pervaporation process is achieved largely as a result of only a small fraction of the feed 

mixture being vaporised. In addition, no auxiliary phase is introduced to the process. 

Pervaporation is especially attractive for separation of close-boiling or azeotropic mixtures, 

and thermally unstable liquid substances since the process may be carried out at relatively low 

temperatures. 

Most commercial membranes for pervaporation processes are polymeric membranes 

used mainly for dehydration of organic liquids [1]. However, over the past decades, the 

development of inorganic membranes, and particularly zeolite membranes, has gained an 

increasing interest. Zeolite membranes show much higher thermal and chemical stability than 

polymeric membranes, and the structure of zeolite membranes is rigid and robust providing 

high swelling resistance [2]. 
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Zeolites are microporous aluminosilicate materials with uniform pore systems, and 

nearly 20 different zeolite structures have been prepared as membranes. The majority of the 

research has been focused on LTA, FAU and MFI zeolite membranes [2]. A zeolite 

membrane is normally comprised of a thin polycrystalline zeolite film deposited on a porous 

inorganic support, which ideally has high permeability and mechanical strength. Fabrication 

of zeolite membranes with a thin zeolite film is essential in order to achieve high flux. 

Separation of water-alcohol mixtures by zeolite membranes has been frequently 

reported due to the great interest in alcohol dehydration [2]. By altering the silicon-to-

aluminium (Si/Al) ratio of the zeolite, the polarity of a membrane can be controlled. The 

lower the Si/Al ratio, the more hydrophilic is the membrane and the higher is the membrane 

affinity for water. For instance, rather hydrophilic LTA zeolite membranes prepared by 

Morigami et al. [3] have been shown to be effective for ethanol dehydration in terms of both 

flux and selectivity. These membranes have been evaluated in a large scale separation 

process. On the other hand, the least hydrophilic zeolite membranes are selective towards 

alcohols rather than water and may potentially be used for concentration of lean alcohol 

solutions such as bioethanol [4] by pervaporation. The least hydrophilic zeolite membranes, 

also sometimes misleadingly referred to as hydrophobic zeolite membranes, are comprised of 

all-silica zeolites such as all-silica zeolite beta or silicalite-1 of the MFI type. It should be 

noted that all-silica zeolite membranes can also be water selective if the pore size is smaller 

than or comparable to the size of the organics, as was observed by Kuhn et al. [5] for all-silica 

DDR membranes. 

Over the past decade, production of renewable biofuels has received considerable 

attention due to the limited oil resources and the rising concern about the environment. So-

called bioethanol produced by fermentation of sugars released from biomass is an example of 

a biofuel. In essence, the bioethanol is a lean ethanol solution with a concentration varying 
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from 5 to 8 wt.% [4]. Separation of this water-ethanol mixture by distillation is an extremely 

energy consuming process. Concentration of bioethanol by pervaporation is a more energy 

efficient alternative than distillation. Integration of pervaporation into the fermentation would 

also increase the productivity of the fermenters since the ethanol could continuously be 

removed from the fermentation broth preventing inhibition of the micro organisms [4]. In 

addition, concentration by pervaporation using “hydrophobic” membranes could be followed 

by further dehydration by pervaporation using hydrophilic zeolite membranes, e.g., LTA or 

FAU membranes, to produce dry ethanol fuel. For industrial processes, membranes displaying 

sufficient selectivity and high flux are required. There are a large number of publications in 

scientific journals describing the evaluation of separation of ethanol-water mixtures using 

MFI membranes, and the best results are summarized in Table 1. Fluxes ranging from 0.1 to 

ca. 4 kg m-2 h-1 and separation factors ranging from 1.3 to 106 have been reported. It is worth 

pointing out that the membranes displaying a separation factor of 40 or higher unfortunately 

also display rather low fluxes, mostly below 1 kg m-2 h-1. 

Besides bioethanol production, acetone-butanol-ethanol (ABE) fermentation is a 

potential process to produce liquid fuels from biomass. However, butanol inhibition is a 

severe problem in the ABE fermentation and butanol concentration by distillation would 

require more energy than the energy content in butanol itself. In order to make the process 

energetically and economically attractive, efficient butanol recovery techniques are required 

[6] and pervaporation is considered to be one of the most promising alternatives. 

Research in the area of butanol separation from water has mainly been on investigation 

of composite and liquid membranes for pervaporation [7, 8]. Despite a fairly high selectivity 

of about 50, the membranes have exhibited rather low fluxes and poor stability during the 

process. Zeolite membranes, as mentioned above, have an advantage in terms of flux and 

stability and, therefore, have a great potential for butanol separation by pervaporation. 
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Nevertheless, publications in scientific journals on the use of zeolite membranes for this 

application are scarce. Shen et al. [9] reported a n-butanol/water separation factor of 150 at 

70°C for a silicalite-1 membrane prepared by introducing ethyl triethoxysilane into the 

synthesis mixture in order to enhance the membrane hydrophobicity. However, the membrane 

exhibited quite a low flux of 0.1 kg m-2 h-1. Li et al. [10] studied separation of different 

mixtures of organics and water, including a mixture of n-butanol and water, by pervaporation 

using Ge-ZSM-5 membranes. A n-butanol/water separation factor of 19 and a low total flux 

of 0.02 kg m-2 h-1 were reported for a 5 wt.% n-butanol/water mixture at 30°C. Negishi et al. 

[11] observed a n-butanol/water separation factor of over 400 at 45°C for a 1wt.% n-

butanol/water mixture using a silicon-rubber-coated silicalite-1 membrane on a porous tubular 

stainless steel support. However, the reported flux was again low amounting to only 0.04 kg 

m-2 h-1. 

To summarise, zeolite membranes have been shown to be quite selective towards 

ethanol and n-butanol for separations of the respective aqueous solutions by pervaporation. 

However, the reported fluxes are rather low, which calls for further development of the 

membranes. The scope of the present work was to for the first time investigate the 

performance of high flux MFI membranes [12] for the separation of n-butanol and ethanol 

from the respective aqueous solutions by pervaporation. The as-synthesized membranes have 

already been shown to be reproducible [12] and efficient in a variety of gas separation 

applications [12-16]. 
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Table 1. Reported ethanol/water pervaporation performances of MFI membranes. 

T (°C) 
Feed conc. 

(wt.%) 

Flux 

(kg m-2 h-1) 

Separation 

factor 

Membrane 

thickness ( m) 

Support 

material 
Notes Ref. 

        

25 5 0.07 10 80–90 SS-tube p = 0.3–0.4 kPa [17] 

30 4 0.24 (ave) 39 (ave) – SS-support 6 samples [18] 

30 4 0.31-4.68 1.6–23.4 ca. 200 SS-disc 6 samples [19] 

30 4 0.545 (ave) 28 (ave) – SS-support 4 samples [20] 

30 4 0.6 63 460 SS-disc – [21] 

30 4.65 ca. 0.6 64 400 SS-support – [22] 

30 10 0.09 (ave) 33 (ave) 300 SS-support p < 0.6 kPa [23] 

32 9.7 0.1 11.5 – -tube p = 0.4–2 kPa [24] 

40 
4 

ca. 0.1–0.4 23–45 
460–500 SS-disc 

Silane treated, 

3 samples 
[25] 

50 ca. 0.1–0.65 20–45 

60 4 0.78 58 ca. 400 SS-disc – [26] 

60 5 0.93 106 10–30 M1-tube p < 0.01 kPa [27] 

60 5 1.51 39 10 -tube – [9] 

60 5 4.02 30 10 SS-tube – [28] 

60 10 2.445 (ave) 64 (ave) 10 M1-tube 2 samples [29] 

70 9.4 2.1 1.3 2 -tube p = 0.02 kPa [30] 

80 3 1.35 (ave) 69 (ave) 30 Silica tube 2 samples [31] 

        

Where ave – average; SS – stainless steel;  – -alumina;  – -alumina; M1 – mullite. 

 

2. Experimental 

 

2.1. Membrane preparation 
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MFI membranes with a film thickness of 0.5 m and a Si/Al ratio of 139 [15] were 

prepared using the method described in detail earlier [12]. A brief description of the 

preparation procedure is given here. Zeolite films were grown on a graded porous -alumina 

membrane disc (Fraunhofer IKTS, Germany) with a diameter of 25 mm and a total thickness 

of 3 mm. The disc is comprised of two layers: a thin top layer with a thickness of 30 m and 

100 nm pores; and a thicker base layer with a thickness of 3 mm and 3 m pores. Prior to 

growing the zeolite film, the alumina discs were masked to prevent growth of zeolite in the 

pores of the substrate as described in [32] and seeded with colloidal silicalite-1 crystals of 50 

nm in diameter. The film was grown by hydrothermal treatment of the seeded supports in a 

synthesis solution at 100°C for 36 h. The molar composition of the synthesis solution was as 

follows: 3TPAOH:25SiO2:1450H2O:100C2H5OH. After completion of the synthesis, the 

membranes were rinsed with a 0.1 M ammonia solution for 24 h and subsequently calcined at 

500°C for 6 h using a heating rate of 0.2°C min-1 and a cooling rate of 0.3°C min-1. 

 

2.2. Membrane characterization 

 

Adsorption-branch n-hexane/helium permporometry [13] was used for characterization 

of flow-through defects in the membranes. A detailed description of the experimental and data 

evaluation procedures is given in our previous work [33]. A brief description of the method is 

given below. The membranes were sealed with graphite gaskets (Eriks, the Netherlands) in a 

stainless steel cell and kept in the same cell for both permporometry and pervaporation 

experiments. In order to remove adsorbed compounds, the membranes were first heated to 

300°C with a heating rate of 1°C min-1 and then kept at this temperature for 6 h in a flow of 

pure helium. The permporometry experiment was carried out at 50°C using a total pressure 

difference across the membrane of 1 bar with the permeate kept at atmospheric pressure. 
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During the permporometry experiment, the relative pressure of n-hexane was increased in a 

step-wise manner from 0 to approximately 0.4. At each relative pressure, the system was 

allowed to equilibrate. n-Hexane was removed from the permeate stream by a condenser 

followed by a column packed with activated carbon and the permeate flow rate was measured 

with a soap bubble flow meter. Further, for each relative pressure the defect width was 

calculated using either the Horvàth-Kavazoe equation (micropore range defects) or the Kelvin 

equation accounting for the preceding adsorption (mesopore range defects). For each defect 

interval the defect area was then estimated as the ratio between helium molar flow and flux 

through the defects in that particular interval. 

The membranes were also investigated without any coating by scanning electron 

microscopy (SEM) using an FEI Magellan 400 field emission XHR-SEM. 

 

2.3. Pervaporation experiments 

 

Separation of homogeneous aqueous solutions of n-butanol and ethanol by 

pervaporation were carried out using a set-up illustrated in Figure 1. 

 

[Figure 1] 

 

The liquid mixture was fed to the membrane cell at a flow rate of ca. 0.7 kg/min from a 

stainless steel vessel containing approximately 3 l of the mixture, and the retentate was 

recycled. The concentrations of n-butanol/water and ethanol/water in the feed were 3/97 wt.% 

and 10/90 wt.%, respectively. The composition change in the feed during the experiment was 

neglected due to insignificant weight losses. The desired temperature in the feed tank was 

maintained by a temperature control system connected to a heating jacket surrounding the 
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tank. The feed and retentate piping as well as the membrane cell were insulated to minimise 

heat losses. The temperature of the cell was monitored by a thermocouple. The permeate 

pressure was controlled by a vacuum pump equipped with a needle valve. The permeate was 

collected in a liquid nitrogen cold trap. The system was allowed to equilibrate for 1 h at each 

temperature before collecting the samples. The total duration of the pervaporation experiment 

was 4 hours. There were two parallel condensation loops in order to enable continuous 

operation. Permeate samples were collected at fixed times. 

Separation performance was evaluated in terms of mass flux, J  (kg m-2 h-1), and 

separation factor, . 

 

AmJ / ,       (1) 

 

where m  (kg h-1) is the permeate mass flow rate and A (m2) is the membrane area. 

 

fwaterfalcohol

pwaterpalcohol
wateralcohol ww

ww

,,

,,
/ /

/
,    (2) 

 

where palcoholw , and pwaterw , are the mass fractions of alcohol and water, respectively, in the 

permeate and falcoholw , and fwaterw ,  are the mass fractions of alcohol and water, respectively, in 

the feed. 

 

The composition of the samples was analyzed by gas chromatography (GC) using an 

Agilent Technologies 6890N Network GC System equipped with a flame ionization detector. 
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In the case of n-butanol, the two-phase permeate sample was diluted with Milli-Q water prior 

to the analysis in order to obtain a sample with one phase. 

 

2.4 Estimation of the effect of support on pervaporation performance 

 

The driving force for permeation in pervaporation is given by the difference between 

the feed fugacity and the permeate fugacity. The permeate can safely be assumed to be an 

ideal gas at the low pressures (< 2.3 kPa) used in the present work. Therefore, the component 

fugacities can be expressed as partial pressures on the permeate side of the membrane. The 

component molar fluxes, Ji, can thus be represented as: 

 

)()( ,, permeatei
sat

iiiipermeateifeediii PyPxffJ ,   (3) 

 

where fi,feed (Pa) is the feed fugacity; fi,permeate (Pa) is the permeate fugacity; i  (mol m-2 h -1 

Pa-1) is the permeance of component i that was estimated from the experimental flux as 

 

)/( ,, permeateifeediii ffJ ,     (3a) 

 

ix  is the mole fraction of component i in feed and iy  the mole fraction in the permeate; i is 

the activity coefficient; sat
iP  (Pa) is the saturated vapour pressure and Ppermeate (Pa) is the 

permeate total pressure. 

 

For high flux zeolite membranes, the support may give a significant contribution to the 

total mass transfer resistance over the membrane [34-38]. The additional resistance over the 
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support limits the mass transfer by lowering the effective difference in fugacity across the 

zeolite film. A schematic representation of the composite zeolite membrane considered in this 

study and the pressure drop across the zeolite film and support is illustrated in Figure 2. 

 

[Figure 2] 

 

Surface diffusion governed by adsorption controls the transport through the zeolite 

layer, whereas the transport in the support layers, Ji,j, can be governed by either Knudsen 

diffusion or/and viscous (Poiseuille) flow [34], i.e., jiVisjiKnji JJJ ,,,,, . It is worth pointing 

out that Knudsen diffusion normally prevails if the ratio between the mean free path and the 

pore diameter is greater than 10 [39]. The latter condition is fulfilled for the first support layer 

(L1) for all the three components upon the conditions studied, and, hence, Knudsen diffusion 

is expected to dominate in this layer. Knudsen transport jiKnJ ,,  (mol m-2 s-1) can be described 

as 

 

ji
eff

jiKnjiKn PD
RT

J ,,,,,
1 ,     (4) 

 

where R  (J mol-1 K-1) is the gas constant; T  (K) is the temperature; jiP ,  (Pa m-1) is the 

partial pressure gradient of component i across layer j and eff
jiKnD ,,  (m2 s-1) is the effective 

Knudsen diffusivity given by 

 

i
j

eff
jiKn M

TKD 97,, ,     (5) 
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where Kj (m) is the Knudsen structural parameter for layer j and Mi (g mol-1) is the molar 

mass of permeating component i. The structural parameter for Knudsen diffusion was 

estimated by 

 

j
j

j
j rK ,       (6) 

 

where j is the porosity of layer j, j is the tortuosity of the pores in layer j and rj is the average 

pore radius in layer j. 

 

For viscous flow, the flux jiVisJ ,,  (mol m-2 s-1) is described as: 

 

j

eff
jji

jiVis P
B

RT
P

J ,0,
,, ,     (7) 

 

where jiP ,  (Pa) is the arithmetic average pressure of component i in layer j;  (Pa s) is the 

viscosity of the fluid, eff
jB ,0 (m2) is the effective permeability for layer j, and jP  (Pa m-1) is the 

total pressure gradient across layer j. 

 

The values of the effective permeability and the Knudsen structural parameter for the 

top layer, L1, (with 100 nm pores) of the support were estimated from the single gas 

permeation data as described in detail earlier [35, 40]. The Knudsen structural parameter for 

the coarse layer, L2, was determined using Equation 6 assuming a porosity of 0.34 and a 

tortuosity of 2.5 [34]. The values of the Knudsen structural parameter and the effective 
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permeability estimated for the two support layers are summarised in Table 2. The obtained 

values are consistent with those previously reported for a similar support [40]. 

The relative mass transfer resistance in the support for each component and layer can 

thus be estimated by solving the following equations: 

 

1

121,1,1,0

1

1,1,,
1, 2 L

LLLiLZi
eff

L

L

Li
eff

LiKn
Li l

P
RT

PPB
l
P

RT
D

J ,   (8) 

2

2,21,2,0

2

2,2,,
2, 2 L

LpermeateiLLi
eff

L

L

Li
eff

LiKn
Li l

P
RT

PPB
l
P

RT
D

J ,  (9) 

 

where 1Ll  (m) is the thickness of support layer 1 (30 m) and 2Ll (m) is the thickness of 

support layer 2 (3 mm). The component partial fluxes and permeate partial pressures were 

obtained from the experimental data. 

The Antoine equation [41] was used to estimate the saturation vapour pressures. The 

activity coefficients of the components in the feed mixture and viscosity of the permeate 

vapour were obtained from the process simulation software Aspen Plus using the Wilson 

property package for ethanol/water mixtures and the NRTL model (LLE-Aspen) for n-

butanol/water mixtures. 

The contribution of mass transfer resistance of each layer (zeolite film, support layers 1 

and 2) to the total resistance was calculated as the ratio of the pressure drop across the 

respective layer to the total pressure drop across the entire membrane ( totiP, ).The relative 

pressure drop across the entire support was estimated as 

 

%100 % 
,,

,1,

,

,

permeateifeedi

permeateiLZi

toti

S,toti

Pf
PP

P
P

.     (10) 
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The Knudsen share (%) was estimated as %100/ ,,,,,, jiVisjiKnjiKn JJJ . 

 

Table 2. Knudsen structural parameters and effective permeabilities estimated for the support 

used in the present work. 

KL1 (m) eff
LB 1,0  (m2) KL2 (m) eff

LB 2,0  (m2) 

29.4 × 10-10 14.5 × 10-17 2.0 × 10-7 6.5 × 10-13

Where L1 stands for layer 1; L2 – layer 2. 

 

2.5 Estimation of heat transfer limitations 

 

As stated in the introduction, pervaporation is a process involving vaporization of the 

permeate to a low pressure vapour. As a result of the vaporization, heat is consumed in the 

process and this heat is usually supplied from the liquid feed by heat transfer to the permeate. 

Insufficient heat transfer may consequently result in a temperature drop over the membrane 

which in turn may affect the efficiency of the process. 

To analyze if heat transfer was limiting the performance of the membranes in the 

present work, the heat transfer of the process was investigated following the procedure 

reported by Karlsson and Trägårdh [42]. In this scheme of a virtual process simulating 

pervaporation, the mass transfer of the permeating species is considered to occur through the 

following steps: 

 

 Adsorption at the feed side of the zeolite film; 

 Mass transfer through the zeolite film; 

 Desorption to a liquid permeate in the same state as the feed; 
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 Vaporization of the liquid permeate forming a vapour at the saturation pressure; 

 Expansion of the vapour to the operating permeate pressure. 

 

All the steps above, except for the mass transfer through the zeolite film, involve heat 

exchange. Thus, the overall change in heat Qproc (kJ m-2 s-1) of the process may be expressed 

as: 

 

expvapdesadsproc QQQQQ .    (11) 

 

Taking into account that the heat of adsorption and the heat of desorption are equal in 

magnitude but of opposite sign, Equation 11 can be simplified to: 

 

expvapproc QQQ .     (12) 

 

The total heat consumed by vaporization was calculated as: 

 

ii HJQ ,vapvap ,     (13) 

 

where iJ  (kg m-2 s-1) is the permeate mass flux  of component i and Hvap,i (kJ kg-1) is the 

heat of vaporization  of component i. 

 

If the permeate vapour is considered to behave as an ideal gas and if the expansion is 

considered to be reversible, the heat of expansion (assuming isothermal expansion) may be 

expressed as: 
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i

i
ii P

P
RTnJQ

,2

,1
exp ln ,     (14) 

 

where ni is the number of moles in 1 kg of permeating species i, P1,i and P2,i are the permeate 

pressures upon the standard and actual conditions, respectively. 

 

The total heat consumed by the process may thus be taken as the sum of Equations 13 and 14. 

The heat consumed in the pervaporation process is usually considered as being supplied 

from the liquid feed. The heat transport from the feed to the permeate side where the heat is 

consumed was described as a resistance-in series-model, with the following steps: 

 

 Heat transfer from the bulk of the liquid feed to the feed-film interface (external heat 

transfer); 

 Heat transfer through the zeolite film; 

 Consumption of heat at the permeate side by vaporization and expansion of the 

vapour. 

 

The heat transfer phenomenon may thus be expressed as: 

 

)()()(proc pmmmfbpfov TThTThTThQ ,   (15) 

 

where hov (W m-2 K-1) is the overall heat transfer coefficient, Tf is the bulk temperature of the 

feed, TP is the temperature of the permeate, Tm is the temperature at the feed-film interface, hb 
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and hm are the heat transfer coefficients for convection at the feed-film interface and for heat 

transfer through the film, respectively. 

 

The heat transfer coefficient for transport through the zeolite film may be calculated as: 

 

filmmm lh / ,     (16) 

 

where m (W m-1 K-1) is the heat conductivity of the zeolite film and lfilm  (m) is the thickness 

of the film (0.5 m). The thermal conductivity of water loaded zeolite of 0.6 W m-1 K-1 

reported by Kuhn et al. [43] was used in this work. 

 

Convective heat transfer is usually treated by using correlations of the Nusselt (Nu) 

number as a function of the Reynolds (Re) and Prandtl (Pr) numbers to find the heat transfer 

coefficient, h. These correlations are dependent on, e.g., the type of flow (laminar or 

turbulent) and system geometry. To determine the heat transfer coefficient in the complex 

geometry of the Wicke–Kallenbach cell the correlation for external mass transfer in a Wicke–

Kallenbach cell reported by Perdana et al. [44] was used, with the usual transformation of the 

correlation from mass- to heat transfer by exchanging the Sherwood number for the Nusselt 

number and the Schmidt number for the Prandtl number, yielding: 

 

30.1
33.058.0 PrRe24.283.2Nu

CD
w .    (17) 
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In this equation, w (m) is the compartment height, i.e., the thickness of the liquid film on the 

feed side of the membrane and DC (m) is the diameter  of the membrane inside the gaskets, for 

details see [44]. 

 

Although this correlation was derived at lower Reynolds numbers than in the present work, to 

the best of our knowledge it is the only correlation available capturing the complex geometry 

of the Wicke-Kallenbach cell and the flow conditions therein, and therefore it was judged to 

be the best available model for the present work. 

 

The heat transfer coefficient, hb was subsequently obtained from the Nusselt number: 

 

fluid

hbdhNu ,      (18) 

 

where fluid is the heat conductivity of the fluid and dh is the mean hydraulic diameter of the 

compartment on the feed side of the membrane. However, in a membrane process there is also 

mass flux occurring through the boundary layer, this will in effect increase the heat transfer 

capacity of the liquid boundary layer. Therefore, the heat transfer coefficient should be 

corrected. Bird et al. [45] and Rautenbach and Albrecht [46] suggested the following 

correction: 

 

bhJCb e
JCh /1

,     (19) 

 

where C (kJ kg-1 K-1) is the heat capacity  of the feed. Subsequently, the temperature drop 

over the liquid boundary layer may be determined from Equation 15. The properties of the 
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liquid mixtures were calculated in the Chemcad process simulation software using the NRTL 

model. 

 

3. Results and discussion 

 

3.1. Membrane characterization 

 

Figure 3 shows top view and cross-sectional SEM images of an as-synthesised MFI 

membrane. The zeolite film appears to be continuous and rather even with a thickness of 

about 0.5 m, see Figures 3a and 3c. The film is composed of well intergrown crystals with a 

length of up to 400 nm. No defects in the form of cracks or pinholes [13] larger than 5 nm 

were observed. 

 

[Figure 3] 

 

Table 3 summarises the permporometry results obtained for membrane M2. The defect 

distribution is in line with that previously reported by our group [33] for high quality MFI 

membranes. The total amount of defects is rather small and accounts for about 0.5% of the 

total membrane area. Furthermore, the area of defects smaller than 1 nm constitutes more than 

97% of the total relative area of defects. Essentially no defects larger than 4.25 nm were 

detected by permporometry which is in agreement with the SEM observations. 
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Table 3. Helium permeance through defects and relative areas of defects for membrane M2 

estimated from permporometry data. 

P/P0 Permeance via defects 
Defect interval (nm) 

Relative area of 

defects * (%) (–) (10-7 mol s-1 m-2 Pa-1) 

    

2.16 × 10-4 6.36 – – 

3.78 × 10-4 4.81 0.71 – 0.73 0.16 

1.02 × 10-3 2.66 0.73 – 0.80 0.18 

1.12 × 10-2 0.47 0.80 – 1.04 0.14 

1.26 × 10-1 0.16 1.04 – 1.78 0.011 

3.42 × 10-1 0.12 1.78 – 4.25 0.00070 

  > 4.25 0.00089 

    

 Total: 0.49 

   

* Area of defects divided by the membrane area 

 

3.2. Butanol/water pervaporation 

 

MFI membranes with a thickness of about 0.5 m and defect distribution similar to that 

presented in Table 1 were tested for n-butanol/water pervaporation at 30 and 60°C and the 

results are presented in Table 4. The fluxes and separation factors estimated by Equations 1 

and 2, respectively, are presented as an average with standard deviation of the three values 

measured during the four hour long pervaporation experiment. For comparison, fluxes and 

separation factors for the best MFI membranes reported in the literature are also given in 

Table 4. 
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Table 4. Summary of pervaporation performance for separation of a n-butanol/water mixture 

achieved in the present work and by other groups. 

T 

(°C) 
Memb. 

Total flux 

(kg m-2 h-1) 

Permeance 

(10-2 mol m-2 h-1 Pa-1) water

butanoln  
BuOH/water 

lfilm 

( m) 
Ref. 

n-butanol water  

30 
M1 1.1 ± 0.1 0.56 1.45 0.4 4.7 ± 0.1 

~0.5 
present 

work 

M2 1.4 ± 0.1 0.70 1.97 0.4 4.0 ± 0.3 

60 
M1 3.6 ± 0.1 0.47 0.84 0.6 10.2 ± 0.4 

M2 6.3 ± 0.1 0.70 1.56 0.5 7.0 ± 0.5 

30 – 0.02 – – – 19 30 [10] 

45 – 0.04 – – – 465 20 [11] 

70 – 0.1 – – – 150 10 [9] 

 

The membranes prepared in the present work display 10 to 100 times higher fluxes than 

those reported previously. The high flux is attributed to the much thinner zeolite film of the 

membranes prepared in the present work compared to that of the membranes described in the 

previous reports. The membranes prepared in the present work are selective towards n-butanol 

having n-butanol/water separation factors of 4-5 at 30°C and 7-10 at 60°C. The observed flux 

and separation factor were greater at 60°C than that at 30°C. This should be an effect of the 

larger driving force, i.e., fugacity difference, for n-butanol compared to that for water at the 

higher temperature. The fugacity values for n-butanol and water are shown in Table 5. 

Recently, Baker et al. [47] have proposed to evaluate membrane pervaporation performance 

in terms of permeances and permeance ratios. The latter ratio is referred by the authors to 

membrane selectivity. It should be noted, however, that the terms flux and separation factor, 

unlike permeance and membrane selectivity, have a direct practical significance and are 

therefore of greater importance when designing a particular separation process. Table 4 shows 

n-butanol and water permeances estimated by using Equation 3(a). The observed permeances 
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compare well with alcohol and water permeances previously reported by our group for gas 

separations [15] using similar membranes. The permeances of water are greater than those of 

n-butanol, and consequently, the membrane selectivity defined as the ratio of n-butanol 

permeance to water permeance is less than unity. It should also be noted that the membrane 

selectivity is lower than that of the vapour-liquid equilibria (equivalent separation factors of 

ca. 10 and 15 at 30 and 60 C, respectively). The reduced selectivity as well as the lower 

separation factors observed in the present work compared to those previously reported in the 

literature are most likely caused by the effect of the support on the mass transport in the 

process, which will be discussed below in this section. However, it should be pointed out that 

in order to produce 80 wt.% n-butanol at 30°C from a 3 wt.% n-butanol/water mixture 

(corresponding to a separation factor of 130), an actual separation factor of above 3 would be 

sufficient. This is explained by the fact that at 30°C, a n-butanol/water mixture with an n-

butanol concentration of more than 7 wt.% separates into two phases: one phase with a 

composition of 80/20 wt.% n-butanol/water and one phase with a composition of 7/93 wt.% 

n-butanol/water. Hence, to produce an 80 wt.% n-butanol solution from a 3 wt.% n-butanol 

solution (corresponding to a separation factor of 130) it would be sufficient to shift the initial 

concentration to the immiscible region by pervaporation with a membrane displaying a 

separation factor of above 3 if the membrane pervaporation unit was followed by a settler 

carrying out the phase separation, a very easy additional separation step. In this case, the 

water rich phase could be recycled and the n-butanol rich phase could further be dehydrated 

by pervaporation with hydrophilic membranes, e.g., FAU [48] or LTA [3]. It needs to be 

added, however, that in such a process, the relative amount of the two phases depends on the 

separation factor of the membrane. Hence, separation factors higher than 3 would certainly be 

preferable. Based on the discussion above, the membranes prepared in the present work 

appear to have a potential for n-butanol recovery from dilute aqueous solutions. 
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Table 5. Fugacities for n-butanol and water. 

Membrane T (°C) 
n-Butanol Water 

water1

BuOH1

LZfeed

LZfeed

ff
ff

 
ffeed (Pa) fZ–L1 (Pa) ffeed (Pa) fZ–L1 (Pa) 

M1 
30 315 115 4231 2259 0.10 

60 2290 605 19817 5557 0.12 

M2 
30 315 136 4231 2830 0.13 

60 2290 789 19817 9074 0.14 

 

The pressure drop across the support was estimated for both n-butanol and water, as 

described in Section 2.4, and the results are summarised in Table 6. 

 

Table 6. Effect of the support on the mass transport and separation performance in the n-

butanol/water pervaporation experiments. 

Membrane T (°C) 

Water n-Butanol 

BuOH/water 

for zeolite film 
Pressure 

drop (%) 

Knudsen 

share (%) 
Pressure 

drop (%) 

Knudsen 

share (%) 

L1 L2 L1 L2 

M1 
30 46.0 97.7 55.3 32.7 96.5 44.4 6.8 

60 24.5 95.2 41.9 24.4 92.7 29.6 14.5 

M2 
30 59.5 97.1 49.6 38.6 95.7 38.9 6.4 

60 41.0 92.7 32.1 31.9 89.2 21.5 11.6 

Where L1 denotes layer 1 in the support and L2 – layer 2. 

 

Table 6 shows that a large share (25–60%) of the mass transfer resistance is caused by 

the support for both components, which results in reduced flux and selectivity. With 
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increasing temperature, the relative pressure drop over the support decreases due to increasing 

mass transfer rate in the support. The Knudsen share of the diffusion in the support is rather 

high, especially in layer 1. This favours permeation of water leading to decreased overall 

selectivity to n-butanol. Similar counteracting effects of a zeolite film and support have also 

been reported by van de Graaf [49] for composite silicalite-1 membranes prepared on a 

stainless steel support. In high flux membranes, where the influence of the support on mass 

transport is significant, the counteracting effect of the support reduces the permeance ratio, as 

also observed in the present work. Hence, the permeance ratio is a direct measure of the 

performance of the selective layer only for low flux membranes, where the effect of the 

support is negligible, but not for high flux membranes. In the studied pervaporation process, 

the partial pressure of each component at the zeolite-support interface can be determined by 

solving Equations 8 and 9. From these pressures, the composition on the permeate side of the 

film can be estimated, and thus the separation factor for the zeolite film only can be calculated 

using Equation 2, and the results are given in Table 6. Considering the fact that selectivity of 

the film should be reduced by the effect of the support, the separation factor BuOH/water for the 

film is nearly 50% higher than the measured separation factor for the membrane. Hence, in 

order to improve both flux and selectivity in the pervaporation process, the resistance in the 

support has to be reduced. 

 

3.3. Ethanol/water pervaporation 

 

Ethanol/water pervaporation tests with membranes M1 and M2 using a 10/90 wt.% 

ethanol/water mixture were carried out and the results are summarized in Table 7. The fluxes 

and separation factors are presented as an average of the three values measured during the 

four hours pervaporation experiment (the standard deviations are given as well). In order to 
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appreciate the data, Table 7 also shows the best fluxes and separation factors reported in the 

literature for MFI membranes. 

 

Table 7. Summary of pervaporation performance for separation of an ethanol/water mixture 

achieved in the present work and by other groups. 

T 

(°C) 
Memb. 

Total flux 

(kg m-2 h-1) 

Permeance 

(10-2 mol m-2 h-1 Pa-1) water

ethanol  
EtOH/water 

lfilm 

( m) 
Ref. 

ethanol water  

30 
M1 1.9 ± 0.1 0.88 1.94 0.5 4.4 ± 0.4 

~0.5 
present 

work 

M2 2.4 ± 0.1 1.12 2.78 0.4 4.4 ± 0.1 

60 
M1 8.5 ± 0.2 0.86 1.66 0.5 4.8 ± 0.4 

M2 10.7 ± 0.4 0.95 2.36 0.4 4.2 ± 0.5 

30 – 0.6 – – – 64 400 [19] 

60 – 4.02 – – – 30 10 [28] 

60 – 0.93 – – – 106 10–30 [27] 

 

The membranes prepared in the present work are ethanol selective, and exhibit rather 

high fluxes compared to the ones reported in the literature. The highest previously reported 

flux of about 4 kg m-2 h-1 [24] is nearly 3 times lower than the highest flux observed in the 

present work upon similar conditions. The high fluxes observed in the present work are 

ascribed to the low zeolite film thickness of about 0.5 m of our membranes. As the 

temperature was increased from 30 to 60°C, the flux increased by approximately a factor four 

due to the strong influence of temperature on vapour pressures and thus fugacities on the feed 

side. The observed separation factor was rather independent of the temperature and remained 

nearly constant at a value of about 4.5. This most likely emanates from the fact that the ratio 

between the driving forces, i.e., fugacity differences, for ethanol and water decreases to a 

minor extent as the temperature increases, see Table 8. Hence, the overall process selectivity 
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remains constant. Table 7 also shows ethanol and water permeances estimated by Equation 

3(a). As in the case of n-butanol/water pervaporation, water permeances are greater than 

ethanol permeances resulting in the membrane selectivity to ethanol being less than unity and 

lower than that due to the vapour-liquid equilibria (equivalent separation factors of ca. 9.7 and 

9.8 at 30 and 60 C, respectively). 

 

Table 8. Fugacity values for ethanol and water. 

Membrane T (°C) 
Ethanol Water 

water1

EtOH1

LZfeed

LZfeed

ff
ff

 
ffeed (Pa) fZ–L1 (Pa) ffeed (Pa) fZ–L1 (Pa) 

M1 
30 1716 747 4102 2645 0.67 

60 8161 2799 19224 8950 0.52 

M2 
30 1716 892 4102 3410 1.19 

60 8161 2922 19224 11741 0.70 

 

The separation performance of our membranes is noticeably poorer than that reported 

for thicker membranes. However, the achieved separation factor is several times higher than 

that (1.3) reported by Algieri et al. [30] for a comparably thin membrane (~2 m) indicating 

significantly higher quality of our membranes. The separation factor and membrane 

selectivity of the membranes prepared in the present work are reduced by considerable mass 

transfer resistance in the support, see Table 9. In the support, the major resistance is caused by 

the first, i.e., fine, layer, as also observed for the n-butanol/water pervaporation. The mass 

transport in the fine layer is mainly governed by Knudsen diffusion favouring water to 

permeate and therefore reducing the selectivity to ethanol. For instance, at 30°C, the 

contribution of Knudsen diffusion to the mass transport in the first support layer is as high as 

ca. 96%. As the temperature increases, the relative resistance from the support decreases 
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likely due to the increasing partial pressure difference, hence, fugacity difference, of the 

permeating components across the entire membrane, as previously discussed by de Bruijn et 

al. [34] and Weyd et al. [37]. As pointed above, the high mass transfer resistance in the 

support results in reduced fluxes and separation factors. In order to appreciate the effect of the 

support on the separation performance, the separation factor for the zeolite film only was 

estimated and the results are given in Table 9. The selectivity of the zeolite film to ethanol is 

higher than that of the supported membrane, as in the case of n-butanol/water pervaporation 

discussed in Section 3.2. 

 

Table 9. Effect of the support on the mass transport and separation performance in the 

ethanol/water pervaporation experiments. 

Membrane T (°C) 

Water Ethanol 

EtOH/water 

for zeolite film 
Pressure 

drop (%) 

Knudsen 

share (%) 
Pressure 

drop (%) 

Knudsen 

share (%) 

L1 L2 L1 L2 

M1 
30 58.6 96.8 49.4 39.3 95.7 41.7 6.5 

60 42.7 91.6 31.1 31.8 89.1 23.7 7.2 

M2 
30 78.8 96.0 42.9 47.0 94.8 35.8 6.0 

60 56.7 89.9 26.3 32.9 86.9 19.8 5.7 

Where L1 stands for layer 1 in the support and L2 – layer 2. 

 

3.4 Evaluation of heat transfer limitations 

 

The pervaporation process is often assumed to be isothermal and this is a fair 

assumption at low fluxes [43, 50, 51]. However, as the heat consumption is proportional to the 

flux through the membrane heat effects may become significant in pervaporation processes 

where a high flux is obtained, as in the present work. To investigate if there were any heat 
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transfer limitations for the membranes evaluated in this work, the temperature drop from the 

feed bulk to the permeate was calculated using the method described in Section 2.5. Table 10 

shows the estimated temperature drop at the different conditions tested. 

 

Table 10. Estimated temperature drop from the bulk feed to the permeate. 

n-Butanol/water pervaporation 

T (°C) Membrane Flux (kg m-2 h-1) Temperature drop (°C) 

30 
M1 1.1  < 1 

M2 1.4  < 1 

60 
M1 3.6  < 1 

M2 6.3  1 

Ethanol/water pervaporation 

T (°C) Membrane Flux (kg m-2 h-1) Temperature drop (°C) 

30 
M1 1.9  < 1 

M2 2.5  < 1 

60 
M1 8.5  1 

M2 10.7  1 

 

Upon the conditions studied, the temperature drop estimated was at the most ca. 1°C 

indicating that the separation can be considered to be isothermal with negligible heat transfer 

limitations even though the fluxes reported in this work were significantly higher than those 

previously reported. The majority of the heat transfer resistance was in the external boundary 

layer, whereas the temperature drop over the zeolite film was in the 10-3°C range. Reports on 

heat effects in pervaporation for zeolite membranes are scarce. However, Kuhn et al 

calculated the temperature drop over a zeolite A membrane in pervaporation with a pure water 
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feed [43]. At a flux of 10 kg m-2 h-1, a temperature drop of 1–2°C was reported, which is 

consistent with the temperature drops estimated in this work at similar flux. 

It should be noted that in this work a high feed flow rate was used to suppress 

concentration polarization on the feed side. Additionally, this high flow rate is certainly 

beneficial for the heat transport as it compresses the external boundary layer. In order to 

estimate the effect of the feed flow rate on the heat transfer, the temperature drop at a feed 

flow rate 10 times smaller than used in this work was calculated under the assumptions that 

the flux and selectivities were unaffected. At these feed flow rates, the estimated temperature 

drop for the highest and lowest fluxes were much higher; 5 and 1°C, respectively, illustrating 

the importance of the feed flow rate (or rather the Reynolds number) on heat transfer in 

pervaporation using high flux membranes. 

In order to estimate the effect of permeate flux on the temperature drop across the 

membrane, simulations were performed assuming that the permeate flux was 25 kg m-2 h-1 

(i.e., ca. a factor 2.5 higher than the highest flux observed in the present work) while keeping 

all other parameters the same as in the experiments. At this high flux, the corresponding 

temperature drops were in the range 2–3°C for both the ethanol/water and the n-butanol/water 

systems, indicating that the temperature drop would still be rather low. On the other hand, if 

the feed flow rate again was 10 times smaller than in the experiments, the temperature drop 

would be substantial at a flux of 25 kg m-2 h-1, namely in the range 10–17°C, again illustrating 

the importance of the flow conditions of the feed side. It should also be noted that since these 

membranes were selective for the organic component in the mixtures and that the specific 

heat of vaporization of n-butanol and ethanol is lower than that for water (by ca. a factor 2.5), 

an increased selectivity of the organic compound would lead to a smaller temperature drop at 

the same flux. 
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Conclusions 

 

In the present work, the pervaporation performance of ultra-thin (0.5 m) MFI 

membranes was studied. The membranes exhibited the highest ever reported flux for 

pervaporation of 3 wt.% n-butanol/water and 10 wt.% ethanol/water mixtures. The 

membranes were selective towards the organic component in the aqueous mixtures. The n-

butanol/water separation factor increased from ca. 5 to ca. 10 with increasing temperature 

from 30 to 60°C, whereas the ethanol/water separation factor remained nearly constant at 

about 5. Modelling results indicated that there was a significant pressure drop across the 

support, which reduced the flux and membrane selectivity, whereas heat transfer limitations 

were found to be negligible upon the conditions studied. 

 

Acknowledgements 

 

The authors are grateful to the Swedish Foundation for Strategic Research and 

Bio4Energy for financially supporting this work. The Knut and Alice Wallenberg Foundation 

is gratefully acknowledged for financially supporting the Magellan SEM instrument. 

 

References 

 

[1] P. Shao, R.Y.M. Huang, Polymeric membrane pervaporation, J. Membr. Sci. 287 
(2007) 162-179. 

[2] T.C. Bowen, R.D. Noble, J.L. Falconer, Fundamentals and applications of 
pervaporation through zeolite membranes, J. Membr. Sci. 245 (2004) 1-33. 

[3] Y. Morigami, M. Kondo, J. Abe, H. Kita, K. Okamoto, The first large-scale 
pervaporation plant using tubular-type module with zeolite NaA membrane, Separ. 
Purif. Tech. 25 (2001) 251-260. 

[4] L. Vane, A review of pervaporation for product recovery from biomass fermentation 
processes, Journal of chemical technology and biotechnology. 80 (2005) 603-629. 



31 
 

[5] J. Kuhn, K. Yajima, T. Tomita, J. Gross, F. Kapteijn, Dehydration performance of a 
hydrophobic DD3R zeolite membrane, J. Membr. Sci. 321 (2008) 344-349. 

[6] F. Liu, L. Liu, X. Feng, Separation of acetone-butanol-ethanol (ABE) from dilute 
aqueous solutions by pervaporation, Separ. Purif. Tech. 42 (2005) 273-282. 

[7] E. Fouad, X. Feng, Pervaporative separation of n-butanol from dilute aqueous 
solutions using silicalite-filled poly(dimethyl siloxane) membranes, J. Membr. Sci. 
339 (2009) 120-125. 

[8] N. Qureshi, M. Meagher, J. Huang, R. Hutkins, Acetone butanol ethanol (ABE) 
recovery by pervaporation using silicalite-silicone composite membrane from fed-
batch reactor of Clostridium acetobutylicum, J. Membr. Sci. 187 (2001) 93-102. 

[9] D. Shen, W. Xiao, J. Yang, N. Chu, J. Lu, D. Yin, Synthesis of silicalite-1 membrane 
with two silicon source by secondary growth method and its pervaporation 
performance, Separ. Purif. Tech. 76 (2010) 308-315. 

[10] S. Li, V. Tuan, J. Falconer, R. Noble, Properties and separation performance of Ge-
ZSM-5 membranes, Micropor. Mesopor. Mat. 58 (2003) 137-154. 

[11] H. Negishi, K. Sakaki, T. Ikegami, Silicalite Pervaporation Membrane Exhibiting a 
Separation Factor of over 400 for Butanol, Chemistry Letters. 39 (2010) 1312-1314. 

[12] J. Hedlund, J. Sterte, M. Anthonis, A.J. Bons, B. Carstensen, N. Corcoran, D. Cox, H. 
Deckman, W. de Gijnst, P.P. de Moor, F. Lai, J. McHenry, W. Mortier, J. Reinoso, 
High-flux MFI membranes, Micropor. Mesopor. Mat. 52 (2002) 179-189. 

[13] J. Hedlund, D. Korelskiy, L. Sandström, J. Lindmark, Permporometry analysis of 
zeolite membranes, J. Membr. Sci. 345 (2009) 276-287. 

[14] J. Lindmark, J. Hedlund, Carbon dioxide removal from synthesis gas using MFI 
membranes, J. Membr. Sci. 360 (2010) 284-291. 

[15] L. Sandström, J. Lindmark, J. Hedlund, Separation of methanol and ethanol from 
synthesis gas using MFI membranes, J. Membr. Sci. 360 (2010) 265-275. 

[16] L. Sandström, E. Sjöberg, J. Hedlund, Very high flux MFI membrane for CO2 
separation, J. Membr. Sci. 380 (2011) 232-240. 

[17] V. Tuan, S. Li, J. Falconer, R. Noble, Separating organics from water by 
pervaporation with isomorphously-substituted MFI zeolite membranes, J. Membr. Sci. 
196 (2002) 111-123. 

[18] H. Matsuda, H. Yanagishita, H. Negishi, D. Kitamoto, T. Ikegami, K. Haraya, T. 
Nakane, Y. Idemoto, N. Koura, T. Sano, Improvement of ethanol selectivity of 
silicalite membrane in pervaporation by silicone rubber coating, J. Membr. Sci. 210 
(2002) 433-437. 

[19] H. Negishi, R. Mizuno, H. Yanagishita, D. Kitamoto, T. Ikegami, H. Matsuda, 
Preparation of the silicalite membranes using a seeding technique under various 
hydrothermal conditions, Desalination. 144 (2002) 47-52. 

[20] T. Ikegami, H. Yanagishita, D. Kitamoto, K. Haraya, T. Nakane, H. Matsuda, N. 
Koura, T. Sano, Production of highly concentrated ethanol in a coupled 
fermentation/pervaporation process using silicalite membranes, Biotechnol. Tech. 11 
(1997) 921-924. 

[21] T. Sano, M. Hasegawa, Y. Kawakami, H. Yanagishita, Separation of 
methanol/methyl-tert-butyl ether mixture by pervaporation using silicalite membrane, 
J. Membr. Sci. 107 (1995) 193-196. 

[22] M. Nomura, T. Yamaguchi, S. Nakao, Ethanol/water transport through silicalite 
membranes, J. Membr. Sci. 144 (1998) 161-171. 

[23] T. Ikegami, H. Yanagishita, D. Kitamoto, H. Negishi, K. Haraya, T. Sano, 
Concentration of fermented ethanol by pervaporation using silicalite membranes 
coated with silicone rubber, Desalination. 149 (2002) 49-54. 



32 
 

[24] Q. Liu, R. Noble, J. Falconer, H. Funke, Organics/water separation by pervaporation 
with a zeolite membrane, J. Membr. Sci. 117 (1996) 163-174. 

[25] T. Sano, M. Hasegawa, S. Ejiri, Y. Kawakami, H. Yanagishita, Improvement of the 
pervaporation performance of silicalite membranes by modification with a silane 
coupling reagent, Microporous Mater. 5 (1995) 179-184. 

[26] T. Sano, H. Yanagishita, Y. Kiyozumi, F. Mizukami, K. Haraya, Separation of 
ethanol/water mixture by silicalite membrane on pervaporation, J. Membr. Sci. 95 
(1994) 221-228. 

[27] X. Lin, X. Chen, H. Kita, K. Okamoto, Synthesis of silicalite tubular membranes by in 
situ crystallization, Aiche Journal. 49 (2003) 237-247. 

[28] X. Lin, H. Kita, K. Okamoto, Silicalite membrane preparation, characterization, and 
separation performance, Industrial & Engineering Chemistry Research. 40 (2001) 
4069-4078. 

[29] X. Lin, H. Kita, K. Okamoto, A novel method for the synthesis of high performance 
silicalite membranes, Chemical communications (London. 1996).  (2000) 1889-1890. 

[30] C. Algieri, P. Bernardo, G. Golemme, G. Berbieri, E. Drioli, Permeation properties of 
a thin silicalite-1 (MFI) membrane, J. Membr. Sci. 222 (2003) 181-190. 

[31] H. Chen, Y. Li, J. Liu, W. Yang, Preparation and pervaporation performance of high-
quality silicalite-1 membranes, SCIENCE CHINA Chemistry. 50 (2007) 70-74. 

[32] J. Hedlund, F. Jareman, A.J. Bons, M. Anthonis, A masking technique for high quality 
MFI membranes, J. Membr. Sci. 222 (2003) 163-179. 

[33] D. Korelskiy, M. Grahn, J. Mouzon, J. Hedlund, Characterization of flow-through 
micropores in MFI membranes by permporometry, J. Membr. Sci. 417–418 (2012) 
183-192. 

[34] F.T. de Bruijn, L. Sun, Z. Olujic, P.J. Jansens, F. Kapteijn, Influence of the support 
layer on the flux limitation in pervaporation, J. Membr. Sci. 223 (2003) 141-156. 

[35] F. Jareman, J. Hedlund, D. Creaser, J. Sterte, Modelling of single gas permeation in 
real MFI membranes, J. Membr. Sci. 236 (2004) 81-89. 

[36] K. Sato, K. Sugimoto, T. Nakane, Preparation of higher flux NaA zeolite membrane 
on asymmetric porous support and permeation behavior at higher temperatures up to 
145 °C in vapor permeation, J. Membr. Sci. 307 (2008) 181-195. 

[37] M. Weyd, H. Richter, P. Puhlfurss, I. Voigt, C. Hamel, A. Seidel-Morgenstern, 
Transport of binary water-ethanol mixtures through a multilayer hydrophobic zeolite 
membrane, J. Membr. Sci. 307 (2008) 239-248. 

[38] J. Zah, H.M. Krieg, J.C. Breytenbach, Pervaporation and related properties of time-
dependent growth layers of zeolite NaA on structured ceramic supports, J. Membr. 
Sci. 284 (2006) 276-290. 

[39] C.J. Geankoplis, Transport processes and separation process principles : (includes unit 
operations), 4. ed., Prentice Hall PTR, Upper Saddle River, N.J., 2003. 

[40] S. Thomas, R. Schäfer, J. Caro, A. Seidel-Morgenstern, Investigation of mass transfer 
through inorganic membranes with several layers, Catal. Today. 67 (2001) 205-216. 

[41] R.C. Reid, J.M. Prausnitz, B.E. Poling, The properties of gases and liquids, 4. ed., 
McGraw-Hill, New York, 1987. 

[42] H.O.E. Karlsson, G. Trägårdh, Heat transfer in pervaporation, J. Membr. Sci. 119 
(1996) 295-306. 

[43] J. Kuhn, R. Stemmer, F. Kapteijn, S. Kjelstrup, J. Gross, A non-equilibrium 
thermodynamics approach to model mass and heat transport for water pervaporation 
through a zeolite membrane, J. Membr. Sci. 330 (2009) 388-398. 



33 
 

[44] I. Perdana, B.W. Tyoso, I.M. Bendiyasa, Rochmadi, S.K. Wirawan, D. Creaser, Effect 
of external mass transport on permeation in a Wicke-Kallenbach cell, Chemical 
Engineering Research and Design. 87 (2009) 1438-1447. 

[45] R.B. Bird, W.E. Stewart, E.N. Lightfoot, Transport phenomena, Rev. 2nd ed., Wiley, 
New York, 2007. 

[46] R. Rautenbach, R. Albrecht, Separation of organic binary mixtures by pervaporation, 
J. Membr. Sci. 7 (1980) 203-223. 

[47] R.W. Baker, J.G. Wijmans, Y. Huang, Permeability, permeance and selectivity: A 
preferred way of reporting pervaporation performance data, J. Membr. Sci. 348 (2010) 
346-352. 

[48] H. Zhou, D. Korelskiy, T. Leppäjärvi, M. Grahn, J. Tanskanen, J. Hedlund, Ultrathin 
zeolite X membranes for pervaporation dehydration of ethanol, J. Membr. Sci. 399-
400 (2012) 106-111. 

[49] J.M. van de Graaf, E. van der Bijl, A. Stol, F. Kapteijn, J.A. Moulijn, Effect of 
Operating Conditions and Membrane Quality on the Separation Performance of 
Composite Silicalite-1 Membranes, Industrial & Engineering Chemistry Research. 37 
(1998) 4071-4083. 

[50] E. Favre, Temperature polarization in pervaporation, Desalination. 154 (2003) 129-
138. 

[51] R. Rautenbach, R. Albrecht, The separation potential of pervaporation. Part 2. Process 
design and economics, J. Membr. Sci. 25 (1985) 25-54. 

 



34 
 

Figures 

 

 

Figure 1. Pervaporation set-up. 

 

 

Figure 2. Schematic representation of the composite zeolite membrane and pressure profile 

over the zeolite film (Z) and support layers 1 (L1) and 2 (L2). 
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Figure 3. Cross-section (a) and top view (b) SEM images of an as-synthesised MFI 

membrane. 
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a  b  s  t r a  c  t

Discrete  Faujasite  zeolite nanocrystals  with  an  average  size  of about  60 nm  were  attached  as  a well-
defined monolayer  on  the  surface of porous  graded  alumina  supports.  Ultrathin  zeolite X  films  with
a total thickness  of about  1 �m were grown  from  the seed monolayers by  hydrothermal  treatment  in
clear synthesis  solutions.  One  of the membranes  showed  a total flux  of 3.37  ± 0.08  kg m−2 h−1 and a
separation factor  of 296 ±  4 for dehydration  of a 90/10 wt.%  ethanol/water mixture  by pervaporation at
65 ◦C. Moreover,  the  membranes  displayed  stable performance  during  pervaporation for  5.5  h  operation.
A mathematical  model  indicated  that  the  flux  and selectivity of the  membranes  were  limited  by pressure
drop in  the supports.  Therefore,  in order to obtain  higher  flux, the  permeability  of the  support must be
improved.

© 2012 Elsevier B.V. All rights reserved.

1. Introduction

New processes for production of renewable biofuels have
attracted much interest over the past few decades due to the limited
resources of fossil fuels and the risk of global climate change [1].
Among the biofuels, ethanol produced by fermentation is of major
interest. Distillation is still the dominating method for enriching
ethanol from fermentation broths. However, distillation processes
are very energy-demanding and standard distillation can only reach
the concentration of the ethanol–water azeotrope (about 4 wt.%
water). Pervaporation (PV) is a process in which a liquid mixture is
fed to a membrane and one or several of  the mixture components
are selectively transported through the membrane and evaporated
on the other side of the membrane. PV can potentially be an energy-
efficient separation method, and continuously separate azeotropes,
close-boiling mixtures and concentrate species with a low con-
centration at much lower temperature than distillation, without
regenerating sorbent or removing entrainers [2–5]. Therefore, for
enriching ethanol from fermentation broths, PV can be an environ-
mentally friendly alternative to distillation.

Compared with the commercially available polymer mem-
branes, zeolite membranes have uniform micropores, high
chemical and thermal stability, with no or negligible expansion in
organic liquids. Therefore, the application of zeolite membranes in
PV is of great interests in the academic and industrial sectors [6–13].
The pores in Faujasite (FAU) zeolites are comprised of  12 membered

∗ Corresponding author. Tel.: +46 0920 491375; fax: +46 0920 491199.
E-mail address: han.zhou@ltu.se (H. Zhou).

rings  with a diameter of 7.4 Å. The Si/Al ratio, and thereby the polar-
ity of FAU zeolite, can vary substantially. Low silica (1 < Si/Al < 1.5)
FAU  zeolite is denoted zeolite X, while high silica (1.5 <  Si/Al <  3)
FAU zeolite is denoted zeolite Y. Polar FAU zeolite membranes
can potentially offer good selectivity and high flux of  water dur-
ing dehydration of  alcohol by  PV. Zhu et al. [14] have reported the
preparation of  a  FAU membrane on a porous �-Al2O3 tube by a
two-stage in situ synthesis method. Without the aid  of seeding or
organic templates, a FAU membrane with a thickness of 7  �m was
grown on  the  tube. At 65 ◦C,  the membrane exhibited a separation
factor ˛water/ethanol of 380 and flux of 1.48 kg m−2 h−1 for a feed com-
prised of a 90/10 wt.%  ethanol–water mixture. Li et al. [15] reported
the preparation of a  15 �m-thick FAU membrane from a  zeolite X
seed layer on an �-Al2O3 tube. At 75 ◦C, the membrane displayed
a total flux of  3.9  kg m−2 h−1 and a  separation factor of 109. A FAU
membrane with thickness of 10 �m  was  prepared on an asymmet-
ric �-Al2O3 tube with 0.7 �m pores of the surface layer and 8  �m
pores of the main support. The total flux was about 4–10 kg m−2 h−1

and  the separation factor about 110–300 [16]. Izumi et al. prepared
a FAU membrane with a  thickness of about 5  �m  on the surface
of a porous �-Al2O3 disc by  secondary growth method. After the
fifth synthesis, the separation factor was  enhanced to 100  and the
total flux  was  0.1 kg m−2 h−1 for  90/10 wt.% ethanol–water mixture
at 30 ◦C [17]. To summarize, all the membranes mentioned above
are characterized by a relatively thick FAU film with a thickness of
5 �m or more.

Thin and compact zeolite membranes without support invasion
should offer high flux and selectivity simultaneously [18], which is
necessary in industrial applications. However, to our knowledge,
there is still no report describing preparation and evaluation of  an

0376-7388/$ – see front matter ©  2012 Elsevier B.V. All rights reserved.
doi:10.1016/j.memsci.2012.01.036
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ultra-thin FAU membrane (thickness of  1 �m or less) with high flux
and selectivity for the PV dehydration of ethanol.

2. Experimental

2.1. Preparation of zeolite X  membranes

We  have recently reported the preparation of ultra-thin zeolite
X membranes with a thickness of about 1  �m and  their gas sep-
aration performance [19].  In  the present work, membranes were
prepared in a similar manner; however, with the main differences
that discrete FAU nanocrystals were prepared by  a one-step syn-
thesis method, and the support was only seeded once, and the
seed layer was calcined. In brief, colloidal zeolite FAU seed crystals
were grown from a clear homogeneous solution [20]. The molar
composition of the synthesis solution was 2.46 (TMA)2O:0.032
Na2O:1 Al2O3:3.4 SiO2:400 H2O. Tetramethylammonium hydrox-
ide (TMAOH·5H2O > 97%, Sigma) and sodium hydroxide (Riedel-del
Haen) were first dissolved in distilled water. Then, aluminum iso-
propoxide (Al(O-i-Pr)3 ≥ 98%, Aldrich) was added under rigorous
stirring until a clear solution formed. Finally, tetraethoxysilane
(TEOS > 98% Merk) was added to the mixture and hydrolyzed for
24 h, after which the solution turned clear again. Crystallization
was performed at 100 ◦C for 120  h. The  crystals were then purified
by centrifugation and redispersion in distilled water under treat-
ment by ultrasound. The purification procedure was repeated four
times. Finally, the crystals were redispersed in distilled water and
the concentration was adjusted to 0.5 wt.%. The pH value of the
colloidal suspension was adjusted to 10 by  addition of tetrapropy-
lammonium hydroxide (TPAOH >  40%, Sigma).

Asymmetric alumina discs (Inopor GmbH, Germany), consist-
ing of a 30 �m thick top layer with 100  nm pores and a 3 mm thick
base with 3 �m pores, were used as supports for the membranes.
The seeds were electrostatically adsorbed on the support surface
as reported elsewhere [21]. Then the seeded support was calcined
at 500 ◦C for 8 h, with heating and cooling rates of 0.3 ◦C/min,
to remove the template inside the zeolite pores and any TPA+

adsorbed from the TPAOH used for the pH  adjustment. Membrane
growth was then conducted at 100 ◦C for  80 min  in a clear synthesis
solution with a molar composition of 80 Na2O:1 Al2O3:9 SiO2:5000
H2O [19]. After synthesis, the membranes were rinsed for  7  days in
methanol and the methanol was replaced every day.

2.2. Characterization

X-ray diffraction (XRD) data were collected using a Siemens
D 5000 diffractometer run  in Bragg–Brentano geometry. Zeolite
peaks were indexed using a  simulated XRD powder pattern for FAU
zeolite as a Ref. [22]. Scanning electron microscopy (SEM) images
were recorded with a FEI Magellan 400 field emission SEM. The size
distribution of the colloidal FAU seed crystals was  determined by
dynamic light scattering (DLS) using a Malvern Zetasizer Nano-ZS.

2.3. Separation performance

The separation performance of the membranes was evaluated
by the separation of a 90/10 wt.% ethanol–water mixture by  PV.
A schematic diagram of the PV apparatus is shown in Fig.  1. The
effective membrane area was 3.14 cm2, and both sides of the mem-
brane were sealed with EPDM O-rings and the permeate side was
kept under vacuum (p =  0.7 kPa, 0.8 kPa and 1.2 kPa, for feed tem-
peratures of 40, 50 and 65 ◦C, respectively). The vacuum level
varied slightly with feed temperature since the flux varied. The
feed tank was filled with 3 dm3 liquid, and the feed was  pumped
to the membrane module at a  flow  rate of 0.7 dm3 min−1. The
temperature of the feed tank was kept at a desired value with

Fig. 1.  Diagram of the PV apparatus.

a  heating jacket and a temperature control system. Eight out of
ten prepared membranes showed good separation performance
and the  4 best membranes were selected for  PV experiments. The
permeation flux was measured by defrosting and weighing the
permeate collected in a  liquid nitrogen cold trap. Two parallel con-
densation loops  enabled continuous operation. Permeate and feed
concentrations were measured using a gas chromatograph (Agilent
Technologies 6890N Network GC  System). The separation factor
was  determined as ˛water/alcohol = (Ywater/Yalcohol)/(Xwater/Xalcohol),
where Xwater, Xalcohol, Ywater and Yalcohol denote the mass fraction of
components water and alcohol in the feed and permeate streams,
respectively.

2.4. Modeling

To estimate the mass transfer resistance in the support, the
approach presented by de Bruijn et al. [23] was used, it should be
pointed out that similar models have been used to take the effect of
support into account by  several groups for both zeolite [5,23–25]
and polymer membranes [26]. It was assumed that  only one species
(water) permeated the membrane, which is nearly the case since
the membranes are quite water-selective.

The transport through the support layer was  determined as a
sum of  viscous flow and Knudsen diffusion. The  viscous flow can
be expressed as,  JVis,i (mol m−2 s−1) as:

JVis,i = −
(
pi
RT

)
Beff
j

�
∇pi (1)

where pi (Pa) is the average (arithmetic) pressure of component i  in
the support layer, R (J mol−1 K−1) is the gas constant and T (K)  is the
temperature. Further, � is the viscosity (Pa s) and ∇pi (Pa m−1) is the
pressure gradient over  the support layer. Beff

j
(m2) is the effective

permeability for layer j. For Knudsen transport (JKn,i, mol  m−2 s−1),
the following equation was  used:

JKn,i =  − 1
RT

DeffKn,i∇pi (2)

where DeffKn,i (m2 s−1) is the effective Knudsen diffusivity given by:

DeffKn,i = 97Kj

√
T

Mi
(3)

where Kj (m)  is the Knudsen structural parameter for layer j and  Mi
(g/mol) is the molar mass of component i.  The  structural parameter
for Knudsen diffusion may  also be estimated from:

Kj =
ε

�
r (4)

where ε  is the porosity of the support, � is the tortuosity and r is
the average pore  radius.
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The partial pressure of the permeating species on the feed side
was calculated as:

pi,feed = psati �ixi (5)

where psat
i

(Pa) is the saturation vapor pressure of component i at
the temperature of the experiment, �i is the activity coefficient of
component i and xi is the mole fraction of  component i. On the
permeate side the partial pressure of  the permeating species may
be expressed as:

pi,permeate = yiPpermeate (6)

However, under the assumption of only one permeating species,
the molar fraction, yi is 1 and consequently, the partial pressure
equals the total pressure, Ppermeate, on the permeate side.

The saturation vapor pressures were calculated using the
Antoine equation [27], the viscosity of the vapor and the activ-
ity coefficients were calculated using Chemcad software, and the
activity coefficients were determined using the UNIFAC property
data set. The effective permeability and the Knudsen structural
parameter for the top layer with 100 nm pores (layer 1) were fitted
to gas permeation data using the procedure reported in literature
[24,25]. Under the experimental conditions used in the gas per-
meation experiments, there is no Knudsen transport in the bottom
layer (layer 2). However, due to the low pressure on the permeate
side in PV, Knudsen transport could be expected to occur in layer
2. Therefore, K2 was estimated from Eq. (4) assuming a porosity of
0.34 and a tortuosity of 2.5 [23]. The structural parameters used in
this work are presented in Table 1.  The values are in good agreement
with those reported for similar supports by Thomas et al. [25]. The
mass transfer resistance (or pressure drop) over the support layer

Table 1
Support structural parameters used  in this work, subscript 1 refers to  support layer
1 and subscript 2 to support layer 2.

K1 (m)  Beff1 (m2) K2 (m) Beff2 (m2)

2.94 × 10−9 1.45 ×  10−16 2.04 × 10−7 6.46 × 10−13

was  estimated by solving the above equations. The  relative contri-
bution of  mass transfer resistance over the support to total mass
transfer resistance was  calculated as:

relative mass transfer resistance over  the support

= pi,z−s − pi,permeate

pi,feed −  pi,permeate
(7)

where pi,z−s is the  partial pressure of component i at the interface
of zeolite  membrane and support.

3. Results and discussion

Fig. 2a shows a SEM image of the FAU nanocrystals used as seeds.
It should be  pointed out that there is no coating on the sample.
All crystals have the typical octahedral morphology of FAU zeolite;
moreover, the  crystals are discrete, well-defined and no aggrega-
tion can be  observed. DLS was  also used to investigate the size
distribution of the FAU nanocrystals. The average diameter of  the
crystals is about 60 nm and the polydispersity index is 0.051, indi-
cating a monomodal crystal size distribution (Fig. 2b). In addition,
the X-ray diffraction pattern (Fig.  2c) shows that the crystals are

Fig. 2.  SEM image (a), the particle distribution (b) and XRD pattern (c)  of  the FAU nanocrystals.
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Fig. 3. SEM images of  the  surface of seed layer (a  and b), surface (c)  and  cross-section (d)  of membrane, XRD pattern of the zeolite X membrane (e).

comprised of pure FAU phase, since all peaks in the pattern can be
identified and indexed and no amorphous background is observed.

Fig. 3a and b shows SEM images of the support surface after
deposition of seed crystals. The images show that a uniform mono-
layer of FAU crystals covers the support surface (Fig. 3a) and  that
all the seeds are discrete and no aggregation can be observed
(Fig. 3b).

After hydrothermal synthesis, three of  the membranes were
carefully inspected by SEM at  many different locations and it
was concluded that these membranes are quite uniform. Fig. 3c
and d shows representative SEM images. Fig. 3c illustrates that
the membrane was composed of  close-packed zeolite X crystals
with a width of about 600–900 nm.  The SEM images show that

the membrane was compact and no defects could be observed.
The SEM  images of the cross-section (Fig. 3d) demonstrate that
the zeolite membrane is continuous and the total thickness of
the zeolite layer is about 1 �m,  i.e. about 500 nm grown on top
of the  support and about 500 nm grown into the support. The
film thickness was  measured at three different locations on three
separate membranes and the average film thickness with 95% con-
fidence interval for  each membrane was 1.04 ± 0.16, 1.12 ± 0.12
and 1.07  ± 0.13 �m,  which illustrates the uniform thickness of the
membranes. The size of the zeolite X crystals at  the membrane
surface is close to the membrane thickness, indicating that the
membrane is probably comprised of  a monolayer of grown seed
crystals.
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Table  2
PV performances of the as-synthesized membranes with 95% confidence interval and other reports (the feed is 90/10 wt.% ethanol–water mixture).

Feed temp. (◦C) Total flux
(kg/m2 h)

Permeate water
content (wt.%)

Separation
factor

Membrane
thickness (�m)

Reporter Relative mass transfer
resistance of support (%)

40 1.31 ± 0.04 96.60 ±  0.04 256 ±  3 1  This work 95
50 1.53 ± 0.10 97.85 ±  0.02 410 ±  4 1  This work 61
65  3.37 ± 0.08 97.05 ±  0.04 296 ±  4 1  This work 58
65  1.48 97.69 380 7  [14] –
75  5.5 96.25 230 10  [16] –
30  0.1 91.75 100  5  [17] –
75 1.91 94.98 170 20–30 [28] –

The XRD data of the membrane (Fig. 3e) show that the mem-
brane is composed of zeolite X crystals and no other crystalline
phases are observed except alumina from the support and no amor-
phous background is observed. As illustrated by  the Miller indexes
given in the figure, all peaks in the pattern can be  indexed. The
relative intensities of all prominent peaks fit  well to those of  the
simulated pattern for randomly oriented crystals [22],  demonstrat-
ing that the zeolite crystals in the film are randomly oriented.

Table 2 shows the PV performance of the membranes prepared
in the present work and also of the best FAU membranes pre-
viously reported [14,16,17,28]. As the PV temperature increased,
the membrane flux increased significantly as expected due to the
increase in driving force for mass transfer with increasing temper-
ature. The performance of the membranes studied here in terms of
selectivity and flux is similar to the performance of the best mem-
branes in previous reports. Although the film thickness is much
lower than that of the best membranes (thickness 5–30 �m) in
previous reports, membranes in this work do not display a pro-
portionally higher flux. Under the various test conditions used, the
relative pressure drop over the support was estimated to 58–95%
by a mathematical model, see Table 2. A large fraction of the pres-
sure drop for water, and thereby the driving force for  water, is
thus across the support, which explains why the (water) flux of the
membranes in this work is not higher than that reported for consid-
erably thicker membranes. Since the ethanol flux is much lower, it
is limited by the zeolite film and not the support. The large relative
pressure drop over the support for water will thereby also reduce
the selectivity of the membranes in this work. A high contribu-
tion from the support on the total pressure drop  over  a  membrane
is frequently observed for dehydration by PV, as reported by  de
Bruijn et al. [23]. The results obtained in the present work indicate
that in order to obtain higher flux for zeolite X membranes with a
thickness of 1 �m in PV, the permeability of the support must be
improved.

The validity of the assumption of one permeating species was
investigated for the worst case, i.e. for pervaporation at 40 ◦C,
where the lowest concentration of water in the permeate (96.6%)
was observed in the present work. In this case, when the ethanol
flux was also included in the model, the relative pressure drop
decreased from 95 to ca. 93%, this small change shows that the
assumption of one permeating species is reasonable, as expected
and that the conclusions drawn from the model is not affected by
the assumption of only one permeating species.

The PV stability of one membrane was evaluated during 5.5 h
for a 90/10 wt.% ethanol–water mixture at 50 ◦C. During the test,
the membrane showed good stability. As shown in Fig. 4, the
membrane displayed nearly constant flux,  and the permeate com-
position initially decreased slightly and  then stabilized. The latter
phenomenon was likely related to the establishment of  adsorp-
tion equilibrium of ethanol and water on the membrane surface. In
summary, all these results demonstrate that the ultrathin zeolite X
membranes are promising candidates for dehydration of ethanol in
industrial applications, especially if the permeability of the support
can be improved.

Fig. 4. The PV performance of the zeolite X membrane for  90/10 wt.% ethanol–water
mixture at 50 ◦C.

4. Conclusions

Discrete zeolite FAU nanocrystals with an average size of about
60 nm were  prepared and a  well-defined monolayer of these crys-
tals was  assembled on the surface of porous alumina support by
electrostatic adsorption. Compact zeolite X membranes with a
thickness of about 1 �m  formed after hydrothermal treatment. The
membranes showed good separation performance for  the PV dehy-
dration of ethanol. However, the water flux and selectivity was
limited by  mass transfer resistance in the support.
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